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ABSTRACT

This report summarizes R&D work performed in support of SRC-I plant
design on the effect of reactor hydrodynamics on yield distribution.
The work was initiated by Air Products, and Tater supported by the
Department of Energy under program 12.1.5. A bench-scale tubular
reactor was built to study the effect of a plug-flow fluid dynamic

~ regime on coal liquefaction. Computer simulation and extensive cold-

flow hydrodynamic studies were performed to support the reactor design.
Data from the tubular reactor were compared with coal liquefaction data
from a continuous stirred-tank reactor to determine how ‘conversion and
product distribution were affected.



EXECUTIVE SUMMARY

This is the final report under program area 12.1.5, the Effect of

Tubular Reactor Configuration on Coal Liquefaction. This program was
initiated under project 87-7-3004, Exploratory Process Studies, an ICRC
internally funded research effort, and was conducted with DOE funding
for a period of only three months. This report covers both the ICRC-
and DOE-funded work. ‘

The overall objectives of this program were to:

Develop a plug-flow reactor for exploratory process studies
Confirm or improve APCI/ICRC's existing sequential kinetic
reactor model prediction :
Determine the impact of reactor Hydrodynamics on coal dis-
solution

Provide guidelines defining optimum reactor configurations.

In this program, a bench-scale tubular reactor was built that

performed coal Tiquefaction in the plug-flow fluid dynamic regime. An
extensive cold-flow simulation study and a computer simu?ati&n of
reactor performances at various configurations were conducted to support
the design of the pfugffiow reactor.

Coal Tiquefaction data obtained from the plug-flow reactor were
compared with data from a continuous stirred-tank reactor (CSTR). The
plug-flow configuration enchanced coal conversion 6%, preasphaltene
conversion 10%, and oil conversion 10%. _

Interfacing the CSTR and plug-flow reactor yield data on a common
Tluid dynamic basis using APCI/ICRC's sequential kinetic model revealed
that the model requires improvement. Predicted plug-fiow yields
deviated considerably from actually measured values. Having both plug-
flow and CSTR data bases is important for developing a sound model and

for determining the effects of reactor hydrodynamics on coal Tiguefac- .

tion in a direct way. -



BACKGROUND

In order to evaluate design optibns and determine operating condi-
tions for an optimized coal liquefaction plant, an understanding of the
reaction sequence in the dissolver is essential. One of the key efforts
in designing the 6,000-ton-per-day SRC-I Demonstration Plant was devel-
opment of mathematical correlations describing dissolver behavior.

REACTOR MODEL DEVELOPMENT

Design of the demonstration plant dissolver was based on data
available from laboratory and pilot-plant reactors. However, relating
such data to the demonstration-plant scale was difficult because of the
different hydrodynamic behaviors in the reactor systems. Simulation of
coal liquefaction in Tlaboratory reactors involves equipment having
geometries that give different flow velocities, interfacial phase con-
tacts, length-to-diameter ratios, wall relationships, and ratios of
reactant phases than larger demonstration-sized units. These factors
affect heat- and mass-transfer behavior, as well as residence time and
solid accumulation behavior. Satisfactory 1laboratory simulation of
large reactors is especially critical for upflow slurry reactors.

Considerable effort was expended by APCI, and later by ICRC, to
ensure that the Tlaboratory reactors used for coal liquefaction experi-
ments would effectively simulate larger reacters. Many of the questions
regarding dissolver and preheater design were addressed in cold~flow
studies on both laboratory and larger scale simulators.

Understanding hydrodynamic behavior allowed us to address the
impact that reactor design would have on the relative reaction scheme.
Most of our work in the laboratory coal process development unit (CPDU)
had been conducted in backmixed reactors. In order to complete our
understanding of the impact of reactor hydrodynamics on the 1iquefaction
reaction, a brief study was conducted to determine the effect of plug-
flow hydrodynamics‘on l1iquefaction.



A Taboratory tubular reactor was designed and fabricated to conduct

these experiments. One serious problem in designing a laboratory
reactor was the need to keep 1iguid and gas velocities, as well as
residence time, within the range required for the large reactor. The
relationship between gas and liquid superficial velocities for various
dissolver sizes is illustrated in Table 1. Only Exxon's 250-tpd coal
tiquefaction pilot plant (ECLP) reactor approached the actual velocities
that would be experienced in a demonstration-sized unit. AT1 the others
were off by at least a factor of three. '

EFFECT OF LABORATORY REACTOR DESIGN

Obviously, the geometric dimensions of small-scale reactors impose
considerable Timitations on deveioping a meaningful simulation of demon-
stration-scale units, because of the widely different degrees of‘Tiquid
backmixing, gas hold-up, solids accumulation, dnd other hydrodynémica]]y
induced behavior. For example, unacceptably large amounts of solids
accumulation were often found in the dissolvers at the Wilsonville and
Ft. Lewis pilot plants, which hindered data analyses. 'Withdrawal of
accumulated solids from the bottom of the Wilsonville dissolver was only
a partial solution. '

Thus, an R&D program was initiated to decoupie the hydrodynamic
effects from the overall coal Tiquefaction reaction in a small labora-
tory reactor. Most of the SRC-I reaction data were generated from an
ideal reaction system in a continuous stirred-tank reactor (CSTR). The
scale-up data to address the impact of hydrodynamics on reactor per-
formance largely depended upon various tubular columns, ranging in size
from a few inches to 6 ft in diameter. Results from cold-flow studies
answered many key questions regarding scale-up in the area of hydro-
dynamics. ' '

The overall process data based on CSTR runs provided an indirect
way to evaluate reactor performance. However, using the CSTR data to
predict reactor yields at another fluid dynamic condition is valid only
if the pseudocomponents defined for the reactor yields are uniquely
identifiable and free from the history of reaction conditions. State-
of-the-art analytical characterization methods have not yet validated

3




Table 1

Relationship between Gas and Liquid Superficial Velocities

for Various Dissolver Sizes

Superficial
velocities
Capacity Vo]gme Diameter Height (ft/sec)

Plant (tons/day) (ft™) (ft) (ft) Liquid Gas
Wilsonville 6 18.6 23 0.012 0.074

Ft. Lewis 50 106.8 34 0.017 0.10
ECLP (EDS)a 250 2,764 220 0.052 0.32

" SRC-I Demo Plant 16,000 10,454 11 110 0.06 0.36
CPDU (CSTR)b 0.05 0.035 0.3 0.5 0.005 0.031

aECLP, Exxon Coal Liquefaction Plant; EDS, Exxon donor solvent.

CSTR, continuous stirred tank reactor.

Represents total length for all four reactors.



this underlying assumption nor is it 1ikely to be clarified in the near
future. Thus, suppiementing the CSTR data with plug-flow data provided
a direct way to assess the effect of hydrodynamic behavior on coal
dissolution and also minimized the risks associated with a plant design
based only on CSTR data, especially since coal liquefaction chemistry is
so elusive.

Plug~flow data were also developed to help choose the optimum
reactor configuration. A variety of options with different degrees of
backmixing were available. The EDS process uses four reactor in series,
and two reactors in series or in parallel were considered for the SRC-I
process. ‘

In the process of designing and fabricating the pilot-plant plug-
flow reactor, an extensive cold-fiow study was performed in a simply
prepared piece of laboratory equipment. The equipment was designed to
simulate actual reactor conditions so that gas hold-up and dispersion
correlations could be developed to confirm. that plug-flow behavior
occurred in the pilot-plant reactor. ‘ '

Data developed from the pilot-plant plug-flow reactor showed a
better product yield distribution than predicted by ICRC/APCI's sequen-
tial kinetic model and also provided the key information needed to
improve the kinetic correlation. |

USE OF CSTRs

CSTRs were widely used for Taboratory coal Xiquefactidn studies to
support development of Targe-scale tubular bubble column reactors. The
major advantage in using a CSTR is the weli-defined mixing and resi-
dence-time behavior of its Tiquid phase. Because of the simple reactor
hydrodynamics, the data generated from a CSTR can be conveniently
manipulated to develop kinetic and other process correlations. The
kinetic correlations can be translated to predict the performance of
reactors with different hydrodynamics, if the hydrodynamics of those
‘reactors are known. This allows prédiction of product distribution and
reactor performance for the 1argeJSca1e reactors, whose hydrodynamics
may be intermediate between compiete plug-flow and backmixed states.

5




A major difficulty 1in using the CSTR to simulate the gas-phase
residence time behavior of tubular reactors is the CSTR's low length-to-
diameter (L/D) ratio. Alse, the very short gas-phase residence time
inherent to a CSTR results in imprecise simulation of the gas-to-Tiquid
reactant distribution, which impacts gas-to-liquid mass transfer in the
reaction. Whether this is a major problem for the reaction in question
can be determined through use of a tubular reactor in laboratory simula-
tion. .

Sti11 another problem associated with simuiating coal liquefaction
in a CSTR is that the coal dissolves in the presence of the ultimate
reaction products. In contrast, in large-scale operation, all of the
dissolution occurs in the preheater. Use of a tubular reactor can
prevent the distortion of results that may occur during dissolution in
the presence of ultimate products.

USE OF TUBULAR REACTORS

Others have used tubular reactors to develop liguefaction data,
including Exxon and Gulf in support of the EDS and SRC-II processes,
respectively. However, use of tubular reactors is not completely free
of complications. In order to use a laboratory tubular reactor cor-
rectly for simulation, both residence time and mixing behavior of the
various phases in the reactor should be accurately determined, in order
to separate hydrodynamic effects and intrinsic reaction kinetics from
the observed reaction data. Undoubtedly, a major drawback of a tubular
reactor system is its less definitive hydrodynamics, which casts con-
siderable uncertainty upon the data analysis. Thus, the laboratory
tubular reactor is practical only if its fluid dynamic characteristics
are similar to a plug-flow reactor. Even with a plug-flow reactor, its
void space must be accurately measured at various flow conditions in
order to determine the liquid residence time. Therefore, cold-flow
studies on any 1aboratony tubular simulator are necessary in order to
develop a correlation for void space (residence time) over the desired
operating ranges of gas and liquid velocities. These data are needed to
confirm the plug-flow characteristics of the reactor in that range of
operating conditions (operating window).
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CSTR data .can be transformed to predict the performance of other
nonideal reactors having different fluid dyhamic conditions only when
both the kinetic correlations from the CSTR and the hydrodynamic cor-
relations from cold-flow simulation of its counterpart reactors are
accurately developed. Both correlations are‘bound to involve consider-
able uncertainties. Unfortunately, state-of-the-art methods for char-
acterizing coal liguefaction products cannot provide data accurate
enough to Tead to accurate kinetic correlations. Uncertainties also
plague the hydrodynamic correlations, because of the many unknowns
involved. When combined with CSTR data, plug-flow liquefaction data can
provide a direct way to determine the effects of fluid dynamics on coal
Tiquefaction and to interpolate reaction kinetic data to.other fluid
dynamic conditions, rather than extrapolating from either plug-flow or
CSTR.data alone. Certaih]y, this direct combination of CSTR and plug-
flow data offers both a feasible and precise way to develop reaction
kinetics and process data correlations, compared to conventional
approaches. In addition, CSTR/plug-flow liquefaction data can provide
better guidelines to use in searching for the optimum reactor configu~
ration, because the largest fluid dynamic effects on Tiquefaction exist
between the two reaction systems. '



DEVELOPMENT OF TUBULAR REACTOR DESIGN BASIS

COMPUTER SIMULATION OF THE EFFECTS OF HYDRODYNAMICS ON LIQUEFACTION

A computer simulation study was conducted using the APCI/ICRC
sequential kinetic reaction model (Martin, 1979) to predict the impact
of hydrodynamics on yield distribution, and to determine the design of
the proposed plug-flow experimental tubular reactor. The sequential
mode? (shown in Figure 1) assumes that coal converts to preasphaltenes,
preasphaltenes to asphaltenes, and asphaltenes to distillate. Gas forms
from all of the intermediate products. This model, supported by the
CSTR data base, was used extensively to evaluate dissolver performance
during SRC-I Demonstration Plant design. The model's adequacy can
unquestionably be improved as more data accumulate. However, use of
this model was sufficient for the current study.

Figures 2-6 summarize the results, based on the Kentucky #9 Pyro
coal data base. The residence time was 40 min and temperatures covered
the demonstration plant operating range of 760-850°F.

Reactor hydrodynamics were predicted to jimpact preasphaltene and
asphaltene yields the most. For example, at 840°F, compared to the
CSTR, the plug-flow reactor was predicted to yield 16% fewer preas-
phaltenes (from 32 to 16%) (Figure 2), 17% more asphaltenes (from 32% to
49%) (Figure 3), 3% more coal converted (from 93% to 96%) (Figure 4),
and ‘4% more oils (from 23 to 27%) (Figure 5). At 815°F, a crossover in
011 yields occurs, with a decline in 0i1 yield predicted for the plug~
flow reactor. Insignificant differences in the gas yields were pre-
dicted (Figure 6). |

Figures 2-6 also compare the yield distributions predicted for 10
CSTRs in series with those for a single CSTR and a plug-flow reactor.
The performance of 10 CSTRs in series closely resembles that of the
plug-fiow reactor, but differs distinctively from that of the single
CSTR; that is, the conversion of coal and the oil and gas yields become
nearly ijdentical to those for the plug-flow reactor, whereas preas-
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phaltene and asphaltene yields do not differ byvmore than 3% from those
of the plug-flow reactor. Increasing the number of CSTRs to 20 caused
less than 1.5% deviation in preasphaltene and asphaltene yields, within
the operating temperatures of the plug-flow reactor. Since such small
differences cannot be measured with current analytical techniques the
performance of 20 CSTRs in series is considered virtually identical to
that of the plug-fiow reactor.

TUBULAR REACTOR DESIGN CRITERIA AMD CONFIGURATION

Besign Criteria N

~ Since our CPDUs were typicé]]y equipped with 1-L‘reactors, a 1-L
volume was chosen as the size for the new experimental tubular réactor
to maintain consistency. On the basis of this capacity, Peclet numbers
(which define the extent of backmixing as predicted by the axial dis-
persion model) were correlated with the reactor diameters (see
Figure 7). Derivations of these correlations are detailed +n Appen-
dix A-1.

According to this correlation, Peclet numbers (which relate
directly to the plug-fiow characteristics of the reactor) will increase
rapidly at smaller reactor diameters. Operating residence time also
impacts the Peclet numbers, but to a lesser degree.

By merging a tanks-in-series model and an axial dispersion model
(Levenspiel and Bischoff, 1963), reaction kinetics and. reactor hydro~
dynamics could be easiﬁy related. Residence time/distribution curves
were plotted for various réactors, in dimensionless concentration vs.
dimensionless residence time scales (local concentration and local
residence time normalized to total concentration and to mean residence
time, respectively), as predicted by both models (Figures 8 and 9). As
the number of CSTRs increased, the degree of backmixing 6ecreased, as
indicated by the sharper residence time/distribution curves, resulting
ultimately in a plug-flow reactor configuration. Simf]ar]y, as backmix-
ing in the reactors decreased the Peclet numbers became larger until
they ultimately approached infinity at the perfect plug-flow reactor
condition.

15
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Our computer sfmu]ation had predicted that reactors with mixing
equivalent to 10 or 20 CSTRs would perform close to the plug-flow
regime, so that preasphaltene and asphaltene yields would deviate by
less than 3 and 1.5%, respectively, from the perfect plug-flow regime.

Ten and twenty CSTRs in series would give Peclet numbers of about 20 and
40, respectively.

Reactor Configuration

The preceding analyses indicated that the internal diamster for a
practical plug-flow reactor with a Peclet number above 40 and a resi-
dence time of up to 80 min should be slightly larger than 0.5 in. Thus,
based on the availability of materials and practical limitations on the
tubing Tength, tubes with inside diameters of 0.56 in. (9/16 in.) were
used to fabricate the actual reactor..

The reactor consisted of seven tubular sections, each approximately
4-ft long (excluding a preheater section with identical dimension),
which were interconnected by downcomers. The u‘s“-shaped downcomer
segments had tubular diameters of 0.203 in. 1i.d. (13/16 in.), and the
fittings between the tubes and downcomers were streamiined to minimize
backmixing of media within the fittings and downcomers.

Specific dimensions and sizes are shown in Figures 10 and 11 and
Table 2. The entire reactor system was submerged into a sand bath for
accurate temperature control -under isothermal conditions. The general
layout of the unit is shown in Figure 12. Other facets of the unit are
the same as used in prior experimenia1 programs.

COLD-FLOW STUDY OF THE REACTOR SIMULATOR

Preliminary Considerations

A meaningful cold-flow study requires selection of .fluid media
having physical properties that can best represent actual reactor con-
tents. Unfortunately, accurate physical properties of liquefied coal at
reaction conditions were unavailable. Also, the physical properties of
reactor fluids are not constant, but vary as the reaction progresses.
Figure 13 1illustrates how' coal slurry viscosities are predicted to
change as the reaction progresses through the preheater and dissolver.

. 19 .



FIGURE 10
PREHEATER AND REACTOR SIDE VIEWS

SECTION A-A
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REACTOR TUBE ASSEMBLY

SCALE = 1/5
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FIGURE 11
TUBULAR REACTOR BUNDLE
TOP VIEW

REACTOR TUBES
1" 0D X %" 1D

SAND BATH
INNER WALL

WIRE MESH
BASKET

TRANSFER LINES
PREHEATER TUBE 3" 0D X 0.2037 1D

SCALE = 1/8
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Table 2
Detailed Dimension Data for the Tubular Reactor System

Tube Downcomeyr
Diameter Length Diameter Length
No. (in.) (in.)? No. (in.) (in.)®
Preheater 9/16 . (45.46) P-1 0.203 (78.00)
1 9/16 45.44 1-2 0.203 77.74
2 9/16 45.38 2-3 0.203 77.93
3 9/16 45.41 3-4 0.203 77.93
4 9/16 '45. 38 4-5 0.203 78.11
5 9/16 45,44 5-6 0.203 78.18
6 9/16 45.41 6-7 0.203 78.11
7 9/16 45.81 )
Total 318.25 (363.71) Total = 468.00 (546.00)

= 26.52 ft (30.31 ft) 39 Tt (45.5 ft)

Excluding Preheater

Reactor volume of tube sections = 1,296 mL
Reactor volume of downcomer sections = 249 mL
Total volume = 1,545 mlL

Including Preheater

Reactor volume of tube sections = 1,481 mL
Reactor volume of downcomervsections = 291 mbL
Total volume = 1,772 mL

a . . . N . .
Including extended sections in fittings; numbers in parentheses include
preheater section.

22
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However, we assumed that the changes of the 1iquid viscosity in the
reactor are relatively small after the coal slurry passes from the
- preheater; we estimated the changes to be in the range of 0.2 fo ~1 cP
at typical demonstration plant conditions.
Likewise, we can reasonably assume that other major physical prop-
erties that are known to impact residence time and mixing characteris-
tics, such as density and surface tension, will not vary unexpectedly
' throughout the reactor. Table 3 summarizes the ranges of three major
physical properties (viscosity, density, and surface tension) typical of
reactor fluids at demonstration p1ant conditions. The table also com-
pares these properties with those of the model fluids considered for the
study. Understanding the effect of changing physical properties on
fluid dynamic characteristics is desirable in order to gauge the impact
of varying properties of the reactor contents. Unfortunately, due to
time constraints, only water and methanol were used for our cold-flow
simulation, and nitrogén was the only gas-phase model compound tested.
The density of nitrogen gas is considerably lower than the gas-phase
density predicted to exist at reactor conditions, but heavier gases such
as Freon could not be tested because of manpower and time constraints.
However, when the effect of gas density on void space was evajuated
using a modified Hughmark (1967) correlation (modified by replacing the
liquid-phase density with the differential density between liquid and
gas phases), the change of void space within the range of the projected
operating conditions 1is marginal (about 5-6% lower in the ﬁitrogen
simulation system than in the projected dense vapor phase in the
reactor). The diameter we selected for the simulator (about 0.56-0.63
in.) is much smaller than Hughmark's experimental range (based on
columns larger than 1 in. in diameter). Thus, experimental verification
of gas-density effects on the void space, preferably using heavy gases,
should be performed in order to clarify the uncertainty associated with
this simu]atioﬁ study. S '

Experimental Procedures

Two model simulators with nearly identical geometry to the tubular
reactor system were constructed to characterize the reactor hydro-
dynamics. A Plexiglas simulator was used to study water/nitrogen and a

25



Table 3

Comparison of Predicted Physical Properties of Reactor
Effluents and Cold-Flow Model Fluids

Basis 840°F, 2,000 psig

STurry phase

Viscosity 0.2-0.6 cP
Surface tension ~15 dyne/cm
Density ~0.8 g/cm3
Vapor phase '
Density 0.045 g/cm3
Density of hydrogen 4.6 x 10-3 g/'cm3
Surface
.tension Viscosity Density
System (dyne/cm) (cP) (g/cms)
H20/air at 25°C 71.97 0.89 0.997
Acetone/air at 25°C 22.67 0.31 - 0.785
MeOH/air at 25°C 22.25 0.55 0.786
Density of air at 250°C and 1 atm 1.14 x 1073 g/cm3

Density of nitrogen at 25°C and 1 atm 1.18 x 10-3 g/cm3
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glass simulator was made for methanol/nitrogen and g]ass'bead/methanol/
nitrogen systems. A schematic diagram of the apparatus and detailed
dimensions of the tubular columns and transfer-line segments are shown
in Figure 14 and Tables 4 and 5. The simulators comprised, in SQquence,
a pressurized liquid feed tank, a nitrogen inlet system, a flow con-
troller plus a flow meter for each 1iquid and gas feed system, a high-
pressure tracer injection syringe, a column assembly, a gas/Tiquid
separator, a letdown valve with a back-pressure regulator, a tracer
detector probe, and a recorder, with a Tiquid receiving tank.

Steady Tiquid and gas flows were established using the inlet flow
controllers and the back-pressure regulator for the gas/Tiquid separator
at the exit of the column assembly. After a steady flow was estab-
lished, the inlet ball valve was rapidly closed to cut gas/tiquid flow
inte the columns and to entrap the 1liquid retained in the columns.

Gas holdup was determined by measuring the void fraction of the
columns occupied by nitrogen. The pressure drop through the columns was
about & to 12 psig, depending on the flow rates. The gas flow rates
were measured using a gas flow meter based on the inlet pressure of the
system. A correction was made for the average gas flow rate uéing the
pressure drops for the whole column. '

The residence time distribution was obtained by injecting a pulse
of tracer at the simulator inlet and then detecting the response of
tracer at the exit. The tracefs used were sodium chloride for the
HZO/N2 experiment and potassium chloride for the methanoj/N2 experiment.

To determine solid residence time distribution, a predetermined
amount of glass beads was placed in the first column. Then the solid
particles were fluidized with flowing nitrogen gas at the desired rate.
After the gas rate was adjusted to the desired expérimenta] condition,
liquid (methanol) was passed into the simulator at the predetermined
. flow rate. After Tiquid flow was initiated, samples were taken sequen-
tially at 2-min intervals, until all the solid particies in the column
were completely eluted. Total mass recovery was attained. For each
- sample, concentrations of both KC1 tracer and solid particles in the
1liquid were determined for the residence time distribution analysis.
Because accurate coordination in the sequence of operations was requfred
to execute this procedure,-the operator's skill was developed until

meaningful data could be taken.
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Table 4

Dimensions of Plexiglas Columns and Transfer Lines

Columns Transfer lines

Diameter Length Diameter Length

No. (in.) (in.) No. (in.) (in.)

1 0.625 50.13 1-2 0.25 75.94

2 0.625 50.00 . 2-3 0.25 73.78

3 0.625 49,88 3-4 0.25 74.03

4 0.625 50.00 4-5 0.25 75.78

5 0.625 49.88 4-6 0.25 73.75

6 0.625 50.06 6-7 0.25 73.56

7 0.625 49,88
' 349.81 (29.2 ft) 446.84 (37.2 ft)

Total volume of columns 1,759 mbL
Total volume of transfer 1ines 359 mbL
Total volume ‘ 2,118 mb

29




Table 5

Dimensions of Glass Columns and Transfer Lines

Columns Transfer lines
Diameter Length Diameter Length
No. (cm.) (in.) No. (cm.) (in.)
1 9/16 48.2 1-2 0.5 65.94
2 9/16 48.2 2-3 0.5 66.19
3 9/16 48.2 3-4 0.5 66.32
4 9/16 48.2 4-5 0.5 65.44
5 9/16 48.2 4-5 0.5 66.44
6 9/16 48.2 6-7 0.5 65.07
7 9/16 48.2
Total ‘ 337.40 (28.12 ft) 395.40 (32.95 ft)
Total column section volume 1,374 mL
Total transfer 1ine volume 197 mL
Total volume 1,572 mL
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The glass beads used in these experiments were sma]ier than 200
mesh (Tyler) (75 um), which is typical of the standard particle size of
coal routinely used in ouf coal process development unit.

The purpose of this simplified slurry experiment was to ensure that
solid accumulation would not occur under the operating conditions of the
coal Tiquefaction study. The absence of accumulation would insure that
the residence time characteristics of the solids would be similar to
those of the Tiquid, which is a necessary condition for the tubular
reactor study.

Various data obtained from the cold-flow studies are detailed in
Appendix A-2. '

Results and Discussion

Figure 15 depicts the flow pattérns observed while operating“in the
experimental range. The Tliquid flow patterns in the tubular reactor
were in the "slug-flow regime,” in which bullet-shaped gas bubbles,
followed by swarms of tiny bubbles at the tails; rose through the slowly
moving 1iquid slugs. The gas/liquid interface of the bullet-shaped
bubbles was unstable and formed rapidly propagating ripples, which
transformed into vortices at the tails. This pattern of gas flow is
near plug flow. Both gas and Tiguid fiow patterns in the transfer lines
were nearly perfect plug-flow, as indicated by the formation of sharp
phase boundaries, with one stug successively followed by another.

Gas holdup was measured for a wide range of flow conditions, far
exceeding the projected liquefaction conditions of the tubular reacter.
As shown in Figure 16, 1iguid flow rates from 0.004 to 0.044 ft/sec and
superficial gas flow rates from 0.017 to 0.470 ft/sec were studied. Gas
holdup was independent of Tiquid velocity, but strongly dependent on the
gas flow rates. As Figure 16 shows, gas holdup was considerably higher'
than the values predicted by the Akita and Yoshida correlation (1973).

| Unexpectediy, the gas holdups in water and methano],'whiéh'have

considerably different physical properties, were found to be similar,

within the experimental error ranges. Methanol does generate a higher

gas holdup (about 15%) in the larger bubble columns. This insensitivity

of‘ho1dup behavior with fluids having significantly different physical

properties is a very desirable property of the tubular reactor that was
31




FIGURE 15
FLOW PATTERNS

SLUG FLOW PLUG FLOW

ELOW FLOW

REACTOR TUBE DOWNCOMER TUBE
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used in our liquefaction study, because the physical properties of
fluids in the reactor progressively changed within the range, as discus-
sed earlier. Undoubtedly, the wall proximity effect in such a small
tube may have created the insensitivity in fluid properties and shifted
the holdup to a different regime from that observed for large bubble
columns.

Under actué1 process conditions, the void space in the reactor
segments (excluding the transfer 1lines) should be about 30%, based on
this cold-flow study, whereas the transfer lines' void fraction is over
80%. The mean residence time of the slurry would be reduced with
increasing gas velocity, due to the increased gas holdup (this will be
detailed in the following residence time analysis).

An empirical correlation of gas holdup as a function of gas veloc-
ity was developed, as shown by the following equations:

0.415

E= 0.902UG (correlation coefficient = 0.98) (1)

where E is the fractional gas void fraction of the reactor section and

UG is gas velocity in ft/sec. The void fraction of the transfer line
is:

E, = UG/(UL +Ug) (2)

where UL is the liquid velocity in ft/sec. '

Equation 2 holds because of the continuity of both gas and liquid
flowing in the transfer line under plug-flow conditions. Therefore, the
total void fraction is:

_ VE + VLEL

E. =
T vT

0.415, , i _ Y (3)

Vi U+ U

+ - (0.9020

VT G

where V is the volume of the tubular column segments in ft3, VL is the

volume of the transfer-line segment in ft3, and VT =V + VL’ the total
reactor volume.

Residence Time Distribution and Dispersion Analyses
Figure 17 compares the 1iquid residence time/distribution curves
determined from the methanol/nitrogen cold-flow simulation using four
different tubular reactor configurations. The tubes were the same size
34
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as those used for the actual experimental tubular reactor (0.56 in.
i.d.), but the number of columns was varied--either one, three, five, or
seven tubes in series. Liquid and gas flow conditions were chosen to
simulate liquefaction flow-rate conditions, in order to give identical
mean residence times (30 min).

The residence time/distribution curve of the single-tube configura-
tion was flat and skewed, with extensive tailing far beyond 100 min,
indicating considerable dispersion of the liquid phase. As the number
of tubes increased, the curve rapidly became narrow and normally dis-
tributed. This demonstrates quite dramatically how dispersion decreased
with more tubes.

The residence time/distribution obtained from the tubular reactor
simulator with seven tubes in series was analyzed to derive the Peclet
number and the corresponding number of CSTRs in series using the axial
dispersion model and the tanks-in-series model, respectively. For a
closed vessel, the dispersion model gives the following relation between
variance of the residence time distribution curve and the Peclet number:

o? = 2(3) - 2(3)01 - exn(-p)] - (4
where the Peclet number is defined as P = ULL/EzL, U = Tiquid velocity,
L = length of column, and EzL = liquid dispersion coefficient.

In contrast, the tanks-in-series model gives:

o® = 1N I (5)
where N is the number of CSTRs and o is the nondimensional variance of
the normalized residence time/distribution curve.

Tables 6 and 7 summarize data evaluated at the various flow condi-
tions for water/nitrogen and methanol/nitrogen, respectively. The
Peclet number decreases (increases backmixing or dispersion number) with
increasing gas velocities at fixed liquid flow rates. In contrast, the
Peclet number increases with increasing Tiquid flow rate at a fixed gas
velocity. The mean residence time determined from the residence time/
distribution curves varies significantly with the change of gas flow
rate, which is caused by the consequent change of gas holdup. Mean
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Table 6

Gas Holdup and Liquid Dispersion Results®

u

. G
(ft/sec) T (min) o2 N p Er E £, E@-E)
1. Water/N2 System
a UL = 0.004265 ft/sec
0 169.4 0.0865 11.5 23 - )
0.018 85.3 0.0485 20.6 a1 0.297 0.198 0.806 106.4
0.028 89.7 0.0624 16.0 32 0.319 0.212 0.868 113.8
0.044 80.2 0.0670 14.9 30 0.315 0.198 0.912 © 100.0
0.080 73.6 0.0747 13.4 27 0.380 0.268 0,949 100.6
0.175 59.9 0.0711 13.0 26 0.492 . 0.398 0.976 99.5
0.315 47.1 0.0771- 13.0 26 0.596 0.520 0.987 98.1
0.446 47.5 0.1063 9.4 19 0.653 0.586 . 0.991 114.7
b. UL = (.007218 ft/sec
0 101.4 0.0684 14.6 29
0.018 60.5 0.03 33.3 67
0.029 56.2 0.0362 27.7 55
0.042 53.6 0.0415 24.1 48
0.089 45.7 0.0485 20.6 41
0.179 41.6 0.0559 17.9 36
0.320 33.7 0. 0675 14.8 30
0.483 32.0 0.086 11.6 23
c. VL = (.01083 ft/sec
0 71.6 0.0685 14.6 29 - - - -
0.017 45.4 0.0232 43,2 86 0.273 0.206 0.616 57.2
0.030 40.1 0.029 34.3 69 0.300 0.216 0.732 - 51.2
0.041 37.2 0.0396 25.2 50 0.334 0.245 0.790 49.3
0.078 34.2 0.029 34.5 69 0.404 0.311 0.878 49.6
0.170 28.0 0.0465 21.5 43 0.491 0.403 0.940 46.9
0.311 24.3 0.057 17.5 35 0.571 0.494 0.966 48.0
0.470 19.7 0.0526 19.0 38 0.657 0.594 0.978 48.5
d. UL = (.02198 fit/sec
0 34.8 0.0769 13.0 26
0.017 20.5 0.0122 81.0 162
0.026 20.5 0.0152 66.0 132
0.041 19.5 0.017 58.7 119
0.086 17.2 0.0245 40.7 82
0.180 15.0 0.0302 33.1 66
0. 309 12.1 0.0388 25.8 52
0.480 10.9 0.045 22.2 44
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Table 6 (Continued)

u
G - -
(ft/sec) t (min) o? N p £ E E, t/(1-E)
e UL = 0.04364 ft/sec
0 10.4 0.05514 18.1 36 -
0.004 9.6 0.00214 467.1 934 0.068 0.066 0.075 10.3
0.010 8.6 0.00486 205.8 412 0.164 0.163 0.173 10.3
0.018 8.3 0.00555 180.1 360 8.155 0.132 0.271 9.6
0.029 7.9 0.00627 159.4 319 0.232 0.203 0.379 9.9
0.044 7.6 0. 00566 88.3 177 0.285 0.242 0.503 10.0
0.079 7.1 0. 00595 84.0 168 0.360 0.305 0.644 10.2
0.175 5.7 0.01484 67.4 135 0.463 0.397 0.801 9.5
0.166 5.4 0.00924 108 216 0.492 0.436 0.777 9.6
0.334 4.7 0.01439 69.5 139 0.547 0.482 0.875 9.1
0.508 3.5 0.02125 47.1 94 0.621 0.564 0.915 8.0
UG )
- . 2 .
(ft/sec) t (min) tmax o} N ET E EL p
2. Methano1/N2 System
a. UL = 0.0092 ft/sec
0.00341 47.7 47.3 0.01478 67.7 0.126 0.105 0.270 134.3
0.00682 48.8 46.7 0.02757 36.3 0.153 0.114 0.426 71.5
0.0102 49.1 46,3 0.03334 30.0 0.168 0.117 0.526 59.0
0.0171 44.1 41.4 0.04035 24.8 0.254 0.197 0.650 48.5
0.0341 40.8 37.3 0.05134 19.5 0.315 0.247 0.788 37.9
0.0682 37.9 35.6 0.04943 20.2 0.392 0.322 0.881 39.4
0.1705 34.0 31.5 0.06296 15.9 0.479 0.412 0.949 30.7
b. VL = 0.00614 ft/sec
0.00341 81.5 78.3 0.02316 43.2 0.128 0.095 0.357 85.3
0.0102 74.3 70.1 0.03950 25.3 0.188 0.125 0.624 49.6
0.0341 70.6 64.8 0.06292 15.9 0.296 0.217 0.847 30.8
0.1705 55.5 49.4 0.07924 12.6 0.473 0.402 0.965 24.2

u

O

L= 0.03649 ft/sec
0.00341 24.4 24.1 0.002271 440 0.063 0.0595 0.085 879.7

®Nomenclature: U, = superficial %2qu1d velocity; U, = superficial gas veloc-
. = L G —
ity; t = mean residence time; 0~ = dimensionless variance; N = number of
CSTRs in series; P = Peclet number; E_, = v01d fraction measured for total
reactor volume including transfer lines; =10 /(U + U.), based on the
continuity of both liquid and gas flowing %hroug the transfer lines under

the plug flow conditions; E = void fraction of reactor excluding transfer
lines, derived from ET and E.

38




Tablie 7

Peciet Number and Number of CSTRs in
Series Derived from Correlations

(Basis: UG/UL = 7.5)

u U P
.For_Methano'l/N2 System
0.02 0.002778 17.49 10.0
0.04 0.005556 26.75 13.89
0.06 0.008333 34.86 17.94
0.08 0.01111 42.35 21.69
0.10 0.013889 49.68 25.35
0.12 0.016667 56.79 28.90
0.14 0.019444 63.94 '32.48
0.16 0.022222 71.12 36.07
0.18 0.025000 78.31 39.66
0.26 0.027778 85.54 43.28
For Water/Nz System

0.02 0.002778 24.05 12.55
0.04 0.005556 26.36 18.82
0.06 0.008333 47.33 24.17
0.08 0.01111 57.31 29.16
0.10 0.013889 66.77 33.89
0.12 0.016667 75.90 38.44
0.14 0.019444 84,85 42.92
0.16 0.022222 93.78 47.41
0.18 0.025000 102.81 51.89
0.20 0 111.66 56.31

.027778
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residence time can also be determined using the holdup correlation and
nominal residence time.

From these results, the following empirical equations relating
1iquid dispersion coefficient and gas flow rate were developed:

Liquid dispersion coefficient for the methanol/nitrogen system:

0.495

EZL = 0.0375UG (correlation coefficient = 0.94) (6)

Liquid dispersion coefficient for the water/nitrogen system:

L= 0.0279UGO‘492 (correlation coefficient = 0.94) (7)

Ez
Fractional gas holdup of the reactor section excluding the transfer
lines for both systems:

E = 0.902UGO'415 (correlation coefficient = 0.98) (D

The correlation shows that the dispersion coefficient (with a high
correlation coefficient at 0.94) can be reasonably assumed to be a sole
function of gas velocity (for a given tube diameter). In contrast, the
Peclet number strongly depends upon both gas and Tiquid velocities. Gas
velocity is not a completely independent process variable, since gas
flow rates in typical direct coal liquefaction processes will undoubt-
edly be Tocked into Tliquid flow rates within a certain narrow range of
gas-to~liquid ratios, due to the hydrogen demand of the coal liquefac-
tion process. This constraint provides a convenient way to tie the
dispersion correlation (or Peciet number and number of CSTRs) with
Tiquid velocity.

Typical demonstration plant reactor conditions are 30,000 standard
cubic feet of hydrogen/ton of coal, 38 wt % coal slurry concentration,
840°F, and 2,000 psig. The ratio of hydrogen gas to 1iquid superficial
velocities evaluated from these conditions turns out to be about 7.5.
The Peclet number and number of CSTRs were derived using equations 4-8,
based on a ratio of gas-to-liquid velocity of 7.5 (shown in Table 7 and
piotted in Figures 18 and 19).
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Analysis of these results indicates that the Peclet numbers of the
tubular reactor (based on the methanol/nitrogen system) would be about
36-44, and the performance of this reactor would be equivalent to 18-22
CSTRs 1in series within the planned eﬁperimenta] conditions (i.e., 22 and
18 CSTRs at 20- and 80-min nominal residence times, respectively).

Figure 20 compares residence time/distribution curves for solid
particles and liquid obtained from the three-phase cold-flow simulation
study using glass beads (~200 Tyler mesh, -75 um), methanocl, and nitro-
gen at typical reactor operating conditions. The earlier appearance of
the residence time curve for the solid particles compared to the 1iquid
is an artifact, because 1Tiquid and solid flows started at different
times. This artifact was corrected by shifting the residence time/
distribution curve of the particles onto that of 1liquid, as shown in
Figure 21. The differences between the two curves were then marginal.
Analysis of these results indicates that the dispersion characteristics
of solid particles in the tubular reactor closely resembled those of the
1iquid. On this basis, solids will probably not accumulate in the
tubular reactor.
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LIQUEFACTION STUDY OF PLUG-FLOW TUBULAR REACTOR

PROCESS RUNS

Liquefaction runs were made in the tubular reactor with 38 wt %
Kentucky #9 Mulford coal and recycle solvent from the Ft. Lewis pilot
plant, while it was running in the SRC-I mode. Process conditions were:

Temperature 840°F

Hz pressure (psig) 2,000

H2 rate (scf/ton of coal) 3,000
Nominal residence time (min) 29 and 40
Coal space rate (1b of coa1/ft3-hr) 40 and 30
Coal in solvent (wt %) 38

Other than residence times, process conditions were constant. Since the
nominal residence time in the tubular reactor is a function of slurry
flow rate, as detailed in the preceding section, the operating curve for
the tubular reactor was developed using the equations derived from the
cold-flow study.

The void fractions for tube segment and transfer 1lines of the
reactor are from equations 1 and 2.

Reactor segment: ER = 0.902UGO'415 ' (D
‘l . - ’ UG/UL
Transfer-1ine segment: EL = UG/(UL + UG) = T—:-UE7U[ 2)

where UG/UL is the ratio of superficial gas velocity te liquid velocity
at reactor conditions. Therefore, the net available reactor volume for
the 1iquid phase is:

U./U
_ i 0.415 AN
= Vp(1 - 0.9020,0-415) + VL[I iy ] ©)
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where VR = the tube segment reactor volume (1,296 cms) and VL = the
transfer-1ine segment reactor volume (249 cmg).

The ratio of siurry-to-gas volumetric flow rates in the reactor (at
840°F and 2,000 psig) is egual to the ratio of superficial Tiquid to gas
velocity at the same conditions. An assumption is made that the gas
flow rate is equal to hydrogen gas fiow rate; then:

[t

L_ Qg xt_ VAt (10)

UG QH Xt UG°A-t

LD
w
—

A

H

2 2

where QsL and QH are volumetric slurry and hydrogen flow rates, respec-
tively, A is thezcross-sectional area of the reactor tube, and t is the
 residence time.

U = [}

a3

30,000 scf/ton of coal x 0.38 g of coal/g of slurry x 28,316.85 cms/scf
2,000 1b of coal/ton of coal x 453.6 g/1b X (1/1.13) cm /g of siurry

14.7 psia_, 460 + 840°R _ 1.038 _
Z,014.7 psia ~ 360 + 70°R X T.oog - 7-465 (1)

where 1.038/1.0006 is the compressibility correction factor term. Note
that the slurry density used is 1.13 g/cms, in order to relate to the
nominal residence time:

VN (cm3) _ 1
[uy (ft/sec) x 30.48 em/ft]|( -2 x 2.58)% x E] x ¢ (sec)  7.465
€ . 16 4

Therefore,

N (en®) ‘
(12)

Vv
UG (ft/sec) = 0.1528
t (sec)

Inserting equations (11) and (12) into equation (9) yields:
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v

Vy = 1,296[1 - 0.902(0.1528 —:-)0'415] +29.4 (13)

Rearranging equation (13) leads to:

0.1528V, (en®)

exp ]n{ 1- [(VN - 29.4)/1,296]}‘/0.4149
0.9017

t (sec) =

(14)

The volumetric slurry flow rate at a nominal residence time tl is:

QSLV(cmB/sec) = VN (cm3)

(15)
t (sec)
and mass flow rate is:
QSLM (g/sec) = 1,13(VN/t) i (16)

Using equations (9), (13), and (15), reactor operating cﬁrves that
relate slurry pumping rate, hydrogen flow rate, and nominal residence
time can be plotted as shown in Figures 22 and 23 and Tables 8 and 9.
In order to determine nominal residence time, we assigned the slurry
density a value of 1.13 g/cm3 (at ambient temperature), whereas hydrogen
flow rates were based on process conditions of 840°F, 2,000 psig, and
30,000 scf of hydrogen/ton of coal.

The operating curves in Figure 22 exclude the preheater tube volume
from the net reactor volume, whereas those in Figure 23 include the
first tube as an integral part of the useful reactor. Slurry and hydro-
gen rates required for the various residence times can be read from
these operating curves. Likewise, these operating curves can be easily
generated whenever process variables (temperature, pressure, and hydro-
gen rate) are changed.

At 840°F, 2,000 psig, and 30,000 scf of hydrogen/ton of coal, the

following residence times and flow rates were determined from the
figures:

Conversion of the nominal residence time to true residence time is
correlated and illustrated in Appendix A-4.
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Table 8

Operation Characterization Data for Plug-Flow Reactor,
Excluding the Preheater

av2$¥ab1e Nominal Total ' ~ Superficial
reactor residence time, void hydrogen
volume, t fraction, _Slurry flow rate H2 rate velocity,
Vn (cms) sec min ET cm3/hr g/hr (siph) UG (ft/sec)
900 1,570.86 26.16 0.328 2,062.6 2,330.74 829.36 . 0.0875
905 1,625.25 27.09 0.325 2,004.6 2,265.20 806.03 0.0851
910 1,682.04 28.034 0.321 1,947.6 2,200.83 783.13 0.0827
915 1,741.37 29.023 0.317 1,891.6 2,137.52 760.60 0.0803
920 1,803.49 30.057 0.313 1,836.54 2,074.29 738.46 0.0780
925 1,868.25 31.137 0.309 1,782.42 2,014.14 716.70 0.0757
1930 1,936.10 32.268 0.305 1,728.25 1,954.05 695.32 0.0734
935 2,007.14 33.452 0.301 1,677.01 1,895.02 674.31 0.0712
940 2,081.55 34.693 0.297 1,625.71 1,837.05 653.68 0.0690
945 2,159.53 35.992 0.294 1,575.34 1,780.13 663.43 0.0669 .
a50 2,241.31 37.355 0.290 1,525.89 1,724.26 613.55 0.0648
955 2,327.11 38.785 0.286 1,477.37 bl,669.43 594.04 0.0627
960 2,417.19 40. 287 0.282 1,429.76 1,615.63 574.90 0.0607
965 2,511.82 41.864 - 0.278 1,383.06 1,562.857  446.12 0.0587
970 2,611.30 43.522 0.274 1,337.26 1,511.108 537.70 0.0568
975 2,715.94 45,265 0.270 1,292.37 1,460.376 519.65 0.0549
980 2,826.08  47.102 0.267 1,248.37 1,410.655 501.96 0.0530
985 2,942.12- 49,035 0.263 1,205.25 1,361.938 484,62 0.0512
930 3,064.42 51.074 0.259 1,163.03 1,314.220 467.64 0.0494
995 3,193.43 53.224 0.283 1,121.68 1,267.495 451.02 0.0476
0.251 1,081.20 1,221.756 -434.74 0.0459

1,000 3,329.63 55.494

51



Table 9

Operation Characterization Data for Plug-Flow Reactdr,
Including the Preheater

Net
available Nominal Total Superficial
reactor residence time, void hydrogen
volume, t fraction, Slurry flow rate . H2 rate velocity,
Vn (cm3) sec min ET cm3/hr g/hr (s1ph) UG (ft/sec)
300 889.90 14.83 0.416 3,640.86 4,114.17 1,463.96 0.155
910 936.03 15.60 0.409 3,499.89 3,954.87 1,407.27 0.149
920 985.08 16.42 0.402 3.362.17 3,799.25 1,351.90 0.143
930 1,037.28 17.29 0.385 3,227.67 3,647.26 1,297.82 0.137
940 1,092.89 18.21 0.389 3,096. 37 3,498.90 1,245.03 0.131
950 1,152.19 19.20 0.382 2,968.25 3,354.12 1,193.51 0.126
960 1,215.49 20.26 0.375 2,843.29 3,212.91 1.143.26 0.121
970 1,283.12 21.39 0.368 2,721.46 3,074.25 1,094.28 0.116
980 1,355.50 22.59 0.362 2,602.74 2,941.09 1.046.54 0.111
990 1,432.99 23.88 0.355 2,487.11 2,810.43 1,000.04 0.106
1,000 1,516.09 24.27 0.348 2,374.54. 2,683.22 954.78 0.101
1,010 1,604.30 26.75 0.341 | 2,265.00 2,559.45 910.74 0.096
1,020 1,701.19 28.35 0.335 2,158.49 2,439.09 867.91 0.092
1,030 1,804.42 30.07 0.328 2,054.96 2,322.10 826.28 0.087
1,040 1,915.68 31.93 0.321 1,954.39 2,208.46 785.84° 0.0830
1,050 2,035.79 33.93 0.314 1,856.77 2,098.15 746.59 0.0788
1,060 2,165.65 36.09 0.308 1,762.06 1,991.13 708.51 0.0748
1,070 2,306.26 38.44 0.301 1,670.24 1,887.37 671.59 0.0709
1,080 2,458.77 40.98 0.294 1,581.28 1,786.84 635.82 0.0671
1,090 2,624.48 43.74 0.287 1.495.15 1,689.52 601. 19 0.0635
1,100 2,804.86 46.75 0.281 1,411.84 1,595.38 567.69 0.0599
1,110 3,001.57 50.03 0.274 1,331.30 1,504.37 535.31 0.0565
1,120 3,216.54 53.61 0.267 1,253.52 1,416.48 504.03 0.0532
1,130 3,451.95 57.53 0.260 1,178.46 1,331.66 473.85 0.0500
1,140 3,710.32 61.84 0.254 1,106.11 1,249.90 44476 0.0469
1,150 3,994.54 66.58 0.247 1,036.41 1,171.15 416.73 0.0440
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Nominal residence time (min)

40 28.6
With preheater, but not part of reactor
Slurry rates (g/her) 1,627 2,166
H2 rates (slph) 579 770
" Preheater included as part of reactor
Sturry (g/hr) ‘ _ 1,823 2,421
H2 rates (slph) ' 649 . 861

Details of the reactor operating data during the material-balance
periods are summarized in Appendix A-3. '

MATERIALS

Coal

Kentucky #9 Mulford coal was ground, dried before use to bring the
moisture content below 2%, and sized to -200 mesh. Proximate and
ultimate analyses of the coal are given in Table 10.

. Solvent

The process solvent was a Ft. Lewis recycle solvent (Guif P&M
#1967), produced while that plant was running in the SRC-I mode. Ele-
mental analyses, solvent separation, proton NMR, and simulated distii-
lation data for the solvent are provided in Tables 11 and 12. The
solvent contained 8.21 wt % hydrogen, which is typical of process
solvent produced in the SRC-I mode. The proton NMR spectra of the
‘'solvent are shown in Figure 25.

RESULTS AND DISCUSSION

Table 13 summarizes yield data obtained from the p]ug-fToQ reactor
at 840°F, 2,000 psig, and residence times of 29 and 40 min. Both
targeted and actually achieved process conditions are given in the
table.
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Table 10

Proximate and Ultimate Analyses of Coal
(FSK #152/153)

Proximate ana]ysisa
determined by TGA

(wt %)
Hzo 2.10
Volatile matter 36.91
Fixed carbon 51.38
Ash 9.61

Ultimate analysis (wt %)

As received Dry Dry and ash free

Carbon 71.86 73.40 80.96
Hydrogen 5.02 4.89 5.39
Oxygen 10.48 8.80 9.71
Nitrogen 1.64 1.68 1.85
Sulfur 3.07 3.14 --

Organic 1.82 1.89 _ 2.08

Pyritic 1.25 1.25 --
Ash (ASTM) 9.63 - 9.82 --

aTGA, thermogravimetric analysis.
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Table 11

Chemical Properties of the Process Solvent

C H N 0 S
Elemental composition 87.76 8.24 0.85 2.95 0.36
(wt %)
Pentane-soluble  Benzene-soluble Pyridine-soluble
oils asphaltenes preasphaltenes
Solvent extracts 96.22 3.78 _ -
(wt %)
e HB Ry Har
Cyctic  Alkyl Cyclic Alkyl alkyl Condensed Uncondensed
Proton NMR 1.16 0.73 0.73 1.14 0.47 3.07 .0.96
(%)
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Table 12

Simulated GC Data of the Process Solvent

‘% off (close to wt %)
Encapsulated GC
°F cut APCI-modified ASTM D28862 Wilsonville method

b

-350 0
350~-450 6.32 5.16
450-550 . 25.77 23.94
550-650 } 27.04 20.59
650-750 ‘ 19.77 16.97
750-850 10.65 20.45
850+ 10.45 9.88
Nonvolatile ' 0 3.00P

;Injection temperature at 250°C with Dexsil 300 column.
Automatically assumed to be 3 wt %, based on a preliminary study during
method development at Wilsonville.
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