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4.2.4 SULFURIC ACID PLANT 

Key to the double-absorption contact sulfuric acid plant process is use of an intermediate 
absorber in the four-pass converter developed by Monsanto.  The reaction from SO2 to SO3 is an 
exothermic reversible reaction.  Using a vanadium catalyst, a contact plant takes advantage of 
both rate and equilibrium considerations by first allowing the gases to enter over a part of the 
catalyst at about 800ºF, and then allowing the temperature to increase adiabatically as the 
reaction proceeds.  The reaction essentially stops when about 60 to 70 percent of the SO2 has 
been converted, at a temperature in the vicinity of 1100ºF.  The gas is cooled in a waste heat 
boiler and passed through subsequent stages until the temperature of the gases passing over the 
last portion of catalyst does not exceed 800ºF.  The gases leaving the converter, having passed 
through two or three layers of catalyst, are cooled and passed through an intermediate absorber 
tower where some of the SO3 is removed with 98 percent H2SO4.  The gases leaving this tower 
are then reheated, and flow through the remaining layers of catalyst in the converter.  The gases 
are then cooled and pass through the final absorber tower before discharge to the atmosphere.  In 
this manner, more than 99.7 percent of the SO2 is converted into SO3 and subsequently into 
product sulfuric acid. 

4.2.5 HYDROGEN SEPARATION/CONVENTIONAL TURBINE EXPANDER 

The HSD design retains the previous concept to promote the shift reaction by product extraction 
at the membrane surface.  The scenario is based on the gas proceeding along the membrane 
surface in turbulent flow.  Hydrogen product partial pressure is both maintained and extracted at 
the membrane surface.  CO continues to react with steam until the CO-steam equilibrium is 
reached.  The remaining gas then passes from the membrane without further reaction.  To ensure 
the shift reaction going to completion, the membrane path was increased 25 percent above 
theoretical. 

The hydrogen product diffusing through the HSD is 99.5 percent pure on a weight basis, and is 
comprised of a stream having 95 percent of the original syngas fuel value.  The syngas continues 
with an exothermic shift to hydrogen and CO2 on the membrane surface until reaching an 
equilibrium at 600°C (1112°F). 

The retentate gas, which is separated from the hydrogen, leaves the HSD at 950 psia and 1112°F, 
and has a fuel value of about 15 Btu/scf.  A conventional expansion turbine is utilized to extract 
the energy from the gas stream by producing power and steam.  The gas stream is fired with 
oxygen in the combustor, resulting in conversion of CO and hydrogen to CO2, and water vapor, 
resulting in a turbine inlet temperature of 1711°F.  The turbine expander reduces the gas pressure 
to 20 psia and its temperature to 814°F, while generating 55 MW power.  The gas then passes 
through a HRSG where it is cooled to 250°F, while raising high-pressure steam.  This steam is 
combined with additional steam from cooling the hydrogen product to produce an additional 
28 MW.  In-plant auxiliary power requirements and transformer losses amount to 69 MW, 
resulting in export power sales of 14 MW.  The CO2 product is cooled to 100°F, dried, and sent 
offsite.  Table 4-5 identifies the overall water balance for the plant. 
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Table 4-5 
Plant Water Balance 

Water Source  
Makeup Water 100,979 lb/h 

Recycled from Stack Condenser 86,514 lb/h 
Water Consumption Point  

Boiler Blowdown 74 lb/h 
Gasifier Coal Slurry Preparation 114,009 lb/h 

HSD Inlet Cooler/Saturator 72,481 lb/h 
Sulfuric Acid Water 929 lb/h 

 

4.2.6 EFFECTIVE THERMAL EFFICIENCY 

For comparative purposes and to arrive at a figure of merit for the plant design, an ETE was 
derived for the plant performance based on HHV thermal value of hydrogen produced and offsite 
power sales, divided by the fuel input to the plant.  The formula is: 

ETE = (Hydrogen Heating Value + Electrical Btu Equivalent) 
Fuel Heating Value (HHV) 

  ETE = 33,336 lb H2/h x 61,095 Btu/lb + 13,900 kW x 3,414 Btu/kWh    
283,833 lb coal/h x 8,630 Btu/lb + 31,537 lb sawdust/h x 5,165 Btu/lb 

  ETE = 79.8% 

4.3 COST ESTIMATE 

For this economic analysis, the capital and operating costs for the biomass/Wyodak feedstock 
plant result from a proportional adjustment from the baseline 600°C hydrogen plant which 
operates on Pittsburgh No. 8 coal.  Whereas the cost of Pittsburgh No. 8 coal was $1.00 per 
MMBtu, the cost of the Wyodak/biomass blend is assumed to be $0.65/MMBtu, followed with a 
sensitivity case of $0.50/MMBtu.  The approach to the cost estimate was the same as before and 
detailed in Section 2.7.  The financial parameters were the same as detailed in Table 1-2 and 
Table 2-19 except for the type and cost of the coal. 

The results of the cost estimating activity are summarized in Table 4-6 and Table 4-7.
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Table 4-6 
Capital Estimate and Revenue Requirement Summary 

$0.65/MMBtu Feedstock 
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Table 4-7 
Capital Estimate and Revenue Requirement Summary 

$0.50/MMBtu Feedstock 
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4.4 SUMMARY AND CONCLUSIONS 

The purpose of this brief study was to compare the economics of producing hydrogen from a 
Wyodak/biomass blend against producing hydrogen from bituminous coal in the same sized 
plant.  Table 4-8 is a summary comparison of the performance and cost results.  The costs of 
hydrogen from both feedstocks are approximately equal.  This is due to a balance of capital 
charges, fuel costs, and byproduct credits. 

Table 4-8 
Performance and Cost Summary Comparisons 

Wyodak/Biomass Blend vs. Pittsburgh No. 8 

 90% Wyodak 
10% Biomass 

Baseline Case 
Pittsburgh No. 8 

600°C  Membrane 
Coal Feed 221,631 lb/h 
Biomass Feed 31,537 lb/h N/A 
Oxygen Feed (95%) to Gasifier 186,650 lb/h 165,818 lb/h 
Oxygen Feed to Retentate Combustor 25,300 lb/h 58,701 lb/h 
Water to Prepare Feed Slurry 114,009 lb/h 94,025 lb/h 
Hydrogen Product Stream 33,337 lb/h 35,903 lb/h 
CO2 Product Stream 575,923 lb/h 582,566 lb/h 
Sulfuric Acid Product 5,057 lb/h 19,482 lb/h 
Gross Power Production   

Turbine Expander 55 MW 84 MW 
Steam Turbine 28 MW N/A 

Auxiliary Power Requirement (69 MW) (77 MW) 
Net Power Production 14 MW 7 MW 
Net Plant Water Makeup 100,979 lb/h 198,150 lb/h 
Effective Thermal Efficiency (ETE), HHV 79.8% 80.4% 
Capital Cost, $1,000 $365,662 $359,791 
Hydrogen Product Cost, $/MMBtu $5.22 

($0.65 Feedstock) 
$5.04 

($0.50 Feedstock) 

$5.06 

283,833 lb/h 

Total plant costs are roughly equal, resulting from a combination of increased and decreased 
equipment requirements.  The cost adjustments to the hydrogen plant due to the change over to 
the Wyodak/biomass blend are reflected in increased feedstock handling, increased oxygen plant 
size due to the higher water content (and associated increase in CO2 content), and the need for a 
steam turbine which produces 28 MW from excess low-pressure steam.  The capital costs were 
lower in sulfur control areas because of the low-sulfur feedstock, resulting in only 61 tpd sulfuric 
acid production from the blend versus 234 tpd from bituminous coal.  This resulted in a lowering 
of byproduct credits. 
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The cost of biomass was not explored.  Rather, two feedstock costs were used, $0.65 and 
$0.50/MMBtu.  The higher cost reflects biomass being equal to Wyodak in delivered cost, the 
lower reflecting essentially free biomass. 

The amount of hydrogen produced from the Wyodak/biomass blend is lowered by about 
7 percent, primarily due to the higher level of CO2 produced in the gasifier.  This resulted in a 
lowered amount of reactive syngas (H2 and CO) available for hydrogen production. 

In April 1999 a version of the base case hydrogen plant was prepared in which Wyodak Coal 
was substituted for Pittsburgh No. 8 coal.  A full description of the comparison is not included in 
this compilation report because the results are not readily comparable, for the following reasons: 

• The HSD operates at 1000°C 
• Sulfur is recovered with FGD, rather than sulfuric acid 
• Plant Capacity Factor is 95%, Book Life is 30 years 
• Costs are in 1997 dollars 

A summary of the performance and economic results from the Wyodak substitution are shown in 
Table 4-9.  Less hydrogen is produced, but more power from excess plant steam is produced.  
The cost of hydrogen from the Wyodak substitution is slightly lower than the Pittsburgh No. 8, 
primarily because of the lower cost of coal. 

Table 4-9 
Performance and Cost Summary Comparisons 
1999 Wyodak Substitution for Pittsburgh No. 8 

 100% Wyodak  100% Pittsburgh No. 8  
Coal Feed 283,833 lb/h 221,631 lb/h 
Oxygen Feed (95%) 220.986 lb/h 252,369 lb/h 
Water to Prepare Feed Slurry 109,249 lb/h 94,025 lb/h 
Hydrogen Product Stream 29,221 lb/h 34,004 lb/h 
Limestone Sorbent to FGD 10,583 lb/h 25,188 lb/h 
CO2 Product Stream 538,410 lb/h 603,324 lb/h 
Net Plant Water Makeup 99,960 lb/h 188,878 lb/h 
   
Gross Power Production   

ATS Turbine Expander 102 MW 120 MW 
Steam Turbine 20 MW N/A 

Auxiliary Power Requirement (67 MW) (78 MW) 
Net Power Production 55 MW 42 MW 
Effective Thermal Efficiency (ETE), HHV 80.4% 79.8% 
   
Capital Cost, $1,000 $313,597 $306,605 
Hydrogen Product Cost, $/MMBtu $3.91 

($0.67/MMBtu 
Feedstock) 

$4.05 
($1.00/MMBtu 

Feedstock) 
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