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FOREWORD

This one of a series of reports on nuclear process heat. The overall
summary is Assessment of Very High-Temperature Reactors in Process
Applications (ORNL/TM-5242). Details and background information are
presented in Appendix I — Evaluaiion of the Reactor System (ORNL/TM-5409);
Appendix IT — VHTR Process Application Studies (ORNL/TM-5410): and
Appendix IIT — Engineering Evaluation of Process Heat Applications for

VETRs (ORNL/TM-5411).



ABSTRACT

An engineering and economic evaluation is made of coal conmversion
processes that can be coupled to a very high-temperature nuclear reactor
heat source. The basic system developed by General Atomic/Stome & Webster
(GA/S&W) is similar to the H-coal process developed by Hydrocarbon Research,
Ine., but is modified to accommodate a nuclear heat source and to produce
synthetic natural gas (SNG), synthesis gas, and hydrogen in addition to
synthetic crude liquids. The synthetic crude liquid production is analyzed
by using the GA/S&W process coupled to either a nuclear— or fossil-heat
source. Four other processes are included for comparison: (l} the Lurgi
process for production of SNG, (2) the Koppers-Totzek process for produc-
tion of either hydrogen or synthesis gas, (3) the Hygas process for produc-—
tion of SNG, and (4) the Westinghouse thermal-chemical water splitting
process for production of hydrogen. The production of methanol and iroﬁ
ore reduction are evaluated as two potential applications of synthesis
gas from either the GA/S&W or Koppers-Totzek processes. The results in-—
dicate that the product costs for each of the gasification and liquefac—
tion précesses did not differ significantly, with the exception that the
unproven Hygas process was cheaper énd the Westinghouse process consider-—

ably more expensive than the others.



i, INTRODUCTION

1,1 Authorization

United Engineers & Constructors Inc. has evaluated coal lique-
faction and gasification processes using nuclear and fossil fuels to pro-
vide process heat, This evaluation was supported by the United States
Energy Research and Development Administration under contract number

AT (11-1) - 2477.

The initial evaluation report was published in June 1975. As

a2 result of recent studies by United Engineers and General Atomic, the

June 1975 report has been revised and is herewith reissued.

Undexr the ERDA contract and a subcontract with Union Carbide
Corporation Nuclear Division, United Engineers has prepared the following
related studiles:
¢ A Cost Comparison of Very High Temperature Nuclear Reactors
for Process Heat Applications, March 1975.

e Evaluation of a Coal Liquefaction Process Using Either a
Nuclear or Fossil Heat Source, February 1976.

¢ Evaluation of Pollution and Water Consumption by Selected

Coal Conversion Processes, February 1976.

1-1



1.2 General Conclusions

Coal gasification and liquefaction processes and costs have
been reviewed. Nuclear-heated processes based on 3000 MWt reactors were
compared to the principal fossil-heated coal conversion processes of
similar size. The published processes are technically feasible, and

the costs are consistent with United Engineers' experience.

If a 15 percent fixed charge rate and $0.50/106 Btu coal can be
obtained, and costs published by proponents of these processes are valid:

® Coal can be converted to pipeline gas at a cost competitive
with unregulated natural gas.

e Coal can be converted to heavy naphtha and heavy oils at
a cost competitive with the present cost of imported oil.

® Synthesis gas (CO + Hy) which is obtained from coal can be
converted to methanol which is significantly cheaper than
the current market price of methanol. This application is the
most promising under current economic conditionms,

® Synthesis gas is also attractive for the reduction of iron ore.

The costs of coal conversion are very sensitive to the fixed

charge rate and the coal costs, and may not be competitive for higher values.

At low coal costs, nuclear-heated processes are more expensive
than fossil-heated. At high coal costs, nuclear processes become less ex-

pensive than coal,
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The applicability of nuclear-heated coal conversion is limited be-
cause the size of the plant is too great for many mine-mouth operations.
Much smaller fossil-heated plants can be built without a significant in-

crease in product cost.

1.3 Scope of Evaluation

United Engineers reviewed coal conversion processes which can
be combined with a very high temperature nuclear reactor (VETR) heat
source. The basic process was developed by General Atomic Company and
Stone & Webster Engineering Company (GA/S&W) and produces synthetic pipe-
line gas. This design was modified by United Engineers to produce syn-
thesis gas or hydrogen. General Atomic later issued a similar modification

for hydrogen production.

The preliminary design of a coal liquefaction process was pre-
pared by United Engineers. This process is similar to the H-Coal process
developed by Hydrocarbon Research Inc. but can be heated either by a
nuclear or fossil heat source. Because the processes are identical
except for the heat source, comparison of the costs is more reliable than

for other processes with different bases.

Four other processes were selected for comparison with the
nuclear-heated GA/S&W processes:

e The Lurgi pipeline gas process is available and operating
commercially,

¢ The Hygas process is in a promising stage of development for
pipeline gas production.

e The Koppers-Totzek processes for synthesis éas and hydrogen
are commercially available with many plants operating

successfully,
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e The thermo-chemical hydrogen process recently proposed by

Westinghouse is an alternate source of hydrogen.

These processes, and the products derived from them, are shown

in Table 1-1.

Two potential applications of synthesis gas were reviewed for
synthesis gas produced by the GA/S&W and Koppers-Totzek processes:
¢ Methanol is a major product manufactured from synthesis gas
and it appears to have a rapidly growing future market.
e Iron ore can be reduced with synthesis gas; this process was

compared to conventional ore reduction methods.
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1.4 Results and Specific Conclusions

1.,4,1 Verification of Reported Data

Heat and material balances and thermochemical calculations were
periormed to verify product yields and energy requirements under the con-
ditions cited in the literature. Reported costs were compared with United
Engineers' data base which has been developed from many chemical plant
projects. These calculations and comparisons confirmed the basic chemical,

energy and cost parameters reported for the selected processes,

1,4.2 Limits of Comparison - Basis

The processes evaluated in this report can be compared on a
general basis, The process parameters and costs are tzken from descriptions
published by the developers and proponents. The two coal liquefagtion processes
were designed by United Engineers using a c.cmmon basis, and are thus directly
comparzble. Each gasification process is based on a different coal aad a
different site, and has a unique product mix, A detailed comparison of gas-
ification processes is misleading because the data reported is not based on

a consistent set of initial assumptions.

Direct, detailed comparison of the gasification processes would
require extensive preliminary design to place all processes on the same
basis. Comparison of these processes using a common basis would inevitably
place some processes at a disadvantage because some procésses operate on a

wider variety of coals than others,
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For coal gasification, the fossil-heated processes are based on
coal with a heating value of 8600-8900 Btu/lb, while the nuclear-heated
processes use 12,000 Btu/lb coal. Comparing processes at a specific coal
price penalizes the fossil-heated processes which use cheaper coal. The
difference between fossil and nuclear heating is thus greater than is

immediately obvious.

1.4,3 Limits of Comparison - Products

The product mix of each process is shown in Table 1-2. Most of
the gasification processes also produce oil, naphtha or other liquids.
When the energy output of the plant is calculated, these liquids may con-

stitute a significant fraction of the plant production,

For this evaluation, by-products such as naphtha are considered
to be products if the published description of the process treats them

as products. As a result, tar and tar oil produced by the Lurgi process

are products in this report, even though their market value (per unit energy)

is lower than pipeline gas. Char produced by several processes has a heating

value of 7800 to 8300 Btu/lb, and typically contains about 35 percent ash
and 5 percent sulfur., Although this is similar to some natural coals, and
thus may have value, it was not considered as a product because the process

designers treat it as a waste product.

The choice between products and waste products has a significant

effect on the efficiency and average product costs which are reported.
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The efficiencies and costs reported in Tables 1-2 and 1-3 are based on the
products reported in the literature., If the costs of the primary products
are desired, the probable value of each by-product must first be determined.
The wmarketability of the by-products is strongly related to plant size and

location, thus making comparison of processes very difficult,

1,4.4 Comparison of Product Costs

The average product cost of each of the gasification and lique-
faction processes reviewed is presented in Table 1-3, This cost is com-
puted by dividing the total annual operating cost by the total enexrgy
available in the products defined in Table 1-2., Two costs are presented;
the low cost is based on ecal at $0.50/106 Btu and a 15 percent fixed
cherge rate; the higher cost is calculated from $1.75/100 Btu coal and

25 percent fixed charge rate,

There is not a significant product cost difference between the

processes, with two exceptions:

e For synthetic pipeline gas production, the unproved Hygas
process appears to be considerably cheaper than competing
processes, due mainly to more efficient initial conversion
of coal to methane, Costs of further processing are fhus
much less than otﬁer processes, In addition, the Hygas
process has a higher fraction of pipeline gas in the total

product and is less sensitive to by-product costs.
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® The Westinghouse Hydrogen process is much more expensive, both
for capital and operating costs, and much less energy efficient.
This process is intended for the longer term when coal is in
short supply, and is not competitive in current

or mid-term markets.

In Figure 1-1, the costs of the various products are compared with
the current costs of oil and natural gas and the assumed cost of coal. All
costs in this chart represent the low cost basis defined in Section 2, and
are thus the most optimistic estimates, Three natural gas prices are given.
The lowest, $0.41/106 Btu, is the current price for Federal Power Commission
regulated gas., The other prices, $1.25 and $2.32, represent the range of
unregulated natural gas prices during 1975. These prices all represent
long-term contracts. Synthetic natural gas produced from naphtha is
used by several utilities, and has recently sold as high as $4.75/106 Btu

(Wall Street Journal, December 25, 1975).

All of the synthetic natural gas processes have an average product
cost which is competitive with the current range of unregulated prices.
However, these prices depend on cheap coal and a relatively low fixed charge
rate. If these conditions are not available, synthetic natural gas is

likely to be much less attractive.

Also, if cheap coal and a low fixed charge rate are available,

coal liquefaction is competitive with imported oil at $13.50 per barrel.
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1.4.5 Compazrison of Nuclear and Fossil Heating

The coal liquefaction plants were designed by United Engineers
using the same design bases. The two plants thus provide the most reliszble
comparison of nuclear and fossil process heating, TFigure 1-2 shows the
product costs of these two plants as a function of the price of coal and

the fixed charge rate.

Because the nuclear plant has a higher coal conversion efficiency,
it produces coal liquids more cheaply than the fossil-heated plant when
cozl is expensive. However, when coal is in the range of $0.50 to $1,00/10% Btu,

the products of the fossil-heated plant are cheaper.

There is not a significant difference in the energy efficiency
of nuclear-and fossil-heated process. The energy efificiencies of the coal
liquefaction processes, in which the same bases were used for design, are
identical, However, the nuclear-heated processes comvert a much higher
frazction of the feed carbon into useable productg, which is desirable when

hydrocarbons are in short supply.

The cost estimate of‘the VHTR plant includes an intermedizte helium
loop which places the reformers away from the nuclear system, If this inter-
mediate loop is not required by the regulatory authorities, the VHIR cost
would be reduced by $100 million, with a corresponding reduction of about

5 percent in the product cost.
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1.4.6 Plant Size

All plants in this report were sized either to use all heat from
a 3000 MWt VHTR or to produce the same quantity of primary product as the
VHTR plant, All of the fossil-heated plants consist of 8 to 15 parallel
trains of standard equipment modules. For the cost estimate, United Engineers

assumed no economy of scale when multiple trains are used.

The product costs of fossil-heated plants are thus applicable
to much smaller plants, whereas the nuclear-heated product costs can be
expected to be higher for a 2000 MWt or 1000 MWt plant. The VHTR is based
on HTGR technology, so the effect of cutting the size by more than 1/3 is

unknown.

The coal liquefaction plant which is based on a 3000 MWt VHTR con-
sumes as much coal as the largest strip mine in the United States. Only
ten mines in this country are capable of supplying half or more of the
demand of a 3000 MWt VHTR (Coal Age, February 1976). The market for a mine
mouth piant of this size is therefore very limited. However, synthesis gas
and pipeline gas plants use smaller quantities of coal and would be somewhat

more widely applicable,

Because the VHTR consists of several coolant loops, it is suitable
for hybred process heat-electric generation operation, with some loops used
for process heat and steam generation and others for high-efficiency com-
bination of direct drive (Brayton Cycle) tuybines and a bottoming cycle,
This combination would produce synthetic fuels at the costs reported in this

report, but would use coal at a more suitable rate., This combined use of a
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VHTR plant seems economically more feasible than a single-product plant

and should be studied in more detail,

1.4.7 Methanol Production

Synthesis gas produced by the Koppers Totzek and GA/SE&W processes
can be used to produce methanol at costs which are cheaper than the current
methanol market value (50,40 per gallon) if moderate coal prices and fixed
charge rates can be obtained. The GA/S&W gas requires more processing and
produces a significant quantity of other products, while the Koppers-Totzek
gas can be converted to methanol without by-products. The values assigned
to the GA/S&W by-products determine the relative prices of the two processes.,
Table 1-4 shows the costs of producing methanol using synthesi; gas from

these processes.

The production of methanol appears to be the most attractive )

application of coal gasification under present economic conditioms,

1.4.8 TIron Ore Reduction

The costs of reducing iron ore using synthesis gas from the GA/S&W
and Koppers-Totzek processes are compared to standard ore reduction processes
in Table 1-5. The coal conversion processes are more expensive than the
direct reduction process, which is based on reforming natural gas. However,
this estimate is based on a natural gas price of $0,79/106 Btu. If natural
gas costs more than $1.40/106 Btu (less than the current unregilated price),

then ore reduction using gasified coal is economically attractive.

1.4.9 Hydrogen Production
The Westinghouse hydrogen production process, using VHIR nuclear
heat and water splitting, does not appear competitive with nearer term energy

sources based on coal, or on hydrogen from coal using a VHIR,
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TABLE 1-1

PROCESS APPLICATIONS STUDIED

Syn-Gas Syn-Gas
Pipeline Crude for for

Process Gas Liquids Ho Steel Methanol
General Atomic X X X X X
Stone & Webster
Lurgi X
Hygas X
Koppers-Totzek X X X
Coal Liquefaction/Fossil X
Coal Liquefaction/Nuclear X

Westinghouse X
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TABLE 1-2

COAT. CONVERSTON PRODUCTS AND EFFICIENCY

Process

GA/S&W Synthetic Pipeline
Gas

Lurgi Synthetic Pipeline
Ges

Hygas Synthetic Pipeline
Gas

CA/S&W Synthesis Gas

Koppers/Totzek
Synthesis Gas

GA/S&W Hydrogen

Koppers~-Totzek Hydrogen
Westinghouse Hydrogen

Cozl Liquefaction
Fossil Heat

Cozl Liquefaction
Nuclear Heat

Note: Data presented are not directly comparable,

Products

Pipeline Gas
Light Aromatic Liquid

Total

Pipeline Gas
Naptha

. Tax

Tar 0il
Total
Pipeline Gas
Heavy 0il
Benzene
Total

Synthesis Gas
Light Aromatic TLiquid

Total

Synthesis Gas

Hydrogen
Light Aromatic Liquid

Total
Hydrogen
Hydrogen

Heavy Naphtha
Mid-Distillate
Heavy 0il
Heavy Gas 0il
Total

Heavy Naphtha
Mid-Distillate
Heavy 0il
Heavy Gas 0il
Coker Gas

Total

See Section 1.4 for discussion.

Energy
Output

10° Btu/hr

%
Efficiency

24,5
5.0

15.48

15,56
2.76

18.32
16.97
4.8

13.92
12.42
10.30

1.83
38.47

16.88
12.42
i1.92
1.83
2.17

45,22

67

63

66

64

55

64

55
45

65

65
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TABLE 1-3

PROCESS COST COMPARISONS

JULY 1974 DOLLARS

ConSZiiion Primary Capital Cost Avergge Product Cost (2)
Process Product $ Million $/10° Btu of Product
GA/S&W Pipeline gas 1,594.0 1.87 - 4,12
Lurgi Pipeline gas 1,089.1 1.79 - 4.09
Hygas Pipeline gas 784.8 1.47 - 3.68
GA/S&W Syn-gas 1,363.9 2,22 - 4,63
Koppers-Totzek Syn-gas 1,073. 2.34 - 5,47
GA/S&W Hydrogen 1,466.4 2.33- 4.95
Koppers-Totzek Hydrogen 1,180. 2.34 - 5,45
Westinghouse Hydrogen 1,178. 5.17 - 8.80
Heated/Fossil  Liquids 1,241, 1.70 - 4,04 3
Heated/Nuclear Liquids 1,909. 1.80 - 4.06 @
NOTES :

(1) 1Includes all products shown in Table 1-2,

(2) For Low and High Cost Assumptions - See Section 2
Basis of Study.

(3) Equivalent to $10.,47 - 24.90/barrel
(4) Equivalent to $11,10 -~ 25.03/barrel

(5) Data presented are not directly comparable.
See Section 1.4 for discussion.
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TABLE 1-4

METHANQI, PRODUCTION COSTS

JULY 1974 DOLLARS

GA/S&W Koppers~-Totzek
Plant Capacity. 10° Btu/day
Methanol 195 293
Other Products 208 0
Total 403 293
Capital Cost, $ Million 1,537 1,296
Averzge Product Cost, 2.72 3.41
to to
$/10° Btu 5.47 7.47
Methanol Cost, $/Gallon (1) 0.24 0.22
to to
0.61 0.48
Commercial Cost, $/Gallon 0.40

Note: (1) Assuming $1.50/106 Btu for purge
gas and $0,30/gallon for light
aromatics,



TABLE 1-5

STEEL PRODUCTION ESTIMATED COSTS - SUMMARY

Plant Selling Price
Capacity Capital Cost('1 Operating Costs (2) for 5-Year
Case Process Tons/Year (1) $/Annual Ton ) $/Ton (1) Recovery - $/Ton
1 Coke QOvens 4,000,000 152.00 104.69 148.55
Blast Furnace
Basic Oxygen Furnace
2 Conventional Reformer 1,060,000 93.60 104.44  (5) 131,44 (5)
Direct Reduction
Electric-Arc Furnace
3 3000 MWt General Atomic- 14,100,000 96.0 111.17-132.14 3 143.60-164.57 (3
Stone & Webster VHTR
Synthesis Gas Feed
Direct Reduction
Electric-Arc Furnace
4 3000 MWt VHTR Equivalent 16,500,000 92.0 108.50-130.92 ) 139,58-162.00 (*)
Koppers-Totzek
Synthesis Gas Feed
Direct Reduction
Electric~Arc Furnace
Notes: (1) Net Tons of Liquid Steel.
(2) 1Includes Direct Operating Expense, Depreciation and Interest during Construction.
(3) Based on Range of $1.78-3.78/10% Btu for reducing gas.
(4) Based on Range of $1.57-3.75/106 Btu for reducing gas.

(5

Based on $0.79/106 Btu for natural gas.

91-T
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2. BASIS OF STUDY

2.1 Base Case ~ GA/S&W Synthetic Pipeline Gas Process

The GA/S&W Synthetic Pipeline Gas (SPG) process was made the basis for
all comparisons. All of the heat from a 3000 MWt VHTR, equivalent to 10.2
x 107 Btu/hr, was utilized in a coal comversion process to produce a high
Btu gas suitable for pipeline transmission and a minor amount of a liquid
fuel. No coal was consumed as fuel. When modifications were made to the
GA/S&W SPG base process for production of synthesis gas, hydrogen or crude
liquids, these modified processes also utilized the full 3000 MWt heat from
the VHIR. The amount of coal imput and the point of product withdrawal was

varied in accordance with chemical principles to obtain the various products.

2.2 Comparable Coal-fueled Coal Conversion Processes

Various other processes have been either commercialized or are under
development for the production of the several gaseous and liquid fuel prod-
ucts that could be produced from the GA/S&W process. For production of
pipeline gas, the Lurgi process is commercial and the Hygas process has pro-
gressed to the small demomstration plant stage. The Koppers-Totzek process
has been commercialized for the production of synthesis gas and hydrogen.
For production of crude liquids the H~Coal process has been operated on a
small pilot plant scale. These processes have been evaluated econcmically

for comparison to the GA/S&W processes and are described in Section 4.

2.3 Sources of Cost Data

Costs were obtained from data published in the open literature

by the manufacturers of the processes. Capital costs of plants

and/or sections of plants were updated to July, 1974, by use of the CE Plant

2-1
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Cost Index, published biweekly in the Economic Indicators section of Chemi=-
cal Engineering (CE) magazine by McGraw Hill, New York, N.Y. This date is
the base for the comparison of VHTR's and the associated process heat appli-
cations. Chemicals, catalysts and direct operating or maintenance labor
costs were adjusted to July 1974 by use of the following indexes published

in CE: industrial chemical wholesale prices, hourly earmings and productivity.

2.4 Cost Factors and Methods Used

The cost factors used are shown in Table 2-1. No by-product credits

were included; it was assumed that disposal of these would occur at no cost.

The capital and production cost estimates reported herein were all ad-
justed to the same basis, to the extent allowable with the published refer-

ence costs. No contigencies were added by United Engineers,

The VHTR capital cost was estimated by ORNL at $800 million and in-
cluded all direct, indirect and interest during construction charges. The
operating and maintenance costs for the VHTR were taken at $9 million per
year. Nuclear fuel costs include all expenses such as all materials,
uranium enrichment, fuel fabrication, fuel reprocessing, credits for materials

of value in spent fuel, and carrying charges in all parts of the fuel cycle.

Many of the basic cost references utilized in the preparation of this
report did not disclose the detailed composition of the capital and produc-
tion costs that were developed and published. Thus, contractor's overhead
and profit, engineering and construction management costs, contingency, etc.

were not disclosed.
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Capacities of the comparable coal-fueled coal conversion processes,
chosen from published sources, were adjusted to mzke the heating value in
Btu/hr of the products equal to the products from the GA/S&W versioms, even
though the chemical composition was different. Where another product,
methanol or steel, was to be made from the synthesis gas, an appropriately
sized plant was matched to the symnthesis gas plant to suit the feed quantity

and composition.

2.5 Scaling Factors

Scaling of capital costs of plants or sections of plants was made by
use of the ratio of eapacities or throughputs to the 1.0 power imstead of
frzctional powers that are normally used for single train plants. This was
based on the assumption that the new capécity would be obtained by adding
or deleting one or more of the multiple txains which made up the reference

plant.

2.6 Types of Coal Used

The coals used in the various studies vafied in composition, depending
on the source. The effect of these differences, however, was minimized by
comparing costs on a Btu basis for both coal fuels and products. The coals
used in the Lurgi and Hygas plant studies were low sulfur as compared to the
GA/S&W, Koppers-Totzek and H-Coal plants; however, no cost adjustments were
made, even though this pemalized the high sulfur coal plant costs somewhat
due to the higher Hy consumption required for sulfur hydrogenation and the

larger sulfur recovery plant requirement.



2.7 Efficiency

The usually quoted coal conversion efficiency is the ratio between
the energy in the useful products and the energy contained in the coal which
is actually converted to product. The energy used by the process, in the
form of steam and electricity, is not used in the calculation. The quantity
of outside energy may significantly reduce the real efficiency of the proc-
ess, so comparison of process efficiencies calculated in this manner can be

misleading if the processes are not similar.

Some of the processes in this report utilized significant sources of
energy other than from the coal feed. As a result, United Engineers has
defined the efficiencies in this report as the ratio between the energy
available in the useful products and the sum of the off-site energy utilized
by the process and the energy in the raw materials (which equals the total
energy input to the process). Where electricity is used, a generation effi-
ciency of 377 was assumed. This efficiency is typical of modern coal-fired

or nuclear gas-cooled power plants.

2.8 Product Pressure

Adjustments were made to all processes with gaseous products to

produce gases at 1000 psia.




Coal

Nuclear Fuel
Steam
Raw Watex
Electric Power
Fixed Charge Rate
Nuclear Reactor Cost
Capital
Operating
Interest During Construction

Standard Operating Year

Chemical Plant Lifetime

TABLE 2-1

COST ESTIMATE BASES

July 1974 Dollars

Low Estimate High Estimate
0.50 1.75
(12) (42)
0.25 0.60
1.00
0.30
0.012
15 25

4 800 million
$ 9 million/year

8%/vyear

330 days

20 years

Unit

$/Million BTU
(8/Ton at 12,000 Btu/lb.)

$/Million BTU

$/M 1lbs @ 600 psi
$/1000 gallons
$/Kwh

%/year

-2
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3. NUCLEAR -HEATED COAT. GASTFICATION PROCESSES

3.1 GA/S&W Pipeline Gas Plant

The basic conceptual design and cost estimates for this process
were obtained from References 3,1-1, 3,1-3 and 3.1-5, which should be con-
sulted for additional detailed information, A simplified block diagram
for the process, Figure 3.,1-1, shows the major process sections and their
sequence together with the amounts of raw materials, fuel products and by-
products, A light aromatics liquid fuel is obtained, in addition to the °
synthetic pipeline gas fuel, The efficiency, obtained from the
ratio of heat availzble in the fuel products to the heat available in the
coal plus that obtained from the nuclear reactor (VHTR), is 67 percent for the

heating values shown in the diagram.

3.1.1 Description of Process

An Oklzhoma coal as received from the mine is stored, reclaimed,
pulverized, and partially dried, using some of the by~product waste €Oy, in
the coal preparation section. The pulverized coal is slurried with hot
recycle solvent and reacted with recycle Hy in the coal solution sectiom.
The depolymerized coal in solution is then sent to a solution hydrocracking
area. Here, a portion of the solvent is separated and returned to siurry
preparation, The remaining liquid is reacted with Hy at high temperature
and pressure in the presence of a catalyst to form mainly distillable
liquids. The low and intermediate boiling distillates are sent to the
hydrogasification section, recycle solvent is returned to slurry prepara-
tion, and the heavy distillates and unconverted carbon and ash are sent to

a fluid bed coker.
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The fluid bed coker concentrates the unconverted carbon and
ash into a refuse stream., Heat supplied by combustion of some of the
carbon with air cracks the heavy distillates into solvent for recycle and/or
distillate for processing in the hydrogasification section. The flue gas
containing S0, is reacted with H,S from a following section in a sulfur

recovery plant.

In the hydrogasification section the distillates are reacted with
all but a small fraction of the hydrogen in the feed to produce mostly gas-
eous hydrocarbons, The reaction products are purified by removal of H,0,

NH3, CO, and HyS and separated into a light aromatics liquid fuel stream
and a synthetic pipeline gas stream. Approximately 50 percent of this broduct
gas is sent to the reforming section for production of Ho for recycle and the

remainder withdrawn as pipeline gas product at approximately 1000 psi and

100°F.

The crude methane stream from hydrogasification is catalytically
reformed with steam at 1400°F and 300 psig (Reference 3.1-2)., Heat for
the reformer is supplied by heat exchange from helium in an intermediate loop,
so that the refdrmer can be located outside of the contaimment (Reference
3.1-3). The steam for reforming is generated from makeup water in a boiler
heated by steam in a closed loop. The condensate produced passes to a
steam generator located in the reactor core where heat is provided from helium
in a primary loop. Steam from the generator passes to a power turbine to

produce process power before exhausting to the water boiler.



3-3

The hydrogen production section tzkes reformed effluent through
a shift converter where the bulk of the CO is converted to H, and GO, by
reaction with residual steam., This product passes to a C0y removal system
where most of the remaining water is condensed out and recycled to the
reformer section. The hydrogen leaving is approximately 88 male percent

purity and is compressed for recycle to the coal solubilizing sections.

3.1.2 Features and Limitations

Like all coal solubilizing processes, any grades of coal may be
employed. No coal is consumed as fuel in the process, allowing an 877 con-
version of coal to fuel products. However, this is advantageous only when
coal heat becomes relatively more expensive and scarcer than nuclear fuel,
The fuels produced are clean (low sulfur and ash content) and would meet
all pollution requirements of EPA, By-products disposal present no un-
usual envirommental problems, the requirements being similar to or less

severe than those encountered in other coal conversion processes.

The GA/S&W pipeline gas process appears quite similar to the modi-
fied H-Coal liquefaction process which is described in Section 5 of this
report. However, an additional hydrogasification step is included in the
GA/S&W process to convert the majority of the crude liquids from the cozl
to paraffinic gases, This process is employed to some extent in petroleum
processing, but has not been demonstrated on coal 1liquids, The lack of
bench scale or pilot plant data for the entire GA/S& process would present
obstacles to its early commercialization, even where the economics appear

promising.
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3.1.3 Economic Evaluation
The capital cost estimate for the process is given in Table 3.1-1.
The production cost estimate is listed in Table 3.1-2 and presented graph-

ically in Figure 3.1-2,

The accuracy of the capital estimate for the process and offsite
sections of the plant might be questioned since it was prepared from a
preliminary or conceptual desigq only. However, it does not appear to be
excessively out-of-line with the other plant costs studied in this report,
With respect to utilities (very small consumption in the process), catalysts
and chemicals and operating labor, significant errors in the estimate would

not seriously affect the total production cost,

3.1.4 Major Pollution Outputs
About 20 percent of the coal remains as refuse (unconverted carbon and
ash) and will be returned to the coal mining area for disposal. The ash

residue will retain approximately 20 percent of the coal sulfur,

The majority of the sulfur in the coal is converted to H,S. This,
plus S0y in the coker flue gas, is reacted and recovered as sulfur in Claus
and Stretford units. All effluent streams from the process will meet the

sulfur limitations of the EPA,.

Water generated by the process will contain NHj, HZS and some
phenols, The foul water will be stripped of NH4 and H,S, the former being
concentrated for sale and the latter being routed to the Claus unit for
conversion to sulfur. The phenolic water will be treated bacteriologically

to reduce the phenols to acceptable levels before adding it as makeup to

the cooling towers.




3,1~1 Finzl Report Application Study of a Nuclear Coal Solution Gasifica-
tion Process for Oklshoma Coal, Volumes 1 and 2, May 1972, Generzl
Atomic Company/Stone & Webster., (GA-A12068)

3.1-2 High~-Temperature Nuclear Heat Source Study, September 27, 1974,
General Atomic Company,

3.1-3 A Cost Compzrison of Very Hich Temperature Nuclear Reactors fox
Process Heat Applications, March, 1975, United Engineers (UE&C-
AEC-750311).

3.1-4 Personzl Communication, J. Jones, Jr., Holified National Laboratory,
June 17, 1975.

3.1-5 Studies of the Use of High Temperature Nuclear Heat from an HETGR
for Ho Production, General Atomic Report 'GA-A13391, September 30,
1975,
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TABLE 3,1-1

GA/S&J SYNTHETIC PIPELINE GAS PROCESS

CAPITAL COST ESTIMATE
JULY, 1974 DOLLARS

Section

Coal Preparation

Coal Solution
Solution Hydrocracking
Fluid Bed Coking
Hydrogasification
Reforming

Hydrogen z{oduction
Offsites (%)

Subtotal

Interest During Construction
(8% for 4 years)

Total

VHTR System (Including Interest during
Construction at 8% for 8
years)(l)

Total

Notes:

(1) From Reference 3.1-4

Capital Cost
million

800.0

1,594.,0

(2) Includes $1.4 million credit for compressors
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TABLE 3,1-2

GA/S&T SYNTEETIC PIPELINE GAS PROCESS
PRODUCTION COST

3- 1-2

JULY, 1974 DOLLARS

Coal
Nuclear Fuel

Utilities, Catalysts
and Chemicals

Direct Operating Cost, Process Plant

Direct Operating Cost, VHTR

Fixed Charges

Total Production Cost

Basis:
Plant Capacity

Gas
Liquid
Total

588 x 10
120 x 10
708 x 10

9

9
9

ESTIMATE

Product Cost

$/106Btu
«58 to 2,02
.09 to .21
.05
.09
.04
1'02 to 1.71
1,87 to &4.12
Btu/day
Btu/day

Btu/day
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Process
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3.2 GA/S&W Synthesis Gas Plant

3.2,1 Description of Process

A synthesis gas can be produced by changing the basic GA/S&W

pipeline gas process described in Section 3.1 as follows:

1. Reduce the coal feed and hydrogen recycle by about 50 percent,

2. Send all of the product gas from the hydrogasification

section to reforming.

3. Send approximately 50 percent of the crude synthesis gas from the
reformer through shift conversion and COy removal for compression to

recycle,

4. The remaining crude synthesis gas can be withdrawn as pro-
duct after condensing out most of the water vapor, or it can be sent to
a CO2 removal unit and then withdrawn as product, again after water con-
densation, A synthesis gas better suited for methanol production can
be produced by adding approximately 33 percent of the CO2 removed from the re-
cycle hydrogen to the synthesis gas from the reformer. This latter method is

the production method shown on the block diagram, Figure 3,2-1,

3.2.2 Features and Limitations

Approximately 50 percent of the base case light aromatics liquid fuel

is also produced by the modified process. The fuel efficiency for this

process is 64 percent.

The product synthesis gas would be available for export




at approximately 1000 psi and 1000F,
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. gases that can be produced are shown below.

CH,

C
€Oy
Hs0

From Reformer

Mole %

With
C02 Removed

10.95
80.7

8.05
2
.1

The composition of the synthesis

With

CO, Added

6

9.0
6.5
6.6
17.8

1
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TABLE 3,2-1

GA/S&W SYNTHESIS GAS PROCESS
CAPITAL COST ESTIMATE
JULY, 1974 DOLLARS

Capital Cost

Section $ Million
Coal Preparation 10.9
Coal Solution 39.4
Solution Hydrocracking 40,8
Fluid Bed Coking 14,6
Hydrogasification 85.3
Reforming 108.5
Synthesis Gas & Hydrogen Production 102.3
Product Compression 8.3
Offsites 73.4
Subtotal : 483.5
Interest During Construction
(8% for 4 years) 80.4
Total 563.9
VHIR System _800.0

Total 1,363.9
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TABLE 3.2-2
CGA/S&W SYNTHESIS GAS PROCESS

PRODUCTION COST ESTIMATE
JULY, 1974 DOLLARS

Product Cost

$/100Btu
| Coal .50 to 1,77
Nuclear Fuel . A4 to L34
| Utilities, Catalysts
| and Chemicals .04
Direct Operating Cost, Process Plant .07
Direct Operating Cost, VHIR _ .06
‘ Fixed Charges 1.41 to 2,35
Total Production Cost 2,22 to 4,63

Basis:
Plant Capacity
Gas 373 x 10° Btu/day

Liquid 66 x 10% Btu/day
Total 439 x 10° Btu/day




COAL
17,780 1pd

18.47 X 10° Buu/hr

Fig. 3.2-1.
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3.3 GA/S&W Hydrogen Plant

3.3.1 Description of Process
General Atomic has revised the process described in Section 3.1
to produce hydrogen gas. This hydrogen production process, and other
potential hydrogen processes, is described in detail in Reference 3.3-1.
The major differences between this plant and the pipeline gas plant
described in Section 3.1 are:
e The coal feed is reduced by about 45 percent,
e All of the gas from the hydrogasification section is
reformed and converted to crude hydrogen.
e Approximately 50 percent of the crude hydrogen is re-
cycled to the coal solution stage.
® The remaining crude hydrogen is methanated to 87.9 mol %
hydrogen and 11.9 mol % methane.

® The process energy efficiency is reduced to 62 percent.

The block diagram for the GA/S&W hydrogen process is shown

in Figure 3.3-1.

3.3.2 Features and Limitations

This purity and composition of hydrogen is probably satisfactory
for use as is in ammonia synthesis and various petroleum hydrogen treatment
processes such as hydrodealkylation. The capital cost for the modified
plant is shown in Table 3.3-1, and the production costs are presented in

Table 3.3-2 and Figure 3.3-2.
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Higher purity hydrogen, in the range of 97 to 99+percent, should
be readily attainable by passing the crude gas through a pressure swing
adsorption (molecular sieve) unit. The separated methane could be credited

as pipeline gas or recycled to the reformer. The additional purifi-

cation cost would be in the range of 2 to 8 cents/lO6 Btu.

3.3.3 Economic Evaluation
The capital cost for the plant modified to produce higher purity
hydrogen is $1,466.4 millions and is itemized in Table 3.3-1, The pro-

duction costs are presented in Table 3.3-2 and Figure 3.3-2.

3.3.4 Major Pollution Outputs
The impacting pollutants will have approximately the same ratio

to coal input as that described in 3.1.4 for the base case,

3.3.5 Reference

3.3-1 Studies of the Use of High Temperature Nuclear Heat from an HIGR
for Hydrogen Production, General Atomic Report GA-A-13391,

September 1975.
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TABLE 3,3-1

GA/S&W HYDROGEN PRODUCTION PROCESS
CAPITAL COST ESTIMATE

JULY, 1974

Capital Cost

Section -3 Million
Coal Preparation 10.9
Coal Solution 39.4
Solution Hydrocracking 40.8
Fluid Bed Coking 14.6
Hydrogasification 85.3
Reforming 108.5
Hydrogen Production 187.4
Product Compression 11.0
Offsites 73.4
Subtotal 571.3

Interest During Construction

(8% for 4 Years) 95.1
Total 666.4
VHTR System 800.0

Total 1,466.4
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TABLE 303-2

GA/S&W HYDROGEN PRODUCTION PROCESS
PRODUCTION COST ESTIMATE

JULY, 1974
Product Cost
$/10° Btu
Coal .51 to 1.78
Nuclear Fuel .15 to .37
Utilities, Catalysts .04
and Chemicals
Direct Operating Cost, Process Plant .08
Direct Operating Cost, VHTR .07
Fixed Charges : 1,63 to 2.72
Total Production Cost 2,48 5.06
Basis:
Plant Capacity
Gas 343 x 102 Btu/day
Liquid 60 x 107 Btu/day

Total 403 x 10° Btu/day
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202 X 10 Bu/hr 2 e

LIGHT AROMATICS
1083 tpd (10,300 bpd)
25X 10° Btu/hr

Fig. 3.3-1. Plant Block Diagram — GA/S&W Hydrogen Production
Process
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4, COAL-FUELED COAL. CONVERSION PROCESSES

Other processes have been commercialized or are under develop-
ment for the production of the several gaseous and liquid fuel products,
These are the Lurgi and Hygas synthetic pipeline gas processes and the
Koppers-Totzek synthesis gas and hydrogen processes. These processes are

described and evaluated economically in the following subsections,

4,1 ZLurgi Synthetic Pipeline Gas Plant

4,1,1 Description of the Process

Figure 4.1-1 is a block diagram of the Lurgi Pipeline Gas Plant.

The Lurgi process utilizes a fixed bed gasifier operating at 350
to 450 psi and 1150 to 14009F. Steam and oxygen are supplied to the bottom
of the gasifier while sized coal enters from above by lock hoppers., The
counter-current flow of coal and hot gases allows for efficient use of the
heat released by the oxidation of coal at the base of the gasifier. This
results in a smaller amount of oxygen requiredAto heat the incoming coal,

and thus a higher Btu raw gas product.

The raw gas typically has the following approximate analysis

(Reference 4&,1-1).

Component Mole Percent
COy 28
Cco 20
Hy 39
CH,, 11
Othexs 2

4-1
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A portion of the raw gas is sent to crude gas shift conversion,
where the Hy/CO ratio is adjusted. This stream is then mixed with the
non-shifted raw gas stream, The final Hy/CO ratio is approximately 3.6,

optimal for the methanation step.

Before the crude gases are fed to the low temperature purifica-
tion process, they are cooled in waste heat boilers which generate steam
at 60 psig. Further cooling is attained by the generation of low pressure

steam, air coolers and finally cooling water.

The Lurgi Rectisol process, which utilizes low temperature
methanol as an acid gas absorbent, is used for gas purification. In this
step, most of the H,S and CO, are removed. The purified gas stream (64 per-
cent H2 and 17 percent CO) is then passed through a methanation step where

the final product is formed.

The temperature of the highly exothermic methanation reaction is
controlled with a recycle stream which sets the concentration of reactants,
Water is removed from product gases by compression and a conventional glycol
system. The final product gas has a higher heating value of 954 Btu/Scf (dry),

and is available at 1500 psi.

4.1.2 Features and Limitations
The overall energy efficiency of the Lurgi process is approximately
68 percent. Most of the non-recoverable heat is in the form of the coal

burned to sustain the gasification step and for production of low Btu fuel

for process power and steam generation,
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One major disadvantage éf the Lurgi gasifier is that without
pretreatment, it can only process non-caking, or very weakly caking cozls
(Reference 4,1-2), This would eliminate its use with virtually all of the
U.S. coals east of the Mississippi River (Reference 4.1-3). Another dis-
advantage is that the cozl fines must be removed or briquetted before the
feed coal enters the gasifier, which alsc adds to coal handling costs.
Finally the fixed-bed gasifiers, as currently designed, are limited in
capacity., For a large operztion, many gasifiers would be required which

would add significantly to piping complexity and cost.

4,1,3 Economic Evaluation

The capital costs for the Lurgi Process are presented in
Table 4.1-1, which shows the investment required for process units, ukil-
ities, and off-site facilities. The total fixed investment, including
Interest during construction, is $1089 million for a Lurgi pipeline gas plant

producing 29.5 x 109 Btu/hr of fuel products,

Production costs are presented in Table 4,1-2 and Figure 4.1-2 as
a function of both coal price and fixed charge rate. The minimum production
cost is estimated to be $1.79/106 Btu,corresponding to a coal price of
$O.50/106 Btu and fixed charge rate of 15 percent., The highest foreseeable pro-
duction cost is $4.09/106 Bty which corresponds to a coal price of $1.75/106

Btu and a fixed charge rate of 25 percent.

4.,1.4 Major Pollution Outputs
The major pollution outputs from the Lurgi pipeline gas process will be:
1) Vent gas from the sulfur plant - Trace amounts of COS, CSZ’

and HoS will be present in the vent gases fram the sulfur
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recovery plant. However, these various gases are expected
to comprise less than 100 ppm of the total vent stream; the
major components will be CO, (82.5 Percent), N2 (10.4 Percent)

and H,0 (4.4 Percent),

2) Gas from the sulfur incinerator - This stream will be com-
posed of mostly Ny (45.0 Percent), COy (42.0 Percent) and
HyO (11.0 Percent). Approximately 300 ppm of SO2 will be

included in the total gas flow from the incinerator.

3) Gas fired boilers - Flue gases from combustion will contain
less than 0.16 1b SOp, 0.20 1b NOy, and 0.03 1b particulates/

10% Btu fired. 1

6

4) Wet ash solids - Approximately 1.22 x 10~ 1b/hr of wet ash

will require off-site disposal.

4.1.5 References

4,1-1 Second Supplement to Application of El Paso Natural Gas Co. for a
Certificate of Public Convenience and Necessity, prepared by
Stearns-Roger, Inc., FPC Pocket No. CP73-131, October 8, 1973,

4.1-2 Bodle, W. W. and K. C. Vyas, Clean Fuels from Coal, The 0il and
Gas Journal, August 26, 1974,

4.1-3 Perry, Harry, Coal Conversion Technology, Chemical Engineering,

July 22, 1974.
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TABLE 4.1-1
LURGI PIPELINE GAS PROCESS

CAPTITAL COST ESTIATE
JULY, 1974 DOLLARS

Capital Cost

$ Million
Process Unitg
Gas Production 159.7
Crude Gas Shift 19.0
Gas Cooling, Purification & Refrigeration 120,7
Methane Synthesis, Compression and Dehydration 60.0
Gas Liquor Separation and Stripping 28,9
Lock Gas Storage & Compression 4,8
Sulfur Recovery 20.0
Phenol Extraction 17.3
Total Process Units £30.%
Utilities
Fuel Gas Production, Cooling & Treating 67,4
Air Compression, Oy Production & Compression 123.3
Steam and Power Generation 75.6
Totel Utilities " 266,3
Offsites
Water Treating, Cooling Water System and 45,1
Miscellaneous Plant Utility Systems
Ash and Rew Water Systems 50.9
General Facilities 85.4
Catalyst and Chemicals 2.9 -
Coal Storage, Blending & Screening, Ash Handling 45,7
Total Offsites 237.0
Total Capital Investment 933.7
Interest During Comstruction (87 for & years) ] 155.4

Total Fixed Investment 1,089.1
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TABLE 4,1-2

LURGI PIPELINE GAS PROCESS
PRODUCTION COST ESTIMATE
JULY, 1974 DOLLARS

Fuel and Raw Materials
Operation and Maintenance

Fixed Charges

Total Production Cost

Basis:
Plant Capacity
Gas
Liquid

Total

Produgt Cost
$/106 Btu Product

0.74 to 2.57
0.35
0.70 to 1l.17

1.79 to 4.09

585 x 10° Btu/day

124 x 107 Btu/day

709 x 109 Btu/day
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COAL PRODUCTION *| CONVERSION > > SYNTHESIS [
JCoAL ‘ PURIFICATION 13,000 tpd
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NAPHTHA
508 tpd
| y 3,786 bpd
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Fig. 4.1~1. Plant Block Diagram - Lﬁrgi Pipeline Gas Process
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Fig. 4.1-2. Production Costs — Lurgi Pipeline Gas Process




4.2 Hygas Pipeline Gas Plant

4,2,1 Description of the Process

This process, developed by the Imstitute of Gas Technology (IGT) of

Chicago, Illinois under the joint sponsorship of ERDA (formerly Office of
Coal Research) and the American Gas Association, is represemtative of the
more advanced technologies being developed by several organizations for
the conversion of coal into pipelinme gas having a higher heating value of
approximately 1000 Btu/scf, It is tailored to handle all types of coal,
both caking and non-caking. The gasifier operates at high pressure,

1000 - 1500 psi, and has a significantly higher throughput than a com-
parable Lurgi unit. Alsco the proportion of methane formed in the gasifier
is much higher than in the Lurgi system, resulting in substantially smallex
CO shift conversion and methanation units foxr the Hygas process. There-
fore, the expectation is that the capital énd operating costs for the Hygas
and other advanced coal gasification processes will be significantly lower
than those of the presently established commercial processes, represented
primarily by Lurgi. Economic analyses (References 4,2-1 to 4,2-7) in
general confirm this expectationvand thus provide the justification for

the extensive development effort now under way inm this area.

The chemical reactions forming the basis of the Hygas process
are similar to those occurring in other coal gasification schemes. Basi-
cally the Hygas process utilizes the reaction of hydrogen with coal to
achieve as high as possible direct conversion of carbon to methane. The
heat generated by this exothermic hydrogasification reaction has to be
moderated, otherwise it would cause the temperature to rise uncontrollably
and result in a reduction of the methane yield. To use this heat effec-

tively and at the same time to control the reaction temperature, IGT adds
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steam to the hydrogen, thus causing exothermic hydrogenation and endothermic
steam reformation to occur simultaneously. A plus for this arrangement is
that the steam generates additional hydrogen needed by the process. On the
negative side the carbon monoxide so formed has to be methanated at a later

point in the process,

The hydrogen for the hydrogasification is provided by reacting
char generated in the gasifier with steam and oxygen (to generate the required
heat of reaction) in a separate gasifier. The char used in this reaction
consists of less reactive coal carbon that could only with great difficulty
be consumed in the hydrogasification step. Thus, with most coals a good

balance is achieved between direct methane formation and hydrogen generation.

Overall, the Hygas process is almost thermally balanced. As a
practical matter, however, significant amounts of energy are rejected to

cooling water at low temperature and are therefore unrecoverable, The

separation of oxygen from air and its compression to system working pressures
requires considerable energy input. Therefore, the Hygas process requires
substantial additional energy inputs, Only about 40 percent of the carbon
ends up as fuel and thus most of the carbon acts as a reducing agent

for the removal of hydrogen from water. This carbon ends up as carbon

dioxide,

A block diagram of the Hygas plant is shown in Figure 4.2-1., This
diagram and the plant description that follows are based on a number of
published reports and articles (References 4.2-2, 4.2-3, 4,2-7 through 4,2-11
which at best disclose only minimum details of the Hygas system, The

process itself is currently being evaluated in a 75 ton/day pilot'plant
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at Chicago and the Institute of Gas Technology has taken the position that
it will not release detailed information to others at this time. There-
fore, the description in this report necessarily veflects this lack of
avallability of detailed process information. The plant has been sized so

that the fuel output is the same as that of GA/SW process, namely 29.5 x 10°

Btu/hr.

4,2,1.1 Coal Preparation and Pretreatment

Coal is ground to minus 8 mesh size and is fed to a pretreater
if the coal is of the caking variety. The pretreatment consists of a mild
surface oxidation consuming about 10 percent of the fuel value and produces

a free flowing feedstock.

4,2.,1.2 Slurry Preparation
Pulverized coal is mixed with an aromatic o0il, a product of the
gasification process, to form a heavy slurry (up to 45 percent solids) that

is pumped to the hydrogasification reactor.

4.2.1.3 Slurry Vaporizer

The coal-oil slurxry is sprayed ontc a fluidized bed in the top
of the hydrogasification reactor operating at 1000 - 1500 psi and a tempera-
ture of 600°F. The hot gases from the lower stages of the process flash
the oil and dry the incoming pulverized cozl, which is then piped down to
the low temperature (first stage) hydrogasification reactor section. The

vaporized oil is recovered in the quench unit for recycle to the process.

4,2.1.4 Low-Temperature Reactox
Dried coal from the slurry vaporizer enters an upward moving

stream of hot gas where it is rapidly heated to 1200~1400°%.
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It flows co-currently with the gas stream, the residence time, a matter of
a few seconds, being adjusted so that about 20 percent of the coal is
converted to methane. In a disengaging section the partially reacted coal
drops through a connecting pipe to the high temperature (second stage)

hydrogasification reactor section.

4.2.1.5 High-Temperature Reactor

The char from the low temperature reactor enters a fluidized bed
operating at 1600-1800°F. The fluidizing gas, which is composed mainly of
steam and hydrogen,converts an additional 25 percent of the coal carbon
to synthesis gas and methane. The char at this point is considerably less
reactive than in the low temperature stage so that the residence time is
necessarily a matter of minutes. The hydrogasified char drops from the

bettom of the fluidized bed into the steam-oxygen gasifier.

4.2,1,6 Steam-Oxygen Gasifier

The char from the high temperature gasification reactor section
is contacted in a fluidized bed with steam and oxygen at 1800-1900°F to
generate a hydrogen-rich gas. It is this hot gas that enters the high
temperature gasifier and reacts with the coal char in the various stages
of the gasification unit. A high ash char is discharged from the steam-
oxygen gasifier via a water slurry. This char containing about 25 percent
carbon has a heating value of about 4300 Btu/lb and might possibly be used

as a utility fuel. In the present plant layout it is sent to ash disposal.

4,2.1,7 Oxygen Plant

Standard air separation plants are employed.
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4,2,1.8 Quench

The gas leaving the top of the hydrogasification reactor passes
through a quench system which removes fines, water-soluble trace compoments
such as ammonia, and condenses product and slurry oil and excess steam, A
portion of the oil is returned to the slurry prepération unit and the re-
mainder is sent to the product oil recovery unit. The quench water is

treated to remove pollutants and recover the dissolved ammonia,

4,2,1,9 Product 0il Recovery
The product oil stream is rectified into a benzene and heavy o0il

fraction.

4,2,1,10 Purification I

The gas leaving the quench unit is contacted with hot carbonate
to remove carbon dioxide and hydrogen sulfide, The hot carbonate is regen-
erated by heating in az separate unit giving off a HZS vich stream and a
CO2 rich stream. The CO, is vented after removal of HyS by either incin-
eration to SO2 followed by scrubbing in a Wellmsn - Lord unit or by direct
conversion to sulfur in a Stretford unit, The HyS rich stream is sent to

a Claus sulfur recovery unit,

4,2,1.11 CO Shift Converter
IGT has not investigated this part of the process but presumzably
will use the water-gas shift reaction to adjust the hydrogen to carbon

monoxide ratio to slightly greater than 3 to 1.
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4,2,1,12 Purification II

Again carbon dioxide and residual hydrogen sulfide are scrubbed
from the shift converter gas by treatment with hot carbonate. Since almost
total removal of sulfur compounds is required in order not to poison the
methanation catalyst, the gas is further treated with zinc oxide and acti-

vated carbon,

4.2.1.13 Methanation and Dehydration

The purified gas passes through two fixed bed reactors #n which
the carbon monoxide and hydrogen are reacted over a nickel catalyst to form
methane and steam. The initial temperature is about 550°F and rises to about
8500-900°F during the course of this highly exothermic reaction. Cooled
product gas is partially recycle to control the reaction temperature,
Additional cooling condenses steam from the product stream and the result-

ing dried gas is of pipeline quality ready for shipment.

4.2,1.14 Other Plant Auxiliaries

Supporting plant auxiliaries include a process steam generation
plant equipped with particulate emission control and a Wellman-Lord §0,
scrubbing unit, a Claus plant for the conversion of HZS to sulfur, a
Stretford unit for removal of residual sulfur pollutants, an ash disposal
unit, coal storage and handling facilities, and miscellaneous ether equip-
ment such as for the treatment and handling of feedwater, cooling water, waste

water and the distribution of electric power.
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4.2,2 Features and Limitations
The energy recovery for the Hygas steam-oxygen process is shown

in the following tabulation (Reference 6.2-2).

6 Percent
Input 16~ Btu/hxr Input
Coal to gasifier 36,657 82,5
(2081.3 toms/hr x 2,000 x 8,806,.2 Btu/1b)
Coal to utility 7,750 17.5
(440,0 toms/hr x 2,000 x 8,806.2 Btu/1b)
44 4L07 100.0
MM Percent
Qutput Btu/hr Input
Gas (657.9 MMscfd x 966.5 Btu/scf x 1/24) 26,494 59.7
Benzene (35,500 ib/hr x 18,126.4 Btu/1b) 643.5 1.4
Heavy 0il (146,250 i1b/hr x 16,096 Btu/1b) 2,354 5.3
Useful Fuel Output® 29,491.5 66.%

* By-produces include ammonia (190.7 TPD), sulfur (173.4) TPD and
char ash (6800 TPD) which nominally add 2,610 MM Btu/hr or 5.9 percent
to the plant fuel output. Over 90 percent of this energy comes. £from
the char,

The feedstock in this case is a Montana sub-bituminous coal which is believed

to have the following characteristics:

Moisture 25.5 percent (wt)
Volatile Matter 28 percent (wt)
Fixed Carbon 38 percent  (wt)
Ash 8.5 percent (wt)
Sulfur 0.75 percent (Wt)
Btu/1b 8806

Ash Softening Temp, °F 2250
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In pilot plant experience to date, which includes a 27 day con-
tinuous run and operation where no external heat has had to be added, some
difficulties have been encountered with recovery of the slurry recycle oil.

It is important to the process that the recovery rate be nearly 100 percent,

The Montana sub-bituminous coal feedstock used in the present
study does not require pretreatment., Eastern and mid-western coals would
require this treatment, adding significantly to both capital and operating

costs,

4,2.3 Economic Evaluation

Capital costs for the Hygas Steam - Oxygen Process are reported
in Table 4.2-1 for a plant equivalent in fuel output to that of the GA/SW
plant, These amount to $784.8 million, exclusive of working capital and
start-up expenses, The basis for this estimate is information recently
published in Reference 4.2-2. Some comments are in order on several items

contained in the cost estimate:

(1) The estimate contains no contingency factor. For an untried
process of this type inclusion of a 15 percent contingency

factor is usually recommended,

(2) The cost of the hydrogasifiers represents an area of consid-
erable uncertainty. For example, C, F, Braun has calculated
that three reactors, 22 feet in diameter and 250 feet tall
would be required for a 250 billion Btu/day plant (Reference

4,2-12)., Reactor weight would be 3000 - 4000 toms each.
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Construction and installation costs for such huge, first of

a kind vessels are difficult to estimate accurately.

(3) Based on UE&C's experience with 80, scrubbers the cost of
Wellman-Lord unit has been checked out and found to be
fairly accurate, It is fair to point out, however, that if
other than a low sulfur (0.75 percent) Montana sub-bituminous
coal is used as feedstock, then the cost of the Wellman-Tord

unit could easily escalate by a factor of four or five or more.

Operating costs are detailed in Table 4.2-2, The effect of coal
cost in the range $0.50 - 1.75/106 Btu on the producf cost has been calcu-
lated. Similarly the effect of capital fixed charge costs at 15 percent and
25 percent is also shown. A graphical representation of the effect of these
two parzmeters is shown in Figure 4.2-2, The fuel (pipeline gas and liquid
hydrocarbon products together) cost is seen to vary between $1.47 and $3,68/10°
Btu on this basis. These figures agree reasonably well with those published
by IGT (Reference 4.2-2), since both were calculated from essentially the

same data base.

4,2,4 Major Pollution Outputs
The major products of concern from the envirommental viewpoint

and their expected amounts are listed below:

Elemental Sulfur 173.4 TPD
Sulfur Dioxide ' 167.3 TPD

Ammonia © 190.7 TPD
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Hydrogen Cyanide 0 -5 TPD

Phenols 25 - 170 TPD

0il and Tars Trace to 1000 TPD
Mercury Less than 4 1b/day
Ash 7700 TPD

In the proposed plant operation, the sulfur dioxide will be scrubbed
to the point where the 50, emissions will comply with federal standards
(1.2 1b/10% Btu). Elemental sulfur will be either sold or stockpiled and
should not constitute a major pollution hazard in either case. Note, how-
ever, that if a high sulfur mid-western or eastern coal were to be used that
the sulfur dioxide scrubbing and elemental sulfur disposal would be mbre

expensive,

One of the principal waste streams will be the foul water from the
quench system. This will contain ammonia, hydrogen cyanide, phenols, as well
as small amounts of dissolved benzene, oils, and hydrogen sulfide. Little has
been published on how these pollutants will be handled in the Hygas process,
but the following procedures are believed to be applicable. The phenols,
benzene and oiis can be recovered by liquid extraction and either sold, used
as fuel, or recycled to the gasifier. The ammonia and hydrogen sulfide can
be stripped from the water using the Chevron Waste Water Treatment Process.
The ammonia should represent a marketable item. By a modification of this
process it may be possible to separate and recover the hydrogen cyanide, which
then could be incinerated and disposed of, Finally, the residual water may
have to undergo an activated sludge pond or active carbon treatment before it

is suitable for re-use or disposal.
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In general it has been proposed that the ash from the utility
boiler combustion unit and from the steam - oxygen gasifier be handled by
conventional power ~ plant disposal technology. It should be noted that
the ash from the gasifier may be finer than normal power plant ash and,
therefore, dustier. If recovery of fuel values from the gasifier ash and
the pretreatment flue gas is attempted, then special equipment may be needed

to trap the sulfur concentrated in these fuel sources.

The mercury in the coal in all likelihood will be trapped at
several stages of the process, but will surely be removed by the activated
carbon bed used to remove carbon dioxide and hydrogen sulfide from the
product gas stream, Special provisions may be needed for its isolation

during reactivation of the carbon,
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HYGAS PIPELINE GAS PROCESS

CAPITAL COST ESTIMATE
JULY, 1974 DOLLARS

Coal grinding
Slurry feed system
Hydrogasifiers
Steam - Oxygen gasifiers
Quench system
Benzene recovery
Purification I (hot carbonate)
CO shift conversion
Purification II (hot carbonate, active C, Zn0)
Methanation and drying
Oxygen manufacture
S09 removal, Wellman-Loxrd
Sulfur recovery, Claus plant and Stretford
Particulate emission control
Subtotal battery limit

Coal storage and handling
Waste water treatment
Char handling and ash disposal
Turbine generstor
Process and turbine steam generation
In-plant electric power distribution -
Cooling tower and off-site distribution
Boiler feedwater treating
Miscellaneous
Generzal off-sites investment

Subtotal outside battery limits

Direct plant investment
Contractor's overhead and profit (10%)
Total plant investment

Interest during construction (8% for 4 years)

Total capital required, exclusive of working

capital and start-up expenses

Capital Cost
$ Million

24 .4
22.6
64.3
21.1
31.3
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TABLE 4.2-2

HYGAS PIPELINE GAS PROCESS
PRODUCTION COST ESTIMATE
JULY, 1974 DOLLARS

Product Cost
$ per million BTU

Coal, feed and utility 0.76 to 2,63
Other raw materials and supplies 0.07
Utilities 0.01
Direct operating cost 0.13
Fixed charges 0.50 to 0,84
Total operating cost 1.47 to 3,68
Basis:

Fuel output 707.8 x 10° Btu/day
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4.3 Koppers-Totzek Synthesis Gas Plant

4.3.1 Description of the Process

A block diagram of a synthesis gas process using Koppers-Totzek
gasifiers is presented in Figure 4.3-1, The Koppers-Totzek process reacts
pulverized coal, oxygen and steam at atmospheric pressure and up to 3300°F,
The gasifier, as currently designed, is a refractory-lined horizontal vessel
with either two or four opposing burners (Reference 4,3-1). A jacket around
the gasifier is supplied to remove excess heat in the form of low pressure

steamn,

Dried, pulverized coal is mixed with a stream of oxygen and steam
and reacted in the gasifier in an entrained state, The carbon and volatile
material are gasified while a portion of the ash and unreacted materizl are

converted into molten slag and collected in the bottom of the vessel.

Gas leaving the gasifier can be direct water quenched to solidify
and remove entrained slag particles, andthen passed through z waste heat
boiler capable of producing high pressure steam (up to 1500 psia). The raw

gas composition typically has the following analysis. (Reference 4.3-2).

Component Mole Percent
CcOo 7
co? 39
Ho 24
H20 ) 28
Others 2

In order to produce a synthesis gas with a Eé/CO ratio of approx-~

imately two and a total Hy plus CO content of over 90 percent, approximately




4-26

one half of the raw synthesis gas is sent to a water shift conversion pro-
cess, where CO and steam react to form C02 and HZ' This stream is then
mixed with the unshifted raw gas stream. The resulting gas is compressed

and purified by the Lurgi Rectisol Process, which removes both CO, and H,yS,

2
The acid gases are sent to a sulfur recovery unit for final processing, where
elemental sulfur is produced by the Stretford Process; the COp-rich stream
is vented to the atmosphere. The resulting clean synthesis gas is approxi-

mately 65 percent hydrogen, 31 percent carbon monoxide and 4 percent carbon

dioxide, and is suitable for both methanol production and iron ore reductiom.

4.3,2 TFeatures and Limitations

The Koppers-Totzek synthesis gas plant has an overall energy
efficiency of 55 percent, This efficiency is based upon the assumption that
all process steam and electricity requirements are produced on-site using
coal as the energy source. It should be noted that a significant portion of
the steam requirements of the plant can be supplied by the highly exothermic

gasification and water gas shift reactionms,

An important advantage of the Koppers-Totzek gasifier is that it
can use all of the coal, including fines; separation is not necessary prior
to the gasification step. Furthermore, any type or rank of coal is acceptable
(Reference 4.3-3). As a result, a minimal amount of coal preparation is re~
quired for the Koppers-Totzek process when compared to the coal preparation

requirements of the Lurgi process.
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A typical Koppers-Totzek feed coal has the following analyéis:

Component Wt Percent
Carbon 60.78
Hydrogen 4,23
Nitrogen 0.95
Sulfur 3.47
Oxygen 8.51
Ash 8.76
Moisture 13.30

The Koppers-Totzek gasification process has the disadvantage of

operating at a low pressure, slightly above atmospheric., Large compressors are

required to bring the product gas up to the discharge pressure of 1000 psi,
As @ result, a significant fraction of the total coal feed is burned in a
utility boiler to provide steam for the high pressure turbines which drive
the gas compressors., This requirement is reflected in the lower process
efficiency compared to the other gasification processes which operate

at elevated pressures,

The Koppers-Totzek gasification process also has the disadvantage
of requiring more oxygen per ton of product gas than the Lurgi process.
This requirement is due to the entrained mode of operation, which causes the
crude gases to leave the gasifier at very high temperatures and increases

oxzygen counsumption.,
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4.3.3 Major Pollution Outputs
The major pollution outputs from the process will be:
1) Vent gas from the sulfur plant - A gas stream consisting
primarily of CO,, N, and HyO0 will contain a total of less

than 100 ppm of COS, CS, and H,S.

2

2) Gas from sulfur incinerator - Approximate 300 ppm of 802 will

be included in this stream which is mostly N3, COy and H,O.

3) Wet slag - Approximately 1006.9 TPD of wet slag will require
disposal.
4) Pmissions from the utility boiler will amount to 98 TPD of 802’
57 TPD of NOy and 8 TPD of particulate.
4.3.4 Economic Evaluation
Capital costs for the Koppers-Totzek synthesis gas process are
presented in Table 4,3-1. As shown, the investment includes process units,
utilities and off-sites., The power requirements of the overall process were
assumed to be produced on-site using a conventional coal fired steam electric

generating facility.

The total fixed investment, capital investment plus interest during
construction, for a Koppers-Totzek plant producing 15.5 x 109 Btu/hr of
synthesis gas is approximately $1073million. Production costs are presented
in Figure 4.3-2 asa function of fixed charge rate and coal price. The high
and low estimates are broken down into component costs and given in Table 4,3-2.

The major production costs are for coal and those annual expenses expressed

by the fixed charge rate (depreciation, return on investment,
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insurance, taxes, etc.). Other production costs, catalyst and chemicals and

direct operating costs, account for only $O.13/106 Btu of synthesis gas,

4-3.5

4,3-1

4,3-2

4.3-3

4.3-4

References

Bodle, W, W. and K, C., Vvas, Clean Fuels from Coal, The 0il and Gas
Journsl, August 26, 1974,

Information from the Koppers Company, Inc.,, Pittsburgh, Pennsylvania,
April 16, 1974,

Perry, Harry, Coal Conversion Technology, Chemical Engineering,
July 22, 1974,

Magee, E. M., Johnig, C. E. and Shaw, H., Evaluation of Pollution
Control in Fossil Fuel Conversion Processes ~ Gasification, Section 1 -
Koppers-Totzek Process, EPA-6501, 2-74-009a, Janusry 1974,




4-30

TABLE 4,3-1
KOPPERS - TOTZEK SYNTHESIS GAS PROCESS
CAPITAL COST ESTIMATE
JULY, 1974 DOLLARS

Capital Cost

Process Units $ Million
Coal Sizing 19
Gas Production 278
Crude Gas Shift 12
Gas Cooling, Purification & Refrigeration 97
Sul Rec 47
Pgogggt oggsgzsion 50
Total Process Units 511
Utilities
Air Compression and Oxygen Production 148
Power and Steam Generation 101
Total Utilities 249
Offsites
Water Treating and Cooling Water System 45
Slag Removal and Raw Water System 50
General Facilities 65
Total Offsite 160
Total Capital Investment 920 F
Interest During Construction (8% for 4 Years) 153
Total Fixed Investment 1,073
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TABI.IE 403-2
KOPPERS-TOTZEK SYNTHESIS GAS PROCESS

PRODUCTION COST ESTIMATE
JULY, 1974 DOLLARS

Product Cost

$/10% Btu
Low High
Coal 0.90 3.16
Catzlyst and Ghémicals 0.03
Direct Operating Cost 0.10
Fixed Charges 1.31 o 2,18
Total Production Cost 2.34 5.47

Basis:

Fuel Output 371.4 x 10° Btu/day
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4.4 Xoppers-Totzek Hydrogen Plant

4.4.1 Description of the Process

Figure 4.4-1 is a block diagram of a hydrogen plant utilizing
Koppers-Totzek coal gasifiers. The only significant difference between this
plant and the previously described synthesis gas plant is that all of the
crude gas is shifted; the same feed coal has been utilized. This results in
a high concentration of hydrogen and carbon dioxide, with a very small per-

centage of carbon monoxide in the crude hydrogen stream.

This stream is then processed in a purification section where
HyS and CO2 are removed by the Lurgi Rectisol Process, using low tempefature
methanol. The final product is approximctely 97.5 percent H,, with N,, co,
and CO comprising the remaining portion. As in the synthesis gas plant, the

HyS is sent to a sulfur recovery plant, while the COp stream is vented to

the atmosphere,

4.4.2 Features and Limitations

Since the gross heating values of CO and Hy are nearly equal on
a Btu/1b mole basis, the Btu content of the gas stream remains relatively
unchanged by converting a mole of CO to Hy via the water gas shift reactionm.
As a result, the production costs expressed in $/106 Btu are nearly equiv-

alent for the Koppers-Totzek hydrogen and synthesis gas processes.

The hydrogen process has an overall energy efficiency of 55 percent,
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As mentioned previously, the main advantage of the Koppers-Totzek
gasifier is that any type or ramk of coal cam be used, including fines.
The main drawback of the process is the low operating pressure of the
gasification step which necessitates the use of large expensive compressors

to bring the gas from near atmospheric pressure to 1000 psi.

4,4.3 Major Pollution Outputs

The major pollution outputs will be the same as those of the syn-
thesis gas plant. In both cases, the single largest source of pollution is
the utility boiler, Based on federal emission standards for fossil fueled
steam generators, approximately 109 TPD of SO3, 63 TPD of NO. and 9 TPD of

particulates will be produced.

More slag and ash will require offsite disposal (2925 TPD)

than for the synthesis gas plant, because of the higher coal gasification

rate required to produce the desired amount of hydrogem.

4,4,4 Economic Evaluation

Capital costs for the hydrogen plant are presented in Table &,.,4-1.
A total fixed investment of $1180 million is required to produce the desired
amount of hydrogen, 16.965 x 10° Btu/hi. Production costs as a function of
coal price and fixed charge rate are essentially equal to those for the
synthesis gas plant and are shown in Figure &.4-2. A brezkdown of the

production costs is summarized in Table 4,4-2,
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TABLE 4.4-1
KOPPERS - TOTZEK HYDROGEN PROCESS

CAPITAL COST ESTIMATE
JULY, 1974 DOLLARS

Process Units

Coal Sizing

Gas Production

Crude Gas Shift

Gas Cooling, Purification & Refrigeration

Sulfur Recovery
Gas Compressor

Total Process Units
Utilities

Air Compression and Oxygen Production
Power Generation

Total Utilities
Offsites
Water Treating and Cooling Water System
Slag Removal and Raw Water System
General Facilities

Total Offsite

Total Capital Investment

Interest During Construction (8% for 4 Years)

Total Fixed Investment

Capital Cost
_$ Million

21
304

24
111

47
74

162
109

45
50
65

581

271

160

1,012

168

1,180




Coal
Catalyst and Chemicals
Direct Operating Cost

Fixed Charge Rate

Total Production Cost

Basis:

Fuel OQutput
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TABLE 4-4-2

KOPPERS~TOTZEK HYDROGEN PROCESS

PRODUCTION COST ESTIMATE
JULY, 1974 DOLLARS

Product Cost

$/10% Bru
Low
0.88
0.04
0.10
1.32
2,34

£07.3 x 10° Btu/day

2,18
5.45
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5. COAT, LIQUEFACTION

5.1 Deseription of the Process

Under a separate contract to Oak Ridge National Laboratory, United
Engineers prepared the preliminary design of a coal liquefaction process
which can be powered by either nuclear or fossil heat. This study is
reported in detail in Reference 5-1 and is summarized here. Table 5-1

shows the operating characteristics of the plant.

The process designed by United Engineers is a modified and improved
version of the H-Coal process (Reference 5-3)., It produces heavy naphtha,
heavy oils, and enough fuel gas to provide heat for the process. The
plant has multiple trains of equipment in all sections except the nuclear-

heated reformer. A block diagram of the plant is shown in Figure 5-1.

The process is designed to use 60,000 tons per day of Western Kentucky
coal. The fossil-fueled plant produceé 1.114 x 1012 Btu/day of liquids
and char; the nuclear version produces 1.305 x 10l2 Btu/day. The processes
are energy self-sufficient, burning char to provide electricity which is
required. The nuclezr-heated plant produces some electricity using stezm

from the reactor.
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5.1.1 Sections Common to Fossil-heated and Nuclear-heated Plants
. The following sections of the process are common to both plants:
Section 100 - Coal preparation - Coal is reclaimed, pulverized and
dried to 2 weight percent moisture using hot flue gas

from fired heaters.

Section 200 - Coal hydrogenation - Coal is slurried with a heavy
oil from the process, heated, and catalytically hydro-

genated in an ebullated bed.

Section 300 - Product separation - Reaction products are separated

by flashing, fractionation and absorption.

Section 400 - Fluid-bed coking - Oils are thermally cracked, producing
lighter fractions. Heat is supplied by burning a portion
of the char. A high-Btu fuel gas is produced and burned
in the reformer or in fired heaters at various stages in

the process.

Section 600 - Hydrogen production - Carbon monoxide and steam react
to form hydrogen and carbon dioxide in a conventional

shift converter.

Section 700 - Ammonia and sulfur recovery - Ammonia is recovered in
its anhydrous form. Hydrogen sulfide is reacted with

sulfur dioxide to form elemental sulfur.

Section 1000- Cooling water system.
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Section 1100 - Water treatment system.,
Section 1200 - Residue handling system.
Section 1300 - Wastewater treatment system,

5.1.2 Fossil-Heated Plant

In the fossil version of the liquefaction plant, 52 x 10° Btu/day of
high-Btu gas produced in the process are burned in a conventional steam-
methane reformer. The steam-methane mixture is reformed in the presence

of catalysts to form hydrogen and carbon monoxide.

The reformed gas then passes through a catalytic shift converter to

form additional hydrogen and carbon dioxide.

5.1.3 Nuclear-Heated Plant
The intermediate loop helium coolant in a 3000 MWe VHTR heats the steam-
methane reformer in the nuclear-heated plant, The reaction conditions

and shift conversion are the same as the fogsil version of the plant.

The intermediate loop helium is heated by exchange with hotter helium
circulating in a primsry loop from the VHTR coxe to the intermediate ex-
changer to a power steam generator and then back to ihe core. The power
steam generators produce high pressure steam to drive the helium circulators
and the high pressure power turbine. The exhaust from the power turbine
is condensed by exchange with boiler feed water and returned to the power
steam generator, The steam produced by exchange is fed to the reformer.

Reference 5,2 provides a detailed description of the VHIR system,
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5.2 Economic Evaluation

The capital cost of the coal liquefaction plants were estimated using
United Engineers' coal and chemical processing experience and estimates
prepared by others for similar plants, Costs for the process and off-site
sections were based on estimates published by Hydrocarbon Research, Inc,
(Reference 5-3), American 0il Company (Reference 5-4), the Bureau of Mines
(Reference 5-5), and General Atomic Company (Reference 5-6 and 5-7).
Applicable costs of equipment aﬁd/or sections were converted to July 1974
dollars using the Chemical Engineering (CE) plant cost index. Because the
plant consists of multiple, identical equipment trains, the cost of the
equipment was assumed to be directly proportional to the plant capacity.
The escalated and extrapolated costs were then compared and adjusted as
required for differences in design. The costs selected were based on
agreement between two or more independent referenced estimates and/or the
conservative judgement of United Engineers. Electricity generating costs

are based on recent United Engineers experience,

The estimated capital cost includes equipment, structures, engineering,
fee, 157 contingency, field indirects, and administration and overhead. The
estimate does not include licensing fees or royalties, process development
costs, envirommental impact studies, land acquisition, and other items not
normally included. These excluded costs have a negligible effect on the

cost of the products of these plants.
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The costs of catalysts and other chemicals were obtained from the re-
ferenced cost estimates, and escalated to July 1974 dollars using the CE
industrial chemicals wholesale price index, These costs were adjusted for

the size and stream factor of the plant,

Direct operating costs were also obtained from the referenced esti-
mates. Operating and supervisory labor costs were adjusted for plant size,
stream factor, the CE chemical products hourly earnings index, and the CE
chemical products productivity index, Maintenance was assumed to be 4% of

the capital cost for on-site facilities and 2% for off-sites.

The capital, operating, and fuel costs for these plants were calculated
in dollars per million But's of products, and are presented in Table 5-3
and shown in Figure 5-2, Two cases, high and low, are shown for each plant.
The material and fuel costs for these cases correspond to the high and low

guidelines presented in Section 2.

Also shown in Table 5-3 are credits for ammonia, sulfur, and the re-
sidual char., The ammonia and sulfur are useful industrial-quality products
if a customer is found for these quantities, The values of the ammonia
and sulfur were obtained from the Bureau of Mines (Reference 5-5). The char
has a heating value of 8235 Btu/1lb., but the sulfur and ash contents are
fairly high (4.3 and 36 weight percent). The credit of $3.00 per ton of

char was assumed by United Engineers.
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5.3 Major Pollution Outputs

The pollution which will be produced by the liquefaction plants is
discussed in detail in References 5-1 and 5-8. As shown in Table 5-4, the
major sources of air pollution are the utility boiler, the fired process
heaters, and the reformers in the fossil-heated version. Air emissions
were designed to meet all existing federal regulations except
those for plants operating in specific air basins. The nuclear-heated

plant, of course, shows much less air pollution than the fossil version.

Waste water from the progress will be treated to neutralize the
water and remove oil., The treated water will be used as makeup to the .

cooling towers.

Solid wastes will be primarily the ash from the utility boiler and
will be disposed using conventional techniques., If the residue from the
liquefaction process cannot be sold or used economically as fuel, the

volume of solid waste will be much larger.

The rate of water consumption for the fossil-heated plant is about
36 million gallons per day (mgd). The nuclear-heated plant uses approxi-
mately 32 mgd. The difference in use is due mostly to the smaller demand

for fossil-generated electricity,
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TABLE 5-1

COAY, LIQUEFACTION PROCESS

PLANT OPERATING CHARACTERISTICS

CAPACITY
Crude Ligquids, 10? Btu/day
All Products, 109 Btu/day

EFFICIENCY
Energy Efficiency excluding Char, %
Energy Efficiency including Char, %
Coal Use Efficiency, %

MATERIAL AND ENERGY REQUIREMENTS
Nuclear Heat, 10° Btu/day
Coal (7.57% moisture), Tons/day
109 Btu/day
Water, Tons/day
Catalysts and Chemicals, $/year

PRODUCTS
Heavy Naphtha (18,200 Btu/1b.), 107 Btu/day
Mid-distillate (17,430 Btu/lb.g, 109 Btu/day
Heavy 0il (17,250 Btu/1lb.), 107 Btu/day
Heavy Gas 0il (17,010 Btu/1b.), 109 Btu/day
Coker Gas (1,080 Btu/scf), 107 Btu/day

BY-PRODUCTS
Ammonia, Tons/day
Sulfur (Elemental), Tons/day
Char (8,235 Btu/1lb.), Tons/day

POLLUTANTS, Tons/day
Sulfur Dioxide
Nitrogen Oxides
Particulates
Solid Waste

Notes: (1) Includes char.
(2) Includes char and coker gas,

Fossil

923
1,114(D)

65
78
28 (1)

60,000
1,431

150,000

21.2 x 10%

334
298
247

44

441
1,200
11,518

113
45
2.6
1,128

Nuclear

1,033
1,305(2)

65

78
90(2)

2448
60,000
1,431
150,000

21.2 x 10°

405
298
286
44
52

441
1,200
13,280

28
12
1.1
494
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TABLE 5-2

COAL LIQUEFACTION PROCESS

CAPITAL COST ESTIMATE

JULY 1974 DOLLARS

Capital Cost, Million $

Section
Fossil
100 Coal Preparation 80
200 Coal Hydrogenation 320
300 Liquid Products/Solvent Recover;}
£00 Fluid Coking 60
500 Reforming & Shift Conversion } 320
600 Hydrogen Production
700 Ammonia & Sulfur Recovery 9
1000, 1100, 1200, 1300, Misc, Off-sites 178
1400 Electricity Generation 64
(By Char Combustion)
Tankage 33
Subtotal 1,064
Interest During Construction 177

(8% for 4 years)

VHTR System(l) (includes IDC ~—-
at 87 for 8 years)

Total 1,241

1

See Section 2, Basis of Study

Nuclear
80
320

60
235

178
36

33
951

158

800

1,909




]
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TABLE 5-3

COAL LIQUEFACTION PROCESS

PRODUCT COST ESTIMATE

JULY 1974 DOLLARS

Product Cost,

$/Million Btu(l)

Fossil H?at{z)

Low High
Coal .78 2,71
Nuclear Fuel - -
Raw Water .01 .01
Catalysts & Chemicals .12 .12
Direct Operating Cost
Process Plant .15 .15
Electricity Generation .03 .03
HTGR - -
Fixed Charges .61 1.02

Total Product Cost

Potential Credits

Ammonia
Sulfur
Char

Potential Product Cost

$ 1.70 to $4.04

.03
.03
.04

$1.60 to $3.94

Nuclear Heat

Low High
.66 2,31
.06 .14
.01 .01
.10 .10
.12 .12
.02 .02
.03 .03
.80 1,33

$1.80 to $4.06

.02
.03
.04

$1.71 to $3.97

(1) $/million BTU of gas and liquids, excluding char,

(2) For low and high cost assumptions, see Section 2, Basis of Study.



Fossil
Fuel Reformer

502
NOx (gs NOZ)
Particulates

‘Solid Waste

Nuclear Reformer

802
NOx (as NOZ)
Particulates

Solid Waste

TABLE 5-4

COAL LIQUEFACTION PROCESS

Utility

Boiller

30.1
18.1
2.6

1128 .

13.6
7.9
1.1

494

POLLUTION SUMMARY

Reformer
28.1

20.9

Tons/Day
Fired

Heaters

53.3

5.9

Sulfur

Recovery

6.0

6.0

TOTAL

117.5
44.9
2.6

1128

28.2
11.8
1.1

494

11§
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6, APPFLICATION OF SYNTHESTS GAS TO METHANOL PRODUCTION

6,1 Methanol Process Requirements

Since methanol is an appropriate alternate to hydrocarbon liquid
fuels, United Engineers has reviewed the suitability of synthesis gases from
two processes as feed for the Tmperial Chemical Industries, Low-Pressure/Low
Temperature (ICT LP/LT) Methanol Process. The following discussion from ICI

Company Literature (Reference 6-1) is pertinent.

"It is well known that for correct overall stoichiometry of the
methanol synthesis reaction, based on steam/hydrocarbon reform-
ing, the feedstock to the reformer should have an empirical
formula close to CH,: '
CH2+E20'ﬂ>CO+2E24>‘CH3OH

With gaseous feedstocks, particularly natural zas, the H/C ratio
is too high for production of a perfectly stoichiometric synthe-
sis gas. Conventionally, a gas stream containing carbon (in most
cases C0j) was added to the system., Methanol manufacturers have
in the past gome to some length to locate their production-facil-
ities adjacent to ammonia plants to gain access to a supply of
CO7. Where this proved impracticable, reformer flue gases were
scrubbed with amine solution and the recovered GOy recycled to
the reformed gas, This not only involves high initial cdpital
investment but considerable increases in steam and cooling water
consumption. It is also necessary to maintain close contrdl to
ensure that the COy produced is of a purity suitable for the
synthesis make-up gas, since MEA solution degrades continocusly
due to the oxygen content of flue gases. Corrosion problems are
also inherent in this type of scrubbing system,

An alternztive Low Carbon Concept system, pioneered by Davy
Powergas for the LP/LT process, is to pass the reformed gas
directly into the synthesis loop without COy addition, the excess
hydrogen being purged from the loop. This purge gas flow is used
in the reforming furnace as fuel and hence the overall thermal
efficiency of the plant is maintained at a very high level.

The loss of hydrogen as a process reactant means that the capacity
of the reforming plant must be greater than if CO, were added into
the make-up gas and also that the compression duty om the syn-
thesis gas machine must be increased. However, the extra costs
involved are less than those of the altermative flue gas COy re-
covery system,"

6-1
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Another reference (6-2) states:

"In conclusion, it may be stated broadly that make-up gas mixtures
containing either a high content of nonreactants or a preponderance

of one or the other reactant are unsatisfactory for efficient low-
cost methanol production, since the excess reactant or inert gas must
be purged off in synthesis. Purge of these constituents cannot be
effected relatively, with the consequence that reactant gases and
methanol are lost together with the undesired component(2). The value
of the gases lost by purge is often less significant than the loss

of energy in the form of compression, since the latter, in many plants
is the most costly operation,’

Also:
"The nature of the reaction between hydrogen and carbon dioxide,
with or without the presence of carbon monoxide, is such that the
crude methanol produced from these reactants will at best be more
dilute than the product obtained from synthesis involving carbon
monoxide only. Refining, although following similar principles,
has to be more elaborate but there is no difference in the primary
end-product."
Thus, any process which produces synthesis gas for the ICI LP/LT
Methanol Process will sustain an economic penalty dependent on the extent
to which the gas deviates from the stoichiometric ideal of CH2 and to its

content of nonreactant gases unless auxiliary processes are added to use

the excess gases or they are combusted in an efficient heat recovery system,

6.2 Synthesis Gas Suitability

Methanol can be formed by either of two reactions:
CO + 2 Hy —= CH40H
COy + 3 Hy — CH30H + Hy0
For converting carbon monoxide to methanol, the stoichiometric
ideal ratio of hydrogen to carbon monoxide is thus 2:1. When carbon is
supplied as carbon dioxide, the ideal ratio of hydrogen to carbon dioxide
is 3:1. Because the COp + H, reaction produces water which is soluble in
methanol, and must be subsequently removed, the first reaction is the more

desirable.
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Synthesis gas produced in mz2ny industrial processes is not
stoichiometrically idezl for methanol synthesis, The methanol manufacturer
makes the composition of these gases stoichiometric by either withdrawing
or adding quantities of hydrogen, carbon monoxide, or carbon dioxide as

discussed above.

Tzble 6-1 shows the compositions of the synthesis gases which
are produced by the processes described in Sectioms 3.2 and 4.3 of this

report, and a gas having the ideal composition.

Synthesis gas from the Koppers-Totzek process is appropriate as
feed to the ICI LP/LT system because both processes have been commercially
proven and are available for producing synthesis gas and methanol, The
Koppers-Totzek process has the advantage of producing a synthesis gas which
is free of liquid products., Its synthesis gas is also free of methane, which,
if present, would have to be removed either by purging or other separation
before methanol synthesis. A partially offsetting disadvantage of the Kopper:
Totzek process is that, since it operates at atmospheric pressure, its synthe: 's
gas product must be compressed to 1000 psi before entering the ICI LP/LT procs. =
The costs of this compression have been factored into cost and efficiency

calculations,

The synthesis gas as produced by the GA/S&W reformer is too rich in
hydrogen for methanol production. For every 100 moles of gas, it would be
necessary to remove 17.8 moles of hydrogen and 9.5 moles of methane in order
to obtain a stoichiometric gas. The methanol prodﬁced would comntain 0,65
moles of water for every mole of methanol., This water must be removed after

the rezction,
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The carbon dioxide can be removed from the GA/S&W gas after it
comes out of the reformer but the resulting ratio of hydrogen to carbon
monoxide would be about 10:1, a more unfavorable ratio. The large excess

of hydrogen and considerable methane must be removed.

Carbon dioxide can also be added until the stoichiometric compo-
sition is reached, also shown in Table 6-1. This gas converts to methanol

with maximum efficiency, but the methanol contains a high proportion of water.

When excess hydrogen and accompanying gases are purged for removal
purposes, they can be used to provide heat to the gasification process and
the heating valve can be recovered. However, if a VHTR provides most of
the process heat, the excess hydrogen is available for other applications.
Ammonia plants are often constructed together with methanol plants to

utilize excess hydrogen,

6.3 Costs of Methanol from Selected Synthesis Gases

Costs wexre developed for the production of methanol by the ICI LP/LT
process from the GA/S&W synthesis gas, Section 3.2,with CO9 added and the
Koppers-Totzek synthesis gas, Section 4.3 of this report. The cost data
presented in Reference 6-3 were used to obtain the capital and production
costs for the ICI process portion of the total plant. The synthesis gas

costs were obtained from Section 3.2 and 4.3,
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The GA/S&W synthesis gas with COy added from the hydrogen re-
cycle treatment has the correct theorectical ratio of carbon (from CO
and C0g) to hydrogen for methanol production, but also has a significant
amount of nonreactant methane, A high vield of methanol is obtained by
recycling gas, after condensation of methanol, to the methanol converter.
However, in order to maintain the methane content at a reasonable level
it is necessary to purge approximately half of the gas from the conden-
sation step. This purge gas of 570 Btu/lb and available at 1000 psi
is considered to be & fuel-by-product. The conversion of useful carbon

to methanol is approximately 867% and 10,000 tons per day can be produced.

The Koppers-Totzek synthésis gas from Section 4.3 also has the

approximately correct theoretical ratio of carbon to hydrogen for methanol

production, but it does not contain any methane of significant amount., Very

little purging from the synthesis loop should be required and the purge

gas is assumed to have no significant fuel value. At 96% conversion, approx-

imately 15,000 TPD can be produced.

The lower total product cost of the GA/S&W process can be mis-

leading because the methanol constitutes less than 50% of the total products,

All of the Koppers-Totzek product is methanol. If the purge gas and Llight

aromatic liquids are priced at approximate current market values ($1.50/106 Btu

and $0.30/gallon, respectively), then the low basis cost for methanol is

about the same for the two processes., Because the Koppers-Totzek synthesis
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gas requires less processing and produces only methanol, it is more
attractive. However, a significant increase in the value of the GA/S&W

by-products would make methanol from the GA/S&W synthesis gas much less

expensive,

On February 9, 1976 the Chemical Marketing Report quoted a price
of $0.40 per gallon for synthetic methanol in large quantities at the pro-

ducing plant, Both these processes are thus very attractive when compared

to the current price for methanol.

6.4 References

6-1 Davy Powergas, Inc. Methanol, Publication No. 3-19274.
P.0. Box 36444, Houston, Tx 77036
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2nd. Fd. Interscience Publishers N.Y. CR 1963 V. XIII pg. 384,
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TABLE 6-1

COMPOSTTTONS OF VARTIOUS SYNTHESIS GASES

(Mole %)
General Atomic/Stone & Webster(z)
Ideal Koppetrs- From COoy CO,
Component Composition Totzek (1) Reformer Removed Added
CHy, - - 9.5 10.95 9.
H, 66.7 65. 70.5 80.7 66.5
co 33.3 31. 7.0 8.05 6.6
co, - 4, 12.9 0.2 17.8
Ho0 - - 0.1 0.1 0.1
Notes:

(1) Section 4.3

(2) Section 3.2




TABLE 6-2

METHANOL PRODUCTION FROM SYNTHESIS GAS

USING THE ICI METHANOL PROCESS

JULY 1974 DOLLARS

GA/S&W Koppers-Totzek
Plant Capacity, 109 Btu/day
Methanol 195 293
Purge Gas (Fuel) 142 -
Light Aromatics 66 -
Total Output 403 293
Capital Cost, $ Million
Synthesis Gas Plant 1,363.9 1,073
ICI Methanol Plant 173 223
Total Capital Cost 1,536.,¢ 1,296
Average Product Cost, $/106 Btu Product
Synthesis Gas 2,42 to 5.04 2,91 to 6.74
Methanol Conversion .30 to .43 ,50 to 73
Total Product Cost 2.72 to 5.47 3.41 to 7.47

Methanol Cost, Assuming values of $1.50/10® Btu for Purge Gas and
$0.30/gal for light aromatics

$/10° Btu 3.74 to 9.43 3.41 to 7.47
$/Gallon .24 to .61 .22 to 48




7. APPLTICATION TO STEEL PRODUCTION

Most of the data used herein for steel making costs by various
routes havebeen obtained from the several reports of the American Trom and
Steel Institute (AIST) Committee on the use of nuclear emnergy in steel

making (References 7-1 to 7-5).

7.1 Nuclear Energy Applications in Steel Making

The most viable concept for applying nuclear energy to steel making
combines two well-known processes: direct reduction in a shaft furmace and

refining in an electric furnace.

Although direct reduction of iron ore is'a fairly new process, it
is well developed and in commercial use. in various parts of the world where
low-cost natural gas is available. In this process, iron ore is reduced in
the solid condition by a synthesis gas (CO + H9) derived from steam reforming
of nmatural gas to a product known as sponge iron. The reaction requires
high temperatures and heat. Nuclear energy could be used to provide the
heat needed to produce the reducing as for thé direct reduction of irom ore
and the electricity needed to refine the resulting sponge irom to steel in

an electric-are furnace.

Production of steel by electric-arc furnaces is 2 long-established
commercial technology. Electric-furnace capacity in the TUnited States today
is about 30 million toms a year. Almost all of that tomnage is made with
scrap as the only ferrous charge, although a number of plants presently use
at least some sponge iron in their charges. Sponge iroﬁ could be used for

a large portion of that charge if the cost of the sponge were competitive

7-1
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with scrap, and provided the gangue content were low enough. Electric-arc

refining uses about 650 KWH/ton of steel,

The impurities, or gangue constituents, in iron ore (mainly silica
and alumina) are not removed in direct-reduction processes as they are when
ore is reduced to liquid iron in the blast furnace. Instead, these impurities
remain in the sponge iron and increase the amount of slag that must be melted
in subsequent refining in the electric-arc furnace. Since this imposes a
substantial cost penalty, low-gangue ores are favored for direct-reduction

processes,

Processes for direct reduction differ in certain details, but
almost all of them use as a reductant a gas mixture of carbon monoxide and
hydrogen at temperatures in the range of 1500-1800°F. For the efficient
reduction of iron ore, the CO + Hy content of the reducing gas should be

above 90 percent.

Iron ore can also be reduced to sponge iron with hydrogen alone,
but there are drawbacks. First, the iron tends to sinter or stick together
during hydrogen reduction, and second, there is a strong tendency for the
reduced iron product to reoxidize. Both of these problems must be overcome

before hydrogen reduction can be utilized commercially on a large scale,

In a steel making system involving direct reduction and refining

in an electric-arc furnace, nuclear energy can be used to:

a) Provide high-temperature heat for the production of a gas suitable
for the reduction of iron ore to iron. The reducing gas, after

removal of sulfur and other impurities, is at moderate temperature




7-3

and pressure and can be transported a reasonable distance from

the nuclear heat source.

b) Produce electricity for the operation of electric-arc furnaces
to refine the sponge iron. The electricity for this step may
be generated in any kind of a nuclear power plant; thus, direct
reduction does mnot necessarily have to be close-coupled with

steel making.

Although reforming, direct reduction, and electric-arc furnace
refining are all well-developed processes, combining a VHTR with the
reforming process will require extensive experimentation, development, and
engineering. A system coupling a VHTR to a2 coal conversion plant for the
production of a synthesis or reducing gas has been studied and the economics
reported in Section 3.2 of this report. Furthermore, although this system
conserves the use of natural hydrocarbons, it still requires reformed gas
made from a carbon source, the future domestic availability and/or cost

of which is uncertain.

7.2 ZEconomics of Nuclear Steel Making

At present, the vast majority of steel produced from ore is made
by conventional coke oven/blast furnace/basic-oxygen furnace refining
(CO/BF/BOF) with much smaller amounts produced by conventional reforming
of natural gas/direct reduction/electric-arc-furnace refining. Accordingly,
economic assessment of nuclear steel making systems must be comparéd to

these conventional systems.
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Systems for which economic comparisons were made are:
Case 1 - Conventional coke oven/blast furnace/basic-oxygen-

furnace refining (Table 7-2).

Case 2 - Conventional reforming of natural gas/direct reduction/

electric-arc-furnace refining (Table 7-3).

Case 3 - General Atomic-Stone & Webster Synthesis gas feed/direct

reduction/electric-arc furnace refining (Table 7-4).

Case 4 - Koppers-Totzek Synthesis gas feed/direct reduction/

electric-arc furnace refining (Table 7-5).

Figures 7-1 and 7-2 present flow sheets for the conventional coke
oven/blast furnace/basic-oxygen-furnace system (Case 1) and the conventional
reformer/direct-reduction system (Case 2). Figure 7-3 is the flow sheet for
the direct-reduction/electric-arc furnace process fueled by gas reformed
by heat from a VHTR (Case 3). The fourth case, shown in Figure 7-4, is a

similar process using gas produced by the Koppers-Totzek process as reported

in Section 4,3 of this report.

Metallic balances are shown in Tables 7-6 and 7-7.

7.2.1 Basic Assumptions for the Individual Cages
Case 1 - Blast-Furnace - BOF Route

Fuel credit only taken for the by-products

Blast-furnace burden was 100 percent oxide pellets

A blast-furnace product rate of 6 tons/day/square foot
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A 1,000 pound coke rate with tar injection was assumed for
a modern furnace.

Plant production was & million annual net toms of liquid
steel,

Two blast furnaces were required and the size was based on

the above criteria.

Case 2 - Natural Gas Reformer ~ Shaft Reduction, Electric-Arc
Furnace Steel Making Plant.

High-temperature (1600 to 1700°F) natural gas-steam
reformers with low steam~-to-methane ratios (near stoichiometric)
were used to produce a "one-step" reducing gas (92 percent Hy + C0).

Reduction was accomplished in a shaft-type, continuously-
fed reduction furnace, utilizing the bottom section of the shaft
for cooling.

The shaft reducer utilized qxide pellets and produced a
95 percent reduced product.

The steel making plant utilized two modern high-powered
eiectric furnaces with continuous c¢harging pracfice.

The steel making plant was sized to produce 1,060,000.
annual net tons of liquid steel, based on a 27 peréent of metallics

scrap charge.

Cases 3 & 4 - Reformer, Shaft Reduction, Electric-Arc Furnace
The plant capacity was based on the reducing gas from a
3000 MWt VHTR~-cozal gasification (which is an economically sized

reactor) process (Case 3), and the reducing gas from a Roppers—Totzék
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process of comparable heating value output (Case 4).

The synthesis gas to Case 3 was passed through a secondary
reformer to reduce the methane content to less than 1 percent. Top
gas, after removal of Hy0 and CO», was recycled through a reheat
section of the secondary reformer. Top gas was also used to fire
the reformer-reheater.

The synthesis gas to Case 4 was passed through a heater
to raise the temperature to that required by the shaft furnace.

Top gas, after removal of H20 and 002, was recycled through the
heater, which was fired by top gas.

In both cases the reducing gas was utilized in a shaft-
type, continuously-fed reduction furnace.

The reduction plant was designed to produce 95 percent
reduced pellets from a feed of oxide pellets.

The reduction plant utilized as many 16 foot diameter shaft
reducers as were required to produce the specified capacity.

The steel making plant utilized modern high-powered electric

furnaces with continuous charging practice.

Capital and Production Costs

Table 7-1 summarizes the capacities and estimated capital costs

for each process system. The costs for Cases 1 and 2 were developed by

the AISI Committee, reviewed and updated by UE&C. Costs for Cases 3 and 4

were adjustments made by UE&C to the Case 2 cost to account for the slight

differences in these three cases.
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Each case is considered to be a totally new facility and includes
the following off-site facilities: raw materials handling facilities, elec-
tric power distribution, water distribution, tracks and roadways, service,
waste treatment (not including spent nuclear fuel), administrative buildings,
laboratories, warehouses, and shop, fire, and safety facilities. The off-
site facilities are estimated to be 35 percent of the battery limit plant

costs in all cases.

The plant is assumed to be located at a Middletown, USA site.

Costs for transportation of raw materials are not included,

All processes used purchased iron oxide pellets, with an analysis
of 66 percent Fe, 3 percent $i02, and low phosphorus. Pellets were assumed

to be delivered.

Although a product mix was not selected, it was assumed that the
revert scrap is equivalent to 27 percent of the metallic charge to the BO

furnace or 27 percent of the metallic charge to the electric furnaces.

In all cases, the evaluation included costs oanly to the production
of liquid steels, It is assumed that the costs from this point to finished
product are the same for all voutes. For this study, the liquid steel will

have 0.05-0.10 percent carbon and 0.16-0.20 percent sulfur.

Raw materials delivered to USA ports were estimated as follows:

Blast Furnace Flux: $6/NT

Burnt Lime: $25/NT

Electrodes: $0.,48/1b

Oxide Pellets: $0.355/Gross Ton Fe Unit
Fluorspar: $75/NT
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An average labor rate of $9.60/manhour including fringe benefits

was used for all cases. All other labor-associated items, such as super-
vision and plant overhead were estimated to be 65 percent of direct-labor
costs. Repair and maintenance, including labor and materials, was estimated

to be 4 percent of investment,

Direct and variable costs supplied by the AISI Committee were
reviewed by United Engineers and adjusted to July, 1974 rates (see

Tables 7-2 through 7-5).

The economics of the alternate processes is done by a return-on-
investment analysis which incorporates both capital and operating costs.
This was done by calculating a hypothetical selling price for liquid steel

on the basis of obtaining a five-year capital recovery.

7.3 Pollution
Use of nuclear energy in basic steel making will reduce both air

and water pollution, because of the substitution of nuclear heat for burning

of coal.

The coke oven-blast furnace-basic oxygen process is well known as
a major air and water pollution control problem in the steel industry. A
modern installation can be constructed to meet present standards, but as
standards become tighter, meeting them will become progressively more
difficult and expensive.

Control of emissions (mainly dust) in the closed direct reduction

process does not appear to present serious problems. The dust emissions
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from arc-furnace can be satisfactorily controlled with the use of exhaust

systems and baghouse type air filters.

The most difficult emission and control problem in arc-furnaces
is due to varying contaminants in the scrap charge (oils, etc.). The sub-
stitution of a large percentage of sponge iron for scrap would greatly

reduce this problem.
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TABIE 7-1

ESTTMATED CAPITAT. COSTS

Process

Coke Ovens
Blast Furnace
Basic Oxygen Furnace

Conventionzl Reformer
Direct Reduction
Electric Arc~Furnace

3000 MWt General Atomic-
Stone & Webster VHIR
Synthesis Gas Feed
Direct Reduction
Electric-Arc Furnace

3000 MWt VHTR Equivalent
Koppers=Totzek
Synthesis Gas Feed
Direct Reduction
Electric Arc-Furnace

Steel Plant
Capacity
Tous Liquid Steel/Year

4,000,000

1,060,000

14,100,000

16,500,000

Cepital Cost

$/Annu=l Ton

152.00

93.60

96.0

92.0
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TABLE 7-2

CASE 1

COKE OVEN - BLAST FURNACE - BOF OPERATING COSTS

Ferrous Materials

Oxide Pellets

Alloys

Revert Scrap
Subtotal

Dust & Sludge (Credit)
Net Ferrous Materials

Fuel
Coatl
Net Excess Fuel (Credit)
Electric Power - Aux.
Net Fuel

Other Materials

Oxygen

Flux - Raw Stone
Burnt Lime
Spar

Refractories - BOP

Total Other Materials

Labor Direct & Indirect
Incl, Supervision

Maintenance Labor & Mat'l,

Miscellaneous Expenses

Direct Operating Expense

Depreciation
DOE + DEP

Average Interest @ 8% of

Unrecovered Capital Over

5 years

Unit Price
Unit Quantity $/Unit
NT Fe 0.792 31.70
NT 0.01 290.00
NT Fe 0.273 100.00
NT Fe 0.027 17.50
NT (Dry) 0.585 40.00
MM Btu 3.5 1.48
KWH 45.0 0.012
CCF 18.0 0.05
NT 0.21 6.00
NT 0.08 25.00
NT 0.004 75.00
$/NT Liq. 1.0 0.71
Steel
Manhours 0.3 9.60

4,0% x $152/Annual Ton

657 of Labor Cost

5.0% x $152/Annual Ton

Profit Before Federal Income Tax

SELLING PRICE FOR 5-YEAR RECOVERY

Cost $ Per NT
Liquid Steel

0.90
1.26
2.00
0.30

71
5.17

2.88

43.86

148.55
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TABLE 7-3

CASE 2

NATURAT GAS REFORMFR - DIRECT REDUCTION - ELECTRIC ARC-FURNACE OPERATING COSTS

Unit Price

Tnit
Ferrous Materials
Oxide Pellets NT Fe
Alloys NT
Revert Scrap NT Fe
Subtotal
Dust & Sludge (Credit) NT Fe
Net Ferrous Materials
Fuel
Natural Gas MM Btu
Electric Power - Melting KWH
- Aux, KWH
Net Fuel Cost
Other Materials
Oxygen CCF
Flux - Burnt Lime NT
Spar NT
Electrodes Lb
Refractories - Elec. Furnzce $/NT Ligq.
Steel
Carbon Additions Ib
Total Other Materials
Labor Direct and Indirect Manhours

Including Supervision

Maintenance Labor & Materizals

Miscellaneous Expenses

Direct Operating Expense
Depreciation (20 years)
DOE + DEP

Average Interest @ 8% of
Unrecovered Capital over 5 years

Profit Before Federal Income Tax

SELLING PRICE FOR 5 YEAR RECOVERY

Cost § per NT

Quantity $/Unit Liquid Steel
0.802 31i.70 24,52
0.01 290.00 2.90
0.273 100.00 27.30

55.62
0.027 17.50 (0.£7)
55.15

1i.0 0.79 8.69
625 0.012 7.50
53 0.012 .64
16.83

1.50 0.07 0.10
0.125 25.00 3.12
0.00%& 75.00 0.30
12.00 0.48 5.76
1.00 2.63 2.63
12.00 0.023 2.77
14,68

0.3 . 9,60 2.88
4£,0% x 93.6/Annual Ton 3.74
657 of Labor Cost 1.87
95.15

5.0% x 93.6/Annual Ton 4£.68
99,83

4,61

27.00

131.44
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TABLE 7-4

CASE 3

REDUCING GAS FROM GENERAL ATOMIC-STONE & WEBSTER VHTR AT COST
GAS REHEATING-DIRECT REDUCTION-ELECTRIC-ARC FURNACE OPERATING COSTS

Unit Price Cost $ per NT
Unit Quantity $/Unit Liquid Steel
Ferrous Materials
Oxide Pellets NT Fe 0.802 31.70 25.42
Alloys NT 0.010 290.00 2.90
Revert Scrap NT Fe 0.273 100.00 27.30
Subtotal 55.62
Dust & Sludge (Credit) NT Fe 0.027 17.50 (0.47)
Net Ferrous Materials 55.15
Fuel
Reducing Gas MM Btu 8.7 2,22-4,63 19.33-40.30
Electric Power - Melting KWH 625 0.012 7.50
- Aux. KWH 93 0.012 1.12
Net Fuel Cost 27.95-48,92
Other Materials
Oxygen CCF 1.50 0.07 0.10
Flux - Burnt Lime NT 0.125 25.00 3.12
- Spar NT 0.004 75.00 0.30
Electrodes Lb 12.00 0.48 5.76
Refractory-Mtl. & Labor $/NT 1.00 2,63 2.63
Coke Lb 12.00 0.023 2,77
Total Other Materials 14.68
Labor Direct & Indirect Incl. Manhours 0.300 9.60 2.88
| Supervision
|
| Maintenance (Reduction & Elec.
Furnaces) - Labor & Mat'ls. 4.0% x 96.0/Annual Ton 3.84
} Miscellaneous Expenses 657 of Labor Costs 1.87
|
| Direct Operating Expense 106.37-127.34
Depreciation 5.0% x 96.0/Annual Ton 4.80
DOE+DEP 111,17-132.14
Average Interest @ 8% of 4,73
Unrecovered Capital
Over 5 Years
Profit Before Federal Income Tax 27.70
SELLING PRICE FOR 5 YEAR RECOVERY 143.60-164,57
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TABLE 7-5
CASE 4

REDUGING GAS FROM KOPPERS-TOTZEK PROCESS AT COST, GAS REHEATING-
DIRECT REDUCTION-ELECTRIC-ARC FURNACE OPERATING COSTS

Unit Price Cost $ per NT
Unit Quantity §/Unit Liquid Steel
Ferrous Materials
Oxide Pellets NT Fe 0.802 31.70 25.42
Alloys NT 0.010 290.00 2.90
Revert Scrap NT Fe 0.273 100.00 27.30
Subtotal 55.62
Dust & Sludge (Credit) NT Fe 0.027 17.50 (0.£7)
Net Ferrous Materials 55,15
Fuel
Reducing Gas MM Btu 7.4 2.30 - 5,33 17.02 - 39,44
Electric Power - Melting KWH 625 0.012 7.50
- Aux, KWH 93 0.012 ) 1.12
Net Fuel Cost 25,64 - 48,06
QOther Materials
Oxygen CCF i.50 0.07 0.10
Filux - Burnt Lime NT 0.125 25,00 3.12
~ Spar NT 0.004 75.00 0.30
Electrodes b 12.00 0.48 5.76
Refractory-Mtl. & Labor s/Nw 1.00 2.63 2,63
Coke b 12.00 0.023 2.77
Totzl Other Materizls 14,68
Labor Direct & Indirect Manhours 0.300 9.60 2.88
Including Supervision
Mzintenance (Reduction & 4.0% x 92.0/Aunual Ton 3.68
Elec, Furnaces) Labor & Materials
- Miscellaneous Expenses 65% of Labor Costs 1.87
Direct Operating Expense 103,90 - 126,32
Depreciation 5.0% x 92,0/Annual Ton 4,60
DOE + DEP 108.50 - 130.92
Average Interest @ 8% of ) 4,53
Unrecovered Capital Qver 5 Years
Profit Before Federal Income Tax 26.55

SELLING PRICE FOR 5 YEAR RECOVERY 139.58 - 162.00
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METALLIC BALANCE

COKE OVEN - BLAST FURNACE - BOF

Item Charge
Net Ton
Net Ton lron

Blast Furnace

Oxide Pellets 1.170 0.772

BOF Slag 0.100 0.020

TOTAL 0.792
BOF

Hot Metal 0.830 0.772

Scrap 0.278 0.278

TOTAL 1.103 1.045

CASE 1

Item Yield
Net Ton

lron Remarks
Hot Metal (+C.I.) 0.772 93% Iron
Dust and Sludge 0.012 For Credit
Unaccounted Loss 0.008

0.792
Liquid Steel 1.000 Basis
BOF Slag 0.020
Dust and Sludge 0.015 For Credit
Unaccounted Loss 0,010

1.045
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TABLE 7-7

METATL.IC BAT.ANGCE

DIRECT REDUCER - ELECTRIG-ARC FURNACES

CASES 2, 3 & &

Item Charge Ttem Yield
Net Ton Net Ton
Net Ton Iron Iron Remarks
Shaft Reducer
Oxide Pellets 1.220 0.802 Reduced Pellets 0.782 92 % Iron
Dust and Sludge 0.012 TFor Credit
Unzaccounted Loss 0.008
TOTAL 1.220 0.802 0.802
Electric-Arc Furnace
Reduced Pellets 0.850 0.782 Liquid Steel 1.000
0.273 0.273 Electrie Furnace 0.030 Dispose
Siag
Dust and Sludge 0.015 For Credit
Unaccounted Loss 0.010

TOTAL

1.123 1.055

1.055
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ORNL-DWG 76-119545

COKING COAL
0.585 NI, dry

1

COKE
OVEN

o= EXPORT FUEL

COKE
0.415 NT

3.1 MM BTU

COAL TAR
0.69 MM BTU

= EXPORT FUEL

0.4 MM BTU

OXYGEN 1800 CF

BURNT LIME 0.08 NT
SPAR 0.004 NT

OXIDE PELLETS 0.772 NT Fe i
1.17 NT
BLAST
FURNACE
go]{os[N.%G 0.020 NT Fe . RAW FLUX
: 0.21 NT
HOT METAL
0.830 NT
0.772 NT Fe
S —
SCRAP 0.273 NT TFe BOF o
f—————
1 NT
LIQUID STEEL

Fig. 7.1. Case 1 Flow Sheet — Coke Oven/Blast Furnace/BOF
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ORNL-DWG 76-119544

NATURAL. GAS
11,000 SCF
4
EXCESS TO FLARE
FIRING FUEL BOTLER FEED WATER
REFORMER R, 627 LBS
HOT REDUCING GAS
48,700 SCF
~1700°F
COOLING GAS
1y
0.802 NT Fe OXIDE PELLETS
— 1.22 NT
e ELECTRIC POWER
TOP GAS REDUCTION T
SHAFT FURNACE el 28 KWH

REDUCED PETLLETS

0.850 NT
0.782 NT Fe
ELEC, POWER, MELTING 625 KWH 0.273 NT Fe SCRAP
ELEC, POWER, AUX 25 KWH
—Eyr
OXYGEN 150 CF ELECTRIC BURNT FLUX 0.125 NT
—————
ARC FURNACE
ELECTRODES 12 IB  moee
COKE 1218 % SPAR 0.00& NT
1NT
LIQUID STEEL
Fig. 7.2. Case 2 Flow Sheet — Natural Gas Reformer/Direct

Reduction/EAF
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-

FRESH (COLD) REDUCING GAS
RECYCLE REDUCING GAS 21,600 SCF, 100 PSI, 100°F
21,300 SCF ‘
SECONDARY jot————— ELECTRIC POWER
[anics E:(J)iLscr - REFORIER 40 XH
’ GAS REHEATER j @rm—— WATER (STEAM)
126 LBS
HOT REDUCING GAS
50,500 scF
~ 1700°F
«~ 30 PSI
COOLING GAS #
0.802 NT Fe OXIDE PELLETS
DIRECT 1.22 NT
o REDUCTION
RECYCLED TOP GAS SHAFT FURNACE ELECTRIC POWER
- 28 KwH
REDUCED PELLETS
0.850 NT
0.782 NT Fe
ELEC, POWER, MELTING 625 KWH 0.273 NT Fe SCRAP
———————— h———
ELEC. POWER, AUX, 25 KwH ELECTRIC
——
ARC FURNACE
OXYGEN 150 CF BURNT FLUX 0.125 NT
—————— *_—
ELECTRODES 12 LB
—————
COKE 12 LB SPAR 0.004 NT
—_— e
1 NT
LIQUID STEEL

Fig. 7.3. Case 3 Flow Sheet — General Atomic VHTR/Reformer/EAF
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ORNL-DWG 76-119542

. RECYCLE REDUCING GAS

24,200 SCF, 100 PSI,

A 25,700 scr :""
FIRING FUEL GAS REHEATER |
10,100 SCF ¢
HOT REDUCING GAS
50,000 SCF
s 17000F
»a30 PST
COOLING GAS
0.802
-~ DIRECT
CYCLED TOP GAS REDUCTTON

SEAFT FURNACE

REDUCED PELLETS

FRESH (COLD) REDUCING GAS

ELECTRIC POWER
preii———— 28 KWE

100°F

ELEC. POWER
40 KWH

NT Fe OXTDE PELIEIS
1.22 NT

lo.850 wr
0.782 NT Fe
ELEC. POWER, MELTING 625 KWE 0.273 NT Fe SCRAP
ELEC, POWER, AUX. 25 KWH ELECTRIC '
OXYGEN 150 CF ARC FURNACE BURNT FLUX 0.125 NT
———-—-&
ELECTRODES 12 1B ;
COKE 12 LB SPAR 0.00& NT
——————— T E——
1 NT
LIQUID STEEL
Fig. 7.4, Case & Flow Sheet — Koppers-Totzek/Reformer/EAF



8. WESTINGHOUSE HYDROGEN PRODUCTION PROCESS

8.1 Description of the Process

This process represents a novel approach by Westinghouse
Astronuclear Laboratory (WANL) to solve the problem of splitting watter
economically into hydrogen and oxygen through the application of nuclear
heat, Since water is too stable to be decomposed by the direct application
of heat, the usual approach is to react water (steam) with a carbon~-contain-
ing reducing agent such as methane, In this way the chemical energy of the
carbon~containing species is used to strip hydrogen away from the oxygen
and the carbon ends up as waste carbon dioxide. As long as carbon and/or
hydrocarbons remain cheap and plentiful, this approach is the preferred ome.
However, when this situation no longer exists, then the energy to split

water must come from some other source such as that suggested by Westinghouse.

The Westinghouse process is based on the combination of two energy
forms, both ultimately derived from a very‘high temperature gas cooled nuclear
‘reactor, The first form of energy is electric power in which water is de-
composed electrolytically to hydrogen and an in situ oxidizing agent. The
decomposition voltage is reduced significantly through the use of sulfur
dioxide as an anodic depolarizer, The second energy form is high femperature
process heat by which the sulfuric acid generated by the oxidation of the
505 at the anode is thermally decomposed to sulfur dioxide, water and oxygen.
The S09 is recycled to the electrolytic cell., The reactions occurring in

the various process steps are:

8-1
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502 solution (anode compartment) S0y + x Hy0 —#=S502.x Ho0
Anode reaction SOp. x HyO + 2HpO - 2e —=HpS0,. x Hy0 + 2H'
Cathode reaction 20t + 2e —H,

Thermal decomposition  HyS0,. x Hy0—=509 + x H,0 + H,0 + 1/2 02

Overall reaction HZO——HZ + 1/2 02

By reducing the voltage and hence the power consumption in the
electrolytic cell and substituting heat energy for it, the inefficiency
associated with electric power generation is minimized, and hence the over-

all cycle efficiency is increased.

Westinghouse has confirmed in the 1aboratofy that SO2 functions
effectively as an anodic depolarizer in the electrolytic decomposition of
water, They also have obtained some laboratory data on the thermal decom-
position of sulfuric acid. These experimental data plus supporting infor-

mation from the literature from the chemical basis for this process.,

The process is shown in a block diagram, Figure 8-1 and is described

in detail below.

8.1.1 Electrolysis

The electrolyzers operate at approximately 0,7 volts compared to
about 2 volts required for normal water electrolysis., The electrolyte is
70 to 807% H,S0, and 50y is introduced around the anode. Recycle and fresh

feed water are also added to the system. Care must be taken to prevent SO,
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from reaching the cathode where it would be reduced to sulfur that might
cause plugging. To mzintain the system in balance, 807% HoS0, is contin-

uously removed from the anode compartment,

8.1.2 Sulfuric Acid Vaporization

Vaporization of the 807 H,SO, represents one of the most critical
steps in the Westinghouse process. For every pound of Hy product, 49 pounds
of HySO, have to be circulated and decomposed. Massive equipment must be
involved to handle this very large process stream, Additionally, the pro-
posed process conditions, 50 psig and 460-750°F, are those where the 80%
HpS50, is a highly aggressive oxidizing agent and cannot be contained by
conventional materials of construction. Studies to date suggeét that sili-
con-containing materials, e.g. Duriron,.might hold up in this enviromment,
The basic process equipment for acid vaporization is a Duriron plate heat
exchanger design, Mechanical chemical and heat transfer aspects of thé

design need to be demonstrated in practice,

8.1.3 Sulfuric Acid Decomposition

The H,S504 vapor, in the form of sulfur trioxidé (803) and water,
is decomposed to SOp, Hy0 and 0y at 1600°F by the abéorption o% heat from
the helium coolant stream from the nuclear reactor. iInasmnch aé the HpS0,
is now above its dew point, the corrosion problems are much more magégeable

in this particular part of the process.
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8.1.4 Partial Condensation

In a series of partial condensers, undecomposed HZSO4 and H70 are
separately condensed., The HyS0, is returned to the vaporizer and the water

to the electrolyzer. The condensers must be of corrosion-resistant materials.

8.1.5 Sulfur Dioxide/Oxygen Separation

The S07 and 0, left after removal of the Hy580, and H,0 are cooled
and separated by conventional compression liquefaction - fractionation pro-
cedures. Current plans call for venting of the oxygen. The S0y is returned

to the anode compartment of the electrolyzer.

8.1.6 Heat Source
A 3220 MWt VHTR nuclear plant provides the necessary heat and
electrical energy via helium gas flowing through an intermediate heat

exchanger.

8.2 Major Pollution Outputs

Barring unforeseen process releases, the Westinghouse process is
virtually non-polluting since it basically involves the decomposition of
water into hydrogen and oxygen. The oxygen may contain 1-2 ppm S07 which,
while not troublesome from the point of view of venting to the atmosphere,

might have to be removed if other uses of the gas are contemplated,

8.3 Process Thermal Efficiency

Thermal efficiency, as presented in Table 8-1 is defined as the
higher heating value of the product gas divided by the heat input to the

total plant complex. Since the plant is self-sufficient from an energy
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viewpoint,.i.e., no net sale or purchase of power oxr heat is required for
operation of the VHIR and hydrogen plant, the heat inmput is the full thermal
rating of the VHIR, As in the other hydrogen generation processes, the work
of compression of the product gas to 1000 psia is included in the calculation

of efficiency,

8.4  Costs

Under subcontract from Westinghouse, UE&C counceptually designed
the W H, Hydrogen Process plant (Reference 8~1) and developed a preliminary
capital cost estimate associated with the hydrogen production process (ex~
cluding the electrolyzers, the 32804 decomposition reactor, and the VEIR
unit). Preliminary results of this study are now available and together
with supplemental data provided by Westinghouse and Oak Ridge National
Laboratory are reported in Table 8-2, The total plant investment amounts to
$1,178 million, including $453 million for the hydrogen plant and $725 million
for the VHTR. The VHIR cost is the $800 million assumed in Section 2.4, with
the approximate reformer cost of $75 million removed. Process heat exchangers
are included in the Westinghouse process plant estimate. Operating costs are
shown in Table 8-3. The H, product cost varies from $5,77 to $ 9,76 per
million Btu, as the nuclear fuel cost increases from $0.25 to $0.60 per
million Btu and the fixed capital charge rate from 15% to 25%. These results
are shown graphically in Figure 8-2. The predominant contribution to the
product cost is the large capital expenditure associated with the 3220 MWt

nuclear power source.

The total capital cost of the VATR ($725 million including IDC)

was estimated by Ozk Ridge National Laboratory as the cost of a typical VHIR,
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The ORNL estimate was obtained from a detailed study by UE&C (Reference 8-2)
which estimated the VHTR cost using recent HIGR experience. On the basis of
a conceptual VHTR design, Westinghouse estimates this cost as about $447

million. If the Westinghouse estimate is substantiated when more details of

the design are developed, the cost of the H, product could be considerably

less than estimated here.
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TABLE 8-1

WESTINGHOUSE HYDROGEN PROCESS

OVERALL PROCESS EFFICIENCY

Heat Input
VHTR Thermal Output 11.0 x 10° Btu/hr
Heat Output
Product Gas 15.8 x 10° SCF/hr
Heating Value 325 Btu/SCF
Total Heat Output 5.14 x 109 Btu/hr

Overall Efficiency

5.14 x 109 Btu/hr
11.0 x 107 Btu/hr

46.7%
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TABLE 8-2

WESTINGHOUSE HYDROGEN PROCESS

CAPTTAL COST ESTIMATE
JULY, 1974 DOLIARS

DIRECT COSTS Hy PROCESS COMPONENTS

Electrolyzer power supply
Electrolyzers
Sulfuric acid decomposition and

partial condensation
S0,/0, separation
Turbine-generztor
Hy product compressors

Subtotal battery limit

Cooling and water intake

Mzkeup and feedwater

Waste-water treatment

Electrical auxiliary power

General off-sites investment
Subtotal outside battery limits

Land and land rights
Special materials
Contingency @ 15%

Subtotal Direct Costs

INDIRECT COSTS

Construction Facilities, Equipment & Services

Engineering Services

Other Costs

INTEREST During Comstruction 8 7 for 4 years
Subtotal Indirect Costs

TOTAL CAPITAL COSTS H, PRODUCTION PROCESél)

TOTAL CAPITAL COSTS VETR (%)

TOTAL PIANT INVESTMENT

(1) From Reference 8~1
“(2) From Section 2.3

CAPITAL COST

$/10°

i8
113

83
29
31

2

278

6
7
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TABLE 8-3

WESTINGHOUSE HYDROGEN PROCESS
PRODUCTION COST ESTIMATE

JULY 1974 DOLLARS

Product Cost
$ Per
Million Btu

Nuclear Fuel (3) 0.55 to 1.28
Operating and Maintenance Costs
VHIR (1) .22
Production Plant (2) .06
Fixed Charges (1) 4.34 to 7.24
Total Production Cost 5.17 to 8.80

Plant Capacity

il
Scf/Year 1.25 x 10
Btu/Year 4.07 x 1013
Stream Factor 330 Days/Year

(1) Based on Section 2.3
(2) Estimated from Reference 8-1
(3) Reference 8-1 Adjusted for Section 2.3 Cost Range
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Fig. 8.1. Plant Block Diagram — Westinghouse Hydrogen Process
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Production Cost — Westinghouse Hydrogen Process
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