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SUMMARY 

The synthesis of methanol from CO and H 2 has conventionally been carried 

out in a fixed bed reactor in the gas phase. Recently, liquid phase methanol 

synthesis in a slurry reactor has received considerable attention due to the 

advantages of easy temperature control and the absence of dlffusional 

resistances. In this report, the reactors used for gas phase and liquid phase 

methanol synthesis are analyzed. The fixed bed reactor is modeled using a one 

dimensional heterogeneous model while the slurry bed reactor is modeled using 

a plug from model for the gas phase and the axial dispersion model for the 

slurry phase. The physical and thermodynamic properties of the systems are 

estimated by literatuLe correlations. The main assumptions underlying the 

model equations are stated and solution techniques described. For each type 

of reactor, the effects of various parameters such as temperature, pressure, 

phase velocities, diameter and height of reactor are investigated with the 

help of the developed simulators. Finally, a comparison of the reactors is 

presented. 
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introduction 

Methanol is a basic industrial chemical that is produced at an annual 

rate of over ten millions tons. Plant capacity for methanol is increasing and 

there is the possibility that its use, chiefly as a fuel, will eventually 

require large additional amounts of methanol (Brainard et el., 1984). 

There are many reasons why methanol is an important key to a syngas based 

fuels and chemical industry. First, methanol is synthesized in over 99% or 

greeter selectivity, in sharp contrast to the melange of products, from 

methane to waxes, obtained in the F-T reaction. Second, the weight retention 

of syn~as (2H2:1C0) as a feedstock for methanol is 100%. Syngas is a costly 

raw material for the production of the hydrocarbons obtained in the F-T 

reaction where oxygen is eliminated as water or CO 2. Third, methanol 

furnishes selective pathways to a number of important chemicals, including 

formaldehyde and the widely used two carbon oxygenated chemicals. This route 

to fuels and to two carbon chemicals from methanol is presently more 

a~tractive than their direct synthesis from syngas. 

In addition to the many uses of this versatile compound, chiefly as a 

fuel, there is the exciting discovery that methanol can be converted to high 

octane gasoline by Mobil's methanol to gasoline (MTG) process using a shape 

selective zeolite (ZSM-5) catalyst (Chang, 1983). A plant which will produce 

some 14,000 barrels per day of high octane gasoline from methanol will go on 

stream in New Zealand in 1985. The MTG process has been discussed in this 

report (Part I.A). 

Traditionally, methanol has been produced by catalytichydrogenation of 

carbon monoxide: 

-), 

CO + 2H 2 ÷ CH30H ................................. (i) 
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CO + 2H 2 + CH3OH (I) 

Although, several side reactions can take place, the following two are of 

importance: 

+ 

CO 2 + H 2 + CO + H20 (2) 

CO 2 + 3H 2 + CH3OH + H20 (3) 

All these reactions are reversible and only two of them are independent. For 

the msln reaction (reaction I), the conversion achievable is greatly limited 

by thermodynamic equilibrium and since the reaction is exothermic and involves 

a contraction in volume, highest yields and conversions of methanol are 

obtained at high pressures and low temperatures. Several generations of 

catalysts have been developed to get a reasonable reaction rate. Zinc 

chromium oxide was one of the earliest used. Later a catalyst based on a 

mixed zinc, copper oxide supported on chromium oxide or aluminum oxide was 

introduced. Due to the necessity of having the catalyst at desired activity, 

high temperatures are needed and therefore high pressures are used to enhance 

the thermodynamically limited yield (high pressure synthesis). It is apparent 

that an active low-temperature catalyst is highly desirable because the yield 

would not be limited by thermodynamic equilibrium and the requirement of high 

pressure could be reduced (Kung, 1980). 

In 1966, ICI introduced their low pressure methanol process in low 

tonnage plants, taking advantage of a much more active catalyst. Initially, 

the process was only a little more expensive than the high pressure process it 

replaced, but growing experience in the technology has led to considerable 
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reduced costs and lower energy consumption per ton of product. Now it Is used 

worldwide, and accounts for about 75% of methanol production (M~cnaughton et 

el., 1984). 

In the conventional coal based process (Figure i-C'I) the synthesis gas 

is first passed over a shift catalyst before or after sulphur removal to give 

a gas composition close to the stolchlometric requirement. The composition of 

syngas before and after the shift is given in Table 1-C-i, for Texaco 

gasification. 

Table I-C-I: Syngas Composition Used in Methanol Synthesis 

Texa co Lurg! 

Unbalanced Ces Balanced C~s C~slfler Type 
M~le % Mole % Mole % 

H 2 35 55 50 

CO 51 19 25 

CO 2 13 5 i0 

Inerts I 21 15 

H2/CO ratio 0.69 2.89 2.00 

Ba lance Ratio 
H2/(CO+I.5CO 2) 0.50 2.08 1.25 

The ICi low-pressure process utilizes a single bed of catalyst and quench 

cooling by "lozenge" distributors especially designed to obtain good gas 

distribution and gas mixing and to permit rapid loading and unloading of 

catalyst. A schemetlc diagram of such a reactor is shown in Figure I-C-2. A 

low-pressure methanol synthesis process is advantageously combined with 

production of syngas by partial oxidation since the latter can be carried out 
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Figure I -C- l :  Conventional coal based ICI 's methanol process (Racnaughton et al .  1984) 



Figure I-C-2: ICl's quench type reactor (MBcnaughton et al. 1984) 
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at methanol synthesis pressure, thus avoiding the necessity of intermediate 

gas compression. Typical operating conditions for the process are: pressure, 

5 to i0 MPa and temperature from 220 to 260°C. The reactor operates 

adiabatically and temperature rise at each bed is known to be extremely 

high. The overall effectiveness factor is less than 0.5. 

Liquid phase methanol process (LPMeOH) was recently evaluated against the 

conventional multlbed quench system (Sherwin and Frank, 1976). Various 

projects sponsored by EPRI at Chem-Systems and Air Products and Chemical Co., 

on the three phase synthesis clarified some of the important economic factors 

(Sherwln and Blum, 1979; Bonnell and Weimer, 1984). Here, syngas containing 

CO, CO 2 and H 2 is passed upward Into the bubble column slurry reactor 

concurrent with the inert hydrocarbon (Witco-40 or Freezene-lO0) which serves 

to both fluidlze the catalyst and absorb the exothermlc heat of reaction. Due 

to the easy temperature control and the absence of diffusional resistances, 

this type of reactor has received considerable attention. 

In this part of the project, both gas phase and liquid phase methanol 

synthesis are analyzed. Computer programs for the simulation of fixed and 

slurry bed methanol synthesis reactors have been developed to make a 

comparison between these two type of operations. Model equations are derived 

and the solution techniques are included in this report. A case study has 

been analyzed and the results of the simulations are compared with a 

discussion on the reactor perfor~nce. 

Model Description 

This part includes the model developments for fixed and slurry bed low- 

pressure methanol synthesis reactors, and descriptions of the mathemtical 

procedures to predict the performance of the units. Due to the distinct 

differences in the design and operation of these two reactor systems, analyses 
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are presented separately° The physical and thermodynamic properties of the 

systems (gas and liquid phrase reactor system) are estimated by correlations 

and these methods are also included in this part of the report. The main 

assumptions underlying the model equations are stated and solution techniques 

for final form of the equations are described. For each type of reactor, the 

effects of various parameters on the performance are investigated with the 

help of simulators developed. Fin~lly a comparison of the reactors is 

presented. 
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Fixed-Bed Reactor Design for Methanol Synthesis 

Fixed-bed reactor is the traditional reactor type to carry out the 

methanol synthesis reaction. It refers to two-phase systems in which the 

reacting gas flows through a bed of catalyst particles or pellets (Froment and 

Bischoff, 1979). 

Two-phase boundaries inherent in flxed-bed reactors require that 

transport processes (mass and energy transfer) as well as the intrinsic 

reaction rate be accounted in reactor design. The model equations should 

include transport restrictions against mass and heat transfer in the interior 

and in the gas film surrounding the particle. 

For a catalytic reaction taking place in a fixed-bed reactor, because of 

the resistance against mass transport through the gas film, a concentration 

gradient is requrled so that the concentration of reactants is lower on the 

particle surface than in bulk phase. If the reaction is exothermlc, the heat 

produced must be transported away and this requires a temperature gradient. 

The resistances for these two transport processes are called external 

resistances and they can be very severe depending on the conditions. On the 

other hand, the concentrations and the temperature at the catalyst surface 

cannot have the same value throughout a porous catalyst particle due to mass 

and energy transport restrictions. These last mentioned effects are called 

internal resistances. The combined effect of internal and external 

resistances is that the concentrations of the reactants in the interior of the 

particle will be lower than for bulk phase and for an exothermlc reaction the 

temperature will be higher than the bulk gas temperature. As the reaction 

rate is affected by concentrations and temperature, the intrinsic rate cannot 

directly be used with the bulk concentrations and temperature. 
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The rmthe~tical model which allows for differences in concentrations and 

temperature between the bulk gas stream and the particles is called the 

heterogeneous reactor model (Froment, 1974). This is contrary to the so 

called pseudo-homogeneous model for a catalytic reactor, where the 

concentrations and temperature in the bulk gas phase and in the particles are 

considered identical. Since the concentrations of the reactant gases are 

always lowered by the internal and external mass transfer resistances end the 

temperature at the catalyst site differs from the bulk temperature, the last 

mentioned model is known to be less appropriate and should be avoided in most 

c~ses, 

In the heterogeneous reactor model, the effects of the internal and 

external resistances on the reaction rate are accounted by using global or 

overall rather than intrinsic rates. These type of rates are expressed in 

terms of gas phase conditions and they can directly be used in the axial 

integration of mass and energy balance differential equations. 

The overall effectiveness factor is now introduced as a quantitative 

measure of the combined effects of transport restrictions. It is defined as 

the ratio of the average rate of reaction, which would have been obtained, if 

there had been no transport resistance, i.e. as if the temperature and gas 

composition had been the same inside the particle as in the bulk gas phase. 

Once this factor is known, the overall rate can easily be obtained by 

multiplying it with the rate evaluated at bulk conditions. The calculation of 

such a factor involves a solution of solid phase differential mass and energy 

balance equations with appropriate boundary conditions. In this procedure, 

the internal resistances are accounted by differential equation itself, and 

the effect of external resistances are imposed by boundary conditions. 
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Due to the complex nature of the rate expressions, the presence of two 

reactions (reaction I and 2) and the large heat effects, the overall 

ef~ectlveness factor calculation for methanol synthesis is not an easy 

rustier. Early studies on the modeling of methanol synthesis reactors are 

therefore limited to the degree of sophistlfication on the evaluation of these 

factors. For instance, in the work by Cappelli et a l., only reaction [ is 

considered and temperature effects are neglected (Cappelli et al. 1972). 

So far, only two works have been presented in the literature for the 

simulation of flxed-bed methanol synthesis reactors (Cappelli et al., 1972; 

Bakemeler, 1970). Since they both are for high pressure catalyst, their 

results cannot be applied to low pressure synthesis where Cu-based catalyst is 

used. In the present work, a simulator program has been developed for the 

design and simulation of methanol synthesis reactors. The simulator is 

designed to be capable of handling different catalysts and can be used for 

both types of synthesis. A general procedure of effectiveness factor 

calculations for a single catalyst particle in which several chemical 

reactions can take place is presented. 

a. Model Assumptions 

In the model development, the following arguments are msde: 

i) The significance of axial dispersion depends on the reactor length, 

the effective dlffuslvity and the gas velocity. For high velocities (Re > I) 

and for the reactors where length to diameter ratio is well above unity, axial 

dispersion is negligible. Therefore a plug flow model will be used. 

li) Since radial gradients in concentration and temperature are caused 

solely by radial variation in axial velocity and since in plug-flow case, the 

axial velocity is only dependent on the axial direction, radial profiles can 

be neglected in an adiabatic plug flow reactor. Therefore, one-dlmensioml 

model will be used to be a good representation of actual be~vior. 
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iii) Unlike high pressure synthesis, the low pressure synthesis operates 

at relatively moderate pressure and temperatures where the nonideality of the 

gas mixture can be neglected. The rate expressions for low pressure synthesis 

are also based on the concentrations rather than fugacities, suggesting that 

the ideal gas law can be applicable. In the model equations ideal gas law 

will be used but for the rate expressions based on the fugacitles, the 

nonideality will be considered. 

iv) The presence of two simultaneous reactions with very nonlinear rate 

equations m~kes the use of the Stefan-Maxwell equation for the mixture gas 

dlffuslvlties difficult. Hence Wilke's equation will be used to calculate the 

diffuslvities in gas mixture. 

In this work, we wish to present a model as general as possible. 

Therefore, the following points which were neglected by other studies will be 

considered: 

i) Both reactions, methanol formation and shift reaction proceed with 

finite reaction rates and neither of them is considered at equilibrium. 

ii) The temperature gradients inside the pellets can be very 

important. Hence nonisothern-al effectiveness factors should be calculated 

with the solution of solid phase balances. 

lli) Since the total number of moles change due to reaction i, the 

concentration profiles would be affected. This effect is accounted in gas 

phase m~terlal balances, but since it leads to a more complicated problem in 

the calculation of effective reaction rates it was assumed negligible in the 

solid phase. 

iv) Physical properties are considered as a function of temperature and 

pressure. Gas velocity will also change in the axial direction (due to 

temperature and total number of moles variations) leading to variable heat and 

m~ss transfer parameters and also mixture properties along the reactor length. 
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b. Model Equations 

Based on the above conclusions, the following model equations can be 

written. In these equations methanol and CO 2 are chosen as key components and 

the first two reactions (I and 2) are considered independent reactions. 

i. Mass Balances: 

(a) Gas Phase 

i. Methanol 

d g 
(U CMg) = (kg) M a S ((C M )r=R - CMg) (4) 

il. CO 2 

d CC02g (kg)c02 s) _ CC02 g) d"'~ (U ) = av ((Cc02 rfR 
(5) 

(b) Solid Balance 

i. Methanol 

(DM)e d dCM s 
g ~r (r2 -"T7 "1 = rt Pp 

r 

(6) 

II. CO 2 

s 

(Dco 2) dCco 2 
e d ( r 2  ) . - r 2  p 

2 dr  dr p 
r 

(7) 

Here effective dlffuslvltles are assumed constant and evaluated at bulk gas 

phase c o n d i t i o n s .  
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2. Energy Balances: 

(a) Gas Phase 

([I S dxd P Cp T g) = hav ((T)r=R -Tg) (8) 

(b) Solid Phase 

ke d (r 2 dT 2. 
--2 d-~ -'d~) = ((-AER)I rl + (-AER)2 r2) Pp 
r 

(9) 

Boundary Conditions: 

@ Z = 0 Clg = Ci,o g ~ = ~o' U = U O 

S 

dCSM dCco 2 dT s 
@r=0 . . . . .  0 dr dr dr 

(io). 

(ID 

@r=R 
dCM s 

(kg) M (~cMS)r= R - cMg ) = -(DM) e (--~-r~)r=R 

(kg)co 2 ((Cco2 s) - Cc02 g) = _ (Dco2)e (dCco2S 
r=R dr )r=R 

(12) 

(dT s . 
h ((TS)r= R - T g) = - ~e ~ ) r = R  

c. Solution Technique 

By solution of solid phase mass and energy equations (6, 7 and 9) 

subject to boundary conditions of (II) and (12) we can evaluate effective 

reaction rates and effectiveness factors: 
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e dCM 
I = (kg)M av ((CMS)r=R - CMg) = "av (DM)e (-d~r) 

r=R 
( 1 3 )  

and 

dCco 

(Cco2 s ) r=R g ) = (Tr 2) av ( - Cc02 r=R r2e =-(kg)cO 2 a v (Dco2) e (L4) 

6 ( I - ~ )  
B where a = 

v d 
P 

with the help of effective reaction rates, gas phase mass and energy balances 

became: 

d I e eq (4) ~ (U CMg) = r (15) 

d 
eq (5) -~-~ (U Cco2g) = r2e (16) 

e r2e d T g) = r (-AH) + (-aH) (17) eq (8) dx (U p Cp I 1 2 

instead of integrating eq. (17) we can combine it with eq. (15) and (16) to 

give: 

Tg uU°°°CP°0cp T g+ (-AH) I CHg uOcM ,og ) (-AH) 2 o g UCco 2g 
= - - -  ( u  C c o  - ) o U pCp (U + U p Cp 2,o 

( 1 8 )  

here, it is assumed that reaction enthalpies do not change very much with the 

reactor length and taken as constant. 
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Use of conversions 

Introducting F i : ucig, superficial molar flow rates, we can define 

conversions X 1 and X 2 as follows: 

o F - FCO 2 
FM-F M CO2 ° 

X1 = ----------~--' X2 = o (19) 
FCO FCO 

Based on these values concentration of each component as well as gas velocity 

can be expressed: Concentrations 

i CO czg = (Z-XI+X2)8 (20) 

2 CO 2 c2g = (al-X 2)8 (21) 

3 H 2 c3g = (e2-2XI-X2)B (22) 

4 CH3OH c4g = (~3 + XI)8 (23) 

5 H20 CSg = (~4 + X2)B (24) 

6 N 2 c6g = a 5 8 (25)  

7 CH 4 c7g : a 6 B (26) 

Gas velocity 

U = U o Coo°/ 8 

Here pressure is taken constant. 

In the above equations: 

al = y oi, o a2 Ol o, a3 CO 2 ~CO ' = YH 2 YCO = YCHOH/Yco ° 

= o o = y oi,, o a6 = .YCH °lYco°) u4 YFi 2 /Yco ' a5 N 2 -'CO ' ' 4 (27) 

B = C T Yco°/(l~2 Yco ° XI) 
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In ~erms of conversions eqns (15, 16 and 18) can be written in the 

dimensionless form of 

dX 
1 

eq. (15) d-~ - = @I (28) 

dX 2 
eq. (16) -~--z = @2 (29) 

eq. (18) O = a-i + Fix I + r2x 2 (30) 

where ¢I = rle L/Fco° (31) 

dP 2 = r2e L/Fco ° (32) 

z - x/L (33) 

0 = (T g - T g)/T g (34) 
O O 

a = (U°Cp°p°)/(UCp p) (35) 

(-AH) 
r l  . 1 

U PCpTog FCO° 
(36) 

( - ~ )  
r2 2 o = FCO (37) 

U PCpTog 

It is clear that integration of eq, (28) and (29) can easily be performed 

providing that the effective reaction rates are calculated. At this point, 

the solution of solid phase balances comes into the picture. 
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• Calculation of effective reaction rates and effectiveness factors for 

met>enol synthesis: 

In a general case where N components are involved in R reactions, the 

~ess balance for the solid phase is 

dC i R 
Di 12 drd (r 2 __~) = -Z Vik rkP p i = 1,2, .... g (38) 

r k 

and the energy balance 

R 
I d (r 2 dT 
2 dr " ~) = -Z rkPp(-AH) k (39) 

r k 

Having key components which involve only one reaction 

Dk 12 d dCk dr (r2 -~) =-VkrkPp 
r 

(40) 

equations (38-40) can be written in dimensionless form of: 

de. R R 2 
eq. (38) 1 d (~2 _~) k l P {2 d~ =- Z ~ik D?. rk p (41) 

eq, (39) 1 d dT R (-AH) k =_ r.r kR 2 pp (42) 
~2 d~ ({2~) k 

dC i R 2 
eq. (40) ~21 dat (~2 ~) =_ Vk Dkk rk pp (43) 

Note that the suffixes indicating effective values for D i and ~ are omitted. 
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Tffe boundary conditions are: 

@ ~=O(r:O) 
dC. 

I dT 
d~ : 0,~ 0 (44) 

@ r . :  I (r = R) 
dC i 

- ~ = ( S h )  
d~ i (cIg-Ci) (z,5) 

where 

: r/R, Sh 

dT 
: Nu (Tg-T) d~ 

= (k)iR/Di i g 

(46) 

(47) 

Nu = hR/k 

using eq. (41) and (43) 

Vik d (~2 ] d ( ~2 dCi R D k dC k 

= E [v  k D. d~ ~-) d~ ~-) k z 
(48) 

integration between 0 and ~ and using BC: eq. (44) 

dC i R Vlk D k dC k 

d~ k Vk D i d~ 
(49) 

integration between 1 and 

R Vik D k 
C i - ( C i ) ~ =  I - Z 

k Vk Di 
(c k - (Ck)c:  I )  (so) 
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Application of BC eq. (46) to eq. (49) 

cig - (ci)g=1 : 
R D k (Sh) y 9ik k 

k 9k Di (Sh) i 
[ckg- (Ck)~: I) (sz) 

elimirmte (Ci)~= 1 between eq. (50) and (51) 

R D k 
C i = c.g + r ~ik 

z k ~k Di [Ck-(Ck) ~=I 

(Sh) k 

(Sh)i (Ckg - (C k)~:z) ] ( 5 2 )  

using conversions defined as 

Ckg-C k 
Xk = g Or 

C 1 

R D k 
C i : Cig + E Vik [ ( ~ )  [1 

k Vk Di Clg ~=i 

(Sh) k 
(53) 

Hence the concentration of each species is expressed in terms of conversions. 

For temperature we can use eq. (41) and (42) to give 

__d (~2 dT : r,R (-AH) k D k d (~2 dCk 
d~ "~-~) k v k l d~ d~'-) 

(54) 

integration between 0 and ~ and using BC: eq. (44) 

d'r R ( - a ~ )  k D k dC k 
- - =  z -  (55)  

k T ' T C  

integration between I and 2 

R ( -a l l )  k D k 
: r. ~k " i - - ( C k -  ( C k ) ~ : l )  T - (T) ~:I k (56) 
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Application of BC: eq. (40) to eq. (55) 

R (-AH) k D k (Sh) 
T g - (T) = 

= I k Vk ~ Nu (Ckg - (Ck)~= l) (57) 

eliminate (T)~=I between eq. (56) and (57) 

R (-AH) 
T=Tg+ r 

k 

k Dk 
"R-" [(Ck - (C k)~=1 

(Sh) 
k 

Nu" (Ckg - (Ck){=l)] (58) 

and using conversions: 

R (-AH) k Dk (Sh)k 
T = T g + k E v k '"X" c1g [(Xk)~= I [ I  Nu ] - Xk]) (59) 

Hence the problem becomes to evaluate the conversion profiles along the pellet 

radius. Once the conversions are known the concentration and temperature 

profiles can be obtained by eq. (53) and (59) respectively. 

In methanol synthesis CO 2 and CH3OH can be chosen as key components 

Reactions 

CO + 2H 2 = CH3OH 

CO 2 + H 2 = CO + H20 

Conversions 

XI 

X 2 

(60) 

However, to get positive values for X I we can put 

-C g 
CCH3OH CH3OH 

x I - cc o, (6I) 

while the standard definition for X 2 remains the same 

C g- 
CO 2 CCO 2 

X 2 = CCog 
(62) 
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In terms of X I and X 2 concentrations and temperature can be expressed as: 

Component 113 
D 2 D 1 D 4 

i. co Cco -- Cco g [i -~ (x2)~= I (i - (~) ) - x2) + D-~ 

i/3 
D 

((xl)~= I (i - (~!I) ) _ xl)] (63) 

2, CO 2 

3. H 2 

CCO 2 = CC02 g -'Cco g X 1 

:13 
D 4 D 3 

= c g {2 [(x I) ( i -  (~4) ) - x I) CH2 H2 + CCog ~33 ~=I 

113 
D 2 D 3 

+~ [(x21~__ I (I - (-~2) ) - x21} 

(64) 

(65) 

= C g + Coo g X 2 4. CH3OH CCH30 H CH30 H 

5. H20 

113 
D 2 D 5 

=C g c~2 o H2 o - Cco g ~ [(X21~= t (t - ( ~ )  ) - x2l 

(66) 

(67) 

Temperature 

(Sh) I 
T=r ~+A [(Xl)~= I (1---~u ~)-x I] (68) 

+ B [(x2)~= l (i 
(Sh) 2 

~uu ) - X2] 

where: 

(-AH) 1 g 
A = D 4 1 Cl (69) 
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(-AH) 2 g 
B = D 2 >, C I (70), 

in these equations 

estimation). 

113 
(Sh)k . (~--~) 
(Sh) i 

is used (see mass transfer coefficients 

Using the above relationships there remain two differential equations to 

be solved. In dimensionless form 

eq, (6) I d. (C2 dXl 
{2 d{ dT ) = ~I (71) 

I d (~2 dX2 
eq. (7) ~2 d{ -T~ ) : ¢2 (72) 

where ~I = R2 rl 0p/(D4C1 g) (73) 

¢2 " R2 r2 Op/(D2Cl g) (74) 

Boundary conditions 

dX I dX 2 
~=0 d--~- = d--~- = 0 (75) 

dX 
I 

{=i ~ ' -  " -(Sh) 4 X I (76) 

dX 2 
dT " (8h)l X2 (77) 

The effective rates are calculated as: 

Clg dX[ e 
r 1 = -a D 4 (78) v R d~ 
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C g dX 2 e 1 
r2 =-av D2 R d~ (79) 

where 

6 (1-e B) 
av = d (S0) 

P 

and the overall effectiveness factors are evaluated as: 

e 
r 1 

nl = r I (at bulk conditions') (8!) 

e 
r 2 

n2 = r I (at bulk conditions) (82) 

The solution of eqns. (71) and (72) are performed by COLSYS (Ascher et al., 

1981) while the integration of eq. (28) and (29) are carried out by a Runge 

Kutta method. 

The program developed calculates the concentration profiles at hulk gas 

phase and at the particle center, it also predicts the temperature effective 

reaction rates and overall effectiveness factors profiles in the axial 

direction. The conversions are evaluated at each point and finally the space 

time yield, STY in Nm 3 gas converted per kg catalyst per hour is computed.d. 

Parameter Effect on Reactor Performance 

The effect of operating and design conditions on the reactor 

performance is studied to test the simulator. The influence of conversion 

(overall conversion is used) and the Space Time Yield are presented are 

explained based on theroetlcal observations. 
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To present the goodness of the reactor model, the radial concentration 

profiles inside the pellet, and the concentration and temperature profiles in 

the reactor is demonstrated in Figures I-C-3, I-C-4 and I-C-5. In the first 

figure only the mole fractions for CO, H 2 and CH30H are given and since 

temperature rise was found to be very small (~ I K) it is not included. It is 

clear that diffusional limitations are very strong and should play a very 

important role in the design calculations. Mass and energy transfer 

resistances, on, the other hand, were found to be negligible since the surface 

concentrations (mole fractions for H 2, CO and CH30H are 0.5, 0.25 and 0 

respectively) are equal to bulk values. The effectiveness factors (overall) 

are 0.87 and 0.43 for methanol and shift reactions respectively. 

In Figure I-C-4 several concentration and temperature profiles are shown 

for a reactor length of 0.8 m that corresponds to the first bed in ICl's 

quench reactor. For methanol, the solid phase, pellet center concentration is 

also included. As it is shown in the figure the mole fraction methanol 

increases in the gas bulk phase while it shows a maxima for solid phase center 

concentrations. Temperature increases very rapidly and a temperature rise of 

186 K is obtained. Actually this figure is prepared for a gas velocity of 0.I 

m/s which is very low (normal value is 0.4 m/s) and this temperature rise is 

not permitted in a commercial reactor. 

The effectiveness factor and effective reaction rates are given in Figure 

I-C-5. The overall effectiveness factor drops to 0.I for methanol synthesis 

reaction (Eff I) while it behaves in a pecular way for shift reaction (Eff 2); 

it goes through a maxima. The effective reactlon rates increase at first and 

then decrease with axial coordinate. 

The general trends in conversion and Space Time Yield (STY) are presented 

in the following pages for the effect of various operating and deisgn 
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parameters. All the calculations have been made for Lurgl gasifier type 

syngas composition (Table I-C-I). 

a. Effect of Reactor Length 

The effect of reacctor length on performance was studied at 500 K and 80 

arm. A superficial gas velcoity of 0.4 m/s is applied. The results are 

presented in Figure I-C-6 and I-C-7 for conversion and Space Time Yield (STY) 

respectively. It is apparent that both conversion and STY increase with 

length to a certain point then equilibrum attains. The outlet temperature is 

also shown in Figure I-C-6 and-it can be seen that the temperature also 

reaches a limiting value. Obviously for a reactor longer than 2.0 m, no 

reaction takes place at the top. 

b. Effect of Gas Velocity 

Increase in the gas velocity leads to a gradual drop in conversion as 

seen in Figure I-C-8. The Space Time Yield, on the other hand, goes through a 

maxima (Figure I-C-9). The higher the gas velocity, the lower the residence 

time and the lower the conversion. However STY directly Increases with gas 

velocity and depends on conversion, leading to such a behavior. The optimum 

gas velocity under these conditions (500 K, 80 arm and L = 0.8 m) can.be 

established as 0.18 m/s. 

c. Effect of Pressure 

The operating pressure increases both conversion and STY (Figs. I-C-10 

and I-C-If) which is not surprising since the concentration of =he reactants 

increases. In the calculations the gas velocity is kept constant at a value 

of 0.4 m/s. The limit in pressure should be considered in reactor wall 

material and wall thickness as well as in the cost of compression. The low 

pressure synthesis operates at a pressure range of 60-100 arm and the same 

range is used here. 
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d. Effect of Inlet Temperature 

Increase in inlet temperature leads to a gradual increase in conversion 

and STY. Figs. I-C-12 and I-C-13 summarize the results at 80 arm. This 

increase is, of course, due to the increase of the reaction rates and should 

be less pronounced after a certain value of temperature where equilibrium 

becomes important. 
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Slurry-Bed Reactor Desig 9 for Methanol Synthesis 

The synthesis of methanol from hydrogen and carbon monoxide has been a 

focal point in synfuel research. Until recently, most of the investigations 

involved only two phases; the reactants and products forming the vapor phase 

and the catalyst representing the solid phase. With the development of more 

efficient catalysts, it has been possible to increase the rate of the 

synthesis reaction several fold. While this appears to be a welcome 

development it is not entirely without misgivings. The higher rate of 

reaction results in the faster evolution of exothermic heat leading to fears 

of potential thermal deactivation of the catalyst and thermal instability of 

reactor operation. 

In recent years, it has been suggested that the reaction could be carried 

out in the liquid phase which would act as a temperature moderator in the 

reactor. The choice of a suitable liquid is dictated by the stability of the 

liquid at reaction teperature and pressure, a low vapor pressure at reaction 

conditions and the capacity to dissolve and permit the diffusion of gaseous 

reactants to the active sites. Furthermore, reactor economics necessitates 

the use of easily available and inexpensive liquids which can be pumped around 

the system at the least expense of energy. The liquids that appear promising 

are Witco-40 (a white mineral oli) and Freezene I00. 

Because of simplicity of operation, low operating costs and ease with 

which liquid residence time can be varied, bubble-column slurry reactors have 

provided a range of applications in gas-liquld-solld reaction systems (Shah et 

al., [982). This type of reactor holds the promise of improving the economics 

of methanol synthesis systems due to its ability to operate at very high 

conversions, which are close to equilibrium levels, while maintaining an 

essentially isothermal reactor. 
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Figure I-C-14 illustrates the functioning of the bubble-column slurry 

reactor within the synthesis section of a liquid phase methanol (LPMeOH) 

plant. Synthesis gas containing CO, CO 2 and H 2 is passed upward into the 

reactor concurrent with the slurry which absorbs the heat liberated during 

reaction. The slurry is separated from the vapor and reclrculated to the 

bottom of the reactor via a heat exchanger, where cooling occurs by steam 

generation. The reactor efflaent gases are cooled to condense the products 

and any inert hydrocarbon liquid which may be vaporized. Methanol and the 

inert hydrocarbon liquid are immiscible and are separated by a decanter° The 

methanol stream produced is suitable for fuel use directly or can be sent to a 

distillation unit (not shown) to produce chemical grade product. Unconverted 

gases are recycled back to the reactor. A small purge stream is taken off to 

limit the buildup of inerts which may be present in the synthesis gas feed 

(Sherwin and Frank, 1976). 

The primary advantages of this sytem over current technology are: 

i) Due to the excellent reaction temperture control, high per pass 

conversions of gas can be economically realized such that the methanol 

concentration in the reactor exit gas attains the 15-20 vol. % range as 

compared to a more normal figure of 2-6 vol. %. This in turn greatly reduces 

the recycle gas flow and compression requirement. 

ii) The heat of rectlon is largely recovered as high pressure steam in 

a simple manner. 

iii) Reactor design is simplified in that liquids and gases are readily 

dis~rlbuted across the reactor cross-sectlonal area without the necessity for 

redistribution and quench along the reactor length. 

iv) Small size catalyst can be used, thereby achieving higher rates of 

reaction with larger catalyst particles. 
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v) Catalyst can be added and withdrawn from the system without the 

necessity of shutdown. 

vi) The near isothermal temperature of the system permits optimum 

conditions favoring the desired reaction kinetics. 

vii) Catalyst activity can be maintained at a constant "equilibrium" 

activity level so that it is not necessary to overdeslgn the reactor size for 

the "end of life" catalyst activity level. 

Chem Systems Inc. have been developing the LPMeOH technology under the 

sponsorship of Electric Power Research Institute (EPR!) since 1975 (Sherwin 

and Blum, 1979). In 1981, Air Products and Chemicals, Inc. started a 42-month 

research and development program to prove the technical feasibility of LPMeOH 

(Broom and Greene, 1984). In these two projects bubble column slurry reactors 

are used and several aspects of the new technology have been investigated. 

With all the informmtion available, it is essential to develop a reactor 

simulator to predict the performance of such a reactor configuration and this 

part of the project aims at this point: A bubble-column slurry reactor is 

designed for the LPMeOH synthesis. 

In general, a slurry reactor design procedure requires: 

- A correlation for the intrinsic reaction kinetics. 

- Models for gas, liquid and solid dlstriSution and mixing. 

- Correlations for predicting gas/llquld and liquid/solid mass 

transfer. Combination of these correlations and models into a single system 

constitutes a reactor model. 

in designing a slurry reactor, the goal is to optimize the height and 

diameter of a reactor vessel for a specified capacity. First, the design gas 

superficial velocity (UG) is specified. The choice of U G is influenced by 

several factors; too high a value could result in excessive gas holdup, 
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whereas too low a value can result in uneconomically "hockey-puck-shaped" 

reactors. Given an allowable gas velocity and design synthesis gas feed flow, 

the necessary reactor cross-sectlonal area and diameter can be calculated. 

With the diameter established, the reactor height (and hence the volume) 

depends on three basic factors; space velocity, slurry loading, and gas 

holdup. The choice of space velocity (here expressed as Nm 3 per kg catalyst 

per hour) relates directly to reactor conversion through the kinetics and mass 

transfer correlations and this fixes the weight of the slurry loading, which 

is expressed in kg of catalyst per m 3 of oil. A higher design slurry loading 

will always result in a lower reactor volume, other things being equal. 

However, too high a loading will make a highly viscous slurry with increased 

risk of plugging lines, valves and heat exchanger tubes. 

Given the slurry volume and the specified gas velocity and predicted gas 

holdup, the required reactor volume can be calculated. 

In the present work, a computer program has been developed for the design 

of a bubble-column slurry reactor for the methanol synthesis. The program is 

established in a general manner so that any kind of rate expression depending 

on the catalyst can be used. The following sections are devoted to the 

development of model equations, theft solution techniques and the discussion 

of the results obtained from the simulator. The parameters involved and their 

estimations are outlined in the end of this part of the report. 

a .  ~odel Assumptions 

The m o d e l  o f  methanol s y n t h e s i s  in  the s l u r r y  phase i s  b a s e d  o n  the 

following phenomena and assumptions: 

i) The total pressure within the reactor is constant, i.e., the 

influence of hydrostatic head on gas expansion is neglected. Due to 

relatively high pressures used, this assumption should be reasonable. 
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ii) There is no heat transfer to the surrounding, e.e., the reactor 

operates under adiabatic conditions. 

iii) The variation of gas flow rate across the column is neglected. It 

~es thought the t, the flow rate of gas decreases as the conversion increases, 

while it increases as the temperature increases and these effects should 

cor~ensate each other. 

iv) For the flow pattern in gas phase, a plug flow model is used. 

This corresponds to a general case in bubble column slurry reactors where the 

gas phase Bodenstein number is usually very high. 

v) The effectiveness factors for the pore diffusion inside the 

catalyst particles are taken as unity. Due to the very small particles (dp < 

I00 ~m) used the diffusional limitations should be negligible, hence, the 

approximation should be reasonable. 

vi) Again, due to very small particle size, the liquid-solid mmss 

transfer resistances are neglected. In addition, no temperature difference 

between the catalyst and the liquid is assumed. 

Besides these simplifications, the following detailed points are 

considered in the model development. 

vii) The slurry phase is modeled by an axial dispersion model, the most 

appropriate model for bubble column reactors (Deckwer et al., 1983). 

viii) The catalyst is not uniformly distributed over the entire 

suspension volume which is considered by introducing the sedimentation 

dispersion model (Cova, 1966, Kato et al., 1972). 

ix) The hydrodynamic properties, i.e., gas holdup, interfacial area, 

heat and m~ss transfer coefficients and dispersion coefficients are assumed to 

be spatially independent. 
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x) Owing to the low heat capacity of the gas phase compare to the 

slurry phase, a heat balance on the suspension (liquid plus solid) will only 

be considered. 

xl) The physico-chemical properties (i.e., density, viscosity, 

dlffusivity, and solubility) are considered to be a function of temperature. 

xil) Both reactions, methanol formation and hydrogenation of CO 2 are 

considered. 

b. Model Equations 

Based on £he above assumptions the following mass and energy balances 

can be written: 

I. Mass Balances: 

For i th component where 

i = 1 for CO, 2 for CO 2, 3 for H2, 4 for CH30H and 5 for H20 

(a) Gas phase: 

d * 
d-~ (UGCig) + (kLa)i (Cig- Cil) = 0 

using the following definitions and groups: 

C[g = Pi/Si = Pyl/si 

Clg = CGYi; C G = P/RT 

Z ffi x / L  

(83) 

(B3a) 

(83b) 

(83c) 
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(kLa)iL RTf 

(StG) i = UG Hi (83d) 

8 = (T - Tf)/Tf (83e) 

H i Cil 
x i = p (83f) 

we get a dimensionless equation for gas phase -~ss balance: 

dY i 
d--~-+ (i + e)(StG)i(y i - x i) = 0 (84) 

(b) Liquid Phase: 

In the coeurrent operation, a differential mass balance yields: 

d d OiL ) d * 
(SLDL ~ ~ (ULCil) + (kLa) i Cil) + = - (Cig- r. ~ikgLCcatrk 0 

k 

(85) 

Here 91k is the stoichiomatrlc coefficient for component i, for 

reaction k. For products ~ik is positive and for reactants it should 

be negative. 

Using the following definitions and groups: 

(kLa) i L 
(StL) i = U G (85a) 

UGL 

Bo L = CLD L 
(85b) 

q = UL/U G (85c) 
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@ = Ccat/Ccat, f (85d) 

rkH i 

elk = kkP Vik 
(85e) 

eLCca t, f L 
r~ k ffi UG k k (85f) 

we get the following dimensionless equation for liquid phase mass 

balance 

1 d2xi 

B° L dz 2 

dx i 
q ~ + (StL)i (Yi - xi) + I ~ Da k ¢ik ffi 0 

k 
( 8 6 )  

. Solid catalyst balance: 

Using sedimentation dispersion model w e  can write: 

d2Ccat U L dCca t 
+ (Uss l- e ') d--~ = 0 (87) Ds dx 2 G 

integration with suitable boundary conditions results in 

with 

and 

Ccat BOseXp[(B°s-B°L )(l-z)] - Bo L 

C * 
cat,£ I ~  s - 1~  L 

U L 
ss 

~D g 
s D 

s 

, ULL 

Bo L = Ds(I_ ¢G) 

(88) 

(88a) 

(88b) 
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3. Energy Balance 

Considering the slurry phase as pseudohomogeneous, we can write the 

following b~lance for adiabatic case: 

d (c % dT d ---- 
d-~ L ax ~) - d~- (Ugp C T) + Z ELCcatr k (-A~) k = 0 

P k 
(sg) 

using: 
l 

O = (T - Tf)/Tf (89a) 

m 

Fe = U G PCpL 

¢SL~ax 

Bei, k 
( -AHR)kP 

R 

P CpH i TfVik 

(89b) 

(89c) 

we get the following dimensionless equation 

I d20 dO 
~ -  q ~-~ + Z ~ Beik I~ k.~ik = 0 

Pe dz 2 k 
(90) 

The final form of the mass and energy balance equations are subject to the 

following boundary conditions: 

@ z = 0 Yi = Yl,f (91) 

1 dxl 

xl = xi,f + Bo L dz (92) 

e= 1 d8 

Bo L dz 
(93) 

1-219 



dxl d8 
@ z m I dz dz 0 (94) 

c. Solution Technique 

The system of eleven differential equations (five for gas and liquid 

phase msss balances plus one for energy balance) which presents the design 

model is nonlinear and subject to boundary conditions. For the solution of 

model equations numerically, the method of orthogonal collocation was used. A 

computer software, COLSYS (Ascher et al., 1981) which uses B-spline 

collocation functions was applied. As a rule, the collocation was done for 

four inner points. 

The program developed calculates the profiles of the following 

quantities; gas and liquid phase concentrations, temperature, catalyst 

concentration and conversions. The conversions are defined as: 

X I = conversion for methanol form tion reaction 

- N o o 

NCH3OH CH3OH NCO2- NCO2 

o (95) 

and 

X 2 = conversion for hydrogermtlon of CO 2 

o 

NCO 2- NCO 

o 
NCO 

(96) 

where N i represents the total (gas plus liquid) molar flow rate of the 

species. The overall conversion is defined as 
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NCH30 H - N~H30 H 

Xoveral! = XI + X2 = o (97) 
NCO 

In addition to the above mentioned quantities space-time-yield, STY in Nm 3 

synthesis gas converted per hour and kg catalyst in the reactor were computed. 

d. Parameter Effect on Reactor Performance 

The design model involves numerous quantities which may influence the 

performance of bubble column slurry reactor for methanol synthesis. In this 

part a parametric study was performed to test the simu!ater and to investigate 

the reactor behavior under a set of operating and design parameters. 

The computations were done for a large scale reactor and the results are 

presented in graphical forms. The trends aredlscussed based on theoretical 

considerations. 

The concentration profiles (mole fractions for gas phase and 

dimensionless concentrations for liquid phase) are shown in'Fig. I-C-15 for a 

reactor of i m diameter and 8 m length. The liquid phase profiles were found 

to be relatively flat showing that dispersion is appreciable. The difference 

between gas and liquid phase concentration is small and it can be seen that 

the liquid phase is saturated after a dimensionless length of 0.2. As it will 

be seen later, the methanol synthesis in slurry reactor is kinetically 

controlled hence the liquid phase concentration corresponds to equilibrium 

(saturation) value. The concentrations decreases only because of the 

reaction. 

The conversions for methanol formation and shift reaction are presented 

in Fig. I-C-16. Both of them increase with axial coordinate and neither of 

them reach equilibrium. Although the contribution of shift reaction is very 

smell (0.025%), it is not negligible. 
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A very flat tempertaure profile was observed for temperature (Fig I-C-17) 

while a relatively high dispersion was obtained in catalyst concentration. In 

general they are very flat and the dispersion should be high enough. Catalyst 

concentration is always higher than the feed concentration but it reaches the 

feed concentration at the exit of the reactor. Therefore no accumulation is 

expected. 

a. Effect of Column Diameter 

The column diameter was varied between I and 4 m. The results are 

presented in Figs. I-C-18 and I-C-19 for conversion and Space Time Yield (STY) 

respectively. A slight decrease is found when increasing the diameter. As 

the dispersion coefficients are mainly affected by diameter, the decrease has 

to be attributed to enlarged dispersion in liquid phase. The overall effect 

is only moderate however its consideration should be very important in scale 

up of slurry reactors (Shah and Deckwer, 1985). 

b. Effect of Column Hei~h~ 

Increase in the column height leads to a gradual increase in both 

conversion and STY. This is due to the fact that residence time of the gas 

and liquid in the reactor increases. The results are shown in Figs. I-C-20 

and I-C-21. 

c. Effect of Slurry Veloclt~ 

The slurry velocity was found to be a very important factor affecting the 

performance. As it can be seen from Figs. I-C-22 and I-C-23) both the 

conversion and STY increase drastically. Obviously, the reaction phase is 

liquid (slurry) phase and the increase in the flow rate decreases the 

residence time and the conversion. At low slurry flow rates, the temperature 

of the reactor increases to very high values since the rate of heat removal 
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decreases, Hence it is safer to operate the reactor at higher slurry 

velocities but the drop in conversion should also be taken into account. 

d. Effect of Gas Velocity and Catalyst Loading 

Increase in the gas velocity leads to a gradual drop in conversion but to 

a gradual increase in Space Timew Yield (STY). The results are presented in 

Figs. I-C-24 and I-C-25 for different catalyst loadings. It is apparent that 

the reaction is kinetically controlled since conversion increases directly 

with catalyst concentration. At low gas velocities STY increases with 

decreasing catalyst loading showing that mass transfer resistances can be 

important and the effect of catalyst loading increases the slurry viscosity 

loading to a decrease in mass transfer coefficients. 

e. Effect of Inlet Temperature 

Both conversion and STY increases with inlet temperature. The S shaped 

figures shows that (Figs. I-C-26 and I-C-27) the reaction reaches at 

equilibrium after a certain temperature. 

f. Effect of Pressure 

The effect of pressure was studied for a pressure range of 50 to i00 

arm. A gradual increase in conversion and STY was observed. The increases 

are not linear showing the effect of nonlinear rate expressions. Figs. I-C-28 

and I-C-29 depict this behavior. 
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Comparison of the Performances of Fixed and Bubble Column Reactors for 

Methanol Synthesis 

Based on the reactor performance computations a comparison has been made 

for two different reactor systems for methanol syn=hesiso Although a complete 

comparison should also involve economic considerations, a process design point 

of view has taken into account. 

Fixed bed reactors are prefered because of ease in operation, absence of 

a second phase (liquid) but they have the drawback of temperature control. In 

fact a single bed is not possible to achieve the desired conversion and the 

reactor should be designed in a way that temperature control can be done. 

Operating conditions should also be carefully chosen to avoid equilibrium 

limitations. The reaction is found to be pore diffusion controlled hence the 

reaction rate is lowered significantly. 

Slurry reactors are introduced to get a good solution for temperature 

control and to avoid pore diffusion by using a liquid and very fine catalyst 

particles respectively. However, the presence of a second phase (liquid) 

introduces another resistance in connection with mass transfer and solubility. 

Generally speaking, each type of reactor has its o~n advantages and 

drawbacks. To have an idea about the performances of these units, the 

conversion and STY aspects are compared here. In the calculations the same 

feed conditions (composition, temperature, pressure) are used but to avoid 

equilibrium limitations, higher gas velocities and shorter bed lengths are 

used in fixed bed reactor. For slurry reactor, the catalyst loading was also 

varied. 

In Fig. I-C-30 the conversion is plotted versus WHSV (weight hourly space 

velocity) for both reactors. It is clear that for the same space velocity 

(W~HSV) slurry reactor can give higher conversions. Fig. I-C-31 shows the STY 
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of the reactors. Although STY for fixed bed reactors goes through a maxima, 

it always increases for slurry reactor. Obviously, Space Tlme Yield is much 

greater in fixed bed reactors but it may be lower for low space velocities. 
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~=ramsters Estimation for Fixed-Bed Reactor 

I. Diffusivities: 

Binary diffusivities are calculated by Fuller-Schetter-Giddings 

e~uatlon (Reid etal., 1977): 

10 -7 T3/2 (I/Mi+I/Mj)I/2 

= 1/3)'2 m2/s Dij p (v iI/3+ vj 

The units are 

T = Temperature, K 

v i = molal volume, cm3/Emol 

P ffi pressure, arm 

The values of v i and M i (molecular weight) for methanol synthesis mixture 

are listed above 

Component M i v i (em3/gmo!) 

CO 28 18.9 

CO 2 44 26.9 

H 2 2 7.07 

CH30H 32 29.9 

H20 18 12.7 

N 2 28 17.9 

CR 4 16 24.42 

1-243 



Gas mixtures diffusivities are calculated by the method of Wilke (Wilke 

and Lee, 1975): 

I- Yi 
D i = 

,m E Yi/Dij 
J=i 

For the effective diffusivitles in catalyst pores, the parallel pore 

model of the catalyst structure is assumed and the contribution of Knudsen 

diffusivities is neglected 

E 

e = Di  (..~pT) Di ,m ,In 

2. Viscosities: 

Method of corresponding states is used to calculate the gas viscosities 

(Reid et al., 1977) 

2/3/ 
u i = (1 .9  T r ,  l - 0 .29)  10 -7 Zc, l ~i m-s 

l /6/(Hil/Z e 213) 
~i = Tc,i c,i 

Tr, i = T/Tc, i 

Viscosity of the methanol synthesis gas mixture is calculated by Wilke's 

equa t ion  (Reid et  a l . ,  1977). 

n Yi Mi 
~mix TM E n 

i= l  z yi~lj 
J=l 
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where 

M -i/2 i/2 I / 4  

:!-(I +--I)M M ~ ~ eli ~ [I + ( . ) (-~)~.. ] 
j z 3 

The parameters involved in the calculations are as follows: 

Component M i Tc(K ) Pc (arm) Z c 

CO 28 132.9 35.4 0.295 

CO 2 44 304.2 72.8 0.274 

H 2 2 33.2 12.8 0.305 

CH3OH 32 512.6 79.9 0.224 

H20 18 647.3 217.6 0.229 

N 2 28 126.2 33.5 0.290 

CH 4 16 190.6 45.4 0.228 

3. Heat Capacities: 

Heat capacities are taken from the reference books in the form of 

= + b. T + CiT2 + diT2 kJ/kmol.K , T: °C Cp,i ai z 

The values of ai, hi, ci, d i are as follows (Kimme!blau, 1982): 

Component a bxl02 cx105 dxlO 9 

CO 28.95 .411 .3548 -2.22 

CO 2 36.11 4.233 -2.887 7.465 

H 2 28.84 0.00765 .3288 -.8698 

CH30H 42.93 8.301 -1.89 -8.03 

H20 33.46 .688 .760 -3.593 
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N 2 29.0 .2199 .5723 -2.871 

CH 4 34.33 5.711 .3363 11.0092 

Heat capacity of the methanol gas mixture is calculated by a simple mixing 

rule: 

C = Z C Yi p,m p,i 

The mass heat capacity of the mixture is calculated by 

Cp,m (mass) =, Z Cp,i Yi/Mi : kJ/kg-K 

4. Thermal Conductlvlties: 

Thermml conductivity of each species is estimated by Bromley's Method 

(Reid et el., 1977). 

The equations used are: 

IM 
For mona tomic gases ~-- = 2.5 C v 

iM 
For linear molecules --- 1.30 C + 3.50 - 0.70/T 

B v 
iM 

For nonlinear molecules -~- = 1.30 Cv + 3.66 -0.3 Cir 

r 
0.69 
T 
r 

3 

where l 

C v 

M 

T r 

= thermml conductivity, cal/cm-s-k 

= viscosity, P 

- heat capacity at constant volume, cal/gmol-K 

- molecular weight 

= reduced temperature, T/T c 

= collision interaction coefficient 

= 3.0 0 b ( ASvb - 8.75 - r in T 6) 

Pb = molar density at boiling point, gmol/cm 3 

ASvb = AHvb/Tb: molar entropy change of vaporization cal/gmol-K 

1 - 2 4 6  



R = ideal gas constant, 1.987 cal/gmol-K 

T b = boiling point, K 

Cir = Internal-rotatlon heat capacity, cal/gmol-K 

Numerical values of x I are calculated at constant temperature of 500 Kand 

assumed constant. 

Carbon Monoxide (CO): Linear Molecule: 

r c 

Cp 

C v 

T b 

M 

-- 132.9 K 

= 7a1239 cal/gmol-K 

-- Cp - 1.987 

=81.7 K 

= 3.84 104 p 

= 28 

gives % = 1.59 10 -4 kJ/m-s-K 

Carbon Dioxide (CO2): Linear Molecule: 

T C 

Cp 

T b 

M 

= 304.2 K 

= 10.595 cal/gmol/K 

= 194.7 K 

= 2.995 10 -4 p 

= 44 

gives ~ = 1.776 10 -4 kJ/m-s-K 
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Hydrogen (H2): Linear Molecule: 

T C 

Cp 

T b 

M 

= 33.2 K 

= 6.994 cal/gmol/K 

= 20.4 K 

= 2.698 10 -4 P 

= 2 

gives A = 5.551 10 -5 kJ/m-s-K 

Methanol (CH3OH): Nonlinear Molecule: 

T c = 512.6 K 

Cp = 14,215 cal/gmol-K 

T b = 3 3 7 . 8  K 

U .. 1.572 10 -4 P 

M =' 32 

AHvb - 8426 cal/gmol 

P -. 0.791 gmol/cm 3 

ASvb - 24.94 cal/gmol-K a -  0.343 

C i r  - 1 .20 

g i v e s  A = 3 .58  10 - 6  k J / m - s - K  

W a t e r  ( H 2 0 ) :  N o n l i n e a r  M o l e c u l e :  

T c 

Cp 

T b 

M 

AHvb 

- 6 4 7 . 3  K 

- 8 . 4 5 4  c a l / g m o l - K  

- 3 7 3 . 2  K 

- 1 . 6 4 2  10 - 4  P 

= 18 

= 9717 c a l / g m o l  
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p = 0.998 gmol/cm 3 

ASvb = 26.04 cal/gmol-K 

Cir = i. 20 

o~ = 0 . 9 0  

gives I = 4.165 10 -6 kJ/m-s-K 

Nitrogen (N 2): Linear Molecule: 

T c = 126.2 k 

Cp = 7.07 cal/gmol-K 

T b = 77.4 

= 4.05 10 -4 P 

M = 28 

gives I = 1.67 10 -4 kJ/m-s-K 

M~thane (CH4): Nonlinear molecule: 

gfves 

Yc = 190.6 K 

CP = 11.200 cal/gmol-K 

Tp = 111.7 K 

= 2.669 10 -4 P 

M = 1 6  

AHvb = 1955 cal/gmol 

p = 0.425 gmol/cm 

ASvb = 17.50 eal/gmol-K'" a = -0.049 

Cir = 2.12 

~k = 1.045 10 -5 kJ/m-s-K 
t 
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Thermal conductivity of the methanol synthesis gas mixture is calculated by 

Linsay-Bromley equation (Reid et al., 1977): 

where 

n Yl ki 
l = Z 
m n 

i--I 
Z YiAij 

i=l 

3/4 
I H i M i T + S i 

Aij = ~ {I + [~jj (~ i )  T + Sj ] 

I12 
2 T + SiJ 

} 
T+ S i 

where 

and 

ui = pure gas viscosity 

T = absolute temperature 

S = Sutherland constant 

S i = 1.5 Tbi (boiling point) 

Sij =" interaction Sutherland constant 

Sij :' S i t  = Cs ( S I S j ) I / 2  

the S values are 

Component S t (K) 

CO 122.6 
CO 2 292.1 
H 2 30.6 

CH3OH 506.7 
H20 I16.1 
N 2 167.6 
H20 559.8 

5. Mass Transfer Coefficients: 

The following correlation is used for (kg) i values (Smith, 1981): 

-0.407 
d G 

JD = 0.458E (+) : JH 
B 

1 - 2 5 0  



where 

U 

G=U P 

M = 7 MiY i 

2/3 

1 

PM p ---- __ 

RT 

6. Heat Transfer Coefficient: 

Taking JD = JH' h values are calculated by 

C 

JH =C G 
P 

2/3 

. P~action Enthalpies: 

At 298 K CO + 2H 2 : CH30H 

CO + H 2 : H20 + CO 2 

O 

AH298 : -94084 kJ/kmol 

o = 41270 kJ/kmo! AH298 

For any temperature using Cp values, 

where 

o o + T dT 
AHT = &H298 f298 ACp 

A -- products-reactants 

and hence Cp values are expressed as 

Cp = a + bT + CT 2 + dT 3 

we can get 

,o o AB 2 
AH T : AH298 + A~ (t - 25) +~- (t 

&C - 252 ) +~- (t 3 - 253 ) 

+ ~ - - ( t  4 - 2.54) for C values °C is used. 
P 
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8. Catalyst Properties: 

The following properties are reported in the literature for Cu/ZnO/AI203 

catalyst (Villa et al., 1985): 

Thermal Conductivity X e = 4.18 10 -3 kJ/m-s-K 

Density Pp = 1980 kg/m 3 

Porosity c = 0.3 
P 

Tortousity • = 7 

9. Reaction Kinetics: 

Several kinetic studies have been reported in the literature for 

different catalysts. Although this work concerns with low pressure synthesis 

where Cu-based catalysts are applied, most of the kinetic rate expressions are 

presented here. In the studies the maln emphasis is given to the main 

reaction, i.e. methanol fornmtion reaction (reaction I) and shift reaction 

(reaction 2) is assumed to be at equilibrium. In some investigations reaction 

3 is considered instead of reaction I. 

The kinetic data for gas phase studies can, in principle, be applied to 

liquid phase synthesis but it is desirable to use a rate expression obtained 

in actual three phase system. Studies for the latter case are very scarce and 

only one detailed expression is available. 

a) The kinetics of the methanol-synthesls reaction, on either a ZnO- 

Cr203 (ratio of 89:11) catalyst or a ZnO-CuO/Cr203 (ratio of 50:25:25) 

catalyst were studied by Natta (1955) and his coworkers in a carefully 

designed laboratory apparatus under commercial synthesis condition. They 

developed a kinetic expression for the temperature range of about 330 to 390°C 
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that is used as a basis for design of commercial high pressure methanol 

synthesis reactors. 

Natta's kinetic expression is 

2 
fco fH 2 - fCH3OH/%q,l 

r I = 
(A + B fco + CfH 2 + D fCH3OH) 3 

where driving forces are expressed in terms of fuEacities and A, B, C, and D 

are parameters that are a function of temperature. This equation is derivable 

in terms of langmuir Hinshelwood kinetics in which the surface reaction is 

taken to be a trlmo!ecular process between two molecules of adsorbed H 2 and 

one of CO. 

The constants, B, C and D are proportional to the adsorption equilibrium 

constants KCO , KH2 and KCH3OH, respectively, in the Imngmuir-Hinshelwood 

formulation and, in accordance with theory, decrease with decreased 

temperature. The values for these constants are given by ~tta in graphical 

forms. Some investigators have fitted those by the following (Stiles, 1977): 

A = 216.07-I013"50192-1"2921°gi0 (0"IT-50)] 

B = A[IQ (-9"911-5180/T)] 

C = A[10 (-13"942-7230/T)] 

D = A[10 (-II'901-8780/T)] 

and the rate is in kmol/hr-kg. 

b) Cappelli and Dente (1965) modified the above expressions for a ZnO- 

Cr203 catalyst to include a term for CO 2. By co mparlson of the results at 

their calculations with the performance at an industrial reactor, they 
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conclud~ that the water gas shift reaction, (reaction 2) goes rapidly to 

equilibrium. The rate expression for methanol formation has been assumed as 

2 
fco fH 2 - fCH3oH/Keq'I k tool 

r l  A 3 (1 + Bfco + CfH2 + D fCH30 H + E fCO2 )3 ' hr-kg 

where the following values have been taken for A, B, C, D, E: 

with 

2.78 105 
A = I/3 exp (-4167/T) 

(5A) 
B = 1.33 iO -I0 exp (|2,003/T) 

C : 4.72 10 -14 exp (15,350/T) 

D = 5.05 10 -14 exp (15,727/T) 

E : 3.33 I0 -I0 exp (12,003/T) 

SA : 70 m2/g 

Beside these two rate equations for high pressure synthesis, studies have been 

reported in the literature concerning the Cu-based low pressure synthesis 

ca talysts: 

c) A CuO/ZnO catalyst (BASF) has been applied in the kinetic study of 

methanol synthesis by Schermuly and Imft (1978). A rate expression similar to 

these derived by Natta and Cappelli and Dente has been presented: 

2 
fco fH 2 - fCH3oH/Keq,I 

r l  (A + B fco + C fH2 + D fCH30 H + E fco2 )2 '  h r -kg  

kmo I 

with 

A = 6.33 1014 exp (-15,432/T) 

B = 2.28 10 -3 exp (4739/T) 
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C = 2.12 10 -6 exp (7818/T) 

D = 8.14 exp (-467.1/T) 

E = 2.03 I0 -II exp (43,952/T) 

The shift reaction (reaction 2) was again assumed to be at equilibrium 

d) For Cu/Zn/Cr203 catalyst (United catalyst T-2370) Berry et al. (1981) 

obtained 

CMEOH kmol 

CH 2 CH2Cco) ; hr-kg I = kl( K'eq,l 

and for the shift reaction 

CCOCH20 kmol 

2 = k2(CH2 - K" ); eq,2Cc02 hr-kg 

For rate constants the values reported are: 

k I = 14092 exp (-9386/T) 

k 2 = 42.804 exp (-5068.4/T) 

The same equations were found to be applicable for liquid phase synthesis 

(Serty et al. 1983). The only difference is the exponent in k I should be 

(-7489/T) for the latter case. 

e) Klier et al. (1982) have investi=~ated the kinetics of low pressure 

synthesis for a Cu/Zn/AI203 catalyst, with special attention to the role of 

CO 2. They have considered reaction i and 3 as independent reactions and 

proposed the following rate expressions: 

r 
1 

K(Pco2/Pco )3 

k I 
[ l+K(Pco2/Pco ) ]3 

2 2 
KcoKH 2 (PcoPH2 -PMeOH/Deq, I ) 

kmo i 

(I+KcoPco+Kco2+~2PH2)3 ; kg-sec 
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and 

I PMeOH PH20 kmo 1 

r3 = k3(Pco 3 ); kg-sec 
K'eq ,3 PH 2 

The rate for reaction 2 can be calculated as 

r 2 = r 3 - r I 

The numerical values for constants are as follows: 

k I - 1.209 exp (-4,142/T) 

K - 1.17 10 -3 exp (9,889/T) 

KCO - 1.61 10 -8 exp (I0,222/T) 

KH2 = 4.44 10 -6 exp (6,438/T) 

KCO 2 - 3,03 10 -13 exp (16,222/T) 

k 3 - 5,35 10 -3 exp (-5,677/T) 

f) Villa et al, (1985) have reported a klnetlc study of methanol 

synthesis reaction over a commercial Cu/ZnO/Al203 catalyst at temperatures, 

pressures and gas compositions typical of industrial operation, Both 

reactions I and 2 were considered, The rate equations are: 

(fco fH 22 _ fCH3oH/Keq 'I ) 
kmol 

rl = 3; kg-min 
(C1+C2 fCO + C3 fco 2 + C4 fH 2) 
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fco fH 2 - fco fH20/Keq,2 kmol 

r 2 = C 6 ; kg-mi n 

The following parameter estimates were obtained 

C I = 1.881 10 -3 exp (4883/T) 

C 2 = 4.21 1034 exp (-39060/T) 

C 3 = 8.296 10 -13 exp (15948/T) 

C 4 = 4.036 10 -7 exp (8229/T) 

C 6 = 1.581 10 -6 exp (93801T) 

i0. Equilibrium Constants: 

The equilibrium constants Keq,l, Keq,2, Keq,3 are defined by their 

relations to the equilibrium partial pressures 

K eq,l 

PCH30H 

= (pH 22 PCo)eq 

PCO PH20 

Keq,2 - ( )eq 
PCO PH 2 

O1" 

PCH3OH PH20 

Keq,3 (p 3 p )eq 
H 2 CO 2 

Keq,2 = Keq,l x Keq,3 
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They are related to the true equilibrium constants Kp, 1 and Kp, 3 (Kp, 2 or 

Keq,2 one related by the last relationship) at a total pressure of one 

atmosphere through the fugacity ratios Ky, l and Ky, 3 

Keq,l = Kp,I/Ky,l; Keq,3 = Kp,3/K.y,  3 

The Kp are functions of temperature only, while the Ky are functions of both 

temperature and pressure. There P, T dependencies of Kp and Ky were taken 

from Stiles (1977) in the form 

= 3 .27  I0  - 1 3  exp  ( I 1 6 7 8 / T )  Kp , I  

Ky, I = I - AlP 

A 1 = 1 .95  10 - 4  exp  ( 1 7 0 3 / T )  

Kp, 3 = 3 , . 8 2 6  15 I I  exp  ( 6 8 5 1 / T )  

Ky, 3 = ( 1 - A l P )  ( I - A 2 P )  

A 2 = 4.24 10 -4 exp (1107/T) 

For liquid phase Ky,! and Ky, 3 are taken unity. 

I I. Fugacit ies : 

Fugacity coefficients of the components were calculated by generalized 

expressions presented in terms of reduced temperature and pressure (Ferraris 

and Donatl, 1971): 

_ I {(I.01961 10 -2 2.142 10 -2 3.2548 10 -2 
In @i 0.08. ~ T - 2 - 4 ) Pr + 

r T T 
r r 
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+( 1.8496 10 -3 2.1511 10 -3 
3 5 

T T 
r r 

+ 0.91445 10 -2 2 
T 7 ') Pr 
r 

+ 

+ (-0.4172 10 -4 1.5469 10 -4 
3 + 5 

T T 
r r 

0.5191 10 -4 3 
7 ) Pr 

T 
r 

+ 

+( 0.42548 10 -6 0.28052 10 -5 
3 5 

T T 
r r 

o.82~5 1o-59 Pr4} 
T 7 

r 

and the fugracities are calculated as 

fi = ~i Yi P 
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Parameter Estimation for Slurry Bed Reactor 

I. Physical Properties of Liquid Phase: 

The following quantities are used for Witco-40 (C18H38). 

Density (Reid et al., 1977) 

620 kg/m 3 and assumed constant. PL 

Viscosity (Reid et al., 1977) 

- 8.8778 10 -6 I0777"4/T kg/m-s and T in K. 

Surface Tension (Berry et al., 1981) 

o = 0.016 N/m and assumed constant. 

2. Heat Capacity: 

Estimated for C18H38 by using the group contribution method of Luria and 

Benson (Reid et al., 1977, page 154). 

Number Group A ~ ~ 

2 C-(C)(H) 3 8.459 2.113 10 -3 -5.605 10 -5 1.723 10 -7 

16 C-(C)2(H) 2 -1.383 7.049 10 -2 -2.063 10 -4 2.269 10 -7 

C - A +BT + CT 2 + DT 3 cal/gmol-K 
P 
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at 500K and for a molecular weight of 250 kg/kmol we get: 

= ca! k J_/_ Cp 18549 gmol-K or Cp = 31.06 kg-K 

3. Diffusivlties of the C~ses in Liquid Phase: 

Diffuslvitles are estimmted by Wi!ke-Chang equation (Reid et al., 1977, 

page 567): 

Di, B : 1.173 10 -16 (# MB)I/2T 
0.6 

~B Vi 

where 
= I association factor 

M B = 250 molecular weight for solvent 

= viscosity at solvent, k~/m-s 

V i = molar volume of solute i at its nor~ml boiling temperature, 

m3/kmol 

The V i values are: 

Component yC m3/kmol 

CO 0.0307 

CO 2 0.0340 

H 2 0.0143 

c~3oB 0.02s9 

H20 0.0189 
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4. Solubilities: 

Solubility and llquid-vapor eqillbrlum data of the species reported in 

the literature (Berry et al., 1981) are expressed as Henry's constants: 

-Bi/T 
H i = Aie atm-m3/kmol, T in K. 

where the constants are as follows: 

Component A B 

CO 20.73 1015.5 

CO 2 618.39 -849.1 

H 2 11.25 1289.5 

CH3OH 352249 -4307 

H20 993095 -4890 

For the pressure and temperature range of the conditions used, these values 

are found to be applicable for the solubilities of the gases in Wltco-40 

medium. 

5. Properties of suspension: 

Density 

where 

and 

-6 -- VcatPcat + (l-Vcat)P L kg/m 3 

V 
c a t  

OLWca t 

Pcat - Wcat(Pcat- PL ) 

Wcat = Mcat/Msus, i.e., weight fraction of catalyst in suspension. 
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Viscosity 

No correlation has been reported in the literature for the slurry 

viscosities of Witco-40 suspensions. Therefore, the correlation by Deckwer et 

al., (1980) is assumed to be applicable. 

= ~L (i + 4.5 Vca t) kg/m-s 

Heat Capacity 

C = W C + (I- ca -Wt) Cp,L p cat p ,cat 

6. Mass Transfer and Hydrodynamic Properties: 

Gas Holdup (Akita-Yoshida, 1973) 

i/8 1/12 
E G gD 2 c P L gD c 3 

The value of gas holdup (a G) is assumed to be uneffected by the presence 

of solid. 

Mass Transfer Coefficient (Akita-Yoshida, 1974) 

D 2 
c I.i (~__Li) 0"5 

(kLa)i D--~ = 0.6 E G 

2 0.62 
( gDc PL.) (%) 

VL 

0.31 

m2/s 

7. Dispersion Coefficients: 

Liquid Phase (Shah and Deckwer, 1985) 

D L = 0.768 UG0"32 Dci'34 m2/s 
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Heat Dispersion coefficient in the liquid 

X = D L -6 ~ kJlm-s-K ax p 

8. Solid Phase Dispersion and Sedimentation (Kato et al., 1972): 

Dispersion coefficient 

with 

UGDc 13 Fr 
Bo C = ~  . 

Ds ! + 8 Fr 0"85 

Fr = U G g~c 

Settling velocity in particle swarm 

where 

0.25 
U G I - Vca t 

Uss .= 1.2 Ust (U~ t) (I - V* 
cat 

* cm 3 V is V at C = 0.I g/ 
cat cat cat 

2.5 

The settling velocity of a single particle, Ust, is calculated from 

Re = At/18 if Re < 0.5 

where 

Re = ( A t / 1 3 . 9 )  0 "7  i f  Re > 0 . 5  

Ar =, 

Re = 

PL ( Pea t- PL )g  

2 

U s t d P  

v 
L 

3 
d 

P 
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Nomenclature 

6 V 

Be 

Be L 

Bo 
L 

Bo s 

Cij, C g 

C. zg 

C s 

C i l  

C T, C G 

Ccat  

Cp 

D 

D G 

dp 

D s 

Da 

F 

H 

h 

~H R 

k 

kg 

kLa 

L 

N 

: Gas-solid interfacial area, m -I 

: Dimensionless energy group, eq. 83c 

: Liquid phase Bodenstein number, eq. 85b 

: Liquid phase Bodenstein number, eq. 88b 

: Solid phase Bodenstein number, eq. 88a 

: Gas phase concentrations, kmol/m 3 

: Equilibrium concentration in liquid phase, kmol/m 3 

: Solid phase concentration, kmol/m 3 

: Liquid phase concentration, kmol/m 3 

: Total gas concentration, kmol/m 3 

: Catalyst concentration, kg/m 3 

: Heat capacity, kJ/kg-K 

: Diffusion coefficient, m2/s 

: Gas phase dispersion coefficient, m2/s 

: Particle diameter, m 

: Solid phase dispersion coefficient, m2/s 

: Damkoehler number, eq. 85f 

: Total molal flow rate (slurry), kmol/s 

: Henry's constant, atm-m3/kmol 

: Heat transfer coefficient, kJ/m2-s-K 

: Reaction entha!py, kJ/kmol 

: Rmte constant, m3/kg-sa 

: Mass transfer coefficient, m/s 

: Volumetric mass transfer coefficient, s 

: Length, m 

: Superficial molal flow rate (fixed bed), kmol/m2-s 
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Nu 

P 

Pe 

q 

r 

r 

R 

R 

Re 

Sh 

St G 

St L 

T 

T g 

T s 

U, U G 

U L 

Uss 

K 

X 

X 

Y 

Z 

: Nusselt number, eq. 47 

: Pressure, atm 

: Peclet number for heat transfer, eq. 83b 

: flow rate ratio, slurry/gas 

: Radial coordlnate, m 

: Reaction rate, kmol/kg-s 

: Particle radius, m 

: Universal gas constant 

: Reynolds number 

: Sherwood number, eq. 47 

: Stanton number in gas phase, eq. 83d 

: Stanton number in liquid phase, eq. 85a 

: Temperature, K 

: Gas phase temperature, K 

: Solid phase temperature, K 

: Superficial gas flow rate, m/s 

: Superficial liquid flow rate, m/s 

: Settling velocity of catalyst particles in swarm, m/s. 

: Axial coordinate, m 

: Dimensionless liquid phase concentration, eq. 83f 

: Conversion 

: Mole fraction in gas phase 

: Dimensionless axial coordinate 

Greek 

¢& : Dimensionless parameter, eq. 35 

: Parameter, eq. 27 

: Parameter, eq. 27 
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F 

CB 

E G 

~L 

Ep 

¢ 

q 

1 

~X 

p 

Pp : 

e : 

V : 

Subscript 

e 

f 

g 

i 

k 

l 

m 

o 

5 .! 

: Dimensionless heat of reaction, eqs. 36 and 37 

: Bed void fraction 

: "C~s holdup 

: Liquid holdup 

: Particle porosity 

: Dimensionless radial coordinate, r/R 

: Dimensioness rate, eqs. 31, 32 and 85e 

: Effectiveness factor, eqs. 81 and 82 

: Thermal conductivity, kJ/m-s-K 

: Heat dispersion coefficient, kJ/m-s-K 

: Density, kg/m 3 

Particle density, kg/m 3 

Dimensionless temperature, eqs. 34 and 83e 

Dimensionless catalyst concentration, eq. 85d 

Dimensionless reaction rate, eqs. 73 and 74 

Stoichiometric coefficient 

Effective 

Feed 

~s 

Ith component 

kth reaction 

Liquid 

Mixture 

inlet 

solid 

1-267 



Re f ere~ces : 

Aklta, K., and Yoshida, F., "Gas Holdup and Volumetric Mass Transfer 
Coefficient in Bubble Columns", Ind. Eng. Chem. Proc. Des. Dev., 12, 76 
(1973). 

Akita, K., and Yoshida, F., "Bubble Size, Interfaclal Area, and Liquid Phase 
Mass Transfer Coefficients in Bubble Columns", Ind. Eng. Chem. Proc. Des. 
Dev., 13, 84 (1974). 

Ascher, U., Christiansen, J., and Russel, R.D., "Algorithm 569 COLSYS: 
Collocation Software for Boundary-Value ODEs", ACM Trans. ~th. Softw., 7, 223 
(1981). 

Bakemeier, H., laurer, P.R., and Schroder, W., Chem. Eng. Prog. Syrup. Set. 
(No. 78) 66, I (1970). 

Berry, J.M., Lee, S., Sivagnanam, K., and Szelfert, F., "Diffusional Kinetics 
of Catalytic Vapor-Phase Reversible Reactions with Decreasing Total Number of 
Moles", I. Chem. E. Symposium Series No. 87 (1981). 

Berry, J.M., Lee, S., Parekh, V., Gandhi, R., and Sivagnanam, K., "Diffusional 
Kinetics of Low Pressure Methanol Synthesis", Proceedings of PACHEC 83, Vol. 
II, 191 (1983). 

Bonnell, L.W., and Weimer, R.F., "Slurry Reactor Design for Methanol 
Production", paper presented at the 1984 AIChE J Annual Meeting, San 
Fransclco, 25-30 Nov. (1984). 

Bralnard, A., Shah, Y.T., Tierney, J., Wender, I., Albal, R., Bhattacharjee, 
S., Joseph, S., and Seshadri, K., "Coal Liquefactlon-Investigatlon of Reactor 
Performance, Role of Catalysts, and PCT Properties", Technical Progress 
Report, DOE Contract No. DE-FG22-83PC60056, University of Pittsburgh (1984). 

Brown, D.M., and Greene, M.I., "Catalyst Performance in Liquid Phase Methanol 
Synthesis", Paper presented at AIChE J Meeting, Philadelphia, 19-22 Aug. 
(1984). 

Cappelli, A., and Dente, M., "Kinetics and Methanol Synthesis", Chim. Ind. 
(Milan), 47, 1068 (1965). 

Ca ppelll, A., Collina, A., and Dente, M., '~lathematical Model for Simulating 
Behavior of Fauser-Montecatlnl Industrial Reactors for Methanol Synthesis", 
Ind. Eng. Chem. Proc. Des. Dev., l__!l , 185 (1972). 

Chang, C.D., "Hydrocarbons from Methanol", M~rcel Dekker, Inc., New York, NY 
(1983). 

Cova, D.R., Ind. Eng. Chem. Proc. Des. Dev., ~, 21 (1966). 

Deckwer, W.-D., Lousi, Y., Zaidi, A., Ralek, M., "Hydrodynamic Properties of 
Flscher-Tropsch Slurry Process", Ind. Eng. Chem. Proc. Des. Dev., 19, 699 
(1980). 

1-268 



Deckwer, W.-D., Nguyen-tien, K., Kelkar, B.Go, and Shah, Y.T., "Applicability 
of Axial Dispersion Model to Analyze ~ss Transfer Measurements in Bubble 
Columns", A!ChE J. 29, 915 (1983). 

Ferraris, G,B., and Donati, G., "Analysis of the Kinetic Models for the 
Reaction of Synthesis of Methanol", Ing. Chim. Ital., 7 (4), 53 (1971). 

Froment, G.F., "Fixed-Bed Catalytic Reactors Technological Fundamentals Design 
Aspects", Chem. Eng. Techn., 46__, 374 (1974). 

Froment, G.F., and Bischoff, K.B., "Chemical Reactor Analysis and Design", 
John Wiley and Sons, Inc. (1979). 

Himmelblau, D.M., "Basic Principles and Calculations in Chemical Engineering", 
Frentice-~ll, 4th Ed., N.J. (1982). 

Kato, Y., Nishiwaki, A., Takashi, F., and Tanaka, S., "The Behavior of 
Suspended Solid Particles and Liquid in Bubble Columns", J. Chem. Eng. Japan, 
5 112 (1972). 

Klier, K., Chatkikavanij, V., Herman, R.G., and Simmons, G.W., "Catalytic 
Synthesis of Methanol from C0/H2, IV. The Effects of Carbon Dioxide", J. 
Catalysis 74, 343 (1982). 

Kung, H.H., '~ethanol Synthesis", Catal. Rev. - Sci. Eng., 22, 235-259 (1980). 

Macnaughton, N.J., Pinto, A., and Rogerson, P.L., "Development of Methanol 
Technology for Future Fuel and Chemical Markets", Energy Progress, 4 (i) 232 
(1984). 

Natta, G., "Catalysis (Emmet, P.H., Ed). Vol. VIII, Reinhold, New York, p. 349 
(1955). 

Reid, R.C., Sherwood, T.K., and Prausnitz, J., "The Properties of C=~ses and 
Liquids", 3rd Ed., McGraw-Hill, New York (1977). 

Shah, Y.T., Kelkar, B.G., Godbole, S.P., and Deckwer, W.-D., "Design 
Parameters Estimation for Bubble Column Reactors", A!ChE J. 28 (3), 353 
(1982). 

Shah, Y.T., and Deckwer, W.-D., "Scale Up Aspects of Fluid-Fluid Reaction," 
Scale-Up in Chemical Process Industries, ed., R. Kobal and A. Bisio, John 
Wiley (to be published, 1985). 

Shermuly, 0., Luft, G., "Low Pressure Synthesis of Metahnol in a Jet-Loop- 
Reactor," Ger. Chem. Eng. I._, 22 (1978). 

Sherwln, M., and Blum, D., "Liquid Phase Methanol," EPRi Report, EPRI AF-1291, 
Chem. Systems, Inc. (1977). 

Sherwin, M.B., and Frank, M.B., '~ake Methanol by Three Phase Reaction," 
Hydrocarbon Processing, p. 122 (Nov. 1976). 

1-269 



3.a[t11,.Y.M., ,qheaieal Enstaeect,1d KinetIc~," McGra~ Hill ~;o., ]rl ei., New 
York (1981). 

Stiles, A.B., '~Methanol Past, Preseat, a.ld qpec,Jlatto,ls oa the F~it,tre," ~IChE 
J .  23 ( 3 ) ,  36?_ ( t 9 7 7 ) .  

Villa, ~,, Forzatti, P., Ferrarts, G,B., G~rone, G., and PaqqJon, I., 
Synthesis of ~lcoh.~l~ ~ro~ ~rboq 0~ides qnd Hydrogen. [. K[qettcs of the 

Lo~-pre~s,lce "let'~aaol Synt'lesLs," lad. Eng. Chem. Process Des. Dec. 25, 12 
(~985). 

Wi/ke, C.R., and Lee, C.Y., Ind. Eng. Chem. 47, 1253 ([965). 

1-270 


