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C R I T E R I A  EXPLANATION (CONTD.) 

11.3 

12.2 

12.3 

12.4 

14.2 

14.3 

15.1 

15.2 

WASTE HEAT RECOVERY SYSTEM - The materials of 
construction requirements for waste heat recovery 
should be less severe with the lower outlet 
temperatures. In order of increasing severity; 
Lurgi and BGC/Lurgi; Exxon; Westinghouse and U- 
GAS; and GKT, Texaco and Shell. 

GASIFICATION AREA STEPS R E Q U I R E D  - GKT, Texaco', 
and Shell are the least complex; Exxon is the most 
complex due to catalyst recycle requirements. 

AREA RECYCLES - Westinghouse recycles fines and 
gas, U-GAS recycles only fines. Exxon recycles 
fines, gas and catalyst. Shell recycles only gas. 

MECHANICAL - Westinghouse, Exxon and U-GAS are the 
simplest gasifiers. GKT, Shell and Texaco must 
manage slag. Lurgi requires moving grate(s). 
BGC/Lurgi has a stirrer and slag handling parts. 

TURNDOWN - The fluidized-bed processes 
(Westinghouse, Exxon and U-Gas) are limited to 
about 50% turndown. Texaco's turndown is limited 
by heat balance. The other processes provide wide 
ranges of turndowns. 

RESPONSE - Based upon process stability at varying 
load conditions, the fluidized bed processes are 
the most stable, with U-GAS slightly less because 
of minor concerns about the central jet. Fixed 
bed gasifiers are stable but somewhat 
unresponsive. The entrained bed processes are the 
least stable because their short residence time 
eliminates all but after-the-fact control. 

STANDBY REQUIREMENTS - Westinghouse and U-GAS were 
judged to require the least extent of idle 
parallel equipment with Exxon close to the same 
level. Next were the fixed bed gasifiers, while 
the entrained bed gasifiers require major sparing. 

CONSEQUENCE OF FAILURE - Based on the extent of 
significant damage that would result from a major 
upset in operation, the fluid bed processes would 
expect relatively minor damage. BGC/Lurgi would 
have the slag complications. The entrained bed 
gasifiers would have the most consequences because 
of slag and because an upset could result in 

11-16. 
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CRI~RIA 

i.i 

1.2 

1.5 

3.1 

4.1 

5.2 

7.1 

8.1 

8.3 

11.2 

EXPLANATION 

COAL TYPES - GKT, Westinghouse, Shell, and U-GAS 
have demonstrated all types; Exxon should not have 
limits but has only been demonstrated with a few 
U.S. coals; Lurgi cannot readily accept caking 
coals; BGC/Lurgi has not been demonstrated with 
low rank coals. Texaco cannot tolerate the 
moisture content of lignite. 

; ~ ~ I i 

PLANT FINES UTILIZATION - Lurgi cannot use -% inch 
material; BGC/Lurgi can accept a greater amount of 
the fines than Lurgi but not all. 

DRYING - In order of more demanding drying: Lurgi 
and BGC/Lurgi; Westinghouse and U-GAS; Texaco; 
Exxon; GKT and Shell. 

PLANT COLD GAS EFFICIENCY - The U-GAS plant cold 
gas efficiency of 62% for Eastern coal was based 
on a design without ash deposit control. Deposit 
control "would result in an efficiency of about 
60%. 

GASIFIER FINES - The fluidized bed processes 
(Westinghouse, Exxon, and U-Gas) lose minor 
amounts of fines which escape the cyclone(s). GKT " 
produces a large quantity of fines that are not 
recycled. 

STEAM - The Texaco slurry feed system cancels the 
need for steam injection. GKT requires only low- 
pressure steam. 

NUMBER OF PROCESS BLOCKS - See Block Diagrams. 

FEED PREPARATION. See Block Diagrams. 

RESIDUE DISPOSAL - GKT, Texaco, BGC/Lurgi, and 
Shell should have the most ease in solids disposal 
because they operate in the slagging ash mode; 
then Westinghouse and. U-GAS with agglomerated ash. 
Lurgi (due to dust) and Exxon (due to residual 
catalyst contamination on ash) should have the 
most difficulty in residue dispos~l. 

GASIFIER SHELL/LINING LIFE - The non-slagging 
processes are less severe on tke gasifier 
shell~lining than the slagging processes. 

II-,15 
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CRITERIA EXPLANATION(CONTD.) 

15.3 

16.1 

16.2 

potential mixing of 
downstream equipment. 

oxygen with syngas in 

MAINTENANCE EXTENT - Fluidized beds would require 
minimflm maintenance; Lurgi has moving parts; 
BGC/Lurgi also has slag to increase routine 
maintenancelneeds; the high temperature lentrained 
bed gasffiers would need the most maintenance. 

SOLIDS EFFLUENTS - Lurgi's ash is dusty; Exxon's 
ash is contaminated with catalyst. 

LIQUID EFFLUENTS - The fixed bed processes produce 
significant quantities of liquids. Exxon has the 
potential for catalyst carryover into aqueous 
effluents. 

11-17 
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REVIEW OF SELECTED SHIFT AND METHANATION 
PROCESSES FOR SNG PRODUCTION 
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DISCLAIMER 

LEGAL NOTICE: This report was prepared by Kellogg Rust Synfuels, 
Incorporated as an account of work sponsored by Gas Research Insti- 
tute (GRI). Neither GRI, member of GRI, Kellogg Rust Synfuels, 
Inc., nor any person acting on behalf of any of them: 

a. 

b. 

Makes any warranty or representation, express or 
implied, with respect to the accuracy, complete- 
ness, or usefulness of the information contained 
in this report, or that the use of any informa- 
tion, apparatus, method, or process disclosed in 
this report may not infringe privately-owned 
rights, or 

Assumes any liability with respect to the.use 
of, or for damages resulting from the use of, 
any information, apparatus, method, or process 
disclosed in this report. 
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PROCESSES FOR.SNG PRODUCTION 

I • 

2. 

3. 

4. 

5. 

6. 

TABLE OF CONTENTS 

, Introduction and Summary I ~i r 

Conventional Shift mnd'Methanation Process 

Combined Shift and Methanation Process 

Direct Methanation Process 

Comflux Process 

Comparison of Performance/Design Parameters 



1.0 INTRODUCTION AND SUMMARY 

Kellogg Rust Synfuels, Inc. (KRSI) has assembled background 
information for use in evaluating technologies for downstream 
gas processing, specifically Shift and Methanation, as part 
of work with the GRI/Advisors Planning and Strategy (GAPS) 
Committee under GRI Contract No. 5082-222-0754. 

The GAPS Committee chose four representative technologies for 
evaluation. These were: : 

I 

- Conventional Shift Multiple, adiabatic fixed-bed 
And Methanation reactors; Shift and Methanation in 

two stages. 

Combined Shift Multiple, adiabatic fixed-bed 
and Methanation reactors in series and/or series - 

parallel; Shift and Methanation in 
one stage. 

CRC Direct Multiple, adiabatic fixed-bed 
Met~anation reactors; higher outlet tempera- 

tures; Shift and Methanation in one 
stage. 

Comflux Fluid- bed process with internal 
cooling; Shift and Me~hanation in - 
one stage. 

KRSI proceeded to prepare a "Status Summary" report for each 
of the four technologies mentioned above. Their directions 
were to summarize pertinent, recent information within a 
concise report for each process. Each of the Status Summary 
reports is divided into the follo~ing sections, as 
applicable: 

- Genera~ Xnformation 
- Catalyst and Process Development 
- Feedstocks Tested 
- Process Description 
- Performance Data 
- By-Product and Environment 
- "Commercial Plans 
- Advantages and Limitations 
- Techno-Economic Evaluations 
- References 

The Status Summary reports appear in Sections 2.0 through 5.0 
for the Conventional Shift and Methanation, Combined Shift 
and Methanation, CRC Direct Methanation and Comflux 
processes; respectively. These documents comprise a body of 
background information for use in further work. 

I-I 
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1.0 GENERAL INFORMATION 

Developers: The conventional methanation process has 
been developed by several firms, either in 
conjunction with their coal gasification 
technology, e.g., Lurgi, Conoco (Cono- 
Meth), or as a stand-alone application, 
e.g., catalyst vendors such as Haldor 
Topsoe, BASF, etc. Several engineering 
firms have the capability to design the 
process which can use any of the catalysts 
from the recommended by the catalyst 
vendors. 

Reactor Type: The conventional methanation process uses 
multiple adiabatic fixed-bed reactors. 

Feed Gas: The feed gas hydrogen content is adjusted 
slightly above the stoichiometric reaction 
requirement to convert the feed carbon (CO 
and heavier hydrocarbons)to CH 4. The feed 
gas must contain less than 0.02 ppmv H2S 
equivalent sulfur. 

Principal Re&ctions: 
(a) 

(b) 

(c) 

CO + 3H2-------~CH 4 + H20 

CnHm + (2n-m/2) H 2 ----~nCH 4 
i 

CO 2 + 4H 2 ----~ CH 4 + 2H20 

Catalyst 

Operating 
Conditions: 

Products: 

Type: Major constituent of the catalyst is NiO 
on an AloO support The catalyst is 
poisoned ~y3 sulfur. Several grades 
(characterized by range bf operating 
temperatures) of the catalyst are 
available. Different grades may be 
employed at the same time depending upon 
the reactor system chosen. 

The catalyst can be operated between 0- 
1500 psig pressure, and depending upon t~e 
type, between °450°F (inlet) and 900~F 
(outlet). In general, high pressure and 
low temperature favor t~e methanation 
reactions. 

The product gas from conventional methana- 
tion process, after compression and dry- 
ing, will meet the gas interchangeability 
standards for pipeline quality gas. 

2-2 
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Application: 

Status: 

Conventional methanation is better suited 
for coal gasifie~s producing raw gas with 
high H2/CO ratio. Units upstream of the 
methanation step must include 
gas removal and sulfur guard 
as Cp-C a range hydrocarbons 
nateU, the+feed gas should 
free of C 5 hydrocarbons. 

Process is commercial apd is offered by 
many engineering.companies. This process 
is installed in- the Great Plains coal 
gasification plant. 

shift, acid 
beds. -Where- 

will be metha- 
be essentially 

CATALYST AND PROCESS DEVELOPMENT 
|, i, [ , i , 

Catalyst:~ 

The methanation catalysts are used for promoting the reaction 
of hydrogen with carbon oxides. It is also used, though to 
lesser extent, to hydrogenate olefins and traces of oxygen. 
They are nickel oxide catalysts prepared on active, stable 
supports. 

Various types of methanation catalysts were developed and 
studied in the first half of the century. Nickel methanation 
catalysts did not achieve substantial commercial acceptance 
until the late 1950's, when they were incorporated into the 
process schemes of several hydrogen and ammonia synthesis gas 
plants to remove CO. Their usage achieved world-wide 
acceptance in the 1960's when essentially all new ammonia and 
hydrogen plants incorporated methanation catalysts in their 
process design. 

The methanation 
essentially an extension 
terized by a much higher 
wider temperature rise 
conversion per pass. 
activity and thermal 
required to obtain 

catalysts employed for SNG manufacture are 
of these nickel catalysts charac- 
nickel content. They operate over a 

to achieve high carbon oxide 
They are also characterized by high 
stability. The high activity is 
the low residual carbon oxide 

concentration while high thermal stability is required (in 
addition to obtaining high CO conversion) to withstand 
excessive temperature rises that can result from an 
operational upset. 

-| 

g 
-01 

Of the several methanation catalysts offered by the various 
catalyst vendors, the ones offered by United Catalyst Inc. 
(UCI) are representative of the types available for 
application in the bulk methanation process for production of 
SNG. Table I and 2 show the principal characteristics of 
these catalysts. 

2-3 
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Process: 

Development of the conventional methanation process can be 
traced to its original application to hydrogenating small 
quantities of carbon dioxide in NH and H 2 plants, followed 
by methanat'ion of synthesis gas 3 produced from naphtha 
reforming in the Britsh Gas Corporation's CRG methanation 
process for SNG Production (24 Units. totaling 609' MM scfd SNG 
capacity). 

,,4 I , ! 

Cono-Meth offer'ed :by Conoco Inc. was developed at a 
demonstration plant operated with syngas generated by a Lurgi 
dry-bottom gasifier at BGC's Westfield facility in Scotland 
during 1974. Other process licensors include Lurgi, Parsons, 
Haldor Topsoe (Tromp methanation), etc. The process design 
is also available from any of the several A/E companies in 
conjunction with catalyst vendors. 

3 . 0  FEEDSTOCKS TESTED 

Synthesis gas streams found in NH., H 2 and Olefins plants 
have been successfully methanated c~mmercialiy. In relation 
to SNG production, methanation of gas from naphtha reforming 
has also been demonstrated commercially. 

Bench scale and pilot plant work has been carried out by' 
several catalyst vendors to study catalyst activity and life - 
over long durations (6 months) using simulated synthesis gas. 

As mentioned previously, at BGC's facility in Westfield, 
Scotland, a demo unit was operated in conjunction with Lurgl 
gasifiers producing 2.1 MM scfd SNG (979 Btu/Scf) over a 
period of two.months (2). 

The first U.S. commercial scale "Coal-to-SNG" facility, i.e., 
the Great Plains Project using North Dakota lignite was 
recently brought on-stream. It employs conventional 
methanation process designed by Lurgi. 

1 
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I. 

II. 

TABLE 2 

METHANATION CATALYST 
TYPICAL CHEMICAL AND PHYSICAL PROPERTIES 

III. 

Catalyst Type, Form and Size 

Catalyst Type 
Form 
Size 

Chemical Composition 
1. Composition (dry basis) 

NiO 
A~L203 
Na 
S. 
C (graphite) 
CJ, 
CoO 
Fe203 
Si02 

C150!-4-03 
Tablets 
1/4" x 1/4" 

3/16" x3/16" 

Weight Percent 

75_ 5 
22_+2 
<0.05 
<0.05 
2-3  
<0.02 
<0.01 
<0.10 
<0.10 

. 

H20 
CO2 

Other Major Constituents (as received) Weight Percent 

<5.0 
<3.0 

3. LOI to Constant Weight at: 
1000°F <8.0 

Physical Properties 
A. Bulk Density, Ibs./cu. ft. 
B. Surface Area, m2/g 
C. Pore Volume, cc/g 

58--- 5 
225 -.+ 25 

0.45 -0.55 

:f! 

* Loss On Ignition 

Source: Ref. 8 

2-6  
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4.0 PROCESS D E S C R I P T I O N  

A conventional methanation process consists of multiple reac- 
tors and a recycle gas system. The recycle gas is used to 
limit the temperature rise across a reactor. The feed and 
recycle gas streams are split and fed in various proportions 
dependingupon catalyst used in the reactor beds and to meet 
the SNG product gas specifications. In general, the recycle 
gas flow can be minimized by going to higher numbers of reac- 
tors. Thus economic optimization will establish exactly how, I 
many reactors, the ratio of recycle gas to feed gas and how ' 
the gas streams are split among the various reactors. A 
simplified process flow diagram (Figure l) shows the typical 
arrangement of the equipment. 

The main characteristics of the conventional methanation pro- 
cess are: 

- Shifted Feed gas with a 
stoichiometric ratio of 3.0. 

H2/CO ratio greater than 

- Feed gas conta'ining 
total sulfur. 

less than 0.02 ppmv H2S equivalent 

- Reactor inlet temperature of at least 450°F. 

- Lastoreactor , operating at much lower outlet temperature 
(600 F) to produce a gas containing less than 0.1 mol% CO 
concentration after dehydration. 

Several other schemes have been proposed as modification to 
the basic process described above, and are discussed below. 

Wet Methanation (Ref.6): Instead of using recycle gas, use of 
steam to limit the temperature rise in a reactor bed. Prin- 
cipal advantages are: simplicity (no splitting of feed among 
reactors) and conditions suppressing carbon deposition re- 
actions. However, study has shown wet methanation does not 
have favorable economics over use of recycle gas methanation. 

Methanation in presence of COp (Ref.2): CO 2 is used as a heat 
sink by leaking higher amounts from the upstream acid gas 
removal unit. Study has shown this approach is not econom- 
ical since it would require a downstream acid gas removal and 
trim methanation units. Optimally, CO 9 leakage from the AGR 
system should be no higher than allowed by the product 
specifications. 

Other schemes involve use of various operating conditions. 
The conclusions from these studies indicate that the 
economics of the bulk methanation process can be improved by: 

- Use of methanation 
ature rise (Reactor 
to 950°F). 

catalyst 
outlet 

operating with higher temper- 
temperatures presently limited 

- Use.~ warm or hot gas recycle as used by Lurgi to maximize 
recoV'ery of high level, steam. 
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5,0 

Use of reactors other than adiabatic reactor, such as boiling 
water reactor with catalyst in tubes and liquid phase 
methanation have been proposed. The former is licensed by 
Haldor Topsoe as IRMA methanation process while the latter is 
under development by Chem Systems Inc. 

PERFORMANCE DATA 

Laboratory scale performance da~a on the UCI-SNG methanation 
catal~ysts are shown in Tables~ 3 through' 6 and Figures 2 
through 4. Simulated synthesisl gas was used in these tests. 

Results of semi-commercial testis conducted jointly by Lurgi- 
Sasol using coal gasificationi synthesis gas are shown in 
Table 7 and Figure 5. The feed gas contained a rather large 
amount of CO 2 which was removed after methanation to give 972 
Btu/SCF gas. The advantage of retaining CO 2 during the meth- 
anation was said to be that the amount of unreacted hydrogen 
could be decreased. The preferred catalyst was supplied by 
BASF. After 4000 hours of operation, the catalyst retained 
good'activity indicating expected life of the catalyst to be 
16,000 hours. No carbon was detected in catalyst after 4000 
hours. Steam was injected into the process to avoid carbon 
deposition (7). 
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6.0 

7.O 

BYPRODUCT AND ENVIRONMENT 

The byproduct of the methan.ation reaction is water. Since 
the feed gas has no sulfur, the condensate from the process 
requires no special treatment and can be reused as process 
water makeup. 

COMMERCIAL PLANS 

has been sucessfully demonstrated, ati Conventional methanation, 
semi-commercial scales using coal derived synthesis gas,' 
e.g., by BGC at Westfield, Scotland and Lurgi at Sasol, South 
Africa. 

The conventional methanation process is employed at the Great 
Plains project in North Dakota, U.S.A. This is the first 
commercial scale coal-to-SNG facility in U.S.A. 
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TAB L E 7 12=r~-S,m~ ~ ~ l'bmt: c , .  ~ - , ~  
~ u ~ r  

Main Final 
Methanacor D-2 Metbanator D-3 

Synthesis Reactor Reactor Reactor Reactor 
Temperature (°C): ga~ Inlet Outlet Irde[ Outlet 

Bow rate, wet (N. 270 300 450 260 315 
I~/br~: , , 18.2 96.0 89.6 8.2 7.9 

CJm.S composition (vol ~ )  
CO~ 13.0 19.3 
CO 15.5 4.3. 
H I  60. I  21.3 
el-t, 10.3 53.3 
C," 0,2 O.l 
NWAr 0.9 1.7 
HIO (v:v dry gaS) 0.0 0.37 

21,5 21,5 2}.3 
0.4 0.4 0.05 
7,7 7.7 0.7 

&8,4 68.4 75.9 
0.05 0.05 0.05 
2.0 2.0 2.0 
0.50 0.04 0.0~ 

E-. 

°. 

II 

• E1 Dt E2 G1 D2 E3 
Frelh Secomd TOUt! Recycle Main T|r gas 
fled ructOr teed compre~o, methanauon heat 

h~tter heater ra~ctor exchange 

D1 

El E3 

O I ~ -  "~=,Jl G1 

t t t L.........I.; 
~ , ~ s . .  ~ ~ t~yo,~ N~troger, 

gas 

E4 F 1 D3 E5 F2 
Mare Mare Fma[ Final Final 

methanahon methanat;on me'~ar~t~on rne~ematlor, mezhanauon 
product condereu'te reactor product  condensate 

gat cooler ~4rator cooler L'~aralof 

F~cQ;~ '"' '--" i,c . . . . . . .  

IL 

1 
T 

Fi 

I D3 

LIC LIC 

: , 

FI G. 5 Flowsheet of the Lurg1-Sa~ol methanad~ pilot plant 

~ - ' ~  PrOclu¢~ 
IF2 

Source: Ref 7 
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8,0 ADVANTAGES AND LIMITATIONS 

9.O 

Advantages 

o Offers use of demonstrated catalyst. 

The process is equally applicable to any gasification 
technology since it requires pretreatment of feed. Raw 
gases containing high H~/CO and steam/dry gas ratios 
generally haze an, advantage, in using conventional i methan- 
ation since Sh'ift is minimized, 

O The product of conventional 
any further treatment such 
drying and compression are 
quality gas. 

methanation does not require 
as acid gas removal. Only 
needed to produce pipeline 

o The process does not produce undesirables such as COS and 
sour water, 

0 Hydrocarbons in raw feed gas are upgraded to lighter 
products by the raw gas shift. 

0 Light hydrocarbons (C2-C4) are either 
hydrocracked to methane in methanation. 

hydrogenated or 

0 Large quantity of high level 
product. 

steam is produced as a 

Limitations 

o Sulfur in the feed gas must be removed before feeding to 
methanation reactors, to avoid catalyst poisoning. 

o Some processes may 
carbon deposition. 

require addition of steam to avoid 

+ 
o Heavier hydrocarbons (C 5 ) will 

to deposit carbon. 
however have a tendency 

TECHNOIECONOMIC EVALUATIONS 
,i , , , , 

Tables 8 and 9 show the contribution of gas cost for conven- 
tional methanation process in coal-to-SNG facilities using 
Westinghouse and Lurgi gasifiers. 

Z 39"" :-- ' 2 - 9 



TABLE 8 

CALCULATION OF CONTRIBUTION TO GAS COST 
CONVENTIONAL SHIFT/METHANATION, SYSTEM 

WESTINGHOUSE GASIFIERS 

Coal Type 
Evaluator 
Project Report No. 
Date Published 
Pl&nt Capacity 
Feed to Methanators 
Methane Produced 

N.Dakota lignite 
Kellogg Rust Synfuels,Inc.(9) 
Contract No. 5082-222-0754(6440-07) 
1 9 8 5  

! 250 Billion Btu/day SNG 
84,264 Lb moles/hr 
18,240 ib moles/hr 

CAPITAL COSTS : $ MM (Mid-IS82) 

Installed Eguipment 
Contingency @ 15% 

85.0 
12.8 

DFCI 
Home-Office costs.@ 12% 

TFCI 
Initial Catalyst Charge 

Total Plant Investment 

OPERATING COSTS : 
Produced 

Steam Credit(1500 psig) 
Steam Credit(600 ps£g) 
Consumed 

97.8 
11.7 

109.5 
19.5 

129.0 

-1,250,665 #/hr 
-837,120 #/hr 

@ $ 5.5o/ lOOO Ib 
@ $ 5.5oi 1ooo lb 

Steam(1500 psig) 
Process Steam( 600 pslg) 
Electricity 
Cooling water 
Catalyst & Chemical 

117,280 #/hr @ $ 5.50/ 1000 Ib 
368,962 #/hr @ $ 5.50/ i000 ib 

1,670 Kw @ $ 0.05/ Kwh 
9,030 Gpm @ $ 0.I0/ i000 Ga 

average hourly charge 

TOTAL 

Total Operating Cost, $ MM/yr at 106 % Stream factor = 

CONTRIBUTION TO GAS COSTS : 
Specific Cost, 
$/MM Btu-Yr 

Charge Rate, 
Year 

S/hr. 

-6878.7 
-4604 ..2 

645.0 
2029.3 

83.5 
54.2 

575.3 

-8095.5 

-70.9 

Contribution, 
S/MM Btu 

Capital Related 1.57 0.089 0'.14 
Operating -0.66 1.000 -0.86 

Total Credit -0.72 
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TABLE 9 

CALCULATION OF CONTRIBUTION TO GAS COST 
CONVENTIONAL SHIFT/METHANATION SYSTEM 

LURGI GASIFIERS 

Coal Type 
Evaluator 
Project Report No. 
Date Published 
Plant Capacity 
Feed to Methanators 

i Methane Produced 

N.Dakota lignite 
Kellogg Rust Synfuels,Inc.(10) 
Contract No. 5082-222-0754(8440-16) 
1985 
250 Billion Btu/day SNG 
71,850 Lb moles/hr 

' 15,234:Lb:moles/hr 

CAPITAL COSTS : $ MM (Mid-1982) 

Installed Eguipment(*) 
Contingency @ 15% 

104.0 
15.6 

DFCI 
Home-Offlce costs @ 12% 

119.6 
14.4 

TFCI 
Initial Catalyst Charge 

134.0 
12.5 

Total Plant Investment 1 4 6 . 5  

OPERATING COSTS : 
Produced 

$/hr 

Steam Credit(1500 psig) 
Steam Credit( 600 psig) 
Steam Credit( 60 psig) 
Consumed 

-1,099,198 ~/hr 
-459,363 #/hr 
-676,515 #/hr 

@ $ 5.50/ 1000 ib 
@ $ 5.50/ 1000 ib 
@ $ 3.85/ 1000 ib 

- 6 0 4 5 . 6  
-2526 .5  
-26O4.6 

Steam(1500 pslg) 
Steam( 100 psig) 
Electricity 
Cooling water 
Catalyst & Chemical 

TOTAL 

166,493 #/hr @ $ 5.50/ I000 Ib 
184,864 #/hr @ $ 3.95/ 1000 ib 

2,147 Kw @ S 0.05/ Kwh 
9,167 Gpm @ $ 0.I0/ I000 Ga 

average hourly charge 

Total Operating Cost, S MM/yr at 100 % Stream factor = 

CONTRIBUTION TO GAS COSTS : 

915.7 
730.2 
107.4 
55.0 

365.3 

-9003.1 

-78.9 

Specific Cost, 
$/MM Btu-Yr 

Charge Rate, 
Year 

Capital Related 1.78 0.089 
Operating -0.96 1.000 

Total Credit 

Contribution, 
S/MMBtu 

0.16 
-0.96 

-0.80 

(*) Includes shifted gas cooling & bypass gas cooling. 
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1.0 GENERAL INFORMATION 

Developers: 

! • : 

Reactor Type: 

The combined shift and methanation process has 
been developed by several companies, either in 
conjunction with their coal gasificatiop tech- 
nology, viz., Conoco (SUPER-METH); British Gas 
Corporation (HICOM), Bituminous Coal Research 
Fluidized Bed Process, and Koppers or as a 
stand- alone application by engin@ering com- 
.... ~ R~''M I 'panles and catalyst vendors, e.g., .. . 
Parson's(RM Process) and United Catalyst Inc. 
Most engineering companies have the cap- 
abilities to design the process which use any 
of the catalyst from the recommended by the 
catalyst vendors. 

Multiple adiabatic, fixed-bed reactors in 
series and/or series-parallel arrangement are 
used.  

Feed Gas: The process can handle a wide range of feed 
gases having H2/CO ratios in the range from 
0.4 to 2.4. Typically, when the feed H2/CO 
ratio is less than 1.0, water.and/or s~eam 
addition is required to increase its hydrogen 
content. Also, the catalyst cannot tolerate. 
more than 0.02 ppmv H S equivalent .sulfur. 
However, the RM Process ~as been operated with 
gases containing up to 5 ppm H2S. 

Principal Reactions: 
(a) 

(b) 

Catalyst Type: 

CO + H20 ..... -~CO 2 + H 2 

CO + 3H 2 ---~ CH 4 + H20 

Major constituents of the'catalyst are NiO and 
AI~O~. The catalyst is poisoned by sulfur. 
Se~e~al grades (characterized by range of 
operating temperatures) of the catalyst are 
available. Different grades may be used in 
the same design depending on the reactor sys- 
tem. 

Operating Conditons: 

The catalyst ca6 be operated between 0 and 
1500 psig, and depending upon the type, 
between 450°F (inlet) and 1550°F (outlet) 

3-2 



2.0 

-/ 

Products : 

Application: 

Status: 

The product gas from the combined-shift-metha- 
nation" process, after CO^ removal, compression 
and drying will meet ~the gas interchange- 
ability standards and higher heating value for 
pipeline gas. Other byproducts include pro- 
cess condensate and CO 2. 

The combined shift methanation is better 
suited for coal gasifiers producing raw gas 

i~with H~/CO ratio less than or equal tO~1.0. 
Units upstream of the process must include HoS 
removal and sulfur guard beds. The feed g~s 
should also be free of C5+ hydrocarbons. 

According to the catalyst developers and pro- 
cess licensors, the catalysts available for 
the combined shift-methanation process have 
been extensively tested on a pilot plant 
scale. However, due to the current excess 
world deliverability of natural gas, all the 
plans for the commercialization of these coal- 
to-SNG processes have been delayed with one 
exception, the HICOM Process. 

CATALYST AND PROCESS DEVELOPMENT 

Catalyst 

The use of nickel- based methanation catalyst in ammonia, 
hydrogen, town gas and SNG from naphtha plants has been 
widely practiced since 1960's. 

In the early 70's, these nickel- based catalysts were im- 
proved to operate over a wider temperature rise and a higher 
initial carbon monoxide concentration. Because the carbon 
monoxide to methane reaction is highly exothermic, these new 
catalysts have a much higher thermal stability. Moreover, 
the nfckel content of these new catalysts was increased to 
improve the selectivity of the carbon monoxide-to-methane 
reaction. The. new methanation catalysts for SNG synthesis 
can operate between 550°F and 1550~F. The conventional 
methanation catalysts cannot tolerate temperatures above 
950°F. 
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Process 

The development of combined shift methanaticn processes can 
be traced to its application in town gas and naphtha-based 
SNG synthesis projects in the 60's. Typical processes are 
the CRG (Catalytic Rich Gas), FBH (Fluid'ized Bed Hydro- 
genation), GRH (Gas Recycle Hydrogenation) processes licensed 
and developed by British Gas Corporation; the Gasynthan 
process d=eveloped and licensed by Lurgi Kohle & Mineraloel- 
't#~hnik Gmb!H a~d BASF, 'and the MRG (MetHane Rich Gas) pffocess 
developed by JGC Corporation. 

In the 7O's, interest in coal- based SNG plants prompted the 
development of methanation catalyst, with higher selectivity 
and thermal stability. Process licensors and engineering 
companies in conjunction with'' catalyst vendors began 
developing different combined-shift methanation processes: 

- RM Process by R. M. Parsons. 

HICOM Process .by British Gas Corporation. 

Koppers-ICI Process by Heinrich Koppers Co. and Imperial 
Chemicals. 

- SUPER-METH Process by Conoco Coal Development Company. 

Fluidized Bed 
Research, Inc. 

Methanation Process by Bituminous Coal 

3.0 PROCESS DESCRIPTION 

Reaction Chemistry 

The combined shift methanation 
reactions: 

process is based on the two 

CO + H20 --~C02+H 2 ...... (I) 

CO + 3H2---~CH 4 +H20 (2) 

In reaction I, steam (water) is consumed while in rection 2, 
steam (water) is produced. The combined shift methanation 
process thus minimizes the consumption of steam. These re- 
actions are catalyzed by nickel- based catalyst and can with- 
stand a high temperature. 
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Process 

There are different variations of the combined shift methana- 
tion process, each one being optimized to suit the feed gas 
composition. The SUPER-METH and HICOM processes are designed 
for raw gas from a BGC/Lurgi gasifier while the Koppers/ICI 
process was designed for raw gas from a GKT gasifier. The RM 
Process, however, can be tailored to suit any feed gas compo- 
sition. Simplified process flow diagrams for these processes 

'are~shown :in iFigures 3-I ,to '3-4. ' The BCR's Fluidized~Bed 
Methanator is shown in Figure 3-5. 

All these combined shift methanation processes have the fol- 
lowing characteristics: 

Steam injection and/or water" addition is required to 
provide additional hydrogen in the CO-rich feed gas (via 
the shift reaction) and suppress carbon formation in the 
reactors. 

Feed gas should contain less than 0 02 ppmv H2S equiv- 
alent total sulfur. The RM Process has been operated 
with gases containing up to 5 PPM H2S. 

High pressure steam generation between catalytic reactor 
stages. 

CO_ removal is 
actors. 

required after the bulk methanation re- 

Trim methanation is required in most cases after the CO 2 
removal to meet pipeline gas standards. 

In addition, recycle gas was used in the SUPER-METH and HICOM 
processes to limit the temperature rise in the reactors. 
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HP STE~ 

CO: 
REMOVAL 

I 
I 

i CONDENSATE 
I FR~ $ 

DRYING' 

i- ,  .02j) 
I . !  I 

I , I 
I I I FEED WATER ,¢~",,~ I I . . . ,  . . . . . .  

/ ' ~ FZNA~ ; 
/ T~ I MErHANAT.I ON ! 
L, " , _  I , ' ' 

" ~ " "  W N ~  I 

RECYCLE I 
I , ~  COMPRESSOR' I 

L . m - - ~ . ~ . .  . . . . . . . . . . . . . . . .  . i . i .  II 

. ~ BFW HEATER 
METHANAT I ON 

COI~DENSATE : C~ )PRODUCT • -- 

M 

,IL DESULFURIZED FEED GAS 
1 I F  

J 

I 

Typical Composition of Feed Gas to 
SUPER-HETH Process Units 

M o l Z  
H y d r o g e n  2 8 . 8  
C a r b o n  M o n o x i d e  6 0 . 9  
C a r b o n  D i o x i d e  2 . 4  
M e t h a n e  7 . 0  
CnHm 0.3 
Nitrogen O.& 
W a t e r  0.0 

I 00 .0  

FIG. 3-I SUPER-METH PROCESS 

Source: Ref. 3 
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P U R I F I E D  , ' ,  
SYNTHESIS / ' 

G A S  - ] ~  

N.P. l l e~ ,  l le l~  
IquT I M l ~ 0  

tlE'rNANa'roR 'mI~HANAI"QW 

=., 

LWI,,~ IdNe up WMef 

P~NAL 
IIIfrNAN&TOW 

aa, Ceewq 
Temw,, 

C4mN~I ~ 

°~,%. o ,.o . , = ~ , - - ,  SN~ 
TRAIN 

Typical Gas Compositions from a HICOM Pilot Test 

Component Feed to  HICOM P r o d u c t  from 
Reactor ~ mol HICOM reactor % mol 

CO 12 .6  1.1 • 

CO 2 4 5 . 0  55.1 

H 2 11 .7  5 .5  

CH 4 31.7 39.5 

N 2 1 .0  1.1 

Range of  O p e r a t i n g  C o n d i t i o n s  

Inlet Temperature,'C 

Pressure, bar 

Maximum T e m p e r a t u r e , ' C  

Total Test Time, h 

250 - 320 

25 - 70 

460 - 640 

t 5.000 

FIG. 3-2 HICOM PROCESS Source: Ref. 4 & 5 
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I .I f 

(~ Boiler l~ w a ~  

t 
im 

ill 

~ w ( l l e r  

Rich 4as ~l~ 

¢or~en s a t ~  

I Humidi f ier  
2 Shif t  conver ter  

3 Fi rst  m t h o N I o r  
& S e c ~ d  me t l~n4 to r  

S Third m e t l ~ a t o r  
6 KnoCk-c~l 

7 Dry melhon4tar  

6 HP i l l  drum " 

Raw Coal 1o ~ e  Plant 

Noisture 8.00 % w t ~ h l  
Ash 19.06 " " 
C 5 5 . 6 9  " " 
H &.16 " " 
S 0.72 " " 
N 1.o6 " ° 
0 .tl.IT " " 

Total 100.00 " " 

SNO £x i t  P k ~  

0 . / 3  " " 
H2 1,34J " " 

c k ~  9 S 6 5  " " 
To ld I 0 0 0 0  " " 

Color i fk:  V a l ~  

N i l  5300 Ircol l le;  I 9SAOGTUIIb 
Gross 557S kca l ! kg  ; I 0 0 2 S  " " 

Calor i f ic Value 

Net elgO k¢ol  INm 3 ! 8715 GTUhI¢/ 
Gross 9115 k c o l / N m  3 ; 975 " - 

Gas Ana lys is  C o n v e r s i o n - f f e l I ~ n a t i a n  
• i 

Ent rance  • E xi__~.II 
CO 2 9.gS % Vat 6S.S8 % Vol 
C O  M , 8 7  " " 0 . 1 S  " " 

H 2 32,&7 " " 0.~8 ° " 
N 2 * A I ~ m  0.61 " " 0,90 " " 
CH& 0.10 " * 32.89 " " 

Tatal 100, 00 " " | 0 0 0 0  " 

FIG. 3-3 KOPPERS-ICl PROCESS 

Source: Ref. I 
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DRY FEED 

GAS 

STEAM L 

r l U  
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/ 
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| :  

I/ 
A X 

( - (  
" l '  

T 
r " " - -  

! 

T (D 
I 
I 

I ~ ~ . . ,U~ 

REMOVAl 

Reactor No.: 

Feed 

1 I 2 3 

Outlet 

4 5 6 
Composition (vol %) 

H= 49.80 54.53 
CO 49.80 13.97 
COl 0.10 25.80 
CI-~ 0.30 5.7O 

i00.00 100.00 
Steam/gas 1.20 0.88 
Pressure (psia) 397 387 
"J'emperature I=F) 900 1424 

48.07 43.09 36.90 22.86 9.29 
18.46 20.63 15.25 5.64 .87 
24.04 23.64 29.21 39.90 46.84 
9,43 12.64 18,64 31.60 43.00 

100.00 I00.00 !00.00 1 0 0 . 0 0  I00.00 
0.56 0,43 0.50 0.65 0.83 
372 357 342 327 312 

1434 1423 1322 ! 119 881 

Source: Ref. 2 
FI G. 3-4 RM PROCESS 
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Product Catalyst Charging 

Catalyst Filters 

Inspection Port A 

I i 
• .., ::...::. 

Q~ 

J 

/ - o . , . .  

. . , . 

• . . • 

L . .  °;io 

I 

: J  , ~, 

Disengaging Zone 
! 

5 Feet 

Finned Cooling Tubes 

Catalyst 

Reaction Zone 

8 Feet 

Coolant 

Intermediate 
Feed Gas 

Q Pressure Tap 

Q Thermocouple . 
Well Gas Distribution Zone 

2 Feet 

Gas 

FIGURE 3 -5  

FLUIDIZED-BED [IETHANATOR 
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4.0 

5.O 

ADVANTAGES AND LIMITATIONS 

Advantages 

Less shifting of the quenched raw gas 
achieve a stoichiometric ratio of H2/CO 
separate shift stage is not required. 

~s required to 
of I; hence a 

The quenched raw gas is desulfurized before the combined 
• !a shift,methanatiDn process Therefore, more concentrated 

H^S acid gas stream can be obtained since the HgS/CO 
r~tio is higher than in the conventional metha~ation 2 
process. 

The CO 2 removal unit cost is lower because the total gas 
volume to be processed is much less in the combined shift 
methanation case as compared to the conventional methana- 
tion process. 

Higher allowable temperature rise in the reactors results 
in greater amount of steam being recovered at high pres- 
sure. The combined-shift methanation process is a net 
producer of high pressure steam. 

Limitations 

Heavier Hydrocarbons in the feed gas will cause deactiva- 
tion of catalyst. 

- Except for the RM Process, other processes cannot 
tolerate more than 0.02 ppmv H2S equivalent sulfur. 

- Steam injection is required to provide additional hydro- 
gen in the CO-rich feed gas. 

TECHNO-ECONOMIC EVALUATION 

In 1981, KRSI completed a techno-economic evaluation of a 250 
billion Btu/day SNG plant from Pittsburgh #8 coal using both 
Westinghouse (now KRW) and IGT U-Gas gasifiers. KRSI de- 
signed the combined/shift methanation area with catalyst 
specifications from Katalco. A simplified process flow dia- 
gram is shown in Figure 5-I. A summary of the material bal- 
ance and economic data is shown in Tables 5-I and 5-2 respec- 
tively. 
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I 

CO 
0 0 2  
H2 
CH4 
N2 & A r  
H20 

TABLE 5 - 1  
DESIGN DATA FOR A COMBINED S H I F T - M E T H A N A T I O N  SYSTEM 

I N  A 2 5 0  B I L L I O N  BTU/DAY COAL-TO-SNG PLANT 

SYNGAS STEAM , SNG LOW-BTU " " ' "  , ' . C , J ~  

PRODUCT FUEL GAS VENT 
Mol ~ Mol % Mol % Mol ~ Mol 
5 3 . 7 5  42  ppm 0 . 0 1  
7.74 2.65 93.81 82.31 

2 7 . 2 5  0 . 7 5  0 . 0 0  
2 0 . 7 0  9 4 . 8 2  5 . 7 2  0 . 4 9  

0 . 4 9  1 . 5 5  0 . 0 1  
0 . 0 7  1 0 0 . 0 0  0 . 2 2  0 . 4 5  1 7 . 2 0  

TOTAL #/HR 
MPH 

i NET 
CONDENSATE 

Mol 

iOO.OO 

S o u r c e :  R e f . 5  

-%.;, 

zSs. . . . . .  

IOO.OO IOO_OO I00.OO iOO.00 " iOO.OO 1OO.00 
1 9 3 4 7 3 0  1 0 9 9 7 4 4  4 9 0 8 2 0  6 7 3 2 3 6  107'~'~9#, 7 9 0 4 ~ =  

92670 61046 29093 15919 27409 43876 
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TABLE 5-2 

CALCULATION OF CONTRIBUTION TO GAS COST 
COMBINED SHIFT/METHANATION SYSTEM 

WESTINGHOUSE GASIFIERS 

Coal Type 
Evaluator 
Project Report No. 
Date Published 
Plant Capacity 
Feed toShift/Meth. 
Methane Produced 

Pittsburgh #8 
Kellogg Rust Synfuels,Inc.(6) 
FEE2778-45 
July 1981 
250 Billion Btu/day SNG 
92,670 Lb moles/hr 
18,332 Lb moles/hr 

/ 

Installed Equipment 
Contingency @ 15% 

$ HH (Mid-1982)  

23.8  
3.6, 

Direct Facility 
Constr Investment 

Home-Offlce costs @ 12% 
27.4  

3 .3  

Total Facility 
Constr Investment 

Royalties 
Initial Catalyst Charge 

Total Plant Investment 

OPERATING COSTS: 
Produced 

Steam(800  psig,sat.) 
Steam( 50 psig, sat.) 
Consumed 

30.7 

0.0 
21.6 

E - - m m l u - -  

52.3 

~1,047,200 #/hr 
-591,400 #/hr 

@ $ 5.50/ 1000 Ib 
@ $ 3.85/ i000 ib 

Cooling water 
Catalyst & Chemical 

4,662 Gpm @ $0.I0/ 1000 Gal 
average hourly charge 

TOTAL 

Total Operating Cost, $ MMIyr at 100 % Stream factor = 

$/hr 

- 5 7 5 9 . 6  
- 2 2 7 6 . 9  

28.0 
627.9 

-7380.7 

-64.7 

i. 

Specific Cost, 
$/MM Btu-Yr 

Charge Rate, 
Year 

Capital Related 0.64 0.089 
Operating -0.79 1.000 

Total 

Contribution, 
$/MM Btu 

0 . 0 6  
- 0 . 7 9  

- 0 . 7 3  
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1,0 GENERAL INFORMATION 

Developer: Catalytic Research Corporation 
Palisades Park, New Jersey 
Under contract by Gas Research Ins'titute, 
Chicago, Illinois. 

Reactor Type: 

' ' I 

II I 

The direct methanationprocess uses multi- 
ple adiabatic fixed-bed reactors. The 
catalysts used are t.he GRI Series C-500 
which are sulfur-tolerant'and are immune to 
the deposition of carbon from low water/ 
high carbon content feed gases. 

Reaction: 2 CO + 2 H2----~ CH 4 + CO 2 

i t, 

Operating Conditions: 

The catalysts will promote the direct meth- 
anation for a wide range of feed gas compo- 
sitions (H2/CO ratio from 0.4 to 2.4). 
Operating pressures between 200 and 1000 
psig_ and temperatures between 600 and 
1250°F have been tested. 

Application: Direct methanation process can be applied - 
to synthesis gas from coal gasification or 
heavy oil partial oxidation with low H2/CO 
ratios. 

4-2 



2.0 PROCESS DEVELOPMENT 

In 1974, Catalysis Research Corporation began deveioping a 
sulfur-resistant methanation catalyst. This catalyst develop- 
ment program, from 1974 - 1978, led to two patented catalyst 
formulations: 

- A cerium-molybdenum catalyst, designated as GRI Series 
200 (GRI-C-284); and 

- I A cerium-molybdenum-aluminum catalyst, designated as GRI 
Series 300 (GRI-C-318) 

In 1979, a new family of transition-element oxysulfide cata- 
lysts was developed. These catalysts promote the direct 
methanation reaction with higher activity and selectivity 
than the GRI-C-200 and 300 series. A patent covering this 
new catalyst formulation was issued to GRI and designated as 
the GRI-C-400 and 500 series. " 

In 1981, a series of novel catalyst formulations was dis- 
covered. These formulations show significant improvement 
over the GRI-C-500 series catalyst. These high activity 
catalysts, designated as GRI-C-600 series, can achieve over 
80% CO conversion rate. 

Concurrent with the development of new catalyst formulations 
by CRC, GRI contracted other research organizations to ad- 
vance and guide the direct methanation technology toward 
practical application in future coal gasification plants. 

Until 1983, SRI International was responsible for character- 
izing the properties of successful catalyst formulations 
developed by CRC. The studies were intended to define the 
bulk and surface properties that affect the specific methan- 
ation activity, thermal stability, and deactivation resist- 
ance. 

Institute of Gas Technology (IGT) was responsible for evalu- 
ating theperformance of the catalyst formulations prepared 
by CRC. The catalysts were subject to different simulated 
synthesis gases from leading gasifier types. The effects of 
temperature, pressure, feed composition, and trace constitu- 
ents concentration on catalyst performance were measured and 
used to develop process design data for various processing 
sequences. 

During 1981-1983, C F Braun & Co, developed several con- 
ceptual process designs from the design data collected by IGT 
and from the process sequences recommended by CRC. First- 
pass economic evaluations were performed based on these con- 
ceptual process designs. 

° . , . .  - ,  , , -%  
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3.o OPERATING CONDITIONS TESTED 

Bench scale work has been carried out on the direct methan- 
ation catalysts to provide design data. Synthetic blends 
simulating quenched gases from the Lurgi, BGC/Lurgi, 
Westinghouse, and Hygas processes were tested. 

Feed Gas H2/CO ratio 

H20 cohcentra~io~ in feed gas 

Pressures 

Temperature 

Space Velocities 

0.1 - 3.o 

0 - 40 mole % 

200 - 1000 psig 

600 - 1250°F 

I000 - 16,000 SCF/hr/ft 3 

Sulfur 

(H2S, COS, CS2, CH3SH, 

C2H5SH, C3HTSH, 

and C4H4S) Up to 3 mole % 

Higher hydrocarbons 

(C2H 6, C3H 8, 

C4HIo, C6H 6) Up to 2 mole % 

C6HsOH 

NH 3 

Up to 0.05 mole % 

Up to 0.3 mole % 

4 - 4  
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4.0 PROCESS DESCRIPTION 

Reactlon Chemistry 

The direct methanation process is based upon the direct pro- 
duction of methane and carbon dioxide via the reaction: 

2 CO+ 2H 2 .... -~ CH 4 + CO 2 

This reaction is catalyzed by high activity transition metal 
compounds rather than the conventional nickel catalysts.These 
direct methanation catalysts are not poisoned by the presence 
of sulfur compounds and they resist' deposition of carbon 
deposits at low H_/CO ratios (H2/CO < 2) even with low water 
content in the fe~d gas. 

Process 

Figure 4-I describes a process scheme typical of a direct 
.methanation system. Quenched raw gas is first preheated and 
then enters a series 'of adiabatic catalytic reactors with 
heat recovery steam generators between reactors. 

The methane*content is increased ~o about 36% in the ef- 
fluent from the last methanator. Depending on feed composi- 
tion, the COS content of the gas may increase in the middle 
of the reactor train as a result of the reverse COS - 
hydrolysis reaction. A COS hydrolysis reactor might also be 
required to reduce the COS content to about 10 ppm. The gas 
leaving the direct methanation system is then fed to an acid 
gas removal system where all of the H~S and COS, and about 

L 
99.5% of the CO^ is removed. Zinc oxide sulfur polishing 
units are requi~ed to further purify the gas after acid gas 
removal to a sulfur content less than 0.3 ppmv before the gas 
enters a trim methanator. The trim methanator is a fixed-bed 
catalytic reactor using a conventional nickel cataIyst and 
operated adiabatically on a once-through basis. 
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IST STAGE 2ND STAGE 
METHANATOR METHANATOR 

COS HYDROLYSIS 
REACTOR 

FEED FROM 
$ 

RAW GAS COOLING 

TO ACID GAS 
REMOVAL 

48 F " 40,O'F 

CW 

BF'W 

I 

_ _ °  

° . .  

FIGURE 4-I 

DIRECT METHANATION SYSTEt~ 

m 

o . 
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5.O PERFORMANCE DATA 

The kinetic data obtained from bench scale catalyst testing 
were correlated into kinetic expressions. The following rate 
equations apply to performance at 950°F. 

Where, 

rCH 4 = 

22.67 PCO PX 2 0 . 5  

: r - ~ ,(4) 
' ; 1.15 ' CX4 (1.0 + 0.085 PC02) 

PCO PX20 
" ( 1 . 0  - ) ( 5 )  rX20 0.296 PCO 2 px2 

0.2208 PCO 2 PH2 

rate of methane productio~ 
of reactor, m ~ (NTP)/hr/m ~ 

per hour per unit volume 

rH20 

Pi 

rate of wa~er production per hour per unit volume of 
reactor, m"(NTP)/hr/m ~. 

partial pressure of species i (i : CO, H m C-O~ .vH~0) 
at any point in the reactor, atm (I 2~ 26. 13 
MPa). 

(Source: Ref. 2) 

Table 5-I shows sample test results of the GRI-C-529 cata- 
lysts conducted by the SRI International. 
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Space 
Veloc£ ty 

. . . . . . . . .  

TABLE 5-1 " 
RATE OF PRODUCT FORMATION DURING DrR~CT METHANAT~ON 

CATALYZED BY GRI C-529- " 
i '{ : : " 

Eate of CO Consumption Ea~e of Product Formation 

rco ( c ~  • s ± .  "1 • k -z )  

¢m 3 • ,,in-1 " 9 - 1 )  rCH4 re02 
i l l  

2700 

4800 

12000 

4.6 2.3 • 0.I 2.3 • 0.i 

6.6 3.2 • 0.2 3.6 • 0.2 

9.5 4.6e0.2 4.8 eO.2 

Pressure 

Temperature 

Space velocity 

Feed gas composition (volZ) 

14.33 arm (200 ps ig )  

783 K (510°C) 

4800 hr  "1 

39 CO 

44 H 2 

17 CH 4 

0,25 H2S (2500 ppm) 

, I ;  
i 

Source: Ref. 4 
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6.0 

7.O 

/ 

BYPRODUCT AND ENVIRONMENT 

The byproducts of the direct methanation reaction are CO_ and 
water. Since the feed gas is not desulfurized, DrocessZcon - 
densate would have to be treated in a sour water stripper to 
remove dissolved H^S, COS, and CO 2 before it can be used as 
process/boiler fee~ water make-up. 

The production of COS from H~S and CO may also pose an addi- 
tional concern lib some of ~he aci~ gas removal iprocesses. 
However, this is dependent on the feed gas composition, de- 
pending on which there may even be a reduction in the COS 
content of the product gas leaving the direct methanation 
reactor. 

ADVANTAGES & LIMITATIONS 

Advantages 

The sulfur tolerance of direct methanation catalyst 
permits acid gas r~moval after methanation from a much 
smaller volume of gas with a higher CO 2 partial press- 
ure. In a conventional system, if beginning with equal 
molal quantities of carbon monoxide and hydrogen, the 
removal of acid gases after shift conversion requires 
removal of one mole of CO 2 from five moles of gas, since 
the shift reaction is: 

2 CO + 2H 2 + H20 ----~CO + 3H 2 + CO 2 

With direct methanation, again with a 1:1H /CO ratio, 
one mole of CO 2 must be removed from two mole~ of gas: 

2 CO + 2H 2 ~ CN 4 + CO 2 

Thus, the partial pressure of CO~ would be 2-I/2 times 
as great after direct methanation ~elative to that after 
conventional shift conversion. There£ore, a physical 
solvent process, which typically requires lower energy 
as compared to a chemical solvent process, can be used. 

By limiting or eliminating shift conversion and by not 
requiring steam in direct methanation to avoid carbon 
deposition, the process steam demand would be signifi- 
cantly reduced. 

Operation of the direct methanation catalyst at tempera- 
tures higher than normal for conventional methanation 
would allow the recovery of more high quality steam. 
This, along with the previous item, would lead to the 
reductions of capacity and cost of the coal-fired steam 
generation systems. 
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Limitations 

The H'~/CO ratio in the feed gas determines the process- 
ing s~quence necessar~ prior to methanation. 

N I  I 

The formation of COS, in certain cases, via reverse COS 
hydrolysis reaction, might cause a problem in subsequent 
acid gas removal step. 

Meth~nation ,reactors must procesls a la~g'e volume of ~ee . 
gas because CO 2 and H2S are not removed prior to methan- 
ation. 

4-I. 0 
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8.0 

19.0 

COMMMERCIAL DESIGN DATA 

A summary of the design data for a Direct Methanation system 
of a 238 Billion Btu/day ~oal-to-SNG plant is shown in FIGURE 
8-I. The feed gas is from the gasification of Illinois #6 
coal in BGC/Lurgi gasifiers. Table 8-I shows the contribu- 
tion of gas cost for direct methanation process in a coal-to- 
SNG facility using Lurgi gasifiers. 

I 
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TABLE 8-1 

CALCULATION OF CONTRIBUTION TO GAS COST 
DIRECT METHANATION SYSTEM 

LURGI GASIFIERS 

Coal Type 
Evaluator 
Project Report No. 
Date Published 
Plant Capacity 
Feed to Methanators 
Methane produced 

CAPITAL COSTS : 

N.Dakota lignite 
Kellogg Rust Synfuels,lnc.(9) 
Contract No. 5082-222-0754(8440-25) 
1985 
250 Billion Btu/day SNG 
i08,042 Lb moles/hr. ' : 
12,175 Lb moles/hr. 

$ MM (Mid-1982) 

Installed Equipment(*) 
Contingency @ 15% 

DFCI 
Home-Office costs @ 12% 

TFCI 
Initial Catalyst Charge 

Total Plant Investment 

90.0 
13.5 

103.5 
12.4 

115.9 
11.1 

127.0 

OPERATING COSTS : 

Produced 

Steam Credit(1500 psig) 
Steam Credit( 600 psig) 
Steam Credit( 60 pslg) 
Consumed 

-1,271,704 ~/hr 
-248,910 #/hr 
-724,499 ff/hr 

@ $ 5.50/ 1000 Ib 
@ $ 5.50/ 1000 Ib 
@ $ 3.85/ 1000 ib 

Steam(1500 psig) 
Steam( 100 psig) 
Electricity 
Cooling water 
Catalyst & Chemical 

TOTAL 

112,577 #/hr @ $ 5.50/ 1000 Ib 
53,220 #/hr @ $ 3.95/ 1000 ib 
1,118 Kw @ $ 0.05/ Kwh 
8,142 Gpm @ $ 0.10/ 1000 Ga 

average hourly charge 

Total Operating Cost, $ MM/yr at 100 % Stream factor : 

CONTRIBUTION TO GAS COSTS : 

Specific Cost, 
$/MMBtu-Yr 

Charge Rate, 
Year 

; i 

$/hr 

-6994.4 
-1369.0 
-2789.3 

6 1 9 . 2  
2 1 0 . 2  

5 5 . 9  
4 8 . 9  

5 6 5 . 1  
_ _ . . _ _ _ _  

- 9 6 5 3 . 4  

-84.6 

Contribution, 
$/MMBtu 

Capital Related 1.55 0.089 0.14 
Operating -1.03 1.000 -1.03 

Total Credit 

(*) Includes raw gas cooling and trim methanation, 

-0 .89  

I e 
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1,0 GENERAL INFORMATION 

Developer: 

Licensor: 
I 

Thyssengas GmbH, Duisburg and 
Didier Engineering GmbH, Essen 
Federal Republic of Germany 

Thyssengas GmbH, Duisburg 
Federal Republic of Germany 

spon, o  : i 

Typ~ ,.'" 

Gov~ernment of Federal Republic of Germany, 

The Comflux process is a catalytic (nickel cata- 
lyst), pressurized fluid- bed process to convert 
CO-rich gas into Substitute Natural Gas (SNG) in 
a single-stage, i.e. shift conversion and 
methanation in one step. The reaction heat is 
recovered to superheated HP-steam. 

5-2 ° 
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2.0 PROCESS DEVELOPMENT 

The Comflux process was developed: in three stages. 

The first stage of the development was performed between 1976 
and 1981 in a semi-technical test plant on the premises of 
Ruhrchemie AG in Oberhausen. A 1.30 ft. diameter (0.4 meter) 
and :26 ft. high (8.0 meter) reactor ~as operated for more than 
7000 hours to produce up to 12300 ft~/hr SNG. 

j l ' ,  , : r " i  ! 

After establishing the process concept in the semi-technical 
test plant, design of a pilot plant was started in 1979 for 
second stage development. A reactor with I:D. of 3.3 ft. (I.0 
me~er) and 36 ft. tall with an anticipated capacity of 8800 
ft~/,hr was constructed at the same site. Start-up of the 
pilot plant took place in 1981. The plant was operated for a 
cumulative on-stream time of 8000 hours by end of 1984. Test 
results are reported in Section 4.0 of this report. West 
Germany's Federal Government funded more than half of the 
pilot plant's expenses, estimated at $25 million. 

The thirdstage of the development will be the construction of 
a full scale demonstration plant with a 9.8 ft. (3.0 meter) to 
15 ft. (4.5 meter)~ ID reactor having a capacity to produce 
1.41 to 4.24 MM ft~/hr of SNG. Due to the changes in the 
energy market over the past few years, Thyseengas has not 
completed this stage yet. 

m 
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3.O PROCESS DESCRIPTION 

The Comflux process is a catalytic (nickel catalyst) 
pressurized fluid-bed process to convert CO-rich gasification 
gases into Substitute Natural Gas _(SNG) in a single step. 
Most gases produced from coal inherently contain much less 
hydrogen than required for a methanation reaction: 

CO + 3H 2 --~ CH4 + H20 + Heat 
, ! I~ ' , 'i I 

Hence, part of the carbon monoxide must be reacted with water 
to form additional hydrogen using the water-gas shift 
reaction: 

CO + H2 0 ~ CO 2 + B 2 + Heat 

The Comflux process performs both these reactions simul- 
taneously in a single reactor with complete CO conversion. 
The water formed in the. methanation reaction is available for 
water-gas shift reaction. Thus, a gas with a H^/CO ratio of 
less than 3 can be methanated without adding water. 

A schematic diagram of the Comflux fluidized bed reactor is 
shown in Figure 3-I and a simplified process flow diagram is 
shown in Figure 3-2. The desulfurized feed gas is preheated 
against the product gas to the reaction initiation temperature 
and then fed into the reactor. The gas fluidizes the powdery - 
catalyst, and both methanation and water-gas shift reactions 
take place simultaneously in the fluidized bed. The axial 
temperature gradient in the fluidized bed is extremely small, 
and the reactor is operated under high loads almost 
isothermally. Hot catalyst particles cool down sufficiently 
fast by mixing with colder particles and by contact with 
integrated heat exchangers, so that the high heat of the 
methanation reaction causes no superheating of the bed. The 
reaction heat is utilized to generate high pressure 
superheated steam. The product gas with less than 0.1% (vol) 
CO, is then cooled and the process water is condensed. If the 
feed gas has H2/CO ratio of less than 3.0, the CO 2 formed with 
the reaction, must be removed to meet the pipeline quality 
specifications. The resulting product gas is SNG with a 
heating value of 926 - 1016 BTU/SCF and chemical properties 
identical to natural gas. 
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SIMPLIFIED PROCESS FLOW DIAGRAM 
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4.0 PERFORMANCE DATA 

Semi-Technical Test Plant 
Operating Conditions: 

Output Capacity: 

Pressure 

Temperature 

H2/CO Ratio 

Recycle/Feed Ratio 

Gas Velocity 

SNG Production, Vol %: 

3500 - 12300 FT~/HR 

290 - 87O PSI 

752 - 932°F 

1.8 - 3 Vol/Vol 

O - 0.5 Vol/Vol 

0.16- 0.82 FT/SEC 

I 
I 
I 
I 
I 

Methane 

Hydrogen 

Carbon Dioxide 

Gross Heating Value: 

Pilot Plant Operation Data 

Reactor Diameter 

Reactor Height 

86 - 96 

2 - 8 

2 - 6 

926 - 1016 BTU/SCF 

3.28 ft, (internal) 

36.0 ft. 

I 
I 
I 
I 

Pressure 

Fluidized Bed Temperature 

Feed Gas 

H2/CO Ratio 

Recycle Gas Ratio 

190 - 87O PSI 

840 - I020°F 

112,000 - 400,000 SCF/hr 

2.0 - 3.0 Vol/Vol. 

0 - 0.3 Vol./Vol. 

I 
I 
I 

Gas velocity 

SNG Production 

-0.16 - 1.O ft/sec. 

45,000 - 112,O00 SCF/hr 

Steam Production 

Steam Temperature 

Fluidized Bed Height 

Catalyst Charge 

Catalyst Particle Size 
Dis~r:iS~tion 

t 

Z77 
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1.0 - 5.2 t/hr. 

700 - 890°F 

6.4 - 12.9 ft. 

0.8 - 1.6 tons 

10 - 400 microns 
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i 

I 
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5,O ADVANTAGES ~ND LIMITATIONS 

Advantages 

The process performs both water-gas shift reaction and methan- 
ation reaction simultaneously and produces pipeline quality 
gas in a single fludized bed reactor. 

The shift and methanation reactions can be combined even with 
a H2/CO ratio of two without adding steam. With small amounts 
of steam, SNG can be produced from gases with a H2/CO ratio as 
low as 1.5. 

Conversion of heat of reaction into super-heated high pressure 
steam with minimal loss. 

Operation of the reactor without or with only a small amount 
of recycle (recycle ratio 0 to 0.5 vol/@ol). 

The process will have fewer reactors and other associated 
equipment than a conventional multistage fixed-bed methanation 
process with a separate shift-conversion. This would probably 
mean less capi'tal investment. 

The process will have lower utility'requirements than a con- 
'ventional shift and methanation scheme which would be 
reflected in the final gas cost. 

Limitations 

Loss of catalyst by attrition 

Feed gas has to be desulfurized before" feeding into the re- 
actor. 

Scaleup of the process to define fluidization behavior, 
erosion of bed internals and heat recovery must be 
demonstrated. 

5-8 • Z78 
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6.0 

I 

COMPARISON OF PERFORMANCE/DESIGN PARAMETERS 

The GRI/Advisors Planning and Strategy (GAPS) Committee was 
established to develop a plan for guiding research in the 
areas of fossil fuel gasification and downstream gas pro- 
cessing. As part of the work, the committee has developed 
a procedure for evaluating Shift and Methanation processes 
by setting up performance criteria to evaluate processes. 
This allows the identification of specific advantages and 
disadvantages of various processes and to establish te- l 
search goals for process improvement and new pro'cess de- 
velopment. The "Musts" in Shift/Methanation technology are 
shown in Table 6-I. The technical crfteria and standards 
developed for Shift/Methanation technology appear in Table 
6-2. A brief description and explanation of the same is 
provided where appropriate. Table 6-3 summarizes the 
performance of the four (Conventional Shift and 
Methanation, Combined Shift and" Methanation, CRC Direct 
Methanation and Comflux) processes. All the data in Table 
6-3 are extracted from the respective Status Summary 
reports and from the public 
that these data. are based 
resources; as more data are 
the public by the licensors, 
Footnotes at the end of 
additional clarification, 

sources. It should be noted 
on current publicly available 
developed or made available to 

this table could be updated. 
the table are provided for 
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TABLE 6-1 

'MUSTS' IN SHIFT/METHANATION 
TECHNOLOGY SELECTION 

The shift/methanation technology being considered must: 

I. Be d e v e l o p e d  such that the basic cocept is confirmed. 

2. Be able to treat gas from "at least one gasifier. 

3 .  Be c a p a b l e  o f  p r o d u c i n g  a p r o d u c t  g a s ,  a f t e r  C02 a n d  
w a t e r  r e m o v a l ,  i s  i n t e r c h a n g e a b l e  w i t h  t h e  p i p e l i n e  g a s .  

4 .  Be c a p a b l e  o f  p r o d u c i n g  a p r o d u c t  g a s  h a v i n g  a h i g h e r  
h e a t i n g  v a l u e  (HHV) g r e a t e r  t h a n  950  BTU/SCF a f t e r  
C02 a n d  w a t e r  r e m o v a l .  

5. Require no exotic materials of construction. 

6 .  I n v o l v e  n o  s o l v e n t  o r  p r o c e s s  r e a g e n t  w h i c h  i s  r e g a r d e d  
a s  h i g h l y  t o x i c  o r  h i g h l y  c a r c i o g e n i c .  
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CRITERIA 

1.1 

1 .3  

1 ,5  

1 .7  

2 .1  

2 . 2  

3 .1  

FOOTNOTES 

EXPLANATION 

SULFUR IN FEED GAS - The UCI version of combined 
S/M Process cannot accept sulfur in the feed gas; 
the RMP Process can accept up to 5 PPMV sulfur in 
the feed gas. 

C5+ HYDROCARBONS IN FEED GAS - Presence Qf C5+ 
hydrocarbons in the feed gas will have a tendency 
to deposit carbon in the conventional, combined 
and Comflux processes. 

H^/CO RATIO IN FEED GAS - The combined and direct 
m~thanation processes can aecept any range of 
H2/CO ratio. 

CO 2 IN FEED - The Comflux process calls for 
upstream CO 2 removal, while the conventional 
process requires CO 2 removal prior to the 
methanation step. 

CO CONVERSION CAPABILITY - The Direct Methanation 
and Combined shift and methanation processes 
cannot produce pipeline quality SNG because 
excess steam and/or CO^ in the effluent gas 
artificially dilute the ~outlet CO content and 
thus trim methanation is required. 

H 2 CONVERSION CAPABILITY - Just as for CO, 
unconverted H~ remains in the exit gases of the 
Direct and Combined Methanation processes'. 

ENERGY RECOVERY - Wheff steam is added to the 
process gas, energy recovery is reduced due to 
the requirement of condensing the extra steam, 
resulting in loss of a portion of the recoverable 
heat to the cooling medium. 
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CRITERIA 

3.3 

f 

4.1 

5.5 

6.5 

6.11 

EXPLANATION 

ENERGY CONSUMPTION - Primary considerations are 
steam addition to the process and multiple 
reaction stages, which cause added loss of heat 
during interstage cooling. The Conventional 
process requires recycle gas compression, steam 
addition at shift and at least 4 reactor stages. 
The Combined process requires steam addition and 
at least 5 :reacto~r stages.. Direct Methanation 
requires at least 3 reactor stages but does not 
need steam addition. Comflux Methanation may not 
n e e d  either steam addition or gas recycle and 
uses a single fluid-bed reactor. 

SOUR WATER PRODUCTION - The Conventional process 
requires steam addition at shift; subsequent 
condensation of that steam causes an extra sour 
water load. 

TEMPERATURE RISE - The temperature rise allowed 
by a catalyst is proportional to the fractional 
conversion in an exothermic reaction. Therefore, 
the higher the temperature rise, the greater the 
fractional conversion and fewer reaction stages 
are required for a given total conversion. 

CARBON DEPOSITION - Steam addition is required to 
avoid carbon deposition in the Combined process 
and in the shift step of the Conventional 
process. Since the Comflux Methanation process 
uses a similar catalyst as the Combined process, 
a similar requirement is expected there. Direct 
Methanation does not require steam addition. 

MECHANICAL DURABILITY - The catalyst in the 
Comflux process was judged superior since it must 
operate in a fluid bed. The Conventional process 
catalyst was then judged better in strength than 
the Combined process -catalyst and the Direct 
Methanation catalyst. 
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CRITERIA 

7.2 

: 7.4 

8.1 

8.2 

EXPLANATION 

COMPLEXITY - The Direct Methanation and the 
Conventional processes were judged to be about 
the same in balance-of-plant complexity. The 
Comflux process was seen as more complex while 
splitting of the acid gas removal units caused 
the Combined process to be even more complex. 

FLEXIBILITY: GASIFIERS - The Conventional 
process was judged to be most flexible since the 
feed to the methanation reactors is practically 
the same for any and all gasification processes. 
Direct Methanation and Comflux processes may 
require adjustment of gas depending upon the 
gasifier. 

FEED PRETREATMENT - The feed pretreatment steps 
considered were as follows: 

Particulate removal ao 

b. Steam addition 
c. Shift conversion 
d. Sulfur removal 
e. CO 2 r e m o v a l  

Direct Methanation 
Comflux Methanation 
Combined Process 
Conventional Process 

Step a, c 
Steps a, b, d & e 
Steps a, b & d 
Steps a,b,c,d,e 

PRODUCT GAS TREATMENT - The product gas treatment 
steps (other than drying and compression) 
considered were as follows: 

a. Sulfur removval 
b. CO~ removal 
c., TrTm methanation 

Conventional Process. 
Comflux Methanation 
Combined Process 
Direct Methanation 

None required 
Step b, c 
Steps b & c 
Steps a, b & c 
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CRITERIA 

9.1 

11.4 
' ! I' 

! 'I , 

12.1 

12.2 

13.3 

13.4 

14.1 

EXPLANATION 

EQUIPMENT AVAILABILITY - The scaleup of the 
waste-heat recovery and fluid-bed systems of the 
Comflux process may present difficulties; 
existing equipment designs can be used for the 
other processes. 

MECHANICAL COMPLEXITY - 
require internals for heat 
distribution. 

Comflux process may 
recovery and fo~,gas 

CONTROL SYSTEM - Operation of the fluid-bed and 
waste heat recovery systems of the Comflux 
process may require more complex control 
techniques, as compared to the fixed-bed 
processes. 

TURNDOWN -CAPABILITY - Because of the minimum 
fluidization velocity requirement associated with 
the Comflux process, turndown could be a problem. 

MAINTENANCE EXTENT - The Comflux process employs 
a fluidized bed and as such is judged to require 
more routine maintenance than do the fixed bed 
processe§. 

OVERDESIGN REQUIREMENTS - The Conventional 
process was judged most capable to respond 
favorably to variations in the feed gas 
composition, and thus it requires minimum 
overdesign of equipment. 

SOLID EFFLUENTS - The Comflux process is expected 
to generate solid waste in the form of catalyst 
carryover due to attrition in the flui~ bed. 
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FOR SNG PRODUCTION 

DISCLAIMER 

LEGAL NOTICE: This report was prepared by Kellogg "Rust Synfuels, 
Incorporated as an account of work sponsored by Gas Research Insti- 
tute (GRI). Neither GRI, member of GRI, Kellogg Rust Synfuels, 
Inc., nor any person acting on behalf of any of them: 

a . 

b. 

Makes any warranty or representation, express or 
implied, with respect to the accuracy, complete- 
ness, or usefulness of the information contained 
in this report, or that the use of any informa- 
tion, apparatus, method, or process disclosed in 
this report may not infringe privately-owned 
rights, or 

Assumes any liability with respect to the use 
of, or for damages resulting from the use of, 
any information, apparatus, method, or process 
disclosed in this report. 
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1.0 INTRODUCTION AND SUMMARY 

Kellogg Rust Synfuels, Inc. (KRSI) has assembled background 
information for use in evaluating ~echnologies for down- 
stream gas processing, specifically acid • gas removal, as 
part of work with the GRI/Advisors Planning ~nd Strategy 
(GAP) Committee under GRI Contract No. 5082-222-0754. Using 
pertinent references and in-house "information, KRSI de- 
veloped a list of 29 technologies for acid gas removal. ' The 
listing has been tabulated in Se,ction 2.0] For each 
process, the name and location of the developer, a capsule 
description of process, typical operating conditions, number 
of units built or in operation and other comments are in- 
cluded. The listing has also been identified for the type 
of process (absorption, adsorption, or cryogenic distil- 
lation), type of solvent (chemical or physical), mode of 
operation (selective and/or non-selective) and major con- 
taminants removed (H2S, CO 2, oil). 

The GAPS Committe•e chose five representative technologies 
for further evaluation. These were: 

- Selexol Absorption, physical solvent, selective 
and non-selec•tive, CO 2 and H2"S: 

- Rectisol Absorption, physical solvent, selective - 
and non-selective, CO 2 and H2S. 

- Benfield Absorption, chemical solvent, non- 
selective, CO 2 and H2S. 

- CNG Absorption, physical solvent, selective 
CO 2 and H2S. 

- Ryan-Holmes Cryogenic distillation, selective CO 2, H2S 
"and C 2 . 

KRSI proceeded to prepare a "Status Summary". report for each 
of the five technologies mentioned above. Their directions 
were to summarize pertinent, recent information within a 
concise report for each process. Each of the Status Summary 
reports is divided into the following sections, as 
applicable. 

m 

D 

General Information 
Process Development 
Solvent Characteristics. 
Process Description 
Commercial Design Data 
Advantages and Disadvantages 
Commercial Installations ' 
References 
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The Status Summary reports appear in Section 3.0 through 7.0 
for the Selexol, Rectisol, Benfield, CNG and Ryan-Holmes 
processes, respectively. With the list of processes, these 
documents comprised a body of background information for use 
in further work. The Ryan-Holmes process was later deleted 
from the evaluation, for the reason it has not yet been 
applied or proven to process synthesis gas from coal 
gasification units. 
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