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1 INTRODUCTION

aedstock

The conversion of a mixture of carbon monoxide and hydrogen

1.1. Alternatives to crude oil as chemigal

(synthesis gas) to aliphatic hydrocarbons. originated by Fischer and
Tropsch 1, gnables the chemimal industry to replace crude oil as chemical
feedstock by coal, natural gas or other carbon centaining materials for
the production of (synthetie) fuels, light olefins and other important
chemicals. As this time coal seems to be the most promising carbon source
to substitute oil in the future. since the recoverable resources proven
and estimated are by far the largest of fossil fuels in the world 2. In
the past coal waz already used for the production of synthetic transport
fuels. In 1936 Ruhrchemie installed a Fischer-Tropsch plant with an
annual capacity of 200.000 tens of hydrocarbons 3. During the last year
of World War II the installed capacity in Germany was enlarged to 600,000
tens/annual 3. The discovery of large ©il desposits in the Middle East in
the mid-1950s terminated the use of coal for the preoduction of fuels.
Since that pariod the Fischer=-Tropsch progess 13 economically
unattractive. The temporary rise of the crude oil prige during the
seventies cauged a revival of interest in the Fischer-Tropsch route which
led to a large amcunt of research at universities and industry. Because
the 0il price strongly decreased commercialization did not take place.

Political reasons and the availability of large resources of cheap
coal resulted in the erection of a Fischer-Tropsch plant in Basolburg,
South Africa which started eperation in 1955 4. This and much larger
plants at Becunda, which =tarted operation in the early nineteen-
eightees, provide a large percentage of the fuels and chemicals in that
countyy which are derived from crude oil elsewhere.

Energy strategy reasons and the availability of remote natural gas
fields may lead to the utilization of natural gas as alternative
feedstogk for transport fuels 3, According to a commarcially available
process of Shell (Bhell Middle Destillate Process), zynthesiz gas with an
Ha/CO ratio of about 2 can be converted into fuel gas (C3 and Cy), LPG
and liqguid transport fuelz. The synthesis gas is obtained by partial
oxidation of natural gas. In this process a high selectivity for heavy

paraffing and wax is obtained by the use of a Co satalyat promoted
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with Ze, Ti and/or Cr ©. The wax fraetion iz hydrocenverted ovar a noble
metal catalyst into liquid fuels.

Instead of the Fischer-Tropsch route, synthesis gas can be converted
inte methansl as well, from which €1 - &5 hydrocarbons ¢an be produced
via the Methanol-To—Gasoline process of Mobil using a ZEM-5 catalyst 7. A
commercial natural gas to gasoline plant using this technolegy is running

in New Zealand sinse the end of 1985 8,

1.2, The uge of a glurry reactar for the Fissher-Teopsch synthesis

The early Fischer=-Tropsch plants installed by Ruhrchemie made use of
fized-bed reactors. The technology of this type of reactor together with
that of a high temperature circulating fluidised bed reactor. developed
by M.W. Kellogg, were used by 3SASQL leading to the start of a plant in
1955. These reactors are the only types used commercially. The slurry
phase system, developed by Kolbal and Ackermann, has only reached the
pilot plant scale at Meerbeck in 1952-1953 9, Although the three phagze
bubble column cperated succesfully, commercialization was not
economically attractive due to the enormous supply of crude oil by which
almogt all activities dealing with synthesis gas were terminated. In the
mid=-1970s the research concerning the Fischer-Tropsch route revived
leading to a renewal of interest in the slurry phase system. Despite
sevearal ceompanies having built pilet plants with a slurry reactor. again
commercialization did net occur because of the lower oil prices but alse
due to lack of experience in commercial geale operation resulting in the
choige of a down flow fixed-hed reactor in case of the Shell Middle
Digtillate Process.

Nevertheless, the slurry reactor possesses a number of advantages 9;
1. Uniform temperature in the reactor
2. High catalyst and reactor productivity
3. A catalyst efficiency of about 1
4. Good heat transfer
S. Zimple construction and therefore low investment costs
Besides, the Hp/CO inlet ratio may be lower than 1, whereas fixed-bed and
circulating fluidised bed reactors ugually operate at & ratio of 2 or
higher to prevent plugging and agglomeration of catalyst particles by the

formation of wax. The formation of heavy hydrocarbons. however. does not
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affect the performanca of slurry reactors as long as the liquid viscosity
stays low at the reaction conditions. As will be pointed out in Chapter 2
an Hz/CO inlet ratio below 1 is only acceptable if the catalyst itself er
a co-catalyst exhibits a high water-gas ghift activity. Az a consequence
of the allowable low H3/CO inlet ratio. the zlurry reactor may use
synthesis gas directly from the second generation eoal gasifiers. These
gasifiers., British Gas/Lurgi pPilot, Koppers/Totzek and Texaco Pilot .,
operate with a low steam usage by which the thermal efficiency increases
to 0.46, 0.56 and 0.68 respectively instead of, for exanple 2.1 obtained
with a conventional Lurgi gasifier 18, Higher thermal efficiency means
potentially lower-cost gasification which is impartant because the
predominant costs of a complete Fischer-Tropsch plant is associated with
the coal gasification 11, A caortain disadvantage of the bubblie column
reacter is that the residence time behaviour of the liquid phase may
approach the behavicur in a stirred tank reactor while that of the gas
phase may be deviate substantially from plug flow. This results in a
lower synthesis gas cenversion and lower selectivities of primary
products which can undergo secondary reactions. On the other hand. mixing
the liquid phage iz essential for catalyst suspension, promotes the
uniformity of the liguid phase for whigh reason the synthesis gas may
contain such a high concentration of garbon monoxide.

The use of small catalyst particles in a slurry reactor may cause
solid liquid separation problems. Aecording to Farley and Ray 12 the best
method inpvestigated on pilet plant scale proved to be that of simple
gravity separation. Kolbei 3, however, reported that centrifugal
separation of the hot slurry is a suitable method. In case of iron
catalyst particles Kuo 1l showed that the settling of catalyst particles
can be accelerated by the use of magnets at 204°C. The settling time
decreased from 3 to 1 hour due to the magnetie forces. It can be
concludad that the separation of small catalyst particles on a large
gcale cannot be carvied out with filter systems. Separations by settling
at a high temperature sesmg to be a reliable methed by which a

sufficiently high separation rate iz obtained.
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1.3, Aim and outline of this investigation

the Fischer-Tropsch synthagzis is a suwitable way of converting coal-
derived synthasis gas to hydrocarbons. These are of interest not only for
the production of transport fuels but also as a feedstock for the
chemical industry. In the latter case, the lew olefins are the prefered
compounds .

The slurry reactor. especially the bubble ecolumn reactor, seemg the
most promising for the production of low olefins with a high selectivity
at a high conversion level.

This study is focussed on the production of low olefins in & slurry
reantor, especially at high pressure, a high conversion level and & low
Hz/C0Q inlet ratio. The work is particularly aimed at understanding the
factors that determine the selectivity in industrially relevant
conditions.

Two types of catalysts are included in this study. From previous
research in this laboratory 1% RuFe/Si0; appeared to be a promising
catalyzt for making low olefinz. However. thiz catalyst has only been
investigated at a low conversion level, Therefore. the performance of
RuFa/8i0; has been studied under industrial conditions in the slurry
phase {(Chapter 3}. The performance of this catalyst has beén compared
with that of a potassium promoted fused iron catalyst which is similar to
the type used commercially (Chapter ).

The effect of the gas-liquid mass transfer on the ogverall reaction
rate was separataly determined in a three-phase bubble column using a
rapid hydrogenation reaction under Fischer-Tropsch conditions (Chapter
4). This is justified az the Fischer-Tropsch aynthesis aver iron
gatalysts i approximately first order in hydregen, provided the
gonverzsign lavel is not very high, 3pecial attention has been paid to the
influenca of the type of the gas distributer, liguid height.
concentration and diameter of solid particles. The effect of the reactor
type on olefin selectivity has bheen investigated in a glurry bubble
eolumn with external recycle of the gaseous products together with
uncenverted synthesis gas {Chapter 5).
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2 CATALYTIC PERFORMANCE OF POTASSIUM PROMOTED FUSED IRON IN THE SLURRY
PHASE

2.1. Introduction

Promoted iron catalysts have been applied industrially for the
Fischer-Trapseh synthesis during many years. These catalysts appear to be
stable when synthesis gas with a high Hz/CO ratio is converted in the gas
phase. Industrial Fischer-Tropsch catalysts are not commercially
available. However. they are closely related to the commercial ammonia
catalysts. An ammonia catalyst was therefore selected for thiz study. As
pointed out in the general introdugtion, the application of a slurry
reactor offere a number of advantages including the important benefit of
being able to use a low HpsCO inlet ratio. Hemce, special atteption is
given to the catalyst performance in the zlurry reacter at a low Hap/CO
ratio and a high conversion level as these ars the conditions of
industvial importance, especially in a slurcy reactor.

Before presenting the catalytic performance of the catalyst in the
slurry reactor. the problem of accumulatien of hydrocarbons in the

reactor will be discuzsed.

2.2 Materials and catalyst

All the gases (hydrogen. carbon menoxide, nitrogen, helium, argen.
ethene apnd carbon dioxide) were obtained from eylinders supplied by
Hoekloos or ALr Products. The purity of carbon monoxide and the other
gazes exceeded 99.%5 and 99.9% respectively. Before addition to the
reactor, the gases were separately purified by a reduced copper catalyst
(BASF R3-11) at 130°C and by a molecular sieve $A (Union Carbide) at room
temperature.

The catalyst was a commercial fused iron ammonia synthesis ecatalyst,
supplied by Sid-Chemie and denoted asz C73. On an unreduced weight basis,
it contains approximately 1.7% K0, 2.7% AlpQ3. 0.8% Cal, 0.3% Mg0 and
<0,1% 8i0y. The promotors are unevenly distributed over the surface
(measured by means of XP5 analysis) and the concentration on various
particles varies enormously (measured by means of AAS analysis).

The catalyst was reduced with hydrogen for 70 h at 450°C, atmospheric

preasure and at a space velocity of at least 30 ml (20°C, 1 bar)/ig
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cat.min) in a fixed-bed reactor. After reduction the specific surface

arsa was approximately 15 m2/g (BET methed. nitrogen adsorption).

2.3 Apparatus

A schematie drawing of the experimental apparatus is shown in Figure
2.1. The beld lines indicate the flow path of the wain gaz stream during
continuous operation. The equipment is almost entirely made of stainless

steel.
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Fig. 2.1 Experimentai set-up of the silurry reactor unit;<(l) Mass Flow
controller; (2} Qil supply vessel; (3) Stirrer motor with
magnetic transmission (4) Autoclave with electric heating: (5)
Cold trap: (6) Pressure regulator valve; (7) Calibration
mixture; (8) Washing-bottle; (9) Expansign valve: (107

Soap-film meter; (11) Wetwgas meter
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Reactor. The synthesis wag carried out in a Q,%=liter autoclave provided
with a variable speed magnetic drive. The reactoer contains four baffle
bars (6 mm wide) spaced 30°C apart. The agitator is a 36 mm diameter

2 and

turbine impeller. The impaller has 8 flat-bladed disks, each 156 mmw
iz placed 35 mm above the vessel bottom. The autoclave is heated by
registance wire which is wrapped tightly arcund the reactor wall, The
amount of heat is regulated by a PID temperature controller (Eurctherm
070) which controls the liguid temperature within = 0.5°C, as measured by
a type K thermocouple.

The exact temperature waz measured by a second thermocouple connected
with a flat-bed recorder (Kipp BD40). The two thermocouples were
initially lecated in a thermowell filled with paraffin oil but the well
became covered slowly with carbon. This caused the reliability of the
temperature measurement to become wnreliable. Therefore, the thermowell
was removed and the thermocouples were placed directly in the liguid
phaze. Gas iz sparged by 2 0.5 mm bore tube placed in the bottem of the
vessel. Studies in a reactor made of glass show that a stirrer speed of
about 200 rpm iz required to gugpend 15 wti of 45-90 pm unreduced iren
partigcles (hexane. 20°C).

Gag flow. The flow of all gagses (four different gases could he connected
simultaneously to the reactor system) were regulated by mass flow
controllers baged on heat econductivity (Hi-Tee F 201). A calibration
curve was constructed for each type of gas and controller hefore the
start of a batah.The cutlet gas flow rate was measured with a soap-film
flowmeter or & wet-teést meter. During a run the inlet gas flow could be
checked via a hypass.

Product sampling. The composition of the reactor cutliet gas flow was
measured on-line via a heated sample lina which was located ahead of the
cold trap. A large amount of wvolatile productsy was condensed in this
apparatus. The cold trap contained a large gquantity of plates whiach
appearad to ba necessary for remeving very fine liguid dreplets in the
gas flow. These liguid droplats ¢an plug the orifice of the pressure
regulater and this causes large variations of the reactor pressure. A run
without catalyst particles at representative temperature and pressure
(250°C, 9 bar) showed that no reaction occurred. This proves that the

wall of the reactor is effectively inert and cracking of zqualane is
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negligible.

Liquid carrigr. Squalane (%,6,10,15,19,23=hexamethyloctanosane, CagHpz)
was applied as liquid phase. This relative expensive hydrocarbon haz a
melting peint below room temperature which fasilitates its handling,
Squalane (Fluka AG, purity >95%) contains small amounts of sgualene., The
boiling point of squalane is 350°C at atmosphaeric pressure. Below 300°C
zqualane is thermally stable.

Operating procedure. Continuous experiments lasting more than 800 hours
with one catalyst batch have been performed. Operating conditicns were
changed at intervals of 10 to 24 hourz. The reactor system, including the
on-line gas analysis. opevated 24 h per day without interruption.
Possible changes in gatalytic activity or gelectivity were monitored by
periodically repeating a standard experiment,

Analysis. Hydregen. carbon monoxide and carbon dioxide ware separated
over a molsieve 13X column (T = &0°C) in a HPS700A gaz chromatograph with
a ICD. Argon was used as garrier gas. Usually only the hydrogen signal
wag integrated. Carbon monoxide and carbon dioxide were separated over a
porapak ¢ column (T = 90°C) in a HPS5710A gas chromategraph with a TCD.
For this analysis helium was uzed as carrier gas. O te C3 olefins,
paraffing and alcohols were separated over a porapak Q08 column (T = 95°%C)
in a Pye 104 gas chromatograph equipped with a FID. C; to Cg hydrocarbons
were analysed with a Carlo Erba FID FL4BO after separation sver a
n—opctane/poracil C column. Thiz column was attached in the oven of the
HPF5710A gas chromatograph (T = 90°C).

The signals of the detectors were connected alternately with a
HP3392A integrator via a CB40%2BEM dual 4d4=-channel anzlog multiplexer which
wag controlled by a mechanical time switech. A cvemplete analyszis could be
carried ouk every 2 houres.

The chromatographs were regularly calibrated for €; to €3 hydro-
carhbons, Hy, CO and €0z . The response factors of C4"CB hydrogarbons are
based on the report of Dietz 1, For a flame ionization detecter these
factors arve nearly proportional to the number of carbon atoms in the

product.,
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2.4 Accumulation of hydroearbons in a stirred laboratory glurry reactoer

2.4.1 Intreduction

In a stirred slurry reactor the temperature control and unifeormity is
achieved by the good heat conductivity and homegeneity of the liquid
phase. However, the presence of a relatively large liguid volume has its
disadvantages when studying rapid changes of the catalytic performance.
Hydrocarbons produced aggumulate in the liquid phase. This accumulation
causes delay in the appearance of the products in the gas phase. A
further delay is causad by the gas holdup in and above the liguid phase.
The time lag between the head of the reacter and the gas sample valve is
negligible.

The reaction conditions affect the accumulation of the products both
in the liguid and the gas phasa. The accumulation in both phases will be
larger at higher pressure because the seolubility in the liquid phase and
the concentration in the gaz phase inereases with ingreasing pressure.
The gas filow also influences the accumulation within the reactor.

It is important to note that if the carbon number inereases the
solubility of the hydrocarbens also increases. Thig means that the time
to attain the steady-state concentration increases with increasing carbon
number, Hence, the apparent selectivity will change until the
steady—state value of the largest hydrocarbon of interest has been
reachad.

In this section the length of the time required for hydrocarbons,
formed by the Fischer—Tropsch reaction, ta reach the steady-state is
caleulated and compared with the walue determined experimentally. In
additien, the effect of the reactor pressure on the accumulation within

the reactar will be shown.

2.4.2 Theorgtical and experimental results

Consider a well-gtirred slurry reactor with a perfectly mixed gas.
liguid and solid phase. It is assumed that the gas phase in and above the
liguid is in equilibrium with the liguid phase. Synthezis gas is supplied
to the reactor and gasecus products are ramoved overhzad together with

uncenverted synthesis gas. The cutlet pressure of component i, pj.
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follows from 2 mass balance over the reactor:

PO Fout ooy oo vy, TSy GO (2.1

RT dt dt

Assuming that the concentratien in the ligquid phase is represented by the

Henry's law, Eq.(2_.1) can be written as

pilt) Four _ U A d pilt) _ Vg . d p%ifj (2.21

e L « O _- " =
RT m; RT dt RT dt

Integration of Eq.{2.2.) and replacement of the actual gas flow Fgu¢ by the
gas flew F¥_ ¢ measured at room temperature, T, and atmospheric pressure.

p*, results in
pi () = p® + (p30 - ™) exp (-bt) (z.3)

with

*
b= Fow® (2.4)
(VG + Vp/milp T*

1 rn i KT
p;® = _ . _F? (2.5}

b T+ voim

In these sguatioens p;0 and p;® represent the pressure of i at t=0 and t==
respectively.FProm the inspection of Eg.(2.4) follews that the time
censtant b depends mainly on the gas flow, the pressure, the liquid and’
gas voluma and the solubility. The gas velume iz enly important for C;-Cy4
hydrocarbons because the value of Vp/m for Cg* hydrocarbong is much
higher than Vi, Reduction of the time constant can be achieved by
increasing the gas flow or degreasing the pressure oy liguid velume.

The length of time reguired to attain the steady-state value of
gaseous hydrecarbons in a stirred Q,5-liter autoclave, as used in this
study. is illustrated by the theoretical and experimental course of the
pressure of various hydrocarbons as a function of time (gee Figure 2.2).
The course of the pressures is shown after a change of the inlet gas
flow,
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Fig, Z2.% Hydrocarbon pressure with respect to the steady-state value as
2 function of time on stream after an increase of the inlet gas
flow. Reaction conditions: pressure = I7 bar temperature = 250
C: Fope = 210 mI (20°C, 1 bar)/min. The data points are
experimental values, The liney closed are calculated according
to Eq.(2.32, Data used: Vy=280 ml; Vg=312 ml; m=2.48, 0.7 and
0.27 (nd;/migs for €7, C3 and (5 respectively which are
calculated according to EFg.(2.60)
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Thig gpecific change of reaction conditiong was chosen because in this
manner the effect of the reaction gonditions on the iatrinsic catalyst
activity is less important than in the case where the pressure or the
temperature is changed. The theoretical lines in Figure 2.2 are
calculated with help of Eq.(2.3) assuming that the production rate of
hydrocarbons 1s econstant. Figure 2.2 shows that the time observed
experimentally to reach the steady-state is longer than the time
predicted. After 4 hours the pressure of €3, C3 and Cg (with respect to
the steady state valug) are 2. 5 and 7% higher than the steady state
value, respectively, This value is reached after approximately 8 hours
for the hydrocarbons shown in Figure 2.2. Taking into account the
possibility that the catalyst activity increases zlightly in the first
hours after a change of the gas flow, the similarity between the time

measured and caleulated iz satisfactory.
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Fig, 2,3 Effect of the carbon number on the time requiced te reach the
steady-state value in the gas ocutlel flew of the stirred
autoclave. The lines are caleulated according to Eg.<Z.3) and

the data given in Figure 2.2
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The time reguired to attain the steady=-state value increases with
inaraasing carbon number dus to the larger zolubility of heaviar
hydrocarbons. Figure 2.3 illustrates the fraction of the steady-state
pressure versus time. Cbviously. the C1p and Ci13 fraction do not reach
the steady-state value within 8 hours after changing the process
parameters under the reaction conditions c¢hosen.

Ag already mentiogned. the time constant b in Bg.(2.4) depends cn the
reactor pressure. Pigure 2.4 shows the effect of the reactor pressure on
the course of the pressure of Cg as a function of time. At low pressure
the steady-gstate value of the products is reached rapidly. However, at a
higher presgsure more time has to elapse before the measured pressure ig
equal to the "inkringic pressure”. Tn this study, thevefeore, the repeorted
performance of the catalyst properties are measured during at least 10
hours. Usually, the reaction conditions were varied after the reaction

was monitored 24 h at a particular setting.
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Fig. 2.4 Effect of the pressure on the time required to reach the
steady—state value in the gas outlet Flow of the stirred
autoclave. The lines are calculated according to equation (2,3)

and the data given in Figure 2.2
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2.4.3 Conclusion

At a modarate pressure (10-15 bar) and a low gas flow rate (1 m?
synthesizg gas/m3 gqualane) a reliabie analygzis of the concentration of
¢1—C7 hydrocarbons, praduced by the Fischer-Tropsch synthesis in a
stirred 0.5-liter autoclave, is only possible when at least 8 hours are
elapsed after setting the reaction conditions. Catalyst properties, which
change much more rapidly and well within the above-mentioned #-hour
period, can only be measurad accurately if the gas flow is increased or

the total pressure is decreased.

2.5 The importance of the water—gas shift activity for the performance of
Fischer-Tropzach catalysts

The Hz/CO cutlet ratioc in a well-mixed slurry reactor determines the
H3/C0 concentration ratio in the liguid which in turn determines the
H3/CO ratio on the catalyst surface, provided maszs transfer limitations
are abgent. The Hp/C0 concentration ratio on the catalyst surface is of
importance for the deposition of carbon which iz the main cause of the
deactivation of Fischer-Tropsch catalysts. The H;/CO outlet ratio is
influenced by the usage ratio 1) whieh in turn is affected by the
water—gas shift activity of the satalyst. This sectien mainly deals with
the relation betwaen the water-gas shift activity of the catalyst and the
H3/CO outlet ratio. In addition. the stolchimetry and the conversion
level will be dizcugsed szince they affect the Ho/CO outlet ratio as well.

The overall reaction for the production of hydrocarbons from CO and

Ho can be written as
CO + (1 + %=}y = CH, + H30 {(2.8)
The product water can be converted to CO; by the water-gas shift reaction:
zL0 ¥ zHs0 *  zCO; + zH; (2.7}

2 being the fraction of the product water which iz converted by the

water-gas shift reaction.Combining of Eg.(2.6) and (2.7) results in the

1) = pet melar ratio in which CO and Has are consumed in the reaction



overall stoichiometry

(L + 2)CO + {1 + %x - z)Hs + CHy + zC02 + (1 — z}ia0

Ag will be pointed out below, the Hp/C0 usage ratio, U, plays an

—-25—

(2.8)

impprtant rele in determining the regquired H3/CO inlet ratio. The overall

stoichiometry shows that the Hp/CO usage ratic depends on the H/C atomice

ratio in the product {(x} and on the fraction of water converted (z):

U o=

The H2/CO
synthesis

(1 + %x -~ =)/(1 + =)

(2.9)

usage ratie for seme typical products of the Fischer-Tropsch

are presented in Table 2.1.

Table 2.1
The Hp/C0 usage ratie (V) for some products of the
Fischer-Tropsch synthesis when z = Q and z = 1 (a

low and high watergas shift activity respectively)

U
Proaduct _ z =0 z =1
CHy 3 i
CaHg 2.5 0.79
CHp 133 2.2 0.58

CoHy 2 Q.5
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Table 2.1 clearly demonstrates that a high water—-gas shift activity is

indispenzable if the Hp/CQ usage vatic has to be lowsr than the value 1.
When the usage ratio is known. the effect of the conversion of CO and Hp
on the Hz/00 outlet ratio, E, can be calculated for a known value of the

inlet ratio (I), The value of the outlet ratio follows gimply from
I I—XHZ
1-¥ro
Both the conversicon of Hy and that of CO can be expressed as a

function of conversion of QO + Hp (XCO+H2)1

(1+I)
o = ReosH; (2.11)
(1+1)
U{1+I)
X, T YCOs4H, — (2.12)
T(1+)
Jubstition of Egs. (2.11) and (2.12) into (2.30) results in
T(1+I)
I - *cowm, -
g = (2.13)
(1+I)
1 - Hogeny, —
{1+U}

By substitution of Eq.(2.9) inte (2.137 the Hp/CO outlet ratio can
be calculated for each degree of conversion of CO + H; when the values of

¥ are known:!

I(2 + %hx) = (1+I)(1 + %hx — =)
B = : : eou, (2.14)

TR R DLy (i xc_ogz
The large effect of the water-gas shift activity on the usage ratie was
already iliustrated in Table 2Z.1. As a conseguence the value of =z
asrrongly effects the outlet ratic as shown in Figure 2.5, Obviously. the
Ha/CO outlet ratio decreases as a function of conversion of CO + Hy if
the value of z iz lower than 0.6. When the Hp/C0 inlet ratio has to be

lower than 1.0, the value which was chosen in Figure 2.3, the value of =z
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CONVERSION OF COsz( -1

Fig. 2.5 The caleulated Hp/C0 outlet ratis as a function of the
conversion of CQ+Hp for various values of z. The Inlgl ratio

(T) is 1.0. The H/C atomic ratic In the product (x) iz 2.32
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has to be higher than 0.4 te avoid that the Hz/CO cutlet ratic decreazes
with increazing conversicn., Note that the value of x. agsumed in Figure
2.5. is near the lowest which is possible for Fischer=Tropsch
hydrocarbons (see Table 2.1). Thig meang that. to convert synthesis gas
with a low Hz/CO ratio. a high water—gas shift activity is absolutely

ezsential,

2.6 The water-gas ghift activity of potassium promoted fused iron

2.6.1 Introduction

It is generally accepted that the water-gas shift reaction is a
consecutive reaction. Initially water is the principal by-product of the
formation of hydrocarbons by the Fischer-Tropsch readtien. Depending on
the rate of the water-gas shift reaction, the water formed by the
Fischer—-Tropsch synthesis will he converted inte COs or removed by tha
outlet gas stream. The water-gas ghiff reaction iz an eguilibrium
reacticon, see Eg.(2.7), of which the equilibrium lies on the COp side for
typical Figecher-Tropsch conditiens. It can be seen from the aguilibrium

constant 2

kg = PC02 il

B 0.0132 exp (4578/T) (2.1%)
FHz0 Pog

that only 1% of the water produced ig not converted inte CO; at 250°C and

for Hp/CO ratio = 0.85. The guestion whether the equilibrium is actually

reached in practice, in relation to the rate of the water—gas shiff

reaction, will be angwered in this gection.

2.6.2 Experimental
About 30 g of crushed (45-90 um) fused iron (C73, Sud—Chemie) was

reduced in a separate fixed-bed reactor with 0.9 1 Hpy (20°C, 1 bar)/ min
at 430°C, atmogpheric pressure, for 70 hr. It was added into the stirred
autoclave without exposure to air and then slurried with 200 g squalane.
The stirrer speed (1000 min™l) was high enough to avoid mass transfer

limitations and to achieve perfect mixing of the gas and liguid phase.
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Two batchez of fused iron have been used the conditions for which are
presented in Tabkle 2.2.

Table 2.2

Experimental conditions

Conditions
Bateh 1 Batch 2
Temperature (=C) 250 230, 250, 270
Prezssure {bar) 1.5 - 9 1.5 - 9
(H3 /CO) foed (-) 0.7 -3 0.67

2.6.3 Regults and digcussion
In prineiple, the water-gaz shift activity can be determined directly
on the baziz of the amounts of water and carbon dioxide produced.
However, the concentration of water in the outlet gas flew is difficult
to measure aceurately by means of gas chromatography or aluminium oxide
gsensors. Therefore, the water—gas shift activity is calculated and
expressed by the value of =z, which represents the fraction of product
water couverted to COs. The value of z can be caleulated in different
ways:
1. Calculation of the value z from the Hz/CO usage ratio and the H/C
atomic ratio in the product according te Eg.(2.9) which can be

rewritten into

z = LU +% (2.16)

I+0

The Ha/CQ usage ratie can be calculated from the measured convergion
of Hp and CO

=
Tt
Xco

U = (2,17}
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2. Calculation of z from the productien of COs and the converszion of CC.

From the overall stoichiometry, Eg.(2.B8), it follows that

(2.18)

Introducing the CO; partial) pressure and the conversion of GO gives
to rise to the following equation:
— pCot1-Xgg) (2.19)
Ben Fog - peOz (1-¥op)

This egquation is prefered for the determination of the valus of 7 because

it is sufficient to know the CQ; partial pressure and CO conversion, It
makes it wore accurate than Eq,{2.16). Rewriting of Eg.(2.19) shows that
the CO conversion divided by l-¥sp increases linearly with the increasing
CO/C0 prassure ratio:

z+1
Yoo , Beoy 12.20)

1-¥zo z Peo

Tegether with data points. this relation iz shown in Pigure 2.5 for
varioug values of =. Despite considerable zcattering of the data points.
the conclusion is justified that the value of z is close to 1 at Z50%C.
Thig high value indicates a high rate of the water-gas shift reaction.
This means that the water—gas shift equilibrium will be attained at
reaction conditions and that application of Eq.(2.15) iz allowed for
caloulation of the water vapour pressure.

As a consequence of the high water-gas shift activity. the Hy/CO
usage ratio ig very low for the catalyst applied here. Thecefora.
synthezis gas with & low H/CO ratio, such as 0.67, can be converted up
to a high degree of convergion, At such a high conversion level the
outlet Hz/CO ratio is congiderably larger than the inlet ratio as shown
in Figure 2.7. The data points in Pigure 2.7 can be fit with Eg.(2,13)
assuming the Ha/CO usage ratio is 0.%55.
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—= pCOy/pCO (-}

Relation between the conversion of CO and the C0p/C0 pressure
ratia. The lines represent the theoretical relalticn (zee
Eq.(2.16)) for various values of z indicated in the figure. The

experimental data are obtalned at Z50°C (run 1)
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2.5.4 Conclusion

The H3/CO outlet ratioc and the usage ratie are strongly dependent on

tha rate

agtivity

of the water-gag shift reaction. Due to the high water-gas shift

of potassium promoted fused ivon the Hp/CO usage ratiec is low

(approximately 0.6) and the partial pressure of water is very low even at

a high degres of conversion. Az a consequence of the high rate of the

water—gas shift reaction ever this catalyst. synthesis gas with a low

Hz/CO ratio can be converted directly te hydrocarbens and cacbon dioxide

as the main side-product.
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Fig., 2.7 The H3/C0 cutlet ratie as a funetion of the conversion of

CO+Az. The reaction conditions are reported in Table 2.2 (run

21, The curve 1g calculated aceording to Eg.(Z.13)



