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Extended Abstract 

-he removal of hydrogen sulfide and other sulfur gaseous compounds 

from the fuel gas of coal gasification plants using iron and zinc oxides 

has been accomplished with promising success. Associated with this de- 

sulfurJzation process is the problem of regeneration of the metal sulfides formed 

back to the oxide state for reuse. For the efficient design and optimum 

operation of process plants, it is imperative that the reaction mech- 

anism for the gas-solid reactions be known as also the gas and solids dis- 

persion and movement in the reactor. In recent years, four mechanistic 

models have been developed and proposed for this purpose. In section II, 

models intended for use in connection with the noncatalytic gas-solid re- 

adtions are briefly described. They are: shrinking core model, homogeneous 

model, grain model and pore model. All the four models have been employed 

to mechanistically describe the desulfurfzation process in a fixed bed of granu- 

lar metal o:~ide. 

Schrodt has investigated in detail both the theoretical and experimental 

aspects of desulfurization and regeneration phenomena. For the former, he 

considered fixed and fluid beds and modeled the process first on the 

basis of a chemical reaction control~ed grain model where the particle grains 

react in a spatially uniform way with a uniform concentration of gaseous re- 

actant. In the second alternative, he adopted the pore diffusion controlled 

'model where the reactant gas diffuses through the interstices of the particle 

and reacts rapidly at a sharp solid-product'-reactant interface limited by 

the diffusion of reactant through the pores. Comparisons of these model 

predictions have been made against the limited experimental data. This 

analysis suggests that neither of the two models could adequately reproduce 

the experimental data over the entire concentration range. The film-kinetic 

model fits the data quite well for the mole fraction range 0.0 to ~0.8, and 
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the film-pore diffusion model fits the remainder of the concentration range 

data. Schrodt also attempted to correlate his regeneration data on the 

basis of film-klnetic model but difficulties arise here due to large tem- 

perature excursions in the reactor temperature due to excessive amount of 

heat released in the oxidation reaction. He, therefore, examined the alter- 

native of a fluidized-bed reactor and found that the shrinking-core model is 

inappropriate to represent the experimental data. On the other hand, he 

found the homogeneous model to be relatively superior. 

Joshi and coworkers developed the shrinking core model by considering 

singly or in combination the three resistances viz., intermolecular~gas 

film, intraparticle diffusion and gas-particle chemical reaction, to mimic 

the desulfurization of producer gas and regeneration of sulfided iron oxide. 

They found that the models are fnadequate to predict the shape of the break- 

through curves as well as in their ability to predict sorption efficiency 

at ten percent" breakthrough. By empirically modifying the expression for 

the film-kinetic model, they proposed an expression between sorption ef- 

ficiency and fractional breakthrough which satisfied both of the above mentioned 

criteria. These workers have further developed their most successful kinetic- 

film model to allow for the different values of the temperatures for the gas 

and the solid. This model which contains three parameters is quite flexible. 

The lack of adequate available data prevented definitive conclusions con- 

cerning the capabilities of the models and all the three simulation models 

are found to be defective to some degree. This is not very surprising in 

view of the general agreement that the shrinking core model is quantitatively 

incapable of simulating gas-solid reaction kinetics for porous solids as in 

the present case of iron oxide-ash. 

A pore plugging model was developed at Giner Inc., under well defined 



approximations to simplify the mathematical formulation'. Thus, the reaction 

rate constant, which in general depends on the sorbent conversion and is 

therefore a function of both reactor location and time, is assumed arbitrarily 

to decrease exponentially with time having a characteristic time constant, 

t .'t represents how fast or slow the sorbent will become inactive either 
P P 

due to saturation or due to plugging of the pores at the external particle 

surface. Further, it is assumed that only the average bed conversion is 

followed so that the Damkohler number is only a function of time and this 

easily leads to the establishment of the hydrogen sulfide concentration as 

a function of time. The model thus has two unknown parameters viz., the 

pore plugging time constant tp, and the reaction time constant t . t char- 
. r p 

acterizes the capacity of the sorbent pellets to absorb hydrogen sulfide 

which monotonically increases with tp. t r represent§ the reactivity of the 

sorbent which increases as t decreases. Both t and t are determined 
r r p 

from the exper'mm@ntal data. The model has been assessed against somewhat 

limited experimental data and is found to be adequate to represent the 

hydrogen sulfide breakthrough characteristics. The latter is more sensitive 

to the •values of t than t . More detailed examination of experimental data .op r 

on the basis of this model is essential for the proper appraisal of the 

model and its specific deficiencies. 

Steinfeld developed a mathematical model for hydrogen sulfide sorption 

in a fixed bed in which the heterogeneous gasrsolid reaction is simulated 

on the basis of a modified grain model. The overall reactor model is based 

on the mass balance for the gas phase and the solid phase on a volume element 

of an intery@l. The bed is regarded to be composed of several equally spaced 

intervals. The continuity equations, which are partial differential equations, 

are thus derived under well defined approximations and are solved by the ex- 

plicit form of the finite difference approximation. Verification of the 

,° 
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model was conducted i D two stages. First, the global reaction rate for single 

particles is e>:amined by comparing the experimental and calculated conversion 

rates for single particles. For zinc oxide, it is found that while the shape 

of the experimental converslon - time curves is reproduced by the theoretical 

calculations, the magnitude of the maximum is not reproduced. The theoretical 

values agree with the initial experimental data but then the curve levels 

off approximately twenty percent below the experimental data. Eumerical com- 

putational difficulties did not permit an adequate check of the reactor per- 

formance. 

• In the light of limited succes~ of these "models in their present form 

to represent the experimental data, a relative assessment of their appropri- 

ateness is given in the last section of this report along with some reconunen- 

dations for future work. 



. 

I. Introduction 

~ny "gasification schemes have been developed for the production of a 

fuel gas from coal which can be piped for direct use. In case coal contains 

sulfur the fuel gas will have sulfur bearing compounds and these must be re- 

moved before fuel gas can be utilized. For scrubbing these sulfur compounds, 

which are mostly hydrogen sulfide and traces of such gases as carbonyl sul- 

fide, carbon disulfide, thiophene etc., several metal oxides have 

been proposed. To accomplish this goal commonly referred to as the desulfuri- 

zation process of the low - Btu fuel gas, Westmoreland, Gibson and Harrison I 

undertook a systematic investigation and recommended a set of eleven metal 

oxides. These a~e oxides of Fe, En, Mo, Mn, V, Ca, St, Ba, Co~ Cu and 

W. These workers, have reported equilibrium fractional desulfurization for 

these metal oxides as a function of temperature in the range 633-1773K and 
,.~e • 

at pressures up to 20 atmospheres. Another comprehensive review effort is 

that of Attar 2 de~ling with the thermodynamics and chemical kinetics of re- 

actions of sulfur in coal-gasification gases. Many recent works have con- 

centrated on the use of iron oxide-fly ash and these will be discussed and 

evaluated in this report in detail with particular reference to the success 

achieved in mathematically modeling the desulfurization and regeneration 

process. The latter refers to restoring the sulfided iron in the fly ash 

back to the oxide state so that the process of desulfurization and regenera- 

tion mmy be repeated in a continuous fashion in an industrial gas scrubbing 

cleanup plant. A successful mathematical model for these processes will pro- 

vide a reliable basis for engineering design and scale-up of coal fuel gas 

cleaning plants. . 
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In the present report recent theoretical modeling .efforts will be ex- 

amined as to their appropriateness for successfully representing the sulfi- 

dation and regeneration processes for the iron oxide either naturally present 

in the fly ash and/or added to it. The basis of such a formulation rests on 

the proper recognition involved in the mechanism of gas-solid heter0geneous 

reactions and related processes. Many idealized models have been developed 3'4 

to mimic such reactions involving two different phases viz., gas and solid. 

We will, therefore, review those models first which have been used with:some 

success to represent the sulfidation and regeneration processes and then evalu- 

ate them by comparing their relative merits of representing the experimental 

data. This will lead us to develop and conclude the success possible on 

the basis of existing models and the direction in which the theoretical 

and experimental effort must be directed to achieve the above outlined goal. 

II. Models For Noncatalytic Gas-Solid Reactions 
b ~ 7 

In the analysis of a chemical reactor involving heterogeneous reactions, 

a comprehensive study of the primary single nonisothermal noncatalytic re- 

action can assist in the substantial simplification of the overall formulation. 

For simplicity we shall consider a single spherical pellet. The'results de- 

rived for the single pellet~can then be used to predict the behavior of a 

fixed bed 5 or to analyze the-operation of a fluidized bed. 6 Heterogeneous 

gas-solid reactions involving'a moving boundary occur freq~entl9 in chemical 

and metallurgical industrial processes including combustion and g~sification 

of solid fuels, reduction of metallic oxides, roasting of sulfides and the 

regeneration of carbon deposited catalysts and hence have been extensively 

" s t u d i e d 6 - 2 8  ' • 

A gas-solid reaction involves heat and mass transfer processes and 

chemical kinetics. Many models for the reactions taking place on a single 

particle of the solid reactant have been postulated. In general, the gas- 

Solid reactions have been broadly treated in two categories. One category 
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assumes that the solid reactant is nonporous to the reacting gas and the 

reaction takes place only at the surface of the solid reactant, The other 

category assumes that the particle of the solid reactant is porous and the 

gas-solid reaction takes place throughout the pores. The porous particle 

has been further treated to account for the microscopic structures of the 

solid pellet by several idealized schemes. A brief description of the 

various models is presented below. 

i. Shrinking Core Model • 

When the porosity of the solid reactant is~very small so that the solid 

is practically impervious to the gaseous reactants, the reactions between 

the gas and the solid will occur at the surface of the solid or At the in- 

terface between unreacted solid and the porous solid product. As illustrated 

in Figure I, we consider a spherical particle having an initial radius R 
O 

being reacted with gaseous reactant A. At first, the reaction takes place 

at the outside surface of the particle, but as the reaction proceeds, the 

surface of the reaction will move to the interior of the solid leaving be- 

hind a porous solid product. During this process, the reaction surface moves 

inward forming an unreacted core which shrinks with time. The external 

radius of the'partlcle may change. For the gaseous reactant to reach 

the surface of the core, it has to move through various layers of the 

resistances in~'series, namely, the fluid film aroundthe surface of the 

particle, the.porous ash layer and the reaction surface at the core. Figure 

i illustrates the resistances in series as well as the concentration profiles 

within the particle. The shrinking core model holds particularly true when 

the chemical reaction rate is very rapid and the diffusion is sufficiently 

slow. Under such conditions, the zone of reaction is narrowly confined at 
o.. 

the interface between the unreacted solid reactant and the product. 

2. Zone Reaction Models 

Difficulties arise when the shrinking core model is applied to the re- 

actions in a porous solid because the gaseous reactant can easily diffuse 
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beyond the interface and spread the reaction throughout the particle pro- 

ducing a gradual variation in the solid reactant concentration in all parts 

of the particle. The reaction models for the porous so&id reactant and 

the gas can be subdivided to include the structural assumption of the 

particles. The following models have been widely used. 

a. Homogeneous Hodel (Also referred to as the Volumetric Reaction Hodel) 

In many cases, the solids contain enough voidage to permit the flow 

of gaseous reactant freely into the pores. The diffusivity.of the gaseous 

reactant through the solid pores is large and invariant during the reaction. 

The solid is considered to be an ensemble of small lumps of reactant dis- 

tributed evenly throughout the solid phase. In this case it is reasonable 

to consider that the reaction between the gas and the solid components is 

occuring homogenously throughout the solid phase. 

b. Grain Hodel 

The pe}let is considered to consist of uniformly sized spherical par- 

ticles. The gaseous reactant diffuses through the interstices and then re- 

acts with ~he spherical particles according to the shrinking core model. 

The reacted zones progressively form increasing cohcentric shells through 

which the reactant gas has to diffuse. 

c. Pore Model 

This model assumes that the reaction takes place at the surface of the 

uniform cylindrical pores contained in the particle. The reactant gasdif- 

fuses into the pores and reacts with the solid surface. Initially this 

reaction occurs at the pore walls but subsequently it will take place at a 

front which moves inward in the lateral direction. The process will then 

require the lateral diffusion of gaseous reactant through the solid product 

layer. 

The concentration of solid and gaseous reactants for the zone reaction 
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models are illustrated in Figure 2(a). The Figure 2(5) also illustrates the 

reaction mechanism proposed for homogenous, grain and the poremodels. 

The gas-solid reaction taking place on the surface of either a macro- 

scopic particle or a micrograin depends on its chemical adsorption of the 

gaseous reactant. A gas-solid reaction can be considered to consist of the 

following steps: 

(i) diffusion of the gas adross the gas film surrounding the solid, 

(ii) diffusion of the gas through the porous ash layer, 

(iii) adsorption of the gas at the'solid surface, 

(iv) chemical reaction with the solid surface, 

(v) desorption, of the gaseous products from the solid reaction surface, and 

(vi) diffusion of the product gases away from~e reaction surface through 

the porous ash layer and the gas film surrounding the pellet. 

These steps take place consecutively and the slowest becomes the rate 

controlling step. However, many reactions are influenced simultaneously by 

more than one step. In general, for the sake of mathematical simplicity, 

the process is viewed to consists of steps (i), (ii), and (iv) with the as- 

sumption that theremaining steps are relatively fast and do not influence the 

rate. These processes are further complicated by the heat of reaction, fluid 

flow, size, shape and the configuration of the solid particles. In view of 

these complications, many investigators, have attempted to analyze the problem 

by introducing simplifying assumptions such as neglecting some of.the reaction 

resistances, or by using a simple form for reaction rate expression or by re- 

stricting the system to isothermal conditions only. Some works have 

accounted for three resistances simultaneously and included expressions for 

the rate of reaction in terms of ~he parameters defining the interphase mass 

transfer, intraparticle diffusion and chemical reaction rate donstants. 

Rehmat and Saxena 29,30 employed the shrinking core model to describe 
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theheterogeneous gas-solid reactions taking place on the surface of a 

spherical solid pellet whose size changes as the reaction proceeds. They 

considered all the above mentioned three resistances and also assumed the 

temperature of the unreacted core to be dependent oh the degree of solid 

reacted as a result of the production of heat of reaction. The other 

models have also been employed to describe the kinetics of sulfidation and 

regeneration of metal oxides and these will now bediscussed in reference 

to individual efforts. 

III. ~thematical Models Due to schrodt 31 

Schrodt 31 proposed and developed two mathematical models for fixed- 

bed reactors on the basis of physical reasoning. The first model describes 

the behavior of a fixed bed when gaseous reactant diffuses through a stagnant 

film surrounding the particles and becomes uniformly distributed in the solid 

reactant where the chemical reaction takes place. This is somewhat similar to 

the above mentioned chemical reaction controlled, grain modelwhere the particle 

t - ° 

grains react in a spatially uniform way with a uniform concentratlon of gaseous 

reactant. The second model describes the behavior of a fixed bed when the gaseous re- 

actant first diffuses through a stagnant film surrounding the particles and 

then diffuses through the pores of reacted solid to reach a receding Narrow 

boundary between the reacted and unreacted solid where the reaction occurs 

instantly. This is the above mentioned pore diffusion controlled model 

where the reactant gas diffuses through the interstices of the particle and 

reacts rapidly at a sharp solid-product - reactant interface limited by the 

diffusion of reactant through the pores. The results obtained for these 

two models andthe assumptions under which they have been derived will be 

enumerated as given by Schrodt 31. 

~ile applying the first model (the grain model) to the sorption of 

gaseous reactant by the solid particles in a fixed-bed reactor, the following 
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assumptions were made 31, 

i. gas flow in the reactor is characteristic of plug flow, 

2. chemical reaction is irreversible, 

3. particles and bed are in pseudosteady state, 

4. during the course of reaction particle temperature remains constant, 

5. particles are always exposed £o a uniform gas composition, 

6. solid reactant is approximated to be a flat plate and is surrounded by 

a porous solid product shell. 

The rate, R~te (I), at which the gaseous reactant or sorbate reaches the 

surface of the particles is: 

Rate (I) = km Pm ap (Yb - Yp)' (i) 

where 

3(l-s) 
a = • (2) 

P ~srp 

Here ap is the surface area of particles per unit volume of packed reactor, 

k m is the gas phase~mass transfer coefficient, Yb is the bulk gas phase sorbate 

mole fraction, y~<is the particle interface sorbate mole fraction, rp is the 

particle radius~o,p m is the bulk gas phase molar density, e is the void fraction 

or bed porosity,-and ~s is the particle sphericity factor. 

The rate, R&te (II), of uniform chemical reaction within the particles is 

Rate (II) = k k Pm Yp (l-e) X ~ Mo, (3) 

where ~ is the specific reaction rate constant, X is the fraction of solid 

available for reaction, ~ is the mole of reactant solid per mole of sorbate, 

and M is the sulfur concentration in thg solid. 
o 

Since th@se two processes occu= in series, their rates must be equal 

at the steady state. The resulting relation may then be solved to give the 

gaseous reactant concentration at the particle interface in terms of known 

quantities, i.e., 
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kmapYb ' (4) 
Yp = "k a ~ X (i - £) ~ M 

mp + o 

Substituting yp from equation (4) in equation (i), the following expressions 

for the Global Rate of reactant consumption is obtained, " ' 

Global Rate 
PmYb x (G/V) 
(G/V) + X (G/V) (5) 

k k (l-t) ~M ka 
o m p 

Here G is the volumetric gas flow rate, and V is the packed bed volume. 

It is customary to express rate expression in terms of a dimensionless 

number. We, therefore, define the film diffusion number, N F , as 

ka 
,. . 

NF m p , . ~ , 
- (slY) ° (6) 

and the kinetic sorption number, N k , as 

(i - e) ~ M 
O ; 

~k - kk (G/V) " (7) 

The relation of equation (5) then becomes: 

PmYb X (G/V) 
Global Rate = (i/Nk) + (X/NF) • (8) 

The reactant mass balance for an element ~Z within the packed bed is 

given by: 
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~Yb Pm Yb X (G/V) 

G Pm @T = - (i/Nk) + (X/NF) 
, ( 9 )  

Let us define the following dimensionless quantities: 

Yb y - 

, Y o  

, ( l O )  

and 

_ Z = .Z .A' 
- L V (11) 

Here G is the volumetric gas flow rate, Yo is the inlet bulk gas 

phase reactant mole fraction, ~ is the dimensionless reactant' concentra- 

tlon, Z is the position in packed bed, Z is the dimensionless position' 

in packed bed, L is the packed bed length, A' is cross-sectional area 

of packed be~ reactor, and V is the packed bed volume. With equations 

(i0) and (Ii) equation (9) becomes: :~ 

m 

8Y Y X 
!+ X--- 
N k N F 

(12) 

A solid phase mass balance for the sorbed g~'s in an element 

~Z of the bed leads to the following relation: 
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~X 
M ° (i- EI-/f = 

Pm Yb X (G/V) 

(1/N k) + (X/N F) 
(13) 

M ° is the ash sulfur capacity and c is the bed voidage. 

the following dimensionless terms: 

Let us introduce 

M (1-~) 
o (14) 

B - 
Pm ~ Yo 

t (G/v) 
- S ' ,(15) • 

a n d  

X --- i - X , (16) 

I 

where X is the dimensionless fraction of reacted solid and cbrresponds 

to the amount of sulfur absorbed when the stoichiometric ratio of iron/ 

sulfur is one. The gas and solid phase mass balance equations (12) 

and (13) with equations (14) - (16) become: 

• L 

~Y Y (I - x) 
, -(17) 

~z ! + (1 - x) 

N NF. 

and 

m m 

3 ! = Y (i - x) 

1 1 -X -- + 

N k N F 

(18) 



The solution of these two partial differential equations gives the dynamic 

behavior of a fixed-bed reactor. 

Equations (16) and (17) were solved by Schrodt 31 following the 

method of Bischoff 32 under the following boundary conditions: 

= 0 for Z > 0, T = '0 , 

Y = I for Z = 0, T > 0 , 

X = 0 for Z >__ 0, • = 0 . (19) 

The solution is: 

1 1- ~ 1 ~ (i - Y) (20) T = in , 
NF i - IY Nk 1 - IV 

where 

;=n" (~NkZ) 
= . (21) 

.V [~,+ (Nk/NF)] 

Equations (20) and (21) may be used to predict the bed efficiency, 3, 

for a specified concentration of reactant, Y, at Z = 1.0. 

For irreversible reactions, 33 X = ~ and equation (18) then 

can be integrated to yield the following result: 

m 

I Y 1 -- 
= -- in + -- In Y + constant . (22) 

Nk i - ~ NF 
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For a sorbent bed which is long enough for the sorbate Concentration 

wave to be fully developed before breakthrough, Schrodt 31 comments that 

the bed efficiency can be closely approximated by equation (22) if the 

basic model is correct and N k and N F are known. Alternatively, equation 

(22) can be used to obtain the dimensionless numbers N k and N F from ex- 

perimental breakthrough data. The values thus obtained can then be cot- 

related with the operating parameters of the system through equations 

(6) and (7). Another approach proposed by Schrodt 31 is to compute k 
m 

34 
from the packed bed mass transfer correlation of Carberry, viz.: 

-0.5 -0. 667 

Here U is the superficial gas velocity, 9 is the kinematic viscosity 
o 

coefficient, and D is the gas phase diffusivity. The reaction rate 
m 

constant k k may be correlated by the following Arrehenius type expression. 

i.e., 

= S exp (-E/RT) 

Here the pre-exponential coefficient S and the activation energy E are 

obtained from the experimental data, R is the gas constant and T is the 

temperature. 

Now a parallel mathematical treatment for the above mentioned second 

model (the pore diffusion model) will be presented for the sorption of 
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.gaseous reactant by the solid particles of the fixed-bed reactor. 

made the following simplifying assumptions: 

I. gases are in plug flow in the reactor, 

2. chemical reaction occurs' irreversibly, 

3. reactant concentration at the particle boundary is zero, 

4. reactant solid is confined in a flat plate of thickness r 
P 

5. pore diffusivities are temperature dependent, 

6. pseudo-steady state conditions prevail. 
i 

Schrodt 31 

-- r , 
o 

The rate at which the reactant reaches the surface of the particles, 

Rate (I), is again given by equation (i). 

rate, Rate (III), is 

The reactant pore diffusion 

3a D (i- ~) 0 m yp(G/V) 
P P 

..Rate (III) = ~s (rp - r o) rp . (G/V) i - X 
, (25) 

wh e r e 

X - (ri - ro)/(r p - r o) . (26) 

The dimensionless ratio X gives the fraction of solid available for re- 

action and the length of the diffusion path is given by (r - ri). a 
p P 

is the particle porosity in particle shell, D is pore diffusivity, and 
p 

the rest of the quantities are the same as defined before and in the 

nomenclature. 

t l ' la t  

A dimensionless pore diffusion number, Np, is defined such 
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3~ D (I - E) 
N ~ P P (~;/V) 

P @s (rp - r  o) rp 
(27) 

Since the processes whose rates are Rate (I) and Rate (III) occur in 

series, they are equal and the resulting equation can be solved for 

the unknown gaseous reactant concentration, yp, such that 

k a Yb m p 
= ~pl (i Yp k a + [ -x)] (c/v) 

m p 

(28) 

Substituting for' yp from equation (28) in equation (i), the Global Rate 

for gaseous reactant consumption is obtained, viz., 

Pm Yb (G/V) 
e 

Global Rate = (G/V) (i - X) (29) 
+ 

N F N 
P 

We can now write theabove derived gas and solid phase material 

balance equations in the dimensionless form: 

m 

I)._~X = Y , (30)  
i)'c 

i + X 

N F N • 
P 

and 

m m 

BY Y 

~g. 1 ~ (31) 

N F Np 
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These two partial differential equations give the dynamic behavior of a 

fixed bed reactor when the gas-solid reactions are represented by the 

pore model with the above listed six assumptions. 

The method of Bischoff 32 under the following boundary conditions, 

m 

Y = 0 for Z > 0, T = 0 , 

Y = I for Z = 0, r > 0 , 

X = 0 for Z > 0, T = 0 , 

(32) 

leads to the following solution of equations (30) and (31): 

2 _2 2 2 -2 _ 2 
N Z + (2 N /N~) (Z in Y) + (Np/NF) (in Y) 

= P P ~ _z +" 

2N (I - Y) 
P 

+ (Np/NF) in Np . . . .  

N F (i - Y) 

(33) 

Schrodt 31 employed equation (33) to predict bed efficiency, ~, for 

specified concentration of the reactant, Y, at Z = 1.0. 

For constant pattern solution to equations (30) and (31), one 

puts X = Y. With this equality, equation (30) can be integrated 

to yield. 

T = _Y + in Y + constant . (34) 
N N F 
P 
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If the concentration profile develops fully before breakthroug h 

occurs, the bed efficiency can be well approximated by equatio n (34). 

N F can be computed from equations (23) and (6), and N is obtained 
P 

through analysis of the experimental data. 

Equations (20) and (33), and the equations (22) and (34) were 

used by Schrodt 31 to predict dimensionless time for exact and con- 

stant pattern solutions for the two models and for selected values of 

the dimensionless rate parameters NF, N and N k. These results indl- 
P 

cared that the model simulation is not sensitive to the values of N F 

above fifty. As the test experimental conditions correspond to N F 

values much larger than fifty, it is apparent that the bulk gas phase 

diffusion is not a controlling factor. Further, as expected when N 
P 

and N k become, infinite, a condition corresponding t'o instantaneous 

reaction rate, perfect sorption is predicted; i.e., all reactant or 

sorbate introduced to the reactor bed reacts instantly with all the 

available solidi reactant before breakthrough occurs. 

It was found that neither of the two models c,ould" adequately ere -- 

produce the experimental data over the entire concentration range. 

The SEM-EDAX analyses showed that iron oxide was concentrated, near the 

surface of the particle's "in a highly porous spongy structure~ while 

some iron oxide remained in the.deep core of the particles. As a-re- 

sult, the film-kineticmodel fits the data quite well for the mole- 

fraction range0.0 6o ~0.8, and the film-pore diffusion model fits the 

remainder of the concentration range data; i.e., ~0.8 to 1.0. The 
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film-kinetic model was found to fit the data for concentrations up to 

= 0.74 for lO00°F, ~ = 0.80 for 1200OF, and ~ = 0.86 for 1400°F. 

N k is expressed as 

Nk S [exp (-EIRT)] (i - e) ~I ('35) 
= (G/V) ~ (T/530) (l/P) o 

O 

or alternatively in the form 

Nk (G/V)oT E 
In M P = - R-~ + in [530 S ~(I - e)]. (36) 

O 

A plot of the left side of equation (36) versus (l/T) is a straight 

line, the slope of which gives (-E/R) and hence E, while the inter- 

cept gives S. The values ~ and E thus obtained by Schrodt 31 are found 

to be in good agreement, with the values reported by other investigators~ 

I 

.The upper portion of the breakthrough curves$ Y = 0.8 to i:0, is 

adequately represented by the filmpore diffusion'model.. Schrodt 31 

evaluated the pore diffusion number, Np, from the:analysis of his ex- 

perimental.data and the relation of equation (34)" obtained on the con- 

stant pattern solution for this .model. Equation (27) was then utilized 

to estimate the pore diffusivity coefficient, D .. This was found to be 
P 

of the order of i0-~ ^ to 10 -4 ft2/hr, which is characteristic of the 

Knudsen diffusivity coefficient. Substituting the variation of G with. 

temperature" (T) and pressure (P), and recalling that D ~ /T," equation 
P 
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(27) transforms to 

3D 
N .... P P (i -,e) /-T-/530. " P 
p (G/V) ° . (rp- ro) . rp . *s " (T/530) 

(3.7) 

Schrodt 31 has in~troduced a constant, ~, defined as follows and which is 

found to be independent of temperature and pressure on the basis of 

experimental data, 

: "e.," 
N = 
p (G/V) ° T (38) 

The average value of ~ is 244.5 with the standard deviation of 26.5. 

Equation (38) thus leads to N values which are accurate to within + 11%. 
P 

Each ash will have a different value of ~ as Dp, ~s' rp, (rp - ro ) and 

are different for different ashes. 
P 

Schrodt 31 employed the film-kinetic model to represent his oxygen 

breakthrough curves for the regeneration process. Here in a fixed b~d 

of solid reactant" (FeS), the gaseous reactant (oxygen) diffuses through 

a stagnant film surrounding the particles and becomes uniformly distri- 

buted in solid reactant where the reaction occurs uniformly. Equation 

(7) again defines the kinetic sorption number for this regeneration re- 

action, where a has a value of 4/5 and is the ratio of reactant iron to 

molecular oxygen, and M ° is the ash's oxygen capacity, ib-mol/ft 3 solid. 

The constant pattern solution for this case obtained by setting ~ = ~.. is 

given by equation (22). A series of regeneration runs conducted uslng 



25 

fully sulfided ash at i000 ° and 1200°F, a pressure of one atmosphere 

and a space velocity of 86.2 hr -I with a gas stream containing 5 mole 

percent oxygen in nitrogen were analysed on the basis of equation (22). 

Values of N F were calculated using the known experimental operating 

conditions and the correlation of equation (23) for mass transfer in 

packed beds. Average values of N k were then calculated by a linear 

regression analysis of equation (22). Regeneration reactions rates 

were found to be only weakly dependent on temperature. 

Because the thermal "and reaction zones are congruent, it is appro- 

priate to employ the peak temperature in correlating the regeneration 

reaction rate constant. Schrodt 31 found the following Arrhenius form 

for kk: 

- 1.75 x 105 exp [ -1440/RT ] " " (39) 

In the regeneration of sulfided ash a considerable amount of heat 

is released and so in fixed-bed reactors, the temperature is controlled 

by using relatively dilute streams of oxygen. Another approach to re- 

solve this problem would be to employ fluidized-bed instead of fixed- 

bed reactors and Schrodt 35 has investigated this alternative also. As 

the heat dispersal in and removal rates 36 from fluidized-bed reactors 

are much larger than from fixed-bed reactors, the problem of tem- 

perature excursion is not a serious one. It may be noted that the de- 

sulfurization reactions are only mildly exothermic with a ~H value of 

about 8: kcal/mole-H2S. We will now summarize the salient features of 
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35 
this latter work of Schrodt, particularly in reference to the mathe- 

matical models employed by him to represent his desulfurization and re- 

generation data as taken in a fluidized bed reactor. As in the earlier 

work, 31 here also Schrodt 35 considers the breakthrough curves which in- 

volve the plot of CA/CAo versus dimensionless time, T. T is defined as 

the ratio of the cumulative moles of A passed through the reactor at 

time ~, to the total moles of A needed to saturate the bed. 

If the sorption rate is infinite, all the reactant gas that can 

be absorbed will be absorbed at the instant of breakthrough. This cor- 

responds to CA/CAo = 1 and T = i. In practice, however, the breakthrough 

starts before all the solid reactant is consumed; i.e., when r < I. One 

may, therefore, define a sorption efficiency as the value of T at which 

CA/CAo is equal to a specified value. Schrodt arbitrarily selected a 

value of 0.i for CA/CAo. 

Schrodt 35 has considered the shrinking-core model and has derived 

the necessary equations which can be solved to generate the breakthrough 

curves. He has considered two limiting Simplified cases of this general 

model. In the first case, chemical reaction rate is controlling and both 

the diffusion resistances through the gas film and through the product 

ash layer are negligibly small. In the second case, the diffusion 

through the product layer limits the reaction rate and the resistances 

due to gas film diffusion and reaction are relatively small. The theo- 

retically computed curves of CA/CAo versus T for the first case were 

found to be qualitatively different from the experimental curves, .and 
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even for the second case the d isagreemeht between theory an~ experi- 

ment w~s quite pronounced. He found that even the general shrinking 

core model with all the three resistances was inadequate to represent 

experimental data and, hence, he concluded that the shrinking core 

model fs an unrealistic model to simulate desulfhrization and regen- 

eration processes. 

35 
Schrodt, therefore, attempted to correlate his data using a model 

more appropriate for a porous particle and considered the homogeneous 

model where the reaction may be considered to occur in a pseudo-homogeneous 

fashion throughout the particle. The following assumptions were made in 

the analysis: 35 ." 

I." There are no diffusional resistances and the reactant diffuses 

readily to the reaction sites; i.e., no intraparticie concen- 

tration gradient exists. 

2. The particle temperature and the reactor temperature are con- 

"stant and the same throughout. 

3. ~eaction rate is first order with' respect to the c6ncentra- 

Lion of the reacting gas. 

4. S:uperficial linear gas velocity is constant throughout the 

reactor during the course of the reaction. 

5. The solids in the reactor are perfectly m~xed. 

6. Axial gas dispersion is negligible. 

7. The gas is in plug flow. " 

8. The particles are spherical and their properties do not 

change as the reaction proceeds. 
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Numerical calculations performed with m = 1 in the first-order rate 

equation; 9iz.~ 

-r A = k CAS k #n, (40) 

yielded results which, though much better than with the shrinking models, 

were still not quite satisfactory. The value of m was then arbitrarily 

changed to 1.5, 1.75, 2.0, 2.5 and 3.0, and the predicted breakthrough 

curves were compared with the experimental ones. This comparison sug- 

gested a value of 2 for m. The comparison of experimental and simulated 

curves was also employed to back up the value of the kinetic parameter 

m and was found to vary with the nature of the coal ash. 

In summary, it is reasonable to conclude that the shrinking core 

model is found to be inadequate to simulate the gas-solid kinetics of 

chemical reactions in fluidized beds, while the homogeneous model is 

relatively more successful. As in fixed-bed work, this work also sug- 

gests that the~ioal ash particles must be regarded as porous and the use 

of grain mode ! or pore model for fixed beds is consistent with the use 

of homogeneous model in fluidized beds to simulate the heterogeneous 

gas-soiid react ions. 
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IV., Nomenclature for Section III 

a 

P 

A 

A' 

C A 

CAC 

Cao 

CAS 

D 
m 

D 
P 

E 

G 

k 

k 
m 

L 

m 

M 
O 

N F 

N k 

N 
P 

P 

-r 

r 
c 

r° 
l 

r 
o 

.--...,. 

surface area of particles per unit volume of pscked bed reactor, 

gaseous reactant, 

cross-sectional area of packed bed reactor, 

concentration of the gas component, 

concentration of A at the core of the particle, 

concentration of A in the bulk phase, 

concentration of A at the surface of the particle, 

bulk gas phase diffusivity, 

pore diffusivity, 

reaction activation energy, 

volumetric gas flow rate, 

rate constant 

specific reaction rate constant, 

gas phase mass transfer coefficient, 

packed bed length, 

reaction order with respect to solid, 

sulfur concentration (or capacity) of the ash, 

dimensionless film diffusion number, 

dimensionless kinetic number, 

dimensionless pore diffusion number, 

total pressure, 

radial distance from the aenter of the spherical particle, 

reaction rate per particle, 

radius of the unreacted core, 

radial boundary separating solid 

original radial boundary of solid reactant, 



r 
P 

R 

R' 

30 
particle radius, 

spherical particle radius, 

perfect gas law constant, 

R 
o 

S 

initial radius of the spherical solid particle, 

Arrhenius frequency factor, 

T temperature, 

T 
c 

T 
o 

T 
s 

U 
o 

W 

temperature o~ the unreacted core surface, 

temperature of the bulk gas phase, 

temperature of the outer surface of the particle, 

superficial gas velocity, 

solid reactant concentration, 

X dimensionless fraction of available reactant solid, 

dimensionless fraction of reacted solid, ." 

Yb 

Yo 

Yp 

Z 

bulk gas phase sorbate mole fraction, 

inlet bulk gas phase sorbate mole fraction 

particle interface sorbate mole fraction, 

dimensionless sorhate concentration, 

position in packed bed, 

dimensionless'position in packed bed. 

Greek Letters 

moles of reactant solid per mole of sorbate, 

~p 

8 

particle porosity in particle shell, 

d~mensionless group number defined by equation (14), 

e bed porosity, 

AH heat of reaction 

kinematic viscosity, 

P 
m 

bulk gas phase molar density, 

dimensionless time defined by equation (15) 

s 
sphericity of the particle, 

group defined 5y equation (21). 
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V. Mathematical Models Due to Joshi, et al. 

37-39 
A team of researchers led by Joshi, et al. at Air Products and 

Chemicals developed and examined three mathematical models to simulate 

desulfurization and regeneration processes in relation to the production of 

hot, low Btu (100-140 Btu/scf) producer gas :with iron oxide sorbents in a 

fixed bed at 1200°F and 150 psig. This APCI effort, which was rather 

broad-based and included both experimental and theoretical aspects, was 

essentially in support of the development efforts in progress at Morgantown 

Energy Technology Center, West Virginia. The APCI experimental program, 

results, and their comparison with theoretical models is given by Joshi 

and Leuenberger. 37 A later report 38 gives the design details of the ex- 

perimental unit and mathematical details associated with the development 

of desulfurization an~ regeneration models. Joshi, et al. 39 deal with 

the economic analysis of the process and further assess the APCI model 

on the basis of regeneration data produced at Morgantown Energy Tech- 

nology Center previously known as Morgantown Energy Research Center. 

Consistent with the scope of our present report, we will consider here 

37-39 
only the mathematical simulation models given in these ~eports. 

The shrinking core, the film, and the film-kinetic models were de- 

veloped at APCI-to mimic the desulfurization of producer gas and regen- 

eration of sulfided iron oxide. These models will be described here 

briefly and only representative wor~ing equations will be reproduced. 

1. The Shrinking Core Model 

This model was employed in its simplest form to describe the 

absorption of hydrogen sulfide by iron oxide. The latter was 
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assumed to be present in the form of a spherical particle and 

consists of two distinct solid phases: the outer shell phase, 

which has reacted 100%, and the inner core that is 100% un- 

reacted. The gas-solid reaction takes place at the boundary 

of these two phases. The following assumptions were implicit 

in the model's development: 

(i) The gas-solid reaction rate is infinitely fast. 

(ii) The concentration of hydrogen sulfide is zero at 

the interface due to the fast reaction rate. 

(iii) The reaction is not equilibrium limited. 

(iv) Mass transfer resistance in the bulk phase exterior 

to theparticle is negligible. 

(v) Gas flow through the sorbent bed is plug fiow. 

(vi) The product of pore diffusivity and gas concentration 

is constant; i.e., pore diffusivity is inversely 

proportional to temperatoure. 

The overall mass balance for the sorbate in the gas phase 

of the unreacted shell is 

-4~r PDkf ~r dr = O" (41) 

Here r is the radial distance from the center of the sorbent 

particle, p is the sorbent porosity, D k is the Knudsen diffusi- 

vity of hydrogen sulfide within porous particle, f is the gas 

molar density and x is the sorbate mole fraction. The solution 

of this equation (41) -with the boundary conditions; viz., 

at r = a, x = Y, and (42) 

r = z, x = 0, (43) 
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where a is the radius of the sor5ent particle, Y is the bulk 

phase mole fraction of the hydrogen sulfide sorbate, and z is 

the distance of the reaction zone from the particle center, is 

7 

Ya . (r - z) . (44) 
X = - -  

r (a - z) 

• The overall p.article mass balance for the sorbate is: 

•A 8Z F 
- b ~ = 'Z'(I - Z) " (45) 

Here ~b is the dimensionless absorption.gr regeneration number, 

Z is the dimensionless radial distance of reaction zone, T is the 

dimensionless time, and F is the dimensionless mole fraction of 

the sorbate. The defining relations for these quantities are: 

_ N~ b = a2V , (~6) 
(i - C)DkL p ._ 

Z = (z/a) , (47) 

Y°fVt , and 
(i - e)LM 

o 

(48) 

F-- (y/yO). (49) 

Here V is the superficial gas linear velocity, c is the bed poros- 

ity, L is the sorbent bed height, yO is the feed hydrogen sulfide 
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bulk fluid phase mole fraction, t is the onstream time, and M is 
o 

the fresh sorbent sulfur capacity. 

Equation (45) represents the unsteady state behavior of a 

Single Vspherical particle in te~ns of the dimensioniess groups 

ND b and is the ratio of of feed sorbate T. T amount gas processed 

to the amount required to saturate the sorbent bed. Thus, T is a 

measure of the chemical efficiency of the bed at any time. 

In the sorbent bed the mass balance for a gas phase sorbate 

gives: 

•A ~F 3FZ , (50) 
- b -ff = (i- z) 

Equations (45) and (50) may be solved with the following boundary 

c ond it ion s: 

At T = O, Z = i, and F = O; 

and 

at X = 0, F = I • 

(51) 

(52) 

Further, the shell or diffusional sorption number may be ex- 

pressed in terms of the process variables by the relation: 

o[i] 
NAb = PDkb (i- ~) (GHSV) 

a2~-f 

P 
, (53) 

= C (GHSV) 
o P 

2 
a /~- (54) 
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C is an empirical constant and is dependent on the structure of 
o 

the sorbent, Dkb ~s the value of D k at the base conditions of 

492°R and 1 arm, GHSV is the gas hourly space velocity at 1 arm 

and 492°R, T is the dimensionless absolute temperature and is 

the ratio of TB/492 where T B is the absolute bed temperature 

in OR, and P is the system pressure. These calculations 

yielded 38 the breakthrough curves between chemical or sorption 

efficiencies ofozero and one for sorption numbers of zero to 

thirteen. 

In the shrinking core model• the internal diffusion con- 

t~ois the overall reaction rate. If the sorption process (de- 

sulfurizatlon) is efficient, that is, the sorption number (NDb) 

is small, the breakthrough curves can be represented by simple 

constant pattern solution to the model differential equation. 

For the isothermal shrinking core model, the constant pattern 

solution is given by 37 

3 = !-N~b [in (l-F) +l] 
15 L 

(55) 

for 0 <__ NAD b < 6, and 0 5_ F <__ i. 

This is a rough approximation for a complicated set 6f equations 

describing the model solution when the sorption number is less 

than 6. If the constant pattern solution leads to dimensionless 
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. 

times of less than zero for a given fractional breakthrough, then 

the sorption efficiency for that particular sulfur breakthrough 

is zero. The capability of this model to predict the shape of the 

experimentally observed breakthrough curves can be established 

by checking the linearity of the plot of in (I - F) versus ~. 

The slope of this linear plot is proportional to the rate of 

sorption and is inversely proportional to the sorption number. 

The Fluid Film-Kinetlc Sorption Model 

In the above discussed shrinking core model, the slowest 

step of the sorptlon mechanism is the Knudson diffusion of the 

hydrogen sulfide from the pellet surface to a sorption site 

within the pellet interior; i.e., intrapartlcle diffusion re- 

sistance. In the fluid film model, the external diffusion of 

hydrogen sulfide from the bulk of the producer gas to the sur- 

face of the sorbent pellet is the slowest step. In the case of 

the kinetic model, the chemical reaction of the hydrogen sulfide 

with iron oxide at the sorption site is the rate controlling step. 

In the following, the film and the kinetic models are derived 

simultaneously and can be considered as special cases of the re- 

sultant film-kinetic model. The assumptions which are implicit 

in this derivation are: 

(1) Mass transfer resistance within the solid particle is negli- 

gible. 

(ii) As a result of assumption (1)the interstitial Concentration 
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of hydrogen sulfide does not vary with radial distance 

within the particle. 

(lii) Sorbent saturation level is not influenced by temperature 

or concentration changes; i.e., the reaction is not equil- 

ibr ium limited. 

(iv) The reaction is isothermal. 

(v) The gas flow through the sorbent bed is plugflow. 

38 
Joshi and Leuenberger, on the basis of mass balance 

around a single particle, have shown that: 

8W FW 
. . . .  (56) 
8z NKb + NFbW 

Here, the dimensionless solid iron oxide concentration is 

W = I/UMo, where I is the sorbent iron oxide concentration, ~ is moles 

6xide per mole of sorbent sulfur capacity, N~K5 is the of iron 

dimenslonless kinetic sorption number defined as: 

K -- V (57) 

NAb (i - ~)kKLay~ ' 
o 

and 

as" 

is the dimensionless fluid film sorption number defined 

F Va . (58) 

NAb = 3(1- ~)kFL 
, 
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kK, the kinetic rate constant, is given by 

k K = A exp (-8/T) , (59) 
! 

where A is the kinetic pre-exponential factor and 8 is the 

dimensionless activation energy. Simi la r ly ,  k F is  given by 

(60) 

Here p is the gas mass density, ~ is the gas viscosity, and 

D is the dlffusivity of hydrogen sulfide in the fluid phase. 

They 38 also show that the sulfur balance in the bed yields: 

_ ~F = FW , (61) 

~x N~ + ~Ab W 

where X = (A/L) is the dimensionless bed length, and £ is the 

axial distance from bed inlet. 

The fluid film-kinetic sorption equations derived above 

are valid if the sorption reaction is essentially isothermal. 

For such an isothermal case, these equations can be solved 

by adopting the method of Bischoff 32 and the appropriate boun- 

38 
dary conditions. Joshi and Leuenberger have given these 

solutions and these are reproduced below. Equation (61), with 

the boundary condition that at the bed inlet conditions X = 0, 



39 

the inlet gas contains a constant mole fraction of sorbate; i.e., 

F = i; and equation (56), with the boundary condition that at 

initial time T = 0, the bed is unsaturated W = i, and there is 

no sorbate in the gas phase of the bed; i.e., F = 0; are solved 

to give: 

F 
NAb - e + 

, = i + N[b FNAb ÷ i -i/ ~Ab 

in  
, ,[ , , ,  . . . . . . . . . .  

I - ' F  

( ) for: exp F + I< <__ F <_ 1 , 

NAb NAb 

(62) 

and: T = 0 , (63) 

for: 0 < F < exp 
-i ). 

The solution of equation (62) is particularly simple for 

the special case of fully developed or constant pattern break- 

\ I 



4O 

in equation (62) are negligibly small, an'd the simplified re- 

suit is 

NAb (i-+ InF) + NAbln (64) 

for small NAK 5 and 

exp -- iF < i. 

b + 

(65) 

Equation (65) is found accurate as long as the predicted effi- 

clency is larger than the negative reciprocal of the In of F: 

T > -(inF) -I. (66) 

Equation (64) can be expressed in terms of design variables to 

38 
yield : 

(GHSV) al'5T 0"17 
T = i + C 1 (i + inF) + C2 

(GHSV) Te 8/T 

0 

F in - ~  • ( 6 7 )  

Empirical constants C 1 and C 2 should be determined from experl- 
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mental sorptlon dynamics data. 

The fluid film-kinetic model discussed above can be de- 

generated into two distinct models where esther the fluid- 

film or the ch~ical reaction is the predominant rate control- 

37 
ling step. Joshl and Leuenberger have discussed these models 

and their results for the constant pattern solution correspond- 

ing to the general result of equation (64) and are reproduced below. 
.,F- 

r = I + NF b (inF + i), (68) 

• . 

and for the kinetic model when 0 <__ NAK b < 0.3, and 

e -- I - F  

< 

T = 1 + NAb in -F (69) 

Further, for the case where the sorption process is controlled 

by all the three mechanisms of intermolecular (film) diffusion, 

intraparticle diffusion, and kinetic reaction resistance, the 

solution may be expressed as: 
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F 
+" NAb + NAb ~-- + Ab 

when: 

[ I n  ( i  - F) + i ]  , (70) 

K 
0 <_ NF b + NAb + < 0.3 

for all F such that T > 0. 

All the. three fundamental models describing the process of 

isothermal sorption reported above were tested by Joshi and 

37 
Leuenberger for their ability to predict the shape of the 

breakthrough curves and their ability to predict sorption effi- 

"ciency at 10% breakthrough; i.e., when the hydrogen sulfide con- 

centration in the effluent reached 10% of the inlet concentra- 

tion. None of these models, nor their combinations, satisfied 

both the criteria reasonably well. A semi-empirical model of 

the following type between sorption efficiency and fractional 

breakthrough, 

T = I + AINAb + A2}.~ b In (71) 
• (i - F) 2 ' 

was found to satisfy both of the above-mentioned criteria reason- 

ably well. The empirical formula of equation (71)was derived 
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by a slight modification of the expression for the film-klnetlc 

model. The isothermal sorption models were adapted for regenera- 

tion by incorporating the large adiabatic heat effect accompanying 

regeneration. The kinetic model was found to be most satisfactory. 

In a later effort, Joshi, et al. 39 further developed the 

most successful of their models, the kinetic-film model, to al- 

low for the different values of the temperatures for the gas and 

solid. The model contains three parameters, ~Ab ' N.AK5 and 7, 

and is quite flexible. However, because of the lack of experimen- 

tal data, a crucial check of the model could not be made. All 

simulation models are found to be defective to some degree. This 

is not very surprising, for even the most general case of the 

shrinking core model, which takes into account all the three re- 

sistances (two diffusion and one reaction), is found to be in- 

adequate to simulate the behavior of gas-solld reaction in porous 

solid particles. 

There is an apparent similiarity between the film-klnetlc sorption 

model38 outlined above and the pore diffusion model of Schrodt 31 de- 

scribed earlier in this report. However, there are differences in 

the formulation and the details adopted in solving the governing equa- 

tions. It would, therefore, be interesting to employ these models to 

represent the same set of experimental data, say the one being gen- 

erated at METC, A close examination of these model predictions in re- 

lation to experimental data will provide not only the relative absolute 

appropriateness of these models but also what features of model simpli- 

cation are more crucial than the other. Obviously this will provide a 

firm basis for the development of a more comprehensive and generally 

valid model. 
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VI. Nomenclature for Section V 

a 

A 

D 

D k 

Dkb 

GHSV 

I 

k F 

kK 

L 

M 
o 

N~b 

NAKb 

sorbent pellet radius, 

kinetic pre-exponentlal factor, 

hydrogen sulfld'e dlffusivity in the fluid phase, 

Knudsen diffusivity of hydrogen sulfide within porous pellet, 

value of D k at the base conditions of 492°R and one atmos- 

phere, 

gas molar density, 

dimensionless mole fraction of the sorbate defined by 

equation (49), 

gas hourly space velocity at standard temperature and 

pressure, 

sorbent iron oxide concentration, 

film transfer constant defined by equation (60), 

kinetic rate constant defined by equation (59), 

axial distance from bed inlet, 

sorbent bed length, 

fresh sorbent sulfur capacity, 

diffusion sorption number defined by equation (53), 

fluid film sorption number defined by equation (58), 

kinetic sorption number defined by equation (57), 

i 
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p . 

P 

r 

R G 

t 

T 

T B 

Tref 

V 

W 

X 

X 

Y 

yo 

Z 

Z 

sorbent porosity, 

system pressure 

distance from sorbent pellet cehter 

gas constant, 

onstream time, 

dimensionless absolute temperature, 

absolute bed temperature, 

reference temperature, 

superficial' gas linear velocity, 
-. 

dimensionless solid iron oxide concentration, 

sorbate hydrogen sulfide mole fractio~ within fluid particle, 

dimensionless bed length, 

dimensionless s orbate hydrogen sulfide bulk fluid phase 

mole fraction, 

feed hydrogen sulfide bulk fluid phase mole fraction, 

distance of reaction zone from pellet center, 

dimensionless distance of reaction zone from pellet center~ 

Greek Letters 

moles of iron oxide per mole of sorbent sulfur capacity 

8 dimensionless activation energy, 

Y activation energy group, <-~E/RGTref) , 

bed .porosity , 

p gas viscosity, 
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AE 

gas mass ~ density, ~- 

dimensionless time; it is a measure of the chemical 

efficiency of the bed at any time, 

reaction activation energy. 

• ° 

. ,,. 

• . 

• i 
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Vll. Mathematical Model Developed at Giner, Inc. 

Jalan 40 has examined the problem of cleanup of gases from coal 

gasification plants from another application viewpoint; viz., 

as feed stock for molten carbonate fuel cell power plants. In 

this service the sulfur content of the gas must be reduced to the 

level of about I ppm of hydrogen sulfide to protect the molten carbon- 

ate fuel cell. Typical effluents from iron oxide/silica sorbent con- 

tain about 200-300 ppm of hydrogen sulfide. Many sorbents for this 

purpose have been investigated at Giner, Inc. However, their experi- 

mental effort will not be reviewed here. Instead, a detailed mention 

will be made of the salient features of their theoretical effort deal- 

ing with the mathematical modeling of the desulfurization process. In 

this formulation, such factors as hydrogen sulfide inlet concentration, 

the gas residence time, the temperature, particle size and porosity of 

the sorhent pellets, type of sorbent, etc., are considered so that 

adequate design of process plants may be developed for commercial ap- 

plications. 

The workers have clearly realized the difficulty involved in the 

mathematical development of a model, taking into account detailed chem- 

ical reaction and gas diffusion phenomena occurring in a single sorbent 

pellet and then incorporating it into a reactor model where fluid dy- 

namics of the bed involving gas and solid flow rates and simultaneous 

heat and mass transfer operations seriously control the overall perfor- 

mance. The difficulty is further compounded because of the nonlinear 
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character of the particle gas-solid reaction models and the distribu- 

tions which characterize the bed sorbent particle sizes and their resi- 

dence times. ~ile discussing the use of zinc oxide for desulfurization, 

and noting that zinc sulfide has much larger molar volume than zinc 

oxide, it is concluded that the porosity of the pellet will decrease 

dramatically and will cause pore plugging. Several models have been 

proposed from time to time to describe the reaction rate change with 
? 

41 
time. Some of these are due to Szekeley, et al., Ramachandran and 

42 43 44 
Smith, Chrostowski and Georgakis, Georgakis, et al., Lee and 

45 i 47 Georgakis, Wen and Ishida 46 Rande and Harrison, and Steinfeld. 48 

4O 
However, Giner, Inc., in their formulation~ have employed a simpli- 

fled semianalytical model for the overall reaction rate of the de- 
.., . 

sulfurization reaction in a sorbent pellet of a fixed size in a packed 

bed reactor. The model is motivated by the nature of the conversion 

versus time p l o t s  of e x p e r i m e n t a l  da t a  and the  d e t a i l s  of the pore-p l .ug-  

glng models proposed by Georgakis and co-workers. 42-44 This model, 

which r e l a t e s  the  e x i t  and i n l e t  hydrogen s u l f i d e  c o n c e n t r a t i o n s  as a 

function of time, will not be described here. 

As mentioned above, during the process of desulfurization, the 

porosity of pellets in general decreases and the decrease is greater near the 

surface of the particles, and, finally, the pores get plugged. As a re- 

sult, the inner part of the reactant solid cannot react and the solids 

conversion is less than 100%. Let us consider a solid reactant with 

uniform pores of initial porosity ep. For complete pore plugging, 



49 

Vp(l - ~p) = VR.. (72) 

I 

Here, Vp and V R are the molar volumes of product and reactant solids 

respectively. The critical particle porosity, ~p, is 

(v = I- /V • (73) ep R 

* in'order for The initial particle porosity has to be smaller than ~p 

the porosity at the surface of the pellet to become zero before complete 

conversion is attained. Calculations 40 for the zinc oxide/zinc sulfide 

• as 41%. Zinc oxide pellets system give for the crit'ical porosity, Ep, 

must, therefore, have a porosity of greater than 41%. 

It is assumed that the reactor is at pseudo-steady state during 

the time period of the gas residence time and the exit concentration 

changes very slowly, so that the corresponding time constant is much 
• , . - -  , 

larger than the gas residence time in the reactor. If there are N sot- 
• - ~ * "  2 " " ' o 

bent particles in the bed of an average particle radius rp~'the weight 
°. 

of the particles, W, is given by 

W = 
3 

(4/3) ~ rp pp N • (74) 

pp is the. partlcle density. 

ble for reaction is 

The external particle surface area, S, ava~la- 

2 
S =, 4 # r N, , :(75) 

P 
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N is determined from Equation (74). The total volume, V occupied by p' 

the particle is 

3 
= W/Op) Vp ( = (4/3) ~ N rp (76) 

The total volume of the reaction zone V is 

v = f H. ' (77) 

The cross-sectional area of the reactor is A, and H is its height. 

The bed voidage .is 

Vp) c = (v- / Vp (78) 

The local linear gas velocity is 

v e = v / c • (79) 

The variation o'f hydrogen sulfide concentration, y, along the bed 

height is given by 

~_z 
- Da (y- ye ) (80) ~ 

where ~ = Z/H, Ye is the equilibrium hydrogen sulfide concentration~ 

and Da is the Damkohler number, defined as 
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3 W/pp 

. Da',-- k I ( v A r • 81) 
P 

Here k I is the forward reaction rate constant. Also 

1 - ~ 8 
Da = • (82) 

c t R 

8 is the gas residence time and is equal to cV/q, where q is the vol- 

ume flow rate through the reactor and is equal to the product of the 

superficial gas velocity (v) and the cross-sectlonal are~°of the 

reactor (A). t R is the characteristic reaction tlme defined~'as: 

t R ~ ~ r / 4 ~ r k I = r / 3 k I • (83) 
P P P 

•:. - .', 

The local sorbent conversion, ~, can be calculated by the foliowing 

relation: 

~ . 1 
8--t = m q [R (y - ye) ' ('84) 

with the initial condition ~(0) = 0. 

• J 

°" 

(85) 

Here m is the moles of sorbent reacting with one mole of hydrogen 

sulfide, and Q is given by 

C T : '  
Q = ' ~ ~ ~ • ( 8 6 )  

M(O) / ~ ( 4 / 3 )  ~ r f , p 
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Here C T is the total molar concentration of the gas mixture, and 
I 

M(0) represents the total moles of sorbent per particle. 

The reaction rate constant, kj depends on the sorbent conver- 

sion, ~, which is a function of both location in the reactor and time. 

As a result, Da is a function of ~ and t, and the integration of Equa- 

tion (80) is not possible until the dependence of k on t and e is 
i 

established. This is possible in principle by adopting the gas-solid 

reaction models available in the literature. 43'44 In order to avoid 

mathematical complications, Giner, Inc. researchers 40 assumed that 

the reaction rate decreases exponentially with time, such that 

k I = k 0 exp (-t / tp) • (87) 

Here k 0 is the reaction rate when the sorbent is fresh and tp is a 

time constant that indicates how fast or slow the sorbent will become 

inactive, either due to saturation or due to plugging at the pores at 

the external particle surface. The time constant, tp, is an unknown 

and its value was determined 40 by matching the experimental data and 

model predictions. 

Further, to simplify the formulation~ it is assumed 40 that only 

the average bed conversion is followed and, consequently, Da will be 

only a function of time and Equation (80) can be integrated to yield 

the concentration profile as a function of time; viz., 
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Y(~) - Ye 

y(O) - Ye 
= exp (-Da ~) • (88) 

We can write that 

Da = Da ° exp (-t / t p) (89) 

Here, Da ° corresponds to k 
O 

at exit conditions gives 

at initial time conditions. Equation (88) 

y(1) - Ye 

y(0) - Ye 
= exp [-Da° exp (-t / tp) l • (90) 

Alternatively, Equation (90) can be written as: 

[ml I Y°I] in = - t / t 
in D-~- ' y(O) Ye P 

a 

(91) 

Equation (91) is used 40 to estimate the values for Da and t from 
P 

experimental data. 

The average sorbent conversion in the bed is calculated 40 from 

Equation (84) and is compared with the conversion values obtained from 

input-output hydrogen-sulfide concentration data by the relation 

mF I 1 = NM(0) y(O) - y(1) dt • (92) 
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Here m is the number of moles of sorbent reacting with one mole of 

hydrogen sulfide, M(0) is the moles of sorbent per particle initially 

in the bed, and F is the molar flow of the inlet stream. Further, 

3 
NM(O) = N (4/3) ~ r pp (~/ Ms) = W~/ M • (93) 

P • s 

Here ~ is the weight fractional constant of the pellets in the sorbent 

material, and M s is the molecular weight of the active sorbent. 

In this model, there are two unknown parameters; vizl., the pore 

plugging time constant, tp, and the reaction time constant, t R. tp 

characterizes the capacity of the sorbent pellets to absorb hydrogen 

sulfide, ~ which monotonically increases with t . The second unknown, tR' 
p 

indicates the reactivity of the sorbent which increases •as t R decreases.~ 

t R occurs in Equation (82). To determine t R and tp from the exit hydro- 

gen sulfide versus time experimental data, Equation (91) is employed. 

A starting value of Da ° is assumed and by linear regression the best 

fit is obtained when the mean square error is minimum, and these are the 

best fit values of Da ° and tp. Using these values of Da ° and tp, the 

exit hydrogen sulfide concentration versus time curve is computed on 

the basis of Equation (90), and then these are compared with the experi- 

mental values. 

Som'ewhat limited comparison 40 with the experimental data has val- 

idated the general appropriateness of the model. It is found that the 

hydrogen sulfide breakthrough curve is reproduced by Equation (90). 
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The breakthrough characteristics are governed by both parameters: the 

reaction parameter (Da °) and the pore plugging time constant (t). The 
P 

latter parameter has relatively more influence on the breakthrough curve 

than the former. The other predictions of the model, such as the con- 

centration profile of the hydrogen sulfide in the reactor as a function 

of time, bed void volume, gas residence time, sorbent particle size, 

reaction time constant (tR), etc., on the hydrogen sulfide breakthrough" 

are found to be in qualitative agreement wit~ the general expected 

trends. Nevertheless, neither enough experimental data nor experimen- 

tal data of the right nature have been taken to subject the model to an 

appropriate or crucial check. A carefully planned experimental program 

will not only provide the proper appraisal of themodel in its present 

form, but wili also suggest the directi6ns in which' it shouldbe devel- 

oped. 
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Vlll. Nomenclature for Section Vll 

A 

C T 

Da 

Da ° 

F 

H 

k 
0 

k 1 

m 

M(0) 

M 
S 

N 

q 

Q 

r 
P 

S 

t 

t 
P 

t R 

V 

cross-sectlonal area of the reactor, 

total molar concentration of the gas mixture, 

Damkohler number defined by Equation (81), 

value of Da at time zero, 

molar flow of the inlet gas stream, 

total helght of the bed, 

reaction rate constant of the fresh sorbent,, 

reaction rate constant, ~ 

number of moles of sorbent reacting with one mole of 

hydrogen sulfide, 

moles of sorbent per particle initially in the bed, 

molecular weight of the active sorbent, 

number of sorbent particles in the reactor bed, 

volume flow rate through the reactor, 

defined by Equation (86), 

average radius of the particle, 

external particle surface area, 

time, 

pore plugging time constant, 

reaction time constant, 

superficial linear gas velocity, 
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v 
e 

V 

'Vp 

V R 

W 

Y 

Ye 

y(O) 

y(l) 

z 

local linear gas velocity 

total volume of the bed, 

molar volume of the. product solid, 

molar volume of the reactant solid~ 

weight of the particles, 

hydrogen sulfide concentration, 

equilibrium hydrogen sulfide concentration, 

value of y at the reactor inlet% 

value of y at the reactor exit, 

bed height. 

Greek Letters 

E 

P 

p, 

Pp 

e 

bed voidage, 

initial particle porosity, 

critical particle porosity, 

density of sorbent particles, 

apparent density of sorbent particles = p(l - c ) , 
P 

gas residence time, 

weight fractional constant of the sorbent pellets, 

reduced bed height. 
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IX. Mathematical Model Due to Steinfeld 48 

Steinfeld 48 developed a mathematical framework for a packed bed 

of sorbent (zinc oxide) in which the heterogeneous noncatalytic gas-solid 

reaction is modeled on the basis of a modified grain model. The latter 

is based on the chemical kinetic and mass transport properties of the 

system and physical properties of the sorbent. This analysis yields 

the rate of conversion of the solid sorbent and, thereby, the utilization 

of the sorbent throughout the reactor. The overall reactor model is 

based on the mass balance system for a packed bed under weli-defined 

approximations and enables determination Of the concentration profiles 

in the reactor and at the exit, This model forms the basis for the 

understanding of the effect of various system parameters on the over L 

t , - 

all system performance. The salient features of this model development 

will now be briefly described. 

Several simplifying assumptions have been made to facilitate" the 

solution of the continuity equation for the reactant gas and solid 

species. These are: the gas is in plug flow, no axial or longitudinal 

dispersion, and the reactor temperature is uniform. The events which 

48 
control the rate of reaction are: 

i. mass transfer of gaseous reactant from the bulk gas phase 

to the surface of the solid reactant, 

2. diffusion of the gaseous reactant through the porous solid 

product layer, 
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3. chemical reaction between the gaseous and solid reactants 

at the reaction interface, 

4. diffusion of the gaseous products from the reaction inter- 

. 

face through the porous solid to the external surface'of 

the solid, 

transport of the gaseous products from the external sur- 

face of the solid to the bulk gas system. 

The calculation strategy involves dividing the reactor into sev- 
'" # 

eral equally spaced intervals for the purpose of solving the partial 

differential equation representing the mass balance on a volume element 

for each interval. The modified grain model is used for single particles 
z '" i"" 

to compute a global reaction rate for that interval. The solution of 

t h e  packed  bed e q u a t i o n  l e a d s  t o  a c o n c e n t r a t i o n  p r o f i l e  f o r  t h e  r e a c t o r .  

The process is iterated until breakthrough or until a preset time is 

exceeded. 
"°" . . . .  " " 

In w r i t i n g  t h e  c o n t i n u i t y  e q u a t i o n s ,  i t  i s  f u r t h e r  assumed t h a t  

the pellet as spherical and it retains its spher±eal shape and size 
. • , 

d u r i n g  r e a c t i o n  when t h e  i s o t h e r m a l  c o n d i t i o n s  p r e v a i l .  Under  t h e  
• , -  ° . ~ .  . .  

p s e u d o - s t e a d y - s t a t e  a p p r o x i m a t i o n ,  t h e  gas  p h a s e  m a t e r i a l  b a l a n c e  i n  
° .  

the dimensionless form is 

2 - 2  • 

d C A 2 'dCA -3a A (I-X)2/3~ G rp C A 
+ 

d~ ~ d~ r'Go r'GD D l-a A ¢G rGD (I-X) {li(l-X) I13 

with the boundary conditions: 

at the external surface of the pellet, 

dCA [ = B 
d~ I ~=I D (1-CA) P 

(94) 

(_95) 
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and at the center of the pellet 

dCA i 
The solid phase material balance in the dimensionless form is 

dX 3as (!-X) 2/3CA 
dSG rGD' [l-aA. ~O' (l-X)i/3 {l-(l-X)i/3}- 

with the initial conditions 

X [ BG=O =0, 
and 

(96) 

(97) 

(98) 

I =i.0 • 

r~ 8G=O 

The mass balance on a volume element is of the following form: 

~(CA) B B(CA) B 
-u BZ = Rg + CB Bt 

with the boundary conditions: 

(99) 

(lOO) 

at the reactor inlet for all time 

C A (O,t) = (CA) B (i01) 

The hydrogen sulfide concentration is equal to the bulk gas concentration 

at the inlet. At all other locations, at time zero 

CA(Z,O)=O (102) 

The hydrogen sulfide cpnqentratlon is zero through the reactor at time 

zero. 

Equation (i00) is a partial dSfferential equation correlating the 

concentration gradSent in the reactor with the global reaction rate, super- 

ficial velocity and bed void fraction. The global reaction rate is 

calculated by obtaining the rate of conversion from the grain model for 

e@ch space interval and at each time intervalon the basis of the following 
L 

expression: 

CSO dX 1-CB 
Rg ROW dt (4~/3)r ~ Wo (103) 

P P 
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The numerical procedure to solve the partial differential equation 

adopted by Steinfeld is outlined 48 in detail and is the explicit 

form of the finite difference approximation 49. In this method the derivatives 

are approximated by finite differences. The stability of this method is 

found to be limited to values of (U~/~B) <I. For a given space incremen£ 

and a superficial velocity, this requirement puts a limitation on the time 

increment. To simulate long operating times it is proposed 48 that an em- 

pirical correlation for R may be employed. 
g 

Verification of the model was conducted into two stages. First, the 

global reaction rate for single particles was examined by comparing the ex- 

• perimental and calculated conversion rates for single particles. Four dif- 

ferent curves of zinc oxide conversion versus time were considered at 1106 

and 1279~ and for two levels of hydrogen sulfide concentration between I 

and 4 mole percent. In each case, the model duplicates the shape of the 

conversion - time curve but could not reproduce the maximum conversion ob- 

tained experimentally. The model follows the initial experimental data and 

levels off approximately twenty percent below the experimental data. The 

slight exothermic nature of the reaction cannot explain this discrepancy be- 

tween the model predictions and experimental data. 

Secondly, to check the ability of the model to simulate the packed bed 

behavior, it is found by Steinfeld 48 that the numerical computational 

difficulties warrant model validation for relatively short periods of time 

only. Using the explicit method, simulation for large periods of time are 

not found practical due to the large computer times required. A successful 

implicit scheme to accomplish this goal is still in the planning stage. 

The computer si/ulations of three test cases at hot gas cleanup temperatures, 

at accelerated conditions, and for reactor geometry to minimize the computer 

time yielded results which are found to be qualitatively appropria£e. On 
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the basis of these results~ it has been proposed by Steinfeld 48 to update 

the model in several respects and also to develop the more sophisticated com- 

putational scheme for correct appraisal Of the model. 
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X. Nomenclature for Section IX 

a A 

a 
s 

C A 

(CA) B 

CSO 

D 

r 
P 

stoichiometric coefficient for gas A, 

stoichiometric coefficient for solid S, 

molar concentration for gas A, 

molar concentration for gas A in the bulk gas, 

molar concentration of solid zinc oxide in pellet, 

dimensionless effective diffuslvity within the pellet, 

particle radius, 

! 

r G 

! 

rGD 

r v 
GO 

R 
g 

ROW 
P 

t 

u 

W 
O 

X 

Z 

grain radius, 

dimensionless grain radius, 

initial grain radius, 

global reaction rate, 

density of zinc oxide particles, 

time, 

superficial velocity in direction of flow, 

initial pellet weight, 

local extent of reaction, 

length of reactor. 

Greek Letters 

B 

c B 

Biot number for mass transfer, 

void fraction in packed bed, 

dimensionless radial coordinate for pellet, 


