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300 ats process, but in spite of this, because of the lower reactivity of
the fsed oil, the amount of gasoline obtainable from a given reaction vol-
ume is 1little more than half that obtéiped in the normal splitting process.
For a petrol product of the same volatility, the gas make in the 700 ats
process is somé 5~6% gréater then that obtained by the normal msthod. The
chief advantage is the elimination of the saturation step and the production
of a much more arecmatic gasoline and thercfore one having a higher octane
number, The aromatic content of the final gasoline is very dependent on the
neture of the feed stock. Middle cil obtained by the liquid phase hydrogena~
tion of piteh or bituminous coesl or from the fractionstion of bituminecus coal
tar gives rise to 2 gascoline containing arcund 45% aromztics and having an
octane namber of =t least 78 without lead. Middie oils from brown cozl or
from petreleum cil give rise to gasolines of much lower aromatic content,

At Lutzkendorf, the use of 700 ats pressure in the vapour phase
plant was mainly for the purpese of eliminating the saturation step. The
normal 6434 catalyst was employed. (See Leuna and Lutzkendorf Reports).

h)} D.H.D. Process,

- For the highest quality aviation gasoline, the Luftwaffe insist-
ed on a high.aromatic content. The 700 ats hydrogenation method described
above met-this requirement, but only as far as very high gromatic middle oil
feed stocks were concerncd., Another method was therefore adopted for the
‘main producticn of first quality aviation gasoline which consisted of the
dehydrogenation of the 80 - 185% cut of gasolines cbtained from petroleum
distillation or by 300 ats splitting hydrogenation of coal and tar products.
. In particular, this process was applisd to the comparatively low quality
_gasoline distilled from the crude saturation stage product. Usually, the
naphtha cut wes 80-85% by weight of the original petrol. The process is dis-
continucus, reaction pericds of rather more than 100~150 hours for bitumine
ous coal naphthas and about 60-80 hours for brown coal and patrolsum feeds
“alternating with 20-24 hour catalyst reactivation perlods, The usual reac-
tion conditions were - : :

. Pressure: 25 aks for brown coal tar and petroleum
oil feeds., 50 = 70 ats for feeds derived
from coal hydrogenation and from bitumincus
corl tar.

510 - 520°C.

Jy Kgms. of fresh feed per liire of
cotbalyst per hour.

Circulating hydrogen to oil feed ratio: Approx. 1,000 o’ per
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¢ by wt. of tfeeds Z by wbe
: gerived from - .. of feeds derived
Bituminous coal hydrogenation " from brown coal
“aond bitumincus cosl tar. tar and petroleum
T cil, '

Stabilized crude D.H.D.

_Product 82-8L 76-77
Hydrocarbon ges make: 16 22-23
Carbon: : Jd-2 .5-1
Hydrogen made in reaction: 1 : 5

The hydrocarbon gas made in the reaction is roughly made up of
equal. proportions of Cys 025 C, and Cg hydrocarbons, Heavy polymer is fon
ed during the reaction and re-distilldtion of the crude product to an end.
point of 180° ¢ left = residue of approximately L% by welght.

The methed of operation during -ths reaction cycle can be seen
fron the following cdlagram, Fig. XVi.

Fresh feed and recycle gas (containing 50-65% by volume of hydro
gen) is heated by interchange with the cut-geing product and with a gas—fir
ed preheater to a temperature of 500°C. Tt then enters the first of a sers
‘ies of converters, wsuslly four or five in qumber. The reaction volums
each converter is 9-10 m?. Each corverter contains a single bed of catal;
which is active alumina on which has been deposited 10Z of molybdic oxide,
The reaction being strongly endothermic, i1t 1s necessary to re-heat react—,
‘snts before passing them from one converter Lo the next. This intermediates
heating is done in the same furnace as the mein prahezting step. On leaving
“the last reaction converter, the products are interchanged with incoming’
feed and the tempersiure reduced to 300°C, after which they pass to a fi
refining converter for removal of unsaturated preduéts by hydrogenation.
The catalyst in this refining stage is usually tho same 2s is used in the.
D.H.D. reaction, but it is possible to work with 80% D.H.D. catalyst and
20% activated Terrana with ne metal addition. The product is finally cool
ed by further interchange with the feed and by water coolers, let down to-
atmospheric pressure, stabilized and redistilled. The final distillate
is blended back with the lignt O - 8500 ‘fracticn of original gasoline.

" Gaseous products produced in the process are purged, {a) as dis~
solved gas relessed on letting down the crude product and (b) as a purge .
from the recycle gas sysbem. -

For the catalyst regensration cycle the whole apperatus is let
down and purged with inert gas obtained frea 2 previous regeneration cycles
Carbon is then burnt off the catalyst by introducing air to each oven, the s
concentraticn -of -oxygen =t the inlet To esch oven belng 3-4% by volume of

the ingoing gas. A pressure of about 4O ats is maintained, and inert gases
are circulsted continuously using the same circulator as used during the

resction period. OCcld inert gas can be introducad between the converbers |
in order to control temperatures, which must not excesd 5307C. Tith prop-
erly controlled reactivation, the life of a batch of cotalyst is ebout 12
months. ‘
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.C '?5'75
The flnal D H.D. naphthg contalns 65—68% aromatlcs, and
when blended back with the corresponding light gascline. .fraction glves a
finished D.H.D. gasoline with an aromatic centent of 40-55% and = minimum
petene number of 78 unleaded and 87 with .09 wvol;-% of lead tetrasthyl. .
The ‘octane number of D.H.D. gasoline made ‘from coal hydrogenatlon and blt*ﬂg
'nous'coal tar products dis st les st 2 unlts hlgher..‘,;, .

The important fcature in the manufgcture of D. H D cntalfst is.
He.use of carefully prepared activated alumina., The T. G. make this them—"'
sélves, either by precipitation from aluminium sulphate or sodlum‘alumln-
te. The active.alumina is impregnzted with ammonium melybdate soclution.
e produét is dried and flnally calcined to remove ammonia at about LOOOC.

It has alreacy been y01nted out that when uerlth mlddle 0115
c:ufaﬂ,_’t."b].e, direct 700 ats gas phzse spllttlng hydregenation cdan produce
asoline of practically the same quﬂllty as that obtainable by the 3-stage

aturatlon/jOO ats splitting/D.H.D. method, It is therefors interesting to

ompare +he yluld efficiencies.of these two processes.. The single-stage pro-
yleld of about 83% of final gascline. The first two steps of the

ltl-stage process produce from the same. raw muterl 21 89% by welght of. the_f

ke Treetmunt of the naphtha by D.H.D. process glves 603 by we1ght on
orlglnal mlddle 011 of redlellled naptha mhlch, uhcn blended bacx w1th

Thus “in addltlon to the multl—stﬂge process’ belng much more compllcat—
to’ operate, it would appear to give 9% less  final product.than the dir— -
t-700-ats Hydrogénaticn process. . It is also interesting to note that the .
d of“finished D.K.D. gasoline fromsbrown coal.tar or pebtroleum middle. oil
ulated in the saié way as above, is only 71-72%. This compares with an 8§9- .
, yleld of ordinary 6434 hydro—aasollne, showing that the Luftwaffe were pre-
2red to sacrifice ug to 20% output in’ order to obtain a highly. aromatic: fusl. v
I ssessing this cost of the improvemeni in arometic: content, it must, of
purse, - be borne in mind that the hydrocarbon goses, partlcularly the butane -
uced in the D,H.D. process; could bs used for increasing the output of -
ey aviation components, such as 1so-oct1ne of glkjlate.

The D.H.D. process was flrst tested out on a large scale on a modi~

d vapour phase hydrogenation stall at Pvlitz, This plant also had the first

erly designed commsrcial unit; which startéd up 2t the béginning of 1942. -
. plants have also been in operaticn at Scholven and Leuna and are 1n

rse of erectlon at BlcchhaJncr, Bthen, Brux and Ludw gShafcﬂ. . '

Naphtha dchgdrogenatlon isalso carrled €t on a scale of ;@out
1000 tons/year at Hoosbierbaum. The D.H.D. pPocess is not employed. A7
htly modif1ed ver81on of the nurmal Amerlcun “hydroformlng“ method is used.

) ‘Esc—Octane anu,Alkvinte'Pfoduction“

The flrst muthod Qdopted in Germany for the. production ef iso-octane
1sted of the dehydration of iso-butancl {made bj the higher alcchol syn=
s from carbon monoxide and hjdrogbn) to give iso~butylene,. the- polymeri-
on of this iso-butylene to di and tri iso-butylene, and the hydrogenation

A
'
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of the dimer and trimer.. This process Was cperated at Ludwigshafen/
Oppau end-at Leuna in the early days of the war and 15 still the process g
ployed at the new plants, Heydebrech and - Auschwitz. : ‘ .
f*'Isolbuﬁghokaof}97798%xpurityuis»déﬁydraied‘ovar an{éiqmina‘
alysbwatfa*tem?afgtﬁréféf133Q+3609G: :The yicld is 95% thecry and the.
alyst life frbﬁ,BLﬁ;ﬁQnthsgf;PGlymeriSation is_barried-out-ovef;q:cata1}§t
consisting of active caﬁbﬁn'cqntaining'lo% phospheric. acids Temperqtﬁr*“
is. approximately 150°C and. pressure .of the order ©f 20-ats, this being a
justed to-ensurefliquid”ph§9eﬁdQnditiogs at the reaction teﬁpérdtﬁfe,eé@JQ
ad, ‘The polymer is~redistilled,-usually to remove as bottoms. only the pp<=
mers of greater molecularrweight:than,trimer, and the dgistillate is hydre
genzted at 250-30C ats pressure over wickel molybdenum sulphide ‘catelyst
(5615). - ” SRR B B
: By 1940,the I.G. had developed a process for denydrogenaticn g;
abuténe-évailabla-from\the hydrogenation plants and this opened up the s
phase of pranched paraffin producticn in Gerpany. Butane from the hydrogel
tion plants was fracticnated into iso and.-normal lsomers, the normal butdhe
was used for liquidkgasfand,the\isonbutane dehydrogenated,  The resulting
vutylene was worked up to isc-ocbane as before. The butane dehydrogenatic
process, which.was developed at Leuna, is a-conbinucus process cperating &;
550-570°C and et substantially atmespheric pressure with a chromium on. alum
ina catalyst (10-15¢% chromium); ‘The process was made continticus by adoptil
the moving catalyst bed principles . The catalyst, which was made in th T
of spheres, passed Yowaward through externally heated reactor tubes COCUTT
1y with the putane feed.. The residenge time of gatalyst in the tubes 1s aps
proximately 4 hours, after which it is removed tu an external reactiﬁatigﬁ
vessel. Reactivation is carried .out by burning off deposited carbon with
diluted air. The rate of butahe feed is about 700 m’ per_m3 of catalyst pg
hour and 20~25% of the inlot butane is converted per pass. About 85% of th
b@tgne:canyerted_goeé to butylone, Carbon content of catelyst leaving. the
;cbnyerter'isfh% and this 1s reduced to about 1.5% in the reactifa;iqﬁ ¢
No attempt is made to burn of all the carbon in the inner core of the gals
- zlyst and there is 2 theory that the presence of 2 certain amount of carbs
in régénerated.catalyst,helps'to keep down carbon’ formation. The proces;
first operated on a large scale at Leune, PYTitz and Scholven. . '

. Early in 1943 therc was 2 further chenge which resulted in 2°8
1y increased potential putput of branched paraffins. -Normal putans was de=
hydrogensted instead of iso-butane,. The resulting normal butYleneﬂwasfﬁq
Lo alkylate.the:isp—butane‘fraction]giving 2 blending alkylate of aboub 92

.. octane number. -The alkylation progess was carried out with sulphuric acid

.in stirred vessels. The method was developed abt Leuna and the Ludwigshaf

:staff could not provide any Qetailed‘informgtion. L

3) Fuel for Jet planes -

This was known as T.L. fuel in Germany. . It was mads By saturabil
a specially.cit middle cil jraction_pfjbrcwn%ébalﬁtar¢L=Ar£uel.WQsiréquired

-, which would have the highest possible calerific value per unit volume. At

" the same time it was essential for thsﬂéoapfpoint’ta pe less. thap =257C an

. for.the viscosity. bo be_léss~thégfl;2°‘Engle at B0-25°C and not more than

.k
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3¢ Engler at -20°C.. The fuel had also to be substantially free from
phenols in order to avoid acid corrosion, ' '

: - In order to meet the above regquirementsy, the brown coal tar mid-
dle oil had to be cut to a lower end point than usual, namely, 280-300° C.
The crude saturation product was stabilized and dispatched without distill-
ing out the gasoline component. The synthetic fuel was normally blended
with petrocleum oil fractions. Leuna and the Brabag planits have produced com-
mercial quantities of the fuel, for which the first demand was in July 1944.
It was planned to produce up ‘to 20,000 tons/month of this material in the
German hydrog#natlos plants but only a fracticn of thls output was reached.

k) Summary Table of German HJarogenatlon Activities..

Teble IT l+sts the hydrogcnatlon plants in Gurmany and summarizes
the information obtained at Heidelberg concerning their mode of operation
and capacity for finished fuels,

(c) Conmparative Cost Data on the Hydrogenation of Bituminous'doal;
) Bltumlnous Coal Tar and Heavy Petroleum Pe31dues.

" Fraulsin Dr, Hcrlng and Dr. Donath’ prov1ded the following cost &5~
tImates for hydrogenation of bituminous coal bituminous coal tar and heavy
petroleunm resicues. - N

: These estimatés are based on the flowsheets shown in Figs. XIT,
IV and XV -and the hydrocarbon gas yields given in Table I. They should be
.cpmpared with any data on achWDVed costs obtﬂlned at Gelsenberg or from
Politz documsnts,

Table TIT shows the build up of the works cost of petrol in terms
;of raw material cost (coal tar or heavy oil, hydrogsn, catalyst or chemlcals
and operat ng cost and overhead charges).'

Credits for liguid gas and for fuel gas are taken into account.

: . Table IV shows the build up of the operating costs in terms of
ggages, utilities, etc.” It will be noted that.this operating cost includes
e fmortization, . ‘ o : o

The data on utll1tlu5 consumptions, labour requlrements, etc, are
sﬁfflclcntly «complete for the costs to be re-calculated for British on Amer-—
LEGE condltlons. This hab not been a+tempted in the yresent report

Rt number of gensral concluslons ¢an, however, be drawn from a very
1ef consideration of the figures. For example, the relative value of-the
e&_feed stocks ig as follows- -

Bituminous Coal‘ e 2Ly RH per ton.
High Temperature Tar - 62,5 R M
Petroletin Heavy Residues . 100 R * .0
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" of the oil feed, is not more then 75 R per ton.
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.1t is also clear that the use of 700 ats pressure does .
not alter the pesition thet the liquid phase stege ls the reslly expen—
sive part of the synthesis of petrol from high molecular welghl raw mabter
jals., Tt may be calculated from the figures supplied at Heidelberg that,
starting with bituminous coal at 21.5 R per ton, the cost of production.
1 ton of crude liguid phese product is 155 Ei. Similarly, starbing with
H.T. bar at LO RM & ton, ib costs 12J, B for each ton of cruds liguid phase:
product.. Compared with the above, the totel cost of producing & ton of
trol from liquid phase product, inciuding hydrogen bub excluding the ¢o

_ Exoressed in anocther way
the value of liquid phase product from bituminous ccal or bituminous coal
mpared with bituminous ccal 2t 21,5 BM per ton is rod

tar hydrogenaticn CO
iy 150 R per ton. The cumparative value, on the same basis, of liquid p

product from pebroleum residue {which requires less hydrogsn in the gas phs
: reatment -than does bitwmlnous cosl product) is-as high as 170 BE 2 ton,

o

(D) Rescarch

"A.lerge proportion of the affort and equipment of the Ludwigs~
pafen Oil Research Section has been devobed during the war to the develcp
ment of the D.H.D, T.T.H and the 700 ats vapour phase splitting Hydrogenas
tion processes and to routine evaluation of raw maberials and catalystsy.
A mass of reports and documents releting to this work has been evacuated
and awaits detailed study. In the writer's opinion it is questionable whel
or the effort entailed can be justified and it is suggested that the easis
way to obtain s “full acccunt of these researches would bs to bring a sele
ed team of German workers to this country and neve them write up summarty I
ports of their work using the captured documents for reference.. - i
: , Tn additien to work on processes which zre now in, use on the larg
scale, ccnsiderable research was carried cut on catalytic cracking, isomer,
sation, synthesls of branched chain hydrocarhons, ete.- The follewing brbé
notes give an idea of the type of work in nand on these subjecis.

Catéiytic:cracking.

_ The main idee behind this work was o improve petrol quality
at the Same time, to reduce the number of high pressure vapour phase hydr
genation stalls by complete or partial substitution‘of-splitting_hydrogena
tiqn‘py.catalytic cracking. Fig. XVII shows a typical scheme whiech, ab .
time, was copsidered for application to the Gelsenberg plant. The feed 1
middle oil from coal hydrogenaticn which is first saburated by high pressul%
vapour phase hydrogenation in the ordinary way. The middle cil component
.the saturated product is then subjected to'straight—through-.catalytj_c'crackz
ing and the product is distilled to remove petrol. The residual middle oL
- is hydrogenated over 64,31, and the prdduct*fractibnatedfto‘giye;petrol and
middle cil bottoms which are recycled td the catalytie cracking process.
The final petrol consisting of.a mixture of saturation stage, catalytic €Ty
ing and splitting hydrogenaticn petrol is cotained in ab jeast as goud 87
as is given by the normal hydrogenation, procass and has an unieaded octane
qumber of 75-76 and 87 with 0.0% betracthyl lead or 89-90, with 0.12%.
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o

Other schemes ¢ut out splitting hydrogenation completely and

the middle oil component of the crude catalytically cracked product is
recycled to the saturation hydrogenation stage. In this case the final
petrol preduct tends to be too unsaturated and petrol from eatalytic
cracking has to be subjected either to a hydrogenation saturation process
or to acid treatment,

Isomerisation

A considerable amount of work has been devoted to an attempt to
develop a technique for isomerisation of straight chain paraffins (from
n-butane to Kegasin) over a solid catalyst. Fairly satisfactory labor-
atory results were obtained with n-butane using tungsten sulphide as cat-
alyst but compared with the Aluminium Chloride method there was excessive
breakdown to lighter products, This tendency towards splitting increased .
with increasing molecular weight of the fuel and further, it was conclud-

ed that the solid catalyst method showed very little promise as regards the :
production of multi-branches hydrocarbons, e.g. dimethylbutanes from nor- )

Synthésis'of.branched chain hydrocarbons.

This was done mainly for evaluation of the effect on knock rating
of different types of hydrocarbon structures but, in view of the lengths
to which the Germans were prepared to go to secure high anti-knock con- :
stituents, e.g. isocctane from higher alcchols, the possibility that they
were exploring methods for large scale manufacture cannot be ruled oub. _

. The condensation of isobutane with ethylene in the presence of. i
MClg was studied at Ludwigshafen. The product was mainly 2:3~dimethyl- j
butahe, This hydrocarbon was also made by reacting iscbutylene with hydro~ . i
-8en and carbon monoxide over a cobalt oxide catalyst (lZO—lSOQC and 200 i
ats} to give iso~valeric aldehyde, condensing this with formaldehyde te .
_Product isoproply acrolein and finally, hydrogenating this product to 2:3~
dimethylbutane. 2:2.3-trimethylbutane (Triptane) was prepared by acetyl-- -
abing Pinacoline alcchol with Ketene, splitting out zeetic acid, coupling

he product with formaldehyde and finally hydrogenating. to the hydrocar—

=

iy
1
Iz

pe
'
i

Triptane had also been made from diisepropylketone which is a by—

Produst obtained in the synthesis of isobutyl alcohol from carbon monoxide
and hydrogen. This ketone was chlorinated and the. chlorine atom replaced
by an OH group. This product was isomerised to the acid shown in Formula

199 om o -
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Eoxamethylethane or 2.2.3.3. tetremethylbutane was synthesised
from 2.5 dimethylhexenediol cbtained by condensing acetylene and acetene
under alkaline ccnditicns and hydrogenating the product. The 2.5 dimethyl-
hexenedicl was subjected tu the isomerisation reactions shoem below ti. give
the acid depicted in Fermula 3 which was hydrogenated to 2.,2.3.3 tetramethyl
butane.
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