FIXED BED REACTION TESTS
Gas Feed Only and Gas-Liquid Co-feed

Prior to putting the Tigquid fluidized bed bench scale reactor on-ctream,
reactor in order to: (1) test the recommended method of ;;alyst
reduction, (2) establish the desired regions of reaction conditions, and
(3) qualitatively compare the relative reactivity of three catalyst
candidates: Catalyst and Chemicals Inc. C-79-1-01, Catalyst A*, and
Catalyst B*,

The first catalyst examined in tnis series of runs was the CCI catalyst.
The 1/4" @ x 1/8" particles wer? loaded and reduced according to the
manufacturer's recommended procedure. Racause of the small size of the
catalyst mass and the large capacity for heat removal -afforded by the
molten salt bath used for controlling the reactor temperature, an
undiluted simulated Lurgi coal gas was fed directly to the catalyst bed
without incurring an excessive temperature rise. The nominal feed gas
comosition was CO - 25 percent, H2 - 50 percent, C02 - 10 percent,
and CH4 - 15 percent, The results prec:znted in Table 3-5 are limited
because a frozen heater relay caused the reactor temperature to rise
abovn 400°C, deactivating the catalyst. However, one can see that even
the undiluted feed qas can be reacted to near equilibrium with this
catalyst and reactor, ‘

The results for the Commercial Methancl Catalyst A {crushed to 2 -5 +12
mesh prior to raduction) are presented in Table 3-6. The first two runs
ware conducted ir order to have & basis for comparison with the CCI
catalyst vaour phase tests. While the commercial catalyst appears to be
much more reactive, this might he partly due to its smaller particle size.

* Confidenciaiity ay-eements with cetalyst suppliers prohibit any more
detaiind *denliyicaticn,

3-15




o -y

Run

No.

W N =

TABLE 3-5

METHANOL SYNTHESIS IN A FIXED BED: LURGI FESD GAS

CCT CATALYST:* (C-79-1.01 (1/4" Q x 1/78")

Temperature Pressure

—

°c psig
275 525
271 £10
258 510
255 920

* 29 8 grams = 25 cm3.

VHSV
ﬂl-l

2,600
4,320
4,200
4,880
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CO Conversion

to MeOH, %

14,5
12.8
12.5
25.0

Equilibrium Conv.
to MeOH, %

15.0
16.5
21.0
50.0



TABLE 3-6
METHANOL SYNTHESIS IN A FIXED BED: LURGI FEED GAS

COMMERCIAL METHANOL SYNTHESIS CATALYST A(1) (-5+¢12 MESH)/
WITCO 40 MINERAL O1L

Run Temperature Pressure VHSY C) Conversion
No. % psig wr-l _To MeGH, %
1 250 530 2.060 29.003) (vapor Phase)
? 256 530 3,690 24.2(8) (vapor Phase)
3(2) 252 530 3,830 10.0
4(2) 270 : 531, 3,63C 9.4
5(2) 230 530 3,980 9.8
6(2) 255 530 2,850 14.4
7(2) 248 £30 1,760 18.€
3(2) 248 . 530 1,390 19.9
y(2) 250 750 3,170 16.5
10(2) 256 760 1,890 24.0
11(2) 255 760 1,190 30.0
1212) 208 530 1,060 20.0
13(2) 207 530 1,640 13.5
14(2) 209 530 2,730 10.4

(1) 62.0 qrams = 52 cm3.
(2) Cofeed ligquid stream of Witco 40 mineral oil,
{3) Equilibrium conv. = 29.5 percent,

(8) Eguilibrium conv, = 26.5 percent,
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The balance of the runs wera conducted with a slow, concurrent once-
through stream of Witco 40 mineral oi¢ in addition to the feed gas.
Whila the liquid flow was finsufficient to fluidize tne catalyst bed, it
did provide qualitative indications as to the liquid phase effects. This
limitatiosn not withstanding,. these results (see Figures 3-8, -9 and -10)
show approaches to equilibrium on the order of 30-75 percent.

Commercial Methanol Catalyst B was ‘also crushed to -5 +12 mesh prior to
reduction and the results for these runs are presented in Table 3-7 and
Figure 3-11. The initial catalyst charge was ltost after seven runs due
to a frozen temperature relay. Nevertheless, the process Scarn was
continued with a second charge of catalyst, At the Yower pressure level
" of 37 atmospheres, the results appear independent of operating
temperature over the range of 225‘2750[:; however, at a higher operating
pressure (54 atm), the higher operating temperature (250°C vs. 225°C)
appears to result in measurably greater reaction rates. This reiative
insensitivity to operating temperature might be due to the balancing
effects of greater reaction rate and decreased driving force to
equil ‘brium with increasing temperature.

In general, Commercial Catalyst B has similar reaction properties
compared to Commercial Catalyst A. Cowparison curves are given in Figure
3.12 for both catalyst preparations. The different shapes for tne
conversion curves are more than 1ikely the result of an insufficient
number of data points for the earlier reaction scans with Catalyst A,

At the end of the process scan with the Lurgi feed gas, several runs were
performed using a koppers-Totzek feed gas and whiie the absolute CO
conversions were lower, the actual methano! productivity was essentially
equivalent because or the high relative CC feed concentration of a
Koppers-Totzek g§as. ‘
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TABLE 3-7

METHANCL SYNTHESIS IN A FIXED BED
SIMULATED LURGI AND KOPPERS-TOTZEK FEED GASES
COMMERCIAL CATALYST B (-5+412 MESH)/NITCO 40 MINERAL OIt

Run Temperature Pressure VHSV €0 Conversion
No. % Atm meol To_MeOH, %
Catalyst Charge No. 1 = 65 gm
Al 245 37 1,680 17.5
A2 245 37 1,040 21.3
A3 245 37 2,660 10.4
A4 245 37 3,520 7.6
AS 272 K7/ 3,520 8.7
A6 272 37 2,200 13.3
A7 272 37 950 23,7
Catalyst Charge No. 2 = 65 gm

g1(1) 246 37 2,460 3.1
g2(1) 246 37 3,560 33.3
83(1) 246 37 4,900 3.3
g4(1) 247 a7 5,560 30.0
BS 250 37 5,500 7.8
86 248 37 1,560 17.4
87 252 37 1,100 23.2
88 225 37 1,100 25.0
B9 252 54 3,360 16.8
810 252 54 2,000 25.1
811 252 54 5.160 11.8
812 225 7 2,020 13.4
813 225 54 2,600 17.2
Bid 225 54 4,040 9.8
B15 248 54 2,000 22.3
B16 248 54 1,300 29.8
B17{2 247 54 2,100 8.7
p18(2 247 54 3,300 6.8
61952 248 k' 2,100 6.0
s20i2) 247 26 2,100 3.7

-

(1) Gas flow only.
(2) Xoppers-Totrek Feed Gas.
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Recirculating Liguid

For a short period of time, a bench scale reactor equipped with a
circulating liquid pump was avai’leble for =xperiments. Unfortunat:ly,
the system was not capable »f sufficient heat input at the liquid flows
required to fluidize the catalyst, Nevertheless, it w- first time
the effect of continuously recirculating the 1liquid around the
synthesis 1iop was investigated. the results for these experiments gare
shown in Toble 3-8 and Figure 3-13. The scan covered “wo temperatures
and two circulating liguid flow rates. Tn yenera!, the results agreed
with trose obtained from the Tixed bed reactor (compare Figures 3-]1 and
3-13).  Increased liquid circulation rate increased praductivity at the
270°C level. There was no measurahle effect of tiquid flow at the
2509C tevei.

The main results of these initia! tests illustrated that:

8 Methanol product purity remains consistently high, even - at
conversion levels of 30 vercent per pass.
On & osco-through basis, a high CO0 concentration feed gas

{Koppars-Totzek) performs as well as a wore typical methanol
synthesis feed gas flLurgi).

«

e Operability of commercial methano! catalysts in the presence of a
liquid phase, both circulating and once-through was confirmed,

bl




TASLE 3-8

METHANOL SYNTHESIS IN A "RECIRCULATING LIQUID BED* -
SIMULATE]) L URGI GAS
COMMERCIAL CATALYST B'1)/WITCO 40 MINERAL OIL

Run Temperature Pressure VHS! Lg?::d CO Conversion
No. 0o Atm Hr- Rate To MeOH, %
vl 250 35 5,050 Low 6.15
t 250 3 3,600  Low 9.30
o 250 35 2,290  Low 14.92
Ch 270 35 5,125  Low 6.52
5 270 35 3,850  Low 7.6
16 270 - B 2,225  Low 10.10
27 250 35 3,700  Migh 7.75
c8 250 35 2,225  High 13.50
€9 270 35 2,275 High 14.10
C10 270 35 3,825  High 8.31
cl1 270 35 5,100 High 6.37

{1} 242 grams.
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Section 3

BENCH SCALE UNIT DEVELOPYcNT PROGRAM

DESCRIPTION GF THE BENCH SCALE UNIT

The bench scale unit was designed for the following operztional
conditfone:

¢ Pressures to 1500 psig.
¢  Temperatures to 6509F.

® Gas space velocities ranging from 1000-10,009 SCFd/CF catalyst
with actual gas feed rates of 30 SCFH.

¢ Liquid velecities of 20-100 gpm/ft2,

Stainless steel (316) construction is used throughout, The unit is, to a
great degree, automatically controlled. The unit is housed in a vented,
explosion-proof cell with cowtrols and analytical support in a nearby
roon. A simplified flow diagram of the bench scale unit is shown in
Figure 4-1,

The feed gas is pumped from a cylinder bank {using a gas booster
compressor (£-100) into the feed gas surge tank (D-103). The gas flow to
the reactor is controlled by the feed gas control valve (FV-100). Before
antering the reactor, the gas nasses through a 2n0 reactor (R-101)
maintained at 700-800%F in order to remove trice sulfur compounds which
woull poison the catalyst. Iron carbonyl would also be removed at these
temperatures, Afier mixing with the circulating liquid stream, the teed
gas passes upwards in the methanol synthesis reactor (R-100) and ihan
into the wvapor/liquid separator (D-100). The oi! Jevel in the
vapor/liquio separator qs maintained by a liguid level controller
(LIC-100) which controls the flow from the process oil mekeup pump
(P-100). The 1iguid, after leaving the vapor/liquid separater, returns
to the process 31 circulating pumps (P-101 R, B, C, D} and is then
pumped back to the reactor, completing the oil circutation loop. A
process ofl filter (F-101) fs'located Just after the pumps in order to
remove any catalvst fipes produced through particle attrition. The
reacted product gases leave ihe vapor/1iquid separator passing through
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both an air cooler (E-100) and water cooler (E-101) before entering the
product vapor/liguid separator (D-101). The product gas stream is vented
to the Tlaboratory incinerator for safe combustion, The condensed
Hquids, contatning both product methano! and circulating oil are then
dumped into a product accumulator (D-102) through the 1tiquid leve!
controi valve (LV-100). The condensed circulating oil is phase ‘separated
from the methanol and recycled back into the circulating loop. Residence
time in the separator is approx fmately one hour,

INITIAL OPERATIONS

Having established the feasibility of the basic engineering concept in
the early fixed bed test (described in Section 3), an initial series of
reaction tests were conducted in the BSU wiith the following objiectives in
mind:

e Observe the rnormal operating behavior of all the mechanical
compcnents and make any changes necessary to improve the system
behavior.

¢ Determine the system response time to reach steady-state after a
change in operating conditions.

e (Calibrate tne flow measuring devices in conjunction with the
analytical svstem to enable calculation of the system mass
balances.

¢ Qualitatively examine the improvement in reaction rates for this
fluidized bed reactor as compared to the previcus fixed bed
results,
The process wvariable scan was carried out with the Catalyst A (12-16
mesh)/Miteco 40 minera?! oil catalyst-liquid pair and a 75 percent H2/25
percant C0 feed gas. This faed gas composition was chosen for two
reasons.  Firstly, the straight HZICO feed would enable accurate
determinatfon of the small methane selectivity expected; and secondly, by
using a 3H2/160 feed gas, instead of a 2H2/1CO mixture, there would
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be an 2dditional check on CO conversion by following the changing product
gas composition. It should be noted also that the feed gas was free of
002 while numerous literature references indicate (0, is desirable to
both speed up the reaction rate and aid ‘n maintaining catalyst activity.

The results of the experimental runs for the 3:1 hydrogen/carbon monoxice
mixture are given in Table 4-1. The value for the CO conversion to
methanol is based on a gas phase carbon halance around the system and is
calculated with the following equation:

Fractional €O Conversion = Fin(xco)in - Fout (XCOHCUZ) out

- \
r‘In (XCC" in

The eariy reaction runs 211 produced less mathanol thin was predicter
from the gas phase material balance calculations. In trying to determine
the reason for the Jiscrepancy, it was hyoothesized thst a portion of the
methanol produced was being ccndensed at the top of the V/L separator
where the Grayloc hub provided a large area for heat losses. It would
then reflux back into the separator where it was held up in the large
volyme and on the large surface area of the packing present in the upper
half of the separator. To eliminate the possibility of this occurring,
an additiona) heating tapo was added tu the top of the V/L separator and
the Grayloc hub was further insulated, Also excess condenser capacity
was eliminated tc reduce the surface area available for Jiquid holdup.
When operating temperature was achieved on the following day, a large
excess of methanol continued to flash over into the product separator
during most of the run, and even on the last collection of the day, 39
percent more methannl was collected than predicted by the gas phese
material balance. For the following runs thereafter, the calculated
conversions Gtased on gas phase c¢ompositfon and product methanol
collection were in clove agreement, CO conversions determined by gas
phase analysis are plotted against VHSV in Figure 4-2 ind compared to the
fixed bed case witi: recirculating Tiquid reported previcusly in
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TABLE 4-1

METHANOL SYNTHESIS IN THE BENCH SCALE FLUIDIZED BED
CATALYST A {12-16 MESH)*/WITCO 40 MINERAL OIL

Run No. Temp,0C
1-A 250
1-8 250
2-A 225
2-8 225
3-A 275
3-8 275
a 250
5 250
6 225

* 200

cm3 = 219.6 grams.

FEED GAS:

Pressure, psig VHSV. Hr-1

75% My, 25% CO

505
505
505

4-5

5,775
2,675
5,800
2,625
5,775
2,650
2,650
5,825
2,760

€O Conv. to Me(H, %

13.2
21.7

7.1
13.%
14,2
19.4
46,0
21.4
27.8
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Section 3. They indicate an improvement in the (O conversion which is
substantially greater than what would be expected due to the differences
in feed composition alone (75 percent "2' 26 perceat CO vs. 50 percent
HZ’ 25 percent 00 and 25 percent inerts in the fi.od bed case). The
ifference is especially significant at the higher VHSV's { 3,500
Hr™") where more than twice the conversion was obtained at the same
conditicns.

The initial results for effect of pressure on CO conversion to MeOH are
preseated in Figure 4-3, indicating that a doubling of the pressure
appreximately dovbled the €O conversion at a given VHSY,

In addition to t: -se results, product gas and liquid compositions were
continuously monitored in ordar to aquantify the selectivity to
by-products. In all cases, the selectivity to (:H4 was less than 0.5
percent and the selectivity to EtOH was less than 0.2 percent; DME was
not detected in either the product gas or liquid samples.

The calculated conversions based on the gas phase analysis and flow rates
provide a better indication of reactor performance, as congarea to
conversion values determined from :n-hand methanol collections. However,
there is still a fair degree of uncertainty in the results at the Tower
conversion levels. This is because the computation involves taking the
difference between two Tarje numbers, each with a small uncertainty. For
example, a 1 percent error in the effluent flow rate measuremeat would
cause a 10 percent relative error in the calculated conversfon at the 10
percent CO conversion level. In the future, where possible, feed gases
will have an 1nert (methane or argon} in order to more precisely
determine the exact ratio of feed/efflyent gas rates and therefore
minimize this uncertainty.

PROCESS VARIAB.E SCANS - CRUSHED COMMERCIAL CATALYSYS

The main thrust of this portion :f the experimental prog-am was to
determine the system response as a function of the foliowing basic
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FIGURE 4-3
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operating parameters: (1) feed Jas composition and flow rate, (2)
reaction temperature, (3) reaction pressure, and (4) catalyst particle
size. ATl of the data were obtained using the Commercial Catalyst
A/Witco 40 Mineral oOf} system and are presented in Tables 4-2, -3 and
-4. Table 8-2 covers work with -12 +16 mesh catalyst particles, while
Tables 4-3 and 4-4 cover work with -16 420 mesh catalyst particles.
Several different feed gases were investigated. Their numinal
compositions are shown below.

Typical Feed Gas Analysis

. 2H,/1C0

Lurgi T 2H»/1€0/0.160? 202
Hy S o 2lRe0 66.7
CHa 15.0 - - -
co 25.0 60.0 2.2 33.3
£, 10.0 2.0 3.0 : -

The reaction temperature was varied over the range of 200-275°C. the
bulk nf the runs were performed at a reaction pressure of 1000 psig with
several cemparisons made at the 500 and 1500 psig levels, Feed gas rates
up to 5000 SCFH/CF-catalyst were examined.

Effect of Feed Gas Composition

While the data taken over any short time period are internatly
consistent, comparisons of results which are far removed in calendar time
are complicated by the attrition and subsequent loss of catalyst during
that time period. For both series of runs with the Commercial Catalyst
A, catalyst losses to the overhead separator of approximately 30-40
percent were encountered over about a one-month perfod. (Tnis loss was
mainly due to the method of grinding the peliets to the desired size
range.  Improvement in this operation (e.g. balmilling) ~ubitantially
eliminated this prablem). For the third loading (-16 +20 mesh) ot least,

4-9



TABLE 4-2
COMMERS 1AL CATALYST A (-12+16 MESH)(1)/WITCO 47 MINERAL OIL

Temp. Pressure VH C0 Conv r§fon
Run wo. Feed Gas °C. __psiq Hr- In_ﬂaﬂﬂzgf__t
13-1 Lurgi 225 1,000 3,110 32.3
13.2 Lurgi 225 1,000 2,100 42.0
14-1 Lurgi 278 1,000 2,650 24 2
14-2 Lurgi 275 1,000 1,240 32.5
15-1 Lurgi 250 1,000 3,200 30.6
15-2 Lurgi 250 1,000 3,300 32.6
16-. Lurgi 225 1,000 1,125 48.5
16-2 Lergi 225 1,000 4,795 24.6
17-) Lurgd 225 1,000 3,225 31.0
17-2 Lurgi 225 500 3,540 16.8
18-1 Lurgi 200 - 1,000 1,125 32.3
18 ° Lurqi 200 1,000 4,790 7.9
19-1 Lurgi 250 1,000 2,130 3.3
19.2 Lurgi 274 1,000 2,010 26.2
20-1 Lurgi 200 1,000 2,170 18,7
21-1 Lurgi 235 1,000 1,610 .9
21-2 Lurgi 235 1,000 2,500 29.8
22-1 KT 23¢ 1,000 3,510 11.7
23-1 KT 225 1,000 1,320 17.2
23-2 KT 225 1,000 2,430 10.4
2441 KT 250 1,000 1,650 15.4
24-2(3) KT 250 1,000 3,600 10.4
25-1 K1 250 1,000 2,430 12.5
25-2 KT 250 500 2,430 5.7(4)
26-1 KY 275 1,000 1,65C 15.0
26-2 KT 275 1,000 3,600 10.0
27 No Analysts
28-1 Lurgi 228 1,000 1,476 27.0
28-? Lurgi 225 1,000 3,945 11.4
29-1 KT 250 1,000 2,430 12.5
29-2 KT 250 500 2,430 5-7(4)

(1) Catalyst loading (-12 +16 mesh) = 200 cm3d « 219.6 gm,
2) Includes small selectivity to higher alcohols.

(3) After this run, the reactor sz1t bath heaters were inadvertently
shut off, Salt bath cooled to 300C uvernight.

(¢) inconsistent data analvsis.
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TABLE 4-3
COMMERCIAL CATALYST A {-16+20 MESH){1)/WITCO 40 MINERAL 01t

_ Temp. Pressure VHSY €0 Conversion
Run No. Feed Gas _°C _Ppsig "ﬁg:f To gggg‘z), 2
30-1 Lurgi 235 1,00003) 3,870 56.6

31-1 Lurgi 235 1,00003) 3 825 51.8

32-1 Lurg} 235 s00/3) 2,070 38.9

32-2 Lurgi 235 s00(3) 3,300 27.8
33-1(4} Lurgf 235 500 2,870 24.1
24.1(2) Lurgf 235 1.000 2,580 4.5

(3) Catalyst loading {-16 +20 mes%) - 200 cm3 = 219.6 gm.
(2) Includes selectivity to hiyher 2lcchols.

(3} Excessive liquid flow rate caused a portion of the cz.alyst bed to
rise and plug against the cataiyst retaining screen, Oressiure drop
across packed bed ,urtion was on the order of 200-300 psig.

(4) Reactor was cooled and depressurized in order to remove catalyst
plug prior to these rums. In addition, liquid flow rate was lowered
to prevent :focrurrence of p]uggfng,
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TABLE 3-3
COMMERCIAL CATALYST A (-16+20 MESH) (1) /WITC) 40 MINERAL OIL

Tea Pressure VHS co Coanriion
Run No. Feed Gas oc psiq Hr- Jo MeQH'2) g
35-1 Lurgi 235 500 2,656 22.0
35-2 Lurgi 235 500 1,430 25.9
36-1 Lurgi 235 1,000 2,512 46.8
36-2 Lurgi 235 1,000 4,059 41.0
37-) Lurgi 220 1,000 2,455 48.3
37-2 Lurgi 220 1,000 4,015 38.2
38-1 Lurgi 200 1,000 12,450 37.3
38-2 Lurgi 200 1,000 4,110 25.0
30.9 Lurgi 250 1,000 2,520 40.5
39-2 Lurgi 250 1,000 4,065 35.9
40-1 KT 250 1,000 2,020 19.5
41-1 KT 270 1,000 2,185 19.A
41-2 KT 270 1,000 3,550 15,2
42-1 KT 235 1,000 3,580 15.2
42-2 KT 235 1,000 3,115 21.3
43-1 KT 235 1,000 2,050 17.3
44-1  2Hp/1C0/0.1C0, 235 1,000 2,800 43,6
45-1  2H»/1C0/0.1€0p 250 1,000 2,800 4.9
85-2  2Hp/1C0/06.1C0» 250 1,000 4,550 3.0
46-1  2H2/1€0/0.1C0> 220 1,000 2,760 37.3
46-2  2Mp/100/0.1C0> 220 1,000 4,59¢C 34,2
47-1  2H2/1€0/0.1C0; 235 1,000 4,590 35.7
47-2 Lurgi 235 1,000 3,920 ¢3.2
48-1  2H/100 250 1,008 2,880 35,.8(3)
48-2  Hp/1C0 250 1,000 4,760 22 6(3)
49-1  2Hp/1C0 220 1,000 - 2,880 12.5
49-2  2H/1C0 220 1,000 ¢,740 7.0
5G-1  ZH»/1C0 235 1,000 2,880 22.8
50-2  2H5/1C0 235 1,000 4,740 7.4

(i) Catalyst loading (-16 +20 mesh) - 200 ~n3 = 219.6 gm.

{2) Includes small relectivity to higher alcohols.

{3) Presence of C0p in system from pravious runs resulted in comparat’vely
high conversions on this day.

§4-1?

T~ = e semre




