Fidure 74

Effect of H2/CO Ratio on Olefin Selectivity
Diluted Bed, Pseudo Slurry Reactor

Temperature = 503 K; Pressure = 2600 KPa;

Space Velocity = 1 cm?g'1s'1;

Heat Transfer Liquid Flow Rate {n-C16) = 0.103 cm
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Figure 75

Effect of H2/CO Ratio on Olefin Selectivity
Diluted Bed, Pseudo Slurry Reactor

Temperature = 503 K; Pressure = 3200 KPa;,

Space Velocity = 1 cm3g’1s'];
Heat Transfer Liquid Flow Rate (n-C16) = 0.103 cm3s'}.
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Figure 76

Effect of H,/C0 Ratio on Oiefin Selectivity
Diluted Bed, Pseudo Slurry Reactor

Temperature = 503 K; Pressure = 4400 KPa,

Space Velocity = 1 cm39'15-1;
3

Meat Transfer Liouid Flow Rate {n-C16) = G.103 cm
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CHAPTER 5

‘DISCUSSION

5.1 Long-Term Catalyst
Activity Test

The development of catalysts that exhibit high activity, de-
siredlse1ectivity, and reasonably long life has been the focuﬁndf the
major{ty of the carbon monoxide hydrogenation iggéstigations since the
initial studies of Sabatier.]z ‘A1though hundreds of catalysts have
Jeen évaluéted for the Fischer-Tropsfh synthesis,1’2 little data have
been neported on the long-term activity and selectivity of cata]ysts
for tﬁé hydrogenation of carbon monoxide. In order to obtain reliable
process daia, the stability of the catalyst with respect to activity
(tonvgrsion of carbon monoxide) and selectivity (olefin-to-paraffin
ratio} must be determined and the run time to achieve stéady state
detehminedf It was observed in this investigation that after the standard

3

catalyst pretreating procedureused by Tsai7and Yang,” more than eight

hours was needed to stabilize the coprecipitated iron-manganese cat-
alysts. This catalyst induction period was later confirmed by Tsai J°:96
The long-term activity and selectivity tests with the copre-
cipitated iron-manganese catalysts were conducted in both the
dituted-bed reactor and the diluted-bed, pseudo slurry reactor. The

data from the 100-hour continuous evaluation test in the diluted-bed

reactor are presented in Figure 13 to Figure 15. After 100 hours
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an-strezm, the catalyst sxhibited the tame activity level as was
cbsarvec at the outset of the experiment, tnat is 9.4% and ©.5%
conversion of carbon moroxide 3t 523 K, reépectively. The carben
dioxicde yje1d increased from 12 mole percent to 14 mole percent
curing the course of the experiment, resulting in relatively small
declines in the yields of the hydrocarbon products. This wcuid seem
to indicate that the long-term catalyst coking/deactivation rate is
relatively Tow et the standerd operating ccnditions used in this
investigation and that the catalyst is stabilized with respect to
deacti@ation after &- 12 hours cn-stream. The long term activity and
selectivity tect with the iron-manganese catalyst in the diluted-bed,
pseudo slurry rezctor (n-hexadecane as heat transfer 1iqujd)
exhibited similar trends with time on-stream as indicated in Figure 16
and Figure 17. The catalyst activity and selectivity did not change
during the course of the experime: t (24 hours en-stream). This
consistent catalyst performance makes later investigations meaning-
ful.

5.2 Test of Schulz-Flory
Distribution Law

73

Henrici-Clive and Olive proposed that the hydrogenation of
carbon monxide could be treated as a typical pclymerization reaction

and therefcre could be fit by the Schulz-Flory distribution iaw,

]Oglo(mp/p) = 10910“7192&) +p 109100.

where mp js the weigh® fractionof hydrocarbons with a carbon number of

p and o is the chain growth probability. The Schulz-Flory
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Aiz+ributicn law was testes with the data obtained during the long

tarm deactivation exgeriment with the dityted-bed mcde of ogoeration
(Figures 29 and 29,. The 1og]o{mp;p) was plotted versus P and a
straignt line was drawn for P = 3 to P = 15. The low values of

TOQIO(mp/D) for those hvdrccarbons with a carbon number between 6 to
10 can bte exnlained due o ines<ficient sampling techniques and the
need to combine the gas analysis and the liguid analysis in order

toc achieve a total material balarce on the system. The evaporation
of dissolved 1ight ends (C5—C7) from the liquid sample and the conden-
sation of heavier ends (CB'CIO) in the gas sampling system could
account for the hydrocarbon material lost in the cverlap region (C6-
C1o). The slightly higher values of methane and lower values of C2
hydrocarbons can be explained as a result of the ethylere hycrogen-
olysis .eaction over the iron-manganese catalyst at the reaction

conditions:

The occurrence of this reaction was confirmed by Schulz and co-
workers77 by adding MC-tagged ethylene to the synthesis gas and by
monitoring the product hydrocarbons by radic gas chromeatography.
Ninety percent of the ethy1éne added to the reaction mixture was
converted tc other hydrocarbons over cobalt catalysts. It was also
reported77 that propene underwent hydrogenolysis reactions when added
to the reaction mixture as indicated by the following reaction

sequence:
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These olefin hydrogenaiysis reactions also occurred over iron
catalysts, however, not to the same extent as over the cobalt
catalysts. The data presented in Figure 28 and Figure 29 seem to
gzree with the explanation proposed by Schulz. The reason for tHe
change pf slope in the region of carbon numbers greater than 15 is
still nct clear. The relatively low mobility of the heavier hydro-
carbons on the catalyst surface could favor the chain propogation
reaction and resulted in greater x value and siope. Schulz, Rosch and
Gﬁkcebay23 investigated'the carbon monoxide hydrogenation reaction
cver a series of ircn and cobalt catalystz and reported that a larger
{less negativé) slope was obtained in the region of carbon numbers
grezter than C10/C]3. Hydrocarbon products with a carbon number
greater than 18 were not reported. [Data on the hydrogenation of
carbon monoxide reported earlier by Storch1 were also analyzed to fit
the Schulz-Flory distribution law by Henrici-Olivé and Olivé,73 but
hydrocarbons with a carbon number greater than 15 were not included.

If the graphical representation of 1og1o(mp/p) versus p gives a
straight line for a given polymerization reaction, and a, the oroba-
bility of chain growth, as determined from the slope (= 10944 u) and
from the inter;ept with the ordinate [= ]oglo(1nezu)), are in good
agreement, the mo]éﬁu)ar weignt distributicn of this polymer obeys
the Schulz-flory distribution Jaw. At a reaction temperature of

518 K and a tota) pressure of 3450 KPa, hydrocarbon products with a
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carbon number p = 3 to o = 15 fell on a straight line (Ficure 22).

The slope and intercept of this iine were calculated 2y a lin

19

ar r

(Y43

ression method. The values of chain growth probabitity, =, alcu-
S C

r

lated from slope and intercept were 0.398 and 0.332, respectively
(see Tabie 7). The similarity of the values calculated from the
slope and the intercept of the linear equaticn indicated that the
carbon monoxide hydrogenation in a diluted bed reactor gver an iron-
manganese (Mn/Fe ratio = 2.4:100) catalyst oteyed the Schulz-Ffory
distribution law up to a carbon number of 15. F.r hydrocarboﬁ
products with a carbon number greater than 15, the data points were
also correlated by a straight line; however, the values of ¢ calculz-
ted from the slope (a = 0.722) and the intercept (= = 0.860) of this
linear equation indicated that carbon monoxide hydrogenation no
longer obeyed the Schulz-Flory distribution law. Similar results
were obtained for the hydrogenation of carbon monxide in a diluted-
bed reactor at other reaction conditions {Figure 29 and Table 8).
Satterfield and HuFf'2 determined that the chain grcwth probability
factor, a, was in the range of 0.67 and 0.71, when carbon monoxide
was reacted with hydrogen over a fused iron catalyst. Satterfield
also calculated the values of o« from the literature fbr the hydrogen-.
ation of carbon monoxide over iron catalysts. The range of values
was 0.55 to 0.94. Deckwer and coworker586 used an iron-manganese
catalyst for carbon monoxide hydrogenation in a slurry reactor and
observed a chain growth probability value of 0.675. The values of

o calculated in this investigation (0.60 and 0.66) are somewhat lower

than Deckwer's value; however, they still are in the range of
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Satterfield's review. It shows that for tne hydroeenation of caroon
menoxide over the coprecipitarad iron-mangarese catziyst inoa
silu*tad-bed reacter, the oroduct distribution obevys the Schulz-Flory
distribution law up .to a carbon number of 15. For hydrocarbons with
a carbon number greater than 15, the experimental data do not it the
Schuiz-Flory distribution law,

5.3 Effects of Reactor Modes on Carbon
Monoxide Hydrogenation

Carbon monoxide hydrogenation is a highly exothermic reaction
znd the heat released can cause temperature excursions in the.catalyst
bed. The effects of tne heat of reaction on the catalyst temgerature
were investigated in different types of reactors: ‘(1) a conventional
dense-bed reactor, (2) a dense-bed trickle flow reactor, (3) a dense-
bed, pseudo slurry reactor, {4) aldi1uted bed reactor, (5) a diluted-
bed trickle flow reactor, and (6) a diluted bed, pseudo slurry reactor.
The reactors were operated at a set standard reaction condition and
the observed catalyst bed temperature profiles for the different
reactors were recorded. The catalyst temperature prcfiles are.present-
ed in Figure 13. The dense-bed reactor exhibited the highest temper-
ature rise at the standard reaction condition. The presence of heat
transfer liquid (MCP 151) in the reacter suppressed a temperature
rise in the catalyst bed. However, at a carbon monoxide conversion of
4.24%, the dense-bed trickle flow reactor (MCP 151 heat transfer
liquid) still exhibited a temperature rise of 5 K. It is believed
that at a higher carbon meonoxide conversion level, the temperature

rise in the dense-bed trickle flow reactor would be even larger. The
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ahserved temperature rise in the dense-bed trickle flcow reactor ore-
certad this reactor mode from being considerzd zs-a.suitable reactor
for carbon monoxide hydrogemation. In a dense bed, pseudo slurry
reactor, almest no temperature rise was observed as shown in Figure

18. This was because of the lower carbon monoxide conversion (3.14%
compared to 7.34%1n the dense-bed reactor) and the improved heat trans-
ferinaslurry reactor. The diluted-bed reactor should have a more
uniform temperature profile than the canse-bed reactor because the
reaction heat released per unit volume of the former is less than that
of .the later. This can be confirmed by comparing the catalyst bed
temperature profile for the diluted-bed reactor to that for the dense-
bed reactor. In the diluted-bed reactor, the highest temperature was
observed at about one inch from the top of the catalyst zone. .This
temperature rise was eliminated by thé heat transfer liquid. The heat
transfer liquid was circulated through the system at a fixed rate of
0.103 cm3s’T. When n-hexadecane was used as the heat transfer ligquid
the elimination of the temperature rise was also achieved (see

Figure 18). The temperature rise in the dense-bed reactor loaded with
9.233 grams of an iron-manganese catalyst is presented in Figure 19 as
a function of conversion level. It confirmed once aga{n that an iso-
thermal profile could not be achieved in a dense-bed reactor even at
carbon monoxide conversions as low as five percent. The temperature
profile for thé diluted-bed, pseudo siurry reactor at an average
reaction temperature of 524 K is presented in Figure 20. This flat
temperature profi}e,in the catalyst bed indicated that even at a
higher carbon monoxide conversion (10%), carbon monoxide hydrogena-

tion occurred at the same reaction temperature throughout the reactor.



186

The conversions and product yields for the hydrogenation of
carbon monoxice in the different reactors at tne standard reaction
conditions are listed in Table 4. The carbon monaxide conversion in
the pseudo slurry reactor operation was lower than that in the dense-
bed or diluted-bed reactors. These differences were attributed to
the retardation of the gas diffusion rate by the liquid phase and the
higher temperature rise in the catalyst bed in the absence of the

heat transfer liquid as found by Halland CO-workers.4]

However, in
Ha11'54] investigation, different amounts of catalyst were loaded

into the fixed-bed reactor ard into the slurry reactorrmaking the
comparison more difficult. Deckwer and co-worker586 compared the
catalyst activity and product distribution for carbon monoxide hydro-
genation at approximately the same reaction temperature and pressure
in a fixed-bed reactor and in a slurry reactor. The conversion was
76.6 mole percent in the fixed bed reactor and 44.3 mole percent in
the slurry reactor. In this investigation, the carbon monoxide con-
version in the diluted-bed, hseudo slurry reactor was 3.6 mole per-
cent with n-hexadecane and 3.1 mole percent with MCP 151 (Table 4y,
whereas in the absence of heat transfer liquid the conversions were
7.1 mole percent and 7.1 mole percent. The degree of the reduction in
conversion in the pseudo slurry reactor relative to the diiuted-bed
reactor in this study was close to that reported by Deckwer.85
Regardless of the heat transfer liquid (MCP 151 or n-hexadecane)
used in the diThtéd-bed'Erick1e flow reactor, the carbon monoxide
conversions (6.7 mole percent and 6.3 mole percént) were quite close

to those in thé diluted bed operation in the absence of heat transfer

medium (7.1 mole percent and 7.1 more percent). On the other hand,




a significart decreese in caroon mOnoXice ConvErsica wis ohservad in
the dense-bed trickle flow reactor (4.2 moie gercent; ccmoared 22 that
in the dense-bed reactor (7.3 mole percent}. This di“ference is
related to the hydrodynamics of the system, that is, in the diluted-bed
trickle flow reactor not all the catalyst pellets ware comcletely
surrounded by the heat transfer liquid at the standard pumping rate
{0.103 cm3s']); thus gas phase reaction existed in the dense-ped
trickle flow operations. The conversion level for the trickie flow
reactor was always between that of the dense-bed reactor (or diluted-
bed reactor) and the pseudo slurry reactor.

'The reaction temperature is a very important process variable
for the hyﬁ*ogenatibn of carbon mongxides therefore, kinetic data are
comparable only if the reaction occurs at ‘the same kinetic tempera-
ture which may be different from the pbserved catalyst bed tempera-
ture. More methane and less carbon dioxide were produced in the
diluted-bed reactor implying that there was actually a higher reaction
temperature in the dense-bed reactor. This speculation is based on
the reported effect of temperature on the product distribution for the
hydrogenation of carbon monoxide. The yield of carbon dioxide
increased and that of the CZ'Cd hydrocarbon fraction decreased in the
pseudo slurry operations relative to the dense- and diluted-reactors
regard]esslof the heat transfer liquid used (MCP-151 or n-hexadecane).
Using MCP 151 did not show any advantage for low melecular weight
olefins production, although it did effectively suppress the temper-
ature rise in the reactor.

It'is clear that although the dense-bed reactor gives higher

conversion, it is difficult to maintain the reaction temperature at a
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constant value. In the diluted-ted reactor, the sime ameount of heat
is distributed throughout & larger reactor volume resulting in a
nearly uniform temperature distribution. Cue to the caracity limit

of the heat transfer 1iquid.circuiation pump, channeling is not
avoidable in the diluted-bed trickle flow reactor. The diluted-bed
reactor and diluted-bed, pseudo slurry reactor were chosen for further
investigation.

The hydrogenation of carbon monoxide was carried out in a diluted-
bed reactor and a diluted-bed, pseudo slurry reactor with varying
reaction temperatures at a fixed reactor total pressure of 2760 KPa, a
hydrogen to carbon monxode ratio of 2, and a fixed space velocity of

3 15'1, N-hexadecane and MCP 151 were both used as heat transfer

1 em’g”
liquids in the pseudo slurry operation. The resuits are presented in
Table 5 and Table 6 and in. Figure. 21 thorugh Figure 26. At a given
reaction temperature, the-diluted-bed reactor exhibited the highest
carbon monoxide conversions. A similar result was reported by
Deckwer and co—worker586 when comparing the product distribution and
catalyst activity in the fixed-bed and slurry phase at the same
reaction conditions. They also reported that although the conver-
sions attainable in. the two reactors differed greatly, the product
distributions were only slightly different. Unfortunately, the yield

86 In this

of carbon dioxide was not reported in Deckwer's work.
investigation, the temperature distribution in the diluted-bed
reactor was reasonably isothermal; however, the catalyst surface
temperature may have been higher than that in the diluted-bed, pseudo

slurry reactor and that would account for the higher carbon monoxide
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ccrversions in the dijuted-bed reactor. Another pcssibie exniara-
tion forthe lower carbon monoxide cenversion in the dilutac-zed,
pseudo slurry reactor is that it may be due to the hizher mass
transfer resistance of the reactant gas from the gas phase to the
surface-of the catalyst. The pseudo slurry reactor with MCP 151
circulated as the heat transfer liguid gave Tower carbon monoxide
conversion than when n-hexadecane was used as the-heat transfer
liquid. At the same reaction temperatures within the range of this
investigation, C2-C4 hydrocarbons yield increased in the order of
reactor mode: (1) MCP 151 pseudo slurry reactor, (2) n-hexadecane
psuedo slurry reactor, and (3) diluted-bed reactor. However, the’
carbon dioxide yield increased in the reverse order as shown iﬁ
Figure 22 and Figure 23  Another important characteristic of the
hydrogenation of carbon monoxide is the olefin to paraffin ratio of
CZ-C¢ hydrocarobns. - The olefin-to-paraffin ratios of the products
(CZ’ Css €, and Cé-CA) from three different reactors are presented in
Figure 24 thorugh Figure 27. In the production of low molecular weight
olefinic hydrocarbons, using n-hexadecane as the-heat transfer liquid
in a pseudolslurry reactor for the Fischer-Tropéch synthesis reacticn
shows some advantage over using MCP 151 as the heat transfer Tiquid.
It is widely accepted that olefins are the primary products of the
hydrogenation o? carbon mcnoxide reaction and paraffins are produced
through the secondary hydrogenation of o]efins.73 Higher olefin
content in thé’product stream must result from Tower hydrogen concen-
tration on the catalyst surface or shorter residence time of o6lefins
on the catalyst surface so that the degree of secondary hydrogenation

is decreased. It is not clear which of the above mentioned reasons
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Caused higher 0 efin Lo zaraffin ~2ti0s in the cseudo slurry rezcior
Aith n-hexadecana is the neat fransfar lisuid. In this invasiiaiticn,

the heat transfer liguid circulation rats was fixed at 0.102 cmoz™!

v

for both MCP 131 and n-hexadecane. As reported by Stern, 3ell, and

Heinemann,56

the 1iquid phase hyqrogen to carhon monoxide ratio can
differ substantially from that of the gas fed to the reactor. The
liguid phase hydrogen to carbon monocxide ratio is a function of the
hydrogen to carbon monoxide consump*icn ratio, the interfacial area,
the Damkohler rumber, and the space velocity of the feed gas. The
higher olefin to paraffin ratic for the C2-54 hydrocarbon fraction in
the diluted bed, pseudo slurry reactor [n-hexadecane as the heat )
transfer 1iquid) must be a result of the Yower hydregen to carbon
monoxide ratio on the catalyst surface which results in higher carbon
dioxide selectivity.

When MCP 151 was used as the heat transfer liquid in the
diluted-bed, pseudo siurry reactor, no advantage forthe C2—C4 olefinic
hydrocarbon production was observed. On the contrary, the carbon
dioxide yield increased. The hydrogen and carbon monoxide concentra-
tions on the catalyst surface were not known. However, the secondary
hydrogenation and water gas shift reaction played important rolls
in the hydrogenation of carbon monoxide in a MCP 131 circulated

diluted-bed, pseudo slurry reactor.

Anderson2 reported an empirical equation for the hydrogenation of |
carbon monoxide over iron catalysts based on first order reaction

kinetics. The ecuation was written as follows:
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where X is the carbon mcnoxide conversion, K is the szecific rate
constant, A is the Arrhenius pre-exponential factor, S is the gas

hourly space velocity, E. is the activation energy, R is the cas

a

-

constant, and T is the absolute temperature. The zbove empirical

equation can be transformed to the following form:
-5 1ne (1 - X) = Aexp (- Ea/RT)
or

1ne{- S 1ne(1 - X} = 1ne A+ (- Ea/R) (1/7)

If the pre-exponential factor A is incependent of the reacticn temper-
ature, a plot of 1ne{-S 1ne(1 - X)1 versus tne reciproca] of temperz-
ture should give a straight line with siope of (- Ea/R) and jntercept
of 1ne A, The Arrhenius plots of data obtained in the diluted-
bed and the diluted-bed, pseudo slurry reactors are presented in
Figure 77. Three linear equations were established to correlate these
data points by using the Teast mean square method. The values of the
activation energies and the pre-exponential factors for the hydrogén~
ation of carbon monoxide in-the diluted-bed reactor and the diluted-
bed, pseudo slurry rzactor are listed in Table 9.

The activation energy calculated for the hydrogenation of carben
monoxide in the diluted-bed reactor (87.1 KJ mo]e'l) was in the rance
of activation energies for difierent Tron-manganese'cata1ysts in a

 fixed-bed reactor reported by Tsa1’7 which varied from 72.4 KJ mo1e']



Table 9

Activation Energies and Pre-Exponential Factors for

Coprecipitated Iron-Manganese Catalysts

Hydrogenation of Carbon Monoxide

Activation Energy
Reactor Type’ Eyr KJ mole~!

Diluted-Bed 87.2

Diluted-Bed, Pseudo Slurry -
Reactor with MCP 151 as
Heat Transfer Liquid 4g.1

Diluted-Bed, Pseudo Slurry
Reactor witn n-Hexadecane
as Heat Transfer Ligquid 73.9

Pre-exponential

Factor, A

1.49 x 10%

5.13 x 104

3.07 x 107

Z






