It

E. Fixed Bed Studies with Developmental Catalyst SG-B-2

1. Task 1 - Exploratory Process Research

Three feed compositions were used in these studies. They
were 1/1 H./CO, 2/1 H,/CO, and another, essentially 1/1 H_,/CO diluted
with carboﬁ dioxide aﬁd methane. The composition of the %hlrd
feed, 0.9 H,/C0O/0.3 CO /3 4 CH approximated a practical feed,
with recyclé, for a f1 ed f1u1alzed—bed operation with 5G-B-2.
Problems related to temperature control were encountered with
this catalyst in the bench-scale fixed-bed unit, and it was
removed from the program before micro reactor studies were com-
pleted, Results obtained prior to this are discussed below.

a. Activation of Catalyst SG-B-2

Activation of catalyst S5G-A-1 was done in flowing
hydrogen at 950°F, and always gave a high activity catalyst.
However, SG-B-2 was not as active as S5G-A-l, and a series of experi-
ments were made using flowing hydrogen at temperatures between 500
and 950°F to determine the optimum activation temperature for
catalyst SG-B-2. The data are given in Table Cl of Appendix C :
using the methane diluted charge stock (0.9 H,/1.0 CO/0.3 CO,/3.2 CH4}.
Scatter occurred in the selectivity data due %o the high metﬁane
content of the feed. However, based on activity for carbon monoxide
conversion, nothing was gained by hydrogen pretreatment at tempera-
tures above 600°F, Product quality was the same for all runs.

b. Effect of Charge Stock on SG-B-2 Performance

The data obtained while processing H,/CO,
0.9 H,/C0/0.3 C0,/3.4 CH, are presented in Tables C2~C§
Appenalx C, and Qiscussed below.

/CO and

H,/CO

Preliminary experiments (Table Cl) indicated that 66 to
68% of the stoichiometric amount of carbon monoxide could be con-
verted at 507°F, 200 psig, and a contact time of 20 seconds. The
C.+ liguid hydrocarbon product obtained is highly branched and has
ag 87 R+0 octane number.

Temperature -effects at 200 psig and 20 seconds contact
time were studied between 485°F and 600°F (Table C3). An upper
process temperature limit of approximately 525°F must be maintained,
as C.+ gasoline select1v1ty drops dramatically at higher temperatures.
At 555 F, the CO conversion is also satisfactory (38% or 76% of theory}.
Below 500 F, the conversion falls to <30%, thus, resulting in a
narrow w1ndow for operating this catalyst with H /CO These points
are illustrated in Figures 23 and 24.

- 64 -



4, ‘unjesadway

029 009 08¢ 09¢g 1)14 (1749 i 119 [11:44
T T I T T T 0

—4 01

—~ 0

1

06

001

(7085 g'6l =L pue T - oo._m: ‘bisd poz)

I-4-95 HiiM
ALIAILD3T3S NOSHMYIOHGAH NO JyNiv¥IdWIL 30 1231443

¥g 2inbi4

% W CANAIDR|BS LOGIEI0IPA

% IM 'UCISIBAUO) ey

4, 'asnjeladwag

029 009 085 095 ovs 02¢ 005 DBY
0 T T T _ T _ 0
N —ut
7
1% oH 0z
ot — o
o\o
T \ N. v
O —i
05— — og
09 = —1®
o
Tl — o
T
Y \o — o8
\0
6l ee—C — 0
001 00t

(235 61 - £ PUE [ - 02/ Bisd 002)
2-8-95 40 ALIATLIY NO JuNlV¥IdW3L 10 133443

g2 24nbry

% 1M UDISIAAUOY 0D

65



2H,/CO

A comparison of SG-B-2 performance between charges
H,/CO and 2H,/CO (Table 21) showed the expected increase in CO
cOnversion wgth the hydrogen rich charge. Note, however, the CO
conversion is about the same percent of theory in either case.
The selectivity to C,+C, is smaller and the C_.% selectivity is
greater for the Hz/Cé cﬁarge compared with thg 2H_/C0O. Both
charges yield a C5+ product with a 90% overhead béiling point of
<400°F.

0.9 H,/CO/0.3 CO,/3.4 CH,

Data obtained with this charge at 525°F and 100 and 200
psig and varying contact times are shown in Table C5. The low, <l%,
selectivity to methane is not real and was attributed to problems
in analyzing for small, additional amounts of methane over that in
the charge. Note the 40 to 65% selectivity to C.t aromatics
compared with about 15% obtained at comparable cogditidns with
a H,/CO cHarge. These data may be misleading, as the aromatic
selgctiv1ty in the total hydrocarbon produced with 0.9/C0/0.3 C02/3.4 CH
is only 1.5 times that obtained with H./CO {(c.f. run 58-7, Table“C3
with 5%-1, Table C5). Nevertheless, tﬁe higher aromatic selectivity
can be expected to age the catalyst more rapidly.

4

: Figure 25 shows plots of activity data selected to minimize
aging effects of the catalyst. The conclusion drawn is that at the
same contact time, there is no effect upon catalyst activity despite
differences in operating pressure between 100 and 200 psigq.

¢. Effect of Carbon Monoxide Partial Pressure

Process studies have revealed significant effects by
diluting a 1/1 H,/CO charge with CO2 and CH,. This diluted charge
(0.9 H,/CO/0.3 C82/3.4 CH,), approximates tﬁe combined feed for a
fixed %luidized béd operation, and gives a hydrocarbon product con-
taining significantly less methane and less C5+ gasoline, as well
as enhanced aromatics formation, when compared~with H./CO as charge
(Table C6). The data are summarized in Table 22. Tﬁe diluted
charge apparently favors C -C4 formation at the expense of C, and
c.*. It is recognized thag analytical problems can greatly dffect
agparent selectivities,due to the large amount of methane in the
charge. Nevertheless, the enhanced aromatic and C,~C, contents
were significant enough to warrant several runs to“resolve the
differences. These runs were made at conditions such that the
carbon monoxide partial pressures and space velocities would be
equal for the two charge stocks. This necessitated running the
1/1 H,/CO at a CO partial pressure of 28 psia and 270 GHSV and the
diluté&d charge at 107 psia and 728 GHSV on CO.
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TABLE

21

COMPARISON OF CATALYST SG-B-2 PERFORMANCE WITH
H2/C0 AND 2H2/CO

Run 158-99-
Charge, H,/CO
Temperatufe, °F
Contact Time, secC,

Conversion
coO
Hy
Selectivity

C,+C
Cl 2

C3IC4
5
90% OH, °F

EFFECT OF CHARGE STOCK ON HYDROCARBON SELECTIVITY

Charge, H2/C0/C02/CH4

Conversion, wt %
co
Hy
Selectivity, wt %
<1
2
CB-I-C4
Co+

Olefins in CS' wt &
Aromatics in C6+’ wt %

(a) 525°F,

2
1/1
500

20

35
64

15
12
73

393

TAELE

22

3
1/1
518

20

39
75

21
14
65

380

1/1/0/0
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38
79

21

2
11
65

64

17

200 psig and 1500 GHSV.

5 6
2/1 2/1
498 515

20 20
63 71
66 78
24 28
13 13
63 49
393 362

(a)

0.9/1/0/0.3/3.4

32
85

16
36
42

45
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Figure 25

EFFECT OF CONTACT TIME ON ACTIVITY
OF SG-B-2 AT 525°F
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The low pressure runs (Table C6) with the 1/1 H,/CO
charge simulated the carbon monoxide space velocity and partial
pressures used earlier with the dilute charge (Table 23). The
results become more consistent at equal CO partial pressures.,
The H./CO charge made considerably more aromatics, 55% versus 17%,
at 203 psig (107 psia pp CO), and fewer olefins. However, the
hydrocarbon selectivities indicate that other factors may be
important. Despite the equivalence ¢f the C *+ gasoline selectivities,
the dilute charge yielded less light gas and more C,-C,. This
could just be a total pressure effect, as some earlier work with
catalyst SG-A-1 showed gquite poor C5+ selectivities at 50 and 100 psig
pressures.

Likewise, increasing the pressure of the dilute charge
made the results for the two charge stocks more consistent {(Table 23).
The diluted charge made less aromatics and more olefins at 540 psig
than at 200 psig, but they still differ from the 1/1 H /CO charge.
More C.7 gasoline is made at the higher pressure (for ghe dilute
charge?, but the dilution still gives a vastly different c,-C
distribution. The lowered methane and increased C selectlviéies
appear inherent with the diluted charge for this cétalyst.

With both charge stocks, halving the sgace velocity and
decreasing temperature to 485°F gave enhanced C gasoline pro-
duction, more olefin, less aromatics, and a somgwhat higher boiling
product (Table 24). It also made the C4' product slates for the charge
. stocks more equivalent. The enhanced C -C4 yield for the dilute
charge, however, is still quite apparen%.

To further investigate effects of dilution, runs were
made with nitrogen replacing methane, and with carbon dioxide
eliminated from the charge. Selected data from Tables C7, C8 and
C9 are given in Table 25 to summarize the dilution effects at 200 psig
total pressure, 485°F and about 700 GHSV. Within analytical accuracies,
substituting nitrogen for methane,or eliminating CO.,,had no effect on
the catalyst performance. Dilution favors C,-C hyarocarbons at the
expense of gasoline and yields more aromaticg. 'As discussed in the
early part of this section, partial pressure and space velocity of
CO partially explain the difference.

d. Aging and Regeneration of SG-B-2

Initial aging studies with catalyst SG-B-2 utilized the
dilute charge (0.9 H,/CO/0.3 C02/3.4 CH,). Charge rate at 485°F
was 770 GHSV,while a% 525°F, the“rate was increased to 1500 GHSV
to give approximately the same initial catalyst activity for both
runs (see Tables Cl0 and Cl, respectively). The milder conditions
showed slower aging (Figure 26), while converting more CO after 9
days than did the higher rate during 4.5 days (4.5 days at 1500
GHSV, is eguivalent to 9 days and 770 GHSV, with respect to the
total carbon monoxide passing over the catalyst).
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TABLE 24

EFFECT OF DILUTION AT LOWER TEMPERATURE AND LOWER GHSV

Run No. 143-58-7 158-102-3 143-59-1 143-60~2
Charge, H2/CO/C02/CH4 1/1/0/0 1/1/0/0 0.9/1.0/0.3/3.4 0.9/1.0/0.3/3.2
Temperature, °F 525 485 528 485
Pressure, psig 200 200 200 200
pp €0, psia 107 107 38 40
GHSV Total 1457 720 1511 772
GHSV on CO 728 360 270 143
Conversion, wt %
co 38 35 32 30
H2 - 79 68 B85 76
Selectivity, wt %
Cl 21 15 6 15
C2 2 2 16 11
C3+C4 11 11 . 36 25
C5+ 65 72 42 49
Olefins in CS’ wt % 64 76 7 21
Aromatics in c6+, wt % 17 8 45 39
90% OH, °F 367 396 356 372
TABLE 25

COMPARISON OF METHANE AND NITROGEN DILUTION ON CATALYST SG-B-2 PERFORMANCE

Run No. 158-102-3 143-60-2 143-63-1 159.137=2
Charge, Hz/co/coz/CH4 1/3/0/0 0.9/1.0/0.3/3.2 - 0.9/1/0/3.1
H2/C0/C02/N2 - - 0.9/1.0/0.3/3.5 -

Pp CO, psia 107 40 35 40
GHSV on CO 360 143 11é 156
Conversion, wt %

als) 35 30 36 35

H2 - 68 76 86 81
Selectivity, wt %

C1 15 15 16 22

C2 2 11 3 8

C3+C4 11 25 25 15

C5+ 72 - 49 56 85
Olefins in CS' wt % 76 21 14 24
Aromatics in C6+, wt % 8 39 35 28
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Figure 26

AGING STUDIES WITH CATALYST 5G-B-2
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After processing nine days at 485°F, the catalyst was
oxidatively regenerated with an initial burn at 750°F, using 3.5%
oxygen in nitrogen, and a final burn at 950°F with 8.5% oxygen in
nitrogen for 19 hours. The results (Figure 27) show identical
aging rates, with a loss of initial activity from 33 to 29% (Table Cll).

A hydrogen regeneration of aged SG-B-2 alsc showed this
same activity loss in second cycle operation, with CO conversion
decreasing from 35 to 29% (Tables Cll and Cl).

Aging runs were also made with H,/CO. Following activa-
tion in flowing hydrogen at 600°F and 200 fsig for 16 hours,
experiments were carried out at 485°F, 200 psig, and 700 GHSV.

Both hydrogen and air regenerations of the catalyst were attempted.

The air regeneration procedure consisted of an initial
burn for one hour at 750°F with 1% oxygen in nitrogen at 100 psig.
The temperature was then raised to 850°F and held for one hour,

The catalyst was next contacted with 100% air and when no further
indications of burning were observed, the temperature was raised

to 900°F. Two hours at 900°F with 100% air was the final conditicn
of the regeneration procedure. After each air regeneration and
before contacting with synthesis gas, the catalyst was given a
hydrogen pretreatment for 16 hours at 600°F and 200 psig.

The activity and hydrocarbon selectivity as a function
of time on stream are shown in Figures 28 and 29, respectively
(Table Cl12),

A Catalyst activity for carbon monoxide conversion (Figure 28 D)
fell from 36% at six days to 30% after 18 days of processing. Thus,

after 18 days on stream, 60% of the stoichiometric guantity of carbon

monoxide was being converted., The C * hydrocarbon selectivity re-

mained high throughout the run, and éhe ligquid product had a

constant research octane number of 89.

Days On Stream

Hydrocarbon, wt % 6 18
Cl + C2 15 20
C3 + C4 9 14
c5+ : 76 66
C6+, Aromatics 8 6
Liquid O.N. (R+0) 89 89

Further, the C * aromati¢ make was 10% and C5 olefin selectivity
>70%, with equglibrium amounts of branched C5 olefins being formed.

After the initial aging curve, the temperature was raised

from 485 to 505°F. The effect was to increase carbon monoxide
conversion from 30 to 36%.
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Hydrogen regeneration (Figure 28 - @} of the catalyst
for 16 hours at 600°F, was not successful. Six days of conversion
data, before and after H regeneration,showed a drop from 35 to 25%
carbon monoxide convert&d. Increasing the severity of E, regen-
eration to 16 hours at 950°F (Figure 28 - @) resulted ifi a
further loss in activity to only 18% CO converted. An air regen-
eration (Figure 28-@ ) increased activity for CO conversion from
18 to 25%. A second air regeneration at the same conditions (2 hr-
air-900°F) resulted in a catalyst of much lower activity (15% CO
conversion).

The data indicate that,although SG-B-2 initially has good
aging characteristics, it did not regenerate under the conditions
employed.

2. Task 2 - Process Development

Based on preliminary results with developmental catalyst
SG-B-2 in the micro reactor units, a bench-scale unit experiment
was started at the following conditions:

Fresh Feed 2.2 H2/CO/0.5 CH4
GHSV, Fresh Feed 325
Pressure, psig 300
Inlet Temperature, °F 400
Maximum Temperature, °F 500
Recycle Ratio 14/1

After a short time on stream, it became necessary to increase the
inlet and maximum temperatures to 425° and 525°F, respectively,

in an attempt to obtain steady conditions. Some problems were
also encountered in obtaining the desired H,/CO ratio in the fresh
feed. Material balances for this run, 225-%5, are shown in

Table Cl3.

After about 97 hours on stream, the total conversion (H,+CO)
was 88% at a H./CO ratio of 2.6/1. However, the selectivity to
c.t gasoline wés only 36% and the C.~ fraction was almost exclusively
pa3raffinic. As the fresh feed H /Ca ratio was brought closer to
2.2, the H,+CO conversion droppea to apout 75% and the C.* gasoline
selectivit§ increased to 47-50%. Methane was the predominant light
hydrocarbon, and olefin production remained low,

After two weeks of operation, the GHSV on fresh feed was
doubled in an attempt to improve the selectivity to gasoline and
olefins. The H._+CO conversion fell to about 40-45% with no improve-
ment in theprodaction of olefins. Actually, the selectivity to
gasoline decreased to about 40% while that to methane increased

slightly. The lower conversion at the higher space rate permitted
a reduction in the recycle ratio to 9.5/1.
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The space velocity was reduced to the original condition
(i.e., 330 GHSV on fresh feed} at about the 19th day, to determine
any significant effects of catalyst aging. The H,+CO conversion
was not significantly different. However, differénces in the hydro-
carbon selectivities were apparent. More methane, >40%, and less
gasoline, <40%, were made.

After about 28 days, run 225-15 was interrupted by a
power failure. Subsequent operation of the bench-scale unit was
erratic and the run was, therefore, terminated. The space velocity
history of run 225-15 was:

GHSV on Fresh Feed Days On Stream
325 12
650 5
325 14

Rupn 225-16 was started with a fresh charge of catalyst
SG-B-2 at the following conditions:

Fresh Feed 2.1 H2/CO/0.5 CH4
GHSV, Fresh Feed 325
Inlet Temperature, °F 425
Maximum Temperature, °F 525
Pressure, psig 300
Recycle Ratio 13/1

The results of two material balances (225-16-1 and =2)
at these conditions are given in Table 26. The H,+CO conversions
are both approximately 88-90 mole %, The C_.* yiefds are 54-61 wt %
of total hydrocarbons. The C,” fractions cgnsist of about 50%
methane (wt % basis), and the remainder primarily CZ-C paraffins.
The C5 fractions are essentially paraffinic (iso to no%mal ratio
about®1.6/1). The C,t fractions contain about 50 wt % paraffins
and about 30 wt % argmatics.

The recycle ratio during material balances 225-16-1 and
-2 was 12.5/1. The H./CO ratios in the recycle gases were 1l.6/1
and 1.8/1, respectivefy.

The composition of the fresh feed was then changed to
1.5 Hz/CO/O.S CH, in an attempt to improve olefin and perhaps
gasoline selectiéity. Material balance 225-16-3 was obtained
after the unit had appeared to stabilize at this new feed compo-
sition (with a recycle ratio of 9/1). However, during the next
material balance (225-16-4), severe temperature fluctuations in
the reactor were observed. Attempts to reduce or eliminate these
temperature oscillations by altering the recycle ratio were
unsuccessful. Therefore, both the reactor inlet temperature and
maximum temperature were increased by about 10°F. By careful adjust-
ment of the recycle ratio (about 18/1) and close observation of
other operating variables, the unit became reasonably stable.
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TABLE 26

MATERIAL BALANCES FROM FIXED BED BENCH~SCALE UNIT WITH CATALYST SG-B-2

RUN NUMBER 225-
RUN DAYS-ON-STREAM
CUM, DAYS-ON-STREAM
FRESH PEED H2/C0 RATI?
GHSY, HR 1
RECYCLE RATIO
REACT. PRESS., PSIG
REACT. INLET TEMP., oF
HOM. REACT. TEMP., oF
CONVERSIONS, MOL o/s

H2

co

H2+C0

YIELDS, WT /e

HYDROGEN

WATER

co

o2

TOTAL HYDROCARBON
HC SELECTIVITY, WT e/-»

METHANE

ETHENE

ETHANE

- PROPENE
© PROPANE
- BUTENES
- I-BUTANE
N-BUTANE
TOTAL Cu-

CS+ PARAFFINS
OLEFINS
NAPHTHENES
AROMATICS
OTHERS

TOTAL €5+
YTELDS, G/S5CM CONV CO+H2
TOTAL HC
CSs+
OLEFINS, WT /e BY C WNO.

90 PCT OH, RAW PROD., oF
OCTANE NG. ON RAW PROD.
R+0
f+3
OXYGENATES, WT /=
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Comparison of the third material balance with the first
two balances illustrates the effects of the lower H,/CO ratio
in the fresh feed on conversion and product selectivities. As
expected, carbon monoxide conversion decreased sharply and hydrogen
conversion was about 10 wt % lower. Of course, the vields of hydro-
carbons and water were correspondingly lower while more olefins were
formed in the third balance.

The composition of the recycle gas was strongly influenced
by the Hz/co ratio of the fresh feed. The H,/CO ratio in the
recycle as of balance 3 was 0.6/l in contragt to about 1.7/1 in
the first two balances,

The results of material balances 225-16-5, -6, -7, and
-9 are also included in Table 26. They were obtained at slightly
higher reactor temperatures than the third material balance.
Also, the recycle ratio was approximately 18/1 (compared to 12/1
in balance 3). 1In these four balances, the yield of methane was
higher, and less C.% was obtained.. Also, less olefins were formed.
The isoparaffins (gbout 70 wt %) in the C5 fraction of balance 5
appear to be unusually high.

After the ninth material balance, the pressure was raised
to approximately 580 psig. However, large temperature fluctua-
tions occurred in the reactor at this higher pressure. All attempts
to eliminate these fluctuations by adjusting the recycle ratioc and
reactor temperatures were futile, In addition, a pressure drop of
40 psig developed across the reactor (probably related to the high
catalyst temperatures). Run 225-16 was, therefore, terminated.

The research octane numbers (RON) of the hydrocarbon
condensates from material balances 225-16-1, -2, and -3 are about
83-85, and those from 225-16-5, -6, -7 and -9 are higher (i.e..
87.5 to 89.5).

Simulated {(gas chromatographic) distillations of the raw
product show 90% overhead cut points of about 380°F for the first
two runs, which had relatively high H,/CO ratios. When the space
velocity was lowered for balance 3, tﬁe 90% point rose to 395°F,

It dropped again to 382°F when the maximum reactor temperature was
raised about 20°F, and finally rose slowly to 400°F as the catalyst
aged. ;

A sample of the agueous phase from material balance

225-16-9 was analyzed for oxygenates. It contained about 0.2 wt 3%
non-acidic organic ccmpounds, which are listed below:
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Relative Concentration(a)

Compound wt %

C.~C, Aldehyde
Aéet ne

Methylethyl Ketone
Methylpropyl Ketone
Methanol _
Ethanol

Propanol

Butanol

o)

[9) ]
dHOWHOBWLN
L ] L] - - [ ] L[]
H W~ - Www

(a) Water~-free basis

Two different types of fixed bed catalyst (SG-A and S5G-B)
were studied in the fixed bed, adiabatic bench-scale unit. As
expected, high recycle ratios, which are an economic disadvantage
in commercial operation, were required to control reactor temperatures
for the exothermic syngas conversion process. Wide-temperature
fluctuations and unsteady operation were observed. 1In addition,
reactor plugging problems were encountered. Because of these and
other considerations, operation under the fixed-bed mode was
terminated.
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F. Task 4 - Thecretical Studies in Support of Process
Research with Fixed Bed Catalysts

1. Heat and Mass Transfer between Catalyst and
Gas Stream

During synthesis gas conversion, about 5000 BTU's are
released per pound of hydrocarbon formed. All this heat is generated
within the catalyst and transferred to the bulk gas stream. The
heat transfer is driven by the temperature difference between the
catalyst surface and the bulk gas stream, The magnitude of the
temperature difference depends on the reaction rate (which is a
function of catalyst temperature and local gas composition) and
the local flow situation.

The local catalyst temperature is needed in order to
correctly interpret catalyst activity., Because this temperature
is not usually measured, it must be estimated from the measured
bulk gas temperature. Accordingly, experimental data from both
the fixed bed bench-scale and the micro reactor units, with
catalysts SG-A-1, SG-A-2, and SG-B-2, were analyzed. The results
indicate that the temperature difference across the gas-catalyst
interphase, under synthesis conditions, ranges from less than 1°F
to 16°F in the bench-scale unit and from less than 1°F to 6€°F in
the micro reactors. A similar study on mass transfer was also
conducted. The concentration changes of major reactants across
the gas-solid interphase were found to be small in all the cases
analyzed.

The analysis is based on the assumption that the selec-
tivity and activity are uniform throughout the reactor, This allows
the calculation of mass flux across the gas-catalyst interphase
from inlet and outlet gas compositions and the space velocity.
Deviations from this assumption will be discussed later. With the
mass flux given, the temperature and concentration differences can
be calculated through the heat and mass balances around a catalyst
pellet:

hi(T - TO) = hAT = (-AHi)Ni
n
N _ "\ . _ by
koP Xy = Xjo) = kepBX; = N; = Xj5 5=1 5
where h{cal/sec - °C - cmz) and kx_(cm/sec) are the heat and mass

transfer coefficients; T and T the temperatures (°C) in the bulk
gas and on the catalyst Qurface, X._ and X, the molar fractions

of component i1 in the bulk gas and’Rext tolthe catalyst surface;
¥({g~mole/cc) the molar density; N, (g-mole/cm“~sec) the molar flux
of component i; and H, {(cal/g-mole) the heat of reaction per mole
of component i reacted. The total number of components considered
ils represented by n.



The heat and mass transfer coefficients in a packed bed
are usually arranged in dimensionless forms as Nusselt and Sherwood
numbers ‘

hd k.d
Nu = R g osh = SE

which are correlated to Reynolds number and Prandt]l or Schmidt

numbers
- _ oy
T ;s Pr -%— , Sc¢ '35

Here d_ is the effective particle diamster in centimeters; G is
the suBerficial mass flow rate in g/cm-sec; u, A, D, C_ and p

are respectively the viscosity in 3/sec—cm, thermal conHuctivity
in cal/cm-sec®C, diffusivity in cm“/sec, _heat capacity in cal/g-°C,
and mass density of the bulk gas in g/cm-”.

Reliable correlations are available at high Reynolds
numbers. However, controversy has surrounded the subject of gas-
solid heat and mass transfer in packed beds at Reynolds numbers
as low as those at which our micro reactor and bench-scale units
were operated. The problem was that experimental results were
widely scattered over a couple of orders of magnitude and were well
below what many sound theories predict. The discrepancy among
various experimental data exists to a large extent due to the
difficulty involved in direct measurements of transfer driving
forces (temperature or concentration difference across solid-gas
interphase) which are so small at the bed outlet at low Reynolds
numbers that the mean driving forces across the bed can not be
determined accurately. To circumvent this difficulty, indirect
methods such as effective thermal conductivity measurement(31)
and frequency response analysis(32) were often employed to obtain
data in this range. Unfortunately, these methods call upon the

proposition of an intuitive model for the description of the system,
vet the adequacy of the model in representing local transfer processes
has not been checked independently. Indeed, the data obtained this
way is doubtful as, for example, at Reynolds number about 1,

various experiments result in Nusselt numbers ranging from 0.01 to
0.5(31,32), which correspond to heat transfer resistance equivalent
to a gas film of thickness ranging from 2 to 100 times the particle
diameter, which of course cannot be rationalized by our physical
understanding.

Results from various theoretical treatments(33, 34, 35}
also differ from each other. This is mainly because of the dis-
agreement on the boundary conditions imposed and the definition of
driving forces. When the driving forces, relevant to the present
study, are used, these theoretical considerations can be reconciled
at least on one common conclusion., That is the Nusselt and Sherwood
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number should approach a finite limiting value when the Reynolds

" number approaches zero {stagnant fluid). This limiting value is

a function of the void fraction,and in the extreme case, when
particles are infinitely far apart, it is well known that the
Nusselt number approaches 2. According to the work of Rowe et al(36)
and Pfeffer & Happel(33), this limiting value is approximately 13

at a void fraction of 0.4, Based on a different yet more relevant
boundary condition, our own analysis gives 23 as the limiting Nu

(or Sh) number for the same void fraction. The Nusselt (and
Sherwood) number increases with increasing Reynolds number, but

only slowly in the low Reynoclds number range where our micro

reactor and bench-scale units were operated., The Nusselt (and
Sherwood) number is only 2% higher than the limiting value at
Reynolds number 50, based on present asymptotic expression., In

the following analysis, both limiting values for Nusselt and Sher-
wood were used to estimate the range of temperature and concentration
differences between the catalyst and bulk gas stream,

The gas phase viscosities were theoretically calculated
through the Chapman-Enskog formula for pure components and then
the Wilke method for mixtures. The thermal conductivities were
obtained from viscosity data through the Eucken correlation(37).
The Chapman-Enskog formula for diffusion was used to estimate the
binary diffusivities, with which the effective diffusivity D,
of component i in a gas mixture can be evaluated through the'Btefan-
'Maxwell relation(38). Three bench-scale {(Unit 225) runs (10, 14,
and 15) and six micro reactor runs (in Units 143 and 158) using
different catalysts and feed compositions were studied. The
effective particle diameters of SG-A-1l, SG-A-2, and SG-B-2 are,
respectively, 0.115, 0.25, and 0.115 cm. The bench-scale unit,
Run 225-~10, was carriedzout in a 50=-cc catalyst bed with cross-
section area of 3.87 cm®, Run 225-14 and Run 225-15 used a larger
sized reactor of B8.5-cm? cross-sectional area and 100-cc and 50-cc
bed volumes, respectively. _The micro reactor runs were conducted
in 10~¢c reactors of l.l-cm® cross-sectional area. Other relevant
information itogether with the estimated gas phase properties and
the results’/of heat transfer analysis are listed in Table 27 for
the bench-scale and Table 28 for micro reactor unit runs. The
interphase temperature differences, AT, depends linearly on the
heat of reaction (AH). The heat of reaction can vary from 25,000
to 40,000 calories per g-mole of CO converted, depending on the
product selectivity. In this study a AH of 37,500 per g-mole of
CO converted was used. For methanation the AH is about 52,000 and
the AT would be 40% higher. The ranges of AT were calculated based .
on the two Nusselt numbers (13 and 23) which are adequate for the
description of heat transfer in the Reynolds number range encountered.

In bench-scale unit runs, the calculated AT's are relatively
small (less than 0.3°F) for Run 225-15 (SG-B-~2). This is mainly due
to the low catalyst activity of SG-B-2 at the experimental con-
ditions. The AT's for Run 225-10 (S5G-A-1) and Run 225-15 (SG-A-2)
are about 2°F and 6°F, respectively.
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The higher interphase temperature difference with SG-A-2,
compared with SG-A-1l, is attributed to lower space velocity and
larger catalyst particle size. The temperature differences based
on both reactor inlet and reactor outlet conditions were estimated.
There is little difference between these two.

The above results were based on the average conversion
rate, as the selectivity and activity were assumed uniform through-
out the reactor. Since the conversion profile along an adiabatic
bench-scale reactor is similar to the temperature profile, deviations
of local rate from the average can be roughly estimated from the
latter. The ratio of a local conversion rate to the average rate,
dis approximately equal to the ratio of the local slope of the
temperature profile to the slope of the line connecting the inlet
and outlet temperatures. Figure 30 depicts several axial tempera-
ture profiles. For material balances 10-2 and 15-2, the highest
conversion rates were achieved at the reactor exit, and were about
2 and 2.5 times the average rates, respectively. For material
balance l4-1, the local rates do not differ too much from the
average rate. As AT is linearly proportioned to the conversion
rate, AT's at the outlet for material balances 10-3, 15-2 should
be corrected by the factors 2 and 2.5 respectively. Thus, the
potential maximum local AT in the bench-scale unit might be as
‘high as 2.5 times the AT's obtained by using the average rate.

These potential AT's for various catalysts are also given in Table 27.

In micro reactors the temperature differences between the
catalyst and bulk gas stream for SG-B-2 catalyst are again found
to be smaller than those for SG-A-1 catalyst as shown in Table 28.
In contrast to bench-scale unit are the distinct differences between
inlet and outlet gas compositions and properties in micro reactor
units. This is because of the absence of recycle. Since the
concentrations of reactants change a great deal from inlet to
outlet in micro reactors, it is expected that the local reaction
rate at the inlet would be higher than the average rate. Indeed if
the reaction is assumed to have first order dependence on the
reactant concentration, it can be shown that

Yin _ _ 1n(1-v)
r Y
av
r
out _ _ (1-¥)1n({(l-Y)
r.. Y
av
where Tint Fout and Loy are, respectively, the inlet, outlet, -and

average reaction rates and Y is the conversion. Based on this
simple assumption, the adjusted local AT's are listed in Table 28,
The maximum adjustment gives a AT about twice as large.
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The results of mass transfer analysis based on Sh=13
are listed in Table 29 and Table 30 for bench-scale and micro reactor
units, respectively. The concentration differences across the gas-
catalyst interphase are expressed as the molar fraction differences,
AX.'s. The AX's for components CO and H. are very small in compari-
soh with the respective molar fractions %;'s in all the cases studied.
If Sh=23 is used, the AX's are even smaller. It can thus be con-
cluded that the bulk gas stream composition adequately represents
the composition at the catalyst surface.

2. Heat Loss from Fixed-Bed Bench-Scale Unit

As mentioned earlier, a large amount of heat is released
during synthesis gas conversion, This heat has to be effectively
removed from the reactor to avoid temperature run-away. In the
fixed-bed bench-scale unit, the reactor was designed to simulate
adiabatic operation. All the reaction heat was to be removed by
the recycled gas. Estimations of heat loss from experimental data
indicate that the fixed bed bench-scale unit was indeed operated
close to adiabatic conditions.

L The heat loss from a reactor can be calculated from the
enthalpy difference between reactor effluent and feed. For an
‘adiabatic reactor, this difference should be zero, and the reaction
heat results in a higher or lower effluent temperature, depending
on whether the reactions occurring are exothermic or endothermic.
This effluent temperature is called the adiabatic temperature of
the reacting stream. For an actual reactor, an exit temperature
lower than the adiabatic temperature, indicates a heat loss to
ambient.

To estimate the enthalpy of a feed or effluent stream, a
detailed composition breakdown is needed. For the current study,
the compositions are divided into 59 component lumps, including
55 components for the Cy to Cyg hyvdrocarbons and four components
for the inorganics Hzo, HZ' Cé, and COZ'

Raw experimental data were screened before detailed
analysis. Only those data whose C-H-0 atomic balances in the net
product stream (i.e., without recycle) were within 2% of those of
the fresh feed stream were used. Furthermore, slight adjustments
in product composition were made so that an exact C-H-0O balance
between feed and product stream could be attained. In adjusting
the raw data, the (H.+CQO) conversion, hydrocarbon selectivity, and
ratio of oxygen rejegtion as Hzo and 002 for all experiments, were
maintained the same.

Four fixed bed material balances using SG-A-2 and SG-B-2
- catalysts were thus chosen for this study. The calculated adiabatic
temperatures, together with the measured reactor outlet temperature
and other pertinent information, are listed in Table 31. The result



TABLE 29

INTERPHASE MASS TRANSFER IN BENCH SCALE UNITS (Sh=13)

Run CT-225-
Catalyst

Component-CO
Ni' mole/sec~cm

2
Dim’ cm /sec.

Sc
kc, cm/sec.

X

4
Axi x 10

ComEonent-H
Ni, mole/sec-cm

2
Dim' cm /sec,
Sc

kc' cm/sec.
Xy

AX, x 104
i

Run CT-
Catalyst

Component-CO
Ni' mole/sec-cm

2
Dim' cm /sec
Sc

kc' cm/sec
X,
i 4
Axi x 10
Component-H
Ni' mole/sec-cm

im

D._, cm2/SeC.
Sc :

kc' cm/sec.
Xi 4
Axi % 10

10-3 14-1
SG~A-1 SG~A=2
1.234 x 10°° 0.501 x 10°
Inlet Outlet Inlet Outlet
0.0349 0.0451 0.0281 0.0343

0.87 0.82 0.76 0.72
3,95 5.10 1.47 1,78
0,0501 0.0302 0.0389 0.0194
0.69 5.3 6.6 6.3
3.214 x 10°° 1.086 x 10°°
Inlet Outlet Inlet Outlet
0.0820 0.1062 0.0865 0.1055
0.37 0.35 0.25 0.24
9,27 12.0 4.50 5.50
0.5059 0.4731 0.1976 0.1597
3.9 3.7 4.2 4.0
TABLE 30

143-51=-4
SG-aA-1
1.988 x 10°°
Iniet Outlet
0.0592 0.0619
1.35 0.65
6.70 6.99
0.3333 0.0058
5.6 9.6
2.530 x 10~°
Inlet Outlet
0.1426 0.1491
0.56 0.27
16.1 16.9
0.6667 0.4321
1.7 2.9

158-99-6
5G=-B-2

4.250 x 10~/

Inlet Outlet
0.0320 0.0340
2.02 0.93
3.62 3.84
0.3333 0.1716
1.3 2.3
9.338 x 10”7/
Inlet Cutlet
0.1308 0.1384
0.49 0.23
14.8 15.7
0.6667 0.2603
0.82 1.4

88 -

INTERPHASE MASS TRANSFER IN MICRO UNITS (Sh=13)

15-2
SG-B~2
0.945 x 10"’
Inlet Outlet
0.0221 0.0267

0.96 0.92
2.50 3.01
0.1236 0.1106
0.55 0.52
2.252 x 107/
Inlet Cutlet
0.0764 0.0922
0.28 0.27
B.65 10.4
0,2621 0.2301
0.39 0.37
143-58-4
SG=B-2
3.115 x 10"/
Inlet Outlet
0.0098 0.0101
5,09 3.19
1.11 1,14
0.5000 0.4670
1.1 1.5
6.230 x 107
Inlet Outlet
0.1334 0.1370
0.37 0.23
15.1 15.5%
0.5000 0.2264
0.70 0.98
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