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I. EXPERIMENTAL REACTOR SET-UP : lelhlemrallahlmy

The main experlmental criterion has been to design a slurry-
bed reaction unit which woulé yield kinetic information that could
be analyzed by a straichtforward, differential-rate approach and
be free from experimental artifacts. With this in mind, & mechani-
cally stirred autoclave reactor has been employed to provide a uni- .
form gas, liguid and solid composition. Preliminary experimental
runs of the unit have poeinted out several flaws in our original
design and the apparatus has keen substantially re-constructed.
Although more operator attention is now required, the apparatns
is evolving into a reliable and precise piece of equipment.
Throuchout the design and construction of the experimental unit,
safety has been an overriding concern. The apparatus can operate
unattended for uvp to 24 hours since the synthesis gas feed and
reactor furnace are automatically shut-down in the event that:

{1) CO concentration in the laboratory air exceeds 50 ppm (OSEA
limit); (2) reactor temperature, gas feed razte, or autoclave
pressure substantially deviate from their set-point; (3) electrical
power failure; or (4) wventilation of reactor off-gases fails.

Materials. The CO/H2 mixed gas is custom blended from technical
grade carkon monoxidé€ and prepurified kydrogen by.Matheson Gas
Company. The gases are further purified with the use of
adsorbents, filters, and dryers. .

Normal-octacosane of 99%+ purity, synthesized by Bumphrey
Chemical Corpany, is employed as the slurry liquid as it is
a high boiling (430°C at atmospheric pressure}, relatively
inexpensive, normal paraffin that is characteristic of waxes
produced by the Fischer-Tropsch svnthesis. &lso, the product
analysis is much simpler to perform with this pure siurry liquid.

The catalyst for our first shake-dowmn studies is fused
iron of composition 30-37 FeD: 58-~585 Fe 0,: 2.0-3.0 21 504
0.5-0.8 K,0: 0.7-1.2 Ca0, manufactured %y Catalysts and
Chemicals, Inc. (United Catalysts, Inc.) under license agreement
with Norsk Hvdro of Norway and is designated as type C-73-1-01.
While this catalyst is commercially employed for ammonia synthesis,

it is guite similar to the composition used at the SASOL Fischer-
Tropsch plant in South Africa.

2pparatus. The experimental unit is illustrated in Figure 2. It

can be used at pressures up to 4 MPa and temperatures of 325°C, - -
and.is fabricated of stainless steel and Teflon. Operation is
semi~batch in the sense that the synthesis oas {carbon monoxide
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and bydrogen) 1s ccntinuﬁlly fed to the reactor and product vapors
removed overhead while the liguid medium and catalyst are charged
_as a batch at the beginning of an experimental run.

Premixed hydrogen and carbon monoxide are first passed through
13X-molecular sieve and activated carbon traps for further purifica-
tion and then through a 2-micron filter. The flow of gas is control-
led by a Badger-Precision pneumatic metering valve, Rosemount dif-
ferential-pressure cell, and Foxboro P.I.D. controller in & feed-
back control loop. The gas flow out of the reactor is measured
either with a2 wet-test meter after saturation with water wvapor
or with a soap-film bubblemeter. The unit pressure is controlled
by a dome-loaded back-pressure regulator at room temperature. AsS
showvn in Figure 2, the condensable products are recovered in two
stages. Waxes and heavy products are collected in the first
state that is operated at about 80°C and reactor pressure. The
lighter products are trapped at atmospheric pressure in a knockount
pot immersed in a water bath that is maintaziped at 2°C by mechanical
refrigeration. Residuzl gases are separated and analyzed by gas
chromatography with the implementation of an on-stream, Valco
gas-samnpling valve. '

. During initial experimental runs, plugs periodically developed
in the stainless—steel tubing that connected the reactor with the
wax trap and was heated to 300°C (to avoid premature product
condensation) at reaction pressure. Upon examination of the
tnbing, the interior wall was fournd to ke heavily coated vith a
carbonaceous residue. . Most likely, the carbon was formed by
the decomposition of carbon monoxide to carbon and carbon dioxide
{Boudouard reaction) as this reaction reportedly proceeds at a
significant rate with CO/F, mixtures over an iron catalyst at
300°C and elevated pressurés. Apparently, the iron in the
stainless-steel tubing substantially proxotes this undesirable
reaction. The proklem has been substantially overcome by
minimizing this hot tubing length and by using glass-lined, - .
stainless—-steel tubing to eliminate contact of the products
with the stainless steel. In addition, Teflon-coated, stainless-
steel tubing, maintained at 100°C, is ntilized between the two
condensate traps to further prevent any deleterious interaction
of the reaction products with the experimental apparatus.

The synthesis is carried out in a one-liter, mechanically-
stirred autoclave which is operated to behave as a CSTR in which
the composition of its contents are uniform. The autoclave is
heated by a two-zone, lapped furnace that fits snugly around the
unit. The heat input on one zone is preset by a Genrad variac
while the amount of heat is regulated on the other zone by a
Cardsman (West) controller so as to maintain an isothermal reactor
temperature. 2 type-J thermocouple, located in a well in the
autoclave, records reaction temperature with the help of an Omega
digital thermometer. A liguié@ sampling tube is positioned in the
reactor vessel with a two-micron filter at the tube inlet to
strain the entrained catalyst from the liqguid medivm. Samples
of the slurry liquid are analyzed by gas chromatography.

L2
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Reduction. Since a temperature of 450°C, required for a rapid
reduction- ¢f the iron catalyst, would guickly boil-off the liguid
medium in the slurry-bed reactor, the catalyst is reduced in a
separate unit that is shown in Figure 3. The reduction tube is
constructed of type-316 stainless steel ané measures l.6+-cm I.D.
by 40-cm long. Porous frits in the tube prevent carry-over and
loss of the catalyst. An aluminum jacket fits securely arocund
the stainless—steel tube to promote heat transfer and minimize
axial temperature gradients. The reduction unit is located in
a Lindberg tubular furnace. Reduction is carried out with
prepurified hydrogen that is first passed through 13-X molecular
sieve and activated carkon filters. Flow is maintained by a
Fischer~Porter flow tube assembly with ¢ needle valve. Two
1.5 cm I.D. by 48-cm long glass tubes, packed with moisture-
indicating, 8-mesh Drierite, are located downstream of the
reduction unit. 2As water is a by-product in the reaction of
iron oxide with hydrogen to produce iron, the extent of reduc-
tion is followed ty watching the rate that the Drierties changes
color devn the tube upon the removal of moisture from the
gasecus effluent (from blue to violet). With a hydrogen space
velocity of 1000 V/V/Hr at 450°C and atmospheric pressure, reduc—
tion is generally complete in about three. days. The reduced
catalyst is cooled to roon temperature and then transferred, under
an inert heliuwn blanket, to the autoclave reactor.

Analvtical Procedure. Exit gases from the reactor are separated
and analyzed by a Carle refinery gas analyzer, Model RGA-156A.

The instrument employs three automated valves for switching
components into one of three chromatographic columns in order

1o optimize the separation. It operates isothermally at 50°C
with a thermal conducitivity detector and helium as the carrier
cas (27 cm®/min). fThe first column consists of EE2 and Scualane
to detect butane and pentane isomers. CO and C3 gascous
hydrocarbons are then separated with a Porapaﬁ 0 colimn Methane,
hydrogen, and carbon menoxide are separated finzlly on a 13-X.
molecular sieve column. The Carle analyzer employs a patented
method for & rapid and accurate measurement of hvdrogen concentra-
tion. This is accomplished by passing the hydrogen and helium
carrier gas mixture through a transfer tube at 6§00°C in which
hyvdrogen diffuses across the tube wall into a nitrogen carrier
gas stream while helium does not penetrate it.

The carbon number distribution of the condensed products is
obtained with a Ferkin-Flmer 200-B gas chromatograph that uses.
a flame ionization detector and dual 3.3-meter by 2-mm I.D.
columns. The columns are packed with 10% SP-2100 on 80-100 mesh
Supelcoport. The column temperature is programmed from 60° to
R50°C at 6°C/min and held at 350°C. Helium, flowing at 30 cm?/min,
is employed as the carrier gas. )

Water and light alcohols are obtained with the same Perkin-
Elmer 9500-B gas chromatograph that now utilirzes a thermal conduc-
t1v1ty detector and 3.3-meter by 2-mm I.D. column. The column
is packed with 60-80 mesh Tenax. The column temperature is held
at 30°C for four minutes and then programmed to 350°C at B°C/min
and held at 350°C. Eelium, flowing at 25 om®/min, is used as
the carrier gas. The procedure for analyzing the chromatograms

has been checked extensively with standard calibrated mixtures.
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II: ‘EXPERIMENTAL RESULTS ZAND DISCUSSION

Kinetic Model

A slurry-bed reactor for the highly exothermic, Fischer-Tropsch
synthesis offers several advantages over more "classical™ reactor
configurations. Most notably, it eliminates “hot spot" formation
that plagues fixed-bed operation and catalyst agglomeration €rom
heavy wax condensation that ails fluidized-bed reactors, and
permits the use of much lower H.,/CO ratios in the feed gas. -

On the other hand, the overall rate may be hindered by the
rate of transport of the reactants from the gas bubbles, through
the liguid medium, to the surface of the sclid catalyst.' Our
preliminary experimental results verify that this mass transfer
limitation can indeed limit the maximum rate and, perhaps even
more important, alter the product distribution. _

As implied above, a number of transport steps must oCcur before
the synthesis gas can be converted to hydrocarbon products on the
catalyst surface. For gaseous hydrogen and carbon monoxide that
are sparged into the ligquid medium, these stages (based on £ilm
theory) are:

(1) Transport of the CO a2nd E., from the bulk gas phase
o the gas bubble-ligquid interface.

(2} Transport from the gas-liquid interface to the
bulk ligquid.

(3} Transpeort from the bulk lignid to the catalyst
surface. ,

(4) Diffusion of the reactants into the porous catalyst,
which occurs simultaneously with adsorption of the
synthesis gas onto the catalyst surface, and then
reaction to yield products. - .

{5) Desorption and transport of paraffinic products from
the catalyst to the bulk liguid and gas (for volatile
products). .

These steps are illustrated in a concentration profile of the
Fischer-Tropsch synthesis shown in Figure 4.

A number of simplifying assurptions concerning these steps
are well justified for the Fischer-Tropsch synthesis over an iron
catalyst in a slurry-bed reactor, based on experimental work
reported by previous investigators. As outlined in our ISCRE-6
paper {Appendix A), it can be concluded that the overall rate of
reaction is predominantly limited by mass transfer of the reactants
from the gas bubbles to bulk liguid and by intrinsic kinetics.

Although intensive research and development for the Fischexr-
Tropsch, slurry reactor was carried out by Rheinpreussen in Germany.
U.X. Fuel Research Station, and U.S. Bureaun of Mines from World
War II until the early 1°60's it was not until 1963 that Calderbank
et al. realized that mass transfer could limit the rate of synthesis
in this three-phase reaction system. Excluding the work by Calderbank
and his coworkers Farley and Ray (1964), all of the other workers
have either been mistakenly led to the conclusicon that mass transfer

hos



does not affect their results, or more often, mass transfer has
been neglected altogether. In as many cases as possible, we have
reanalyzed these previously published studies to determine the
extent to which they were affected by mass transfer. The procedure
for our reexamination is detailed in our paper in Appendix A.

The results are summarized in Table 1. Surprisingly, we discovered
that all of the studies were probably at least moderately ilimited
by mass transfer,
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Recently, Zaidi et al. (1979) have published experimental
evidence that appears to refute the earlier claims by Calderbank
and cowcrkers that mass transfer limits the rate of the Fischer-
Tropsch synthesis in a slurry reactor. However, upon ¢loser
inspection of Zaidi's method of analyzing for mass transfer
control, it appears that there is a serious misconception.

Zaidi incorectly implies that a transition zone in which the
reaction rate can be partially limited by both surface reaction
and mass transfer does not exist. Furthermore, it appears that
Zaidi's experiments were conducted in this very transition regime.

Based on these earlier studies, the effect of mass transfer
on the Fischer-Tropsch synthesis in a slurry reactocr cannot ke
disnissed, and must be reckoned with in order to coptimize reactor
design and catalyst utilization. Our experimental results also
suggest that the efficient operation with low ratio E_/CO feeds,
an advantage of slurry reactor cperation, may ke a befieficial
consequence of mass transfer limitations.

Before we can discuss our results for a fused-iron catalyst,
it is necessary to revise the kinetic mocel developed in Appendix A
for a kubble colurmn reactor to our experimental apparatus in which
the reactor corntents are well-mixed. As noted in the ISCRE-6 paper,
several workers have independently developed essentially the same
kinetic rete model for the Fischer-Tropsch synthesis over an iron
catalyst. TFor conversions up to at least 60%, the rate of disap-
pearance of synthesis gas is first-order with respect to hydrogen
concentration and zero order with respect to carbon monoxide.
This implies, a2s substantiated by non-reacting adsorption studies,
that carbon monoxide is much more strongly adsorbed on the catalyst
surface than hydrogen and other resaction products, 2nd so essentially
saturates it. Also, since the rate is based on the disappearance
of hydrogen plus carbon monoxide, it is conveniently independent
of the water-gas-shift reaction, which :cecurs simultaneously with
the Fischer-Tropsch reaction. It is assumeéd that the Boudouard
reaction proceeds minimally ir comparison to the Fischer-Tropsch
reaction at temperatures less than about 3008°C.

From a thermodynamic viewpoint, the rate of reaction in the
absence of intraparticle &iffusion should be the same for the
liguid and vapor phases, if it is assumed that the liquid does
not participate in the reaction. When the intrinsic rates for
vapor-phase operation, based on reactant partial pressure, and
liquid-phase reaction, based on liguid concentration, are expres-
;ed as the same chemical potential driving force, they are related
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_ kvp/ksb = 1/R.'I'mH . {1)
Therefore, the rate of reaction for the Fischer~Tropsch .synthesis
over an ireon catalyst per unit volume of slurxy can be expressed as:

®eo+n,.” Rco T Fu, T kg (1~EIWCq 1 ' (2)

{Note that we intend to investigate the applicability of this
intrinsic rate expression during the course of our work.)

The material balance of hydrogen over the differential, well-
stirred reactor is given by:

- - * -—
Q[CH'Gi cH'GO] VikL’Ha (CH'L cH,L) . {2)

where it is assumed that the major physical resistance is transfer
of hydrogen across the gas-liguid@ interface to the bulk liguid, and
that egquilibrium is established at the gas-liquid interface, i.e.

* = .
CH,L CH,GD/mH‘ Hence the rate of gas absorbed per unit volume of

slurry is: _
. Q[CB.G. Cu,e ] .6
Rg, = — - =% m* T "~ CmL (4)
2 v . ’ g ’
. : L
At steady-state, the rate of gas absorbed is eguivalent to the rate
of reaction. Soliving Equation 2 for C and substition into Egua---

tion 4 results in the following, upon E,L simplification:
QxﬂzmH(l—Eé) 5%y +co (1+8)
+ _ = 1-Xg ()
-] L
kL,HavL S VL EvT?m 2 ] _
where the pseudo-intrinsic, vapor-phase rate constant, k_ ., has been

defined by Equation 1. By this mathematical manipulation; we can
directly compare activation energies obtained for k.. from our licuid-~
phase studies to wvalues reported by others in vapor-phase cperation.
It should be emphasized that this approach is completely rigorous

so long as the liquid is "inert™ and does not appreciably adsorb

on the c¢atalyst surface, which we believe to be the case as paraf-
fins are the least strongly absorbed hydrocarbons.

For simplicity, an overall rate constant can be calculated from
properties that are obtained directly from cur experimental apparatus,
i.e., temperature, catalyst weight, pressure, conversion, inlet flow
rate, and hydrogen to carton monoxide inlet feed ratic. This expres-
sion is given by:

_ 6)
Xy +co .

X = {5+1) 2z . - - .

S ng‘mll—xHZJ
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From Equation 5} it can be easily shown that the overall rate constant,
k®, is really a combination of intrinsic and mass transfer components.

1 1 . RT =y (1-£g)e tz(S ] o
k* Kep kLB 2 X400 (IFS

overall intrinsic ‘ mass transfer

From this expression, we can make some comments about it based
on previous work on the Fischer-Tropsch synthesis in the vapor phase
for an iron catalyst, and founded on our experience with mass trans-
fer in general. First the intrinsic component reportedly has an
activation energy of 17 to 27 kezl/mole (Appendix A) while the
mass transfer term should be around 5 keal/mole. In other words,
there is a striking difference foir the temperature dependency of
mass transfer and intrinsic reaction that make up the overall rate
constant. As is cften the case, intrinsic kinetics dominate at
lower temperatures but mass transfer at hicher temperatures. Second,
when only the degree of agitation is changed, the mass transfer
term will vary while the intrinsic razte component remains constant.
Specifically, for our experimental apparatus, gas bubble size
decreases and gas hold-up increases as the shear-rate increases
with more rapid stirring speeds. As a result, there is more
gas ir the slurry with a larger surface area for mass transport,
and, hence, the mass transfer component diminishes as agitation
increases. For this report, we shall éwell on the rate of synthesis
gas disappearance. Howevex, preliminary evidence will be presented
to suggest that mass transfer also markedly affects the product
distribution. )

Experimental Results

72.8 grams of fused-iron catalyst, manufactured by United
Catalyst, Inc., was ground to 80 to 100 mesh size. Upon reduction
with hydrogen at 440°C with a space velocity of 1000 v/v/hr for
about 72 hours, it lost 18.3 grams of oxygen as water. The
material, under a helium blanket, was charged into the reactor
which was filled with inexpensive paraffin wax, sold by Fisher
Scientific as P-21 Paraffin, that melts at 53-57°C. The reactor
vas pressurized to 100 psig (690 kPa), and the synthesis gas
(E,/CC = 1.58) flow was set at 955 cm® at S.T.P./min. which

‘corresponds to a ligquid hourly space velocity of 115 cm?
gas at S.T.P./cm® liquid/hr. With 400 grams of paraffin charged

"to the reactor with a density of about 0.8 g/cm”, the catalyst

loading was 109 grams of reduced catalyst/liter slurry. The
stirrer speed was set at 750 RPM, and the reactor was guickly
heated to reaction conditions. Steady-state operation was rapidly
achieved with the iron catalyst and there was no noticeable decline
in catalytic activity over the duration of the investigation, which
lasted for a week. Experimental conditions were changed after
three samples indicated that a constant state had been achieved.®

In Figure 5 the overzll rate constants, calculated from
Equation €, are plotted against reciprocal temperature as in
the Arrhenius form. The raw experimental data are summarized
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in Table IT. Tor this figure, only temperature, and consequently
conversion, were changed. For temperatures lower than about 260°C,
2 linear fit is obtained with an activation energy of about 17.5 .
‘Ycal/mole. However, at temperatures greater than 260°C, the activa-
tion energy begins to decline. This is almost a textbook exanmple

of the appearance of mass transfer limitations. Fuxthermore, the
value of 17.5 kcal/mole is in excellent agreement for the intrimsic
activation energy of 17 to 27 kcal/mole reported for an iron cata-
lyst in a vapor-phase, fixed-bed reactor. -

We further investigated the reaction by holding the temperature
at 260°C and varying only the rate of agitation by changing stirrer
speed. 21l other conditions were identical to those ermployed for
the preceding runs. Not surprisingly, it is observed (Figure 6)
that the overzll rate constant increases to an asymptotic value
at a high degree of agitation, i.e. greater than akout 750 RPM.
in other words, mass transfer becomes increasingly dominating
2t lower stirring speeds as the rate of mass transfer is artificially
slowed. These results agree nicely with those reported in Figure 5,
2s both figures indicate that slight mass transfer linmitations
exist at 750 RP®M and 260°C for our particular set of conditions.

. The ratioc of olefin to paraffin for C_, Cyy: and C hydro-
carbons for the same runs illustrated in Figur& 6 is pl%gted
against stirring speed in Figure 1. The olefin to paraffin
ratio decreases as mass transfer becomes more controlling, i.e.
lower stirring speed. This result is easily explaiped when
it is remembered that hydrocen has a greater diffusion rate
in the ligquié medium, and hence, a larger mass transfer coeffici-
ent than carbon monoxide. As a conseguence, the catalvst surface:
becomes lean in CO and rich in hydrogen as mass transfer sets in.

} Since i+ has been well docurented that the ratio of olefin to

- parzffin cecreases as the H,/C0 ratio increasss for vapor-phase,
fixed-bed operation, it is fiot surprising then that the ratio
cf olefin to paraffin decreases as mess transfer becomes increas-
ingly important in a slurrv-bed reactor. This obkservation
explains basically a2t least one of the reascns fcT a claim that
is often made in the literature, that slurry reactors can accorodate
a lower H./CO feed without drastically affecting catalyst perfor-
mance and“product selectivity, which would normally occur in
vapor—phase operation.

Reactor Modifications

The experimental unit has undergone recent extensive modifica-
tion to permit an accurate determination of reaction products. In
particular, we had employed on-line, gas sampling valves heated at
100°C to avoid product condensation, but discovered that leaks
periocdicaliy developed as they could not continually withstand
this harsh temperature. One such leak prematurely enced the
experimental runs reported above and caused a thermal conductivity
detector in a gas chromatograph to fazil after subjecting it to
air at its operating temperature of 350°C. TUpon reevaluation
of the situation, it was decided to condense and collect product
samples, as indicated in Section I, and subseguently inject them
into the gas chromatograph by syringe. Only noncondensable gases,
i.e., methane through butane, CO, H,, and CO,, are still sampled at
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50°C with an on~1line, gas sample valve. We expect to commence data
acquisition again wvery shortly. .

TII.

Nomenclature

interfacial area cf gas bubbles, cm2 gas bubble area/cm3
expanded liquid

concentration of hydrogen in gas pha:se,'mo]./cm3 gas;

C... for reacteor inlet; C for reactor outlet:

H H,G_

c for liguid phase, mol/cm?® 1liqg., C* . for concentra-
H,L H,L

tion in ligquid at equilibrium with the gas.
activation energy, kcal/mol
molar flow of synthesis gas, mol gas/sec

liguiéd fllﬂ mass transfer coefficient for hydrogen, cm3
1lig./(cm?® gas-bubble surface area) (sec)

overall reaction rate constant in the liguid-phase,

mol/{g cat.) {(MPa); k b for intrinsic reaction rate constant

in a slvurry-bed reactor, cm?® lic. /(g cat.) (sec);

k for intrinsic reaction rate constant in a vapor—phase,
fixed-bed reactor, mol/ (g cat.) (sec) (MPa).

solubility ccefficient of hydrogen in 1iquid,'cm3 1iq./cm3 gas

total reacticn pressure, MPa

volumetric flow cof cynﬁhesis gas, cm3 gas/sec

ideal gas constant, 8.2 (MPa}-(cm3 gas) / {mol) {°K)

rate of gas i absorbed per volume of slurry, mol/(cm3

expanded lig.) (sec)

ratio of hydrocgen to carbon monoxide in the feed gas,
ol Hzfmol co

absolute reaction temperaturs, °K

volume of expanéded slurr¥ cm expanded lig.s V£ for volume
of unexpanded liguid, cm? lig.

conversion of gas i, e.g. XH-2 = [CH;Gi - CE,GO]/CH,G-

fractional gas hold-up

catalyst loading, g cét./cma'liq.
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FIGURE 1™ EFFECT OF AGITATION ON PRODUL SELECTIVITY OF THE
FISCHER-TROPSCH SYNTHESIS IN A SLURRY-BED REACTOR
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kIGURE 5. CONCENTRATION PROFILE OF THE FISCHER-TROPSCH
SYNTHESIS IN A SLURRY-BED REACTOR
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FIGURE 5. EFFECT OF TEMPERATURE ON THE FISCHER-TROPSCH
SYNTHESTS IN A SLURRY-BED REACTOR '
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EFFECT OF STIRRING SPEED ON THE FISCHER—TROPSCH
SYNTHESIS IN A SLURRY-BED REACTOR
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DISCLAIMER

This report was prepared 25 an account of work sponsored by an agency of the
Upited States Government. Neither the United States Government nor any agency
thereof, nor amy of their employees, makes any warranty, express or implied, or
assumes any legal hability or respoasibility for the accuracy, completeness, or use-
fulness of any information, apparatus, produet, or procsss disclosed, or represents
that its vse would not infringe privately owned rights. Reference berein to any spe-
cific commercial product, process, or service by trade name, trademark, manufac-
tarer, or otherwise does not necessarily constitute or imply its endorsement, recom-
mendation, or favoring by the United States Government or any agency thereof.
The views and opinions of authors cxpressed hersin do not pecessarily state or
reflect those of the United States Government or any agency thereof,





