HYDRODYNAMICS, MIXING AND MASS TRANSFER
IN VARIOUS SIZED REACTORS
‘Introduction «

The performance of a coal liquefaction reactor depends not only ou the
intrinsicriinetics but also on the prevaiiing hydrodynamic, mixing, and mass
transfer characteristics of the reactor, The scaleup of the reactor will
depend on the reproducibility and predictability éf these characteriscics iﬁ
?arious sized reactors. The performance of a coal liquefactlon reactor
depends upon paramgters such as gas.and slurry holdup, the distributicn of the
gas in the reactor, axial and radial mixing {both mass as well as heat) within
the reactor, the importance of mass transfer resistance at the gas=liquid
interface, both radial and axial distributions of the catalyst {if used), and
finally, on the intraparticle diffusion effect from the catalyst, if any. A
proper model of a coai liquefaction reactor requires that these
characteristics be éxpressed as a function of reactor scaleup variables such
ag gas and slurry velocity, reactor diameter, length to dlameter ratio of the
reactor, nature of the gas distributor, and the nature of any other lnternal
or external circulation devices used in the reactor. The avallable literature
for simple air-ﬁater two and three phase bubble columns for these
hydrodynamic, mixing, and mass transfer characterlstics is quite extensive,
The data obtained from documents in the LTDR {(liquefaction Technology Teta
Base) and open literature will be used for-evaluating the applicability of the

concepts to the design, modeling, and scaleup of coal liguefactlon reactors.



Coal Liquefaction Reactors

A typical coal liquefaction unit consists of z preheater and a reactor.
The transfer-line slurry preheater raises the temperature of the coal-oil
slurry to the des;red reactor inlet temperature and simultaneously causes
thermal degradation'and.dissolution of a large fraction-of coal to occur. The
preheater 1s usually a radlant fired helical coil heater, wherein the coal-oil
slurry mixed with hydrogen 1is introducgd. Reciprocating plunger pumps have
been used to pressurize the feed slurries to the‘preheater_(Gorrin, 1982). _In
the reactor itself, coal dissolution is completed, and hydroprocesses such as
hydrogenation, hydrocracking, hydrodesulfurizatiqn, hydrodenitrogenation, etc.
take place. Since the thermal degradat;on’of the coal in slurry begins in the
preheater, it can be regarded as aﬁ extension of‘the reactor. Although
extensive work has been done in order to gbtain design data for large scale
liquefaction~process preheatars (Gorrint 1982; Baumert and Bornett, 1982,
Traeger et al., 1979; U.S, DOE, 1879; Shah et al., 1978), it is very difficult
to interpret them because the flow regimes 1n the preheater are not well
understood, nor are the physical property changes fully defined. For the
thermal hydrodynamic modeling, the preheater can be divided into three
regions, The temperature increases as the slurry passes through the
preheater. In regilon I, the viscosity passes through a minimum value. Region
IT i1s charactarized by a sharp increase 1in viscosity due to swelling and_
agglomeration. The fegion ends when significant chgmical reaction and
dissolution occur. In regiqn I17T, depolymerization-agd d¥ssolution of the gel
take place, and the yiscosity rapidly decreases. The flow regime in the first
region is turbulent-laminar or laminar-laminar, in the second region it is
laminar, while in the third region it is turbulent two phase non-Newtonian

flow.



temperature. In this report, we will omnly consider the slurry reactor models
for isothermal reactors and the scaleup aspects assoclated with 1sothermal
reactors.

Though easy to use, bubble column reactors are difficult to design
.because of the comﬁlexity of flow characteristics and their unknown
hydrodynamic behaﬁicr under different sets of design parameters. The proper
design and scale-up of a bubSle column slurry reactor requires a'good
mathematical model. ledakowilcz et al., (1983) have outlined a design
procedure. The application of the procedure requires an exact definition of
the requirements, i.e. the required production level, nature of the reaction
system, and the type of product yleld structure. These quantities permit a
first choice of the adjustable 6peratioha1 conditions which include phase
veloctties, temperature, préssure, and direction of the flows. In addition,
data on physical preoperties of the reaction mixture and its components and
phase equilibrium data as well as kinetic parameters are needed. Based on
" these data, non-adjustable parameters are calculatéd'ﬁsing the available
literature correlations. Ehowing'these paraneters, the mass, momentum and
heat balance equations are solved to calculate product yield, productivity,
concantratiqn and temperature profiles. If possible, experimental
verification is provided by callecting the relevant data on the pilot plant;

Tor any multiphase reactor design, non-ad justable design parameters
constitute che {mportant group of parameters which depend on the chosen
reactor geometTy and the adjustable operating conditlons as well as the
process data. These interrelated non—adjustablé parameters include phase
holdups, the intarfacial areas, the heat and mass transfer properties, and the
‘dispersion coefficients. The reactor geometry, reaction paramet.ers,. and the

ad justable and non-ad justable parameters are then introduced in the



fundamental reactor model equations derived on the basis of the physical and
chem{cal phenomena occuring in the reactor. -

Several problems encountered in the design of the coal liquefaction
reactor are as follows:

a. Estimation of the process specific data, particularly,
solubilities and kinetlc gquantities. -

b. Accessibility of the non-adjustable operating coaditions which
mist be estimated from empirical correlations es:ablished from cold flow
studies and not from conditions prevalling in the coél liéuefac}ion process.

c. Choice of a correct reactor model should be based on two factors:
realistic judgment of poséible improvements due to the usage of complex models
and the uncertainties in process data.

The .ma jor ph-ysico-;:hemical phenomena important for ;nodeling the bubhlé
column slurry reaétor are:

d. Gas-l;quid mass transfer

b. liquid-solid mass traansfer

c. Reactlon rate

d. Heat transfer

e. Heat effects such as hot spets and runaway possibilities ,

f. Particle settling

g. Mass dispersion in gas phase

h. Mass-and heat dispersion in liquid phase

i. Vaporization

Js Variation of gas throughput accompanied by changes 1n phase

holdups, interfaci.al area, etc. |
Few papetrs concerning the fundamentals of coal liquefaction reactor

modeling have been published (Lee et al., 1978; Shah et al., 1978; Han et al.,
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1978; Parulekar and Shah, 1980; Shah and Parulekar, 1982; Nunez et al.,
1982). The proposed models consider most of the above phenomena. The number
of differential equations representing the model depends oun the type of
kinetic model assumed. Even for simple kimnetic expressions, the number of
equations is large, and the computation efforts are considerable., For
example, the modél developed by lee et al. (1978) consists of 6 first order
differential equations fpr the preheater and & second order differential
equations for the dissolver. Only a mass balance was considered for the
development of these equations. Parulekar and §hah (1980) alse proposed a
multiphase reactor model of a complex nature.

Reactor Models:

Several lumped kipetic models for donor-sclvent coal ligquefaction are
raviewad in the next section. The complexity of the kinetic model depends
upon tﬂe number of lumped species used and the chosen reaction paths. Our
knowledge in the area of kineFic modeling is in the development stage, and
hence a simple lumped kinetic model featuring basic reaction paths will be
used in describing the reactor model.

The simple reaction path network which is most commonly used to describe
the kinetics 1s as follows (Cronaper et al., 1978):

If A den&tes the heavy distillgte {which contains asphaltenes,
preasphaltenes and the reactive organic matter in the coal), B denotes the
light distillate and C denctes the volatile products; the reaction mechanisn
can be described as shown below:

Reaction 1:

A (4) —= B (&), W
Reaction 2:

A A{L) —=C (g), 4 (A) — 8 (1) (2)

C (g)



Reaction 3:
B (£) e C (g). | (3)
Reaction 4:
H2+nonhydrogenated coal liguids (4) .o
—— hydrogenated coal liquids.
Here £ and g denote liquid and gas phases, respectively. In general, all
reactions are partly thermal and partly catalytic. Species A and B are the

mixtures of hydrogenated and nonhydrogenated coal liquids.

Axial=Dispersion Model for an Isothermal Reactor:

Many highly sophisticated models are available in literature. The model
equations, based on tﬁe first principles, are usually solved numetrically to
analyze the complex scale up problems. A typical example of such a complex
model will be cutliined in this section.

Parulekar and Shah (1980) described such a model for an isotherﬁal
reactor. The model assumed:

{a) The gas phase 1s an ildeal gas.

{(b) The reactor 1s isobaric (since the total pressure drop is not
siénificant as compared to the total pressure).

(c) The axlal dispersion model is applicable to nonvolatile liquid and
s0lid components.

(d) For simplicity, all reaction rates are directly proportional to the
catalyst concentration.

(e) The gas phase moves in plug flow.

(f) The reactor is the cocurrent upflow type. . -

{g) All the global reaction rates can be expressed in terms of the gas
phase concentration of hydrogen. This means that the gas-liquiﬁ interface

mass=transfer resistance is negligibls. ry represents rate of the reaction
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{1y in kg/m3 liq. sec, and ry, Ty, T, represent the rates of the reactions

(2), (3), and (4} in kgqnolfm3 lig. sec, so that

. —ElleT
Ty =k e CARCHZCS’ i=1,2 (5)
* 'ngRgT .
T, =ky e CBICHZCS, . (87
-E, /R_T
ke Y8 o ‘
T, Tk e G Cq )

{8) Thgre are no radial varlations in phase holdup and the concentratlon
of the reacting specles.

Parulekar and Shah (1980) have established the following model equations:

g = %/L,
E _ Uog E _ Uo£
= T“———_-’ P, A
g. Uog?o 2 (Uoi)o

B = Gy /Cpy Cp = B/RT, C = 1~ ¥

A= CAprg_; B = CBZ/DE’

Pe., = (UOE)oL _ (Uol)oL - : (8)
L° TE .5 =TE 5
(EZE)O s (szs)o
. . klpEL . kzpﬂL x kSQlL 2 k4L
) = .'__—’ = .._......—--.—_’ e
1 (Ucﬂ)o z (Uoz)o 3 _ {Uoﬂ)o 4 (UQE)O



r = (Uo£>o
Uag’o
£ =EE.__._._ £ Y
] ]
(Uoi)o t (Ul)o
- Ez - Ez
g = Ty e, = Ty
8 Ezs 0 £ Ezﬂ)o
" ok -Ei/RgT ¥
re ki = ki e for 1 = 1,2,3,4,

The relevant equations for this model could be represented by the following

set of equations.

Gas-phase hydrogen

dé; H )

=== =R, r’Ce,. (2)
Gas velocity
au ’
?F-E = (Rzg +‘ R,B - R )r H' Ce, (10)
quuié ﬁhase A.

. re’
} RZAH CsMCEECT= o

Pg
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Liquid phase B.

p_i; T - d_(_;;)_ * RACE, LY
-R, B H C_&, M, CT-G
Fg

Liquid Velocity

'dE£ Cs .

Tl F;“(R!e MH?. = (RyA + RyBIMLIHIC £, 0 R (13
Solid balance

Fé;_g; (-;s ;.ZE) -%-z- ,“;sz - U;)esi cl=0, e
where

Esl EE (%) -z—z:-‘?-f.

Depending ;pon the relative magnitudes of absorption of hydrogen aﬁd -
production of volatile products, (C), the gas velocity may either increase or
decreésé. Any change in the gas velocity is obtained by considering a total
gas balance over a differential section of the reactor. FEquatien 10 results
from the total gas balance. The principle of the conservatioﬁ of ﬁéés iﬁ;iies
that the total mass of the three phase mixture is the same everywhere Iin the
direction of the flow. Since it is assumed that almost all the chemical
changes occuring {n the reactor ars in the liquid phase, it-is obviocus that

the mass of the gas-liguid mixture should remaln axially cohstant.  The change



in liquid velecity is thus related tp the change in the gas velocity and
subsequently to the rates of individual reactions. "The equation fér the
change in ligquid velocity is given by equation 13.

The initial conditions for equatioms 9, 10, and 13 are

y g, oy o _ ot -
RO=Hy', U =1,U =latz=0 (15)

The boundary conditions for Fguations 11,12, 14 are

at z=0T:
da _ -
7 - Py (amA) : (16a}
4B _ _
rrie PER (B Bo) {16b3
dCs PeS -
e (U =~ £ (I-Eg)(Cs'CSO)] (l6c)
. ,
s
at z=1"
dC
dA _ 4B _ s _
E; = a-é.- = Eé— =0 - . (173)
CsUi = CSo : (17b)

The boundary-condition (17v) is oftaiﬁéd from an overall solid-phase mass

balance. C.,, the catalyst concentration in the feed, is given by

W p
_ s k ' :
Y0 T 5.5, . (18
s 1 5

1 -
T
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Overall vields and consumptions of various components can be based on the
ameunt of slurry entering the reactor (expressed as amount produced ov
consumed per unit of slurry fed). The yields and consumptions can be
expressed in terms of dimensional and dimensionless variables as follows:

Consumptions

YA = Ao ~- (A Ei)l, {19)
YH2 = [H0 - (ﬁgg)ll CTMHZIreﬂ' (20)
where Yjand YHZ are the consumptlons of A and Ha, respectively.
Yields.
v = (30, - B, (21)
Y. = [(cEg)1 - €1 Cp Mo /oy ' (22)

where Yy and Y, are the yilelds of B and C, respectively. Subscript 1 denotes
the values of variables at thé reactor outlet.

To sol#e the abave set of model equations, all the adjustable and non-
ad justable design parameters should be known. The dependency of these design
variables can be obtained through empirical or theoretical correlatiocus
suggested for bubble column slurry reactors.

The section on the results pe?taining to the bubble column slurry reactor
modeling will be presented after an extensive review of the required

estimation of the non~adjustable design parameters.
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Design Parameters Estimations for Bubble Column Slurry Reactors:

Flow regime, bubble size distribution and coalescence characteristics,
phase holdup, interfacial mass transfer coefficients, gas-liguid interfacial
area, dispersion coefficients, heat transfer characterigtics, and the
concentration profile of solidé ars important design variables for bubble
column reactors. A thorough knowledge of these interdependent parameters is
necessary for the proper scaleup of these reactors.

a} Flow Reglimes:

The hydrodynami¢, transport, and mixing properties strongly depend on the
prevailing flow regime. Many investigators (Govier and Aziz, 1972; Tocketrt
. and Kirkpatrick, 1975; Wallis, 1969; Kawagoe et al. 1976; Hills, 1976; Miller,
1980) have proposed different criteria to differentiate flow regimes. Wallis
(1969} has charactefized the upward movement of the bubble swarms’intq three
separate flow regimes.

Bubbly flow: This regime is characterized by almost uniformly sized
bubbles with equal radial distribution.

Churn turbulent flow: At higher gas veloclities the homogeneous gas-
in=liquid dispersion cannot be maintained and an unsteady flow pattern with
channeling occuts.

Slug flow; In small diameter columns at high gas flow rates, large
bubbles are stabilized by the column wall leading to the formation of bubble
slugs.

Following Kurten's suggestion (1982), the typical dimensions of an
industrial scale coél‘liquefaction reactor are given as: diameter dp > 3m,
length L » 1Zm, and superficial gas and liquid velocities; Up=0.02-0.1 m/s and
Up, = 0.002-0.005 m/s, respectively. For this industrial size reactor, the

echurn turbulent regime might set ip at high gas velocities. FHnowledge of the
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transition from bubbly f£low to churn turbulent flow 1s very lmportant because
the achievable conversion strongly depends on the flow regime. Schumpe et al,
{1979) have recommended that éhurn turbulent flow be aveoided. lKara et al,
(1982) studied the transition in flow regime for coal slurries over a wide
range of gas and liquid velocities. For the gas and liéuid velociries under
consideration for aqueous coal slurries, a transition flow regime (bubbly-
churn turbulent) will be expected. In the SRC-II coal liquefaction medium, a
surface tension € 10 dynefcm 1s expected. Furthermore, the coal liguefaction
reaction medium may behave as a mixture of polar orpanic compounds rather than
as pure organic liquids. Shah et al. (1982a, 1982b) have studied the
hydrodynamic and mizing characteristics of dilute aleohel solutions in two
different sized bubble column reactors. Based on these studies, it seems
reasonable to assume that for coal liguefaction reaction medium bubbly flow
tegime Ls possible for the gas veloclty under consideration. There are no
flow regime data available in the high temperature, high pressure pilot scale
reactors.

b) Bubble dynamics: Bubble size, bubble rise velocity, bubble size
distribution, and 1iguid and bubble velocity profiles have a direct bearing on
the performance of bubble columns. For estimating the bubble diameters in
bubble colums, the correlation of Calderbank (1967) is recomnmended. The
bubble rise velocity can be estimated by the method proposed by CLift et al.
(1978). This basic i{nformation helps in the flow regime characterization,

¢) Fthase holdups: Phase holdups are some of the mest Important
parameters characterizing the hydrodynamics of bubble columns. The presence
of solids does not affect the gas holdup significantly 1f the particles are
well suspended. Recently Ying et al. (1980) applied the correlation of Akita

and Yoshida (1973) ta their data and concluded that the correlation of Akita
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and Yoshida is equally adequate for three phase systems. Phase hoidups {gas,
liquid, and solid) might vary with respecﬁ to the radius and length of the
reactor. If the solids are well suspended, then the slurry.could be treated
as a homogeneous phase and the gas holdup will be the only variable. The
uneven distribution of gas holdup and/or slurry holdup can create significant
problems due to the hot spots. Hills (1974) and Ueyama et al. (1980) have
reported pronounced radial holdup profiles. ¥obayashl et al. (1570) proposed
an empirical ecorrelation to evaluate the radial distribution of gas holdups.
Insufficient data are avallable to evaluate the radial holdup profiles
accurately for the three phase systems., In additfion, axizl variation in the
holdups 1s possible 1f the amount of reacting gas absorbed is unequal to the
amount of vapors or gaseous products formed. The axlial variation in holdups
is usually incorporated in the bubble column reactor model, Due' to
insufficient data and unavallability of accurate predictlons,'the radial
varlation in phase holdups 1s usually neglected.

As mentioned earlier, the coal liquefactlion reaction medium has low
surface tension and might have properties simlilar to polar organic nixtures.
Shah et al. (198;é,b) have studied dilute aleohol solutions only up to C,
alcohols and they'report very high gas holdups. According to our best
judgment, the dilute alcohol solutions which are surfactant solutions will
give much higher phase hoeldups than the coal liquefaction reaction medium.
The correlations of Akita and Yoshida {1973) and Bach and Plhofer (1978) are
recommended for conservative estimations of gas holdup 1in direct coal
liquefaction media.

-Exxon Research and Engineering Company has reported some studies (1981
a,b) of gas holdup at high pressures. Their gas holdup data revealed that gas

holdups strongly increased with prassure (<2000 psi). In addiciom, the gas
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holdups showed a maximum with respect to superficial gas velocity inal
ton/day and a 250 ton/day pilot plants. It was observed that maximum gas
holdup in the 250 ton/day reactor occured at lower superficial gas velocity
and had a highetr magnitude. The data in the 250 ton/day reactor were taken at
a temperature of IBOOC._ Further, the .gas holdup data in thell tqn/day reactor
1ndicated no effect of liquid velocity on the gas holdup up to superficial
1iquid velocities of 0.6 ¢m/s. The reported gas holdup values are much higher
than the ones predicted by the correlaticns of Akita and Yostida (1973) and
Bach and Pilhofer (1978). These gas holdups at higher pressure and
temperature indicate.a need to make systematic measurements of gas holdups at
high pressures and temperatures in the pilot plant scale reactors.

d) Volumetric gas-liquid mass transfer coefficienf: For determinaticn
of the volumetric gas=liquid mass transfer coefficients in two phase.systems,
Shah et al. {1982) have recommended the correlation of Akita and Yoshida
{1973).

Singh and Carr (1983) have presented a relation between the volumetric
hydrogen mass transfer coefficient (kpa) and specific power consumption in
mixing (E/UR) in SRC~II process slurry reactors.  They claim that thelr
correlation is independent of reactor configuration. They also compare their
correlation with other literature correlations such as Deckwer (1980}, Perry
and Chilton {1973), and Joosten et al. (1977). Tt should be carefully noteé
that their corrslation is based.on only two data points measured for the
hydrogen~tetralln system in an unconventlonal CSTR pressure vessel (Kara,
1981). We feel that their correlation will only estimaté the volumetric mass
transfer coefficlent within an order of magnitude. The mixing energy concept
1s not valid if the similarity between the stirred cell and the bubble column

slurry reacteor is not maintalned.
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In thg three phase bubble column reactors, kLa can be affected by the
presence of solids. Investigations of various authors (Voyer and Millgr,
1968; SLesser_et al., 1968; Kato et al., 1973; quekar and Sharmg,ll973;
Sittlg, 1977) indicate that the degree of influence of suspended particles on
kLa depeands on the particle concentration, the particle size, the liqui@-solid
difference, the geometrical_sizes, and the operating conditlons of the
reactor. For the coal liquefaction reaction medium one can expect negligble
effect of solids on k;a in comparison with theif two phase values. 1In the
coal liquefaction reactor, we do not expect mass tran;fer resistance; and,
hence, these values are not actually used in the design calculations. They
serve ag a guldeline to check the assumptlons regarding the kinetic
controlling regime.

e} Backmiging in the liquid phase:

The extent of baclmixing of.the_liquid phase is an important
consideration‘;n‘the design and scale-up of SRC-1I reactors, Wgn'and Han
(1973), Shah.(1?79), Shah et al. (1978), Joshi and Shgh {1980) ex;ensivelyNQ:
_ reviewed ;he.1itgratu:e, existing models, and mgthods of measurement ig tuo=
an@_threg-phasg systems.

A ;aFgglnumbgr_pf macromixing models have bggn propesed to qorrelatqj;he
residengg time distributicas in multiphase systems. These mo?els can bﬁ ‘
simple, singlé pgrametgr models, such as thg axial dispersion model, o:‘;hgy
can be‘morg gqu%ex two-, ;hreg-, or four*pgr&mete;.mode1§. :§o fap, the a;;;l
dispersion mgdgllhas been the most widely e;amiped modg;; howgver, it has not
be?p applied sufficiently to systems pthgrvthqqrair—wape;. Baseg on the
available data, parameters of complex flow modelg (circglq:ion cell model,t.

tank In serles model, residence time distribution model, Rice et al, model,
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1980} caﬁnutEbe gvaluated in sufficient detail to be useful for design or
scaleup purposes.

The reported data on the 1iquid phase axial dispersion coefficient, Dy,
indicate that Dy depends on fhe gas velocity and column diameter. The
influénce of 1iquid phase properties is nct clearly understood. The effect of
liquid velocity is 1n§igﬁficiant within the range of industrial interest
{<0.03 m/s) though at high 1iquid velocities,.Kara et él. (1981) observed séme
effect of 11quid velocity.

Shah et al, (1982b) have recommendsd the use of the correlations of Joshi
(1980) and Teckwer et al, (1974) for estimation of ﬁhe axial dispersion
coefficient for the liguid phase. Field and Davidson (1980) measured the
1iguid phase dispersion im an industrial bubble column of 3.2 m diameter by 19
m height. Thelr results confirmed the applicability of the correlations of
Deckwer et al. (1974) and Joshi (1980} for estiﬁatiﬁg DL..

Recently, Parimi and Pitchforé (1982) measured the liquid phase
dispersiaon qoefficients in a 0.3 m diameter, 7.62 m tall bubble column for
ailr-vater. They found substantially less backmixing present in the column
‘than predicted by Deckwer et al.’s correlatiorn (1974). Parimi and Pitchford
f1982) aﬁalyzed their data using the method of acments: the second ﬁément is
related to liquid phase Peclet number which characterizes the degree of
backmixing in the vessel, It seems.tha: with the use of more refined
teéhniques such as regression analysis or multiparameter residence time
diétribution mo&els, accurate determination of liquid phase dispersion
coefficient would have been possible. In spite of the questionable analysis
of daté”put forth by Parimi and Pltchford (1982), there seems to be a
justifiéd concern regarding the use oflthe axlial dispersion model for

industrial scale reactors.



Panvelkar eor al. (1982) have presented residence time distribution data
for the liquid phase in a dissolver in a demonstration scale solvent refined
coal (SRC) plant operating around 728 K and 13.8 MPa. The axial dispersion
model 1s Eitted to the detector outputs to evaluate the Peclet number.. In
their analysis, they cbtained a dispérsion coefficlent lowér than the one
obtained by uéing the correlation of Deckwer et al. (1974) by a factor of
11.4. It should be noted that they had only one point, and the errors in
slurry velocity and background noise will alter the results.

Shah et al. (1982a) have measured the liquid phase dispersien
coefficients in dilute aleohol solutions. They have reported that it would be
premature to conclude that the correlations such as Deckwer et al.’s (1874)
are not valid at the conditions of coal liquefaction, but it does seem.clear
that there is a need to study backmixing at elevated temperatures and
pressures and for systems with physical properties closer .to those of
industrial systems.

The effect of solid particles on the dispersion coefficient is. not
clearly understood due to the lack of enough axperimental data in the region
of industrial interest. Ying et al. (1980) observed large discrepancies
between actual and theoretical values of dispersion coefficlents predicted
with the help of different existing correlations.

f) Gas Phase backmixing:

"Mixing in the dispersed gas phase was measured by Diboun and Schugerl:
(1967), Carleton et al. (1967), Towell and Ackerman (1972), Pilhofer et al.
(1978), Mangartz and Pilhofer (1980), and Field and Davidson (1980). Compared
to liquid ﬁhase dispersion, this data revealed considerable scatter.

Based oa their recent data, Pilhofer et al., (1978} and Marga;tz and

Pilhofer (1980) have concluded that the bubble rise veldcity in the swarm is a
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characteristic variable which is mainly respoansible for the gas phase
dispersion. Tield and Davidson (1980}, who conducted measurements on gas
‘phase disﬁersion in a large diameter column (thirty-two times that used by
Pllhofer et al. (1978)), slightly modified the original equation of Pilhofer
et al. (1978)., Although the predictions qf correlations proposed by Mangarte
and Pllhofer (1980) and Fleld and Davidson (1980) may differ by up te 50%,
both correlations are recommended due to the lack of sufficient literature.
data. A knowledge of the gas phase backmixing is essentlal for the estimatioﬁ
of gas phase Peclet nunber used in the design equations.

g) Solid phase dispersion coefficient!

The - behavior of solid particles in the hubble column is conveniently
interpreted by the one-dimensional disﬁersion model, Imafuku et zl. (1968}
have reported uniform radial distribution of solid particles for batch as well
as continuous operation. Imafuku et al. (1968) have also reported that the
dispersion coefficient of suspended solid particles is the same as that of the
liquid within the column without solid patticles. By measuring the
concentration profiles under cocurrent and batch conditions, ¥ato et al.
(1972a, b) proposed a correlation for the solid dispersion coefficient. This
corralation is similar to the one proposed by Kato et al. (1972b) for the
liquid phase dispersion coefficient. Indeed, Dy and D¢ differ only
slightly. As a guideline it can be assumed that Dy=Dg. The cotrelation of
Kato et al., (1972a, b) could be modified by introducing-a particle Reynolds
number. Shah et al. (1982) modified this correlation based on extensive
meagurements in three phase bubble columns of different diameters. Therefocre,
use of this correlation is-recommended. Many bubble column reactor models
consider the solids to be completely mixed in the liguid phase and comsider

only a hopmogeneous slurry phase.



Raecommendations for Design Parameter Estimations:

The literature search regarding the heat transfer coefficients, thermal
dispersicn coefficient, heat of reaction, etc. are presented in a separate
section discussing the adiabatic reactor models and the hydrogen consumption
rates, All the recommended correlations for the estimation of non-adjustable
‘design parameters are given in Table I-1. In the case where a unique
correlation is not recommended, the correlations will cover the range of
possible values. We feel that for the estimation of parameters for the SRC-II
reactor, these correlations are the best available. We further recommend that
some design parameters measurements In high pressure, high temperature larpge
bubble column reactors bhe made in order to have a higher degree of confidence
in the design parameter estimations.

Application of bubble column slurry reactor models:

In addition to the estimations of design parameters such as phase
holdups, dispersion coefficients, volumetric mass transfer coefficients, etec.,
more information on solids distributien is needed to solve the set of model
equations given under section 3.

a) Solid Distribution: Cova {1966} préposed a model to predict the
catalyst concentration profile'in the reactor, This model can only be applied
at low catalyst loading, small particle size, and constant liquid- and gas-
phase superficial velocities. When superficilal gas or liquid velocities and
the gas and liquid holdups change in.the direction of flow, this model cannot
be applied. Parulekar (1979) proposed a model which is applicable un&er
hindered-settling conditions and can be applied over a large range of catalyst

loading and particle sizes. In the case of a cocurrent upflow reactor, the

flux, ng, is given by
a. = Cg (ng + ng) _ cu* - Ezs dCg . (23)
8 5 s t TT=€ET T
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- Here n

¢ is the mass flux of ligquid. Both ng and ny are based on the cross—
sectional area occupied by slurry.
The settling velocity of the particle with respect to the column is

related to that with respect to Iiquid by the relatien

(24)

The parameters liquid holdup, slurry density, pSL,'and_slurry velocity, Ugy,

are defined as

ng*t My Py Pfsle
Uge =5 ~ Uy (p ) - p (23)
sl sk sl
. Cq
= - - — 28
gy = (1) (1 ps) (2€)
pE +pE
. 5 8 2
Pst © l—ag (27)

To show the dependency of the overall yleld and conversions on the adjustable
parameters, the design equations for bubble column slurry reactors are
solved. The freatment of Parulekar (1979) and Parulekar and Shah (1980) will
be used as an illustrative example. The values (Parulekar, 1979) of physical
properties of the three phases and the kinetic parameters for the reactions
are listed in Table I=2, and the opgrating conditions are listed in Table I~
3., The values of the kinetic parameters (Table I-2) for the reaé;ion
{equation 4) were chosen so that the hydrogen consumption was around 3 to 5%

of the heavy distillate, The values given in Tables I-2 and I=-3 are

representative of the basic features of SRC II reactors.
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Parulekar (1979) studied the effect of varipus operating conditions and
the reactor configuration on the yields of light oil (B) and velatile products
(C), consumption oﬁlhydrogen and heavy oil (A), and effective total
vaporization.

b. Effect of feed temperature: Parulekar {1979) fouqd that for a
reactor temperature of 573—673 K, the consumption of heavy oil (A} and
hydrogen increase& with temperature, whereas the yleld, Yy, passed through a
maximum with respect to temperature. The magnitude of the average‘superficial
liquid velocity decreased with respect to increasing temperature. The
catalyst concentration within the reactor lncreased with temperature.. Baseﬁ
on the-data obtained from several pilot plants (Eort lewis, Wilsonville, Gulf
R&D), Jones (1979) concluded that hydrogen consumption linearly increases with
the reaction temperature. . This observation is in qualitative agreement with
the hydrogen consumption-temperature plot of Parulekar (1979) and the.
experimental results of Shah et al. (1978).

c. Effect of pressure: An Increage in operating pressure increases the
hydrogen consumption and the formation of C due to an increase in hydrggenr
concentration. These predictions are in qualitative agreement with the
experimental observations.

~d. Effect of liquid velocity: An increase in liquid velocity decreases,
liquid phase residence time and Increases Peclet numbers of both thg llquid .
and solid phases and also reduces the iﬁportance of settling of the catalyst
particles. With an increase in liquid velocity, the catalyst concentration
gfadient throughout the reactor decreases. Both YH2 and Y, decrease, whereas

Yy goes through a maximum as the liquid velocity is increased..
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e. Effect of supérficial'gas'velbcity: An increase ihisuperficial Eas
velocity results in increased backmixing in the liquid and solid phases, which
causes a decrease in the local catalyst condentration. Consumption of A& and
vield of B decrease while the hydrogen consumption and the yield of C go
through a maximum with an ‘increase in liquid velocity. These results are in
qualitative agreement with the experimental results reported by Shah et al.
(1978b}.

£, FEffect of column dlameter: An increase in column diameter results in
an increase in the backmixing of the three phases and a decrease in the gas
holdup. The catalyst concentration gradient decreases throughout the reactor
as the colunn diameter increases. Tﬁe”effécérof this décrease in the local
catalyst concentration on the reaction rates more than compensates for the
effect of the increase in liquid-phase holdup on the reaction rates. As a
result, all yields and con5umpt1cn5 as well as the fraction of ligquid
vaporlzed show a decrease with an increase Ld column diameter.

g. Effect of reactor lemgth: Residence time as well as Peclet numbers
for the gaé'and liquid phases increase with an increase in the reactor
length. Parulekar (1979) found that these factors help te improve the yields
of B and C. There.is also an increase in the consumption of both A and
hydrogen along with an facrease in the total vaporization of liquid as the
reactor length is increased. His results were in qualitative agreement with
the regression plots for the yields of the various products as a fanction of
reactor residence time for Kentucky coal obfained in pilot-plant (Fort Llewis,
Gulf, Willsonvillé, etc.) operatioms {Jones {1979)).

h. FEffect of welght fraction of salid in feed slurry: ~ For catalyst

leading of 15% to 50% wt, the effect of the increase in the local catralyst
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concentration on all-the reaction rates is more prominent than the effect of
the decrease in the.liquid holdup on the reaction rates. Therefore, gli the
ylields and consumptions increase as Weg is increased. For a catélyst loading
higher than 50 wt¥%, the effect of a decrease in the 1iquid holdup on reaction
rates more than compensates_for the effect of an increase in the local
catélyst concentration., Hence, all yields and cohsumptions show a decrease
with any further increase in Wge

i. Effect of particle size: An increase in the particle slze of the
catalyst increases the effect of settling and thus increases the catalyst
concentration gradient and the local catalyst coacentration In the reactor as
well as decreases the local liguid ﬁoldup. Parulekar {(1979) showed that for-
particle sizes up to 275 um, all the yields anﬁ consumptions increass és the
particle size increases. Any further increase in particle size above 275 um
results in a‘reduction of all yields and consumptions owing to the increasing
importance of the effect of the further decrease in the liquid holdup on the
reactlion rates.

Parulekar .(1979) has studied typical axial profileé of the dimensionless -~ -
concentration of 4, B, C, and Hy, the dimensionless velocities of gas, liquid,
and slurry, the holdups of the gas, liquid, and solid"ﬁhases,-aﬁd catalyst -
concentration Cs} These studles show that significant axial varlaticns 1n'tﬁe“'
superficial liquid and gas velocities and the holdups of various phases could
be expected for certalrn operating conditions., BHowever, the validity of these
prediccions ﬁas not been checked with actual experimental dataJ*'u“

Other Complex Reactor Models:

lee et al. (1978) have proposed an isothermal reaction model which -

conslders the gas-liquid mass transfer resistance. They assumed axially”



constant superficial phase veloclties and phase holdups for the pas and 1iquid
phases. - The model developed is applicable with any kinetic raté expression.
They applied an axial dispersicn model to the preheater reactor assembly of
the SRC process and simulated the Wilsonville SRC-T piloet plant; A plug flow
reactor model was assumed for the preheater whereas an axial dispersion ﬁodel
was assumed for the reactor. Coal dissolution, hydrodesulfurization and
hydrogenation reactions were assumed as key reactions, and the,kiﬁetic rate
expressions developed by Plcts (1976) were used in thelr analysis.

Tee et al. (1978) concluded that the Wilsonville SRC plant operates 1a
the kinetically controlled regime. Singh et al. (1982) have'theoreticallj
analyzed the conditions which may lead to hydrogen starvation due ko the low
transfer rates of hydrogen to the liguid phase. Singh et al. (1982) have
proved that the possibility of hydrogen starvation would be at a minimum for
superficial gas velocities greater than 1 cm/sec. It seems that even 1f Singh
et al. (1982) have used an erroneous correlation for. the prediction of the
mags cransfer coeff;cient, thelr conclusion of insignificant mass transfer
resistance would be valid for industrial reactors. .

Other concluslons from the work of lee et al. (1978) include: (&) coal
dissolution 1s nearly complete in the preheater, and (b) the effect of gas
and liquid.backmixing on coal dissolution becomes more significant when the
hydrogen mass transfer coefficient is low. For an industrial size reactor,
the hydrogen mass traasfer cogfficient as well as the gas aﬁd liquid
backmixing will always.be high.

The application of models developed by Parulekar and Shah (1980) can be
viewed as a typi;al‘application of the design procedure described by
Ledakowicz er al. (1983)., ' any pgood model should be based on realistic

assumptions backed by rough estimaticns, The model equations are usually
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solved numerically as they contaln strong non-linearities. The generel scheme
presented by ledzkowlcz et al. (1983) must he iterated many times as the
desired optimal conditions cannot.be czlculated explicitly, and it is usually
subject to various economic considerations. In the context of SRd-Il reactotr
gcaleup problems, a major design duestionlwas‘whether to build one tall
reactor or two reactors of equivalent heighe.

The use of models arnd simulations are extremely valuable in the design
and scaleup considerations. Though highly sophisticated models‘can be
formulated on the basis of Eirst principles and can be solved u31ng numerical
methods, the design variables can cnly be meaningful to the extent of the
accuracy of data.

The nodels developed by Parulekar and Shah (1980) and lee et al. (1978)
ars highiy sophisticated, and the use of these complex models is justified for
experiments 1in small laboratory liquefactionﬂunits with high length to’
diameter ratios. For the case oE industrial coal liquefaction reactors with
larger diameters, simpler nodels might be more realistic to predict the
general behavior of coal liquefaction reactors.

Ledakowicz et al. (1983) have studied the usefulness of simpler models 1n
the scaleup considerations for industrial scale coal 1iquefaction reactors.'
On the basis of rough parameter estimations, Ledakowicz et al. (1983) found
that for large scale industrial reactors the liquid phase as well as the gas
phase can be approximated by CSTR behavior. In addition, the 1iquefaction
process is entirely reaction controlled and hence the mnltiphase reactor
problem can be approximated by a pseudohomogenous reacticn. Before making
recommendations about use of any one model, .efforts should be made to analyze

the available data using varicus models.



Nomeaclature:

A Heavy distillate

A Dimensionless concentration of heavy distillateras defined in
equation 8

a Li%uid phase specific mass-transfer area at gas—liquid interface,
m

B Light distillate

B - : Dimensionless concentration of light distillate as defined in

equation 8

C Volatile products
C Dimensionless concentration C as ﬁefiﬁed in equation 8
Cas Concentration of A, kg/(m3 1iquid) -
Cpyg Concentration of ﬁ, kg/(m3 liquid)
Ce Goncentratioﬁ of C, kgﬂnolf(m3 1iquid)
GH2 Concentration of hydrogen, kg-mol/(m3 éas)
Cq Concentration of solids, kg/(m3 slurry)
Cp Total gas-phase ﬁolar concentration, kg—mol/(ﬁ3 gas)
DC Diameter of column, m
D Diffusivity, ml/s
DH Axiai thermal-dispersion coefficient, kJ/(m.s.K)
Dy Diffusivity of component L in liquid phase, m2/s
vs Sauter mean bubble diameter, m |
;- Dimensionles; mags dispersion coeficient
-Ez Axial mass-disp;rsion coefficient, n?/s
E-E, Activation énergies for reaction (1) through (4) respectively,
kJ/kg-~mol : - ‘
f,8 Quantities defined by equation 28
£ Gravitatlonal acceleration, m/s2
H Henry’s-law constant, [kg—molf(m3 liq;)]/[kgﬂmol/’(cn3 gas) ]
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Ky, ky*

Ky Kg*

T2:T32Ty

Dimensionless concentration of hydrogen
Static slurry height in column {(m)

Liquid-side mass=transfer coefficient, m/s
Volumetric liquid-side mass~transfer coefficient, m/s

Kinetic constant and frequency factor for reaction (m3 slurry) /kg
catalyst) (sec)

Kinetie comstant and frequency factor for reaction {(2) (m3 gas)
(m” slurry)/(sec){kg catalyst) (kg 4)

Kigetic constant, and frequency factor for reaction (3) (m3 gas)
{m® slurry)/(sec) (kg catalyst) (kg B)

Kigetic constant and frequency factor for reaction (4}, (m3 gas)
(m slurry)/(m3 11q+) (kg catalyst) (sec)

Length of column (m)

Mblecular-weights of hydrogen and product gases (C) respectively,
kg /kg-mol :

Mass flux, kg/(m?.s)

Pressure, MPa

Power consumption

Peclet number

Ratio of superficial liquid velocity to superficial gas velocity
Universal constant MPa.ma/(kgﬂnol.K) or (kJ/kg=mol.K)
Particle Reynold’s number defined in Table I-1

Rates of reaction (1), kg/(m3 liq.) (sec)

Rate of reaction, (2), (8), (4), kg-mol/(m3 1iq.) (sec)
Quantitles defined by Equation 8

Temperagure, .4

Net velocity of a phase, m/s

Dimenlonless superficial velocity

Bubble rise veloeity, m/s



Uog,Uol’

U’ Superficial velocity of gas, liquid, and solid phase respectively,

n/s

Settling velocity with'respect to liquid, m/s

Terminal settling veloeity of particles, m/s

Weight fraction of solid ia feed slurry, kg/(kg slurry)

Distance from inlet of reactor, m

Consumption of heavy distillate and hydrogen respectively, kg/(kg

feed slurry)

Yields of light distillate and volatile products respectively,
kg/ (kg feed slurry)

Dimensionless distance from the bottem of column

Greek latters

€ 1€y
u

v

Subscripts

b
c

g
Ho
2,1
s

3

Holdup of the gas, liquid and solld phase respectively
Viscosity, kg/(m.s) .

Kinematic veloclity, mzfs

Density, kgfm3

Surface tension of liquid, kg/s? or N/m

Bulk slurry
Volatile products
Gas phase

Hydrogen

Liquid phase

Solid phase
Slid-iiquid slurry
Wall

Feed condition

Reactor outlet condition
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Table I-1 .

Correlations for Estimation of Design Parameters for
Bubble Column Slurry Reactoers

1. Bubble Size:
Calderbank (196?)_

0.6 " 0.25
dye = €3 o7 %6 L
vs ’ . . G i)
(B"/¥5)" Py _ %
2. Terminal Bubble Rise Velocity:
Hy -0.149
L ) (J - 0.857)
L vs
where
g u4 (p,»_J d U,
M = LV _Tvs b %
=37 3 T
Py o 2
g (o -p)d "’
L G vs
E =
o )
5= 0.94 807747 (2 < B < 59.3)
and J = 3.42 00441 (3 > 59.3)
where 4 -0.149 M2 o
H= (ED) M (u_)
. W
for the range M < 10-3, E, < 40, Re > 0.1
3. Gas Holdup:
Akita and Yoshida (1973)
5 2 1/8 2 1/12 J
5[] 2] (k]
(I—v'g)4 “ v,° Vel
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4. Volumetric mass transfer coefficient:
Akita and Yoshida {1973)

2 0.5 3 03
kg, a D, Yy g b, "'.‘a] g D, ©1.1
—_——— = (0,6 —— ————— * g
5, 5 7 3 .

1 1

5. tiquid phase dispersion coefficient.
Deckwer et al. (1974)

E =0.678p 1% ¢ 0.3
zi e g

Joshi (1380)
EZZ = 0.33 (Ue.+ UQ) DC

where,

€
= - & _ -~
v, =131 [gDc(Ug I_Eg U, egub,)]

1/3

6, Gas phase dispersion coefficients
Mangartz and Pilhofer (1980)

= 1.5 3
Ezg = 50 D, (Ug/eg)

Field and Davidson (1980}

= 1.33 3.56
Ezg . 56.4 D, (Ug/eg)
7. So0lid phase dispersion coefficient

-0.8 ——
U D ‘ U : 13 (U /gD )
gc:PeS=‘[l+O.OO9Re (-t — .’ —& £
S vab

gDc

0.85
zs

1+ 8 (Ug//_gD_c)

Where Re =
5
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Table I-2

Physical Properties and Kinetic Parameters (Parulekar, 1979)

{1) Frequency -Factors:

m3 slurry

ky* 20 Tz car.) (865

(m3 gas) (m3 slurry)

kp* 10 (sec) (kg cat.) (kg A)

(m3 gas) (m3 slurry)

k3* 30 (sec) (kg cat.) (kg B)

K, * 0.4 (m3 gas) (m3 slurry)

(m3 1iq.) {kg cat.) (sec)

{2) Activation Energies, kJ/kg-mol: .

E 8.29 x 10°
E, 1.15 x 10
E 5.86 x 10*
3 . X
Ey, 1.24 x 107
(3) Solid Demsity pg 1.3 x 1073 wg/o°
(4) Liquid Viscosity by 0.9 x 1072 Pa.s
(5) Interfacial Tension @ g x 107° B/m
3
(f) Universal Gas Comstant {(R_) 8§.315 x 103 m_Pa_
g kg-mol K
(7) Molecular weight, kg/kg-mol: )
Hydrogen 2
Volatile Products (C) 40
(8) Liquid Density gy ‘ 0.9 x 10+3 kg/m3
(9) Weight fraction of heavy oil in feed liquid, A, = 0.7.
Weight fraction of light oil in feed liquid, B, = 0.3,

Mole fraction of hydrogen in feed gas, B, = 1.



Table I-3

Qperating Conditicns and Reaction Dimensions {Parulekar, 1979)

(1) Column {reactor) diameter 0.08m
{2) Reactor length 5.4m
(3) Reactor feed temperature 623 £
(4 Total pressure ' | 10.13 MPa
)] Weight fraction of catalyst
in feed slurry, W 0.15
(56) Particle size 150 um
(7 Superficial gas velocity (Uog)o 1.5 x 1072 a/sec
(8) Superficial liquid velocity (U p), 1.5 x 1073 m/sec
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