I-C METHANOL SYNTHESIS PROGESS
by
Sadettin S. Ozturkl
and
Yatish T. Shah
Chemical and Petroleum Engineering Department

University of Pittsburgh
Pittsburgh, PA 15261




Section

I-C

CONTENTS

METHANOL SYNTHESIS PROCESS

SMA—RY'IIIIQII.I'llllllnl.'.l"l..-l..c
IntroductioNeceensanssnssvesssvesnoncnnss

Model Description.isccincesseccsscacsanss

e s e 00 e

--------

Fixed-Bed Reactor Design for Methanol Synthesis.....ecses

Parameter Effect on Reactor Performance....scsesses

Slurry-Eed Reactor Design for Methanol SynthesisS........

Parameter Effect on Reactor Performanceeeeeeeces

Comparison of the Performances of Fixed and Bubble
Column Reactors for Methanol SynthesiS.scecsecse

Parameter Estimation for Fixed-Bed ReactOCleeceescasceses

Parameter Estimation for Slurry-Bed ReactOCfessseseancsss

NONenClatUTE.-------u-----o-oo--o-.-o---oo---ao--o.-ooco

REfetenceS.-..-.o-..-----n-.-‘.......--

Appendix I-Cllll.'.l.l‘lIlOlQIlOll.Il.llI.l..‘...l.‘..'O

[-168

s e en e e

¢ e s e e 0

Page

I-172
I-173
I-178
[-180
I-195
1-210

I-221

1-239
1-243
1-260
I1-265

1-268




I-C-1
1-C-2
1-C-3

I-C-4

I-C~5

I-C-6

1-C-7

1-C-8

I-C-9

I-C-10
1-C~1i
I-C-12
I-C-13
I-C-14

I-C-15

I-C-16
I-0=17
I-C-18
1~-C-18
I-C-20
I-C-21

I-C-22

LIST OF FIGURES

Conventional Coal Based ICI“s Methanol ProCeSSsssscscses
ICI’S QuenCh Type Reactor.I...C'l.....l..‘.'.!llll...".
Concentration Profiles Along the Pellet RadiuS.cececsaae

Temperature and Concentration Profiles in a Fixed
BEd MethanOl Synthesis Reactor'..l'lll.l........l..ll..'

Effectiveness Factors.and Effective Reaction Rates for
MEthanOl Synthesis and Shift Reactionlo-ooooooococoo‘co-

Conversion and Dimensionless Temperature Profiles for
a Fixed Bad Methanol Synthesis ReactoOTeseesscevrescscscas

Space Time Yield in Fixed Bed Methanol Synthesis

RE2CTOTessevrevecoseassessssseevsosdosssscscscsscancasssnas
Effect of Gas Velocity on Temperature and Conversiofieses
Effect of Gas Veloc;ty Ol STYesessovesosscscstsocassnsnaas
Effect of Pressure on CONvEerSiONecesesscosessascssscsane
Effect of Pressure On STYseecesccsssascscscoceosasanarane
Effect of Feed Temperature on ConversSiONeececsessessvcacs
Effect of Feed Temperature onl STYeeescsvsasccsssecscesns
Liquid Phase Methanol Synthesls ProceSSessasscscoravccns

Concentration Profiles in a Bubble Column Slurry

ReaCtOreesessssccssncsssnsossnasssssacscsssnssssennnsnses
Conversion Profile in a Bubble Column Slurry ReactOTed..
Temperature and Catalyst Concentration Profil€evescsseses
Effect of Column Diameter on ConversioNesssssccsscessces
Effect of Column Diameter O STYeeeveesosesssasscnsancna
Effect of Column Height on ConversioNeeccessescosnssscsss
Effect of Column Height ON STVuseeesocrcssvevcareccssonss

Effect of Slurry Velocity on ConversiONiesecscesvesvcses

1-169

Page
I-176
1-177

I-197

1-198

I-199

I-201

I-202
1-203
I-204
I-205
I-206
1-208

I-209

" 1-212

1-222
1-223
1-225
1-226
1-227
1-228
1-229

1-230



I-C-23

I-C-24

I-C-25
I-C-26
I-C-27
I-C-28
I-C-29
I-C-30

I-C-31

LIST OF FIGORES (Continued)

Effect of Slurry Velocity on STY.eeecsseseossssscsoscsss

Effect of Gas Velocity and Catalyst Loading on

COHVEfSiOH--.a.n-...-------o-....------.-..-...o.....-..

Effect

Effect

Effect

Effect

Effect

of

of

of

of

of

Gas Velocity and Catalyst Loading on STYeeees.

Temperature
Temperature
Pressutre on

Pressure on

on Convetsion-ltl‘tconooooo'o'tl.o

on STY'olonnctcnoncooonoooootlo..0

COnVEfSiOﬂ..------.cco-u.o.-...-.-

STY.otclano-ucol'oc.ooooo.lnlcuoco

Comparison of Fixed and Slurry Bed ReactorSeseecscevseocs

Comparison of Fixed and Slurry Bed ReactorS.eescescscsse

1-170

Page

I1-231

I-233
1-234
1-235
1-236
1-237
1-238
1-240

I-241




. LIST OF TABLES

Page

I-c-1 Syngas Compositlon Used in Methanol SyntheSiS.eseesesees I-175

I-171



SUMMARY

The synthesis of methanol from CO and H, has conventionally been carried .
out in a fixed bed reactor in the gas phase. Recently, liquid phase methanol
synthesis in a slurry reactor has received considerable attention due to the
advantages of easy temperature control and the absence of diffusional
resistances. In this report, the reactors used for gas phase and liquid phase
methanol synthesis are analyzed. The fixed bed reactor 1s modeled using a one
dimensional heterogeneous model while the slurry bed reactor is modeled using
a plug from model for the gas phase and the axial dispersion model for the
slurry phase. The physical and thermodynamic properties of the systems are
estimated by literature correlations. The main assumptions underlying the
model equations are stated and solution techniques described. For each type
of reactor, the effects of various parameters such as temperature, pressure,

phase velocities, diameter and height of reactor are investigated with the

help of the developed simulators. Finally, a comparison of the reactors is

presented.
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Introduction

Methznol is z basic industrial chemical that is produced at an annual
rate of over ten millions tons. Plant capacity for methanol is increasing and
there is the possibility that its use, chiefly as a fuel, will eventually
require large additional amounts of methanol (Brainard et al., 1984).

There are many reasons why methanol 1s an important key to a syngas based
fuels and chemical industry. First, methanol is synthesized in over 99% or
greater selectivity, in sharp contrast to the melange of products, from
methane to waxes, obtained in the F-T reaction. Sécond, the weilght retention
of syngas (2H2:ICO) as a feedstock for methanol is 100%Z. Syngas is a costly
rew mzterizl for the production of the hydrocarbons obtained in the F-T
reaction where oxygen is eliminated as water of COj. Third, methanol
furnishes selective pathways to a number of important chemicals, including
formaldehyde and the widely used two carbon oxygenated chemicals., This route
to frels and to two carbon chemicals from methanol is presently more
attractive than their direct synthesis from syngas.

In addition to the many uses of this versatile compound, chiefly as a
fuel, there 1s the exciting discovery that methanol can be converted to high
octane gasoline by Mobil”s methanol to gasoline (MTG) process using a shape
selective zeolite (ZSH~5) catalyst (Chang, 1983). A plant which will produce
some 14,000 barrels per day of high octane gasoline from methanol will go on
stream in New Zealand in 1985. The MTIG process has been discussed in this
report (Part T.A).

Traditionally, methanol has been produced by catalytic hydrogenation of
carbon monoxide:

CO+2H2 :: CHBOH .l.Il.‘..'l...!..l..l....l..'..l.(l)
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>
co + 2H2 . CH,0H (1)

Although, several side reactions can take place, the following two are of

importance:

»>
Co, + H, _ CO + H,0 (2)

+
Co2 + 3H2 . CHSOH + HZO (3)
All these reactions are reversible and only two of them are independent. For
the main reaction (reaction 1), the conversion achievable is greatly limited
by thermodynamic equilibrium and since the reaction 1s exothermic and involves
a contraction in volume, highest yields and conversions of methanol are

obtained at high pressures and low temperatures. Several generations of

catalysts have been developed to get a reasonable reaction rate. Zinc
chromium oxide was one of the earliest used. later a catalyst based on a
mixed zinc, copper oxide supported on chromium oxide or aluminum oxide was
i1ntroduced. Due to the necessity of having the catalyst at desired activity,
high temperatures are needed and therefore high pressures are used to enhance
the thermodynamically limited yield (high pressure synthesis). It is apparent
that an active low-temperature catalyst is highly desirable because the }ield
would not be limited by thermodynamic equilibrium and the requirement of high
pressure could be reduced (Kung, 1980).

In 1966, ICI introduced their low pressure methanol process in low
tonnage plants, taking advantage of a much more active catalyst. Initially,
the process was only a little more expensive than the high pressure process it

replaced, but growing experience in the technology has led to considerable .
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reduced costs and lower energy consumption per ton of product. Now it 1s used
worldwide, and accounts for about 757 of methanol production (Macnaughton et
al., 1984).

In the conventional coal based process (Figure I-C~1) the synthesis gas
is first passed over a shift catalyst before or after sulphur removal to give
a gas composition close to the stoichiometric requirement. The composition of
syngas before and after the shift is given in Teble I-C~1, for Texaco

gasification.

Tzble I-C-1: Syngas Composition Used in Methznol Syanthesis

Tezaco Lurgi
Unbalanced Gas Balanced Gas Gasifier Type
Mole % Mele Z Mole %
H2 35 55 50
co 51 19 25
co, 13 5 10
Inerts 1 21 15
H,/CO ratio 0.69 2.89 2.00
Bzlance Ratio
HZ/(CO+1.5C02) 0.50 2.08 1.25

The ICI low-pressure process utilizés a single bed of catalyst and ﬁuench
cooling by "lozenge" distributors especlally designed to obtain good gas
distribution and gas mixing and to permit rapid loading and unloading of
catalyst. A schematic diagram of such a reactor is shown in Figure I-C-2. A
low-pressure methanol synthesis process is advantageocusly combined with

production of syngas by partial oxidation since the latter can be carried out
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at methanol synthesis pressure, thus avoiding the necessity of intermediate

gas compression. Typical operating conditions for the process are: pressure, .
5 to 10 MPa and temperature from 220 to 260°C. The reactor operates

adiabatically and temperature rise at each bed is known to be extremely

high. The overall effectiveness factor is less than 0.5.

Liquid phase methanol process (LPMeOH) was recently evaluated against the
conventional multibed quench system (Sherwin and Frank, 1976). Various
projects sponsored by EPRI at Chem-Systems and Air Products and Chemical Co.,
on the three phase synthesis clarified some of the important economic factors
(Sherwin and Blum, 1979; Bonnell and Weimer, 1984). Here, syngas containing
co, COZ and H2 is passed upward into the bubble column slurry reactor
concurrent with the inert hydrocarbon (Witco-40 or Freezene-100) which serves
to both fluidize the catalyst and absorb the exothermic heat of reaction. Due

to the easy temperature control and the absence of diffusional resistances,

this type of reactor has received considerable attention.

In this part of the project, both gas phase and liquid phase methanol
synthesls are analyzed. Computer programs for the simulation of fixed and
slurry bed methanol synthesis reactors have been developed to mke a
comparison between these two type of operations. Model equations are derived
and the solution techniques are included in this report. A case study has
been analyzed and the results of the simulations are compared with a
discussion on the reactor performance.

Model Description

This part includes the model developments for fixed and slurry bed low-
pressure methanol synthesis reactors, and descriptions of the mathemtical

procedures to predict the performance of the units. Due to the distinct

differences in the design and operation of these two reactor systems, analyses .
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. are presented separately. The physical and thermodynamic properties of the
systems (gas and liquid phase reactor system) are estimated byvcorrelations
and these methods are also included in this part of the report. The main
assumptions underlying the model equatioﬁs are stated and solution techniques
for final form of the equations are described. For each type of reactor, the
effects of various parameters on the performance are investigated with the
help of simulators developed. Finally a comparison of the reactors is

presented.
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Fixed-Bed Reactor Design for Methanol Synthesis .

Fixed-bed reactor is the traditional reactor type to carry out the
methanol synthesis reaction. It refers to two-phase systems in which the
reacting gas flows through a bed of catalyst particles or pellets (Froment and
Bischoff, 1979).

Two-phase boundaries inherent 1in fixed-bed reactors require that
transport processes (mass and energy transfer) as well as the intrinsic
reaction rate be accounted in reactor design. The model equations should
include transport restrictions against mass and heat transfer in the interior
and in the gas film surrounding the particle.

For a catalytic reaction taking place in a fixed-bed reactor, because of
the resistance against mass transport through the gas film, a concentration
gradient 1s requried so that the concentration of reactants is lower on the

particle surface than in bulk phase. If the reaction is exothermic, the heat

produced must be transported away and this requires a temperature gradient.
The resistances for these two transport processes are called external
resistances and they can be very severe depending on the conditions. On the
other hand, the concentrations and the temperature at the catalyst surface
cannot have the same value throughout a porous catalyst particle due to mass
and energy transport restrictions. These last mentioned effects are called
internal resistances. The combined effect of internal and external
resistances is that the concentrations of the reactants in the interior of the
particle will be lower than for bulk phase and for an exothermic reaction the
temperature will be higher than the bulk gas temperature. As the reaction
rate is affected by concentrations and temperature, the intrinsic rate cannot

directly be used with the bulk concentrations and temperature.
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The mathematical model which allows for differences in concentrations and
temperature between the bulk gas stream and the particles is czlled the
heterogeneous rezctor model (Froment, 1974). This is contrary to the so
called pseudo-ﬁomogeneous model for a catalytic reactor, where the
concentrations and temperature in the bulk gas phase and in the particles are
considered identiczl. Since the concentrations of the reactant gases are
alwzys lowered by the internzl and externzl mass transfer resistances and the
temperature at the catalyst site differs from the bulk temperature, the last
mentioned model is known to be less appropriate and should be avoided in most
czses,

In the hetercgeneous reactor model, the effects of the internal and
external resistances on the reaction rate are accounted by using globzl or
overall rather then intrinsic rates. These type of rates are expressed in
terms of gas phase conditions and they can directly be used in the axial
integration of mass and energy bzlance differentizl equationms.

Tne overall effectiveness factor is now introduced as a quantitative
mezsure of the combined effects of transport restrictions. It is defined as
the ratio of the average rate ofvreaction, which would have been obtained, if
there had been no transport resistance, i.e. as 1f the temperature and gas
composition had been the same inside the particle as in the bulk gas phzse.
Once this factor is known, the overall rate can easily be obtained by
multiplying it with the rate evaluated at bulk conditions. The ezlculation of
such z factor invelves 2 solution of solid phase differential mass and energy
balance equations with appropriate boundary conditions. 1In this procedure,
the internzl resistances are accounted by differentizl equation itself, and

the effect of external resistances are imposed by boundary conditions.
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Due to the complex nature of the rate expressions, the presence of two .

reactions {reaction 1! and 2) and the large heat effects, the overall
effectiveness factor calculation for methanol synthesis is not an easy

matter. FEarly studles on the modeling of methanol synthesis reactors are
therefore limited to the degree of sophistification on the evaluation of these
factors. For instance, in the work by Cappellil et al., only reaction 1l is
considered and temperature effects are neglected (Cappellil et al. 1972).

So far, only two works have been presented in the literature for the
simulation of fixed-bed methanol synthesis reactors (Cappelli et al., 1972;
Bakemeier, 1970). Since they both are for high pressure catalyst, their
results cannot be applied to low pressure synthesis where Cu-based catalyst is
used. In the present work, a simulator program has been developed for the
design and simulation of methanol synthesis reactors. The simulator is

designed to be capable of handling different catalysts and can be used for

both types of synthesis. A general procedure of effectiveness factor
calculations for a single catalyst particle in which several chemical
reactions can take place 1is presented.

a. Model Assumptions

In the model development, the following arguments are made:

1) The significance of axial dispersion depends on the reactor length,
the effective diffusivity and the gas velocity. For high velocities (Re > 1)
and for the reactors where length to diameter ratio is well above unity, axial
dispersion 1s negligible. Therefore a plug flow model will be used.

1i) Since radial gradients in concentration and temperature are caused
solely by radial variation in axial velocity and since in plug-flow case, the

axial velocity is only dependent on the axial direction, radial profiles can

be neglected in an adiabatic plug flow reactor. Therefore, one-dimensional

model will be used to be a good representation of actual behavior.
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iii). Unlike high pressure synthesis, the low pressure synthesis operates
at relatively moderate pressure and temperatures where the nonideality of the
gas mixture can be neglected. The rate expressions for low pressure synthesis
are also based on the concentratious rather than fugacities, suggesting that
the ideal gas law can be applicable. 1In the model equations ideal gas law
will be used but for the rate expressions based on the fugacities, the
nonideality will be considered. .

iv) The presence of two simultaneous reactions with very nonlinear rate
equztions makes the use of the Stefan-Maxwell equation for the mixture gas
diffusivities difficult. Hence Wilke”s equation will be used to calculate the
diffusivities in gas mixture.

In this work, we wish to present a model as general as possible.
Therefore, the following points which were neglected by other studies will be
consldered:

i) Both rezctions, methanol formation and shift reaction procead with
finite reaction rates and neither of them is considered at equilibrium.

‘ii) The temperature gradients inside the pellets can be very
important. Hence nonisctherml effectiveness factdrs should be calculated
with the solutiog of solid phase bzlances.

i1i) Since the total number of moles change due to reaction 1, the
concentration profiles would be affected. This effect 1s accounted in gas
phase material balances, but since it leads to a2 more complicated problem in
the calculation of effective reaction rates it was assumed negligible in the
solid phase.

1v) Physical properties are coansidered as a function of temperature and
pressure. CGas velocity will also change in the axial direction (due to
temperature and total number of moles variations) leading to variable heat and

mess transfer parameters and also mixture properties along the reactor length.
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b. Model Equations

Based on the above conclusions, the following model equations can be

written. In these equations methanol and CO, are chosen as key components aad

the first two reactions (1 and 2) are coansidered independent reactions.

1. Mass Balances:
{a) Gas Phase

i. Methanol

d gy a - 8 -c 8
ax (U Gy ) = (k) ay (G g = G)

ii. CO2
d g s g
— (U C ) = (k) a_ ((c ) -C )
dx co, g°C0, “v “tvco, ' o CO,
(b) Solid Balance
i. Methanol
s
(DM)e d (rZ dCM ) =r.
2 dr dr 1 p
r
ii. COZ
8
(D., ) dc
CO2 ed (rz Co2 N
2 dr dr 2 p
r

(4)

(5)

(6)

N

Here effective diffusivities are assumed constant and evaluated at bulk gas

phase conditions.

[-184




. 2. Energy Bzlances:

() (Gas Phase
d -
a——x—(UpCpTg)=ha (1) __

{b) Solid Phzse

‘e d , 2 4T?
Zar ‘Y Tar

ar (& Tgp = (M) ry o+ (SO, 1)) e

r

Boundary Conditions:

= g g = =
@z=0 c, ¢ o = T§ U=
8
s dc
. e o ch= COZ_dTS .
dr dr dr
@r =R k), ((c,*) . ~cB8 =~ (ﬁi)
g'M CM =R M Me dr ‘r=R
s
. . chO2
(k) ((c ) -C ) ==, ) (——)__
g'co, “vco, T o T Tco, Co,’e * dr ‘r=R
ars

S = e ——
BT g - Tg) == C@Pe

ce Solution Technique

(8

(9)

(10)

(11)

(12)

By solution of solid phase mass and energy equations (6, 7 and 9)

subject to boundary conditions of (11) and (12) we can evaluate effective

. rezction rates and effectivenass factors:
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e . s -c 8 a _M
rl (kg)M av ((CM )r=R CM ) -av <DM)e ( dt)r=R (13)
and
e s g dCCOZ
£, = ~(k ).y a, ((Can ®) o =C..8)=a (D, ) (—) (14)
2 g CO2 v CO2 r=R CO2 CO2 e dr r=R
6 (1- €)
B
where a =
v d
p

with the help of effective reaction rates, gas phase mass and energy balances

became:

eq (4) L wed xS (15)

eq (5) P ECRINL (16)
2

eq (8) - (woe c, ) =% (-am 41,0 (-, ()

instead of integrating eq. (17) we can combine it with eq. (15) and €16) to
give:
(-Aﬂ)l (-48), g g

o 0., 0
g  U»PCp g g _ 0 g o -
T =g Yo T Tacp VUG UCM,0)+UpCp(UCC02° ”Ccoz)

(18)

here, it 1s assumed that reaction enthalpies do not change very much with the

reactor length and taken as constant.
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. Use of conversions

Introducting F, = UCig, superficial molar flow rates, we can define

conversions X, and X, as follows:

’ X, = (19)

Bzsed on these values concentration of each component as well as gas velocity

can be expressed: Concentrations

1 co C;8 = (1-X;+%,)8 (20)
2 Co, C.8 = (a;-%,)8 (21)
3 H, C38 = (ay-2%,-%,)B (22)
4 CH40H C8 = (a3 + X))B (23)
5 H,0 Cs& = (qy + X,)B (24)
. 6 N, C6g = a5 B (25)
7 CH,, C,8 = ap B (26)

Gas velocity
- ]
U =0, Ccq / B
Here pressure is taken constant.

In the above equations:

- [e] ¢} — [e] [e] — (o]
°1 = Yoo, /Yco » %2 = Ym, /Yco » %3 = Ycuon/Yco

% yHZO/yCOO , as = YNZO/YCOO R a6 = 'YCHZ}O/YCOO) (27)

= o - o
B = Cp ygo /(172 ygo %)
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In terms of conversions eqns (15, 16 and 18) can be written in the

dimensionless form of .

eq. (15) = = ¢, (28)
dx,
eq. (16) FrR = ¢2 (29)
eq. (18) 0 = a~] + I‘l)(1 + I‘ZX2 (30)
where ¢‘1 = rle L/FCOO (31)
e [s]
¢2 =r, L/FCO (32)
z = x/L 7 (33)
0=(r® -18)/18 (34)
(o] [o]
a = (U°cp®e°)/(ucp p) (35)
(-AH)l
' = — _ F (36)
Ly pCpTog co
(-4H)
2 o]
I, om——l_F (37)
2 gy pCpr & co

It is clear that integration of eq. (28) and (29) can easily be performed
providing that the effective reaction rates are calculated. At this point,

the solution of solid phase balances comes into the picture.

[-188



. Calculation of effective reaction rates and effectiveness factors for
.methanol synthesis:
In a general case where N components are involved in R reactions, the

mese bzlance for the solid phase is

L a , 2% B
Di T (r 3z = —15 vik rkpp 1i=1,2,004.N (38)
zud the energy balance
,Ld 24, _ & -
"Ta T T (39)

Hzving key components which involve only one reaction

Ld L

equations (38-40) can be written in dimensionless form of:

dC R 2
1 d 2 iy _ R
eq- (38) T E@ ST D, k% (41)
g k i
R (-4H)
1 d ,.24dT, _ _ 2 k
eq. (39) ?d—; (¢ EE) = ﬁ r, B — pp (42)
dc 2
1 d 2%, R
eq. (40) ';'2'32 (2 Eg—') = \’k -—Dk LR Dp (&3

Note that the suffixes indicating effective values for D; and A are omitted.
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THe boundary conditions are:

i dT
@ §=0(r=0) Fra 0, Fri 0
dC1 g
d = = - —_— = -
C g I (r R) ac (Sh)i (Ci Ci)
dT _ g
—_d—C— = Nu (T°-T)
where
z = r/R, Shi = (kg)iR/Di
Nu = hR/X
using eq. (41) and (43)
2y Ly otk Ded 2 3%
dg dg Kk \)k D, dg dg

integration between 0 and ¢ and using BC: eq. (44)

integration between 1 and ¢
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Application of BC eq. (46) to eq. (49)

R v, D (Sh) .
E_(c) =it Ko KEqe€o ) oy (51)
ig=1 k k Di (Sh)i k k? =1
eliminate (Ci)‘:=1 between eq. (50) and (51)
RV (Sh)
. n E _ik k - _ 'k g _
e I A R V™ €l 52
using converslons defined as
g
G, ®=C
. _ _k "k - - 8
}&k = c € or Ck = C Xk
1
Rv, D (Sh)
=c8 stk kg

Hence the concentration of each speciles is expressed in terms of coanversions.

For temperature we can use eq. (41) and (42) to give

d_.(cz QI.) =1§ (-Aﬁ>k.l.)_lid_(;2 ﬂ) (54)
dg dazg \’k A dg dg

=

integration between 0 and % and using BC: eq. (44)

ar 3% -1;‘-‘ i (55)
TN az

integration between 1l and 2

R (—AH)k Kk
T-(Dpy = i T 7 (G (€ py) (56)
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Application of BC: eq. (40) to eq. (55)

g R (-24), D (sh),
=M, =I5 T w G T Gy (37)
k k
eliminate (T);=1 between eq. (56) and (57)
R (-4H), D (Sh)
=g k 'k _ _.—k g _
T=r b= G = (O ey - —5g € = (] (58)
and using conversioné:
R (-AH), D (sh)
- 78 k k.8 -k
T =T + E - T C1 [(Xk)c-l [1 Na ] Xk]) (59)

Hence the problem becomes to evaluate the conversion profiles along the pellet

radius., Once the conversions are known the concentration and temperature
profiles can be obtained by eq. (53) and (59) respectively.

In methanol synthesis €0, and CH40H can be chosen as key components

Reactions Conversions
CO + 2H2 = CH30H X1 (60)
co2 + H2 = CO + HZO X2

However, to get positive values for X, we can put

_ g
CCH30H Ccuaoa
X, = n (61)
Cco

while the standard definition for xz remains the same

g_
CCO2 CCO2
Xy = ——— (62)

g
Cco
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. In terms of ¥ and X, concentrations and temperature can be expressed as:

Component
. Dz Dl 1/3 D4
1. CO Cao = Cco [1 --D—l- (Xz)z;-l (1 - (5? ) - XZ) +—]5;
Dl 1/3
(XDpy =D ) = XD]
k
-~ & _ g
2., CO, CCO = Ceo CCO Xl
2 2
; . D4 03 1/3
3. Hy Gy =Cy - +Cy 25 [(XD . U-GFD) ) - %)
2 2 3 4
D, D, 1/3
+'5; (B, A -(GF) ) - X, 1}
2
o .y
4. CH3OH CCH3OH CH3OH + C X2
D 1/3
g g2[<x> LU= ) -]
5« HsO C =C - C - (= -
2 HZO H20 Co Ds D2 ?
Temperature
(Sh)
T=T + A XD, (- )-x]
(Sh)
+ B [(X2>c=1 (1 ) - X ]
where:
(-2H)

1
[

1.8
® e
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= g
B = D2 by C1 (70).
1/3
(s, o, V
in these equations oo, - (-6—-) i3 used (see mass transfer coefficients
i k

estimtion).

Using the above relationships there remain two differential equations to

be solved. 1In dimensionless form

dX

1 d. 2 1
eq. (6) ‘c—z-d—;- (3 E—) = ¢'1 (71)
dX
1 d 2 2
eq. (7) zf'az (g ‘EE? = Wz (72)
where Y = RZ r, o /(D,C g) (73)
1 1 'p 471
v, = %> r, o /(D.CB) (74)
2 2 'p 271
Boundary conditions
Xm dX2
¢ =0 T TEw O (73)
dxl
@ C=] i " ‘(Sh)“ Xl (76)
dX2
EZ—' bt (Sh)l Xz (77)

The effective rates are calculated as:

clg dx,
U A w13 (78)
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and the overall effectiveness factors are evaluated as:

e
r

_ 1
n o= T, (at bulk conditions) (81)

e
rz )
Ny = T, (at bulk conditions) (82)

The solution of egns. (71) and (72) are performed by COLSYS (Ascher et al.,
1981) while the integration of eq. (28) and (29) are carried out by a Runge
Kuttz method,

The progrzm developed calculates the concentration profiles at bulk gas
phase and at the partiecle center. It zlso predicts the temperature effective
reaction rates and overall effgctiveness factors profiles in the axial
direction. The conversions are evaluated at each point and finally the space
time yield, STY in Nm3 gas converted per kg catalyst per hour is computed.d.

Parameter Effect on Reactor Performance

The effect of operating and design conditions on the reactor

performance 1s studied to test the simulator. The influence of conversion
(overall conversicn 1s used) and the Space Time Yield are presented are

explained based on theroetical observations.
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To present the goodness of the reactor model, the radial concentration ‘

profiles inside the pellet, and the concentration and temperature profiles in
the reactor is demonstrated in Figures I-C-3, I-C-4 and I-C-5. In the first
figure only the mole fractions for CO, H2 and CH3OH are given and since
temperature rise was found to be very small (~ | K) it is not included. It is
clear that diffusional limitations are very strong and should play a very
important role in the design calculations. Mass and energy transfer
resistances, on, the other hand, were found to be negligible since the surface
concentrations (mole fractions for Hz, CO and CH30H are 0.5, 0.25 and 0
respectively) are equal to bulk values. The effectiveness factors (overall)
are 0.87 and 0.43 for methanol and shift reactions respectively.

In Figure I-C-4 several concentration and temperature profiles-are shown
for a reactor length of 0.8 m that corresponds to the first bed in ICI's

quench reactor. For methanol, the solid phase, pellet center concentration is

also inciuded. As it 1is shown in the figure the mole fraction methanol
increases in the gas bulk phase while it shows a maxima for solid phase center
concentrations. Temperature increases very rapidly and a temperature rise of
186 K is obtained. Actually this figure is prepared for a gas velocity of 0.1
m/s which 1s very low (normal value is 0.4 m/s) and this temperature rise is
not permitted in a commercial reactor.

The effectiveness factor and effective reaction rates are glven in Figure
I-C~5. The overall effectiveness factor drops to 0.l for methanol synthesis
reaction (Eff 1) while it behaves in a pecular way for shift reaction (Eff 2);
it goes through a maxima. The effective reaction rates increase at first and
then decrease with axial coordinate.

The general trends in conversion and Space Time Yield (STY) are presented

in the following pages for the effect of various operating and deisgn
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parameters. All the calculations have been made for Lurgl gasifier type .

syngas composition (Table I-C-1).

a. Effect of Reactor Length

The effect of reacctor length on performance was studied at 500 K and 80
atm. A superficial gas velcoity of 0.4 m/s is applied. The results are
presented in Figure I-C-6 and I-C-7 for coaversion and Space Time Yield (STY)
respectively. It 1s apparent that both conversion and STY increase with
length to a certain point then equilibrum attains. The outlet temperature is
also shown in Figure I-C-6 and-it can be seen that the temperature also
reaches a limiting value. Obviously for a reactor longer than 2.0 m, no
reaction takes place at the top.

b. Effect of Gas Velocity

Increase in the gas velocity leads to a gradual drop in conversion as

seen in Figure I-C-8. The Space Time Yield, on'the other hand, goes through a .
maxima (Figure I-C-9). The higher the gas velocity, the lower the residence

time and the lower the conversion. However STY directly increases with gas

velocity and depends on conversion, leading to such a behavior. The optimum

gas velocity under these conditions (500 K, 80 atm and L = 0.8 m) can.be

established as 0.18 m/s.

c. Effect of Pressure

The operating pressure increases both conversion and STY (Figs. I-C-10
and I-C-11) which 1s not surprising since the concentration of the reactants
increases. In the calculations the gas velocity is kept constant at a value
of 0.4 m/s. The limit in pressure should be considered in reactor wall
material and wall thickness as well as in the cost of compression. The low

pressure synthesis operates at a pressure range of 60-100 atm and the same

range 1s used here. ‘
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d. Effect of Inlet Temperature

Increase in inlet temperature leads to
znd §TY. Figs., I-C-12 and I-C-13 summarize
increase is, of course, due to the increase
be less pronounced after a certain value of

becomes important.
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Slurry-Bed Reactor Design for Methanol Synthesis

The synthesis of methanol from hydrogen and carbon monoxide has been a
focal point in synfuel research. Until recently, most of the investigations
involved only two phases; the reactants and products forming the vapor phase
and the catalyst representing the solid phase. With the development of more
efficient catalysts, it has been possible to increase the rate of the
synthesis reaction several fold. While this appears to be a welcome
development it is not entirely without misgivings. The higher rate of
reaction results in the faster evolution of exothermic heat leading to fears
of potential thermal deactivation of the catalyst and thermal instability of
reactor operation.

In recent years, it has been suggested that the reaction could be carried
out in the liquid phase which would act as a temperature moderator in the
reactor. The cholce of a suitable liquid i{s dictated by the stability of the
liquid at reaction teperature and pressure, a low vapor pressure at reaction
conditions and the capacity to dissolve and permit the diffusion of gaseous
reactants to the active sites. Furthermore, reactor economics necessitates
the use of easily available and inexpensive liquids which can be pumped around
the system at the least expense of energy. The liquids that appear promising
are Witco-40 (a white mineral oil) and Freezene 100.

Because of simplicity of operatlon, low operating costs and ease with
which liquid residence time can be varied, bubble-column slurry reactors have
provided a range of applications in gas-liquid-solid reaction systems (Shah et
al., 1982). This type of reactor holds the promise of improving the economics
of methanol synthesis systems due to its ability to operate at very high
conversions, which are close to equilibrium levels, while maintaining an

essentially isothermal reactor.
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Figure I-C~14 illustrates the functioning of the bubble~column slurry
reactor within the synthesis section of a liquid phase methanol (LPMeOH)
plant. Synthesis gas containing CO, COZ and H2 is passed upward into the
reactor concurrent with the slurry which absorbs the heat liberated during
reaction. The slurry is separated from the vapor and recirculated to the
bottom of the reactor via a heat exchanger, where cooling occurs by steam
generation. The reactor effluent gases are cocled to condense the products
and any inert hydrocarbon liquid which may be vaporized. Methanol and the
inert hydrocarbon liquid are immiscible and are separated by a decanter. The
methanol stream produced is suitable for fuel use directly or can be sent to a
distillation unit (not shown) to produce chemical grade product. Unconverted
gases are recycled back to the reactor. A small purge stream is takesn off to
limit the buildup of inerts which may be present im the synthesis gas feed
(Sherwin and Frank, 1976).

The primary advantages of this sytem over current technology are:

i) Due to the excellent reaction temperture control, high per pass
conversions of gas can be econcmically reazlized such that the methanol
concentration in the reactor exit gas attains the 15-20 vol. % range as
compered to & more normal figure of 2-6 vol. Z. This in turn greatly reduces
the recycle gas flow and compression requirement.

ii) The heat of rection is largely recovered as high pressure steam in
a simple meanner.

1ii) Reactor design is simplified im that liguids and gases are readily
distributed across the reactor cross-sectional area without the necessity for
redistribution and quench along the reactor length.

iv) Smzll size catalyst can be used, thereby achieving higher rates of

reaction with larger catalyst particles.
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v) Catalyst can be added and withdrawn from the system without the
necessity of shutdown.

vi) The near isothermal temperature of the system permits optimum
conditions favoring the desired reaction kinetics.

vil) Catalyst activity can be maintained at a comstant "equilibrium"
activity level so that it is not necessary to overdesign the reactor size for
the "end of life" catalyst activity level.

Chen Systems Inc. have been developing the LPMeOH technology ﬁnder the
sponsorship of Electric Power Research Institute (EPRI) since 1975 (Sherwin
and Blum, 1979). In 1981, Air Products and Chemicals, Inc. started a 42-month
research and development prégram to prove the technical feasibility of LPMeOH
(Brown and Greene, 1984)., 1In these two projects bubble column slurry reactors
are used and severzl aspects of the new technology have been investigated.
With 211 the information available, it is essential to"develop a reactor
simulator to predict the performance of such a reactor configuration and this
part of the project azims at this point: A bubble~column slurry reactor is
designed for the LPMeOH synthesis.

In general, a slurry reactor design procedure requires:

-~ A correlation for the intrinsic reaction kinetics.

- Models for gas, liquid and solid distribution and mixing.

~ Correlations for predicting gas/liquid and liquid/solid mass
transfer. Combination of these correlations and models into a single system
constitutes a reactor model.

In designing a slurty reactor, the goal is to optimize the height and
diameter of a reactor vessel for a specified capacity. First, the design gas

superficial velocity (UG) is specified. The choice of Ug is influenced by

‘ several factors; too high a value could result in excessive gas holdup,
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whereas too low a value can result in uneconomically "hockey~puck-shaped"
reactors. Glven an allowable gas velocity and design synthesis gas feed flow,
the necessary reactor cross-sectional area and diameter can be calculated.
With the diameter established, the reactor height (and hence the volume)
depends on three basic factors; space velocity, slurry loading, and gas

holdup. The choice of space velocity (here expressed as Nm3

per kg catalyst
per hour) relates directly to reactor conversion through the kinetics and mass
transfer correlations and this fixes the weight of the slurry loading, which

is expressed in kg of catalyst per m3

of oll. A higher design slurry loading
will always result in a lower reactor volume, other things being equal.
However, too high a loading will mke a highly viscous slurry with increased
risk of plugging lines, valves and heat exchanger tubes.

Given the slurry volume and the specified gas velocity and predicted gas
holdup, the required reactor volume can be calculated.

In the present work, a computer program has been developed for the design
of a bubble-column slurry reactor for the methanol synthesis. The program is
established in a general manner so that any kind of rate expression depending
on the catalyst can be used. The following sections are devoted to the
development of model equations, their solution techniques and the discussion
of the results obtained from the simulator. The parameters involved and their

estimtions are outlined in the end of this part of the report.

a. Model Assumptiouns

The model of methanol synthesis in the slurry phase is based on the
following phenomena and assumptions:
1) The total pressure within the reactor i3 constant, i.e., the
influence of hydrostatic head on gas expansion is neglected. Due to

relatively high pressures used, this assumption should be reasonable.
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ii) There is no heat transfer to the surrounding, e.e., the reactor.
operates under adiabatic conditions.

iii) The variztion of gas flow rate across the column ié neglected. It
wes thought that, the flow rate of gas decreases as the conversion increases,
while it increazses as the temperature increases and these effects should
compensate each other.

iv) For the flow pattern in gas phase, a plug flow model is used.

This corresponds to a general case in bubble column slurry reactors where the
gas phase Bodenstein number is usually very high.

v) The effectiveness factors for the pore diffusion inside the
catalyst particles are taken as unity. Due to the very small particles (dp <
100 um) used the diffusional limitations should be negligible, hence, the
approximation should be reasonable.

vi) Again, due to very small particle size, the liquid-solid mess
transfer.resistances are neglected. 1In addition, no temperature difference
between the catalyst and the liquid 1is assumed.

Besides these simplifications, the following detailed points are
considered in the model development.

vii) The élurry phase 1s modeled by an axial dispersion model, the most
appropriate model for bubble column reactors (Deckwer et al., 1983).

viii) The catalyst is not uniformly distributed over the entire
suspension volume which is considered by introducing the sedimentation
dispersion model (Cova, 1966, Kato et al., 1972).

ix) The hydrodynamic properties, i.e., gas holdup, interfacial area,
heat and mess transfer coefficients and dispersion coefficients are assumed to

be spatially independent.
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X) Owing to the low heat capacity of the gas phase compare to the

slurry phase, a heat balance on the suspension (liquid plus solid) will only
be considered.
x1) The physico-chemical properties (i.e., density, viscosity,
diffusivity, and solubility) are considered to be a function of temperature.
xii) Both reactions, methanol formation and hydrogenation of COZ are
considered.

b. Model Equations

Based on the above assumptions the following mass and energy balances

can be written:

1. Mass Balances:

ith

For component where

1 = 1 for CO, 2 for CO,, 3 for H,, 4 for CH;0H and 5 for H,0 '
{(a) Gas phase:

d *
= (UGCig) + (kLa)i (Cig— Cil) =90 (83)

using the following definitions and groups:

*

cig = Pi/Hi = Pyi/Hi (83a)
C1g = CGyi; CG = P/RT (83b)
z = x/L (83c)
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(StG)i

(kLa)iL RTf

UG Hi

(834)

(83e)

(83£)

we get a dimensionless equation for gas phzse mass balance:

dy
dz

=+ (1 + (s, (5, -

(b) Liquid Phase:

Xi) =0

(84)

In the cocurrent operatiocn, a differential mass bzlance yields:

d C

il

d
. & 5P T

d
) - (U

Lcil

*
) + (kLa)i (Cig- Cil) + IV

r, =0

cat k

(85)

Here Vi, 1s the stoichiometric coefficlent for component i, for

reaction k.

For products V; is positive and for reactants it should

be negative.

Using the following defipnitions and groups:

(k
(st;), =

La)iL

e

I-
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we get the following dimensionless equation for liquid phase mass

balance
1 dzxi dx

2. Solid catalyst balance:

Using sedimentation dispersion model we can write:

d Ccat UL dccat
Ds 2 * (Uss - € ) dx 0 (87)
dx G
integration with suitable boundary conditions results in
c Bo_exp[(Bo_-Bo))(1-2)] - Bo,
0 _exp - -z)] - Bo
¢ = cat  _ _ 8 s L . L (88)
cat,f Bo - Bo
8 L
U"L
with Bos =3 (88a)
s
d Bo* = L b
an oL Ds(l_ ec) (88b)
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. 3. Energy Balance

Considering the slurry phase as pseudohomogeneous, we can write the

following bdilance for adiabatic case:

d dT d i1 _
dx (EL)‘ax = " ng c:p L +§ 1 Catti (TAHR) = O (89)
using:

8 = (T - Tg)/T, (892)

U.pC_ L
Pe = “%%"X'E' (89b)
SLax ' '
(-2 ), P
Be, . = Rk (89¢)

we get the following dimensionless equation

2
1 d°6 48 =
Pe 77 0@ T VB Byt = 0 (50)

The final form of the mass and energy balance equations are subject to the

following boundary conditioas:
@ z =0 v, = yi,f (91)
X, = X F o ——— (92)

de | .
o (93)

1-219



c. Solution Technique

The system of eleven differential equations (five for gas and liquid
phase mass balances plus one for energy balance) which presents the design
model 1s nonlinear and subject to boundary conditions. For the solution of
model equations numerically, the method of orthogonal collocation was used. A
computer software, COLSYS (Ascher et al., 1981) which uses B-spline
collocation functions was applied. 4As a rule, the collocation was done for
four inner points.

The program developed calculates the profiles of the following
quantities; gas and 1iquid phase concentrations, temperature, cataly;t

concentration and conversions. The conversions are defined as:

X1 = conversion for methanol formation reaction

N - N [o] (o] -
“CH,OH CH.,OH co co
3 3 2 2
= 5 - (95)
Neo Neo

and

Xz = conversion for hydrogenation of CO

2
[e]
Ncoz' Neo
. (96)
N
co

where Ny represeats the total (gas plus liquid) molar flow rate of the

specles. The overall conversion is defined as
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[#]
Ncaaoa - NCHBOH
Xoveral1 ~ X1 7%, = ° (97)

®

In addition to the above mentloned quantities space-time-yield, STY in Nm

3

syuthesis gas converted per hour and kg catalyst in the reactor were computed.

d. Parapeter Effect on Reactor Performance

The design model involves numerocus quantities which may influence the
performance of bubble column slurry reactor for methanol synthesis. 1In this
part & parametric study was performed to test the simulater and to investigate
the reactor behavior under a set of operating and design parameters.

The computations were done for a large scale reactor and the results are
presented in graphical forms. The trends are discussed based on theoretical
consideraticns.

The concentration profiles (mole fractions for gas phase and
dimensionless concentrations for liguid phase) are shown in'Fig. I-C-15 for a

.reactor of 1 m diameter and 8 m length., The liquid phase profiles were found
to be relatively flat showing that dispersion is appreciable. The difference
between gas and liquid phase comcentration is small and it can be seen that
the liquid phase 1s saturated after a dimensionlesé length of 0.2, As it will
be seen later, the methanol synthesis in slurry reactor is kimetically
controlled hence ‘the liquid phase concentration corresponds to equilibrium
(szturation) value. The concentrations decreases only because of the
reaction.

The couversions for methanol formation and shift reaction are presented
in Fig. I-C-16. Both of them increase with azial coordinate and neither of
them rezch equilibrium. Although the contribution of shift reaction is very

smell (0.025%), it is not negligible.
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A very flat tempertaure profile was observed for temperature (Fig I-C-17)
while a relatively high dispersion was obtained in catalyst concentration. In
general they are very flat and the dispersion should be high enough. Catalyst
concentration is always higher than the feed concentration but it reaches the
feed concentration at the exit of the reactor. Therefore no accumulation is

expected.

a. Effect of Column Diameter

The column diameter was varied between | and 4 m. The results are
presented in Figs. I-C-18 and 1-C-19 for conversion and Space Time Yield (STY)
respectively. A slight decrease is found when increasing the diameter. As
the dispersion coefficients are mainly affected by diameter, the decrease has
to be attributed to enlarged dispersion in liquid phase. The overall effect
is only moderate however its consideration should be very important in scale
up of slurry reactors (Shah and Deckwer, 1985).

b. Effect of Column Height

Increase in the column height leads to a gradual increase in both
conversion and STY. This is due to the fact that residence time of the gas
and liquid in the reactor increases. The results are shown in Figs. I-C-20
and I-C-21.

c. Effect of Slurry Velocity

The slurry velocity was found to be a very important factor affecting the
performance. As it can be seen from Figs. I-C-22 and I-C-23) both the
conversion and STY increase drastically. Obviously, the reaction phase 1is
liquid (slurry) phase and the increase in the flow rate decreases the
residence time and the conversion. At low slurry flow rates, the temperature

of the reactor increases to very high values since the rate of heat removal
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Figure I-C-19: Effect of column diameter on STV
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decreases. Hence it is safer to operate the reactor at higher slurry
velocities but the drop 1n conversion should also be taken into account.

d.. Effect of Gas Velocity and Catalyst Loading

Increase in the gas velocity leads to a gradual drop in conversion but to
a gradual increase in Space Timew Yield (STY). The results are presented in
Figs. I-C-24 and I-C-25 for different catalyst loadings. It is apparent that
the reaction 1s kinetically controlled since conversion increases directly
with catalyst concentration. At low gas velocities STY increases with
decreasing catalyst loading showing that mass transfer resistances can be
important and the effect of catalyst loading increases the slurry viscosity
loading to a decrease in mass transfer coefficients,

e. Effect of Inlet Temperature

Both conversion and STY increases with inlet temperature. The S shaped
figures shows that (Figs. I-C-26 and I-C-27) the reaction reaches at
equilibrium after a certain temperature.

f. Effect of Pressure

The effect of pressure was studied for a pressure range of 50 to 100
atm. A gradual increase in conversion and STY was observed. The increases
are not linear showing the effect of nonlinear rate expressions. Figs. I-C-28

and I-C-29 depict this behavior.
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Comparison of the Performances of Fixed and Bubble Column Reactors for

. Methanol Synthesis

Based on the reactor performance computations a comparison has been made

for two different reactor systems for methanol synthesis. Although a complete
comparison should also involve economic considerations, a process design point
of view has taken into account.

Fixed bed reactors are prefered because of ease in operation, absence of
a second phase (liquid) but they have the drawback of temperature control. In
fact a single bed is not possible to achieve the desired conversion and the
reactor should be designed in a way that temperature control can be done.
Operating conditions should also be carefully chosen to avoid equilibrium
limitations. The reaction is found to be pore diffusion controlled hence the
reaction rete is lowered significantly.

. Slurry reactors are introduced to get a good solution for temperature
control and to avoid pore diffusion by using a 1iquid and very fine catalyst
particles respectively. However, the presence of a second phase (liquid)
introduces another resistance in connection with mass trznsfer and solubility,

Generzlly speaking, each type of reactor has its own advantages and
drawbacks, To have an idea about the performances of these units, the
conversion and STY aspects are compared here. In the caleculations the same
feed conditions (composition, temperature, pressure) are used but to avoid
equilibrium limitations, higher gas velocities and shorter bed lengths are
used in fixed ped reactor. For slurry reactor, the catalyst loading was also
varied.

In Fig. I-C-30 the conversion is plotted versus WHSV (weight hourly space
velocity) for both reactors. It is clear that for the same space velocity

. (WHSV) slurry reactor can give higher conversions. Fig. I-C-31 shows the STY
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of the reactors. Although STY for fixed bed reactors goes through a maxina, .

it always increases for slurry reactor. Obviously, Space Time Yield is much

greater in fixed bed reactors but it may be lower for low space velocities.
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Parameters Estimation for Fixzed-Bed Reactor
. 1. Diffusivities:
Binary diffusivities are calculated by Fuller-Schetter-Giddings

equation (Reid et al., 1977):

-7 -3/2 1/2
10° 1 (I/Mi+1/Mj) 2

D,, = n“/s
ij P (Vil/3+ vj1/3)2

The units are

T = Temperaturé, K
v; = molal volume, cm3/gmol
P = pressure, atm

The values of vy and My (molecular weight) for methanol synthesis mixture

are listed above

Component M, A1 (cm3/gmol)
Cco 28 18.9
COZ 44 26.9
HZ 2 7.07
CHBOH 32 29.¢
H20 18 12.7
N, 28 17.9
CH, 16 24,42
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Gas mixtures diffusivities are calculated by the method of Wilke (Wilke

and lee, 1975):

1- Yy

i,m L vy, /D
jug A0

For the effective diffusivities in catalyst pores, the parallel pore
model of the catalyst structure i1is assumed and the contribution of Knudsen

diffusivities 1s neglected

>

= £
Di,m Di,m ( T

2. Viscosities:

Method of corresponding states is used to calculate the gas viscosities

(Reid et al., 1977)

. } -7 2/3 k
= (9T =029 10 2 e B

1/6 ,,. 1/2
g *Teg /M7 R

e ™ T/Tc,i

Viscosity of the methanol synthesis gas mixture 1s calculated by Wilke“s

equation (Reid et al., 1977).

mix
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. where

-1/2 M 1/2 u 1/4
=L i _d o 2
Bt UrE) UG G

The perazmeters involved in the calculations are as follows:

Component My TC(ED P. (atm) zZ,
co 28 132.9 35.4 0.295
o, 44 304.2 72.8 0.274
H, 2 33.2 12.8 0.305
CH40H 32 512.6 79.9 0.224
H,0 18 647.3 217.6 0.229
N, 28 126.2 33.5 0.290
CH, 16 190.6 45,4 0.228

3. Heat Capacities:

Heat capacities are taken from the reference books in the form of

c =a; +b, T+C 2 4 diTz kJ/kmol.K , T: °C

p,i i

The values of ag, by, €4, d; are as follows (Himmelblau, 1982):

Component a bx102 cx10° dx10°
co 28.95 411 +3548 -2.22
Co, 36.11 4.233 -2.887 7.465
Hy 28.84 0.00765 «3288 -.8698
CH30H 42,93 8.301 -1.89 -8.03
. H,0 33.46 .688 760 ~3.593
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Ny

CH,

29.0 .2199 .5723 -2.871

34.33 5.711 3363 11.0092

Heat capacity of the methanol gas mixture is calculated by a simple mixing

rule:

Com ™ F G0 V1

The mass heat capacity of the mixture 1s calculated by

-

Cp,m (mass) = L Cp,i yi/Mi : kJ/kg-K

4, Therml Conductivities:

Thermal conductivity of each species is estimated by Bromley”s Method

(Reid et al., 1977).

The

For

For

For

where

equations used are:

A
monatomic gases i! = 2.5 Cv

A
linear molecules 3! = 1.30 Cv + 3.50 - 0.70/Tr

nonlinear molecules %5 = 1.30 C_+ 3.66 -0.3 C _ - O%ig -3a
A = thermal conductivity, cal/cm-s-k

H = viscosity, P

c, = heat capacity at constant volume, cal/gmol-K

M = molecular weight

T, = reduced temperature, T/T,

a = collision interaction coefficlent

a = 3,0 Db ( Asvb - 8075 -r In T6)

Pp = molar density at boiling point, gmol/cm3

A4S,y = AHvb/'rb: molar entropy change of vaporization cal/gmol-K .
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R = ideal gas constant, 1.987 cal/gmol-K
. Tb = boiling point, K

Cip = Internal-rotation heat capacity, cal/gmol-K

Numerical values of x; are caleculated at constant temperature of 500 K and

assumed constant.

Carbon Monoxide (CO): Linmear Molecule:

T, = 132.9 K

Cp = 7.1239 ecal/gmol-K
CV = Cp - 1.987

T, = 8lL.7K

B = 3.84 10%

M = 28

gives A = 1,59 1074 kJ/m=s~K

Carbon Dioxzide (COZ): Iinear Molecule:

'I'c = 304.2 K

C, = 10.595 cal/gmol/K
T, = 1947 K

" = 2.995 107%

M = 44

gives A = 1.776 10™% kJ/m-s-K
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Hydrogen (Hz): Linear Molecule:

TC =
Cp =
Tb =
u =
M =

gives A = 5,551 107° kJ/m-s—K

Methanol (CH30H):

Tc =
Cp =
Tb =
u =
M =
B,y =
[0} =
ASvb =

¢

33.2 K

20.4 K
2.698 104

2

P

= 6.994 cal/gmol/K

Nonlinear Molecule:

512.6 K

14,215 cal/gmol-K

337.8 K
1.572 1074
32

8426 cal/gmol

P

0.791 gmol/cm’

24,94 cal/gmol-K a = 0,343

¢ ™ 1.20

gives X = 3.58 10°% kJ/m-s-K

Water (HZO): Nonlinear Molecule:

T, =
c, =
T, =
" -
M =
O,y =

647.3 K

8.454 cal/gmol-K

373.2 K
1.642 10°4
18

9717 cal/gmol

P
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= 0.998 gmol/cm’

o]
I

AS

b 26.04 cal/gmol-K a = 0.90

1.20

(]
]

ir

gives A = 4.165 107% kJ/m-s—K

Nitrogen (No): Linear Molecule:

Tc = 126.2 k

Cp = 7,07 cal/gmol-K
Tb = 77.4

u = 4,05 1074

M = 28

gives A = 1,67 10™% kI/m-s-K

. Methane (CH4): Nonlinear molecule:

T. = 190.6 X
Cp = 11,200 cal/gmol-K
Tp = 111.7 K

o= 2.669 1074 p
M =16

1955 cal/gmol

I
o
]

p = 0.425 gmol/em

= 17.50 eal/gmol~K" a = -0.049

<
o
1

Cir = 2012
givss

A = 1.045 1077 kJ/m-s-K

1-249



Thermal conductivity of the methanol synthesis gas mixture is calculated by

Linsay-Bromley equation (Reid et al., 1977):

n y, A
Am - T . 11
i=]
r y,A
{=] 171]
where
M M 3/4 T+ S 1/2 2T+ S
1 i, 1 1
A=z U+ ) w735 Y v
J 1 ] 1
where
My = pure gas viscosity
T = absolute temperature
S = Sutherland coastant
Sy = 1.5 Tyy (boiling point)
and Sij = {nteraction Sutherland constant
= - 1/2
S1j Sji Cs (Sisj)
the S values are
Component Sy (K)
Cco 122.6
Co, 292.1
H, 30.6
CH3OH 506.7
HZO 116.1
NZ 167.6
Hzo 559.8

5. Mass Transfer Coefficlents:

The following correlation is used for (kg)i values (Smith, 1981):
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U PD,
i
. where

Sy
H M5

6. Heat Transfer Coefficient:

Taking Jp = Jy, h values are calculated by

) f&ii 2/3

7. Reaction Enthalpies:

(s}

At 298 K CO + 2H, = CH30H AH298 = -94084 kJ/kmol
(6]

CO + H, = H,0 + CO, AH298 = 41270 kJ/kmol

For any temperature using Cp values,

Q _ ay0 T
My = BH) oo + f298 AdeT

where
A = products-reactants

and hemnce Cp values are expressed as
CP =a + bT + CT2 + dT3

we can get

O _ au0 _ A 2 .20 A 3 .3
AhT = AH298 + & (£ - 25) + 5 (t 257) + 3 (t 25 )

(4

$1R

- 2.54) for Cp values °C is used.
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8. Catalyst Propertles:

The following properties are reported in the literature for Cu/ZnO/A1203 .

catalyst (Villa et al., 1985):

Thermal Conductivity Ao = 4.18 1073 kJ/m-s-K
Density b, = 1980 kg/m’
Porosity €p = 0.3

Tortousity T =7

9. Reaction Kinetics:

Several kinetic studies have been reported in the literature for
different catalysts. Although this work concerns with low pressure synthesis
where Cu-based catalysts are applied, most of the kinetic rate expressions are

presented here. In the studies the main emphasis is given to the main

reaction, i.e. me-thanol formation reaction (reaction 1) and shift reaction .
(reaction 2) is assumed to be at equilibrium. In sonme investigations reaction
3 is considered instead of reaction 1.

The kinetic data for gas phase studies can, in principle, be applied to
liquid phase synthesis but it is desirable to use a rate expression obtained
in actual three phase system. Studies for the latter case are very scarce and
only one detailed expression is available.

a) The kinetics of the methanol-synthesis reaction, on either a ZnO-
Cr,04 (ratio of 89:11) catalyst or a ZnO—CuO/Cr?_O3 (ratio of 50:25:25)
catalyst were studied by NMatta (1955) and his coworkers in a carefully
designed laboratory apparatus under commercial synthesls condition. They

developed a kinetic expression for the temperature range of about 330 to 390°C
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that is used as a basis for design of commercial high pressure methanol

. syuthesis reactors.

Natta“s kinetlic expression is

2
fco fHZ - ch30H/Keq,1
N

[ =
(A + B fco + CEH2 + D fCH3OH>

3

where driving forces are expressed in terms of fugacities and A, B, C, and D
ere parameters that are a function of temperature. This equation is derivable
in terms of lzangmuir Hinshelwood kinetics in which the surface reaction is
taken to be a trimolecular process between two molecules of adsorbed Hy, and
one of CO,

The constants, B, C and D are proportional to the adsorption equilibrium
constants KCO’ KHZ and KCH3OH’ respectively, in the Iangmu%r—Hinshelwood
formulation and, in accordance with theory, decrease with decreased

.temperature. The va]:ues for these counstants are given by Natta in graphical

forms. Some investigators have fitted those by the following (Stiles, 1977):

216.07-1013+30192-1.29210g;,(0.1T-50) ]

[
[}

= A[10(‘13-942—7230/T)]

(@]
I

= Al 10("'11-901-8780/1’)]

o
i

and the rate is in kmol/hr-kg.

b) Cappelll and Dente (1965) modified the above expressions for a ZnO-
Cr,04 catzlyst to include a term for COZ. By comparison of the results at

thelr caleulations with the performnce at an industrial reactor, they
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conclude that the water gas shift reaction, (reaction 2) goes rapidly to

equilibrium. The rate expression for methanol formation has been assumed as

2
fCO fHZ fCH3OH/Keq,1

A3 (1 + Bf

. k mol
3 ’ hr-kg

l'1=

+ Cf +D £ + E f )
co Hz CH3OH 002

where the following values have been taken for A, B, C, D, E:

5
A = 2.78 107 exp (-4167/T)
1/3
(58" 10
B= 1,33 10 exp (12,003/T)
C = 4.72 1071% exp (15,350/T)
D = 5.05 10”14 exp (15,727/T)
E = 3.33 10719 exp (12,003/T)
with
SA = 70 mz/g

Beside these two rate equations for high pressure synthesis, studies have been
_reported in the literature concerning the Cu-based low pressure synthesis

catalysts:

¢) A CuO/Zn0 catalyst (BASF) has been applied in the kinetic study of
methanol synthesis by Schermuly and Luft (1978). A rate expressioa similar to
these derived by Natta and Cappelli and Dente has been presented:

2
feo fuz fCHBOH/Keq,l

(A +Bf

) kmo 1
2’ hr-kg

+ Cf +Df + E f )
0 HZ CH3OH CO2

c
with
A = 6.33 10% exp (-15,432/T)

B = 2.28 1073 exp (4739/T)
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= 2.12 107% exp (7818/T)

@]
1

o
[

2.03 10711 exp (43,952/T)

e
L]

The shift reaction (reaction 2) was agaian assumed to be at equilibrium

d) For Cu/Zn/Cr203 catalyst (United catalyst T~2370) Berty et al. (1981)

obtained
e =k - CuEom ) _ Imol
= - 7- 3 Re—le,
1 i Hz K eq,1 CHZCCO hr—-kg
and for the shift reaction
C..C )
romke - 2P0 lmol
-~ s —_
2 2 H2 K eq,ZCCOZ hr-kg

For rate constznts the values reported are:

k; = 14092 exp (-9386/T)

k, = 42.804 exp (-5068.4/T)

The same equations were found to be applicable for liquid phase synthesis
(Berty et al., 1983). The only difference is the exponent in kl should be
(-7489/T) for the latter case.

e) Kiier et al. (1982) have investigated the kinetics of low pressure
synthesis for a Cu/Zn/A1203 catalyst, with special attention to the role of
C0,. They have considered reaction 1 and 3 as independent reactions and

proposed the following rate expressions:

3 2 2
R(P.. /P..) K, K. “(p,.P_“-P /D )
co, co co H, co H, MeOH "eq,l o 1
s kl 3 3 3 kg-sec
[1+K(PCO2/PCO)] (1+KtOPCO+KCO2+KH2PH2)
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and

o 2.
co K- p 37 kg-sec
eq,3 H

ry = k3(P

The rate for reaction 2 can be calculated as

r2=r3"r1
The numerical values for constants are as follows:

1 = 1,209 exp (-4,142/T)

K = 1.17 1073 exp (9,889/T)
Ko = 1.61 1078 exp (10,222/T)
Ky, = bbb 1076 exp (6,438/T)
Keo. = 3.03 10713 exp (16,222/T)

ky = 5.35 1073 exp (-5.677/T)

£) Villa et al. (1985) have reported a kinetic study of methanol
synthesis reaction over a commercial Cu/ZnO/A1203 catalyst at temperatures,
pressures and gas compositions typical of industrial operation. Both
reactions 1 and 2 were considered. The rate equations are:

2
(feo fuz - fCH30H/Keq,1)

(C1+C2 fCO + c3 fC02 + Ca EHZ)
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kmol
2 C ? kg-min

The following parameter estimtes were obtained

c, = 1.881 1072 exp (4883/T)
C, = 4.21 103* exp (~39060/T)
Cqy = 8.296 10713 exp (15948/T)
C, = 4.036 107/ exp (8229/T)
Ce = 1.581 107° exp (9380/T)

10. Equilibrium Constants:
The equilibrium constants Keq,l’ Keq,2’ Keq,3 are defined by their

relations to the egquilibrium partial pressures

. Pen.on
K = (——a—)

3
eq,l 2 eq
PHZ Feo

eq,2 (P P

eq,3 ( 3 )eq

or
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They are related to the true equilibrium constants Kp,l and Kp’3 (Kp’z or

Keq » one related by the last relationship) at a total pressure of one
b ]

atmosphere through the fugacity ratios KY,I and KY,3

Keq,l = Kp,l/KY,l; Keq,3 = Kp,B/KY,B

The Kp are functions of temperature only, while the KY are functions of both
temperature and pressure. There P, T dependencies of Kp and KY were taken

from Stiles (1977) in the form

= 3.27 10713 exp (11678/T)

Ap = 1.95 107% exp (1703/T)

Kp 3 = 3,.826 15! exp (6851/T)
KY,3 = (I—AlP) (I-AZP)

A, = 4.24 1074 exp (1107/T)

For liquid phase KY,l and KY,3 are taken unity,
ll. Fugacities:

Fugacity coefficients of the components were calculated by generalized
expressions presented in terms of reduced temperature and pressure (Ferraris

and Donati, 1971):

1.01961 1072  2.142 1072 3.2548 102
T ) z ;) Pt
r T T
r r

[-258



1.8496 1072 _ 2.1511 10> _ 0.91445 1072

+ ( ) P +
‘I', 73 70 7/ r
r r r

~0.6172 1074 | 1.5469 107 0.5191 1074, _ 3
+ ( 3 + 5 - 7 ) BT+
T T T
r T r
-6 -5 -5
0.42548 10 0.28052 10 0.82075 10 4
+ ( - - ) P}
T 3 T 5 T 7 T

r r r

and the fugacities are calculated as

Ep=4 9 B
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Parameter Estimation for Slurry Bed Reactor

1. Physical Properties of Liquid Phase:
The following quantities are used for Witco-40 (C18H38).
Density (Reid et al., 1977)

p, = 620 kg/m3 and assumed constant,

L
Viscosity (Reid et al., 1977)

u = 8.8778 10°8 10777-4/T

kg/m-s and T in K.
Surface Tension (Berty et al., 1981)

0 = 0.016 N/m and assumed constant.

2. Heat Capacity:
Estimated for C18H38 by using the group coatribution method of Luria

Benson (Reid et al., 1977, page 154).

and

Number Group A E _Q_ _ll
2 C=(C) (H) 4 8.459 2.113 1073 -5.605 107> 1.723 10~/
16 C-(C) (1), -1.383  7.049 1072 -2.063 1074 2.269 1077/

C, = A +BT + ct? + DT° cal/gmol-K
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. at 500K and for a2 molecular weight of 250 kg/kmol we get:

_ cal _ kJ
Cp = 18549 emo1-K °F Cp = 31.06 keK

3. Diffusivities of the Cases in Liquid Phase:

Diffusivities are estimted by Wilke-Chang equation (Reid et al., 1977,

page 567):
16 (¢ MB)I/ZT
D. = 1.173 10
i,B 0.6
u. v,
B i
where ¢ = 1 association factor

Mp = 250 molecular weight for solvent
M = viscosity at solvent, kg/m~s
. V; = molar volume of solute i at its normail boiling temperature,

m3/k:nol

The Vi values are:

Component vy malkmol
co 0.0307
Co, 0.0340
H, 0.0143
CH30H 0.0259
H,0 0.0189
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4, Solubilities:
Solubility and liquid-vapor eqilibrium data of the species reported in .

the literature (Berty et al., 1981) are expressed as Henry~s constants:

By /T 3
H, = A e atm-m” /kmol, T in K.

where the coanstants are as follows:

Component A B
co 20.73 1015.5
€O, 618.39 -849.1
Hy 11.25 1289.5
CH40H 352249 -4307
H,0 993095 -4890

For the pressure and temperature range of the éonditions used, these values
are found to be applicable for the solubilities of the gases in Witco-40
med1lumn.

5. Properties of suspension:

Density

P=v_p + (1=-V_ o kg/m3

cat cat cat” 'L

where

v - prﬁat

at  Pae " Wear(Pear oL

and

wcat = Mcat/Msus’ i.e., weight fraction of catalyst ia suspension.
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Viscosity
. No correlation has been reported in the literature for the slurry
viscosities of Witco-40 suspensions. Therefore, the correlation by Deckwer et

al., (1980) is assumed to be applicable.
Bo= (1 + 4.5 Vcat) kg/m-s

Hezt Gapacity

= - -
Cp w;:atcp,cat ( wrcat) CP,L

6. M:ss Transfer and Hydrodynamic Properties:

Gas Holdup (Akitz-Yoshida, 1973)

. g U8 3 V12
£ gD p f=41] 1) )
—Em02 5D % D
(1- &) VL gD,

The value of gas holdup (EG) is assumed to be uneffected by the presence

of solid.

Mass Transfer Coefficient (Akita-Yoshida, 1974)

- 0.62 0.31
2 0.5 2
D v gb p gD
(ga); =06 0 @ =B (D s
i i VL

7. Dispersion Coefficients:

Liquid Phase (Shah and Deckwer, 1985)

0.32 D 1.34 m2/s

DL = 0.768 UG e
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Heat Dispersion coefficient in the liquid

8. Solid Phase Dispersion and Sedimentation (Kato et al., 1972):

Dispersion coefficlent

with

where

The settling

where

Ar

Gec - 13 Fr

Ds 1 + 8 Fr0'85

0.25 2.5
(—2%4

cat

3
is v at C_ . 0.1 g/cm

velocity of a single particle, Ug., 1is calculated from

Ar/18 if Re € 0.5

ar/13.9°%"7 1F Re > 0.5
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. Nomenclature

-
<

v

Be

Gazs-solid interfacial area, o1

Dimensionless energy group, eq. 83c
Liquid phase Bodenstein number, eq. 85b
Liquid phase Bodenstein number, eq. 88b
Solid phese Bodenstein number, eq. 88a
Gas phase concentrations, kmol/m3
Equilibrium concentration in liquid phase, kmol/m3
Solid phase concentration, kmol/m3
Liquid phase concentration, kmol/m3
Total gas concentration, kmol/m>
Catalyst concentration, kg/m3

Heat capacity, kJ/kg-K

Diffusion coefficient, m2/s

Gas phase dispersion coefficient, mz/s
Particle diameter, nm

Solid phase dispersion coefficient, mz/s
Damkoehler number, eq. 85f

Total molal flow rate (slurry), kmol/s
Henry“s constant, atm-m3/km01

Heat tramnsfer coefficient, kJ/mz-s—K
Reaction enthalpy, kJ/kmol

Rate constant, m3/kg—sa

Mass transfer coefficlent, m/s
Volumetric mass transfer coefficient, s
Length, m

Superficial molal flow rate (fixed bed),_kmol/mz—s
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Nu : Nusselt aumber, eq. 47

P : Pressure, atm

Pe : Peclet number for heat transfer, eq. 83b
q : flow rate ratlio, slurry/gas

r : Radial coordinate, m

r : Reaction rate, kmol/kg-s

R : Particle radius, m

R : Universal gas constant

Re : Reyﬁolds number

Sh : Sherwood number, eq. 47

St : Stanton number in gas phase, eq. 83d

Sty : Stanton number in liquid phase, eq., 85a
T : Temperature, K

T8 : Gas phase temperature, K

TS : Solid phase temperature, K

u, g : Superficial gas flow rate, m/s

Uy : Superficial liquid flow rate, m/s

Uss : Settling velocity of catalyst particles in swarm, m/s
X : Axial coordinate, m

X : Dimensionless liquid phase conceatration, eq. 83f
X : Conversion

y : Mole fraction in gas phase

z : Dimensionless axial coordinate

Greek

a : Dimensionless parameter, eq. 35

a : Parameter, eq. 27

é : Parameter, eq. 27
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. T : Dimensionless heat of reaction, eqs. 36 and 37

g :  Bed void fraction

£ : “Gas holdup

£ : Liquid holdup

€p ¢ Particle porosity

4 : Dimensionless radial coordimate, r/R

¢ : Dimensioness rate, egs. 31, 32 and 85e

n ¢ Effectiveness factor, egs. 81 and 82

A : Thermal conductivity, kJ/m—s-K

Ao : Heat dispersion coefficient, kJ/m-s~K

o : Density, kg/m3

Pp : Particle density, kg/m3

€ ¢ Dimensionless temperature, eqs. 34 and 83e
¥ : Dimensionless catalyst concentration, eq. 853d
¥ : Dimensionlessrreaction rate, eqs. 73 and 74
Y ¢ Stoichiometric coefficlent

Subscript

e : Effective

£ :  Feed

g : G@E@&s

i : ith component

k : kth reaction

L :  Ligquid

ul ¢ Mixture

! ¢ inlet

‘ s , ¢+ solid
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