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RESULTS AND DISCUSSION

Deyelopment of Improved Supported Catalyst Compositions

Basecase Catalyst Preparation and Reproducibility

Basecase catalyst (Co/Zr/Al1203), as well as most a'l other

catalysts, was prepdared hy impregnation (to incipient wetness) of the
supports witnh separate solutions containing the promoter and metal
source. All of the catalysts prepared during this contract are
listed in Table 1. They were all nrepared using metal carbonyls
unless otherwise noted. The first goal was to improve the
reprodué\b111ty cf the catalyst preparation over what had been
obtained in the prior contract. This was addressed by preparing
several Cua(Cl)e/Zr(0FPr)a/Al120a compositions using the same
procedure but varying the absolute amounts while keeping the meta:
precursor to support mass ratios constant. The reproducibility was
demonstratea by examining the constant Co to 72r ratio that was
obtained, which rad a mean value of 0.558 and a standard devlation of
only 0.0075. ite cubalt and ¢i:conium loadings and Co to Zr rattos

for the four betches were as follows:

Catalyst Amount . Wt%

Batch # Prepared, grams _Co_ ir Co/lr
7864-618-191 bR} 31.65 6.65 0.55%
1864 -120- 261 30 3.585 6.19 0.57
71864.82-291 30 3.15 6.0 0.55
7864-1010-311 245 3.8) 6.84 0.56
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As shown in the table, the fourth batch was ¢ large scale preparation
that st111 showed good reproducibility.  This batch was prepared to
have enough for 5oth gas-phase testing and duplicate slurry-phase
runs in the one-liter autoclave. This batch was also considered the
basaline composition. The scaled-up preparation procedure was used

for all catalysts tested in the slurry reactor.
Basecase Catalyst Performance

The basecase catalyst composition of Coa(CO)e/2r(QPr)a/Al20s

{batch #7864-1010-371) was tested in both the gas-phase and slurry
reactors to establish baseilne performance., The metal loadings on
this catalyst were 3.8% Co and 6.8% Zr giving a Co/Zr weight ratio of
0.56.

These baseline tests utiiized a gas-phase activation procedure
(deveioped under the previuus contract) which involved heating the
catalyst to 180°C under a Na purge at atmospheric pressure, then
switching to 1:1 CO/H2 while heating to reaction temperature and
finally increasing the pressure to the des;ired level. This is
mentioned to emphasize that the baseline résults ior these runs will
reflect the type of activation procedure. Later in the project d
change was made in the activation procedure based on studies of its

effect on performance.

Gas-phase results for this basecase Co/4{r/Al203 catalyst (see

Yable 1, run #7977-28-371) were analogous to the results obtained in
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the previous contract for this composition. At test conditions of
240°C, 300 psig, CO/H2 = 1.0 and GHSV = 986 hr™', the tota)

syngas conversion was 56X with bulk activity = 27 mols sy-gas/kg
cat/hr and specific activity = 0.26 mols CO/mol Co/min. A slight
enhancement in the production of fuel range hydrocarbons was
observed, but overall reproducibility of the previuus contract

results was good.

'he baseline slurry-phase test (run #7595-60-C48.4) was carried ﬁut
for 1330 hours in order to establish a basis for comparison to the
previous contract results and to other catalysts developed in the
current contract. Ancther objéct1ve was to determine the extent, if
any, of mass transfer effects in our slurry reactor at standard
opérat1ng conditions. A summary of the basecase slurry test results

Vs presented in Table 3 and in Fiqures 1 and 2.

Inittally at 220°C, CO/H2 = 1.0, 300 psig, 1.65 h'] SV, and 1200

rpm, both activity and product selectivity were very stable. The

~bulk activity was 13.0 mols syngas/kg cat/hr with no appreciable

deviation in hydrocarbon distribution from the standard Schulz-Flory
distribution, as shown in Figure 3. This is comparable to the 7-14
mols syngas/kg cat/hr bulk activity range obtained in the previous
contract. After the change to 250“C and CO/H2 to 1.5, problems 1in
ma1nta1n1ng a constant slurry level developed as a result of the high
catalyst activity. Even with regqular tapping of the reactor, the wax
product accumulated in the partial reflux condenser and eventually

was ferced into the exit 1ine causing plugging of the back pressure
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regulator. At 34¢ hoyrs the rea.cor was placed under a N2 purge
and the tempera*ure lowered to 180°C for 102 hours to clean up the
exit 1ines, replace the back bressure regulator and remove excess
product. 1o avoid such problems in the future, a thermocouple was
placed within the partial reflux condenser. Monitoring gros.
temperature changes in the condenser due to producf accumulation
and/or catalyst migration provided an additiona) theck on slurry

volume.

To establish baseline data at 250°C, CO/Ha = 1.5, SV = 1.64, 500

psig and 1200 rpm, the reactor was run for an additiona) 220 hours,
During this time, the activity and selectivity returned to a stable
level once more. The average bulk activity improved to 19.0 mols
syngas/kg cat/hr. These conditions favored heavier molecular weight
product formation but with no substantial deviation in the
Schuiz-Flory distribution, as shown in Figure 4. Again, the activity
at these conditions was similar to that obtained in the previous

contrart,

After establishing baseline perfarmance at 220° and 250°C, mass
transfer effects were determined by running at different stirrer
speeds. The results, tabulated in lable 4, are average values over
the duration of tests at the stated conditions. At 250°C with the
stirrer speed at 1200 rpm, the bulk activity was 19.0 mols syngas/kg
cat/hr. when the stirrer speed was increased to 1600 rpm there was
enly a small change in bulk activity to 17.2 mols syngas/kg cat/hr,

which was actually in the opposite direction of what would be




3.

1.

expected had there been mass transfer 11m1tat1ons. Likewise at 280°C
there was no effect of stirrer speed on bulk activity. Hydrocarbon
selectivity also showed no dependence on stirrer speed at either
temperature. These results indicated that mass transfer from the
gas/liquid interface to the bulk liquid, as well as transfer through
the 1iquid to the solid, was negligible in our reactor at normal

operating conditions.

Finally baseline performance at 280°C was established with a CO/H2
feed ratio of 1.57, SV = 1.64 and 300 psig. Bulk activity stabilized
at 24 mols syngas/kg catshr with total syngas conversion at 33%.
Methane selectivity increased dramatically from 14 wt¥% at 250°C to 26

wt% at 280°C (see Figure 5).
Conventional Catalyst Preparetion and Performance

Since a major objective of our research was to study the use of metal
carbonyls as catalyst precursors, a comparison to conventionally
prepared catalysts was necessary. This was done by examining
cataiysts prepared from cobalt nitrate using the same support and
promoter as the cobait carbonyl-based catalysts. The activity and
selectivity of the two catalysts (batches 8466-3 and 8466-2) in the
slurry-phase reactor {runs 8523-1-4 and 7888-85-2) are compared in |

Table 5. Hydrogen activation was used in both runs.

Both catalysts had s'milar cobalt and promoter loadings. Perfarmarce

differences were larger at lower temperatures. -At 240°C, bulk
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activity of the carbonyl catalyst was more than twice that of the
nitrate catalyst, while specific activity was three times higher. At
260°C, the carbonyl catalyst sti11 outperformed the nitrate catalyst
in both bulk activity (29% increase) and specific activity (52%
increase). The carbonyl-prepared g@talyst also provided better
11quid fuel selectivity at both temperatures, producing less methane
but more light hydrocarbons (Ca-s). 'The major difference was in

the production of heavier hydrocarbons, with the nitrate-derived

"~ catalyst giving significantly higher Ca«+ selectivity. These
differences are likely related to metal particle sizes, although

specific data needs to be determined.

The performance of the cohalt.carbonyl-based cotalyst was also
compared with that of a cobalt nitrate-based catalyst patented by
Shell (6). The Shell patent states an optimum Co loading of 17-19%.
The cobalt carbonyl-based catalyst was thus prepared with a similar
loading (as reduced Co metal). Comparisons were from gas phase tests
oniy. A major ‘iifference in hydrocarbon selectivity was also
observed, with the Shell catalyst producing greater amounts of heavy
products. The hydrocarbon product distributions are compared ir

Figure 6.
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t Activation Studies
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Cata’y

fhe type of activation used for "conventional" I catalysts has been
shown by several researchers to affect performance(7). Ury(8)

detalled the effects of activation on the perforwence of precipitated




iaﬁd;jused iron catalysts and indicated that pure Ha was preferred.
WAnB;her recent study of catalyst performance vs. degree of reduction
:or Co(NOaj2 on alumina used only Ha reduction(9). The

f1q9t1on of supported metal carbonyl catalysts has generally baen

ne by thermal decomposition under vacuum or inert atmosphere(10).
Carbony! groups are lost to give the active metal. Although the
effect of reducing gases such as Haz and syngas on supported metal
: carbonyls has not been well established, these gases should improve

;thé degree of metal reduction since the metais are initially oxidized

y' the support.

vact1yat1on with syngas (CO/Hz = 1) activation using the 4% Co on
_%zﬁ?cgn1um—promoted alumina éatalyst (batch B466-4 vs.

| :§§F10|04371). Hydrogen activation significantly improved both
gv92t1v1ty and 1iquid fuel selectivity in the slurry tests. Figure 7
cbmpgres syngas conversion folloewing hoth types of &ctivation as a
:‘fh%c§1qn of temperature and space velocity. At comparable reaction
bﬁcpggitions, H2 activation converted 30 to 40% more syngas in the
220Jto 260°C range, but at 280°C tne difference was less. Ffor
Hz-activated catalyst at lcwer space velocity the syngas conversion

appeared to be independent of temperature between 240 and 280°C.

fable b shows that Ha2 activation increased the Cs-23 selectivity
by 25 relative percent, from 57 to 7} wt%, and decreased both the
Clia and wax selectivity. The selectivity sti11l corresponded to the

Schulz-Flory distribution. The increased activity probably resulted

14
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from a higher degree of Co reduction, but the reason for the enhanceu
1iquid fuel selectivity 1s less clear. Perhaps the degree of
reduction and metal particle sizes, which both d2pend on activation
conditions, together affect chain growth probability. However,
catalysts from different activaticn procedures were not examinea for

these two properties.

Promoter Studies

As with Fe catalysts, promoters were found to enhance the selectivity
and stability of Co catalysts during the FT catalyst development era
in Germany. However there appears to be less understanding of how
the promoters function in Co catalysts than i1n Fe catalysts.
Development of the precipitated Cc catalysts in Germany led to the
use of ThOa2 as a promoter to enharce the average molecular weight

of the hydrocarbon product. Mg0 was also added as a structural
promoter wnich lowered the deactivation rate of the catalyst. More
recently, Russian workers showed that the use of Zr02/Mg0 or
T102/Mq0 in place of Th02/Mg0 gave equelly high liquid ylelds.
Previous work at Air Products <howed that ZrOz2 on Al20a also

gave enhanced l1iquid yields.

In the current study, the effectiveness of zirconium as a promoter
was compared to that of titanium for both the Ca/Al20s and

Co/5102 cataiysts. Cutalysts were prepared using analogous
procedures with the source of promoter being the aikoxides. (obalt

to promoter atomic ratios were held constant.




Gas phase test results are compared In Table 7. The titanium
promoted catalysts for both the alumina and silica supports showed
lower activity than with zirconium. For the Co/A1:0s catalyst
this decrease in bulk activity was 20% at 240°C. The titanium
promoted Co/S102 catalyst had 40% lower bulk activity than tne

zirconium promoted catalvst at 240°C.

The hydrocarben selectivity was also different for the two promoters
as shown in Table 8. There was an increase in methane and 11ght
hydrocarhon selectivity with the titanium promoter, with the Cs-13
fraction predominating. the liquid fuel selectivity was in the
52-62% range with the titanium promoter. This compares to 72%
Cs-23 selectivity with the zirconium promoter. Titanium did

enhance the light olefin (Cs—s) selectivity as shown by the
clefin/alkane ratios in fable 9. The hydrocarhan selectivity to

Ca-s olefins was particularly high at the lower temperatures.

The lower activity found with titanium in the gas phase tests was
also observed in the slurry phase reactor as shown in Table 10 for
the Co/S102 catalyst. With titanium the bulk activity was 50%
lower at 240°C and 33% lower at 260°C. Differences in hyc. ccarbon

selectivity were less apparent in the slurry phase.

Other than testing Co/Al20s and (o/5102 catalysts without any
promoter, no other promoters were examined. Results for unpromcted

ratalyst are discussed in Sectien 3.3.1.




Support Studies CEsT RS

The type of support also had 4 major influence on catalyst activity,
as shown 1n Figure 8. These studies were done in the fixed-bed
reactor, although the%AiiD;i,051Uz:-and Mg0e3.6S102-supported
cata]ysté<here also studied in tﬁe slurry reactor. The slurry
reactor data 1s found in Table 2. These catalysts all had similar
cobalt and promoter loadings, except for the Ti0z-supported
catalyst, which had no promoter. The silica-supported catalyst was
approximately twice as active as all the others. This may be due to
the low reactivity between cobalt carbonyl and silica as opposed to

the high reactivity of the other supports towards metal carbonyls(13).

A surface area effect had to be determined also, since the siiice
catalyst had 50% greater surface area than the alumina catalyst. To
examine this effect a Co/Zr/sil%ca catalyst having the same surtace
area as the Co/Zr/alumina catalyst was tested. The bulk and spacific
activities of the silica catalyst werc 50-80% greater than those of
the alumina catalyst at similar conaitions as shown in Figure 9. The
high surface silica catalyst, however, was still the most active with -
30-50% greater bulk activity than the low surféce silica catalyst.
Thus silica does provide an inherently more active catalyst than
alumina but some of the enhancement that was initially observed was
due to the increased surface area. The hydrocarbon selectivity was

similar for both high and low surface a-ea Co/Zr/stlica catalysts.
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A more detalled comparison of the properties ot the alumina and
silica supports Qas performed. The propertiz:s are listed in Tabie
11. Comparison of the porosity of the low surface area silica with
that of the alumina and high surface silica indicated that there was
no relationship between the macropore or micropore volumes and
catalyst activity. [he micropore volume of the alumina was between
that of the silica supports, which were the two best. Catalyst
activity did increase as the total pore volume of the support

increased. There was no relationship between averi2ge pore diameter

and catalyst activity.

3.1 Metal to Promoter Ratio

lo study the eftect of Co-to-promoter ratio on the performance of the

silica-supported catalysts, the tollowing tour Co/Zr/silica catalysts

were prepared:

Catalyst ¢ W% Co W% _Zr Co/lr
B466-45 4.0 4.8 0.83
B4bb-40 4.4 2.3 1.9
8466-47 4.6 0.1 b.b
B466-49 4.2 0 @

The cobalt lnading was kept close to 4 wt¥%, while the zirconium
loading was progressively lowered. ihis gave a series ol catalysts,
tncluding the basecase catalyst, having (o -te-/r ratios ot 0.53,

0.43, 1.9, 6.b and a tinal ratalyst naving no added promoter.




The effect of Co/Zr ratisouon ‘gas-phase bulk and specific activities
for this serles of silicassupported catalysts is plotted in

Figures 10 and 11. for optfmuM{bulk activity it appears that the

] Co/Zr ratio should be cloﬁéf?fo‘l than to the basecase value of 0.5.
ﬁ Specitic activity, however, was best for the hasecase catalyst. Ihe
usage ratio tollowed a trend tbward_higher values as the zirconium
content increased. Total fuels selectivity was also best for the

B hasecase catalyst, especially 1f straight run liquid fuels (Cs-10)
was desired. Overall, it then appears that the optimum Co/Zr ratic

is near 0.5, although lower ratios were not investigated.

The effect of cobalt to ztirconium ratio on the slurry-phasé activity
of the Co//r/si¥lica catalysts is shown in tigure 12. Of tne 5
catalysts tested \n the gas-phase, 3 of them were compared in
slurry-phase tests. The 3 catalysts had Co-to-/r ratios of 0.53

\ (basecase, catalyst #8466-18), 1.9 (catalyst #8466-4b) and a final
I catalyst with no promoter (catayst #8466-49). The trend of

decreasing activity with decreasing amounts ot promoter was analogous

to what was obhserved in the gas phase. The trend was more pronaounced

at higher space velocity. lhus, 45 in the gas.phase, the optimum

Co-tu-promcter ratio was 0.4,
3.1.8 Metal Lnading
lhe effect ot increasing metai lnadings on the pertormance of the

Co/dir/silica catalyst was examined with gas phase tests of 11.0%

(batch #H46b-58) and 14.4% (batch #B46b-b63) Lo ratalysts, ay well as




the basecase 3.5% Co catalyst. There were several reasons for not
keeping the Co-to-Zr ratio at 0.53, which was the ratio used in the
basecase catalyst. One reason was based on the results of examining
the effect of Co/Zr ratio on performance, which showed that the best
buik activity was achieved when the Co/ir ratio was between i.0 and
2.0. A second reason was based on a desire to prepare a Co/2r/silica
catalyst having a composition analogous to that used by 3hell 031 Co.
in their Middle Distillate Process™. This would enable us to make

a direct comparison between the two different preparation methcds.
Comparing bulk activity trends as the metal loading was increased
(Figure 13) reveals that relatively small changes occurred on
increasing from 3.5 to 11.0% Co at 220° and 240°C, while increasing
to 14.4% Co resulted in a large decline in bulk activity at all
temperatures. The 11.0% Co catalyst gave the highest syngas
conversion (52%) at 220°C of any catalyst tested at this temperature
during tnis contract. Perhaps the 11.0% Co catalyst can be optimized

to give the highest bulk activity at all temperatures.

Bulk catalyst density also increased as the metal loading was

increased as follows:

Catalyst # Wt% Co Bulk Density
8466-18 3.5 0.394 g/cc
B466-58 1.0 0.564
B466-63 14.4 0.883
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weight of cobalt in the reatforﬂﬁhcréased by a larger factor than the
increase in weight percént“megélsibad1ngs and the space velocity
based on the weight of cobaltadecféaéed. These gas phase tests were
done at similar feed gas flow rates.and thus bulk activity may have
been mure affected by changes in bulk densi-y. Quantification of
this would be difficult without running the tests at a constant

weight hourly space velocity.

Selectivity to 1iquid fuel product (Cs-23) declined with increasing
Co loading with a general flattening of the hydrocarbon
distribution. Overall the catalyst hav'ng the lowest Co loading was

the best in terms of activity and selectivity,

Two Co/Zr/silica catalysts having dif-erent Co loadings were compared
in the slurry-phase reactor (Figure 1%). Unlike the gas-phase

results, at both 240° and 260°C the bilk activity declined as the Co

. loading increased from 3.5 to 11.0%. Selectivity to liguid fuel

product (Cs-23) decreased slightly whien the CO/H2 feed ratio was

1.0 but increased when CO/Ha2 = 0.5,

Other Metals

A Ru/Ir/A1:0s catalyst prepared from Rus(CO)12 was found to

be a promising catalyst during the previous contract program. A
large scaie hatch (150 g) of thi« catalyst was prepared using the ne..

reproducible procedure deva2ioped for the Co/Zr/A}20, catalyst.

2\
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Gas-phase tests of this catalyst showed bulk activity similar to the
Co based catalyst at 26.7 mols syngas/kg cat/hr (lable 12), but with
a hich specific activity of 0.48 mol CO/mol Ru/min. Methane
selectivity was somewhat high at 19%, at the expense of fuel range
hydrocarbons, which were ipproximately 10% lower than the basecase Co
catalyst. Slurry-phase activity of this Ru/Zr/A120a catalyst was
significantly lower than the gas-phase accivity as shown in Table

12. Fairly rapid deactivation of the catalyst was observed in the

slurry reac:or.

Since a silica support provided an improvement in activity for the Co
hased catalyst, it was examined with the Ru/{r catalyst in gas-phase
tests. At 240°C, this RusZr/silica catalyst gave 49% syngas
conversion with bulk activity of 70.7 moles syngas/kg cat/hr and
specific activity of 0.834 moles CO/mole Ru/min. At 260°C, synges
conversion increased to 56% with bulk activity and specific activity
both 1ncreasiﬁg te B1.1 moles syngas/kg cat/hr and 1.05 moles CO/mole
Ru/min, respectively. wWhen compared at the same temperature of
260°C, this 4.0% Ru/ir/silica catdlyst had triple the bulk activity

and double the specific activity of the 2.87% Ru//r/alumina catalyst.

The water-gas shift activity of this Ru/ir/silica catalyst was low as
indicated by comparing the feed ratio, which was |, to the observed
usage ratios of 0.45, 0.39 and 0.46 at 220, 240 and 260°C,
respectively. Th's was similar to the shift activity observed on the

alumina-supported Ru catalyst.
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In general, the hydrocarbon selectivity of this Ru/Zr/silica catalyst

was shifted toward higher molerilar weight products. For gas-phase
tests at 240°C, the Cis+ fraction was 4% of the hydrocarbon

product and at 260°C 11 decreased to 39%. This enhanced selectivity
to wax 15 not unusual since Ru catalysts are used for the
polymeth;}ene synthesis(11). In that process, CO0 is hydrogenated
over Ru metal at low temperature (100-140°C) and high pressure (1000
atm) to give 50-55 wtX solid wax having an avefage molecular weight
of 15,000-20,000. Methane selectivity was low, espectaily for the
gas phase reactor, and never was greater than 5.3%. The C2-4 cut
was also small and at most accounted for 6.4% of the hydrocarbonﬁ.
Because of this shift to heavy product, the straight-run 1liquid fuels

fraction (Cs—1e) was small (< 50%).

The performance of this Ru/2r/Si02 catalyst in the slurry reactor
was poor. After showing initial bulk activity of 43 moles syngas/kg
cat/hr at 240°C the activity declined to 4 moles syngas/kg cat/hr
atter 280 hours on <tream. This rapid deactivatlon of both Ru
catalysts in the slurry reactor may be due to carbon deposition on
these highly dispersed catalysts, thus blecking available active
sites. Inactive carbon layers and carbon deposition have been

observed in other studies of Ru catalysts.

Manganese /s ¢xamined in a bimetallic catalyst system containing
Co/Mn/Z2r/A1203 in which the Mn was added as Mn2(C0):io. This
catalyst was prepared using the improved preparation procedure in-an

effort to ‘mprove its performance over what was achieved in the

23
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previous contract. Gas phase test results showed its activity and
selectivity to be similar to the basecase Co/Zr/A1:0: cata1yst;v
thus no effect of Mn was observed. Furthermore, some Mn was lost
from the catalyst as volatile carbonyl species, which was found in

the 1iquid product. Slurry testing was nat perfeormed.

Iron containing cataly:ts were also studied and are dscussed in the

next section.
Promotion of Water-Gas Shift Activity

The Co and Ru-based catalysts exhibit low activity for the water-gas
shift (WGS) reaction, as reflectca by thedr poor performance with
CO-rich feeds. Figure 15 further illustrates this by comparing

CO/Hz usage ratios with feed ratios for the supported cobalt and
ruthentum catalysts, as well as a precipitatea iron cataiyst, all in
the siurryv reactor. ’The cobalt catalyst showed the poorsst CO usage
at all feed levels; usage ratios never exceeded J).60. The ruthenium
catalyst offered some improvement with a usage ra“io nearly matched
to a CO/Hz2 feed ratio of i 0. The usage ratio, however, never
improved above 0.9 as the feed ratio was increased. The siight
improvemant in shift activity for rutnenium correlates with 1t§
observed shift activity in homegeneous systems(i2). Neilther catalyst
showed the excellent shift activity that is exhibited by precipitated

or fused iron cataiysts.
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In an effort to improve the shift activity of the promoted Co on
alumina catalyst, a commqrﬁigijy_gya11able, low temperature shift
citalyst (Cu/Zn/AlaO:)‘uas_phyg[gally mixed with it and tested in
“ne gas-phase reactor. The results are summarized in lable 13 along
with results in which no shift catalyst was added. The added shift
catalyst caused a drop in FT activity with no indication of enhanced
shift activity. There was an increase in oxygenate producticn,
especially of ethanol and higher alcohals. A second gas-phase test
of the mixed catalysts, this time using preactivated shift catalyst,
st111 gave lower FT activity than without shift catalyst, but shift
activity increased slightly. Upon increasing the CO/Hz feed ratio
from 1.0 to 1.9, however, shift activity declined as the usage ratio

dropped tec 0.35.

Another approach toward improving the WuS activity of the Co
catalysts was to add Fe to the composition. Initially, with the
Al202-supported catalyst, this wae done by using a mixed-metal
carbonyl cluster containing Co and Fe. FaCo0a(C0)12/A1209 was

vsed without a prometer. Gas phase test results are shown in

Table 14. Compared %0 the Co/Zr/%102 catalyst, there was a 53%
increase in the usage ratio; however, the bulk activity declined by

40%. Liquid fue’s selectivity was enhanced by 22%.

Because of the enhanced activity provided by silica a mixed te/Co
catalyst was prepared on this support with Zr promeoter. lhere was
only a 4% incr-a25se in the usage ratio nver the basecase Co/Zr/S102
catalyst, while bulk activity sinowed a slight deciine. The addition

of Fe apparently had no efrect.
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A catalyst containing only Fe was prepared to determine the inherent
WGS activity assuming it would be reasonable. Tﬁ1s Fé)EE/SiOz

" catalyst showed very 1ittle Fischer-Tropsch act1v1tybover the entire

220°C to 280°C temperature range (<b6% Syngas conversion at 280°C).
Loss of iron from the catalyst did not occur. (he cause of the low
activity may be due to formation of very small te particles which are

known to exhibit low Fischer-Tropsch activity.
Extendeg Slurry Test

An extended slurry phase test (test #8862-1-31) was conducted for
4417 hours from December 1985 to June 1986. The three objectives of
the test were: to check catalyst stability; to collect liquid 7uel
product and wax samples for characterization and upgrading studies;
and to obtain data for kinetic studies. A silica supported Co/ir
cata]y;t {Catalyst #846b6-31) was used because it had shown the best
performance in previous slurry screening studles. The same catalyst
charge was used throughout the test. The extended slurry test was
carried out in a one liter reactor just as the slurry screenjng
tests. Detailed descriptions of the extended slurry test and the
supporting c¢ata can be found in tﬁe Oct-Dec 1985, Jan-Mar 1986, and

Apr-Jun 1985 Quarterly Reports.

For the tirst 1012 hours of the slurry test, the reactor was run with

the following conditions: temperature = 240°C, pressure = 300 psig,

CO/H2 = 0.5 mol. ratte, and space velocity = 1.B L/g cat/hr.

luring the course of the run, the bulk activity declined gradually

e s o
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from 52.7 to 46.9 mo\ syngas/kq cat/hr (Figures 16 and 17).
Hydrocarbon se]ect1v1ty was Ednstanf (F1gure 18) and the usage ratio
was equivalent to the feed ratﬁow The operation condittons for the
next period from 1012 to ZIBSKQQJrs on stream were: temperature =
260°C, pressure = 300 ps1g. CU/H: = 1 0 mol ratio, and space
velocity = 2.0 L/g cat/hr. The regults of this portion of the test
were similar to those at 240°C. vSpec1f1ca11y, there was a graaua’
decline in catalyst activity (Figures 19, 20 and 21). Liquid and wax
samples were collected at both sets of conditions. interestingly,
the catalyst suffered no significant harm due to a power failure that
occurred during the 240°C portion of the test (at 420 hrs-on-stream).
A1l process characteristics such as activity and selectivity returned
to the trend 1ine when normal operation was restored 22 hours later.
At this ooint, after 2188 hrs, it was decided to attempt to obtain
dat. that could be used for kinetic studies. Initially, the
temperature remained at 260°C, but other feed conditions such as
space velocity and CO/H2 feed ratio were systematically varied
according to a pre-determined matrix. Using the extended test
conditions of temperature = 260°C, pressure = 300 psig, space
velocity = 2.0 L/g cat/hr and CO/Hz = 1.0 mol ratio as thé

basecase, the :onditions were varied as follows:

Cd/Hz Space Velocity
(imol ratio) (L/g cat/hr)
G.5 1.8
0.5 1.0
1.0 1.0
0.75 1.5
21




Deactivattion check runs were also made at baseiine conditions.

A preliminary examination showed an apparent relationsh{p between
space velocity and the kinetic rate constant. To investigate this
effect experiments were cunducted in which the impeller §peed was
varied with constant feed conditions. 1This was done for each of two
sets of feed conditions. In a separare test, gas velocity was
changed by increasing the nitrogen feed. Total pressure was raised
simultaneously in an attempt to maintain constant Hz and CO partial
pressure in the gas-phase and hence a constant solubility 1in the
slurry-phase. An analysis of the results of the above tests
indicated that mass transfer effects need not be considered in this

operating region.

At 3964 hrs-on-stream the temperature was raised to 280°C for another

series of kinetic experiments in which the CO0/Hz mol ratio and the

space velocity were varied. These high temperature runs consistently

produced high methane selectivities with the highest being 56.4 wt%.

Two other items to note about the operation at 280°C were:

1) It was necessary to raise the reactor heat contro]>unit to an
unusually high temperature to maintain reactor temperature.

Stabilizing the temperature had also become d1ff1cult,

2) The wax taps for these samples were yielding very small
quantities of product. 1The highesi calculated wax rite was
0.0018 g/min and the average was 0.0002 a/min. This compares

to 0.0267 g/min for the last of the samples at 260°C.
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The items noted above w;;;kﬁ;;bébly related to an obserQation made
after reactor shutdown.llltlﬁss d{scovered that the "slurry" was a
powdery substance resemb]igéiéataiyst only and no liquid phase. The
slurry ol may have been EAEriea?qvér as a mist. Alternatively, the
equilibrium concentration 1n'thé'§as phase leaving the reactor may
havé beeﬁigreater than the fresh wax produced at the given reaction
conditions. Note that the pure hydrogen feed for reactivation (see
paragraph below) could have contribut- to the latter effect. 1t is

also conceivable that some of the he . .er hydrocarbons were cracked

to lighter products which would increaze their volatility.

The last experiment prior to shutdown was to attempt to reactivate
the catalyst. Pure hydrogen at 300°C and 300 psig was passed over
the slurry bed for 66 hours. Hydrogen treatment way effectively used
by the Germans to regenerate the commercial Co caralysts. The
reactor was run at identical feed conditions before and after
reactivation. The conversions were the same. The hydrogen
reactivation test was greatly obscured by the total loss of slurry

medium and the observed resuits were judged to be invalid.

Flqures 22, 23 and 24 plot the performance at 260°C, CO/Hz = 1.0,
2.0 L/g-hr and 500 psig over the entire run and show the gradual loss
in activity, as well as the dramatic change in selectiviiy after

running at 280°C during the 3964 to 4276 hrs-on-stream segment.
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3.1.12 Catalyst Characterization

£k
wlhi
P

Another important objective of this study was catalyst:
characterization and ius correlation to catalyst performance. X-ray
photoelectron spectroscopy {XPS) was usel to examine cobalt oxidation
states; three spectra are shown in Figure 25. The lower spectrum 1is
that for oxidized Co on prﬁmoted A120a prepared from

Co(NO3)2. The binding energy for Co 2p electrons of 781 eV
corresponds to established values for Cn(1l) and Co(l11). The strong
interaction of cobalt with alumina was evident from the XPS data on
fresh catalyst prepared from zero-oxidation-state Coz(C0)s. This
data, shown as the middle spectrum, indicates t:at most of the cobalt
is oxidized to 2+ and 3+. Only a shoulder corresponding to a birding
energy less than 780 eV suggests the presence of a small amount of
zero valent cobalt.  Finally, upon activation in pura H2 at 300°C,
the top spectrum was obtained, indicating the presence of only

oxidized cobalt.

The Co2(C0)s/Zr/S102 catalyst, which was the best performing
catalyst was also analyzed by XPS (Figure 2¢). Unlike the fresh
Coa(CO)e/Zr/A120s catalyst, the fresh silica catalyst showed

no evidence of low oxidation state cobalt, only +2 and +3 valencies.
These observations are somewhat surprising since silica is generalTy
regarded as being less reactive than alumina toward metal -
carbonyls(13) and toward Co(14). Analysis of recuced Co/Zr/Si02

showed no indication nf metailic Co (Figure 26A).
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The Xps results seem to 155;cate a strong interaction between the
metal and support, g Vs well established that supported cobalt,
espectally on alumina ang. st Tow Toadings, s difficult to
reduce(9).‘ Hall and Meyers haveiused XPS to show that after H,
reduction at 2s50°c, alumina-supporteqd Coa(L0)12 had only ?5% of

1ts cobalt as Zéro valence(15). One factor that may have cortrihyted
to the present observations was the 1nabiltty to de Tn-sity
reductions on_the electron Spectrometer dus tg mechanical problems

with the reactive atmosphere chamber,

Hydrogen chemisorption wWas used to determine active cobalt surface
area and percent dispersion. 1he results, presented tn Table 15, are
consistent with tne XPS observations in that only small amounts of
metallic cobalt were available for H, adsorption. Active Co

surface areas were <10 m2/g and the highest dispersion was only

12X, obtained with the 11.0% Co/2r/Si02 catalyst. The stlica
catalysts tended to have STightly higher Co surface areas ang
dispersions than the alumina catalysts. The Ru/Zr/510, catalyst

had the largest total surface area, but metal syrface area and
dispersion was similar to the Co ctatalysts. Comparing the
Co/Ir/silica catalysts having different o loadings shows that tota)
surfave area decreased (as well as activity) with Increasing

leading. Metal surface areas ang dispersions Were enhanced at highar
loadings but did not Tead to an increase nactivity. The values
obtained for meta] surface area and dispersion are similar to those
reported in the literature for supported cobait carbonyl
catalysts(la). Chemisorptton was performed at elevated temperatures
because this is where the largest adsorptiop occurred.
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3.2 Slurry Reactor Kinetic Studies

3.2.1 Olefin Incorporation

Mechanistic concepts were examined by studying the effects of adding

ethylene to the feed. 1t has been postulated that light olefins,

produced in the F-T synthesis, may be reincorporated into the surface

sttt nide

carbon chain growth process, thus allowing for variations in

selectivity. These experiments were performed at the end of the

slurry screening test of the Coa{CO)e/Zr(0UPr)a/Al20a

Lz

catalyst (Run #7888-33-731, see Table 2), by adding 10 and 20 volume
percent ethylene “o the feed. 1he following four test conditions

were conducted at 260°C:

CO0/H2/CaHa
Sample P, psig vol% NL/g cat/hr
] 56 308 44/46/10 1.41
] 59 302 39/41/20 1.4
b2 300 40/40/20 0.7
b5 300 51/49/0 0.70
bb 550 40/40/20 1.40

The major result of adding ethylene during samples 56, 59 and 62 was

the production of ethane, as shown:

Bulk Activity, Hydracarbon Selectivity, wt%
sample mol syngas/kq cat/hr L1 CzHa CaHs  Ca-a Cs-11 Ci2-18 Ciat
56 14.8 6.2 20.9 42.] 1.0 16.2 5.9 1.1
59 13.8 3.3 29.17 41.9 5.1 14.0 4.8 0.7
62 9.2 3.9 19.9  41.0 6.3 18. 1 6.2 4.6
65 9.1 20,6 0.5 2.4 10.17 27.3 i8.8 19.8
66 17.9 3.1 23.3 45 .5 5.2 17.2 5.5 0.2
32




1 3.2.2

The rates of oxygenate production also increased, from 0.2 to 2.4 wt%
of the total praduct yield, but with the majority of this fraction
being propanol. No evidence of olefin reincorporation was observed

in the FT product distrinution other than hydrogenation of ethylene.

The process §ond1t1ons Qéf; next retﬁ}ned to that of an earlier
sampie (#39, CO/Ha = 0.98, 0.7 NL/g cat/hr) to determine the extent
of catalyst deactivation before the high pressure operation with
ethylene addition was investigated (sample 65). A 28% reduction in
bulk activity was observed with methane selectivity at over 20 wt%
compared with the 14.3 wtX of sample 39. The major product with
ethylene addition and 550 psig was ethane (sample 66). A 23%
Increase in gasoline fuels, Cs-Cii, was observed compared to

sample 59, but this was due mainly to a general shift in produrts
Into the heavier molecular weight region which 1s expected at high
pressure. Compared with sample 5%, the oxygenates selectivity
Increased from 1.49 to 2.06 wt%., again with mainly propano)

product\on.v
Kinetic Studies During Slurry Screening Tests

A kinetic data analysis program was dzveloped to help determine the
kinetic parameters of the catalysts tested in the laboratory
reactors. The program correlated th: rate of CO/Hz2 consumpt‘on
with the species concentrations at the catalyst surface, subject to
the kinetic functionality chosen by “he user. Fenry's law was

assumed to be valid for relating the liquid concentrations tu the
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vapor partial pressures. The mass transfer from thg bulk liquid to

the solid surface was not rate determining (this was verified during

the tnitial baseline slurry test conducted for this contract), thus
surrace concentrations are taken 4s identical to the;buik '1quid
values. The Henry's law correlations are based on régressions ot
data taken from a paper by Peter and Welnert(17). The 1iquid
densities are calculated based on correlations proposed by

Deckwer(1B).

A summary of the program requirements and results are presented in

g Figure 27. The specifications include reaction stoichiometry and

| kineitics, the necessary reactor operation parameters, inlet
conditions and observation data. The options include the choice of
fixing or fitting kinetic parameters and regressing rate coefficients
in a normalized or standard fasnion. The kinetic rate expressions

which were chosen for the program are summarized in Table 16.

The first set of slurry operation data to be analyzed by the kinetic
analysis program was from a Co2(C0)e«/Zr/A120a catalyst

similar to the basecase composition (see Table 2, run #8523-1-4).
Two of the rate expressions outlined in Table 16 were needed to fit
the data. The data at high Ha/C0 feed ratios and high space

velocitles was best described by the first order rate equation (5),

“feoens * *Eralco (5)
where a = 1.1 and b = 0. The low H2/C0 data was fit more clusely

by equation ' 2),
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.k CH;
-7 - 2
CO+Ha 1+XKC

(2)
H20’Cco

Where k = 0.349 ard K = 0.425. This expression accounts for
inhibition by water. The activation energy was in the range of 33-44

kJ/mole.

The data from the slurry screening test of the more active
Co2(CO)e/2r/5102 catalyst was then analyzed by the kinetic

program (see Table 2, run #8670-11-18). None of the kinetic
expressions were fully able to describe the data. The best fit was
provided by expression(2). This equation can be rearranged to give

the following expression:

cHz

“FCO+Ha

= (K/k)(cH:O/CCO) + (1/k)

Thus a plot of (CH,"'co+H:) vVersuys (cHzO/CCO) will be

linear 1f this rate expresiion is valid. The data are plotted in
Figure 28 for the 240°C, 260°C and 280°C samples. The limited set of
data appear to fit the linear expression fairly well. from the
intercept, the rate constant k is derived with the values ranging
from 0.328 to 0.775 cc/g cat/sec. K 1s then determined from the

slaope and rares from 0.466 to 0.302.
The Arrhenius plot of In k vs. 1/T 1s shown in Fiqure 29. An

activation energy of 5! kl/mole was ottained from this nlet. Thts ts

siigntly higher than the range found for the alumina supported
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3'2.3

catalyst. The literature contains relatively few kinetic studies of
the Fischer-Tropsch reaction using cobalt catalysts (20-23), compared
to the numerous studies with iron catalysts. From this available
11terature, the range of activation energies for cobalt catalysts was
67-117 kJ/mole and 37-105 kd/mole for iron catalysts. None af these
catalysts were prepared from metal carbonyls nor studied in a slurry
phase reactor. Our activation energles for metal carbonyl derived

catalysts are significantly lower.
txtended Slurry Test Kinetic Studies

The data obtained from the extenced slurry test of the Ca/Zr/5102
catalyst (run #8862-1-31) was analyzad to determine if a kinetic
functionality could be established. The analysis was performed using
the kinetic analysis program described above. The avallable kimetic
expres§1ons were those outlined in Table 16. Impeiler speed tests,
as described in section 3.1.11, were done to determine that mass

transfer effects were not oncuring the kinetic measurements.

The next step was to account for the catalyst deactivation that had
occurred during the experimental period of interest. Fortunately, a
preliminary anaiysis of catalyst deactivation showed it to be
relatively uniform for the 260°C runs, so a linear deactivation
profile, was assumed. For a given kinet1c rate model, the catalyst
activity can be plotted against time to obtain-thetactivity. The
calculated activity rate can ber used to adjust the raw'reaction rate

for each individual sample to a fixed point in timé#“2Thé .adjusted
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ode):to solve for the intrinsic kinetic

Table 17 displays the kinetic parameters derived from the non-1linear
regression on eqs. 1, 2, 4.and 5 (Tabie 16). The results for eq. 3
are not included because it was found that the best fit for parameter
Ka in eq. 3 was 0. Thus, eq. 3 became identical to eq. 1 and was

eliminated from further consideration.

While all four of the kinetic models result in an adequate
representation of the data, model 4, which includes the water
inhibition effect, provides the best fit. The average error of 6.2%
for model 4 (se¢ Table 17) 1s the smallest of the four models. The
1inearized plot (Figure 30) and parity plot (Figure 31) for model &
show a good fit over the entire range of data collected at 260°C.
Figure 32 shows the relat1§e deactivation that occurred, as
determined by using model 4. Interestingly, this model has been
shown by other 1nvest1gator§(24) to describe data with high water
concentrations quite well. The low water-gas shift activity of the
Co catalyst resulted in high water ccncentrations in these

gxperiments.

The model with the second best average error was model 5. This model
fit the data quiie well in the mid-range but drifted at the extremes,
especially at the high values of rate. Extrapolation could be a
serious problem with this model. The rate constants obtained for

model 4, based on fresh catalyst activity, are k - 5.24 x 109 exp




3.

3

(-23254/RT) cc/q cat/sec and K = 1.55 x 1073 exp (-6250/RT)
mol/cc. Tne Arrhenius plot is shown in Figure 33 and the activation
energy s found to be 97 kJ/mole, which 1s mere in 1ine with the

reported values far (o-based catalysts(20-23).

fuel Product Characterization

Two sets of 1iquid organic and wax products were collected during the
extended slurry test of the Coz(Cd)e/2r/S102 catalyst (Test
#8862-1-31). lhese preducts were collected in order to isclate and
characterize the dlesel fuel fraction. The first set of products was
collected during the initial 1000 hours of operation during which the
reactor conditions were: 240°C, CO/Ha2 = 0.5, SV = 1.8 L/q cat/hr

and 300 p.i1g. The diesei range product (Cr2-C:e) contained in

the wax from this sample was isolated by vacuum distillation and
combired with the sne gallon of 1iquid organic product. The wax
on'tained 9 wit% diesel product. The combined sample was then
f-actionated by vacuum distillation with the diesel product boiling
range defined as 190°C to 338°C at 760 mm Ho (ASTM standard). The
pot temperature was maintained below 240°C to prevent decompos.tion.

A total of 1.06 kg »f diesel range product was obtained.

The second set of ligquid organic and wax products was collected
guring the second phase of extanded operation where the conditions
were changed tc the following: 260°C, CO/H2 = 1.0, 5V = 2.0 L/g
cat/nr and 300 psig. The diesel fraction was isolated in the same
manner as before except that the diese) product contained in the wax
fraction was not {ncluded.
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The diesel fuel properties were determined by E. W. Zayhoit and
Company (Philadelphia, PAY:ustngi11. standard ASTM tects. The results
are shown in Table 18, along: with. the ASTM requirements for No. 1-D
diesel fuel oil, which is the: highest quality diesel fuel and is
interded for uses requiring frequent-speed and load changes. The FT
diesel product falls within a1l the specifications e.icept for
viscosity, cloud point and the 90% boiling point. High values for
these three properties indicate that the synthesized diesel product
contains a greater concentration of heavier hydrocarbons. This
diesel fuel falls well within ail the specifications for the No. 2-D
grade diesel fuel oil. The material has a fairly high flash point,
essentially no water or sediment, low sulfur, and negligible ash and
carbon residue. As a result of being this "“clean”, it 1s not
cofros1ve. One outstanding property of the synthesized diesel fuyel

product is the high cetane value,

There was very 1ittle difference between the two sets of samples.
The higher temperature and siiqhtly higher space velocity during the
second phase would tend to shitt the hydrocarbon selectivity toward
1ighter products, but this was nffset by the increased CO/Hz feed
ratio which would have the zppoiite effect. tor reference, the ASTM
requirements for all 3 grades of diesel fuel oil are tisted in

Table 19, as well as the ASTM copper strip corrosion test

classifications, which are listed in Table 20.

A sample cf wax (800g) from the second set of collected products was
supplicd to S1gnal/UOP Research Center for use in 4 DOE-supported
prolect studying FT wax upgragding.
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