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SUMMARY

The synthesis of aromatics was performed on several combinations of
Fischer-Tropsch (FI) and sodium Y-zeolite catalysts in a fixed-bed
reactor with an H,/CO retio of 0.5, 2.0-MPa pressure, and a temperature
range of 548 to 700 K. Medium-level sulfur-treared fused iron and
sulfur-treated alumina-supported ruthenium were used as the Fischer-
Tropsch synthesis catalysts and compared with results using clean fused
iron and clean ruthenium catalysts. The mixed catalysts Initially
provided high yields of light oxygenates and aromatics with low yields of
olefins but deactivated rapidly, probably due to carbomn deposition,
especially at higher temperatures. The cacalyst reacrivity could be
prolonged by using a higher zeolite/FI catalyst ratioc and by using
zeolites with higher sodium weight loading.

These results compare favorably with prior similar studies performed
under less severe coking conditions. Addivional work with high-silica
shape-selective zeolite components to extend the catalyst active life is

recommended at high syngas conversion using sulfur-treated irom
catalysts.
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INTRODUCTION

Single-stage direct conversion of synthesis gas inte aromatic
hydrocarbons is a demonstrated catalyric process. Combinations of acidic
synthetic zeclites, such as Mobil's ZSM-5 and FT synthesis catalysts,
have been shown by Chang et al.l'z, Seitzer,3 and Rac et al.® to produce
benzene, toluene, and mixed xylenes from synthesis gas with high
selectivity. Combinations of catalysts selective for methanol synthesis
and ZSM-5 or other zeolites have also been shown by Shamsi et al. ,5 Bruce
et al. ,6 and Varma et 31,7’8 to produce BTX with high selectivicy. The
zeolite may symergistically convert the unstable intermediate synthesis
products, olefins or alcchols, into the more thermodynamicaly stable
aromatics. However, the advantage of single-stage reaction is generally
offset by the disadvantage that the operating conditions of these
sequential reactions are mot optimal.g'n As a consequence, Mobil has
developed the mathanol-to-gasoline (MIG) process with ZSM-5 to comvertT
synthesis gas inte gasoline following conventional methanol synthesis, a
commercially established technology.

Single-stage aromatics synthesis has two principal disadvantages:
(1) compromised operating conditions that lead to less than optimal
yvields and (2) the deactivation of the catalytic active components by
carbon deposition (coking). FT synthesis or methamol synthesis is
thermodynamically favored at low temperatu.::e and high pressure, whereas
conversion of olefins or alcchols to aromatics is favored at high
temperature aud low pressure. Low temperature operation (500 K) slows
conversion into arcmatics, whereas high Temperature operation (700 K)
tends to produce too much light alkane, especially methane and promotes
rapid deactivation due To carbon depesition on the catalyst. Thus, the
synergistic potential of dual-function catalysts to produce high
selectivity and high conversion has not been realized, and two-stage
precessing is currently a more actractive Technology.
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Direct aromatie hydrocarbon synthesis over a dual-funetion catalysc
wirh unusually low concentrations of hydrogen in the reactant gas has the
potential advanrages of high aromavic yields, stoichiomerrically limirced
methane yield, relacively dry product gas, and (of course) nearly
complete hydrogen consumption. The principal difficulcy in processing
low hydrogen synthesis gas is the need to suppress the greatexr tendency
for carbon deposition on the catalyst and subsequent cartalysc

deactivacion.

We have investigated several combinations of zeolites and the
coking-resistant sulfur-treated fused iron catalysts for FIS performance
and arematic hydrocarbon production in a fixed-bed reactor with low
hydrogen syn gas. The goals of this work were to explore process
conditions that give high yields of aromatics and to determine the rate

and pature of deactiwvating coke formation.



EXPERIMENTAL RESULTS

In our preceding studies with sulfur-treated fused iron catalysts,
we found that partially sulfur-covered iron surfaces produced less
sarurarted light alkanes than untreated catalysts and exhibired no
observable coking tendency. The medium-level sulfur-treated iren
catalysts prepared as described previously were mixed with zeclite and
zested at 2 MPa for their ability to produce aromatics in syn gas with
By/CO =~ 0.5. In additiom, a pew sulfur-treated catalyst Ru/al,0, was

prepared for this study using the same sulfur treatment procedure.

The alumina-supporrted ruthenium FIS catalyst was treated with H,S
until sulfur was chemisorbed to a coverage of about one-half saturation.
Following a more severe passivation procedure (exposure to 99.5% CO at
523 K after addition of 10.4% C,H,/He), the rate of sulfur adserption at
425 K was slowed to about momolayers per hour in a recirculating stream
of 10 ppm H,S in 100-kPa Hy. After removal of the carbon overlayer in 1-
atm By at 773 K, the catalyst was removed from the sulfur treatment
apparatus, reduced, and tested for aromatics synthesis performance in the
fixed-bed FTS reactor system.

Ve examined the aromatics synthesis performance of the medium-level
sulfur-treared fused irom catalyst, the medium-level sulfur-treared
alunina-supported ruthenium, the clean alumina-supproted rutheniom, and
the fused iron standard catalyst, all in combinstion with Union Carbide
Na-¥Y zeolites (with sodium contenrt 0.2 wrs [LZY-52], 2.0 wrx [1LZ¥-62],
and 10 wrs {1ZY¥-82]). The results are given in Table 1. Tests were
performed In a fixed-bed reactor at 2 MPa, H,y/CO ratic - 0.5, and 548 to
700 K. The catalyst bed wss a physical admixture of the FT and zeolire
ecatalyst powders (10/14 mesh) of wvarious weight ratios (zeolite/FT
catalyst ratio = & or 10) meinrtained at & constant temperature.
Typically, the CO conversion was abour 20% at a gas hourly space velocicy
(GHSV) of 1 x 10% to 2 x 10®* h™*. GHSV is defined as the hourly flow
rate (NTP) of CO + H, per unit volume of the FT catalyst component.
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After 2 hours at 573 K, the methane yields of the sulfux-created
fused iren only and in Na-Y zeolite combinatioms were 1l and 15 wt%. The
oxygenate (methanol and dimethylether) and aromatic (benzene, toluene,
ethyibenzene, and xylenes) yields of the sulfur-treated fused iron, Na-Y
zeolite combinations were much greater than for fused iron alone. The
amount of oxygenates initially produced (after 2 hours) depended heavily
on the sodium weight loading of the zeolite of the mixed catalyst (see
Table 1). The chain growth parameter, a, decreased substantially from
0.71 te 0.34 with increased oxygenate and aromatic hydrocarbon
selectivity. The methane yield remained low and decreased slighrly for
catalysts with the smallest zeolite component.

However, the combinations of fused iron and zeolite catalysis were
prone to deactivation by carbor deposition in bhydrogen-deficient
synthesis gas. Afrvaer 24 hours of synthesis reaction, the product
distriburion typically resembled cthat of the sulfur-treated fused .irom
catalyst alone {see Figure 1). The decreased oxygenate and aromatics
yields were nearly marched by increased olefin yleld, suggesting that the
zeolite component of the mixed catalyst was fouled snd deactivated,
probably by carbon deposicion. The deactivation was most pronounced for
the zeolite wirh low sodium weight loading. However, the catalysts could
be regenerared by reaction of the deposited carbon with pure hydrogen at
773 K and 100 kPa for 2 hours. To prolong the useful life of the
catalyst, especially at higher temperatures, we used a larger amount
{10:1 versus 4:1) of a less acidic (higher sodium content, LZY¥-52)
zeolite in combination with sulfur-treated iron caralyst. This zeolite
combination also showed evidence for deactivation in the form of

decreased oxygenate and aromatic yields at 650 K (Table 1).

In comparing the selectivity of thesa mixed catalysts, we found thac
the one with low sodium (LZY-82) produced predominantly oxygenates, with
high conversion of the light olefins. The mixed cacalyst with high
sodium (LZY-52) produced a mixture of oxygenates and arcmatics of roughly
equal proportion with a correspondingly lower conversion of the light
olefins (see Figuxe 2). The mixed catalyst (with 1LZY¥-62) had a product
distriburion similar to that of the LZY-52 mixed catalyst.
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Figure 1. Aromatic synthesis at 573 X, 2 MPa, HpfCO ratio = 0.5 on
medinm-level sulfir-reated fused fron catalyst and IZY-52
zeolite (1:10 wt ratic).
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The activity of the sulfur-treated alumina-supported ruthemium/Na-¥Y
zeolite catalyst was a factor of ten lower than that of the sulfuxr-
treated fused iron/Na-Y zeolite catalyst at 573 K. However, the
oxygenates and aromatics selectivities (28 wti and 17 wts, respectively)
of the ruthenium/Na-Y zeolite mixed catalysts were roughly the same as
the fused-iron mixed catalyst. The lower activicy of the ruthenium mixed
catalyst (per unit weight FT catalyst; ‘was primarily due to its much
lower metal weight loading (2.4 wcé Ru) compared with the bulk fused irom
mixed catalyst. The sulfur-treated ruthenium mixed catalyst showed 50%
decreased methane and a factor of two increased oxygenates and aromatics
yields at both 573 and 598 K when compared with the clean ruthenium mixed
catalyst (see Table 2).
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Table 2

SYNTHESIS OF AROMATICS AND OXYGENATES BY MIXTURES
OF SULFUR-TREATED RUTHENIUM AND ZEOLITE CATALYSTS

Medium-level
Clean Sulfur-treated
2.4 wtd Ru/Als04 2.4 wey Ru/Als04
+ LZ¥-52 Zeolite + 1L7Z¥-52 Zeolirte

Catalyst (1 to 10 wc ratie) (1 to 10 wt rartio)
Temperature (K) 598 573 598 573
Pressure {(MPa) 2 2 2 2
H,/CO ratio 0.5 0.5 0.5 0.5
Duraction (h) 2 2 2 2
- “Product rate? (nmol/s/g cat)
<y 22.96 5.20 23.46  10.32
cy 2.37 0.55 2.55 1.14
Cq 1.72 0.89 2.33 1.56
Ca 1.11 0.84 1.56 1.42
) Oxygenates 1.83 1.31 4,63 7.27
) Aromatics 0.20 0.54  0.89 2.03
T TOTAL
o . Chain Growth Factor? 0.48 0.55 050 0.66
T '1-Butenes to Butane Ratio® 0.44 0.73 0.52 0.62
: Methame Selectivity® 50.90  26.30 37.90  16.10
i _ Oxygenates Selectivicy 9.70  15.60 17.80  27.50

Aromatrices Selectiviry 2.10 13.50 . 7.64 16.80

2GHSY = 600 h~1; Product rate for each carbon number includes
n-paraffins and «- and f-olefins; total product rate is on a carbon-
atom basis.

bAvexage chain growth parameter (a) for Cs hydrocarbons.
Caverage olefin to paraffin ratio for Cy to Cg hydrocarbons.
'dE]_ rate/(total rate) x 100%. ) o




DISCUSSION

The syuathesis of aromatic hydrocarbons was performed undex
differential reactor condition because of the comstraints of maximum
catalyst bed volume and minimum controllable syn gas flow rate at
elevated pressure. As a result, the overall conversion of the sym gas
was limited to 20% and was relatively insensitive to temperature (see
Table 1). The aromatics yield increased threefold with a corresponding
decrease in methane yield by increasing the reactor temperature from 573
K to 650 K (see Figure 3). Howevex, additionmal increase in reactor
temperature to 700 K resulted in more rapid deactivation of the zeolite
catalyst without additional enhancement in aromatics selectivity or syn

gas conversion.

The yield of aromatics in the synthesis product using the mixed
sulfur-treated iron and zeolite catalyst may have been limited by the low
conversion of the synthesis gas. The presence of unreacted hydrogen and
product watex vapor p;rhaps inhibited the dehydrocyclization reaction a.nd.‘
favored the formaticn of dimethylether and methanol, which can be
considerad intermediates for aromatic hydrocarbons on zeolite catalysts
such as HzSM-5.9+30 The acidic properties of the low-sodium zeolite
enhanced the formation of oxygenate amd aromaric hydrocarbon, bur also
ephanced cracking and led to more rapid deactivation of the catalyst.

Since the strong acidic sites in the zeolite are responsible for the
formation of aromatics by the dehydrocyclization of the C¢ olefins, the
observed decrease in -oXygenates and aromatics -selectivity with time can
be atrribured to the progressive deactivation of these sires by coking.
The deactivation of the zeolitic component of the catalyst resulted in
loss of Isomerization and debydrocyclization activity to formed aromatics
and isoparaffins. The use of a higher weight ratio of zeolite to FT

-catalyst in the mixed bed mode definitely prolonged the activity and

increased oxygenates and aromatics selectivity compared with the catalyst
with smaller amount of zeolite.



The consumption of light olefins, which are essential building
blocks for aromatics, to form oxygenates effectively decreased the
seleccivity of aromatics in the product. Also, it has been postulat:edg
that the formation of aromatics is the rate-limiting step of the overall
conversion of merhanol to aromatics on HZSM-5. The completing cracking
and hydrogenolsis reactions of the olefins apparentaly led to low

aromatics yleld and to carbon depositien on the zeolite of the mixed
catalyst.
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