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SUMMARY

Coal, an abtundant natural resou-ce, may have to olay 2 siguif-~
icant role for the production of transportation fuels and thus help to
overcome the problems created by diminishimg petroleum reserves. The
most developad process for producing aliphatic liquid fuels from coal is
the Fischer-Tropsch synthesis which is based on catalvtically reacting
CO and Hz obtained via coal gasification. The discovery and develop-
ment of selective catalysts that give high space-time yields of required
fuels is essential for improving this process. Moreover, the contemplated
feed gases cbtained from coal gasification contain sulfur compounds which
have been acknowledged as catalyst poisons. ittle work has beeu d¥ne to
date regarding the effect of sulfur on Fischer-Tropsch catalysts. It is
important to study the influence of sulfur on these catalysts as activity,
selectivity, and catalyst longevity are all crucial factors for future ‘\
catalyst development. i

The scope of our work was to investigate the effect of adding \
small quantities of sulfur to materials which may be vseful as catalysts A
for the Fischer-Tropsch synthesis. Materials in the full.y sulfided form '\
were also to be tested as potential catalysts. The main objective was to \\
ascertzin whether the introduction of sm2ll amounts of sulfur to a catalyst
could enhance the selectivity to liquid hydrocarboms without Zmpairing the \
overall activity. A secondary, though important, objective was to check if
certain catalysts could function with sustained high activity in the-presence
of sulfur evem without marked improvements ip product selectivity. Thus,
certain materials could be idemtified as having potential for use as
sulfur-resistant catalysts for the H,—CO reaction.

After conducting a detailed literature search, several traditional
and non-traditional Fischer-Tropsch catalysts were tested, with and without -
the introduction of sulfur as HS, in a tubular packed bed Yeactor system.

Of the catalysts studied, only alumina-supported Ru was severely poisoned

by sulfur, Evidence was obtained that alkali-promoted precipitated cobalt-
based and iron-copper catalysts have the potemtial to withstand deactivation
by sulfur to a certain extent. Sulfided Co-Mo/Al203 and Ni-W/A1203 catalysts,
and KOH promoted MeS; were also found to be active CO hydrogenation catalysts.
It is therefore felt that these results could provide a basis for developing
sulfur-resistant Fischer-Tropsch catalysts.

The effect of sulfur on catalytic selectivity depended on the type
of catalyst and experimental conditions. There was no effect of S on the
selectivity of the precipitated Fe-Cu catalysts. However, for the Co-based
catalyst, though the presence of sulfur did not markedly alter the overall
amounts of C;- and Cg+ hydrocarbons produced, it did change the distribution
of the condensed Cgs+ products. For example, under certain conditions
unexpected bi-modal distributicns were obtained, and the observed changes
jndicated that the addition of suifur increase’” the molecular weight of the
products. The addition of sulfur to alkalized Co-Mo/Aly03 and Ni-W/Als0q
catalysts enhanced the selectivity to condensed products. Furthermore,
the molecular weight of the condensed products obtained with sulfided, alkalized
Co-Mo/Alz03 was greater than that of the condensed products obtained with
unsulfided, alkalized :Co-Mo/A .03.
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It is indeed important tc note that non-metallic, non-traditional
catalysts such as MoS; promoted with KOH, and sulfided or unsulfided Co-Mo/41504
catalysts with or without alkali, were found to be active for hydrocarbon
synthesis. However, tungsten-based catalysts, vhich are sometimes used
interchangeably with Co—Mo/A1203 catazlysts in other processes such as
hydrotreating, were not as active. These results indicate that certain non-
wetallic surface strvctures could lead to sites active for the rischer-Tropsch
synthesls even in the presence of large amounts of sulfur. In fact, the
presence of sulfur may .ven be necessary for catalytic action.

The best selectivity for liquid hydrocarbons, useful for transportation
fuels, was obtained on the 1% Ru/A1203 catalyst. For example, at 240°C,
3.1 MPa (450 psi) pressure, a space=velocity of 200 V/V/h, and a Hy/TO ratio
equsl to 2, the Ru catalyst showed a Hy+CO conversion of 95% with 98% of the
reacted CO producing Cg to Cyg aliphatic hydrocarbens. It was also found
that though $ poisoned Ru/A1203, it tended to increase the formation of heavy
hydrocarbons. In fact, at experimental conditions where unsulfided Ru produced
large quantities of methane, the sulfided catalyst still showed high selectivity ,
to Cs+ products. It was also observed that the activity of the poisoned Ru N
catalysts could be dramatically improved by increasing the reactant pressure !
from 2 to 3 MPa. Unlike Co and Fe, Ru-based catalysts mway be used at pressures
much above 1.5 to 2 MPa (217.5 to 290 psi), hence our results could be useful
for working with Ru-based catalysts in the presence of sulfur.

Our results indicate that the interaction of sulfur with alkali
promoters may be important for product selectivity and resistivity against
poisoning. Further research on the action of promoters may be one way of
developing improved Fischer-Tropsch catalysts. ¥

g

Besides such interactions, we also found that there were significant
interactions of process conditioms with different sulfided and unsulfided —
catalysts. 1In fact, the carbon number distribution of the Fischer-Tropsch
products-varied widely and was a complex function of caralyst type, process
conditions, and sulfur effects. It is therefore wmportant to note that for
such a complex reaction catalyst evaluation at a single set of experimental
parameters would be inconclusive. Also, in studies aimed at producing liquid
transportation fuels, the reaction should be carried out under experimental
conditions that allow the condensed product selectivity pattern to develop
fully. Hence integral, rather than differential, reactor operation becomes
necessary. Though this magnifies problems associated with transport phenomena,
certain measures were taken by us to minimize the influence of such physical
artifacts on our kinetic investigations.
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1. TINTRODUCTION

Since the availability of petroleum derived fuels is projected to
decrease between now and the end of this century, the U.S. aust fipnd ways of
optimizing the utilization of other fossil fuels among the principal energy
consuming sectors. One principal cause for concern is the current unavailability
of alternate sources of fuels for transportation. Other fuel intensive sectors,
such as electric power generation, can depend on coal or nuclear fuel to provide
the energy 1f petroleum based fuels become scarce. The transportation sector,
on the other hand, is projected to need liquid fuels such as jet and diesel
fuels containing high concentrations of paraffins because combustion require-
ments in current engines limit the content of aromatics in the fuel (Table 1.1).
Hence, excluding gesoline, the required fuels for transportation could be made

Table 1.1

{ Fuel Characteristics (1)

i

! Approximate Range of
{ Carbon Numbers Aromatics, Vol. Z

i
¥

Motor Gasoline CsC11 37-54
(Unleaded) /,’"

Aviation Turbine Fuel

Jp-4 Ce-Cq 5 < 25
© JP-5 Ci0-C15 < 25
Diesel Fuel Cg-C21 < 25

synthetically from shale oil or tar sands But probably not out of coal
liquefaction products. This is due to the high concentration of aromatic
and naphthenic compounds present in coal liquids which are not economically
amenable €or conversion to paraffin based fuels. It is imperative, however,
that methods be found to use our vast reserves of coal to produce tramspor—
tation type fuels, The most developed process for producing paraffins from
coal is the Fischer-Tropsch (FT) process. This process is based om the
gasification of coal which produces €O and Hy. These gases can then be
catalytically combined to give products which are predominantly aliphatics.
Table 1.2 shows the possible uses of the differeant products that can be
obtained from the FT synthosis.



Table 1.2

Uses of Fischer-Tropsch Products

Products Uses
CHA, CZ-C& Hydrocarbons Industrial & Household
Fuel, Chemical Feedstock

Naphtha, C5~C10 Gasoline Blending,

{Low Octane Number) Chemical Feedstock
Middle Distillates, Cg~Csq Jet and Diesel Fuel

(High Cetane Number)

Medium Gas 0il, 016—C25 Marine Dieszl Fuel
Reavy Gas 9Jil, C22+ Lube 0il, Waxes, Feed-

stock for Cat-=Cracking

With the Fischer-Tropsch process, it is important te obtain
efficient conversisn of Hy and CO at sufficiently high space-velocities
to given economic space-time yields of products. Hence, the key to
improvement lies in the development of active catalysts which are highly
selective. In addition to improving activity and selectivity, Fischer-
Tropsch catalysts must be made resistant to deactivation from poisons
such as sulfur compounds ordinarily present in synthesis gas obtained
via coal gasification. 1t is gemerally acknowledged that sulfur compounds
readily poison nickel, cobalt, iron, and ruthenium based catalysts which
are normally used for the synthesis of hydrocarbons frorm CC and Hy (2).
The early German work of Fischer and Tropsch (3), and Fischer and Dilthey
(4) stressed the need for scrupulous removal of sulfur compounds in
reactant gas streams. Fischer (5) in 1935 cited a practical upper limit
for sulfur concentrations of 1 to 2 mg/m3 of synthesis gas.

Under ERDA-sponsorship [contract #(46-1)-B0D08] Exxon Research
and Engineering Company undertook to investigate the effect of sulfur on
catalysts active for the FT synthesis. The program called for a study of
catalysts containing O to approximately 0.5 wt % sulfur and also for the
evaluation of catalysts in sulfide form. The specific objectives of the
project were to establish the existence of any suifur promoticnal effects
leading to improved selectivity and increased yields of liquid products,
and to check 1f certain catalysts showed resistance to sulfur poisoning.
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The progrem was divided inte two phases. The first phase consisted
of a detailed literature sea:~h which has been discussed in the rhase I report
(Exxon/GRU.1KWA.76) and elsewhers (6). As a regsult of our extensive review
of the literature on Fischer-Tropsci: synthesis, it was determined that
comparatively little data have been reported regarding the effects of sulfur
compounds on Fischer-Tropsch catalysts. 7Tuais is mainly due to the general
acknowledgment that sulfur compounds are delet=ztricus to the synthesis and
hence should be removed from the reactant symthesis gas. However, eleven
research groups in four different countries and over - period of 45 years
have reported that the interaction of trace quantities or sulfur with
different Fischer-Tropsch catalysts can lead to beneficial selz2ctivity
changes or sustained high activity or both. A summarized accounc cf this past
research has been tabulated in Appendix A.

The second phase of the program invelved the experimental study of
the effect of sulfur on various catalysts. Thnis report addresses itself to the
results and discussion of the experimental research. The apparatus and
experimental techniques are discussed in Section 2 which also includes a short
account of the reproducibiliry of results and problems associated with transport
phenomera. The results on the various catalysts are described in Section 3,
a general discussion is given in Section 4, and recommendations are given
in Section 5.
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2. EXPERIMENTAL

2.1 The Fischer-Tropsch Catalyst Test Unit

The flow diagram of the Fischer-Tropsch catalyst test unit is
shown in Figure 2.1, and it indicates all the essential parts of the
unit except the different types of valves, safety features, and thermo-
couple placements.

The unit was made of stainless steel and was used for the
similtaneous operation of up te seven Alonizedl stainless steel reactors,
all at the same temperature, pressure, Hzlco ratio and space-velocity.

y : The reactors could be used simultaneously with different catalysts, if
required, and with varying catalyst pretreatment and amount of sulfiding.
The unit could be used at pressures up to 3 MPa.

Hydrogen was passed through a Deoxo unit to remove traces of
oxygen and then through a molecular sieve trap to elimicate water wvapor.
Carbon monoxide was also passed through a molecular sieve trap. The HpS/Hy
w.;ve? gas, however, was used for suifiding without going through any
purification steps. Finally, provisicns were also made to admit helium and
air into the u.it. Air was necessary due to the following reason. Ac ihe
. Fischer-Tropsch cataiyer used under reducing conditions, may nave been
pPyrophoric, it could not be suddenly exposed to air. Hence, before dismantling
o~ - the reactors after an experimental ruu, the catalyst was first: carefully treated
- at room temperature with small amounts of air dilcvted with an inert gas. The
gas flow rate into each reactor was set apd measured via the procedure outlined
- in Appendix B. The gas flow rate out of each reactor was obtained either at
u roint X with a soap bubblemeter or with the wet-trest meter. As shown in
' Figure 2.1, the condensible products from each reactor were recovered in two
stages. Waxes and heavy hydrocarbons were collected in the first stage whereas
the lighter products were trapped in knockouts immersed im an ice bath. Residual
gases were separated and semt to the saturator. When required, these gases were
analyzed chromategraphically.

— The =actor furnace (Figure 2.2) consisted of an Alonized? copper

Pipe, and each reactor was placed in one of the seven equidistant slots
provided around the pipe. Three electriczl heaters were stacked in the
hollow center of the pipe, and the temperature of each heater was controlled
separately with a Barber-Colman Model 20 solid-state coctroller. Besides
pPlacing thermocouples in the copper pipe, one thermocouple was embedded
in the catalyst, in each reactor, to record its temperature with the help
of a potentiometer and a multi-point recorder. The operation of several
Treactors in parallel enabled us to compare simultaneously the performance

. of different catalysts under identical conditions, or to evaluate simul zaneously

- the performence of identical catalysts with different pretreatments or different
amounts of sulfur.

1 A process which coats the stainless steel with aluminum and aluw’na. It
“enders the reactor walls inert for FT reactione and, more impovrantly,
for interactioa by sulfur compounds.

2 Alonizing in this case prevents cxidation of the copper.

RS o

1 N

3y

'm“: w



PR P R S §

‘.o M sEe ..

[P

‘rltnwmmuuu
930
3525 308 *

3%

bs %o
oL ¢, oLz nJ
" x o s19mpead
posUPLA
)
gaaTep Buyydias wpeaq i
K 0F, \\hb\\
aepf] .~ ] ud %l
100 L g M h h ~2INE P o
Lo naty YR
4 yied : n
ast , o
. 0
L i 8
< a
ufesA
al
L 9 .6% ¢ 2 i
et A S O A
L]
1o3canirg “ m “ . _ __ "
r : t i
R . : : [ " S I A
i ' \ H | | t } 1 | ﬂ
B H : . I b
: ; ! Z ! “ I " 1| M
T IR
ﬁ _ 1 I ] ) | f -
0 . i Pl o
[ [ iq
i | [ 1 | ]
| T R &
A T B I 13
Y T S R I
TR I T T T
¥ vm TM [ .NJ ’%
X _M m t_ﬁ¢ &

0

adnpg aanpesay &
2330NTI0Y m
aates des €y
PATEA 1011U0) g
DATUA
X
¢
- 10381030y
g oangsaxd Aoogd
s
g
n
A
9
ﬁnﬁx».:puunclnnuua ol
[~
g —ba 00
Ty P
T et e G Y
- v
iR 5E .
.A. .._m. 23 oL
o
i
. %4
histh

37U 369 I8A1E38) YosdoaI-IaydeT]

T°¢ 2an91g

————




£ -- fjuswafg Buypiway

81030894 04
83078 L

(od1q 12ddo)y pazyuely)

y38ua] paxyoeg adeuIng aojouay

ud Q0T ©3 Q6
‘@I wo {0
101289y °S§ PIZIuUOlY

pToTys addod

@a36K5 101089y o1dIITNH ped P>}oed ‘aeTnqnL ¥V

77 2In8¥d



2.2 Analytical Procedures

Exit gases from each reactor were analyzed using a chromatographic
train consisting of the following units:

® Hewlett Packard F & M 720 - thermal conductivity detector -
3.05 m Poropak Q¢ column - CO and COp detection - H, as
carrier gas. Hydrogen was used instead of He to prevent
incerference by Hs in the product stream on CO chromatograms.
Carrier gas flow rate = 80 cm3/min, column temperature = 40°C.

* hewiett Packard T & ¥ 720 -~ thermcl conductivity detector -
1.8 m molecular sieve 5A columm - Hy detectlon ~ N; as
carrier gas. Carrier gas flow rate = 80 cm /min, column
temperature = 40°C.

¢ Perkin Elmer 3920 (a) flame ionization detector - 3.05 m
n~octane on Poracil C - gaseous hydrocarbon detection, CHQ
to C, hydrocarbons - He as carriler gas. Carrier gas flow
rate = 40 cm3/min, column temperature = 40°C.

{b) flame photometric detector - 1 m
Triton X + 2 uw Carbopak columm - sulfur compound detection -
He as carrier gas. Carrier gas flow rate = 18 cm3/min,
column temperature = 40°C.

The carbon number distribution of the condensed products was obtained
with a Perkin Elmer %00 chromztograph using a flame ionization detector and a
3.05 o column containing 10% SP 2100 on 80-100 mesh Supelcoport. The column
was temperature programmed from 60°C to 350°C at 8°C/min and held at 350°C.
Helium, flowing at 30 cm3/min, was used as the carrier gas.

The weight % of sulfur on the catalysts was obtained via the high
temperature combustion Distert technique (ASTM method D1552). This method
could not be used for the alumina-supported Ru catalysts because the chlorine
on the alumina support interfered with the test. The sulfur content on the
Ru catalysts was obtained via an in-house combustion-gravimetric technique
using a Parr bomb similar to the ASTM method E257.
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2.3 Catalysts

The catalysts used and the corresponding run numbers are given in
the following table:

Table 2.1
Test Catalysts
Run
Catalyst Number

Precipitated Cobalt-based

1. 100 Co : 15.9 ThOp : 92.9 kieselguhr : 1.96 KpCO; 4

Precipitated Iron-based

2. 100 Fe + 21.8 Cu : 1.0 K2C03 5

Molybdenum-based

3. 3% Co-oxide + 11% Mo03/4l704 6

4. 3% Co-oxide + 11% MoO3/A103 + 3.45% K,0 6

5. MoS, + 3% KOH 7

Tunzs ten~based

6. 3% Ni-oxide + 10% W03/Al,C- 7
- 7. 3% Ni-oxide + 10Z W03/Al,03 + 3.3% Kp0 7

8. 10% WO3/Al703 + 3.42% KoG 7

Ruthenium-based

9. 17 Ru/Al;0q 8

10. 1% Ru/Al;05 + 107 KOH 8

Catalysts 1 to 8 were prepared by Harshaw Chemical Company; catalysts
9 and 10 were prepared by Engelhard. The preparation techniques usec 2re
given below.

Catalyst i [Harshaw Sample No. 689A-6-1-10]

Kieselguhr Celite FC Grade (S.N. 689A-1-1-4)
Nitric Acid Baker and Adamson Reagent

Cobal: Nitrate Harshaw Flake 453-009-68

Thorium Nitrate Mallinckrodt A.R.

Soda Ash Harshaw Light

Water Deionized

Johne-Mansville Celite (FC Grade) was acid treated by digesting for
five hours at 70-80°C with a nitric acid scolution. After washing with deiloniz
water, the material was calciped at 650°C for two hours. This material
(S.N. 689A~1-1-4) was used as the substrate.
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- A boiling soda ash solution and a boiling kieselguhr slurryv were added
simultaneously to a boilirg Co-Th nitrate solution, and the pP was adjusted
between 7.5-8.0. After fil:tering, the cake was washed with deionized water

at room temperature. The cake was dried at i10°C and treated with X2CO3 in a
water-alcohol solution. The ¥K3C03 was based on the available Co by analysis.
After drying, the catalyst was mixed with 1/2X graphite. Slugs 1.3 cm in
length were made with a RE-2 tsbletting machine andéd were subsequently crushed
and sized to 60-100 mesh granules.

Catalyst 2 [Harshaw Sample No. 689A-2-6]

Ferrous Chloride Mallinckrodt
Ferric Chloride Mallinckredt
Cupric Chloride Baker Reagent
Sodium Carbonate Harshaw Light
Potassium Carbonate Pure

Water Deionized

A chloride solution was prepared co contain 75 parts Fett, 25 parts
Fe+++, and 20 parts Cu. The solution was then heated to 70°C and mixed with
a hot (90-100°C) seoda ash soclution. The mixing was carried out as rapidly as
possible and was iimited only oy the large quantities of foam gererated. At
the final pH (7.2-7.5) the precipitate had changed from a dark brick red thick
past to a thin black metallic slurry.

The precipitate was then filtered and washed in a washing type
filter press using deionized water until the effluert had a2 chloride level
slightly lower than tap water. A potassium carbonate sclution was then
incorporated in the wet press cake. After drying, 60-100 mesh granules
were prepared.

Catalvsts 3 and 6 were commercial Harshaw catalysts ET-400 and
Y-0404, respectively. Catalysts 4 and 7 were prepared by impregnating
the corresponding sized catalysts with a solution cI KZCOB' Catalyst 8
was similarly prepared using Harshaw W-080l. The oS, catalyst was
obtained commercially from Climax Molybdenum as a technical grade reagent
and impregnated with XOH at Harshaw Chemical Company.

The 1% Ru/Alp03 wes obtaiaed frcm Engelhard in the reduced form.
It was prepared according to the procedure used to mapufacture their proprietary
commercial supported Ru catalysts. Catalyst 10 was obtained by impregnating
the reduced Ru catalyst with KOH.
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2.4 Reproducibility of Results

In this subsection protlems encountered guring experimentation
will be discussed, and the reproducibility of the data will be established.
All detailed experimental conditioms, results ard calculations are given in
Appendix D.

In run 4, reactors 5, 6, and 7 contained sulfur-free catalyst and
hence were identical. During Experiment 4-1, reactor 6 gave a very low
conversion. This was thought to be due ro catzlyst bypassing. The reactor
furnace was opened, and reactor & was tapped with a hammer. Results from
reactor 6 improved during Experiment 4-2, but the conversions were still
lower than those from reactors 5 and 7. Reactor & was tapped once more,
and a slight lmprovement was zoted again during Experiment 4-3. It was
concluded that (a) gas was bypassing the catalyst in reactor 6, and (b) this
situation could impro—e as the run proceeded. The last conclusion was
justified when resctors 5 and 6 gave identical results in the last experiment
(4-8). Catalysc bypassing has been knowm to be a problem in Fischer-Tropsch
synthesis. Waxes that form during the synthesis or durimg catalyst induction
could cause the small catalyst particles to adhere together and hence cause a
poor gas distribution within the bed (2). Similar problems regarding
catalyst bypassing were not encountered in other runs.

Another problem which may arise during Fischer-Tropsch synthesis is
that of reactor plugging. We encountere¢ this problem only once. Reactor 3
plugged during Experiment 4~6; this caused the gas flows into the other reactors
to fluctuate during the course of this experiment, and the accuracy of the data
was impaired.

Finally, large fluctuations of gas flow rate were sometimes observed,
for example, in reactor 6 during Experiment é~1 and in reactor 5 during
Experiment 8-10. Results obtained under such conditionms will not be discussed.

The average range (R) and standard deviation (0') of the measured
values were calculated from replicate sets of data for rums 4, 5, and 6.
The standard deviation was obtained by dividing R by a factor which was
dependent on the number of observations in a subgroup. Ir our case, the
number of cbservations in a subgroup was 2 and the factor was 1.128 (7).
Table 2.2 indicates the values of R and J' and thus the reproducibility
of the experimental results. The standard deviation of the various
measured conversions and yields was often well below 102 of the measured
value. This proves that the data obtained during experimentation were reliable.

Analyses of exit gases (H,, CO, COz, CH, - C, hydrocarbons) were
accurate within 10%Z. The largest inaccuracy was in measuring the rzactants
flowing into each reactor, and in ensuring that the flow and the H,/CO ratio
remained constant throughcout the rur. The result that was most dependent
on the above errors was the calculation of selectivity: CC converted to Cgt
hydrocarbons. This value was obtained by subtracting the amount of CO
converted to gaseous products (i.e. COp, CHy - C hydrocarbons) from the
total amount of CO cocrwmed in the reaction. Unlike cobalt and irom
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Table 2.2

COy-free contraction, 7
Hydrogen conversion, %
Carbon monoxide conversion, 2

CO converted tc gaseous
products% 1mol /min

CO comverted to Cs+
hydrocarbons, umol/min

Selectivity: 7 CO converted to CH,,
2 CO converted to Co,

% CO converted to Cqt+
hydrocarbons

Run /4 Run 5 Run &
RZ a'2 . RZ o'% RZ o'2
1.6 1.4 1.6 1.4 4.5 3.9
1.1 1.0 4.3 3.8 5.4 4.8
2.3 2.0 0.6 0.5 2.2 1.9
11.3 10.0 3.4 2.9 3.0 2.7
4.9 4.3 6.3 5.6 x %
13.8 12.2 3.8 3.4 2.9 2.6
12.9 11.4 3.9 3.5 4.6 4.1
3.4 3.0 4.8 4.3 £

R: average range for the normalized difference betweer replicate measurements
o'

standard deviation of the measured {oz calculeted) values

A sample calculation of R and o' is givern in Appendix C.

1 CHy,, Cy - Cz hydrocarbons and CO,

*gee test

Run 4: reactors 5 and 7 were compared except for experiment 4-8 when
reactors 5 and 6 were compared (see text)

Run 5: reactors 5 and 7 were compared

Run 6: reactors 6 and 7 were compared

Run 7: d1dentical catalysts were not used

Run 8: the results will be discussed separately during anaiysis of the
data on ruthenium-based catalysts



catalysts, Co-Mo amnd W-based catalysts produced significant quantities of
gaseous products, compared t¢ condensed products, hence the calcularion of

the value of CO convertad to Cs+ hydrocarbons was dependent on the subtraction
of two lacge numbers causing the errors for the selectivity to Cs+ hydra-
carbons to be increased. The value of zero for this selectivity in the tables
in Appendix D should probably read O4+%. There is hence a large uncartainty
when values of the selectivity lie between 0 and 10% (asterisk in Table 2.2).
There iz & simiiar large uncertainty when the conversion of Hp or CO is
betweer. 0 and 10%; thils occurs with some catalysts in runs 7 and 8.

Finally, an example will be given to show the reproducibility
of two separate runs. Experiments 4-4 and 4-6 were performed under
similar conditions. And though problems were encountered during the
latter experiment, it is interesting to compare the results of reactor 5
for these two experiments. It must be noted that Experiment 4-5, with a
different Hy/CO ratio, was performed in between Experiments 4~4 and 4-6,
and the results of Experiment 4«5 are quite differeant from those of 4-4
and 4-6. The good comparability of results (Table 2.3) on similar experi-
ments done two days aparc with a totally different experiment dome in
between shows that the data are capable of being reproduced and are quite
meanipgful.
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Table 2.3

Comparison of Results from Reactor 5

Catalyst: Cobalt-based

The experiments were performed two
days apart, and the experimental
conditions were quite similar.

Experiment [ 4=6
Nominal S, wt % 0 0
Pressure, kPa 1100.90 1100.00
Space-velocity, V/V/h 217.00 201.00
Inlet Hy flow, cm>/min 119.36 111.82
Inlet CO flow, em’/min 61.52 55.54
Reaction temperature, °C 196.00 195.00
Avg. contraction, % 91.56 91.99%
COz—free contraction, % 94.10 94.54
H, converted, ¢m /min 115.36 107.09
H; converted, imol/min 4651.42 4318.06
H, conversion, 23 96.65 95.77
CO converted, cm”/min 58.81 £5.19
CO converted, utmol/min 2371.12 2225.45
CO conversion, 2 95.58 99.36
H, usage ratio 0.66 0.66
Gaseous products, wmol/min
CHy, 125.10 114.51
C,Hg 21.97 20.80
CaHy 0.00 0.00
C3Hg 29.21 23.25
C3Hg 12.46 5.01
n—Caﬂlo 12.11 11.80
1-C4H8 . 2.78 0.64
C02 184.84 172.17
Total hyde. gas, wmel/min 194.66 176.13
CC converted to gas, Lmoa/min 511.55 463.29
CO converted to hyde. gas, 1mol/min 326.70 291.12
CO converted to C5+ hydrocarbons
umgl/min 1859.56 1762.15
cm” /min 46,12 43.70
Selectivity, X CO converted to:
Cs+ 78.42 79.18

CH,; 5.27 5.15



L g b e

J a1

PR

_16..-

2.5 Transport Phencomena

The intrusion of artifacts such as intraparticle (internal),
interphase (extermal), and interparticle mass and heat transport effects
during the investigation of a heterogenecusly catalyzed reaction can
complersly mask the intrinsic kinetics of the reaction (8,9). Often,
the different behavior of an identical catalyst for the same reaction in
different reactor systems (10) may be attributed to the influence of
transport effects. Recognizing that transport phenomena can dicguise
results and lead to imaccurate conclusions, one must use =vailable
theoretical criteria to check design parameters fr possible interference
by the artifacts mentioned above. Gener: "y, the relative importance of
effects fall in the order: interparticle aeat transport > interphase hear
transport > intraparticle mass transport > interphase mass transport >
intraparticle heat tramsport (11, 12).

The Fischer=Tropsch synthesis 1s difficult to study for several
reasons. The high exotherwmicity of the reaction can lead to large temperature
gradients. Often low space-velocities, large residence times, are required,
and the particle Reynold's number (Re_ ) is hence small; Re, < 5. As the
reactants, H, and CO, combine to give  high molecular weight condensible
products, there is significant gas contraction, and the molar gas flew rates
at the entrance and exit of the reactor may be different by as much as an
order of magnitude. The Reynolds number would hence be different in differenmt
parts of the reactor giving rise to different heat and mass transfer coefficients
which could lead to non-uniform heat and mass transfer effects (13). Moreover,
deviations from plug-flow could also arise. At the temperatures and pressures
used, the pores of the catalyst contain liquid hydrocarbon products (14). The
diffusivity of reactants into the liquid-filled pores would be approximately
three orders of magnitude smaller than vapor phase diffusion, thus increasing
the problems of intraparticle mass tramsport. In catalytic reactions it is
assumed that mass transport into pores takes place by molecular diffusion.
This assumption is generally valid. However, in certain cases when gases
react to give liquids or vice versa, a large pressure gradient could arise
between the pore-mouth and the end of the pore. In the case of FT synthesis
one can speculate that a higher reactant gas pressure at the pore-mouth
could givs: some resistance to the flow of liquid products out of the pores,
and this could lead to the occurrence of secondary reactiops. A detailed
analysis of the reverse case, liquid + gas, using D'arcy's Law, is given
elsewhera (15).

“me common approach for minimizing transport effects is to adopt
differentia’ {low overall conversion) conditions by mamipulating the space-
velocity, pressur.,and temperature. This can be readily done for most
reactions. Expe.imental parameters, however, critically affect product
selectivity in the Fischer-Tropsch synthesis. TFor example, z FI study at
1 atm pressure and high space—velocity conditions which shows some formation
of methane and light hydrocarbon gases as the main products would not
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correctly represent the reaction carried out 2t 15 atm and a low space-
velocity which gives condensed products. As stated before, FT synthesis is
useful for obtaining middle distillate fuels, and hence reaction conditions
must be used to give hydrocarbons ur to a carbon number of about C,g, i.e.
to allow the condensed product selectivity pattern to develop fully.
Integral operation hence becomes necessary, and the problems of transport
phenomena are magnified. The effects of physical artifacts have never been
sufficlently analyzed for FT synthesis, and except for the data of Andersom,
Rarn, and Shultz {16) little mention of their importance has been found in
the ¥T literature. Table 2.4 gives some of the results of Anderson et al.
(16) on reduced and nitrided fused iron catalysts.

Talle 2.4

Variation of Activity with Particle Size (16)

Partieclie Size Reduc=d catalysts Nitrided catalysts
Radius, cm Activity * Activity *
0.152 40 75
0.116 54 77
0.0508 105 156
G6.0225 185 228
0.0135 210 222

* Here, activity is defined as cm’ (NTP) of H, + CO converted/gFe/h at 240°C,
2.16 MPa, and space-velacity = 300 V/V/h.

The above table indicates that activity measurements on catalyst
particles larger than about 0.027 cm were influenced by intraparticle
diffusion. Calculations by Shultz et al. (14) based on a simplified model
indicate that tne effective depth of the catalyst pore is only 0.01 to 0.04 em.

Using criteria which have been recently proposed to check for
transport effects in heterogeneous catalysis (11, 17 to 21) we shall discuss
conditions under which FT synthesls, studieé in a tubular plvg-flow reacter,
may not be significantly infiluenced by heat and mass tramnsfer.

Assuming there is no strong product inhibitien (2), the Weisz-
Prater (17) criterion for internal diffusjon may be used to obtain catalyst
granule size for operation without problems sssociated with intermal
diffusion:

Damkohler mmber for diffusion = DaII = CD

-1 i1
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From our work the rate of reaction (r) = Z x 1078 mol s Tem3 of

ratalyst. As mass transfer through the pore invoives dissolution and diffu-
sion of reactant gases through liquid hydrocarbons, the concentration (Cg)
was obtained from solubility data (22, 23), and the bulk diffusivity (D) was
obtained via the Wilke-Chang equation (24, 23); Cg = 1075 mol em™3 and

D=2 x 107% cm?s™l. The effective diffusivity (D) may be obtained by
reducing D by a factor of 10 to allow for the porosity and tortuosity ot

the cztalyst; D, = /10 (9). The particle radius (Rp) may be calculated
from equatica [1]:

R < [csnelliz
r

Rp < J.wlem

The effective particle diameter (d_) should not be greater than
0.02 cm. This value can be favorably compazed to the experimental ebserva-
tion given in Table 2.4 and also to tie calculation of Shultz et al. {14) -
Much .f the previous FT work has been done on considerably larger catalyst
parti~les; Dry et al. (25) used particles of 0.3 to 0.4 cm diameter, Eidus
et al. (26) used particles sized 0.4 x 0.4 cm, and Anderson and co-workers
usually used particles with a diameter of 0.2 to 0.3 cm. This indicatec
that much of the previous work on Fischer-Tropsch synthesis was influenced
by internal diffusion. . In our work particles between 60 to 120 mesh size
(0.025 em to 0.013 em) were used. Due to the small particles and low gas
flow rates used in our work the values of Re, are low:

0.1 < Re_ < 0.3
S Rep 2

At such low Re_, values of particle Sherwood pumbers (S ) and
hence mass transfer coef?icients (k,) are small and are not known accurately.
For example, at stationary conditicns Miyauchl et al. {27) obtained §
equal to 9.4, wher=zas at Rep = 0.1, Sh values as -low as 10-3 have als® been
obrained (28, 29). P

The Hudgins criterioa (18) may be used to obtain the minimur value
of k, required in order that external mass transfer does not dominate. The
gas concentration (C,), obtained at 1.5 MPa pressure and 240°c, is 3.6 x 10~
mol em-3. As the order of, reaction (n), to at least a first ‘approximation
(23), wiih respect to the concentration of synthesis gas is one, the criterion
becomres:

4

2 20.3 12]
m o

=

K, >3.7x 107" em s71
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Gas phase diffusivity was calculated vis the Gilliland equation (30) at
1.3 MPa pressure and 200°C; D =~ 0.07 cm? 71,
; Therefore,
— Sh =ﬁ§2>97x10‘5
P p ~°
The above vzlue of Sh_ is less then the vilues given in the literature for
= Re_ = 0.2, Hence, thE effect of externa mass transport will not be
important.
It should be noted that gas-liquid mass transfer was assumed to
take place in the catalyst pores whe:reas interphase transport was assumed
to oceur via gas phase diffusion. Yurthermore, 1if the reaction order with
respect to any reactant is zero then the problems of intraparticle diffusion
with respect to that cowponent is reduced, and the problem related to inter-
prhase diffusion would not arise.
1 The use of small gra—ule sizes is also helpful in avoiding intra-
partirle and interphase heat transport effects. Anderson's criterion (9)
- can bc vsed to check the former effect.
- AHRfT T
Damkohler number for conduction = Da_ . = -——E' < 0.75 —EEE 133
IV AT, E
where: -1
AH = exothermic hieat of reaction = 209 kJ mol
R, = gas constant = 8.31 J mol-ix-1
A~ = thermal c?nductivity cf the catalyst particle
L S4x107tg s~lemmix-1l (9)
T_— = surface texperature of the catalyst = 513 K
R, =0.01
IHS (2 x 107%) < RES (3.8 x 107%)
The criterion is obeyed, and hence intraparticle heat effects will not be :
important. .
J:ist as in the case of Sh_, the values of the particle Nusselt
sumber (Fu,) at low and hence the heat transfer coefficient (h) are
I small and are not known accurazely. For example, :un’: and Suzuki (29),

— and Nelgon and Gallowzy (28) give values of Nup between 5 x 1073 and

5 x 107% for Rep = 0.1. Gunn and De Souza (31), however, note that large
errors could exist in measured values of Nu_ at Re. < 1 due o the severe
inflvznce of axial dispersion. At iow Re., Nu_ measured by Gunn and
DeSouza approached a limiting value of 10. In our analysis of interphase

T .ssumed in the calculationm zo be close to the bulk temperature (Ty)
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heat transporr, we will use Mears' criterion (1l) to obtain the minimum
value of h, and hence Nu_, require: in order that external heat transfer
does not inflvence the rRaction.

AHR T - 0.15R T
—L < — _ 8D (41
hT, = E

ho> TLIx10703 s len 2kt

The thermal conductivity (kg) o»f the gas mixture [H2/CO =1} = 1.3 x 10~3
J s~lemm1R-1,

Tﬁerefore, -
No_ = Mp > 192
p kg
This Tequired value is easily obtained for Re_ = 0.2 according to the

postulates and observations of Gunn and De Sogza {31) but may not be obtained
from the results of other experiments (29). Hence, it is difficulr to
ascertain the problem of interphase heat tramsport precisely. FRs=cently,
however, Wakao (32) argued that the low values of Sh, or Nu, reported in

the past were due to erroneocus assumptions. His analysis showed that in the
range of Rep = 0 to 1,Sh% or Nu, > 1. This result agrees favo ably with

that of Miyauchi et al. (27), and Gunn and De Souza (31}, and Indicates that
our experiments are free frem externmal transpert problems. In zny case, the
minimum required value of h, 103 J s~lcm=2x~1, is small, and external
temperature gradients, if present, would be small.

When reactors are operated in the integral mode the problems of
interparticle transport (i.e. radial and longitudinal tramsport effects)
are particularly difficult to control. Radial mass transport effects are
usually not as serious as radial temperature gradients which, if neglected,
can cause the reaction rate at the reactosr axis to be substantially differeat
from that at the wall (33). This can also drastically arffect preduct selectivity.
For an exothermic reaction such as the FT synthesis, radial temperaturs
gradients in laboratory packed bed reactors can be a mejor problem because
high axial temperatures could lead to excessive methane formation amd carbon
deposition. Furthermore, longitudinal (axial)} dispersion effects and back-

mixing can also distort reactor performance when high cogyersions are sought
(34). p
re

In addition to providing a good reactor furnace or other heat
transfer medium such as boiling Dowtherm, two techniques used to maintain
isothermal operation are to dilute the catzlyst with an inert substance
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and to reduce the diameter of the reactor. A substance which m2y be inert
by itself for thc 7T reaction e.g. kilesleguhr, may act differently in
conjunction with an active catalyst; moreover, problems of catalyst
bypassing become more severe with catalyst dilution, and hence we 2id not
add inert solids to dilute our catalysts. Also as 20 to 50 cm3 of catalvst
was to be used, the siallest internal reactor diameter that could be ussd
without causing the reactor to be unmanageably long was 0.77 cm ID (3/8"
OD tube). The Mears' criterion (11) to check for the sigrificance of
radial temperature gradients is .

tnalr(1-g) < 1.6 PpJ/E (5}
ko Ty 1+ 8/31w
where:
dt = Internal tube diameter = 0.77 cm
'I'w = wall temperature = 513 K
€ = bed void fraction = G.5
ko, = radial effective thermal conductivity of catalyst bed
Bi, = wall Biot number = hyd¢
T
and hw = heat transfer coefficient at the wail

ker

For our conditione, a conservative value of k. is given by 3= =
(35); therefore ker = 6.5 x 1073 J s~lem~1k1, A conmservative value o
may be taken to bé approximately 0.2 J s~ em~ig~1 (36). Hence, Bi, = 2.5.

For equatiom [51}
LES (3.7 x 1072) < RHS (6.2 x 1072)

The above criterion is just barely obeyed for a reactor with a dy value of
0.77 em. Larger values of ¢p, often greater tham 1 cm, have beez used
frequently in the past (25, 26, 37) possibly resulting in large radial
texperature gradients.

Though a small vaiue of d; is necessary to avoid radial temperature
gradients when studying exothermic (endothermic) reactions, the ratic d./d
should not be less than 10, or wall effects could become serious (20). Wall
effects occur due to the fact that the packing is more open near the wall, and
therefore the fluid velocity is larger there than at the reactor axis. This
could lead to a lower conversion near the wall, and hence the apparent activity
of the bed would be lower. In our case dp/dp = 39, and therefore wall effects
will be negligible. It is interesting to note that though Dry et al. (253),
Eidus et al. (26), and Karn et al. (37) used dy values greater thar 0.8 cm,
che particle sizes used were also large, and hence the ratio dtldp was less
than 10, and wall effects could have been present.



The effects of longitudinal dispersion of heat and mass can be
important. The low flow rates and small catalyst particles used would
cause the axial Peclet numbers for thermal (Pehz) and mass (?emz) transport
to be small, and this could result in problems associated with longitudinal
temperature and concentration gradients.

udE upC 4
I3 = Pe. = e
®mz ~ D, hz Koz
vhere: 1

u = superficial velocity = 0.75 cm s

; Dy = axial dispersion coefficieng—— assume equal to D
0 = gas density = 4 x 1073 g cm -1 -1
Cp = heat capacity of gas at constant pressure = 2.76 J g K
ko, = axial effective thermal conductivity - assume equal to kg,
Pemz = 0.21 Peyp, = 0.03

As Pemz > Pehz’ axial thermal dispersion problems will be greater.

Mears' criterion (20) will be first used to check for axial mass
dispersion effects.

L_, 20n q, Sinitial 71
dp  Pemz  Cgynal

where:
L = packed bed length = 90 cm

Even if a high conversion of 95% is assumed, criterion [7] is easily obeyed,
and axial mass dispersion will not affect the reaction.

The criterion attributed to Young and Finlaysor (21) for axial heat
dispersion at the reactor inlet is

{AH)dpT
(T,-T JugloPey ,

<< 1 [8]

where:
'I'i = pgasg temperature before entering the reactor = 300 K

LHS = 0.2

Criterion [8] is obeyed but only by a factor of 5. Experimental measurement

of the terperature along the axis ~f the packed bed is necessary tc demonstrate

the presence or absence of significant axial heat dispersion.

Figure 2.3 shows the thermocouple placements in the various reactors
for run 4 with the cobalt-based catalyst. The traveling thermocouple in
reactor 7 was used to check for any iongitud nal temperature fluctuations in
the bed, especially during the beginning of the experiment when het spots
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Figure 2.3

Thermocouple Placements in Run &
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could develcp. _NO such hot spots were found in Experiments &4-1 to &4~7 when
the catalyst temperature was maintained at about 198°C. The temperature
profile along the length of the bed for the experiments varied usually by +
2°C. The maximum deviation of temperature was about 10°C in the beglnning
of the run and about 5°C after the run had progressed for about 1/2 h.

Figure 2.4 shows the thermocouple placements in the various
reactors for run 5 with the iron-based catalyst. Once again, the traveling
thermocouple in reactor & was used to check for any longitudinal temperature
fluctuations in the bed. The hottest part of the reactor was approximately
S to 10 em below the catalyst inlet, and the extent of the hot zone was not
more than 5 cm. The deviation in temperature depended on the reaction
temperature. In Experiments 5-7 to 5-12 when the reaction temperature was
24C°C or less, the temperature deviation of the hot zone was not more than
5 to 10°C. At reaction temperatures cf 250 to 260°C, the increase in
temparature was about 15°C or less. At the highest temperature used, 270°C
the temperature rise was 25°C. In all cases, the temperature profile along
the length of the bed, excluding the 5 cm iong hot zone, was quite flat with
a maximum variation of + 2°C.

It is felt that th. experimerts in run & (exciuding Experiment 4-8)
and in run 5 were not influenced by longitudinal temperature gradients.
Traveling thermocouples were not used in other runs.

t can also be deduced from our experiments that radial temperature
gradients were insignificant. Reactors (B) containing the 3.2 mm diameter
sheath for the traveling thermocouvple (Figures 2.3 and 2.4) have a reduced
effective reactor radius. The path for radial heat transport is hence
smaller, and heat transfer across the bed would be facilitated. if radial
temperature gradients were present, they would be more predominant in
reactors (A) fitted with the stationary 1.6 mm diameter thermocouples.

If large radial temperature gradients were present, the axial
temperature would be much larger than the reactor wall temperature, and the
following results may be expected:

a. Larger quentities of CH& ard COp would be produced in
reactors A than in reactor B.

b. Larger auwount of CO would be used to give C5+ hydro-
carbons in reactor B.

¢. The selectivity to C5+ hydrocarecons and the contraction
would be nigher in reactor B.

However, the results obtained from reactors 5 and 7 for run 4 have been shown
in the section discussing reproducibility of results to be close. Similarly
experimental values for reactors 5, 6,und 7 in run 5 (Appendix D) are also
very close to one another. This identity of results in the two, differently
packed reactor systems substantiates the premise that radial temperature
gradients are not masking cur resul:s,



- 25 -

Figure 2.4

Thermocouple Placements in Run 5
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In order to further indicate the validity of the above arguments,
we shall discuss an experiment in which temperature gradients were most
probably present. Experiment 4-8 was performed at a high temperature, 215°C
+ 3°C. This is an extreme temperature for the cobalt catalyst, and 98+X
conversion of the reactants was obtained. Under such extreme conditions, a
hot spot was noted about 5 cm from the top. The temperature of the spot was
318°C, and this was 100°C higher than anywhere else in the reactor. The hot
spot was extremely small, and the temperaruTe 1 cm below the spot uas 220°C.
The temperature of the hot spot decreased by more than 50°C during the course
of the run. The temperature profile along the rest of the bed was flat. It
was also noted in Experiment 4-8 that the results of reactors 5 aud 6 were
very similar to one another but were quite different from the results obtained
from reactor 7 (Figure 2.3). Assuming that radial :temperature gradients were
now present at the high reaction tcmperature, then due tc the ressons given
above, reactor 7 would have a much smzlier radial temperature gradient than
reactors 5 and 6. The ~electivities would be different as indicated above.

This is exactly what was found during Experiment 4-8 as showm
in Table 2.5.

The above analyses ¢S the possible interference ¢f various aspects
of transport phenomena indicate the complexities invelved whiie studying the
FT reaction. Catalyst particle sizes greater than about 0.02 ecm would
magnify problems associated with pore diffusion and perhaps alsc with internal
heat transfer. However, the use of small particles reduces Rep and hence kg
and h. And this reduction of the transfer coefficients, in turn, could lead
to problems regarding exctarnal heat and mass transfer. This could probably
be offset by using space-velocities higher than 300 V/V/h, but care would
have to be taken td note whether increased space-velocities significantly
changed the selectivity patterns of the reaction. Finally, the use of
tubular reactors with internal diameters greater than about 0.8 cm and the
use of short packed beds could lead tc problems associated with radial and
axiz. dispersion effects.
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Tabl= 2.5

Results from Reactors 5, &, 7 in Experiment 4-8
Referlto Figure 2.3

Reactor 5 S 7
Nominal S, wt % o . 0 0
Pressure, kPa 1600.00 1600.00 1600.00
Space-velocity, V/V/h 215.00 213,00 218.00
Inlet H, tlow, co3/min 120.06 118.72 121.43
Inlet €O flow, ¢m3/min 59.39 58,72 60.05
Reactor temperature, °C 212.00 216.00 215.00
el
Avg. contractiom, % 73.67 72.24 39.34
Cop-free contracgion, x 8l.32 80.17 92.96
H, converted, em /min 118.11 116.45 118.46
H, corverted, Mmcl/min 4723.21 4656.52 4737.25
Ho conversicn, Z - 98.37 98.08 97.56
CO coaverted, cm3 /min 59.30 58.63 59.97
CO converted, ‘mol/min 2371.25 2344.50 2398.34
CO conversicmn, % 05,84 99.84 99.R6
Hy usage ratio 0.66 0.66 0.66
Gaseous products, Hmol/min
CH,, 1033.21 1076.95 281.79
CoHe 70.42 57.21 32.46
58, 0.00 0.00 0.00
C3H3 36.95 29.37 31.04
C3H6 Q.00 0.00 0.00
n—Caﬂlo 1£.57 16,79 15.56
1-C,Hg 0.00 6.00 0.00
COo, 545,28 562.46 262.58
Total hyde. gas, 1mol min 1159.1% 1180.32 360.86
CO counverted te gas, (mol/min 1908.5C 1907.12 764.70
CO conv. to hyde. gas, ymol/min 1359.21 1346.65 502.11
CO converted ta Cgt hydrocarbons
umeol/min ) 462,75 435.38 1633.64
e /min 11.57 10.88 40.85
Selectivicy, £ CO converted to:
Cs+ 19.51 18.57 68.11

It can be concluded that in Experiment 4-8 reaﬁtors 1l to 6, which have been
packed in tlie usual way, have large radial temperature gradients, and corres—
pondingly the production of condensed hydrocarbons is quite low.



