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SECTION 4 - THEORETICAL COMPARISON OF REACTORS

This section is divided into five areas:

4.1 The Fischer-Tropsch Mechanism
4.2 The Reactor Models

4.2 Discussion of Results

4.4 Conclusions

4.5 Mechanism Improvements

A reasonable mathematical description of Fischer-Tropsch kinetics is
essential to a successful modeling effort. Section 4.1 describes the
approach taken in the development of the mechanism, the requirements and
assumptions built into the mathematics, and the resultant product rate
expressioﬁs. ‘

Section 4.2 discusses the incorporation of the mechanism into the
three different reactor models. The heat and weight balance equations
used for each system, as well as the necessary support subroutines, are
discussed in detail. A description of the capabilities built into each
reactor model concludes Section 4.2.

Section 4.3 is divided as follows:

1. Data Fitting _
2. Reactor Variable Studies, and
3. Reactor Comparisons

Data fitting is a very important part of any modeling effort in that
it gives a direct indication of the reliability of the model. 1In this
case, reasonable agreement of fit parameters common to all three reactor
systems suggests that the equations chosen to describe the mechanism and
reactor systems are good approximations. Section 4.3 describes the
approach used in the selection of fit parameters and the results of the
data fitting.
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Confidence generated in the system equations through data fitting
naturally leads to the exploration of operating parameter effects on
conversion and product yield structure. These variable studies are pre-
sentad for each reactor system.

The final objective of the modeling effort is to compare the Fischer-
Tropsch reactor systems for inherent strengths and/or weaknesses. The end
of Section 4.3 discusses these reactor comparisons and coupled with the
physical comparison of reactors (Section 5) provides a foundation for the
overall conclusions presented’in the Summary.

Section 4.4 lists conclusions based only on the theoretical
comparisons.

Although the mechanism discussed in Section 4.1 is capable of
describing gross product yields and, therefore, fulfills the requirements
of this report, a more in-depth understanding of Fischer-Tropsch reactor
systems can be gained by the incorporation of certain mechanism improve-
ments. Section 4.5 discusses these improvements and describes their incar-
poration into the original mechanism.

4.1 MECHANISM

Anderson, et al. (30), Vannice (31), Catalytica Associates, Inc.
(32), Oak Ridge (33), and Ponec (34), have all given excellent reviews of
the existing theories on mechanisms for the Fischer-Tropsch reaction. 1In
general, the vast majority of the data are discussed in terms of three
mechanisms: the hydroxy-carbene mechanism, the formy] mechanism, and the
carbide mechanism. At various points in Fischer-Tropsch history, each of
these has been generally favared aver the other two, and none of them can
be clearly eliminated from consideration. Even ihcugh each has its own
distinctive active intermediate, there is still a great deal of commonal-
ity among the mechanisms.

This commonatity is the foundation for the four minimum criteria that
must be met to adequately describe the Fischer-Tropsch mechanism:
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A. The mechanism must be a poclymerization process. For the Fischer-
Tropsch reaction, this involves the formation of an active species fol-
lowed by propagation of alkyl chains, one carbon at a time until termina-
tion occurs by severing the catalyst-carbon bond. This, then, leaves an
active species available to begin the chain propagation again.

B. The mechanism must be consistent with the generation of normal
paraffins and olefins as primary products. This is consistent with the
polymerization process described above, and typifies the product yields
obtained from iron catalysts. The remainder of the product consists

primarily of oxygenates, aromatics, and branched olefins and paraffins
(30-34).

C. The mechanism must reflect the non-selective nature of the
carbon number distribution as described by the Schulz-Flory analysis (35).
With the exception of the light hydrocarbons, i.e., C1-Cg, a plot of the
natural log of the mole fraction of carbon numbered species versus the
carben numbers closely approximates a straight line. By making the assump-
tion that all hydrocarbon species on the catalyst surface have an equal
probability to add a carbon and form an oligomer cne carbon longer, Schulz
and Flory (35) were able to statistically predict the Fischer—Troﬁsch prod-
uct distribution by carbon number. The above assumption led to an equa-
tion of the form:

Xp = p"1(1-p) (1)
which when put in Tog form becomes:

InXp=nlnp+1n l%ﬂ (2)
This can be seen to be the equation of a straight 1ine with sliope, 1n p,
and intercept, lﬁﬂ . Knowing p, one can now calculate a term called the

"Degree of Polymerization" which is defined as:

=1
0P = 175 (3)
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The degree of polymerization is a measure of the extent of the
polymerization reaction. It can also be used to describe the average
Fischer-Tropsch product distribution. For example, Figure 4.1-1 repre-
sents the weight fraction of C, versus n at different degrees of polymeri-
zation (32). It should be noted that as DP increases, the product distri-
bution becomes very broad. At a DP equal to 6, the Cg oligomer is the
most abundant species on a weight basis, but only accounts for 7 wt-% of
the total product. This truly is a characteristic of the Fischer-Tropsch
reaction and is an indication of the non-selective nature of the polymeri- -
zation process.

D. The mechanism should incorporate an equilibrium between the
olefins on the catalyst sites and the oclefins in the surrounding gas or
Tiquid (36, 37). The paraffin production is a termination reaction, and
the evidence that paraffins do not initiate new chains or insert into
existing chains is strong (37, 38, 39). For olefins and oxygenates, the
evidence is that they are reactive and, although it is not completely
¢clear, appear to be reactive largely through chain initjation {38-41). In
explaining the mechanism of the bi-functional Fischer-Tropsch catalyst,

P. D. Caesar, et al. (36), proposed that "Chain propagation by
coordination of a-olefins becomes the major route in iron Fischer-Tropsch
chemistry as the reaction temperature is raised from 250-350°C". It seems
likely, then, that there is an equilibrium, either chemical or physical,
between the olefins on the catalyst sites and the clefins in the gas or
liquid surrounding the catalyst particles.

Figure 4.1-2 is a schematic representation of the mechanism used in
all the reactor modeis. M represents an "active” metal site. Whether M
is a carbide, hydroxy-carbene, or a formyl structure is not important. It
is merely a location where chain propagation can occur. The polymeriza-
tion -process proceeds by addition of CQ and nydrogen to an alky! chain,
M{CH2)n-1H, forming another alkyl chain one carbon Tonger, M(CH2)pH, while
Tiberatirg Hp0. This process is continued from M(CHz)pH to M(CH2)n+1H,
and so forth.
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Two reactions are responsible for the production of the primary
products. The first is the hydrogenation of an alkyl chain of any Tength
to form a paraffin. The second is an equilibrium adsorption-desorption
step to form an olefin. In both cases, when the active intermediate is
"terminated", another initiation site, MH, is created, which can again
participate in chain growth by reacting with CO0 and Hp. The mechanism,
therefore, operates with a constant number of active catalyst sites. This
is important if the mechanism is expected to reflect a Schulz-Flory distri-
bution of products.

In the development of this mechanism and in the development of the
rate expressions which describe the mechanism, some important assumptions
were made. These were as follows:

A.  Since oxygenated products, excluding Ho0 and CO2, seem to be
formed in a manner similar to olefins and since the quantity formed is
small for most Fischer-Tropsch catalysts, oxygenates are not considered at
this time.

B. Branched olefins and paraffins are considered to be produced
from the recoordination of olefins, i.e., the reattachment of olefins to
the metal site. Recoordinztion is part of the proposed mechanism. How-
ever, distinction between recoordination of olefins in the branched form
versus the unbranched form is not made.

C. Aromatics are considered to be small enough fractions of the
total product to be eliminated from consideration at this time.

D. Catalyst deactivation is not considered.

E. The formation of free carbon is not considered, neither is the
second route to methane through free carbon suggested by Dry {(6).

F. The Schulz-Flory assumption that "All hydrocarbon species on the

catalyst surface have an equal probability to add a carbon and form an
oligomer one carbon longer," in kinetic terms suggests that the rate
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constant for polymerization is a constant function for all carbon numbers.
This assumption is adopted not only for the polymerization rate constants
but also for the paraffin termination and olefin formation rate constants.

G. The powers on all reactant and product concentration terms in
the mechanism are assumed to be unity.

H. The steady state assumption is used on the rates of
formation of all metal site complexes.

I. The total number of "active" metal sites s assumed to be
constant, i.e.,

n
[CAT] = MH + M{CHa)H + X M(CHz)jH = CONSTANT (4)
i=2

Performance data in the Jiterature show clear limitations to some of
these assumptians. However, they are adequate for a first test of the
mechanism on real data and for evaluation of gross product changes as a
function of reactor design and operating conditioens.

Based on these assumptions, then, the final product rate expressions
(2as derived in Appendix A) are: '

Methane
TCHg = C ky [HZJ [MH] (5)

Paraffins n > 2

n »
"CnH2n+2 = (A"'l C+8 1. ?2 A”“[Ciﬁzil) kylHaJ [MH] - (6)
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Olefins n > 2

n .
rCoHon [(0 (An-l C+ B_ 3 2An-1 [CiHZi]) - EK% [CnHZn]J [(MH] (7)
i =

The simplified rate expression adopted for the water-gas shift is as
follows:

™G = kWG ([CO][HQO] - {C02][Hz]) [cAT] (8)
Keyg

It is assumed that this reaction proceeds in parallel with the
Fischer-Tropsch reaction. Since Fischer-Tropsch catalysts have shift
activity, the rate of reaction is assumed to be proportional to the cata-
iyst concentration [CAT]. However, as it is not known whether the shift
reaction requires the same active metal site as the Fischer-Tropsch reac-
tion, it was decided that it should not compete for the same catalyst
sites. Therefore, in this study the shift reaction is not assumed to be
proportional to available Fischer-Tropsch initiation sites [MH], neither
does it influence their concentration. The importance of the shift reac-
tion to the understanding of the differences between reactor systems is
discussed later in this report.
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FIGURE 4.1-1

HYDROCARBON DISTRIBUTION
FROM SCHULZ-FLORY

WEIGHT FRACTION

POLYMERIZATION

0.30 DP
0.2512
0.20
0.15
0.10 3

4
0.05 6

8 |
0.00

8 2 4 6 8 10 12 14 16 18 20

CARBON NUMBER

UOP 57358 -



FIGURE 4.1-2
MECHANISM
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4.7 REACTOR MODELING

¢.2.1 Modular . Approach

It was critical in the development of the mathematical nmde]’ to
distinguish between system differences caused by reactor characteqistics
and differences caused by computer Togic error. It was toward this end
that a modular approach to programming was considered.

In the modular system any calculation procedures that are common to
all reactor systems are put Tnto a common subroutine which can then be
incorporated into each reactor system. The obvious advantage is that the
calculations are identical for all systems. In actual practice, however,
a complete module is rarely identical for all reactor systems. A modified
modular approach was therefore used in which "identical calculations" were
suppiemented for each reactor system. These modules now perform the same
function in each reactor model and have identical core calculation proce-
dures, but are tailored for the individual reactor systems.

A "modular" diagram which represents the basic logic flow of the
three reactor models is j1lustrated in Figure 4.2-1. A few of the moduTes
are unique to a given model as indicated. The basic flow consists of the
usual input and ocutput sections with the core of each program being the
REACTCR module. This module contains the basic mass and energy balances
for each system, and draws on a variety of support modules to provide the
necessary information to complete its function. A description of each of
the modules follows.

4.2.1.1 Input, Output of Input, and Setup

The INPUT module provides ail of the information necessary for the
computer models to function. A list of the input parameters for each
program is provided in the Appendix B.

The module Tabeled QUTPUT OF INPUT prints out the input and is merely
a convenience, so the programmer can check for errors in the input
parameters.
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The SETUP module manipulates the input parameters for eventual use in
the REACTOR module. For example, if a volumetric flow rate is required in
the REACTOR module, but a molar flow rate is used 25 an input parameter,
the SETUP module will convert molar flow to volumetric 1ow assuming an
ideal gas.

4.2.1.2 Physical Properties Linkage, Dew Point and Liquid Properties

These mcdules are unique to the siurry reacter model. They are used
as a Tink to UOP "in-house" programs which are capable of supplying all
component physical properties as well as performing basic thermodynamic
operations on any process stream.

4.2.1.3 Hydraulics

Pressure drop in the tube-wall reactor and in the slurry reactor <s
neqligible when compared to the operating pressure. For these models it
is, therefore, assumed that the reactor operates at a uniform pressurs and
hydraulic calculations are not required. However, this is not the case
for the entrained bed reactor. Kellogg in its Synthol Feasibility Study
(4) reported pressure drops of as much as 80 psi. Not only is this
pressure drop significant, but its magnitude can be appreciably altered by
operating conditions such as catalyst loading, i.e., pounds of catalyst
per cubic foot of gas fed to the reactor. A UOP "in-house" calculation
procedure is used as a basis for the HYDRAULICS module incorporated into
the entrained bed reactor model, and calculates a pressure profile and
catalyst Toading through the reactor based on the operating conditions
chosen.

4.2.1.4 Heat Balance Information

The function of this module is to supply heat of reaction and heat
tapacity information to the REACTOR module. The heats of reactions are
calculated on a per mole of CO converted basis using heats of formations
at 300°C obtained from "Selected Values of Physical and Thermodynamic
Properties of Hydrocarbons and Related Compounds" issued by the American
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Petroleum Institute Research Project-44. The values and equations used
for these calculatiors can be found in Appendix C.

The heat capacities of the various components were obtained from
Smith and Van Ness (42). The values and equations used for these calcula-
tions can also be found in Appendix C.

4.2.1.5 Heat Transfer Informaztion

In the tube-wall and entrained bed reactors, heat of reaction is
removed by heat exchange within the reactor system. It is, therefore,
necessary to calculate an overall heat transfer coefficient.

The tubular reactor model has the capability of operating as twe
different reactor systems, i.e., a fixed bed tubular reactor and a flame-
sprayed tube-wzll reactor. The resistances to heat transfer due to the
metal wall and due to the coolant film obviously exist in both cases, but
" the resistance due to the film on the reactant side does not exist in the
case of the tube-wall reactor. 1In *his case, the reaction takes place on
the flame-sprayed catalyst which s physically part of the tube wall.
Because of the potential instability of cocurrent and countercurrent
cooling systems described by Degnan and Wei (43), a bojling cooling media
(Dowtherm) was selected. The high heat transfer coefficient and constant
coolant temperature, combined with the large amount of cooling surface
inherent to the tube-wall reactor, results in very little temperature
variation along this reactor. The caiculation procedure has, therefore,
been simplified by ignoring the resistance ‘o heat transfer from the
catalyst surface to the gas phase, and the catalyst surface and gas phase
are assumed to be at the same temperature. On this basis then, the over-
all heat transfer coefficients for the fixed-bed and tube-wall reactors
are, respectively:



Ufixed bed (9)

o
‘z':l{-r 1
v

Utube wall = (10)
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For the fixed-bed system, the overall heat transfer coefficient
becomes equal to the reactant side film resistance, i.e., Ufixed bed = hs
because the coolant film resistance and metal resistance are insignificant
compared to the reactant side film resistance.

The values used for hg, Xt, and K. were assumed constant and were
equal to 300 Btu/hr-ftZ-°F, 34.6 Btu/%r-ft-°F, and 34.6 Btu/hr-ft-°F,
respectively. The value for hg was based on Dowtherm as coolant, while
the values for Kt and K¢ were based cn iron. However, hg is dependent on
reactant properties. The equation used to calculate hg came from McAdams
"Heat Transmission" (44}, with the modification suggested by Smith to
allow for the effect of catalyst in the tubes:

0.023 x Cop G
0.2

s = 2/3
(_s -2 ftpr
\F ( ‘ )

x 6 (11)

where:
DG/uf = Reynolds Number
Cpu/k = Prandtl Number
G = Mass Tlux
Cpy = Heat Capacity
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4.2.1.6 Integration

Franks in his book titled "Modeling and Simulation in Chemical
Engineering” (45) describes the integration routines exactly as they were
used in all three reactor models. Three methods of integration are avail-
able within Frank's INT subroutine. These include a first-order method,
simple Euler; a second-order method, modified Euler; and a fourth-order
method, Runga-Kutta. The fourth-order methed was never used.

8.2.2 Reactor Module

More than any other module, the reactor module delineates the
differences between reactor systems. This is done in terms of the heat
and weight balance equations, and in terms of how the equations are manip-
ulated to arrive at a final solution. Each system will be described
separately below.

4.,2.2.1 Tube-Wall Reactor

As has already been described, the tube-wall reactor is basically a
heat exchanger. It can be schematically represented by Figure 4.2-2. The
assumptions made in the development of the model were as follows:

1. Gas flows in ideal plug -flow through the reactor.

2. There are no mass transfer limitations in the gas phase.

3. The gas phase and the catalyst are at the same temperature.

The mass balance which resulted from these assumptions and from the

rate expressions derived in the Mechanism Sections of this report is as
follows:

Ne
P ——d-—-E-i = 3 3 Sij - rj = A (12)
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The stoichiometric matrix, Sjj, controls the stoichiometric relationskip
between products and reactants. Table 4.2-1 describes the form used for
i = 63 components and j = 60 reac*ions.

The basic heat balance is as follows:

Ne NR

Do Ml ) -y - T) - A ) DGRt B E)
i=1 i=1

rj and HRj dre based on one mole of CO.

From left to right in Equation 13, the terms can be characterized as
the specific heat term, the heat removal term, and the heat of reaction
term, respectively.

Tne tube-wall reactor model can be used with the reaction occurring
on either the shell side or the tube side of the heat exchanger. The
diameter in the heat removal term is equal to the inside diameter of the
tube, if the reaction is on the tube side. If the rezetion is on the
shell side, it is equal to the outside diameter, including catalyst
thickness.

4,2.2.2 Entrained Bed Reactor

The entrained bed reactor, as described earlier, is a fast fluidized
reactor divided into five sections. Three of these sections are open
reactors where the only heat removed is through heat loss to the atmos-
phere. The other two sections remove heat by exchange with either an oil
coolant or steam. As a result, part of the entrained bed reactor medule
is devoted to identifying, during the integqration, the section being
calculated.

A schematic representation of the reactor can be found in Figure
4.2-3. The assumptions made in the development of the model were as
follows:
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1. Catalyst and gas move in an ideal plug flow.
2. There is perfect contacting between solids and gas.

3. There are no mass transfer Timitations eitHer in the gas phase
or within the catalyst particles.

The mass balance resulting from these assumptions is jdentical to
Equation 12. The only clarification required is on the cross sectional
area. In the heat removal sections, the total area is calculated by
determining the cross-sectional area of a single exchanger tube and multi-
plying by the number of tubes. In all other sections, the area is deter-
mined by using the inside diameter of the reactor.

The heat balance is as follows:

N NR
Z (MiCpi) + Ws Cps g“%= N (D)-Us(TyT) - A Z (rg - gy (19
i=1 3=t

The two differences between Equations 13 and 14 are the incorporation
of solids in the specific heat term and the manner in which the heat
removal term fs calculated. In the case of no heat removal, the number of
tubes, NT, is unity and D is equal to the diameter of the reactor. The
overall heat transfer coefficient, U, is calculated assuming an insulated
wall, and the wall temperature, Tus is held constant.

In the case of heat removal with an o0il coolant, NT is provided and D
is equal to the inside diameter of a tube. U is calculated assuming bare
tubes, Ty is set equal to the coolant temperature and is recalculated in
each integral interval A X. First the total heat removed is calculated
for the interval by the equation:

Q=N = (D) - U - (Ty-T) -2 X (15)
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The temperature increase of the coolant resuiting from absorbing QL is
calculated by:

TR S s e

Q
= Ty =T
My Cpo "New = 'WOId

aT= {(16)

TwNew is then used as the coolant temperature for the next interval a X.

When steam is used as a coolant, the wall temperature is assumed
constant and dependent on the steam pressure desired.

EAC R e g Rt e g e g

4.2.2.3 STurry Reactor

In comparison to the tube-wall and entrained bed reactors, heat
transfer is not a problem in the slurry reactor model. The system is
assumed isothermal, since cooling coils are immersed in the reaction
medium. However, because of the three phase nature of the slurry reactor,

-

fundamental decisions with regard to phase equilibrium, potential mass
transfer 1imitations, and solids distribution are required. The slurry
system, as it reflects these decisions, can be schematically represented
by Figure 4.2-4. The assumptions involved are as follows:

1. Liquid is completely back-mixed.

2. The system is isothermal.

3. Gas moves in ideal plug flow.

4. All reactions take place in the liquid phase.

5. Solids are evenly dispersed in the 1iquid phase.

6. Mass transfer limitations only exist in the 1iquid phase from
the gas-bubble interface to the bulk 1iquid. .

7. Gas and Tiquid are at equilibrium at the gas-l1iquid interface.
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The overall rate of reaction, as implied by these assumptions, is
predominately limited by mass transfer from gas bubbles to bulk liquid and
by intrinsic kinetics. The mass transfer iimiting portion of the mass
balance equation has been described by Satterfield and Huff (46) for Hp as
follows:

dCy ¢
U —47— = kL,u a (Cy1* - o) (17)
where:
Ug = superficial gas velocity (em3/em? - sec)

Cq,g = concentration of hydrogen in gas phase (g moles/em3 gas)

Z = vertical distance measured from reactor en*=ance (cm)

Tiquid film mass transfer coefficient for hydrogen
(em3 Tiquid/em? gas-bubble surface area - sec)

a = interfacial area of gas bubbles
(cm? bubble surface area/cm3 expanding Tiquid)

CH,L* = concentration at equilibrium with the gas

CH,L = concentration in the liquid phase (g moles/cm3 liquid)
This equation implies that the gas superficial velocity is constant
through the reactor system. Although this was a necessary simplification
for the analysis performed by Satterfield and Huff, it is not a rigorous
solution to the problem. Indeed, the gas volume can contract as much as

50% through the system. Correcting Equation 17 and slightly changing
nomenclature leads to the following equation:
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This equation can be further simplified by taking advantage of the fact
that:

1. 20¥c¥s) . Vg dYi , YidVg
dZ dz dZ

3. ;Yi=1

Equation 18 can now be separated into the following two differential
equations (Derivation in Appendix D}:

n
avp o _ AC Ky < a Y _ b (19)
" L 2 ki K, " o

i=1

n
dYs _ ACy Yq . ¥ N oag o [y A
#3 [ m)]- el ) @
1 .

1=

If the values of A, Cf, KL,is 2, Kj, and Xpj are known, these equations
can be integrated through the reactor, and a product rate and composition
determined. Values of Ki and A are known when reactor operating condi-
tions and design are set. Zaidi, et al. (47) and Koelbel (48) have
reported a value for the interfacial surface area, a, of 305 ft2/ft3.
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Zaidi, et al. have also reported values for the liquid film mass
transfer coefficient, kL,i- for CO in molten paraffin on the order of 2.36
ft/hr. The values of kL,i for other components were developed as follows.

Calderbank and Moo-Young (49) have developed an equation which
describes the value of ki as:

/3y 1/3
1( )Z LA ﬁ;Lg _ (21)
PL .

where:

DL = diffusivity in the continuous phase

ve = kinematic viscosity of the continuous phase

UL = continuous phase viscasity

Ap| = difference in density between dispersed and cont1nu0us
phases

PL = continuous phase density

g = acceleration due to gravity

If the slurry reactor is at Steady state, the values for vi, U, 4P, P,
and g will be roughly constant. The equation can then be rewritten as:

ki = Constant x D 2/3 (22)

Wilke and Chang (50) have described the diffusivity of solute A in salvent
B as:

Dag =

7.4 x 10-8 Ta(¥gMg)1/2 (23)
u VAD-G
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where:

Y8 = 1.0 for hyrocarbons

Mg = molecular weight

Ta = absolute temperature

u = viscosity of solution

Va = molar volume of solute as 1iquid at its normal boiling

point

Since B> MB, Ta, and u are constant for a given solvent, the diffusivity
can be rewritten as:

Dap = Constant 1 (28)
vp0.6
If Equations 22 and 24 are combined, the resuiting equation is:
' _ 1
kLA = Constant VA—O"_‘O' (25)

This relation suggests that if the value for the mass transfer coefficient
for one component in a given liquid is known, e.g., €0, the mass transfer
coefficient of a second component can be estimated by knowing the ratio of
the liquid molar volumes of these two components. It is recognized that
this is a gross approximation. However, due to a lack of data on kL
values for hydrocarbons and due to a desire for internal consistency, the
above method was used for determining ki values for all components rela-
tive to CO.

Xp is the only parameter remaining to be known before integration of
the mass transfer mass balance equation can be performed. Xp, however, is
also intimately tied to the intrinsic kinetics of the slurry system as
described by the mass balance equation:
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NC NC NR
1 dM; (
p Tdr = z 2 Sij " rj (xbi) (26)
i=1 i=1 =1

[= 8

or for a completely back-mixed system:

NC NC NR
3 %Mmfc_ﬂio)_: p3 2 S5 e ori(x,) (27)
=1 i=1 J=1

5

Since the rate of mass transfer must equal the rate of reaction, the
following relationship must be true from Equations 18 and 27:

i

NR
Mic - Mig = ki, - a cLAfo - xbi) dZ = A -1
o\

NC

> 2 Sij - ri(Xpy)
i=1 j=1

The key to the solution of the slurry mass balance equations is in
choosing values of Xp such that the above equalities are fulfilled.

The heat balance equation for the slurry system is very straight-
forward. In order for the reactor to be isothermal, any heat generated by
reaction must be removed by heat removal. Therefore:

NR

W=A-L- 3 (r; " HRz) (28)
j=1
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4.2.3

Program Capabilities

The program capabilities are best described in outline form below:

I. Tubular Reactor Model

A.

Reactor Configuration

1.

Fixed Bed

The catalyst and reaction are on the tube side of the
exchanger with the coolant on the shell side..

Tube-Wall -- Tube Side

The catalyst is flame-sprayed to tke inside of the tubes
with the reaction taking place in the tubes. The ccolant
is in the shell.

Tube-Wall -- Shell Side

The catalyst is flame-sprayed to the outside of the tubes

and reaction is on the shell side o the exchanger. The
coolant is in the tubes. '

Temperature Control

1.

Isothermal

The temperature is fixed and the heat removed is assumed to
exactly balance the heat generated by reaction.

Adiabatic

No heat is removed and the temperature is allowed to rise
with the heat generated by reaction.
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3. Non-adiabatic

The temperature is calculated by balancing the heat removed
via coolant against the heat generated by reaction.

Coolant Type
1.  Boiling Dowtherm
2. Boiling Water

In both these cases, "boiling" implies an excess of coolant
at constant temperature.

IT. Entrained Bed Reactor Model

A.

Reactor Configuration

1. Fast Fluidized
One regquirement of a fast fluidized bed is that gas move in
plug flow. A dense fluidized bed is characterized by
back-mixed gas and the model is, therefore, not applicable
to this case.

Temperature Control

1. Isothermail

2. Non-adiabatic
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c.

Heat Removal
1. Coolant Type
A.  Boiling Water
B. O
The 0il is not boiling. The increase in oi] tempera-
ture is calculated based on heat removed from the
reaction system.
2. Exchanger Length
In the entrained bed reactor, heat removal does not occur
through the entire length of the reactor. Two separate

exchanger sections are provided, the lengths of which are
variable,

ITI. Slurry Reactor Model

A.

Reactor Configuration

The slurry medel uses as basic assumptions back-mixed liquid and
plug fiow gas. It s not applicable to any other configuration.

Temperature Control

1. Isothermal only.

Mass Transfer

Mass transfer limitations are only considered from the liquid
interface to the bulk liquid. No other mass transfer limita-

tions are considered. Mass transfer coefficients are easily
changed.
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IV. Capabilities Common to A1l Reactcr Systems

( 5.

Changes can be conveniently made in:

1. Reactor Dimensions

2. Catalyst Concentration
3. Catalyst Rate Constants
4. Operating Conditions

Fit versus Predict

The programs can input operating conditions and yield data, and
calculate kinetic rate constants which best "fit" the data. Or,
the program can input feed composition, cperating conditions and
kinetic rate constants and "predict” product yields.

Kinetic Mechanism

Because of the modular approach usea for modeling, new kinetic
mechanisms can be easily incorporated into the programs.
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FIGURE 4.2-2
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FIGURE 4.2-3
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FIGURE 4.2-4
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4.3 DISCUSSION OF RESULTS

4.3.1 Data Fitting

4.3.1.1 Data Fitting Procedures

The reliability of the mechanism was tested by fitting rate constants
to data from all three reactors.

The first step in the data fitting procedure was to identify the
variables to be fit. The assumption in the mechanism that each of the
rate constants is a constant function for all carbon numbers results in
the product distribution being dependent on three rate conétants and an
equilibrium constant. These are the polymerization rate constant, kp, the
hydrogenation rate constant, ky, the forward rate constant for the olefin
- formation, kg, and its corresponding equilibrium constant, Ko, These are
the independemt variables in the kinetic mechanism.

The next step was to characterize the preduct distribution using four
corresponding dependent variables. Three of the four became cbvious
Choices. An overall carbon balance of the system could be represented by
CO conversion. The distribution of these carbons in the product could be

approximated by the deqree of polymerization as zalculated from a plot of

In Xp vs. n. (The slope was determined from the gasoline fraction, i.e.,
between carbon numbers 5 and 11.) The hydrogen balance could be repre-
sented either by hydraogen conversion or, since only olefins and paraffins

are produced as products, by olefin-to-paraffin ratio. Unless one is

willing to consider variations in rate constant or clefin-to-paraffin.
ratio with carbon number, the three variables mentioned above describe the
product in its entirety. From considerations of availability of consis-
tent experimental data, and the desire to use the simplest possible
approach in this first modeling attempt, the number of dependent variables
has been limited to these three. Unfortunately, trying to fit four inde-
pendent variables with three dependent variables leads to an infinite
number of solutions.
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A variable study was, therefore, undertaken to determine if the
product distribution was sufficiently insensitive to one of the independ-
ent variables to be set equal to a constant. This would reduce the prob-
Tem to an equal number of independent and dependent variables, thus lead-
ing to 2 unique solution. This study was done in an ideal piug flow
reactor under isothermal corditions. A typical result for a given set of
rate constants is represented in Figure 4.3-1. Two results of the con-
straints imposed on the mechanism are reflected in this plot. The first
is in the methane production. Both the olefins and the paraffins, individ-
ually, are represented as straight lines and, therefore, follow a Schulz-
Flory relationship. However, since there is no olefin of carbon number
unity, methane can not follow a Schulz-Flory relationship relative to the
total carbon number distribution, i.e., sum of the olefins and paraffins.

The second result is the olefin-to-paraffin ratio. Weitkamp, et al.
(51), have shown that, for an iron cataiyst operating in a fluidized bed,
the olefin-to-paraffin ratio remains approximately constant beyond carbon
number five. This implies that the olefin and paraffin lines in Figure
4.3-1 are parallel. Although this appears to be the case, in fact, the

‘lines are gradually converging and the olefin-to-paraffin ratio is contin-

ually decreasing with carbon number. Later runs with back-mixed reactors
did show a constant olefin-to-paraffin ratio above a carbon number of 10
and only a small decrease above a carbon number of 5. At the present time
it is not certain whether predictions of olefin-to-paraffin ratio with the
proposed mechanism are meaningful, or whether some variation of rate
constants with carbon number will be necessary.

Figure 4.3-2 represents the results when, for a given set of kp, Ky s
and ko, values, the value of Ke was changed from low to high. The curva-
ture of the olefin line is caused by the tight olefins approaching their
respective equilibrium values. This variance from the idealized Schulz-
Flory distribution was not the original objective of the mechanism.
Although the intent is not to minimize the importance of this approach to
equilibrium, as a first approach to the problem the value of Kg has been
arbitrarily fixed at a low value for the remainder of our work, so as to
more closely approximate the Schulz-Flory distribution of products. After
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a value for Ko is imposed, the ovérall problem of fitting is reduced to
three dependent variables and three independent variables and can be
readily solved.

In addition to 1imiting the number of independent variables, the
variable study provided information regarding the relative sensitivity of
CO conversion, degree of polymerization, and olefin-to-paraffin ratio to
the three remaining independent varizbles, kp, ko, and ky (Table 4.3-1).
€O conversion is obviously most influenced by kp and was, therefore,
chosen as its fitting parameter. The degree of polymerization and olefin-
to-paraffin ratio were affected equally by kH and kg. An arbitrary deci-
sion was taken to fit ky to the degree of polymerization ard k, to the
olefin-to-paraffin ratio. However, the same results were achieved when
the fitting parameters for kg and ky were reversed.

The preceding discussion has revolved around three unknown rate
constants. Actually each rate constant contains two unknown parameters,
i.e., the Arrhenius frequency factor and the activation energy. The
Arrhenius equation can be written as:

kT = koOe 8E/RTa (29)

For a given catalyst, the frequency factor and the activation energy
are fixed and the rate constant varies only as a function of temperature.
The values of kg0 and AF were determined from the standard Arrhenius plot
of In kg versus 1/T,.

The rate expression for the water-gas shift reaction was given by
Equation 8. Since the equilibrium constant is well known, the only vari-
able that needs to be fit is the forward rate constant, kyg. The CO2
concentration was chosen as the fitting parameter, since for the reaction
inciuded in the models the production of CO2 is unique to the shift
reaction.
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4.3.1.2 Data Fitting Results

As mentioned in Section 4.3.1.1 of this report, the Arrhenius
activation energies were determined by fitting the frequency factors to
data at different temperatures. The fitting parameters were CO conver-
sion, degree of polymerization and olefin-to-paraffin ratio.

The tube-wall reactor system was chesen for this work; first, because
the simplicity of the plug flow system made results easy to interpret,
and, second, because consistent results at different temperatures were not
available for the other'reactor systems. Table 4.3-2 represents tempera-
ture data collected by Haynes, et al., of PETC (11) for the tube-wall
reactor operating with flame-sprayed taconite catalyst at 650 psig. The
degree of polymerization for each of these sets of data was determined in
the following manner:

1. The product was divided into the following components:

a) €1-Cq (gas)

b) Cg-Cy1 (gasoline)
c) Cyp-Cog (diesel)
d) Cog+ (heavy)

2. The Schuiz-Flory plot of degree of polymerization versus weight
fraction shown in Figure 4.3-3 was used to determine which
degree of polymerization most nearly approximated the actual
data.

The olefin-to-paraffin ratio required special consideration. As
mentioned earlier, it remains to be determined whether the mechanism can
predict olefin-to-paraffin ratio as a function of carbon number. In order
to avoid this problem, an artificial ratio of unity was used in sach of
the data fitting runs. This in effect reduced the number of independent
variables to twa, CO conversion and degree of polymerization. However,
despite the deficiencies of this first, deliberately simplified approach,

4-35




Y

useful insight into the strengths and weaknesses of the various reactor
systems was gdained. The final information used as input for the tube-wall
fitting is given in Table 4.3-3.

The frequency factor results versus temperature as well as the
corresponding activation energies are given in Table 4.3-4. The values
are based on a reference temperatuyre of 1100°R. As can be seen, excel-
lent agreement in frequency factors was achieved. The largest variance
(15.3%) is for the water-gas shift reaction. The smailest variance (2.5%)
is for the polymerization rate constant. The activation energies are
typical of those for catalyzed reactions.

~ Because of the limited temperature data available, the above

procedure for determining activation energies could not be used for each
reactor system. Consequently, the activation energies given in Table
4.3-4 were used without modification for the gas phase reactor systems.
In the case of the slurry reactor, Satterfield and Way (52) have shown
that for a system where the carrier 1iquid is completely inert to reaction
and/or adsorption on the catalyst site, the liquid phase reaction rate
constant can be related to the gas phase reaction rate constant by the
following equation:

kL = K<%f kg (30)
where:
kpy = 1iquid phase reaction rate constant
K = vapor-liquid equilibrium constant, K =-§
y = mole fraction in gas
X = mole fraction in liquid
V¢ =  molar volume of gas at reactor conditions
Vi = molar volume of liquid at reactor conditions
kg = gas phase reaction rate constant
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Equations of this form were incerporated into the slurry mathematical
model 2allowing kg and the activation energies given in Table 4.3-4 to be
used Tor the slurry system. The relatively good agreement obtained in
fitting data for other reactor systems confirms that this is a reasconable
assumption.

While the fixed-bed tubular reactor is not one of the reactors to be
compared in this study, an abundance of data is available for a reactor of
this type developed by the Pittsburgh Energy Technology Center (53, 54),
in which lathe turnings were used as catalysts. Since the tube-wall
reactor model can also be uysed for a fixed-bed reactor, a comparison of
the catalyst used in these two systems was made. The frequency factor fit
for the lathe turning reactor was made on the basis of Experiment 26C of
the PETC work (54). (See Table 4.3-5). The comparison is presented in
Table 4.3-6.

At first glance, the lathe turnings results look quite differen: from
the tube-wall results. However, upon closer analysis, two explanations
emerge. The first is related to catalyst activity. The computer model
performs its calculations using weight as its basis for catalyst concentra-
tion. Actually, for this catalyst which has very little pore volume, the
catalyst activity is more closely related to the external surface area
than to the weight. The surface area per unit weight of the lathe turning
catalyst was compared to that of the tube-wall catalyst, and was found to
be very close to the ratio of the frequency factors for the polymerization
and for the water-gas shift rate constants. In other words, the high
apparent activity of the lathe turning catalyst could be easily explained
by its higher surface area. The polymerization rate constant was, there-
fore, used as a basis to adjust the frequency factors derived for the
lathe turning catalyst to the catalyst surface area in the tube-wall
reactor. The adjusted numbers are also shown in Table 4.3-6.

In spite of this adjustment, the agreements between catalysts for the
hydrogenation and for the olefin formation frequency factors are stilil
poor. This led to the second explanation. The lathe turning catalyst
used for fitting purposes was potassium promoted while the tube-wall
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catalyst was not. There is much evidence in the literature (30, 55) that
suggests that potassium promotion increases the degree of polymerization
of the product. Based or a comparison of frequency factors, this phenom-
enon might be explained by a reduction in the hydrogenation/termination
rate, thereby producing a heavier product via additional polymerization.
Weitkamp, et al. (51), have provided support to this theory by showing a
significant shift from a paraffinic to olefinic product with the addition
of potassium.

Additional support for these explanations is provided when similar
comparisons are made for the slurry and entrained bed systems. Koelbel's
(7) yields and operating conditions, shown in Table 4.3-7, were used for
fitting the sTurry system. The Kellogg Feasibility Study (4) was used as
2 basis for yields and some of the operating conditions for the entrained
bed system. In the latter case, however, Sascl literature, as well as
engineering judgment, was reguired to supplement some deficiencies in the
available data. The final information used for Titting is given in Table
4.3-8.

Frequency factor derivations are given at the top of Table 4.3-9.
Here again the magnitudes of the frequency factors for the polymerization
rate constant were found to be roughly in proportion to the catalyst
surface areas. For example, the difference between the frequency factors
for the slurry and entrained bed reactors could be explained by the aver-
age particle size of the catalyst being 30 and 40 microns, respectively.
In addition, the surface area per unit weight of catalyst is very high for
both these systems, and is reflected in the high frequency factors rela-
tive to the tube-wall system.

The bottom of Table 4.3-3 shows the values of frequency factors after
adjustment for curface area relative to the tube-wall catalyst. The
similarity of values for the lathe turning catalyst and for the slurry
catalyst is significant. Both catalysts are potassium promoted and this
is reflected in the values for ky® and ko®. While the entrained bed
values are not as close, they are still in reasonable agreement, consider-
ing the lack of a consistent set of operating data for fitting. The only .
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frequency factor that is completely out of line is for the water-gas shift
in the entrained bed system. A closer scrutiny of the data reveaied a
high concentration of CO2 in the combined feed. As a result, water-gas
shift was found to be at equilibrium throughout the entire reactor. It is
obviously *mpossible to determine a forward rate of reaction when that
reacticr is at equilibrium. This value must, therefore, be disregarded.

The frequency factors used in the entrained bed ard slurry variable
studies are those listed at the top of Table 4.3-9. These produced the
most favorable yield structures for their respective reactor systems. The
tube-wall frequency factors, however, produced yield structures that were
much too h¥gh in methane yield and much too low in gasoline yield. Con-
versely, the lathe turning values, although better, produced a product
structure that was too heavy. A compromise led to the final selection of
the lathe turning values modified for slightly less potassium promotion.
This was accomplished by increasing the hydrogenation frequency factor
from 0.07 to 0.1. The values used were: kpo = 73.0; kp® = 0.1;
ko® = 0.0129; and kyg® = 205.0.

A very important overall conclusion was drawn from reflecting on the
data fitting results. That is, a single mathematical mechanism has been
developed that, when incorporated into models of three completely differ-
ent reactor systems operating at completely different operating condi-
tions, gave reasonable agreement on the rate constants associated with
Fischer-Tropsch catalysts manufactured by several independent investi-
gators. Also, the data with and without potassium promotion of the cata-
lyst show that the mechanism will allow interpretation of yield differ-
ences resulting from different catalyst formulations. The reactor compari-
sons, therefore, proceeded with some confidence that the models also can
be used to predict with reasonable accuracy the gross product distribu-
tions for gach system.

4.3.2 Parscns Comparison

Under DOE Contract No. E(49-18)-1775, Ralph M. Parsons Company (16)
prepared a report which describes "The results of a conceptual design and
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economic evaluation for a conceptual Fischer-Tropsch plant responsive to
U.S. demards and economic requirements.” The Fischer-Tropsch synthesis
reactor chosen for this study was the tube-wall system. The yield struc- _
ture was based on Experiment 26C (Table 4.3-5) with the lathe turning ‘
catalyst mentioned earlier. The activity of the catalyst was determined
from Experiment HGR-34 (Table 4.3-10) which studied flame-sprayed magne-
tite. The final design selected by Parsons is given in Table 4.3-11. A
comparison of this conceptual design with the PETC experimental data is
given in Table 4.3-12. A critieal analysis suggests that the activity
selected for the conceptual design was very optimistic. The fit results
presented in Table 4.3-6 earlier suggested that the polymerization activ-
ity, kp°, of lathe catalyst is very nearly the same as that for flame-
sprayed tacenite catalyst. Haynes, et al. (1), have shown that tacenite
catalyst is significantly less active than magnetite catalyst and yields a
higher molecular weight product. Closer examination of Experiments 26C
and HGR-34 shows that potassium-promoted magnetite has a much Tighter
product structure than potassium-prqmoted lathe turnings. Potassium-pro-
moted taconite must, therefore, be used as catalyst if the lathe turning
yield structure represented in the Parsons study is desired.

A study was undertaken to compare the Parsons reactor design and
operating conditions, which were based on flame-sprayed magnetite, to that
which would result from a flame-sprayed, potassium-promoted taconitas (or
lathe turning equivalent). The results are given in Table 4.3-13. Case 1
used the Parsons reactor design. (The GHSY 4is not quite the same, but
this is the result of using bare tubes in the model while Parsons used
finned tubes.) The lower activity and heavy product distribution of the
taconite catalyst is reflected in a low CO conversion and a high degree of
poiymerization. In Case 2, the temperature was increased to 640°F and the
size of the reactor was increased until a CO conversion on the fresh feed
of 90% was achieved. The predicted yields are then close to what was used
in the Parsons study, but the total syngas conversion (CO + H2) remains
lower than that used by Parsons, and the reactor is roughly twice the size
with an operating temperature considerably higher,
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This study is presented as an example of how the reactor models can
be used to interpret experimental data and predict the results of using
commercial-scale equipment. The design shown in Table 4.3-13 is not
represented as ar optimized design for a tube-wall reactor. In fact, it
s doubtful that this reactor could operate at 640°F and the H2/CO0 ratio
indicated without significant problems of free carbon formation.

4.3.3 Variable Studies

o 4.3.3.1 Tube-Wall Reactor

The base case operating conditions chosen for the tube-wall reactor
variable studies were as follows:

Gas : Once-through
Temperature: 310°C (589°F)

Pressure : 415 psiz

J Factor : 5 SCFH FF/ft2 catalyst
Hao/CO Ratio: 2.0

Catalyst Density: 11.85 1b/ft3 of reactor.

These are not necessarily the optimum operating conditions for this
reactor system. They were chesan so the sensitivity to CO conversion and
degree of polymerization could be properly shown as a function of various
parameter changes.

Figures 4.3-4 through 4.3-6 show CO conversion versus reactor
temperature as functions of pressure, J factor, and inlet Ha/CO ratio,
respectively. Ir general, conversion is found to increase almost linearly
with increasing temperature until high conversions (> 90%) are reached.

At this point there is an exponential approach to 100% conversion. At a
given temperature, conversion is found to increase with increasing pres-
sure, decreasing J factor, and increasing Hy/CO ratio.

Figures 4.3-7 through 4.3-9 give degree of polymerization versus
reactor temperature as functions of pressure, J factor, and Ho/CO ratio,
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respectively. In agreement with the literature, DP decreases with increas-
ing temperature. At a fixed temperature, DP increases with increasing
pressure, increasing J factor, and decreasing Ha/C0 ratio.

The Hp/CO ratio information presented in Figure 4.3-9 ijg represented
in another form in Figure 4.3-10. Here, degree of polymerization is
plotted versus CO conversion at varying inlet Hu/CO ratics. MNotice that
with a single reactor configuration and at a fixed conversion there is a
maximum degree of polymerization at a Hp/CO ratio near unity. This is
explained as follows. As H2/CO ratio decreases, conversion decreases with
a correspanding increasz in the degree of polymerization. To return the
conversion to its original value, it is necessary to increase temperature
which decreases DP. At a Hy/CO ratio of 0.7, the temperature effect on
degree of polymerization dominates the Hp/CO ratic effect, while the
opposite is trye at a Hz2/CO ratio of 2.0.

A second influence of Hz/C0 ratio on degree of polymerization czn be
seen in the plot of DP versus temperature at varying recycle-to-feed
ratios (Figure 4.3-11). Initially it was felt that increasing the recycle
ratic would increase olefin concentration in the combined feed and, there-
fore, encourage propagation to heavier products (higher DP). Inspection
of Table 4.3-14 shows that the olefin concentration does increase mod-
estly, but the hydrogen and carbon monoxide concentrations remain an order
of magnitude higher and, therefore, continue to be the dominant fzctors in
determining the degree of polymerization.

This dominance can be seen more clearly when one understands the
severe effects of recycle ratio on degree of polymerization at low tempera-
ture versus at high temperature (Figure 4.3-11). Two temperatures, i.e.,
539 and 615°F, were chosen for monitoring, at different recycle ratios,
the Hp and CO concentrations and the degree of polymerization as a func-
tion of reactor length. Figures 4.3-12 and 4.3-13 represent the concentra-
tion changes while Figures 4.3-14 and 4.3-15 represent the degree of
polymerization changes.
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At S39°F, the CO conversion is rather low. The concentrations of
both Hz and €O, therefore, remain relatively high throughout the reactor
length. The influence of these concentrations on both termination and
polymerization is such that the degree of polymerization decreases almost
linearly with reactor length. As the recycle ratio is Towered, the change
in Hp/C0 ratio becomes higher, thus accelerating the decline in degree of
polymerization. Near the end of the reactor, the Tines cross and a lower
degree of polymerization is seen for the lowest recycle ratio.

At 615°F, the 20 conversion is rather high. Although the
concentration of Hy remains relatively high, the concentration of CO
begins to level off at a low value, particularly for R/F = 0. As a
result, the influence of CO on the rate of pol ymerization
{rp = kp[COI[K2]) becomes minor, and the rates of termination
(rt = ky [Hz1) and polymerizatien become dependent on the hydrogen concen-
tration alone. As can be seen in Figure 4.3-15, the net effect is a
leveling out of degree of polymerization with reactor length. The recycle
ratio lines never cross, and the degree of polymerization for R/F = 0
remains the highest throughout the reactor. -

i e

4.3.3.2 Entrained Bed Reactor

Because of the complexity of the entrained bed system, the effect of
a single variable change is difficult to study. For example, the defini-
tion of reactor temperature is a problem due to the nature of the heat
removal system. Given a fixed inlet temperature, the outlet temperature,
and consequently the average reactor temperature, could be changed by
adjusting the cooling oil rate to the heat removal coils. An illustration
of the models prediction of this effect on CO cenversion and degree of
polymerization can be seen in Figures 4.3-16 and 4.3-17. As cooling oil
rate is reduced, reactor aT increases, resulting in an increased conver-
sion and decreased degree of polymerization.

The 1imited flexibility inherent to the entrained bed reactor system

created another example of the difficulty 4n changing a single variable.
An attempt was made to reduce the recycle ratic to below one. When this
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was done, the partial pressures of both hydrogen and carbon monoxide 1in
the combined feed increased. In addition, the superficial velocity in the
reactor was reduced resulting in increased residence time and higher
catalyst concentrations. The net result was a temperature runaway before
the first set of exchangers was reached.

These types of complexities Ted to two guidelines for conducting
variable studies on the Kellogg design:

1. A constant AT across the reactor was maintained by adjusting

cooling oil rate equally between the two heat removal sections,
and

2. The rate and composition of hydrocarbons in the recycle gas were
held constant and equal to that shown by Kellogg.

With these guidelines, CO conversion and degree of polymerization
were investigated as functions of inlet temperature, inlet pressure, 8
(defined as standard cubic feet of fresh feed per hour per pound of cata-
lyst}, catalyst circulation rate, and Ho/Z0 ratio in the combined feed.
Figures 4.3-18 to 4.3-22 represent the results.

As expected, increasing temperature and Hz/C0 ratio Teads to
increasing conversion and decreasing degree of polymerization. Increasing
pressure increases both CO conversion and the degree of polymerization.

The influence of catalyst circulation rate is unique to the entrained
bed system. Yerushami, et al. (56), have shown that for a fixed gas rate,
if the catalyst circulation rate is increased, i.e., the catalyst lToading
is increased (1bs catalyst per ft3 of 9as), additional slippage will occur
resulting in higher catalyst density in the reactor. This effect can be
seen in Figure 4.3-23 for the basas case. The increased catalyst density
leads to higher conversions (Figure 4.3-21), but apparently has little
effect on the degree of polymerization.

The influence of solids Toading on catalyst density led to the term
B, defined above, being chosen as a correlating factor rather than gas
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hourly space velocity (GHSV). Although GHSY may be a measure of space
utilization efficiency, it is not an accurate measure of catalyst utiliza-
tion efficiency for the entrained bed reactor. CO conversion decreases
dramatically with increasing 8 (Figure 4.3-20), while degree of polymeriza-
tion increases only slightly.

The final variable to be studied was recycle to feed ratio. In this
case the AT guideline was adhered to, but steady state continuous recycle
was simulated by continually adjusting recycle gas composition until it
matched the gas composition produced from a flash of reactor effluent.

The results are presented in Figures 4.3-24 and 4.3-25. As expected,
increased recycle to feed ratio results in lower overall O conversion,

The influence of this lower conversion on degree of polymerization can be
seen in Figure 4.3-25. From the tube-wall recycle studies (Section 4.1)

at low temperatures, it was shown that large changes in CO concentrations
relative to Hp concentrations, characteristic of low conversions, signifi-
cantly reduce the rate of polymerization relative to the rate of termina-
tion. The net result is a lower degree of polymerization at lower recycle-

to-feed ratios. At higher temperatures and higher conversions, the final

CO concentrations for both recycle cases are low enough that their
influence on polymerization relative to each other is insignificant. The
corresponding degrees of polymerization are, therefore, approximately
ecual.

4.3.3.3 Slurry Reactor

In choosing operating conditions for the slurry reactor variable
study, sensitivity to parameter changes for both upward and downward
directions of perturbation was desired. Koelbel's choice of operating
conditions, i.e., Tow temperature, low pressure, low H2/C0 ratio, and high
conversion {Table 4.3-15), limited the sensitivity to CD conversion at
elevated pressures. Space velocity was, therefore, increased to reduce CO
conversion to roughly 90%. The results of the present study are shown in
Figures 4.3-26 and 4.3-27. The effect of a 126 psi increase in pressure
on CO conversion is roughly 4% at low temperatures while decreasing to
1.5% at high temperatures. The effect on degree of polymerization, on the
other hand, was almost negligible at all temperatures.
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GHSV studies were performed at Koelbe}'s operating pressure, i.e.,
174 psia, and can be seen in Figures 4.3-28 and 4. 3-29. As expected, €O
conversion decreases with increasing space velocity. The degree of polym-
erizaticn on the other hand increases with increasing space velocity.
This is clearly a result of the relative concentrations of €O and Hp in
the reactor at different conversion levels. The influence of CO and Hp
concentraticns on degree of polymerization have been discussed in the
tube-wall reactor section (Section 4.3.3.1) and will be discussed further
in Section 4.3.4. The same arguments apply here,

Figures 4.3-30 and 4.3-31 represent the effects of H2/CO ratio.
H2/C0 ratio has a targe influence on the degree of poliymerization, while
having a smaller effect on CO conversisn. Here again, the effect of
relative Hy and CO concentrations on the competition between termination
reactions and polymerization reactions is clearly demonstrated.

The question bf mass transfer limitations in the slurry-reactor has
received significant attention in the Titerature but, to date, has not
been answered conclusively. A set of conditions suggested by Koelbel (7)
was used to determine the sensitivity of two mass transfer parameters on
CO conversion and degree of polymerization. The first parameter, the
specific interfacial area, is a measure of the bubble surface area avail-
able per volume of reactor space. The second parameter, the mass transfer
rate constant, fixes the rate of mass transfer for a given component.

Although some work has been done on determining specific¢ interfacial
areas in slurry systems, values reported are at best approximations. The
value chosen for the majority of these studies, 305 ft2/ft3, is consistent
with those reported by Koelbel (2) and Deckwer (57). A study was made to
determine the influence of a 20% lower interfacial area. Figures 4.3-32
and 4.3-33 represent results with interfacial surface area of 244 and 305
ftZ/ft3, A Tower interfacial surface area reduces the €O conversion
roughly 0.2-0.8%, but does not affect the degree of polymerization. The
latter result is not surprising since the interfacial area shculd influ-
ence the rate of mass transfer of all components equally.
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In order to study the influence of mass transfer rate on CO
conversion and degree of polymerization, the values of the mass transfer
rate constant, ki, for hydrogen and CO were individually adjusted 20%
above and below their respective base values. The results are presented
in Figure 4.3-34. As can be seen, neither the mass transfer rate constant
for Hp nor the constant for CO has a dramatic effect on either CO conver-
sion or degree of polymerization.

These results do not support the conclusion that the slurry reactor
operating at Koelbel's conditions is mass transfer limited.

4.3.3.4 Ebullating Bed Reactor

The ebullating bed reactor is believed to differ from the sTurry
reactor in two respects, i.e., catalyst particle size and 1iquid flow
characteristics.

Since heat removal is accomplished by a circulating liquid stream,
larger particles are used to prevent the catalyst carryover which would
normally occur if slurried catalyst was used. However, this size differ-
ence also introduces the question of possible mass transfer limitations
within the pore structure of the larger particles. Although many similar-
ities exist between an ebullating bed reactor and a slurry reactor, this
added complexity prevented the development of an ebullating bed model.
However, if one speculates on the influence of pore diffusion, the follow-
ing results might be drawn:

1. Since, by definition, mass transfer limitations result in Tower
concentrations of reactants at the catalytic site, conversion
per site will be lower for the ebullating bed system than for
the slurry system.

2.  Throughout Section 4.3, the dependence of product yields on the
relative concentrations of Hy and CO has been illustrated.
Since the diffusivity of hydrogen in molten wax is higher than
that of CO [Zaidi, Louisi, Ralek, Deckwer, (47)1, pore diffusion
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limitations will result in a higher Hy/CO ratio at the ca .-

Tytic site and consequently a lower degree of pclymerization
could be expected.

Liquid flow characteristics in the ebulTating bed reactor are also
betlieved to differ from the slurry reactor. Larger particles not only
¢reate concerns about pore diffusion, but large particles also maintain a
much more structured order in a flowing environment than de fine par-
ticles, thereby restricting back-mixing of the liquid. To observe the
influence of restricted back-mixing, the slurry model was run as a two-
stage system using the Koelbel reactor as a basis. As cone can see from
Table 4.3-15, the total CO conversion Tor the two-stage system is 97% com-
pared to 91% for the single-stage system, and the degqrees of polymeriza-
tion are 5.1 and 4.0, respectively. The first stage in the two-stage
system is the primary cause for these differences. In the case of conver-
sion, the Hy and CO concentrations in the first stage are higher than
those in the single stage system. This higher driving force re§h1ts in a
85% conversicn. 1If a drfvjng force equﬁva1ent to the single stage system
was used, the conversion would be roughly 53%. The net result is a higher
total CO conversion in the two-stage system. In the case of degree of
polymerization, the H2/C0 ratio in the first stage is 1.4 compared to 1.8
for the single stage system. Here again the driving force to a higher
degree of polymerization is much greater than the equivalent driving force
in the single stage system, and the net result reflects this.

4.3.4 Response of Degree of Polvmerization to Space Velocity

One puzzling result of the modeling work was the prediction that the

degree of polymerization would decrease as the residence time increased.

This was true regardless of reactor type and occurred within the entire
range of Fischer-Tropsch operating conditions. A polymerization product
intuitively becomes heavier the lower the reactor gas hourly space
velocity.

The key to understanding this result Ties in the competition between
polymerization and termination. The longer the growing chain remains at a
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catalyst site before being hydrogenated to a paraffin, or leaves the
catalyst site as an olefin, the higher the degree of polymerization and
the molecular weight of the product. This, therefore, will be a function
of the relative rates of these processes.

The polymerization term (D = kp [€0] [Kz]) is a function of the
partial pressure of both CO and Hp. The irreversible hydrogenation to
paraffins term (E = ky [H21) is only a function of hydrogen partial pres-
sure. Because of the water-gas shift reaction, the CO conversion through
a reactor is much higher than the hydrogen conversion, resulting in the
partial pressure of CO dropping much more across the reactor than that of
hydrcgen. For example, the volumetrie percentage of CO may go from 35% at
the inlet to 5% at the outlet, while the hydrogen goes from 65% to 45%.
This will result in the polymerization term falling to 10% of that at the
inlet while the hydrogenation term is still 70% of that at the inlet. The
ratie has, therefore, changed by a factor of 7, and this will cause a
falling molecular weight of product and a Tower dagree of polymerization
with increasing conversion.

The other factor that can influence the molecular weight of the
product is related to the reversible termination reaction to form olefins.
The effect of this reaction is to influence the proportion of CO reacting
to initiate new chains compared to that elongating existing chains. As
the concentration of olefins in the vapor phase increases, the reverse
reaction will slow down the rate of release of olefins to the vapor phase.
However, in the investigations carried out to date with the reactor
models, two factors combine to make this effect insignificant. First, the
concentration of olefins is still quite low at the outlet of the reactor
in all cases, because of the high concentrations of Ho, €O, and H»0, which
are inherent to the reaction system. (The slurry system has the highest
olefin concentration at the outlet, but it is still less than 5 mol-%.

The rate of the reverse reaction, therefore, will be low because of the
low olefin concentrations. Second, the value of Kg used in these studies
wds not determined from experimental data. (The selected value is dis-
cussed in Section 4.3.1.) If experimental data support a lower value of
Ke (i.e., a higher rate constant for the reverse reaction), this can
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increase the influence of this effect. An investigation of the effect of
olefin concentration on the degree of polymerization of the product will
have to wait for further experimental data.

Table 4.3-17 provides an overall view of what happens with increasing
CO conversion. Here the conversion at the reactor outlet is 98.3%. The
hydrogen content remains high while the olefins only reach 3 mol-%. The
CO concentration decreases from 32 to 1 mol-%.

Another way of understanding this phenomenon is from a purely
mathematical point of view. A decreasing degree of polymerization funda-
mentally means that the rate of formation of a heavy compcnent is less
than that of a Tight component. Or, the rate of formation of a light
component divided by that of a heavy component is greater than unity. As
an example:

TCoHg
TC3Hg

> 1 {31)

Using the mathematical expressions derived for these rates, one obtains:

FCoHg AC + B[CaHa] (32)
rcadg  AZC + B - A [CpHgl + B [C3Hg]
If Equation 32 is rearranged, one obtains:

CaHg . [CaH
' AL + [CaHa]

For this ratio to be greater than unity, the denominator must be less than
unity, or:
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ACEC3H6] <1-A (34)

Typical magnitudes (Tube Wall Reactor R-29T) of these numbers are as
follows:

A = 0.504

K =8.97 x 1073
[C3Hg] = 1.0 x 10-6
[CoHgd = 1.15 x 1076

Considering the relative magnitude ¢f the olefin concentration terms
compared to the value of AC/B, it is apparent that the left side of Equa-
tion 34 is less than the right side and, therefore, the degree of polymeri-
zation is decreasing throughkthe reactor.

What are the factors required to reverse the trend causing the
degree of polymerization to decrease through the reactor? In other words,
what is required for the following equation to hold:

[C3Hg]

A§-+ (CoHal

>1 -4 (35)

The most obvious factor is for the concentrations of the olefins to
increase to an order of magnitude equivalent to, or greater than the value
of AC/B. As mentioned earlier, this is unlikely since olefin concentra-
tions always remain extremely low throughout the reactor.

Another possibility 1ies in the value of A. One notices that as A

approaches unity, the right side of Equation 35 approaches zero and at
some point will be less than the left side. The definition of A is-

4-51




~

SN,

kpLCOIHp]
A= 36
kpLCOILH2] + kyulHaT + kg (36)
where terms are defined in Section 4.1. For A to approach unity,
ky [Hal + kg << kp [COI[Ho] (37)

The right and Teft sides of this equation represent the polymerization
rate term and the termination rate terms, respectively. Therefore, as one
might expect, polymerization must completely dominate termination in order
to have an increasing degree of polymerization through the reactor.

A third possibility Ties in the value of B. If B is very large, the
value of AC/B will evertually become the same order of magnitude as the
olefin concentration terms. B is defined as:

k
B = 0
Ka (ko + kp[COJEsz + ky [Hz])

(38)

Since ko/(kp + RI + RT) is always less than unity, the only way to make B
Targe is to have Ko very small. This is precisely the conclusion at the
beginning of this section.

i To this point, the entire discussion has revalved around the
mechanism as it was originally derived. It should be pointed out that
there were three assumptions made during the derivation that may be influ-
encing the results. The first is the assumption of steady state. In a
non-steady state system, it is obviously impossible in a polymerization
reaction to make a Cpg component before a Ci9 component is available. The
steady state assumption, on the other hand, suggests that all components
are available immediately upon entering the reactor. The rate of produc-
tion of any given component, therefore, can not be inhibited by the Tack
of availability of another.
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The second is the assumption of fixed rate constants and equilibrium
constants for all carbon numbers. Since degree of polymerization is
influenced by the rates of formation of components relative to each other,
Tt 1s apparent how fixed rate constants could restrict this particular
yield characteristic.

The third is the assumption with regard to order of the reactions.
The polymerization term was assumed to be first order with respect to both
hydrogen and carbon monoxide. The paraffin termindtion term was assumed
to be first order with respect to hydrogen only. The olefirn termination
was assumed to be zero order. If polymerization was found to be zero
order with respect to C0, for example, the entire analysis with regard to
relative CO and hydrogen concentrations would no longer hold, and the
influence on degree of polymerization would be quite different.

In summary:

1. Given the existing mechanism, increasing Hp/CO ratio through the
reacter has influenced the competition between polymerization
rates and termination rates in such a way as to result in a
decreasing degree of polymerization with reactor length,

2. Resolution of some of the assumptions incorporated into the
existing mechanism may influence this result.

4.3.5 Reactor Comparisons

Since a model was not deve}oped for the ebullating bed system,
comparisons were limited to the tube-wall, slurry, and entrained bed
reactors. The three areas concentrated on were as follows:

1. The base operatirg conditions chosen for each reactor system.
2. At the base conditions, the efficiency of utilization of CO and

H2 as well as the quantities of Hz0, CO2 and hydrocarbon
produced.
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3. The sensitivity of CO conversion and degree of polymerization to
operating condition changes.

The first of these compariscns is presented in Table 4.3-18. The
slurry operating conditions and yields represent those given by Koelbel
for a demonstration unit of 10,000 liter capacity (20). The entrained bed
operating conditicns and yields are taken from the Standard 0i1 ¢f Indiana
FeasibiTity Study performed by Kellogg (4). The tube-wall conditions were
originally going to be taken from the Ralph M. Parsons study (16); how-
ever, as mentioned in Section 4.3.2, these conditions appeared to be
overly optimistic. Twe sets of conditions are shown for the tube-wall and
are those that bracket the final operating conditions selected for the
engineering evaluation. For each reactor type, the final selection
appears to represent the most optimistic set of operating conditions,
assuming present day catalysts.

There are three representaztions of reactor efficiency in Table
4.3-18, i.e., J factor, gas hourly space velocity, and 8. Respectively,
they represent the utilization efficiencies of catalyst surface, reactor
space, and catalyst weight.

A comparison of GHSV's suggests that the entrained bed reactor
utilizes reactor space rouchly 3-1/2 times more efficiently than either
the slurry or tube-wall reactor. The reason is the higher catalyst den-
sity per unit volume in the entrained bed reactor. However, this can be
misleading, since the entraired bed reactor has an additional vessel which
acts solely as a temporary holding tank for circuiating catalyst. If one
were to recalculate the GHSV using the volume of reactor plus holding
tank, the value would decrease to roughly 350 hr-1, and would not Took
nearly as attractive.

From a catalyst perspective, a comparison of 8's suggest. “hat the
slurry and entrained bed reactors utilize a pound of catalyst roughly
4-1/2 and 2-1/2 times, respectively, as efficiently as the tube-wall
reactor. At tnhe same time, the J factor indicates that the catalyst
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surface available for that pound of catalyst is roughly between 5 and 8
times as great for the slurry and entrained bed as for the tube-wall
system.

It is apparent that the tube-wall reactor design is least efficient
with regard to both reactor space and catalyst utilization. Regarding the
remaining two systems, the entrained bed system seems to have a siight
edge in the utilization of reactor space while the slurry system is
clearly the most catalyst efficient.

One of the most important questions asked during the evaluation of
these reactor systems was -- How efficiently does each reactor system
convert CO and Hp to usable product? To answer this question, a compari-
son was made at “"base case" conditions for each reactor system. In the
case of the entrained bed and slurry resctors, the base case was the
Kellogg (4) and Koelbel (7) designs, respectively. In the case of the
tube-wall reactor, the base case consisted of feed and product yields from
the Parsons design (16) modified to represent potassium-promoted taconite
as cataijyst.

Table 4.3-19 represents reactant conversion and product yields per
mole of fresh feed and per mole of CO plus Ho converted. A comparison of
total weight of hydrocarbon produced per mole of fresh feed suggests that
the entrained bed reactor makes more product than the slurry reactor,
which makes more product than the tube-wall reactor. Although these
numbers may represent the performance of each specitic reactor, fhey do
not reflect the performance of the overall reactor systems for conversion
of synthesis gas. For example, the entrained bed reactor uses a large
amount of recycle gas and conversion is therefore higher on a fresh feed
basis than for the other two reactors. The tube-wall reactor has a high
feed gas Hy/CO ratio and this results in a lower synthesis agas conversion
than in the slurry reactor. Variations in feed compositions also affect
the figures in Table 4.3-19.

If moles of CO plus Hp converted is used as a basis, the influsnces
of feed compositions and water-gas shift can be eliminated. For every
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mole of CO converted via water-gas shift, for example, a mole of Hy is
produced and, therefore, the sum of Hz plus CO remains unchanged. A
comparison of total weight of hydrocarbon produced on this basis shows
only minor differences between reactor systems. However, the efficiency
with which the shift reaction is being used is clearly shown by the rela-
tive consumptions or productions of Hz, CO, H0, and Cos.

In the case of the entrained bed system, the COp level in the
combined feed, caused by high concentrations in the recycle gas, is so
high that the shift reaction is at equilibrium, i.e., no CO2 produced.
Virtually every mole of CO entering the reactor is converted to hydrocar-
ban product. On the other hand, not one mole of Fp s being produced
within the reactor. The net result is that a large water-gas shift system
is required upstream of the entrained bed reactor in order to supply the
necessary hydrogen for feed.

In contrast, the shift reaction in the slurry reactor is far from
equilibrium as reflected by the COz produced. A significant portion of
the CO is being converted to CO02 in order to procduce the necessary hydro-
gen, but the weight of hydrocarbon produced is equivalent or perhabs
slightly areater than the other systems. Also the shift reaction is tak-
ing place in the same vessel as the Fischer-Tropsch reaction. Auxiliary
equipment for adjustment of H2/CO ratic is, thersfore, not necessary, and
as steam for the shift system does not have to be produced, an gverall
advantage in thermal efficiency will result.

The tube-wall reactor falls in between. This reactor requires a high
Ho/CG ratic in the feed and, therefore, requires auxiliary shift reaction
equipment. At the same time, the C0p content of the feed is not high
enough to prevent the production of unneeded Hz at the expense of C0. The
combination of these two effects causes the tube-wall system to produce
significantly less hydrocarbon per mole of fresh feed than the other
systems.

The third set of comparisons, i.e., sensitivity of CO conversion and
degree of pclymerization to operating conditions, is represanted in
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Figures 4.3-35 through 4.3-41. The study was performed by adjusting
either pressure, temperature, or H2/C0O ratio whila maintaining all other
base conditions constant.

Pressure can be seen to have a dramatic effect on CO conversion for
both the entrained bed and tube-wall systems. The slurry system, however,
is only modestly influenced. The insensitivity of the slurry system is
caused by: a) back-mixing of the 1iquid phase which causes the concentra-
tion driving force for reaction tc be constant and equal to the outlet
conditions, and b) solubilities in the liquid phase. At 300 psig, the CO
conversion in the slurry system is 94.5%., The liquid phase CO and Eo
concentrations are 6.5 x 10-4 and 8.5 x 10-% moles/ft3 liguid, respec-
tively. At 174 psig, the conversion is 85% and the 20 and Hz concentra-
tions are B.4 x 10-% and 5.23 x 10-4, respectively. The rate of conver-
sion is propertional to the product of these concentrations. At 300 psig
this is 5.52 x 10-7, while at 174 psig this is 4.329 x 10-7. The ratio of
these numbers is 1.26 and is a measure of the relative increase in driving
force for CO conversion due to increased pressure. In the gas phase, this
same ratio would be equal to the ratio of the pressures or 1.67. Clearly
the 1iquid phase response to pressure is less dramatic than for the gas
phase.

The decrease in the degre2 of polymerization with pressure in the
slurry system (Figure 4.3-36) can be explained in a similar manner. As
mentioned earlier, the degree of polymerization is determined by comeeti-
tion between rates of termination and polymerization. The rate of polymer-
ization is generaily described as being proportional to the product &f Hp
and CO concentraticns, i.e., rp « [COJ [Hp], while the rate of termination
is proportional to just the Hz concentration, i.e., re « [(Hpl. For a gas
phase system, when the pressure is increased from 174 psig to 300 psig,
these concentrations at the reactor inlet increase in direct proportion to
the absolute pressure by a factor of 1.67. The competition between polym-
erization and termination is, therefore, changed by a factor of 1.67
consistent with the ratio of rp to rt. In the slurry system, the solubil-
ity changes with respect to pressure coupled with the relative cenversion
levels determine the 1liquid phase concentrations and, therefore, the
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relative rates. Solubility alone is roughly proportional +g préSSure, and
one would, therefore, expect to see an increase in concentrations similar
to the gas phase systems. Hewever, the increased pressure aisc increases
conversion thereby Towering the outlet concentrations. From 174 to 300
pPsig, the net result is a decrease in CO concentration from 8.4 x 104 to
6.5 x 10~% moles/ft3 1iquid and an increase in Hz caoncentration from 5.23
x 10~% to 8.5 x 10-4 moles/ft3 Tiquid. This correspcnds to factors of
0.77 and 1.63 for changes in the CO and Ho concentrations, respectively.
The ratio of rp to re, f.e. 0.77 x 1.63/1.63 = 0.77, reflects an increase
in the role of termination relative to polymerization and is consistent
with a decreasing degree of polymerization.

The influence of temperature on CO conversion and degree of
polymerization is presented in Figures 4.3-37 and 4.3-38., As in the case
of pressure, CO conversion in the slurry reactor is less sensitive to
temperature than in the other two systems. The back-mixed nature of the
siurry system results in reaction rates being dependent on outlet concen-
trations of reactants. Because these concentrations are Tow, the rates
are much slower than in the other systems. Conversion is attained by
using longer residence time, rather than by having the higher concentra-
tion driving forces of the plug fiow reactors. This lethargic nature of
the slurry reaction rates is reflected in the response of CC conversion to
temperature.

There are few operating variables that have a more dramatic effect on
degree of polymerization than temperature (Figure 4.3-38). The reason
lies in understanding the competition between rates of polymerization and
hydrogenation as they relate to the rate constants. The rates of polymeri-
zation and hydrogenation are proportiona?! to Arrhenius rate constants with
activation energies of 26,430 and 28,825 Btu/1b mole, respectively. An
increase in temperature from 500°F to 600°F increases the polymerization
and hydrogenation rate constants by factors of 3.71 and 4.17, respec-
tively. Thus, the ratio of polymerization to rate of termination
decreases to 0.89 of its original value, which causes the degree of polym-
erization to decrease with increasing temperature.
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Although the above discussion satisTactorily explains the direction
of change, it does not explain the insensitivity of the entrained bed
reactor system relative to the slurry or tube-wall systems. The slurry
reactor was defined as being isothermal. Although the tube-wall reactor
was not defined in this manner, the heat transfer coefficient for heat
removal was such that nearly isothermal conditions were attained. The
entrained bed system was the only system which had three areas of increas-
ing temperature through the reactor. But why would this cause the
entrained bed yield structure to be less sensitive to temperature? Figure
4.3-42 illustrates the reason. Lline I represents the degree of polymeriza-
tion versus temperature Tine which would exist under isothermal condi-
tions. Earlier it was mentioned that increasing the temperature from 500
to 600°F increases the termination rate constant by a factor of 4.17.

When the same AT is applied from 600 to 700°F, the termination rate con-
stant only increases by a factor of 3.28. In other words, the influence
of increasing temperature at low temperatures is greater than at high
temperatures. The entrained bed system was operated with a constant 36°F
AT across the reactor at each inlet temperature. At T; on Figure 4.3-42,
this 36°F AT will have the effect of dropping the degree of polymeriza-
tion from point a to point b. At To, the same 36°F will have less effect
and will only drop the degree of polymerization from point ¢ to point d.
The same applies for T3. The net result is Line Ii which has a slope much
less steep than the isothermal line. b

The influence of combined feed Hp/CO ratios on CO conversion and
degree of polymerization is presented in Figures 4.3-39 and 4.3-41. Not
surprisingly, an increase in Hp/CO ratio results in an increase in co
conversion. Both the rates of polymerization and termination are propor-
tional to Hy concentration, and although the concentration of CO does drop
with increasing Ho/CO ratie, its influence is surpassed by that of increas-
ing Hs concentration. It is interesting, nowever, that the increase in CO
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% conversion between 1.0 and 2.0 Hp/CO ratios is significantly less than

? between 0.7 and 1.0 Hp/CO ratios, particularly in the tube-wall and sTurry

: reactors. A closer Took at the water-gas shift reaction explains this -
f phenomenon. The CO conversion in Figure 4.3-39 is a combination of that

converted to hydrocarbon and to CO» via the shift reaction. As the Ha/CO
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ratio is increased, the reaction of C0 and H20 to form Hp and Coz is
inhibited. Obviousiy, this influence is greater from 1.0 to 2.0 Ho/CO
ratio than from 0.7 to 1.0 Hp/CO ratio. In Figure 4.3-4C the shift reac-
tion has been normalized out of the results, and only CO cenversion to
hydrocarbons is reported. It can be seen that, now, the influence of
Hz/C0O ratio is equivalent for the entrained bed and tube-wall reactors.
The slurry reactor, however, is less sensitive. Here, as in the case of
temperature, the back-mixed nature of the slurry system has resulted in
slower rates causing less severe response to operating changes.

Although slurry back-mixing is responsible for slower rates, it is
also responsible for the large influyence of combined feed Ho/CO ratio on
degree of polymerization. While in large part the plug flow reactor
products distribution are being determined by near inlet Ho/C0 ratios,
i.e., 0.7, 1.0, and 2.0, the back-mixed reactor product distribution is
being determined by outlet Hp/CO ratios, j.e., 1.15, 2.33, and 6.17.
Figure 4.3-41 clearly reflects these results.
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