'

kY /
3 ;
CHAPTER 1 . o /,/f/

-

i -
INTRCDUCTTON -
;i

. &, Gas-liquid-solid reaction svstems.
-fThree-phase teactors are widely used in chemical process industry.
Hydrogenation, oxidation and hydration are often carried out on a solid
catalyst in three-phase reaction systems. In some three-phase reaction systems,
e-g+ in coal liquefaction, the solid is a reactant. Sometimes, one of the three
phases is an inert medium which improves heat and mass transfer.
The gas-liquid-solid reactions are carried out in a column or a vessel which
contains all three phases.
Trree_rypes of gassliguid-solid reactlions can be distinguished:.-
ﬁ%)reactions where gas, liquid and solid are either reactant;or'ggpduct“,The
' absorption of carbon dioxide {n a suspension of lime to produce an_aqueous
solution of caleium carhonate and the thermal liquefaction of coal are
-~ examples of this type of reacticn. -
"#]gas-liquid~solid reactions in whieh the solid acts as a catalyst f&r the gas-
yliquid reaction.’This type of a three-phase reaction system is often encoun-
tered in the .chemical process industry. Not aonly reactants are absorbed from
the gas phase but volatile products can be desorbed as well. Furthermore,
there could be reaction systems, e.g. the catalytic liquefaction of coal, in
vwhich the solid phase is both a reactant and a catalyst,
\}(é)gas-liquid-solid rveactions {in whic?_ggmﬁonents from two phases react with each
other and the third phase is inert: When the solid is inert, reactions are
carried out in a fixed bed column./The gas-liquid reaction is often carried
out under countercurrent flow conditions. The solid improves in particular
the gas-Iiquid contact and gas-liquid mass transfer. When the liquid is the
Inert phase, it is used as a medium fot‘%eat transfer or for redistribution
of the concentrations of the reactants or products at the catalyst surface. In
the case that the gas phase 1s the inert|medium, it improves the mixing of the
liquid-solid suspension.
Shah [1] gives an extensive list of examples of the above-mentioned types of
gas-liquid-solid reaction systems. k\

A,
1.2. Reactors containing gas-liguid-solid sysﬁegs.
The reactions In gas-liquid-solid systems are carried out in a number of
reactor types which car be divided into two groups: ™ -
~ fixed bed reactors in which the solid bed is fixed;

- slurry teactors in which the solid phase is suspended in the liquid phase.

-

In fixed bed reactors the gas and liquid phases can flow:

= countercurrently, with the gas flowing upwards and the liquid flowing
downwards; .

= cocurrently downwards;

- cocurrently upwards.

In trickle bed reactors, gas and liquid normally flew cocurrently downwards.

A reactor with cocurrent upward flows of gas and liquid in a fixed solid bed is
called a packed bubble reactor.

The slurry reactors can be distinguished into:

- mechanically agitated slurry reactors;

- gas—agltated slurry reactors;

- gas-liquid agitated cocurrent upflow fluidized bed reactors.

In mechanically agitated and gas-agitated reactars the influence of the super-
fielal liquid velocity is usually negligible. In Table 1.1. a review of some
operation modes of three-phase reactors is given, with a few examples.



1.3. Slurry reactors. .

In this thesis the discussion is restricted to gas—liquid-solid reaction
systems in which the solid acts as a catalyst and 1{s homogeneously suspended in
the liquid. The gas phase Is the dispersed phase whereas the liquid is the:
continuous phase. In particular the subject of wass transfer in a three-phase
reaction system with gas agitation is dealt with. Our experiments were carried
out with a zero net liquid flowrate. The results of these experiments may be
applied to a slurry reactor with a relatively low value of the superfieifal
1iquid velocity.

For the design of large—scale industrial slurry reactors, knowledge {s required
about the hydrodynamic behaviour and the tramsport properties of the reaction
system. Sometimes, knowledge of the properties of the gas-liquid system only 1is
jnsufficient for a successful design of slurry reactors. It has been found that
the suspended solid can have a large influence on gas holdup and bubble size.
In the past two decades a number of investigations have been carried out on
both the hydrodynamic and the transport properties io slurry reactors.

Most publications deal with one or more hydrodynamic properties of two or
three-phase reactlion systems. Publications of interest are mentioned and
discussed in Chapter Z where the hydrodynamic behaviour of two and three-phase
bubble columns 1is treated in more detail.

In a number of articles a theoretical analysis is given of the mass transfer
process in slurry systems in which the solid acts as a catalyst. Sclutions are
given for the effectiveness and the gas absorption rate in slurry systems for
chemical reactions of different orders. Further, articles have been published
in which the experimental results are given for several hydrodynamic and
transport properties focusing on a single system under certailn conditions of
temperature and pressure.

Kolbel and Hammer et al. published a number of papers in which they discuss

the conversion, kinetics and mass transfer of hydrogenation reactions. Kdlbel
and Maennig [2] discussed the kinetics of the ethylene hydrogenation on Raney
nickel suspended in hydrocarbons at 1 bar and at temperatures between 30 and
100 ©C. Kblbel, Klétzer and Hammer [3] have investigated the system mentioned
at pressures up to 6 bar and have given reactor design rules with which the
reactor behaviour at different conditions can be simulated. Kolbel, Matsuura
and Hammer [4)] described experiments with the hydrogenation of n-dodecene-1 on
suspended Raney nickel catalyst at 1 bar as experimental proof of the macro-
kinetic reactor design equations with which the reactor performance as a fune-
tion of operating conditions can be predicted. Tdentical objectives were
pursued by Hammer and Schmal [5] with the hydrogenation of carbon monoxide to
wethane. Further articles of Kolbel et al. [6,7] deal with the design of slurry
reactors. More recently, the development and scale-up of a slurry reactor for
the production of hydroxylamine on a commercial scale have been investigated in
every detail. Some results of this study and the experience of scale~up of the
equipment have been published by Van Dierendonck et al. [8-10] and De Rooij

et al, [L1].

Other three-phase reaction systems have been investigated on laboratory scale
by Gut et al. [12], who reported about the kirerics of the liquid phase hydro-
genation and isomerization of sunflower oll with nickel on silica catalyst

and by Sadana [13], who performed experiments with the aqueous phase

oxidation of maleic acid on supported Cu® catalyst. Johnson et al. [14]
described the results of the hydrogenation of a-methylstyrene by means of a
suspended palladium on alunina catalyst wheteas Price and Schiewetz [15]
reported about the hydrogenation of cyclohexene in the presence of a supported
platinum catalyst. It should be pointed out that most kinetic measurements with
small-scale slurry reactors are carried out with mechanical agitation. In
large-scale slurty reactors, gas-agitation is preferred.

Also Sanijder et al. [16] (hydrogenation of nitrobenzene to aniline in an acetic
acid solution) and Littman and Bliss [17] (hydrogenation of toluene) made use
of a mechanically agitated reactor for thelr kinetic studies.
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Table 1.1. Review of some operation modes of three-phase reactors.

type: of reactor

w

1. fixed bed reactor

examplesg:
- trickle hed reactor

- bubble flow reactor

- spray flow reacter

2. slurry reactor -

examples:
- mechanically agitated
slurry reactor

- gas—agitated slurry
reactor

- fluidized bed reactor

mode of reactor operation

gas

downwards
continuous

upwards
dispersed

upwards
continuous

upwards

.dispersed

upwards
dispersed

upwards
dispersed

liqutd

downwards

upwards
continuous

downwards
dispersed

upwards
downwards
continuous
batch-wise

upwards
downwards
continuous
batch-wise

upwards
continuous

solid

fixed

fixed

fixed

suspended

suspended

suspended

Sherwood and Farkas [18] ugsed a gas—agitated slurry reactor for their study on
the hydrogenation of a-methylstyrene, the hydrogenation of ethylene using cata-
lyst suspended in o1l and the hydrogenation of cyclohexene by catalyst suspended

in water.

Slesser et al. [19] investigated some of the parameters affecting the rransfer
rates in a bubble column by means of the hydrogenation of ethylene with Raney
nickel catalyst in an o-xylene medfum.
Lefers et al. [20], Rars et al. {21] and Janssen and Joosten [22] searched for
the tnfluence of the presence of solid particles on some of the mass transfer

properties.

The above-mentioned publications give information on the kinetics of and mass
transfer in several reaction systems in mechanically and gas—agitated
reactors. Sometimes, the results are used as support for reactor design of

particular reaction systems.

Ramachandran and Chaudhari. have published theoretical work on the slurry
reactor, its kipetics, overall effectiveness and mass transfer rates [23-25].
A theotetical study on the dynamics of a bubble ecolumn slurry reactor has been
carried out by Govindarao -{26] using an axial dispersion model. . :
Further theoretical work on the mass transfer in slurry reactors has heen

done by Gut and Buhlmann [27], by Reuther and Puri

[29].

{28] and Hsu and Reuther



Recently, publications have heen presented by Alper, Wichcendahl, Lohse and
Deckwer [30-35] which deal with the chemical enhancement of the gas absorption
from the gas phase into theé liquid phase in slurry systems where the solid
acts as a catalyst. These publicatlons are based on a pseudo-homogeneous model
for the liquid suspension of catalyst in which very small catalyst particles
are in the liquid film. Thelr main conclusion is that for almost all practical
cases of catalytic slurry reactions, the chemical enhancement can he neglected
because of the high value of the mass transfer ccefficient and the very high
concenttation of catalyst required to obtain any enhancement.

A review of studies on mass transfer across the gas—-liquid interface in three
phase slurry systems is given by Pstergaard [36].

l.4. Cutline of the work to be presented.

The aim of this thesis is to develop reactor design equations for large-scale-

industrial slurry reactors. The discussion is restricted to the type of gas~—

agitared slurry reactors in which the liquid is the continuous phase and rhe gas

is the dispersed phase. The gas flows upwards. The solid acts as a catalyst '

and is suspended homogeneously in the liquid by the gas flow. For the design of

slurry reactors it is necessary te have reliable information about:

- the hydrodynamic behaviour of the slurry system; B

- the kinetics of the reaction;

- the physical properties of the reaction system, e.g. the transport
properties;

- the gas absorption process from the gas phase to the active sites of the
catalyst particles.

In this thesis it {s shown that it is possible to evaluate reactor design
equations from information of separate small-scale experiments on each of the
above-mentioned subjects. Combination of the correct information on these
subjects leads .to reliable reactor design equations.

In Chapter 2 the results of investigations into the hydrodynamic behaviour of a
bubble column and a slurry column are discussed. These results relate to:

- the average gas holdup;

- the gas~holdup distribution;

- the solid particle distribution;

- the axial liquid-phase velocity distribution in a cross-section;

- the Sauter mean gas bubble dlameter;

- the specific interfacial area.

The experiments were performed in a column (T = 0.29 m, L = 4 m) whose dimen-
sions were chosen so as to make the Information obtained representative of a
large-scale column.

In Chapter 3 the solubility of gas in the reaction liquid is discussed and a
desorption method for the determination of the solubility of slightly soluble
gases In liquids is given.

Because of the lack of relliable information on the diffusion coefficient of the
gas In the reaction medium, we have developed a new method {Constant Bubble
Size method) which leads to accurate and reliable data on the diffusion coef-
ficient of slightly soluble gases in liquids. The theory of the CBS-method,
aquipment and results of the experiments are presented in Chapter 4,

In Chapter 5 we shall describe some models for the mass transfer of gas from
the dispersed gas phase to the active sites of the catalyst particles which
are suspended homogeneously in the liquid. We will discuss models in which the
catalyst particles are:

- in the bulk of the liquid only;

- in the liquid film only;



= suspended homogeneously in hoth the bulk of the l{quid and the liquid film.

In Chapter 6 the- results of the experiments with some three-phase reaction
systems are discussed in the light of the theory of Chapter 5. These experiments
were carrited out in a Whitman cell contalning about 1 litre of Hquid and ahout
0.5 litves of gas. The liguid and the gas phase are mechanically stirred
separately. The gas-liquid interface 1s a circular flat herizontal surface

with a specific interfacial area of about & !

In Chapters 2 to 6 experiments performed in equipment of different scale are
described. The experimental results concerning the hydrodynamic behaviour were
obtained in a 300 dm? slurry column; the chemical teactions were carried out in
a 1.5 dm? Whitman cell; the diffusion coefficlents of the slightly scluble gases
in the liquids were obtained in a 3 cn?® diffusion cell.

Although the experiments concerning gas absorption with chemical reaction in a
three-phase reaction system were carrled out in a Whitman cell, it 1is also
possible to perform such experiments in the above-mentioned diffusion cell

[111].

In Chapter 7, physical quantities relevant for the design of slurty reactors
are defined and reactor design equatfons will be given.

Moreover, the influence of the gas holdup, bubble size and particle sfize and
concentration on the gas abseorption rate will be treated In more detail.



CHAPTER 2

HYDRODYNAMIC REMAVIOUR OF A BUBBLE COLUMN AND 4 SLURRY COLUMN'

2.1. Introduction.

Gas-liquid contacting is of great {mportance in a number of industrial
applications. In chemical processing, a gas-agitated contactor is often used to
bring gas and liquid into intimate contact. When gas and liquid have been
brought together, mass transfer takes place, which can be followed by a chemi-
cal reaction in the liqufd phase.

In its simplest form, the gas-liquid contactor is a vertical vessel partially
filled with liquid, having a gas disperser at the botrtom. Its characteristic
feature is that it has no mechanical stirrer or other moving parts. Inlet gas
having a controlled superficial velocity is dispersed through the sparger into
the liquld. At the top, gas and liquid are disengaged at an interface which
must be controlled in a continuous opperation. There may be a continucus liquid
flow through the vessel, either co-current or counter-current relative to the
gas flow. Generally, the superficial liquid velocity is relatively small in
comparison with the superficial gas velocity. Gas—agitated contactors may be
used as absorbers and strippers and are well-known as bubble cclumns.

This method of contacting a gas and a liquid is, probably, of still greater
importance in catalytic processes. In these reaction systems a finely divided
catalyst is kept in suspension in the liquid medium. On the active sites of
the catalyst, a chemical reaction takes place between twWwa components. One
component is absorbed from the dispersed gas phase, the other 1s present

as a pure liquid or has been dissolved in the liquid medium. Here, the reac-
tion system is better known as a slurry reactor.

In slurry reactors the most important factor for gas-liquid contacting is the
rate of gas ahsorption, which is propertional to the product of the overall
mass transfer coefficient, Ky, and the specific interfacial area, a.

Mass transfer resistance in the gas phase is mostly negligible compared with
that in the liquid phase, so, the rate of gas absorption can be given by kya,
where ¥y, is the liquid-film mass transfer coefficient.

GCalderbank and Moo-Young [37] reported that for mass transfer from a dispersed
gas phase- ki depends ornly on the physical properties of the system used and is
independent of the operating conditions. Towell et al. [38] attributed most of
the increase in kpa to the increase in interfacial area with the increasing
superficial gas velocity. In their review on mass transfer im gas-liquid
systems, Sideman et al. [39] came to the same conclusion.

Akita and Yoghida [40] found that ky is directly proporticnal to the square
root of the mean bubble diameter. The influence of the process conditions on
the value of ki remains limited, since the mean bubble diameter is almost
independent of the superficial gas velocity for a glven gas-liquid system.
Therefore, it can be cdncluded that for a given gas-liquid system in a given
bubble column, ki is almost independent of the superficial gas velocity and
the superficial liquid velscity i.e. of the conditions under which the column
is aoperated. The value of kf is mainly determined by the physical properties
of the system used. Its contribution to the increase of the rate of gas
absorption at increasing superficial gas velocity 1s almost negliigible. The
increasing rate of gas absorption at higher values of the superficial gas
velocity is mainly due to the increase of the specific interfacial area.

For a glven system, the value of the specific interfaclal area is dependent on
the Sauter mean bubble diameter and the gas holdup.

They can be affected by the following system preperties and process
conditions:

- transport properties of gas and liquid;

- concentration of electrolytes;

- concentration of solld particles;

- type and position of gas distributor and orifice diameter;



- dimensions and geometry of the column;

- superficial gas velocity;

- superficial liquid velocity;

— presence and dimensions of internal devices.

In this chapter, we discuss the influence of some of the system properties and
process conditions on the gas holdup and Sauter mean bubble diameter and, as a
consequence, on the value of the specific interfacial area.

In all our experiments, the folleowing properties and conditions are

identical:

- the physical properties of the gas;

- dimensions and geomerry of the gas distributor;

- diameter of the column.

- the superficial liquid velocity, whlech was zero.

Sometimes, the presence of internal devices is unavoldable in performing the
measurements.,

2.2, Physical quantities influencing mass transfer.

2.2.1. Average gas holdup.

When gas 1s continuously bubbled through a deep liquid, a certain volume of
l1quid will be displaced by an equal volume of the dispersed gas phase. The
amount of gas can be expressed by the volume fraction of gas or gas holdup in
the dispersion:

Eay = VG/(VL + Vg (2-1)

If the cross-sectional area of the column is constant along the helight of the
dispersion, this quantity can be calculated from the helght of the dispersion

Hy, and the clear liquid height Hy:

Egy = (HD - HO)/HD (2-2)
With eqn (2-1) eor (2-2), it is possible to calculate an average gas holdup in
the digpersion.

For a given column, the average gas holdup 1s commonly given as a function of
the superficial gas veloclty, defined by: ’

ug = /A (2-3)

According to the work of Towell et al. [38] and Reith et al. j41,42], data on
gas holdup can be correlated by:

Vp = v, + bug (2-4)
where v, is the terminal velocity of a single bubble and b = 2,

The left term of egn (2—4),15_ku0wn as the slip or relative velocity., For
cocurrent flow of gas and liquid:

Ve = ug/eay = uL/{1l - eay) {2-5a)
For countercurrent flow of gas and 1liquid:

Ve ® ug/eay + un/(l 7 gay) (2-5b)
In the present work, the superficial 1liquid veloclty uy equals 0.

One of the consequences of eqn (2-4) is that a limit of gas holdup will be

reached for high values of the superficlal gas velocity. Combination of eqns
(2-4) and (2-5a) or (2-5b) gives:



l/egy = b+ vofug = llen + volug ‘ (2-6)

g0 that for wg » @ the limiting value of the average gas holdup, denoted as
€m, Will be 1/b. Since e, € 1, it follows:

b1 2-7)
At low values of ug, eqn (2~6) vields:
eay = 4/ Vo (2-83

Correlation {2-8) holds for ug < 3 em s~1 [9,10,39,43].

A large number of other correlations on gas holdup as a function of super—
ficial gas velocity have been proposed [10,43-52]. Most of these correlations
contain one or more dimensionless groups which in tura consist of physical
quantities of the dispersed and continuous phase.

Some correlations cannot be used to describe the gas holdup presented in this
study because these correlations have been obtained from experiments performed
in smaller columns or in a different range of superficial gzas velocities. It
is known that identical superficial gas velocities in smaller columns, T € 15
em, lead to higher values of the gas holdup (9,39,43,52-55].

In Table 2.1., correlations for gas holdup in bubble columns are summarized.
Correlations mentioned in Table 2.1. have heen obtained from experiments in
large-diameter columns, T » 15 cm, and in a range of superficial gas

velocities, ug » 3 em 5”1,

With respect to the average gas holdup, we have investigated the influence of
the following physical properties and process conditlons:

- clear liquid height;

-~ concentration of electrolytes;

- concentration of solid particles;

- superficial gas velociry.

The effect of the clear liquid helight on the average gas holdup was found to
be negligible by Yoshida and Akita whereas Gestrich and Rdhse [51] reported
that any influence can be neglected for clear liquid heights above 2 m. Several
investigators [43,50,53] have observed that the gas holdup in aqueous electro-
lyte solutions {s slightly larger than that in pure liguids or non-electrolyte
solutions, whereas Van Dierendonck [%] did not find any influence of addition
of electrolytes on the gas holdup.

The effect of the superficial gas velocity on the average gas holdup has been
discussed above and can be found from the correlations of Table 2.1.

In the present study, the Influence of porous activated carbon particles,

up to a gsolids concentration of about 12 kg m™?, on the average gas holdup has
beaen investigated. Not only for the alr-water system, but also for am electro—
lyte solution.

2.2.2. Gas—holdup distribution.

In the preceding section, the average gas holdup has been discussed. However,
a non—homogeneous distribution of the gas hoidup may be expected, considering
the fact that 1n the dispersion three zones can be distianguighed, each with
1ts own specific properties.

In Flg. 2.1., these zones are drawn in a bubble column. First, one can locate
a region near the gas distributor, where gas is dispersed into the liquid, the
go-called on-stream zone. Secondly, near the surface where gas and liquid are
disengaged, there can exist a foam layer with a relatively high gas holdup.
Both the on-stream zone [38,42] and the foam layer [11)] have a height of about
1-2 times the column diameter. Between these, a third region exists, sonetimes
called middle section. The properties of the on-stream zone and foam layer
will not be influenced by the clear liquid height. The middle section, on the



Table 2.1, Correlations for gas holdup iﬁ bubble columns.

H

1. Towell et al. [38], Reith et al. [41,42]

Eay = UG/(VD + ZUG) . (2"9)

Towell et al.: 0 € ug/(m s71) € 0.3  Reith et al.: 0.03 < ug/(m s~!y < 0.47
0 < u/(n sl < 0,015 up = 0.021 m 7!
T=0.4mand 1.05 m T=20.14 mand 0.29 m
3.8 < Hy/T < 6.7 5.6 & Hp/T % 27.1
water—ailr water—air

NaCl aq. soln-air

2. Van Dierendonck et al. [9,101

cay = 1-2(n1ug/a)3 /% Mol/8  uhere Mo = 630/ (ni*e) (2-10)
Eay & 0.45 ' 0.3 ¢ Hp/T ¢ 3

0.03 ¢ ug/(m 571y < 0.4 5 107% ¢ np/(Pa s) < 5 1073

ap € 0.02 m s7! 20 1073 < /(N o'y ¢ 75 1077
T> 0.15m 0.7 107 < gy /(kg m~¥) < 1.3 103

3. HRughmark [44] ~

Eav = (2 + (Cy/ugd{pro/Co) 3y~ where €] = 0.35 m s~ (2-11)
and Cy = 72 kg2 m ¥ g2

0.004 < ug/(m s7!) < 0.45 0.9 1073 < ny/(Pa s) < 152 1073

T>» 0.1 m 25 1073 < o/(n w 1) ¢ 76 1073

0.78 103 < p;/(kg w3y < 1.7 103

4. Akita et al. [43]

€ay T2DL& 1/8 TBPLEB 1/12 ug
= (4 ) = 0yMl/ 240 (2-12)
(1 = e a Uk (Tg)*

with €3 = 0.2 for pure liquids and non-electrolyte solutions
and C3 = 0.25 for electrolyte solutions

0.005 < ug/(m 571y < 0.42 0.58 1073 < ny/(Pa s) < 21,1 103

T=0.15m, 0.3 mand 0.6 m 22.3 1073 < o/(N w7l) < 74.2 1073
0.79 10% < p/(kg m~3) < 1.59 102

5. Mersmann [45]

€ a0 /pLz 1/y PLZGa 1/24 PL 5772 L 1/3
———— = G g - e (2-13)
(1 - eayd \oﬂpg n.tdeg / ec Ap

semi-theoretical equation where C, = 0.14 m™* s



other hand, will be larger with larger clear liquid heights [38]. In general,
the gas holdup is scmewhat lower in the on-stream zone and much higher in the
foam layer with respect to the average gas holdup in the column. The average
gas holdup can be obtained froma Cr

R 2w M
Eay = (I/VD}OIROI OJ De(r,e,z) rdr 48 dz (2-14)

Because of the cylindrical geometry of both the vessel and the gas
distributor, the local time-averaged gas holdup will be independent of §:

H
Cav = (2ﬁ/vD)OJBOJ Do(r,z) rdr dz {(2-15)

foam
layer

. middle
section

on-stream
zone

i

Fig. 2.1. Different zones Iln a bubble column.

Measurements of the radial gas holdup distribution have been carried out with
a reslstivity probe by Neal and Bankoff {56], Hills [57], Xoide et al. [58]
and Koiima et al. [$9]. This probe gives two values of the cell current
corresponding to two possible values of the gas holdup at the tip of the
probe: zerc if the point is in the l1iquid phase and unity if it is in the gas
phase. The average local gas holdup is now calculated by ilntegrating the
output signal over a sampling period and dividing by the duration of the
sampling period:

t' ' -
el(r,z) = (1/:')0j e(r,z,t) dt . (2-16)

With this resistivity probe, a parabolic distribution function of the local
gas holdup as a function of the column radius has been found in small columns.
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Reith et al. f42] mgasufed axial and radial gas holdup distributions by means
of manometer tubes placed at different longitudinal and radial distances in
the column. No radial pressure gradients could be detected.

In the present study, we measured also the local gas holdup by wmeans of mano-
meter tubes. The local gas holdup was determined as a function of:

— the axlal and radial distance in the dispersion;

- superficial gas velocity;

~ presence and concentration of solid patticles.

2.2.3. Solid particle distribution.

On the analogy of section 2.2.2, identical remarks can be made with respect to
the local s0lids concentration in the case that solid particles are added to
the dispersion. In bubble columns, a non-uniform distribution of the golid
particles may occur due to sedimentation. Therefore, the average solids
concentration can be given by:

C = 1/v C :,6, rar z

For reasons menticned in section 2.2.2., this eqn (2-17) can he simplified:
_ R _Hp
Cp = (zw/vD)OI Oj Cp(r,2z) rdr dz (2-18)

It can be shown that small solid particles are well suspended in the
dispersion of a bubble column.

The minimum 1liquid velocity required to keep a small particle (Rep < 1) in
suspension, can be calculated according to Stokes' law:

ve = dp?pp — prle/(18ny) (2-19)

The density pp 1s the density of the porous catalyst particle, totally filled
with liquid:

Pp = (1 - Ep)p8 + £pfL, (2-20)
For a 10 wt % Pd/C catalyst, common values are:

dp = 4 1078 m; €p = 0.8; pg = 2 103 kg a~? (2-21)
When the liquid used is water, eqn (2~19) becomes

Ve = 2 1078 g s7! (2-22)
whereas the Reynolds number, based on the diameter of the particle, equals:
Rep = prdpve/ng, = 8 1076 (2-23)
Thus the assumption of creeping flow around the solid particle is justified.
As long as the particles do not interfere with one another, this caleculation
holds. It 1s plausible that the vertical liquid velocity component will be
more than 2 10~6 g7}, even at low values of the superficial gas velocity.
Imafuku et al. [60] observed that the velocity needed to keep small particles

in a homogeneous suspension depends only slightly on the total amount of solid
particles within the column, which is in agreement with the above-mentioned

result.
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For the determination of the solids holdup, three methods are availahle:

- wvisual observation; '

- pressure drop measurement; RE

- analysis of samples taken from the suspension.

Because of the relatively low catalyst concenttation used in this work and
the apacity of the dispersion caused by the carbon particles, we used the
latter method.

With respect to the calculation of gas holdup in slurty systems, it can be
assumed that the contribution of the porous solid particles to the volume af
the dispersion is negligible. For a solids concentratien of 12 kg m 3, the
contribution of the solld part of the catalyst particle to the dispersion
volume is only 0.6 percent.

Therefore, the expression given in egqn (2-1) can be used to calculate the
average gas holdup for the slurry systems used in the present study.

2.2.4, Axlal liquid-phase velocity distribution.

_According to some investigators [56,57,61-64], a recirculatien flow is ini-
tiated and propagated by a density differeace in the column between the
dispersion at the centre of the column and that near the wall. Owing to a
higher gas holdup at the centre of the column, liquid is flowing upwards at
the centre of the column and downwards near the wall.The radial gas holdup
distribution 1s then approximated by {61]:

e(r) =<>{(n + 2)/0)(1 - (x/R)™) (2-24)

where <e> Ls the average gas holdup of the cross—sectional area at a certain

axlal height in the dispersion. Mostly a value of n = 2 is taken.

However, the proof is not counvincing, for:

- most of the experimental proof has been obtained from experiments in small
diameter columns where by coalescence of gas bubbles above the gas
distributor some very large cigar-shaped bubbles are formed;

- the experimental proof is not consistent. Using the resistivity probe
technique, Koide et al. [58] found an almost flat radial gas holdup distri=-
bution throughout the cross-sectional area of a 5.5 m diameter column,
whereas they observed a liquid recireculation flow with a cylindrical symmetry;

- if a uniform radial gas holdup distribution 1s assumed in a bubble column,
no recirculation pattern and hence no axial liquid wvelocity distribution
should be found. However, it can easily be shown that also an axial liquid
velocity distribution will occur even though the gas holdup has been
distributed uniformly throughout the disperslon.

Ta show this, the following agssumptions are made:

- all the time-averaged liquid velocity components, except in axial direction,
egqual zervo:

T =0; vg=0; v, #0 ‘ (2-25)

- near the wall, there is a thin layer filled with a dispersion having a
density p ranging from:

pq ¢ p < p, for Rg < T <R {2-26)
- within this layer, there is a core with a uniform gas—liquid dispersion:

p=opg for 0 <r <Ry (2-27)
— the llquid velocity at the wall should be zero:

v,{R} = 0 ) (2-28)
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- hecause the layer near the wall is so thin relative to the diameter of
the column (Rd = R), it is assumed rhat the velocity near the wall 1is that
of the periphery of the core:

v (Rg) = v, (2-29)
In Fig. 2.2., these dimensions and velocities have been clarified for a bubble

column,
The superficial liquid velocity is given by:

m —
© U N,r,8) rde 48 = urh (2-30)

Assuming 3 cylindrical-symmetrical velocity profile for the iiquid phase,
based on the cylindrical geometry of both the column and the gas distributor,
egn (2-30) reads:

2y * 3
v = (/RA) [ vp(r) xdr (2=31)

v,(r)

%

Flg. 2.2. Axial liquld velocity profile in a bubble column.

The equation of motion for the axial direction reads:
{(M/myd(rrgp)/dr = -~ dp/dz - pg {2-32)

This equation of motion can be integrated for the core with a radius Ry with
the boundary condition:

Tpzy = 0 for r = 0 (2-33)
assuming constant density of the core:

P =pg for 0 < r < By (2-34)
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The followlng solution is then found:
Trp, = =~ (dp/dz + pgg)r/2 with 0 < r < Ryq B (2-35)

A relarion hetween the shear stress at the wall and the pressure gradient can
now be found:

Ty = - (dp/dz + pyelR/2 {2-36)

The axial liquid velocity can be found if the shear stress may he approximated
by the following equation:

Tr, = = pgve dvg/dr (2-37)
In general, the turbulent viscosity vy is a function of position in the
column. In this model, it has been assumed that the turbulent viscosity 1s
constant over the core at the same axlal position In the dispersion.

From eqns (2-35) and (2-37), it follows:

Pdve dvg/de = (dp/dz + ogg)r/2 (2-38)
Integration of eqn {2-38) yields:

V,(ry = kr2(dp/dz + pgg)/(pave) *+ Cs (2-39)

In the present study, the superficilal liquid velocity equals zero:
7 R —
up = 0= (2/R )Of v,(z) rdr (2-40)

from which it follows that:
Cc = = R%(dp/dz + pgg)/(Begve) (2=41)
The axial liquid velocity distribution 1is then glvan hy:

[(r/R)? = %}(dp/dz + 348)R2/ (bpgve) : (2-42)

V()

For r = Rg we find:

V,(Rg) = vy = (dp/dz + pagdRg%/(Bpgvy) (2-43)
Since Ry = R, we approximately obtain:’

Va(r) = 2v,{(x/R)? - %} : | (2-44)
The same result is obtained after introducing (Le>=- £(r)) = 0 for 0 < r < R
into eqn (12) of the work of Ueyama and Miyauchi [6l].

The eqn (2-44) makes clear that the time-averaged axial liquid velocity equals
zero for:-

r/R = G.71 . . (2-45)
which is in good agreement with values found in the theoretical and
experimental work of other investigators [57-59,61,62,64].

Furthernmore, it follows that the axial liquid velocity at the centre of the
column has a value identical to that near the wall bur with opposite sign:

(2=46)



Soma liquid velocity data taken from literature are plotted in Fig. 2.3. The
values of v, have been calculated by means of the least-squares method.

The agreement hetween this model and the experimental values given by Pavlov
[65] and those from Yamagoshi [66] is good. From this agreement 1t can be
concluded that the proposed model holds very well for superficial gas veloci-
ties from about 5 to 17 em s™! and column diameters from 17 to 25 cm.

In this study, we have measured the axlal liquid veloeity in the alr-water
system with a column diameter of 29 cm and superficial gas veloclities from

2 to 29 em s™L.

vz
1.0 '5;2;1 Pavlov data [65]
0.81 L ug/(n s7hy v /(m s7ly
=~ A0.05 -0.33
06 ia-.. ~2 ©20.10 -0.51
0.49-25> ¢ ®0.17 -0.68
A=A~ :O\\
0.2 4 ‘\ﬂ*\\ Yamagoshi data [65)]

0- 1‘ ug/(m s™Hy v,/(m s™D)
0.2 t.\ 0,05 -0.41
0.4 )

-0.4 .%a

\

-0.6‘ \
-0.8 1 +T;_

'1-0 T T

0 0.5 1

Fig. 2.3. Comparison of the proposed model for-axial liquid velocity
distributicn with literature data. The broken lines represent eqn
(2-44). .

2.2.5. Sauter wean gas bubble diameter.

Generally, in industrial bubble columns high values of the superficial gas
velocity are applied. In that case the same three zones can be distinghuished
with respect to the bubble diameter as were discussed in section 2.7.2.

In the on-stream zone, the gas bubble diameter is determined by the sparger
performance and depends on the gas velocity in the orifice and the orifice
diameter.

These initlal gas bubbles, i.e. the gas bubbles in the on~stream zone, are
different in size from the bubbles rising through the middle section of the
column. In the region near the sparger, the bubble diameter is independent of
the physical properties of the syatem and can be calculated from [40]:

dgi/dy = 1.88 (Fr)1l/3 (2-47)

In the fgam layer, no separate gas bubbles ecan be distinguished. Compartments
of gas are separated from each other by very thin layers of liquid and
consequently, the gas holdup will be higher than that in the on-stream zone
or the middle section and can even approximate unity.



In the middle section, the properties of the dispersion ‘are governed by the gas
superficial gas velocity and are independent of the type of sparger or sparger
performance [10,38]. The ultimate hubble diameter depends primarily on the
rurbulence in the continuous phase [38,39]. Because the middle section usually
forms the major part of the dispersion, the discussion is limited here to this
zone.

In the digpersion, a distribution of bubhle sizes occurs. When the density
function is f£(dy), the nth moment pn of the distribution is defined hy:

iy E'Ofmdbn £(dp) d(dp) (2-48)

It is usual to calculate the so-called Sauter mean hubble diameter, defined
by:

dg = u3fug (2-49)

The gas bubble diameters can be grouped into classes, each with a lower
and an upper diameter limit. The Sauter mean bubble diameter is then given by:

dg = I nydy? / E ngdy (2-50)

where di is the arithmetic mean diameter of a bubble of class 1.
The maximum stable bubble dlameter In a bubble column filled with a low-viscous
liquid 1s given by the balance of gurface tenslon force and buoyancy force:

dnax™C = dpax mgleL - pg)/é (2-51)
‘Experiments yleld a somewhat higher value [45] tharn eqn (2-51):

dpax = 3(o/(pL = pole)® (2-52)

For low-viscous liquids {np < 2 mPa s), the Sauter mean bubble diameter can be
approximated by:

dg = 1.8(c/(or - pg)B)" (2-53)

Further expressions to calculate the Sauter mean diameter have been published
in the literature [9,10,40,45] and are listed in Table 2.2,

In this work, we have determined the Sauter mean gas bubble dlameter as a
funceion of:

- the superficial gas veloclity;

- concentration of electrolyte;

- concentration of solid particles;

- clear liquid height.

The other correlations mentioned in Table 2.2., except Mersmann's correlation,
give a smaller mean bubble diameter with increasing superficial gas veloclity.
Tt can be calculated from correlations of Van Dierendonck et al. that the mean
gas bubble diameter in aqueous electrolyte soluticns is mueh gmaller than in
pure water because of the change in dynamic surface tension and the
electrostatic potential of the resultant ions at the gas-1iquid interface
[9,10].

For measuring the bubble diameter, four methods can be used:

- chenical method [9,41,49];

- photographic method [9,38,40,41];

- resistivity probe method [56,57];

- gas disengagement method [67].

Wich the chemical method, one can only obtain the mean bubble diameter of the
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Table 2.2. Correlations for the Sauter mean bubblerdiameter in bubble columns.

1. Akita and Yoshida [40]

dg = 26 T Bo~ 09 ga=0.12 pp=C.12 (2-54)
T =7.7 em, 15 cu and 30 cn 0.7% 10% < ¢y /(kg m~?) < 1.17 103
ug € 0.04 m s7* 0.58 1073 < rp/(Pa s) < 21.1 1073

22.3 1073 < o/(N o™!) < 74.2 1073

2. Mersmann [43)

dg = 1.8(0/(pp - peie)® for n ¢ 3 1073 pa s (2-55)

3. Van Dierendonck et al. [9,10]
dg? = Cg == |- Mo~k (2-56)

with Cg = 6.23 for pure liquids
and C; = 2.1 for electrolyte solutions

fav € 0.45 20 1073 < /(N o7ty < 75 1073
1 < Hp/T < 3 1107% ¢ nL/(Pa 8) < 3 1073
up € 0.03m s -1 0.03 < ug/(m s71) ¢ 0.3

Y o.1: o

dispersion as a whole and no bubble diameter distribution. Furthermore, one
has to add chemical components or a catalyst to the liquid, whiech may change
the physical properties of the liquid and therewith may influence the value of
the bubble diameter.

Another dlsadvantage of the chemical method is the fact that one has to know
the kinetics of the chemical reaction between the component dissolved in the
liquid phase and the absorbed component from the gas phase.

The photographic method and the reslistivity probe method have the advantage
that they can be used at aay position In the dispersion to give a local gas
bubble diameter distributton. However, when taking pictures from outside the
column, only a small layer of dispersion can be studied. This means that the
column must have a sight glass or must be made up of a transparant material.

To measure bubble diameter distributions in the dispersion away from the wall,
one has to ugde an Introscope. In this case, and also when a resistivity probe
is used, it has to be assumed that the presence of the introscope or probe
does not influence the local bubble diameter distribution. Measurements by Van
Dierendonck et al. {10] showed that there was no difference between the values
of the mean bubble diameter calculated from pictures taken near the wall and
determined from pilctures taken at the centre of the column.

Recently, Sriram and Mann [67] intreduced the dynamic gas disengagement tech-
nique for measuring the bubble diameter distributforn. This methad, which will
be developed further in section 2.2.7., is emploved for the determination of
the mean bubble dlameter of the gas bubbles In slutry columns where the pre-
sence of the catalyst particles makes it impossible to take pletures.
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2.2.6. Specific interfacial ared.

Mass transfer in a given systemits primarily governed by the value of the
interfaclal area, i.e. the value of the gas hubble surface per unit volume of
the reaction system:

a-= At/VD (2-57}
from which it can be deduced that:
a-= 6Eav/ds - (2-58)

The value of the specific interfacial area can now be calculated from the

correlations given in sections 2.2.1. and 2.2.5., respectively. As a

consequence, the fafluence of the physical properties and the process

conditions on the value of the specific interfacial area can be derived from

the influence of these properties and conditions on the average gas holdup and

the Sauter mean bubble diameter separately.

For a glven reaction system, the specific interfacial area is only dependent

on the average gas holdup because the Sauter mean bubble diameter is almost

constant for ug *» 3 cm s~l. In Table 2.3., correlations for the specific

interfacial area in bubble columns are given.

Akita and Yoshida [40] as well as Relth and Beek [41] found an increase of the

specific interfacial area with increasinrg colunn diameter. According to Akita

and Yoshida, this increase is due mainly to the decrease of dg with increasing

column diameter.

Obviocusly, the value of the specific interfacial area will increase with a

higher superflcial gas velocity owing to the Increase of the average gas

holdup. '

The value of the specific interfacial area can be determined by two methods:

~ fast chemical reaction technique;

- experimental determination of average gas holdup and Sauter mean bubble
diameter. ‘ '

In the foregolng section, both methods were discussed.

In section 2.5.6., we have calculated the value of the specifie interfacial

area from the values of the average gas holdup and the Sauter mean bubble

diameter. ‘

2.2.7. Dynamic gas disengagement.
In section 2.2.5., we discussed some methods to determine the gas bubble
diameter distribution and the specific Interfacial area of the gas bubbles
in the dispersion. One of the methods {s that of taking pictures of the gas
bubbles in the dispersion, counting the bubbles and classifying them according
to their diameter to caleculate the Sauter mean diameter. However, this tech~
nique could not be applied successfully under the conditions we used in the
.slurry column because of the presence of the light=~absorhing black particles.
Therefore, a technique has heen developed to determine the bubble diameter
distribution by means of the dynamic gas disengagement methoed. This technique
was introduced by Sriram and Mann [67]. They used the technique in a bubble
column of 30 cm diameter with a superficial pas veloclity of 2 cm 5‘1, while
Vermeer and Xrishna [68] have recently used this method with superficial gas
valocities of more than 0.3 m s~{. Their column was only 19 em in diameter,
however.
In this section, a method is described to determine the specific interfacial
area and the Sauter mean bubble diameter from the relatlon between the height
of the dispersion and time after a sudden cut-off of the gas supply.
In developing this method, the following assumptions will be made:
-~ the gas bubble diameter distribution is the same throughout the dispersion;
- during the rising of the gas bubbles after the gas supply cut—off, bubble
interactions do not change the initial diameter distributicn, i.e.: the
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Table 2.3. Correlations for the specific interfacial .area in.bubble columns.

l. Van Dierendonck et al. 79,10]

a = Co{mup/o)(prg/ors M

with €7 = 2 for pure liquids

and €7 = 5 for electrolyte solutinns

Eay € 0.4
T>0.15m

up € 0.02 m g1
1 € Hp/T < 3

Yoshida and Akita [43]

1]

a

0.6 SCO'S 300.62 GaU.3l Sh—l T—[

T=0.15m, 0.3 m and 0.6 m
0.005 < ug/(m s~l) < 0.42

20 1073 ¢ o/ m~ly < 75 1073
1 1073 < np/(Pa s) < 3 1073
0.03 < ug/(m s71) < 0.3

Eaple]

(2-59)

(2-60)

0.79 10° < op/(xg w™3) < 1.59 103
0.58 1073 < np/(Pa s) ¢ 21.1 1073
22,3 107% < o/(N uwl) < 74.2 1073

processes of breaking-up and coalescence are in equilibrium with each other

and the initial diameter distribution remains unchanged;

- after the gas supply cut-off, the gas bubbles have a velocity of.rise which

is a function of the bubble diameter.

In Fig. 2.4a., the statlonary gas-liquid dispersion in a bubble column is
represented. There {s a range of bubble sizes which 1is unifernm throughout the
dispersion. The situation of Fig. 2.4a. can be transformed into the equivalent
form of Fig. 2.4b. When the gas supply {s cut off, the gas bubbles rise- and
disengage at the level of the dispersion. However, after a certaln time,.nore
of the large bubbles will have left the dispersion owing to thelr higher

velocity of rise. This situation is given 1in Fig. 2.4c.

Fig.
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2.4. Schematic representation of dynamic gas digengagement.
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During disengagement the level of dispersion falls with respect to the
vessel with a velocity which is a function of time:

vg(t') = dH{t)/dt | (2-61)

t=t'

The origin of the axial coordinate H 1s at the bottom of the column.

A gas bubble of diameter dy has a veloclty of rise vy with respect to the
vessel., The velocity of the gas bubble with respect to the level of the
dispersion 1is:

v(t') = vg - dH(t)/dt | - {2-62)

For the volume fraction distribution of the gas bubbles the following
equation holds:

-]
0[ f(w) dw = 1 (2-63)
Furthermore, note that at time t = t', all buubles with a velocity of rise
vg » H(t')/t' (2-64)

have left the dispersion.
At t = 0, the volume of gas in the dispersion is:

VG(O) - (HD - HO)A {2-65)
whereas at t = t', the volume of gas In the dispersion 1s given by:
Vg(e') = (H(t") - Hpla (2-66)

so that the volume fraction of gas which has left the dispersion between t = 0
and t = t' follows from:

Vg(0) - Vg(t')  Hp - H(E')
- (2-67)
V(0} Hp =~ Hp .

At t = t' all bubbles with a velocity of rise higher than H(t'}/t' have left
the dispersion. Besides, a velume fraction g(w) of the gas bubbles with a
velocity of rise lower than H{t')/t' has disengaged. Thus the volume fraction
of gas which has left the dispersion is:

Hp - H(t") © vit")
Qz— = [ f(w) dw + [ g(W) ) (w) dw =
Hp - Hp v(t') 0
(2-68)
Fp(v(e')) '
1 + OI 1ty g(w) dFj(w) - Fy{v(t"))

The function g(w) gives the volume fraction of gas bubbles with velocity of
rise w which has left the dispersion at t = t':

Ojt (w - dH(t)/dt) dt
alw) = — (2-69)
oI Yiw - au(e)/de) de

Here, t, 1s that time at which all bubbles with velocity of rise w have
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disengaged:
ty = Hy/w (2=-70)

where H; designates the height of the dispersion at Eype
From eqn (2-69), it follows that:

wb' + (Hp - H(t'))
glw) = (2-71)
wty - Hy + Hp

Using eqn {2~70), this result can be rewritten inta;

wt' 4 (lip - H(t'))
glw) = (2-72)
Hp

Substitution of g{w) into eqn (2-68) gives, after rearrangement :

(H(t') - HO)HD (tl) v t!

.

v ("
= H(t')of £1(w) dw = t'Oj wiy (w) dw (2-73)

Hp - Hp

from which f)(w) can be calculated if the relation between H and t' is known.

It is now assumed that there 1s a correlatioa hetween diameter and velocity of
the gas hubbles, which means that the volume fraction f,(w) dw can be trans-
formed into a volume fraction f4(dy) d(dy) as a function of the bubble diameter.
According to section 2.2.5., the Sauter mean bubble diameter is glven by:

Ofmdb3f2(db)/(ndb3/6) d(dy) 1
dg = uafug = - = — (2-74)
of BT (ray¥/6) atay)  [Ten eyt acay)

The specific interfacial area is given by:
a = be,,/dg (2-75)

Knowledge of the relation between the diameter of the gas bubble and the
velocity of rise is needed to determine the volume fraction distribution

as a functien of the bubble diameter.

A number of publications provide relevant data. The most simple relation is
found when using the velocity of rise of a single spherical gas bubble in an
infinitely extended liquid.

Marruccl [69] proposed a relation for the velocity of rise of a swarm of
spherical bubbles based on the velocity of a single spherical bubble of the
same diameater:

vg = v (1 ~ €)2/{1 - €5/ (2-76)

In this study we have used the dynamic gas disengagement technique for
determining the Sauter mean gas bubble diameter and the specific tnterfacial
area in slurry systems, measured as a function of:

- the superficial gas veloclty;

~ the concentration of solid particles;

— the concentration of electrolytes.

The results for the Sauter mean diameter from pictures of the air-water system
were compared with results of the pas disengagement technique in the same
system to prove the applicability of this method.
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