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Section 1
Introduction

Effective September 26, 1991, Bechtel, with Amoco as the main subcontractor, initiated a study to
develop 2 computer model and baseline design for advanced Fischer-Tropsch (F-T) technology for
the U S. Department of Energy's (DOE's) Pittsburgh Energy Technology Center (PETC). The
24-month study, with an approved budget of $2.3 million, is under DOE Contract Number DE-
AC22-91PC90027.
The objectives of the study are to:

s Develop a baseline design for indirect liquefaction using advanced F-T technelogy.

s Prepare the capital and operating costs for the baseline design.

e Develop a process flow sheet simulation (PFS) model.
The baseline design, the economic analysis, and the computer model will be the major research
planning tools that PETC will use to plan, guide, and evaluate its ongoing and future research and

commercialization programs relating to indirect coal liquefaction for the manufacture of synthetic
liquid fuels from coal.

This report is Bechtel’s second quarterly technical progress report and covers the period of De-
cember 23, 1991 through March 18, 1992, which is the reporting period covered by the three
monthly status reports aiready published.
This report consists of four sections:

s Introduction

s Summary

a Study Progress by Task

a Key Personnel Staffing Report

Baseline Study F-T 1-1
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Section 2
Summary

This report summarizes the activities completed during the period December 23, 1992 through
March 15, 1992 for the tasks scheduled for the period, i.e., Tasks 1, 3, and 7.

In Task 1, Baseline Design and Alternates, the following activities related to the tradeoff studies
were completed:
s Approach and basis
Oxygen purity
F-T reactor pressure
Wax yield
Autothermal reformer
Hydrocarbons (C3/C4s) recovery
Hydrogen recovery

The recommended purity of oxygen feed to the Shell gasifier was determined to be 99.5 mol%.
Bechtel recommends that the pressure level for the F-T reactor should be a natural design pressure
without recompression of the clean syngas from the Shell gasification unit. The preferred wax
yield for the baseline design case was determined to be S0 wi%. An autothermal reformer should
be incorporated into the -T recycle loop because it offers economical benefits and operational
flexibility. Deep refrige-ation (-130°F) and hydrogen recovery by PSA-only (with 6000 mols/hr
water injection) provide the most economical route to recover Css, Cys, and hydrogen from the F-
T recycle loop. Various options for the CO2 removal are still under investigation.

In Task 3, Engineering Design Criteria, activities were initiated to support the process tradeoff
studies in Task 1 and to develop the environmental strategy for the Illinois site. The vvork
completed to date consists of the development of the F-T reactor yield correlation from the Mobil
data and a brief review of the environmental strategy prepared for the same site in the direct
liquefaction baseline study. Some work has also been done in establishing sitc-related criteria, in
establishing the maximum vessel diameter for train sizing and in coping with the low Hy/CO ratio
from the Shell gasifier.

In Task 7, Project Management and Administration, the following activitics were completed:

a The subcontract agreement between Amoco and Bechtel was negotiated.

® A first technical progress meeting was held ai the Bechtel office in February.
Conference notes were prepared and distributed.

e The final Project Management Plan was approved by PETC and issued in March
1992,

Bassline Study F-T 2-1
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Study Progress by Task

This < udy has bcéﬁ‘d{vided into seven major tasks:

Task 1:  Establish the bascline design and altemnates.

Task 2: Evaluate baseline economics.

Task 3: Develop engineering design criteria.

Task 4: Develop a process flowsheet simulation (PFS) model.

Task 5: Perform sensitivity studies using the PFS model.

Task 6: Document the PFS model and develop a DOE training session on its use.

Task 7:  Perform project management, technical coordination, and other
miscellaneous support functions.

During the reporting period (December 23, 1991 through March 15, 1992), several activities were
completed in Tasks 1, 3, and 7. These accomplishments are described below.

3.1  TASK 1 - BASELINE DESIGN AND ALTERNATES

The baseline design is for a F-T synthesis facility, using slurry reactors operating in the high-wax
mode, to produce LPG, diesel, gasoline, and distillate from synthesis gas that was produced in
Shell gasifiers from 20,000 tons per day (tpd) of bituminous Ilinois coal. An alternate case will
be performed to assess the impact of subbituminous westem coal on the baseline design. Work
during the reporting period was focused on tradeoff studies to determine the basis for design of the
F-T recycle loop for the baseline case.

3.1.1 Tradeoft Study Approach and Besis

The major objectives of the tradeoff studies are to select the most cost-effective F-T recycle loop
configuration for the baseline design through the evaluation of various process alternates and to
investigate alternate process units and variables with the greatest impacts on the baseline design.
As shown in Figure 3-1, the F-T recycle loop consists of these major process units: F-T
synthesis, carbon dioxide removal, recycle gas compression and dehydration, hydrocarbons
recovery, hydrogen recovery, and autothermal reforming.
The process units and process variables studied include:

s Oxygen purity for the Shell gasifiers

s F-T reactor pressure

s Wax yield (F-T reactor temperature)

a

Autothermal reforming

Sassline Study F-T 3-1
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Section 8 Sludy Progress by Task

s Hydrocarbons (Ca/Cas) recovery
s Harer o«
s CC .val

Different | « s alternates were first evaluated by direct comparison of the capital and operating
costs. T .n »acts on other process units were also investigated and quantified, if necessary.
Capital «* .mates, spreadsheet balances, and HYSIM process models prepared during the
Slurry -~ - Design Studies sporsared by DOE/PETC (DOE Contract No. DE-AC22-
89PC4986/) were updated and revised for these tradeoff studies. To minimize the work scope of
the wradeoff studies, capital and operating cost estimates for the process units were v<~d for
comparison purposes for those specific tradeoff cases and included only the affected - uipment.

The process basis and assumptions are also varied within each tradeoff case in order to provide a
better comparison among different options. Some of the common bases and assumptions are: (1)
the F-T product yields and loop material balances are calculated by a new spreadsheet simulation
program or ASPEN/SP models using the triple alpha theory (1o be discussed in Task 3); (2) nwre
deailed heat and material balances around the F-T recycle loop are generated using the HYSIM
and ASPEN/SP models; (3) the F-T plant capacity is based on 20,000 stpd of washed Iilinois

No. 6 coal with 5 wt% moisture to the gasifiers; (4) the wax yield is assumed to be S0 wt%; and
(5) autothermal reforming is incorporated ir: th~ =-T recycle loop. Deviations in wax yield and

inclusion or exclusion of autothermn! reforz, 2~amined in relation to this base. While once-
through operation is an interesting possible s - -1 future study, it was deemed outside the
scope of these studies since it would undoubi.. ™ the production of excess power. Target

syngas conversion for the tradeoft studies was tu%.

The basis for the operating cost and product values are listed in Table 3-1. The electric power cost
of 5.1¢/kWh is based on the market price for purchased power. The power cost is consistent with
the cost determined in a separate DOE/PETC sponsored study (Direct Coal Liquefaction Baselin.

Design and System Analysis, DOE Contract No. DE-AC22-90PC89857) for the same plant
location.

The product values are based on their typical market value at this dme. They do not yet include
any premium or debit for octane and cetane values for the coal derived liquid. A simple payout of
4 years is used as an economic criterion for justification for inclusion of a process unit.

3.1.2 Oxygen Purity

Use of oxygen in different purities in the Shell gasification process and autothermal reformer has a
direct effect on the physical size of various process units in the F-T recycle loop. Thus, the capital

and operating costs of the process units in the F-T recycle loop have to be considered as well as
those for the air separation plant.

Baseline Study F-T
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Section 3 Study Progress by Task

Two oxygen purities (95 versus 99.5 mol%) were considered for this tradeoff study. The basis for
the F-T recycle loop design was the membrane/PSA option for hydrogen recovery, even though it
was not the final choice. The PSA-only option for hydrogen recovery was not considered for this
tradeoff case because the hydrogen content in the recycle gas stream is below the practical limit of
the PSA when the oxygen purity is at 95 mol%.

The heat and material balance for major unit operations in the F-T recycle loop were computed
using a spreadsheet program developed for this purpose which uses scparation factors from the
HYSIM and ASPEN-SP models. Design Study was revised for the 95 and 99.5 mol% oxygen
purity cases. Table 3-2 summarizes the basis and the flow rates of the process units that are
impacted most by the change in the oxygen purity. As shown, the recycle gas flow rase is reduced
from 578 to 315 MMscfd as the oxygen purity is increased from 95 10 99.5 mol% purity,
respectively. Since the purge rate is set by the constant fuel demand from the F-T plant

(385 MM Buu/hr), the purge gas stream for the low oxygen purity case is increased from 5,000 to
13,680 moles/hr owing 10 its lower heating value.

Table 3-3 summarizes the capital and operating costs of the air separation plant and the affected
process units in the F-T recycle loop for the two different oxygen purity cases. As expected, the
capital cost and operating costs for the air separation plant are higher for the 99.5 mol% oxygen
purity case. However, these increases are more than offset by the decreases of the capital and
operating costs for the other process units. The 99.5 mol% oxygen case shows a $16 million
lower capital cost and $12.4 million per year lower annual operating cost than the 95 mol% case.

Results of this tradeoff case indicate that 99.5 mol% oxygen purity should be used for the baseline
Jesign case.

3.1.3 F-T Reactor Pressure and Temperature

To op“imize pressure and temperature it is first necessary to determine the effect of these
pwramecers on reactor sizing and wax yield. Bechtel has reanslyzed Mobil's first stage data for
pressure and iemperature effects by selecting lined-out periods throughout the pilot plant
operations (Kuo, 1983, DE-AC22-80PC30022 and Kuo, 1985, DE-AC22-83PC60019). These
are listed in Table 3-4. Operating pressure varics from 1.48 to 2.52 MPa and temperature from
244°C 0 275°C.

A plot of wax yield in wt% versus reactor temperature is shown in Figure 3-2. A straight line
against temperature is shown, but this is heavily influenced by the point at 275 °C. If this point is
discarded, the line would be downward curving and would correspond rather closely to a similar
correlation developed by MITRE. The way the curve is drawn in Figure 3-2 puts the low wax
mode operation in the best possible light. The points are keyed to pressure, and no discemible

Rassline $tudy F-T 33
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Saction 3 Study Progress by Task

effect of pressure on wax yield is found. The cost tradeoffs when wax yield is varied are
discussed in Section 3.1.4.

The effect of operating pressure on overall syngas conversion is evaluated in Figure 3-3 using a
pressure-corrected semiempirical factor, kP/SV. Theoretically, doubling the operating pressure, P,
will double the allowable space velocity, SV, for a given conversion level. The reactor model
developed in the Slurry Reactor Design Studies (DOE Contract DE-AC22-89PC89867)
establishes that mass transfer contributes only about 10% of the total resistance and thus the
logarithm of (100 - syngas conversion) should be nearly propostional to the reaction rate constant,
k, determined in that study [k=3.3*10%xp(-130/RT)], divided by the space velocity. It is apparent
from Figure 3-3, which uses all of the data from Table 3-4, that a single line is not obtained and
most of the high pressure data are at much lower than expected conversion.

Mobil did two pressure scans early in its test program, and the results are presented in Table 3-5.
These data show close to the thooretical pressure effect; i.e., when pressure is raised while
maintaining the same superficial velocity, conversion stays almost coastant. It is known that Table
3-4 contains data for extended operations where the catalyst activity had fallen. Some of the high
pressure data are also at very low superficial velocity and the hydrodynamics may have been poor.
leading to an abnormally high mass transfer contribution. These data are shaded in Table 3-4.

When these data are eliminated from Figure 3-3 and the Table 3-5 data are added, a reasonable
correlation is obtained,

On closer inspection, however, it is found that the data fit is slightly improved if the activation
energy is reduced from 130 to 100 MJ/kg mol. This is also more in line with the F-T literature.
The final correlation with the revised data set is shown in Figure 3-4. The reaction rate constant is
now given by k=3.65¢ 105exp(-1001R1'). The fit is reasonable, although the two high pressure
runs 256-6 and 256-7 are still at too low a conversion level. Mobil realized that this was
happening and abandonied efforts to run at high pressure in their later pilot plant operations.

Sinc: the effect of pressure is still uncertain (one set of data confirms theory, another does not), a
tradeoff study would be meaningless. Bechtel recommends that a natural design pressure,
achievable without recompression of the clean gas from the gasifier, be used for the baseline
design. This would be about 2 MPa, right in the middle of the range studied by Mobil. A
compression stage will be included in the process simulation model, and it will then be possible to
optimize the system using whatever pressure effect the user wishes to build into the model.

For the purpose of the tradeoff studics, reactor capacity and reactor depth have been estimated for
various wax yields for a 4.8-meter-diameter reactor, using Bechtel's reactor model 2, wax yield
correlation as shown in Figure 3-2 and the reaction rate constant k=2.5*106exp(-100/RT), at an
inlet superficial velocity of 10 cm/s and a slurry concentration of 22.5 wi%. As a degree of
conservatism, this rate constant is 70% of that in Figure 3-4. The results are summarized below:

Basslins Study F-T 14
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Section 3 Study Progress by Task

Wi% Wax  Temp., °C Press., MPa Depth, m Cap., Nm3/h
10 270.8 148 6.87 41910
10 270.8 2.60 6.87 67380
50 253.1 148 15.0 46422
50 253.1 2.60 15.0 78090
76 2417 1.48 26.35 48690
76 2417 2.60 26.35 83333

The pressure effect shown above is the theoretical effect. The reactor size remains constant, while
capacity increases in direct proportion to pressure. Fewer reactors are required at higher pressure
but the reactor weight will increase, almost in direct proportion to pressure, since the wall thickness
must be increased. Under this assumption, therefore, the economics of pressure will depend more
on its effect on the recycle loop than on the reactors themselves.

For future design purposes, Bechtel has reanalyzed multiple sets of Mobil data over the pressure
range in question using the plug flow model described in the Slurry Reactor Design Studies (the
high L/D Mobil pilot plant reactor should approximate plug flow). The frequency factor term was
varied until the predicted conversion level agreed with the data. The results were as follows:

Run Number P T SV Syngas Conv. Freq. Factor
256-1-2 1.136 260 9.12 53.6 4.4%105
256-3-4 1.480 258 2.40 . 863 2.3*106
256-3-49 1.487 262 2.09 85.4 1.62%106
256-4-25 2.515 256 2.92 40.6 0.65*106
256-5-5 1473 244 2.26 55.2 2.2¢106
256-6-5 2.184 249 3.99 43.2 1.62*106
256-11-7 1.487 258 2.30 83.2 1.8%106
256-13-8 1.48 249 2.34 82.5 1.8+106

The average of the above frequency factors is 2.05%100, giving a design reaction rate constant of
k=2.05*106exp(- 100/RT).

3.1.4 Wax Yield

'The main objective of this tradeoff case is to establish a wax yield basis for the baseline design
case. The F-T reactor yield model developed in Task 3 of this Study was used to investigate the
effect of wax yield on the overall F-T plant configuration. The Excel spreadsheet program
mentioned previously was used to develop the material balance for the F-T recycle loop. The final
liquid product yields were estimated with the same upgrading configuration as in the previous
Slurry Reactor Design Study. Three different wax yields — 76 wt%, 50 wt%, and 9.6 wt% — were
selected for this tradeoff case. ’

Sasaline Study F-T 3.5
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Ssction 3 Study Progress by Task

Table 3-6 summarizes the product yields and key process flows within the F-T recycle loop. The
gasoline-to-distillate ratio decreases for increased wax yield but the combined yield of gasoline and
diesel increases. The production of C3/Cys essentially remains constant for different wax yiekls.

The estimated plant capital costs and opexating costs for the three wax yield cases are summarized
in Tables 3-7 and 3-8, respectively. The total capital cost increases as the wax yield decreases. The
capital costs for the process units within the F-T recycle loop do not show a clear trend with the
wax yield. The capital costs of the refining section decreases as the wax yleld increases. Savings
in reactor cost at low wax yield are counterbalanced by increases in cost of the autothermal
reformer and oxygen plant.

The comparison of the annual operating cost is limited to the cost of power and sieam because
other annual operating costs are not significantly affected by the variation of wax yield. As shown
in Table 3-8, the annual revenue is increased from $337.7 million to $385.2 million as the wax
yield is varied from 9.6 w0 76 wi%. The annual cost for power and sisam shows an opposite trend
with the same variation of wax yield. The net result is a decrease in revenue at low wax yield.

Although higher net rovenue is generawed in the highest wax yield case, Bechtel recommends that
S0 wt% yield be selectad for the baseline design because mos: Mobil daa are in the range between
10 and 50 wt% wax yield. There were only three material balance runs, covering 6 days of
operation, at 70% and higher wax yiclds. The operating temperature was 240°C t0 245°C, and the
Mobil pilot plant reactor had insufficient depth to achieve over about $5% syngas conversion.

3.1.5 Autothermal Reforming

The autothermal reformer is incorporated in the F-T recycle loop in order to minimize the buildup
of light ends and increase the Ca+ product yield at the expense of purge gas. Since the reforming
reaction to synthesis gas is endothermic, oxygen is added and a portion of the gas stream is burned
to CO; and H20 to balance the heat requirement. The reaction is catalytic partial oxidation, and
prototypes exist at Sasol and in the autothermal reformer used in methanol production via
combined reforming.

Table 3-9 provides a relative comparison of sizes and operating conditions for key process units
with and withoui the autothermal reformer included in the F-T recycle loop. With the inclusion of
an autothermal reformer, a portion of the light ends are effectively converted to synthesis gas or
and do not build up in the loop, resulting in a reduction in the recycle rate (from 413 to 378.2

MMscfd). The number of F-T reactors required is reduced from 29 to 26 with the inclusion of the
autothermal reformer.

Table 3-10 summarizes the comparisons of the capital costs, annual operating costs, and the annual
revenue for the two cases: with and without the autothermal reformer. Although the total capital

Baselins Study F-T 36
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Sestion § Study Progress by Task

cost is $9.8 million higher for the autothermal reformer case, it is offset by the higher net revenue
of $22.5 million generated. The simple payout is estimated to be 0.44 year.

The inclusion of the autothermal reformer in the recycle loop will also provide added operating
fiexibility. In case of fuilure of an upstream unit in the F-T recycle loop #.ch as the hydrocarbons
recovery unit, the additional recycled hydrocarbons can be converie:1 to syngas in the autothermal
reformer. Thus, complete plant shut down is avoid even though the plant may have o be operated
at reduced capacity.

Venders of the autothermal reformer (Lurgi and Haldor Topsoe) confirmed that the presence of
olefins in the autothermal reformer feed will not pose any operating problems. They also

suggesied that the reformer gas inlet semperature (not the oxygen temperature) can be as high as
1700°F as compared to the 1100°F used for this tradeocff case.

The autothermal reformer will be included in the baseline design because it offers economical

beneflits and operational flexibility. The inlot temperature of the reformer foed will be increased
closer to 1700°F in order 1o reduce the cxygen consumption rate.

3.1.0 Myirecarbons Recovery

Three different hydrocarbons recovery schemes ‘were Investigated: adsorption with refrigeration,
dup(lBO‘F)nfnmﬁon.mdmedmm(—SO‘F)u&imﬁou After a preliminary investigation,

the adsorption/refrigeration scheme was dropped from further consideration because the required
circulation rate of the lean oil adsorbent is very high and an unacceptable amount of adsorbent is
lost through carryover by the vapor stream. The refrigeration method was selected as the basis for
the hydrocarbons recovisy tradeoff case. Both deep and medium refrigeration were studied in
detail by a combination of HYSIM and spreadsheet simulations to develop the tradeoff cost
information. The wax yield for both cases is SO wi%.

The deep refrigeration case involves the use of propane/ethylene cascade refrigeration to reach a
flash separation temperature of -130°F. About 85% of the propane/propylene and 98% of the
butane/butylenes are recovered. The medium refrigeration case uses only propane as the
refrigerant and flashes at a separation temperature of -30°F. The coresponding recoveries of Cas
and Cys are 17% and 52%, respectively.

Table 3-11 summarizes the key process conditions for these two hydrocarbons recovery schemes.
The number of F-T reactors is not affected by the hydrocarbons recovery scheme. As expected,
the combined compressor power requirement for deep refrigeration is much higher than that for
medium refrigeration (8773 versus 2127 bhp). Deep refrigeration also makes CO2 removal and
drying requirements more stringent. The deep refrigeration case used a molecular sicve drying
scheme wherees the medium refrigeration case used glycol. Differences in CO2 removal were
congidered marginal.
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Since an autothermal reformer is included in the F-T recycle loop, hydrocarbons remaining after
recovery are converted to synthesis gas. Since less Cas and C4s are recovered in the medium
refrigeration case, the size of the autothermal reformer has to be increased accordingly. Since the
autothermal reformer is not 100% efficient, mure sellable products are obtained in the deep
refrigeration case than in the medium refrigeration case. On the other hand, the distillate/gasoline
ratio is decreased.

This difference in liquid product yield between the deep and medium refrigeration schemes affects
the capital costs of the downstream F-T product upgrading units and the net overall product
revenue. As indicated in Table 3-12, the deep refrigeration case results in a higher total capital cost

in the upgrading section. This is due to higher capital costs for alkylation and cat polymerization
units whick are associated with C3s and C4s upgnding.

Tables 3-12 and 3-13 show the comparison of the capital cost and the net revenues for the two
refrigeration cases, respectively. The total installed cost of the deep refrigeration case is $19.6
million higher than that of the medium refrigeration case. However, the net product revenue for
the deep refrigeration case is $5.6 million higher than that of the iiedium refrigeration case. The
simple payout is 3.6 years. Thus, deep refrigeration is narrowly preferred over medium
refrigeration for hydrocarbons recovery within the E-T recycle loop.

The combined Ca/Cy4 product yield is reduced from 15 to 7 to 3 wt% of the total F-T product per
pass as the wax yield increases from 9.7 to 50 to 76 wt%, respectively. Thus, at high wax yield,
the value of deep refrigeration will be reduced.

3.1.7 Nydrogen Recovery

General. The primary goal of this study is to assess the technical and economic viability of
different approaches to generaie the hydrogen required for the upgrading sections of the F-T plant.
It is estimated that 31 MMscfd of hydrogen will be required to upgrade about 40,000 bpsd of
liquid products. The hydrogen should contdin less than S0 ppm of CO. The higher the purity of
the hydrogen, the lower the treat gas circulation rate reqquired in the hydrotreaters 1o achieve a given
paitial pressure. A target hydrogen purity of 99.6% was sct.

A slip stream of the effluent stream from the hydrocarbens recovery unit is sent to the hydrogen
recovery unit. A portion of the gas frorn the hydrogen recovery unit will be purged in order to
meet the in-plant fuel gas demand and to remove excess inert gases from the F-T recycle loop. If
there is still a deficit in fuel gas, additional recycle gas will be purged. If there is a surplus, it will
be combined with the effluent stream of the hydrocarbons recovery unit and sent to the
autothermal reformer. The amount of gas to be purged out of the recycle loop is determined by the
following considerations: (1) to provide the required quantity of fuel gas for wility usage
throughout the whole baseline plant, and (2) 1o minimize the inerts buildup in the recycle loop. In
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all cases, the flow rate of the purge stream is set by its heat content which is maintained constant at
approximately 585 MMBtu/hr (LHV), a preliminary estimate of the fuel gas demand.

Four hydrogen recovery options were evaluated in the tradeoff study: membrane separation
followed by methanation, membrane separation followed by PSA, water gas shifi followed by
PSA, and PSA-only.

Results from the early stage of the hydrogen recovery tradeoff study indicated that the hydrogen
concentration in the F-T recycle loop affects significantly the selection of the hydrogen recovery
scneme and its cost effectiveness. The amount of water injected 10 the F-T reactor was varied as 2
means 10 increase the hydrogen content without reducing the overall syngas conversion.

Three different water injection rates were ‘nvestigated: 4,000, 5,000, and 6,000 mola/r. (This is
in addition w0 the roughly 6000 mols/hr of water vapor in the effluent recycle gas from the
autothermal reformer.) The operating conditions of the remaining process units within the F-T
recycle loop were not altered. Table 3-14 shows the basis and summarizes the results of this
investigation. The hydrogen content in the effluent stream of the hydrocarbons recovery unit (feed
stream W0 the hydrogen recovery unit) is increased from 23.6 mol% (without water injection) 0
41.1 mol% with 6,000 moles per hour water injection. ‘The 4000 mols/hr case was selected as the
basis for the comparison of the three combination hydrogen recovery options. Later, when PSA-
only was considered as a option, hydrogen purity was 30 important to the economics that the 6000
mols/hr case was considered.

Process Designs. The process designs for the four hydrogen recovery options are described
below.

Membrane/Mcthanation. The block flow diagram for this option is shown in Figure 3-5.
Three membrane scparation stages are required in order to concentrate the hydrogen concentration
from 33.6% 10 99.6%. Each stage of the membrane separation unit operates »: 195°F with a feed
inlet pressure of 390 psia and the permeate leaving at 120 psia. In each stage, the hydrogen
recovery is 80%. The permeate leaving the third stage contsins 99.6 mol% of hydrogen and
2600 ppm of carbon monoxide. A methanation unit is used to reduce the carbon monoxide
concentration to less than S0 ppm before the hydrogen stream is sent to the upgrading sections.

Approximately 50% of the total gas stream leaving the hydrocarbons recovery unit is diveried to
the hydrogen recovery unit in order 0 obtain 31 MMscfd of hydrogen. A portion of the
membrane residue gas stream is withdrawn to meet the in-plant fuel demand of 585 MM Btu/hr
(LHV). Since the residue from membrane 1 contains the highest inert gas concentration, this
stream is selected as the parge stream for in-piant fuel in order to minimize the amount of inent
gases in the F-T recycle loop. The residues from the other respective membrane stages are
returned to the F-T recycle loop as feed to the autothermal reformer.
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Membrane/PSA. The block flow diagram for this option is shown in Figure 3-6. In this
option, about 46% of the total gas stream leaving the hydrocarbons recovery unit is diverted to the
hydrogen recovery unit. A single stage membrane separation unit is employed 1o concentrae the
hydrogen content to the optimum concentration for PSA. The PSA is designed for 80% hydrogen
recovery and sized to produce 31 MMscfd of 99.6% purity hydrogen.

Major process conditions and flow rates are aiso shown in Figure 3-6. The pernieate stream has to
be recompressed from 230 psia to 400 psia before it enters the PSA unit. A portion of the reject
gas stream leaving the PSA unit is designated as purge stream and the remainder is compressed to
400 psia before it is retumed to the F-T recycls loop. The flow rate of the purge stream is
eswablished so that it will meet the in-plant fuel demand of 585 MMBw/hr (LHV).

Shift/PSA. The block flow diagram for this option is shown in Figure 3-7. The purpose
of the shift unit is to increase the hydrogen purity in the PSA unit feed. Approximasely 21% of the
total gas stream leaving the hydrocarbons recovery unit is sen: to the hydrogen recovery unit &
generate 31 MMscfd of 99.6 mol% kydrogen. As shown in Figure 3-7, about 54,000 Ib/hr of
900 psia/700°F steam is fed 10 the shift unit. The inlet temperature of the shift unit is about 400°F.
In the shift reactor, approximately 60% of the CO is converted. The effluent stream is cooled to
100°F and flashed to condense excess water before it is sent to the PSA unit

The reject stream from the PSA unit is combined with roughly 6.7% of the gas from the F-T
recycle loop in order to meet the required in-plant fuel demand of 585 MMBtwhr (LHV).

PSA-Only. Two subcases are investigated for this option because, in commercial practice,
the PSA feed gas should contain greater than 40 mol% of hydrogen. When the water injection to
the F-T reactor is maintained at 4.000 moly/hr, as in the previous three options for hydrogen
recovery, the hydrogen content is about 33.6 mol%. Thus, a subcase with 41.1 mol% hydrogen in
the PSA feed (at 6,000 mols/hr water injection rate) is also included in the analysis of this option

The block flow diagrams for these two subcascs are shown in Figures 3-8 and 3-9. In both cases,
the PSA units are operated at 80% hydrogen recovery and the PSA reject gas streams exceed the

in-plant fuel demand. Thus, the excess gas from the PSA reject stream has to be recompressed
and returned to the F-T recycle loop.

Discussion. The key process conditions and flow rates for the various hydrogen recovery options
evaluated in this tradeoff case are summarized in Table 3-15. As expected, the PSA feed flow rate
depends on the hydrogen content in the feed. The shift unit is & more effective means to
concentrate the hydrogen in the PSA feed than the membrane separation.

The estimated capital and annual operating costs are summarized in Table 3-16. Within the
accuracy of the cost estimate for the tradeoff study, the estimated total installed costs for the Case 3
(Shift/PSA) and Case 4B (PSA-only with 6,000 mols/hr water injection) are essentially ihe same.
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However, the annual operating cost for Case 3 is $3.03 million higher than that of Case 4B,
Therefore, Case 4B is chosen to be included in the baseline design case.

3.1.8 Carbon Dioxide Remeval

QO3 is a byproduct in the F-T reaction. It has to be removed from the F-T recycle loop in order to
prevent buildup in the F-T reactor, to reduce the size of equipment in the F-T loop, and 0 avoid
plugging problems by aolid CO; in the cryogenic unit for hydrocarbons recovery. A portion of
the CO; removed is recompressed for the coal drying unit and the coal feed system.

Three different types of CO2 removal systems are being evaluated: chemical solvents, physical
solvents, and adsorption systems. The amount of CO2 removed is determined by (1) the tradeoff
between the cost of the CO2 removal unit and the cost savings from smaller equipment in the F-T
loop, and (2) the acceptable amount of CO3 in the downstream process unit, such as hydrocarbons
recovery.

In the selection of an applicable CO; removal system, the potential interaction between the selected
solvent with the light hydrocargon and CO in the recycle gas will have to be considered. Several
process vendors have been asked to submit performance data for the baseline design. In-house
process simulation will be used to determine the optimal CO3 removal design.

32 TASK 3 - ENGINEERING DESIGN CRITERIA
In this reporting period, three major activities were initiated: design criteria for the F-T baseline
design case, the F-T reactor yield correlation, and the environmental strategy for the Illinois site.

321 Design Criteria for the Basaline Design

F-T Reactor Design Basis - H3/CO Ratlo and Steam Addition. The Shell gasifier has been
chosen for this design based on its high thermal efficiency and minimum oxygen demand. The
gasifier in this derign uses CO, rather than N3, as its inert solids transfer medium. This is done
to minimize buildup of nitrogen in the Fischer-Tropsch (F-T) recycle loop, a factor which has been
shown to be highly detrimental in Bechtel's analysis of the effects of oxygen purity. The resulting
clean gas composition, from Illinois No. 6 coal, has a Hy/CO ratio of 0.37. Using N2 transfer gas
in a Shell gasifier, a H2/CO ratio of about 0.5 would be expected.

Almost all pilot plant operations on the slurry reactor have been performed on a feed gas having a
H3/C0 ratio of about 0.7. There are two reasons for this: (1) when using this ratio gas with a
catalyst active for water gas shift (WGS) the consumption ratio is also close t0 0.7 and (2) this is
the typical Hy/CO natio from a slurry-feed gasifier, One of the consequences of using a Shell
gasifie, therefore, is that the makeup gas to the F-T reactor has a lower H2/CO ratio than has been

Baseling Study F-T 3-11
T2




$sction 3 Sludy Progress by Task

considered conventional up to this point. One way of overcoming this deficiency is to bring in
additional water vapor. A second solution would be to add a water gas shift step ahead of the F-T
reactor. The latter is certainly a valid fallback design but adds cost. Bechtel has taken the position
that it should be avoided unless later experimental work demonstrates that it is necessary.

In Bechtel's designs (both in this study and in the earlier studies under Contract
DE-AC22-89PC89867), the stoichiometric effact of the low Hy/CO ratio is compensated for by
adding water vapor to the reactor feed gas using a saturator. The F-T reactor material balance
calculation assumes the same AT approach to WGS equilibrium and sufficient H20 is added such
that H; conversion and CO coaversion are in the same ratio as in Mobil's pilot plant work.
Typically, at an overall syngas cuaversion of 80%, H2 conversion is about 73% and CO
conversion is about 83%. The product still contains only about 1% water vapor and most of the

oxygen atoms in the feed gas wind up as CO2. Thus, the added steam has been converted almost
eatirely to CO2 by virtue of water gas shift.

There are experimental data to show that this type of F-T operation is feasible but they are not of
long dvration. The simultancous existence of the WGS reaction is well known, the only difference
is that t1c added water must diffuse to the catalyst, whereas product water formed in situ does not.
Some concern has been expressed that the low H2/CO ratio might lead to carbon formation and
caralyst deactivation and that the added steam could inhibit the F-T reaction.

Bechtel's position is that water vapor addition should directionally reduce carbon laydown
tendency, just as it does in steam reforming. At present, there is insufficient data on operation at
0.37 H2/CO0 ratio to indicate whether it is or is not feasible. Operation at 0.7 ratic appesrs feasible
without water addition (though the catalyst does tumn black) and lower ratios will be compensated
for by water vapor addition. Obtaining such data should be a high peiority for the DOE since it
may be essential to taking full advantage of the high thermal efficiency of the Shell gavifier. It
seems entirely possible that catalyst selection may be critical. The fallback position would be to
introduce a separate water gas shift step ahead of the F-T reacior.

One of the presumed advantages of the slurry reactor is that it can be operated at low Ha/CO ratic,
using makeup gas directly from the gasifier without shifting. In Bechtel's earlier report under
contract DE-AC22-89PC89867, Dr. Akgerman provided a discussion of carbon formation in F-T
reactors (Appendix A). His conclusion was that a slurry reactor has a significant advantage over a
fixed-bed reactor in that the catalyst actually sees a higher H2/CO ratio due to a combination of gas
solubility and diffusion rates differences. Akgerman references work by Dry (of Sasol) who
found carbon formation rate in a fixed-bed reactor to be related to the ratio Pco/PH,2. In a slurry
reactor, the appropriate ratio is that of concentrations in the liquid phase, which should be much
lower than Poo/PH,2. Akgerman's conclusion is that a slurry reactor at 0.7 ratio is no worse in
carbon forming tendency than a fixed-bed reactor at 2.0 ratio. The addition of water vapor should
improve the ratio by converting CO to CO; and Ha.
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Akgerman attributes carbon formation to the Bo'idouard reaction:
20-CO+Cp

This reaction is known 1o be catalyzed by the same types of alkaline materials which are
sometimes added to F-T catalysts to adjust selectivity. On the other hand, the F-T reaction is run
under conditions where the outlet Boudouard ratio is conducive to carbon removal. Even though
the H3/CO ratio may bz very low, the addition f steam produces an equivalent amount f CO2
which, as seen by the above equation, will prevent carbon formation. If carbon is produced, i
must be due to localized concentration gradients.

Bechtel does not expect that the addition of water vapor will inhibit the F-T reaction since, as
discussed above, water rapidly reacts and forms COp. It is true that Satterfield’s rate expression
for iron F-T catalysts involves an inhibiting effect due to water which comes into play at
conversions over 60% when water is a byproduct. This is probably the reason why low Ha/CO
ratio operations, where CO2 , rather than H20, is the byproduct, can be run at a comparatively low
temperature.

The situation in a large slurry reactor should be improved by liquid backmixing, which makes the
liquid uniform in composition, and this composition should be high in CO2.

Maximum Size Considerations for Vessels.

Background. In the previous Slurry Reactor Design Studics (DE-AC22-89PC89867), the
F-T reactors were limited to a maximum intemal diameter (ID) of 4.8 meters (15.75 feet), the
maximum size for commercially installed Lurgi methanol reactors of the tubular fixed-bed type.
The slurry reactors planned for this study should have similar mechanical limitations because of
the internal tubesheets used to hold the cooling wbes. There is reason to believe that larger reactors
than this may be mechanically feasible. A brief study has now been conducted to learn whether
larger reactors would be feasible for the baseline design, given the question of transportation of
large shop fabricated reactors to the site and the possibility of field fabrication. Further inquiries
will be made during the mechanical design phase of the study.

Mechanical Size Limitations. Pictures of the large fixed-bed reactors built by Belleli for
Shell's Middle Distillates Synthesis (F-T) plant in Malaysia were recently published in the Oil and
Gas Journal (1/13/92). Judging by the size of a man in the photo, Shell's reactors may be 10
meters in diameter and about 18 meters tan-tan length, with hemispherical heads. In private
discussions at the 1989 World Methanol Conference, Lurgi indicated that it is prepared to use
7-meter-diameter reactors in new methanol plants.

Such reactors have the catalyst in tubes suspended between upper and lower tubesheets with steam
generation on the outside of the tubes. The vessel walls must withstand a steam pressure of about
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500 psi. The tubesheets must withstand the difference in pressure between the reactants and stean
which is about 200 psi in the case of F-T but may be up to 1000 psi for methanol. The design of
these tubesheets imposes a considerable mechanical problem.

Bechtel’s slurry reactor design uses bayonet tubes with a double tubesheet arrangement to support
the tubes and segregate the flowing coolant, Steam generation is within the tubes and the reacting
mixture is contained within the shell outside the tubes. The vessel walls must withstand reacting
pressure, which is on the order of 300 psi for the baseline case. If Shell can contemplate a
diameter of 10 meters for their fixed-bed F-T reactors, there would appear to be no reason (from a
mechanical standpoint) why the slurry reactor could not also be 10 meters in diameter.

Shell’s four reactors were shop fabricated in 26 months at two of Bellili’s manufacturing plants. It
seems unlikely that reactors of this size would be field fabricated. During the mechanical design
phase of this study, it is recommended that manufacturers be contacted regurding the possibility of
ficld fabrication and the size limitations that would be imposed.

Transportation Limijations. The coal hydrogenation reactors in the Direct Liquefaction
Study (DE-AC22-90PC89857) had a metal ID of 15 feet and an 11.6-inch metal thickness, 30 that
the external diameter was 16.93 feet The height of each was 85.5 feet and total weight of each
was 1282 short tons, A 6-inch refractory lining was installed in the field, but HRI deemed that
field construction of the reactors themselves was impractical. A brief survey was made by HRI
and Bechtel’s Houston office to assure that vessels close to 17 feet in diameter could be
transported to the plant site outside of DuQuoin, Hlinois. It was found that this would be feasible
by & combination of river transport to a Mississippi River port such as East St. Louis and highway
transport roughly 75 miles to the plant site.

Transportation options to the westem site in Wyoming are somewhat more limited and studies
done for the other synfuel projects outside of Gillette, Wyoming, found & maximum diameter
limitation of 15 feet.

Shop vs Field Fabrication. 'The issucs in deciding between shop and ficld fabrication are
complex but, as a general rule, it can be stated that field fabrication does not produce very large
cost savings in the majority of cases. Whatevar savings are to be obtained in cost of imaterials are,
10 a large extent, negated by the higher cost of field labor, particularly in a remote location. Of
course, certain complicated vessels, such as FCC reactors, must be ficld fabricated to a large extent
and refractory linings are commonly installed in the field.

In a study done for the Syncrude Project in 1973, three shop-fabricated gas oil hydrotreater
reactors (12-inch diameter) were compared with a single field-fabricated reactor (20.5-inch
diameter). The shop-fabricated reactor trains cost an estimated $12.2 million, and the field-
fabricated train cost an estimated $13.7 million. The study was carmried through the stages of
process design, reactor mechanical design, P&IDs and conceptual layouts, piping takeoffs and
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instrument counts. In the multireactor case, the cost of scparate preheaters and intercoolers was
included, but a common hydrogen recirculation system was used. The study was carried out for a
reactor pressure of 800 psi. The final design pressure was 1500 psi and siwp-tabricated reactors
were used.

When all was said and done, there was little savings in materials cost for the large single reactor
system and the high cost of ficld labor swung the economics towards shop fabrication.
Admittedly, northern Alberta was then and still is a high-cost labar area but, even allowing for this,
it is difficult to see how field fabrication could have been favored.

Conclusions. Based on this brief survey, it is concluded that a 15-foot OD should be the
goneral limit on vessel size for the indirect liquefection study, provided that, in special cases,
diameters of 17 feet be considered feasible for the Illinois site. Such special cases would include
the F-T reactors which have a number of significant pieces of auxiliary equipment that also have to
be duplicated along with the reactors.

While soms investigation into the limits of field fabrication should be carried out with vessel
manufacturers, this would be primarily for the purpose of aiding future design work. Shop
fabrication should be the basis for the present study and the chances of missing a significant cost
savings by doing o are considered nil. Although Shell used 10-meter-diameter reactors in its
Malaysian plant, the choice was based on shop fabrication and ocean shipping. This opton is not
feasible for a mine mouth location in the United States,

Future Work. Using this limitation on vessel size and other equipment size limitations, an
exam:nstion will be made of the number of trains required for each process step in the baseline
case. Shell has already set the capacity of the gasifiers as 2000 stpd of Illinois No. 6 coal, washed
and dried to 5% moisture. The bascline design will mploy 10 operating gasifiers, which equates
to roughly 40,000 bpsd of liquid product. Work is also proceeding to establish a reasonable
overall operating factor and determine whether spare gasifiers are necessary to achieve this factar.

Sise-Related Criteric. Based on information from the direct liquefaction study, site related design
factor:, arc as shown in Table 3-17.

3.2.2 F-T Reactor Yisld Correlation
Final F-T Reactor Yield ModelL

dackground. The F-T reactor yield model is based on correlations of the Mobil first-stage
pilot plant data according to triple a Schulz-Flory theory as described later in this section. The
reactor yield model, there presented, requires the user to estimate values of a3 and the methane
factor (MF) corresponding to graphical correlations of & vs wax yield and methane yield vs wax
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yield. The proper value of a3 is then determined by trial and error calculation until the estimated
wax yield is exactly predicted. This is obviously not a suitable correlation for & computerized
process flow simulation program and the prediction has been automated. The prediction of
oxygenates has also been automated so that it is not necessary to use the charts presented later.

Basically, the user starts with a trial wax yield and the program estimates the entire product
distribution, including a new wax yield which may differ by up to 1.0 wi% units from the trial
value. If desired, a new trial value can be assumed until the desired wax yield is exactly matched
and graphical guidance is provided as to the proper trial yicld to assume. The entire product
distribution including the olefin paraffin split and the oxygenates is then estimated. Table 3-18is 2
spreadsheet documenting the results of the calculation at 50% wax yield and showing how the
results can be integrated into a simulation of the entire F-T recycle loop. All results are well within
experimental deviations but the method is limited to the range from 9.6 to 76% wax yield.

Derivation of Equations. The trial and error estimating procedure described above was
used to estimate values of a2, methane factor, and a3 at wax yields of 9.6, 25, 50, 60, and 76
wt%. The results are given below (a; is calculated from a2 and the methane factor):

Wax Yield oy a2 a3 MF
9.6 485 79 87 60
25 520 806 932615 6.165
50 498 8329 95963 85
60 471 837 966464 10.7
76 419 85 9765 15

These values of a2, &3, and methane factor (MF) were then regressed against wax yield to obtain
polynomial curve fits up to third order. The comrelation coefficient for a3 was not satisfactory and
it was decided to reverse the procedure and correlate wax yield against a third order polynomial in
o3. This fit was quite good. Similarly, it was judged that wax yield correlated against a second
order polynomial in (3 was a better representation of the data, within the desired limits of wax
yield, than the revers: carrelation. This complicates the issue scmewhat by requiring the solution

of a cubic and a quadratic equation, respectively, but this has been automated and does not pose a
problem.

Polynomial expressions have also been developed to predict water soluble and hydrocarbon
soluble oxygenates yields based on methane yield (which was the only available parameter in most
cases). Since the methane yield is predicted from the wax yield, there is some loss in accuracy,
but, all in all, the limited available data are duplicated quite well. In view of the lack of data for
other than a few final Mobil runs, oxygenates present in the vapor phase have been estimated to
reraain constant at an average measured value of 0.39 wi%.
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Average values were obtained for the C, H, and O numbers of these same three oxygenate
fractions based on averaging the results of all the analyses provided by Mobil in their reports.
With two exceptions these numbers were assumed to remain constant as wax yield varies. The
exceptions were the C and H numbers of the hydrocarbon soluble oxygenates. Since product
breakdowns were available only for the low wax case and since the C number of the oxygenates
should panallel the C number of the corresponding C2-C9 hydrocarbon fraction, the latter was
used to prorate the former for wax yields other than 9.6 wi%. (The carbon number of the C2-Cy9
fraction is calculated from the value of a2.) The H number of the hydrocarbon soluble oxygenates
is calculated from the C number, assuming that the ratio of H2,/Cy to Han42/Cy constituents
remains constant at all wax yields. The O Number for the wax is assumed to remain constant at
0.231 and is based on 22 wt% oxygenates, a number published by Mobil after their final report
was written.

The calculation also provides olefin/paraffin ratios for each carbon pumber and these stay constant
regardiess of wax yield.

Procedure. The results of the correlasions have been incorporated into an Excel
sproadsheet which simulates the F-T reactor loop, including CO7 removal, hydrocarbon recovery,
hydrogen recovery, autothermal reforming and recycle to the F-T reactor. Table 3-18 documents
the results of the calculation at 50% wax yield. The o values, correlation constants and the final
yield distribution are shown on pages 4 and 5 of the spreadsheet in Table 3-18. The F-T reactor
calculation uses the overall stoichiometric coefficients thus determined to run an elemental balance
on the reactor assuming a given approach to water gas shift equilibrium. This determines the total
hydrocarbon yield and individual components are then prorated from the yield distribution shown.

Values of the correlation constants are truncated in the printout, the extended value of the constants
is given below.

Dep Ind A B C D
Var Var

%Wax o2 1400.862011  -4427.319882 3374.924039

%Wax a3 -37006.47812 126869.57423  1.450249E-06 55290.3754

MF %HWax 6.41280781 -0.0579554 0.001645086 7.986126E-06

OxW % Wax 1.1282877 0.055580513

OXHC %Wax 1.35096875 0.133087676 0.110532834

If the dependent variable is y and the independent variable is x, the form of these equations is:
y=A+B:.x+C-x2+D.x3

For o, the familiar quadratic formula is used:

a2=(-B+[B2-4:-C: (A -%Wax)]05} /(2-C)
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Only the positive root is used. Remember that A, B, and C are switched from their usual roles in
the quadratic formula.

For &3, Cardan’s method as outlined in Perry's Chemical Engineer’s Handbook 3rd Edition, page
67, is used. The calculation is simplified by defining some new terms as shown on the
spreadsheet. The terminology parallels that in Perry’s Handbook.

a=C/D

b=B/D
c= (A -%Wax)/D
a'=-a23+b

b’ =-a327 +a39-a-b/3 +%Wax

y=[-b/2 +(b'2/4 + a>3/27)05)13 . { + b'/2 +(b'2/4 + 2*3727)05)13
a3=y-af3

As described above, when a trial value of wax yield is entered into the program, a slightly different

wax yield results. To aid in the use of the program, Figure 3-10 provides a correlation of the actual
resulting wax yield against the delta which must be subtracted to get the trial wax yield.

Recommendations. It is recommended that this spreadsheet procedure be adapted by
Amoco for yield prediction in the ASPEN SP process flow sheet simulator. It is also
recommended that it be used now for the baseline case so that results will later conform to those
predicted by the process flow sheet simulator. Actually all that is required now is that the C, H and
O numdbers for the overall product conform exactly to those predicted for a wax vield of 50% and
that the hydrocarbon breakdown follow spreadsheet procedures alr=ady being used in the ASPEN

SP modeling of the F-T loop. The oxygenates then need to be accounted for in the various product
phases.

Future Work, The above procedures predict the molecular weight distribution and the
olefin to paraffin ratio of the hydrocarbon product but do not identify iso to normal ratios or the
fraction naphthenes (aromatics are absent). For most purposes, simulations can be carried out
assuming all normal parsffin and all 1-olefin but, for downstream upgrading, further breakdown
of the C4, Cs, and possibly Cg fractions will be useful.

A review of Mobil's ZSM-S5 second step vield data has been commenced for the alternative case.
The primary reactions occurring are olefin and oxygenate conversion into aroniatics, naphthenes,
paraffins, and water, along with isomerization. Appropriate component deltas must be developed.

Schulz-Flory Theory and Graphica! Method. The basic Scﬁulz-Flory relationship is given by:

Ch=(l-00)-P-1

Bazeline Study F-T 3.18
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where C;, is the mol fraction of CpH2y 0n total product. Note that:
2Cp=(l-0)-Za n =1, since

Zanl=1/1-a)

Let Wy, be the weight of CyHan per total mol of product. The molecular weight of CaHop is
14.016 - n. Thus

Wp=14016-n-(1-a) - 8-1
ZWp=14016-(1-0)-Z n-a "1 =14016/(1 - @)
. since
Zn-oaf-l=l/l-a)?
Thus weight fraction, wf = Wy/Z Wp=n - (1- @) 2- oo -

wiln=(-0a)2 o !

This is the form usually plotted, giving a straight line on semilog paper when wf/n is plotted
against n, with a slope of log a:

log (wfin)=2log(1-a)+(n-1)loga
This relationship holds strictly for olefins; it is less accurate, but still reasonable, for paraffins.
Double a. 1t can be shown that the above summations can be geneialized:

n = oo

Za nle l/(1-a)-1=0/(1-@)
n=2

na=oo

Lanls Vad-o-(l+)=a2/(1-a)
n=3

Bassline Study F-T 3-19
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n= co

20. n-lo g 1-‘./(1.(1)
n=1i
and
n= oo

Zn-a"'1=l/(l-a)2 d={2'a-a2)(1-q)2
n=2
= oo

Zn-an-1=1/(1-a)2 -(1+2-a)= {3-02-2-a3)(-o?2

n=3
n= oo
2n-orl= (iq FloG.-1)ai)y(d-a?2
n=i
Therefore,
n= oo
) Ch=a il
n=
and

n= o

waz irgl.g-1) . ai

n=1i
If o changes at n = i from &1 to ¢z, then in order to make wf] = wf? at n = i, calculated wf 1 and

wf2 values must be multiplied by constants x and y, respectively, so that both expressions give the
same value of wf j and Zwf=1

wi/fi=a-(l-ap2-aji-l=y - (1-a2)2.-qpi-1
thus

y/x=[(1-a)2-ali-N/[0-a2)2-agi-1

Baseline Study F-T 3.20
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n= oo

b) why=(i-aptl.G-1-apl).y
n= i

n= j-1

2:wf1= (1-[irapi-loGi-1-0oyi))-x
n= ]

In order to make the total T wf] + £ wfy become equal to |
xal/(licayle G- agivy/x-li-apil-G-1) api))

Itis then possibie to solve for x and y for any given values of aj, & and i, and the wt% wax can
be calculated from

n= co

2wf2=(i-u2i“-(i-1)'0-2”‘)'
n=i

One interpretation of the double alpha phenomenon in the slurry reactor is that &y represents the
chain growth parameter in the vapor phase and ) representsthat in the liquid phase. If so, the
relationship is complicated by vapor-liquid equilibrium considerations. The Mobil data indicate
that, above C2p, most of the product is in the liquid phase and constitutes the so-called "wax"
product. Between Cys and Cas, there is a transition from vapor to liquid and one would expect the
molecular weight distribution 10 be smeared, which the Mobil data appear to corroborate.

Stoichiometry. In the Appendix to their article on slurry reactor modeling, Stern, Bell, and
Heinemann show how the stoichiometric coefficients for the single o case can be written in closed
form as a function of o, the chain growth probability factor, and ¥y, the fraction of the C2+ product
which is olefinic. The double o case can be developed in similar fashion.

Assuming 100% olefinicity, the average carbon number of the total product fromn=iton=is
given by the relationship:

BSassling Study F-T ‘ 3.21
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n= oo n= oo
X = Zn e an'l/z an'l
n=i n=i

where x is the average cb* in length in the formula CxHy. A similar relationship can be developed
for a carbun number range fromn=iton=j:

n=: oo fi= oo nNx= oo n= oo
x=[2n- o[ 2n . an 112 il 1- (2 ool ]
n=1i n=j n=i n=j

Using the equations for these summations given above and remembering that:
ailsgi/q
the resulting expression for x from i to infinity reduces to:
x=i+ee/(l-@)
Ifi = 1, this in tum reduces to
x=1/(1-a)
which is the result given by Stern et al.

Figure 3-11 shows the carbon number of the C ; + as a function of o. for i = 20 and is
representative of the Mobil waxes which are predominantly C20+.

The value of y can readily be calculated from the value of v, the mo! fraction of clefins, once x is
known. Since the formula for olefins is CyH2p and the formula for paraffins is CnH2p+2, the
value of y is given by

y=28+(1-7)-2.

This, of course, assumes that ¥ is constant over the entire range. 1t also assumes that no other
components than paraffins and olefins are present. Except for the oxygenates, this is a good
assumption. The evidence indicates that the o for oxygenates is significantly lower than for
hydrocarbons, so that the concentration in the wax should be quite low, even if an allowance is
made for a double a there too.

It is also of value to have a way of estimating the average carbon number betweenn =iand n=j.
The value of x is given by:

Bassline Study F-T 322
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xe=[li+a/(-a)  ai- [(+a/(-0) - )}/ (ol-od)

High Methane Yield - Triple a. 1t is commonly observed that methane yield is
somewhat higher than expected by Schulz-Flory theory. With cobalt catalysts, this difference is
quite pronounced and the ethane yield is, at the same time, lower than theory. Huff has showa
how this can be accounted for by considering polymerization of not just C but also of C2 and C3,
cach at its own chain growth factor. For iron catalysts, only the methane yield is high and the
following discussion shows how this can be accounted for by using a lower chain growth
probability factor for methane. In other words, there can now be a triple o situation, where 0] is

for methane, o is for C3 to Cj, and a3 is for C; plus. For these three carbon number ranges,
nomalizing factors x, y, and z, respectively, are alsc defined.

In single o theory, methane yield is given by (1 - a)2. For the wriple o case, assume that the
methane yield is higher than would be predicted from a2 by a factor C. Thus, o) can be defined
such that

(1-ap2=C-(1-a2)?
Since the expressions in a] and o2 must give the same value for weight fraction ethane:
y (o2 (1-02)2)=x-(o] - (1-a1)2) =C-x- (@1 - (1-02)2)

and
x/y=02/(C-ay) -

As in the double  case, the ratio z / y is given by
z/y=[{(1-02)2 2i-11/{(1-a3)2-a3i-1)

and the weight fractions summed over the three carbon number ranges are

n= 1
ZWf1=Wfl=(l-a1)2'x=c.(].az)2.x
n=1
n=i-1
ZWf2= {1-[i~a2i'1-(i-1)-a2i]-(1._a2)2],y
n=2
Sassline Study F-T . 293
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n= oo

wa3=(i-a3i'1-(i-l)-a3i}"z

n=i
And y is given by
y=l/(2 wfz+wa3-z/y+wf1 -x/y)

Figure 3-12 shows how the weight percent wax varies with a2 and o3 for i = 20 (the carbon
number 1narking the initiation of wax formation) and an MF of 4. The correlation of o3 with wax
yield developed from the Mobil pilot plant data is shown by the heavy circies and is nearly a

straight line between 10 and 75% wax. It is apparent that once 2 is fixed, along with the MF,
there is only one value of &3 which will match the observed wax yield.

Figure 3-13 shows a correlation of observed wax yields and methane yields taken from selected
Mobil data. This is a good match to Figure IV-23 in Mobil’s second report. Figure 3-14 shows
the values of the MF required to match the coerelation line in Figure 3-13. Both MF and o3
depend on wax yield, but the relation with &3 is much more sensitive. A trial and error procedure
can be used to determine the best fit. These results lead to the three triple alpha plots given in
Figure 3-15 for 76, 46, and 9.5% wax, respectively.

Oxygenates Production. Mobil measured oxygenates production in only a few runs,
mostly at low to medium wax yield conditions, but the wax yields are often not given. A
correlation against methane yield was obtained and is shown in Figure 3-16. Methane yield was
used instead of wax yield to obtain a more consistent plot, but the two are related as shown in
Figure 3-13. There appears 10 be a definite decrease in the oxygenates found in the overhead liquid
hydrocarbon phase as methane yield decreases, but this may simply represent a decrease in the
C»/C9 fraction. The concentration does not drop and may ever increase. This probably explains
why the oxygenates soluble in the water phase remain almost constant as metnane yield varies.

Figure 3-17 shows how a3, 02, and a3 vary over the experimental range of the data to match
observed yields of wax and methane. These yields are then worked up into an overall product
distribution and stoichiometric constants using observed average olefin contents und oxygenate
yields for the various carbon number ranges.

3.23 Environmental Strategy

With some minor modifications, the environmental compliance strategy developed for the Direct
Coal Liquefaction Baseline Design Study and System Analysis (DOE Contract No. DE-AC22-
91PC90027) can also be used for the Indirect Liquefaction Study. All of the major federal and
Illinois environmental considerations to be addressed and the timing for same apply equally to
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lllinois environmental considerations to be addressed and the timing for same apply equally to
both facilites. Specific pollutants/hazards and their sources identified for direct liquefaction are
listed in Table 3-19. This list will require modification for an indirect liquefaction facility, and the
indirect liquefaction facility should be more environmentally benign. Some specific comments are
as follows:

No coal-fired boiler is planned in the indirect facility so certain pollutants, such as
beryllium, lead, mercury, and halogens should not be present in the stack gases.

The facility will be fueled by byproduct gas from the F-T recycle gas loop,
supplemented by clean syngas, if necessary. Both of these are free of sulfur
compounds and the stack gas from boilers and heaters will have no problem meeting
SO2 and particulate matter limitations. NOy limitations will be the primary
restriction.

Coal receiving and handling differ only in degree and the samre restrictions will apply.

Both plants have coal gasifiers. The Shell gasifiers, in the indirect design, are dry feed
gasifiers operating at higher temperature and produce a somewhat different slag. The
Texaco gasifiers, used for hydrogen production in the direct design, feed a coal-water
slurry. Both slags tie up the hazardous constituents of coal and are considered non-
hazardous solid byproducts.

Essentially all of the sulfur is removed from syngas in the indirect case by a
combination of hydrolysis and acid gas removal (Selexol or Rectisol) and sulfur
polishing with beds of zinc oxide. The zinc sulfide thus produced is an additional
non-hazardous solid byproduct.

The products of indirect liquefaction are sulfur and nitrogen free and have essentially
no aromatics content prior to catalvtic reforming. In contrast the products of direct
liquefuction contain some sulfur and nitrogen compounds, depending on the depth of
hydrotreating, and are high in aromatics. Depending on the upgrading route,
oxygenated byproducts may be produced in quantity as an F-T byproduct. Recovery
of alcohols and inclusion in gasoline is a possibility. These differences may affect
TSCA requirements.

Removal of oxygenates from F-T wastewater will be required unless the water is
recycled. VOC control will centainly be required.

Where Table 3-19 refers to the hydrotreaters (HTUs) for direct liquefaction, substitute
the words product upgrading units for indirect liquefaction. The main difference is
that different catalysts are used which may require different methods of handling and
disposal. Upgrading units being considered include oligomerization (ZSM-5), wax
hydrocracking, hydrotreating, cat poly, isomerization, alkylation, and cat reforming.
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There is no FCC unit and no coker in the present indirect liquefaction cases, although
consideration of FCC is a possible future option.

3.3 TASK 7 - PROJECT MANASEMENT AND ADMINISTRATION )

1)
During the reporting period, the major activities in Task 7 were issue :be final projecf munagement
plan, hold the first technical progress mesting, prepare the subsequent conference note, and
complete the Bechte! and Amoco subcontract agreement.

The first iechnical progress meeting was held on February 26, 1992 in Bechtel's San Francisco
offices and attended by representations of PETC, Amoco, Bechtel, Mitre Corporation and Burns
and Roe (consultants to PETC). The preliminary results of the tradeoff studies and the design

criteria were reviewed. The overall project schedule staws at the end of the reporting period is
shown in Figure 3-18.
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Figure 3-1 Block Flow Biagram for ths F-T Recycle Loop
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Table 3-1
Tradeoff Stusly Basis - Operating Cost and Product Values

ltem Valus_
Operating Costs

Electric Power 5.1¢/kWh

50 psig Steam $5.00/1,000 Ib
Product Values

Fuel Gas $1.80/MM Buw

C3LPG $0.43/gal

C4LPG $0.47/gal

C3/C4 LPG $0.10/b

Gasoline $23/bbl

Diescl $26/bbl

Alcohol $1.80/MM Btu
Four-Year Simple Payout

Plant Cost Estimate (for comparison purpose only)
Purchased Power

Basslinc Study F-T 345
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Table 3-2
Oxygen Purity Tradeoff Case
Summary of Key Precess Conditions
Basis:
50% Wax Yield
Overall Syngas Conversion - 82%
H2 Recovery - Membrane/PSA
Purge Stream - 585 MM Buw/hr
Oxygen Purity
Mol%
item ”ns *
F-T Reactor Overhead Flow, MMscfd 297 641
Feed to F-T, MMscfd 1,508 1,848
No. of F-T Reactors 26 32
Hydrocarbons Recovery Feed, MMscfd 334 678
Recycle Gas Flow Rate, MMscfd 315 578
Feed to Reformer, MMscfd 220 485
O3 to Reformer, tpd 560 852
Steam to Reformer, mph 7.566 7,130
Purge to Fuel, mph 5,000 13,680
|
|
|
|
|
!
Baselins Study F-T 3-473=
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Table 3-3
Oxygen Purity Tradeotf Case
Comparison of Capital and Operating Cost
Oxygen Purity
Mol%
item ".5 %
Capital Costs, SMM
O3 Plam 360 330
F-T Reactors 68 78
HC Recovery 23 37
Recycle Gas Omnprmor 7 10
Autothermal Reformer 17 29
H2 Recovery (Membrane/PSA) 19 26
Totl 494 510
Annual Operating Costs, SMM/yr
O2 Plamt 1224 1139
HC Recovery Compressor 0.5 1.0
HC Recovery Plant HP Steam 9.5 19.2
HC Recovery Plant MP Steam 28 5.7
HC Recovery CW/Chemicals 0.4 08
Recycle Gas Compressor 4.5 8.3
Autothermal Reformer Steam 8.0 7.5
H2 Recovery 3.6 11
Total 151.7 164.1
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Run No.

2561 (w). . .

256-2
256-3
258-5
256-5

2888 {xb)

256-11
256-12
256-13
256-13
256-13

2588 () -

2369
256-6
2584 (a)

2564:(8)

256-7

W07 )
256-7. (b) -

(a) Low suparficial gas velocity
(b} Apparent catalys! activity loss

Table 3-4 Analysis of Mob

H2+CO Conv. Sup Val. cm/s
‘ 1.7

42 .

Pericds Wi% CH¢4 Wi Wax
34 - 43 8.0 6 68
7-158 8.0 6 85
32 - 39 7.0 7 87
3-5 23 60 69
8- 12 1.1 75 54
i RN | RUTREEPGE. K SRR -
2-¢ 7 83 886
3-10 2.2 62 81
% -2 3.0 48 77
11+ 18 e By B8
4-9 4.1 47 83
AL 23 51 40
BRRE A PR - SERE I X I 46 4D ¢
9.3 22 LAY 40
682 a3 3

N ;- S

3.5
3.45
3.5
3.2

5.3
4.3
4.2
4.1
3.8

- ¥

4.3

' Fodh
NN W

>
]

T.<C
268
260
260
249
244

280 ©

258.5
255
256.%
257
257.5

288 .

255
249

288

256
256

287
275 -

P-MP

*

— i e mw fem e

(1) Kua, J.C. W. et al, “ Sluny Fischer-Tropsch/ Mobil Two-Stage Process of Convarting Syriyas t.. High Octano Gascline,”
under DOE Contract No. DE-AC22-80PC 30022, Final Report, Juna 1983, prepared by Mobil R8L Corp., Pauishoro, N. J.

(2] Kue, J.C. W. st al, “ Two-Stage Processaes for Conversion of Synthesis Gas 1o High Quality Transpartation Fusls,”

under DOE Contract No. DE-AC22-83PC 60019, Final Report, October 1885, preparad by Mobii RAD Com., Paulsbaro, N. J.




First-Stage Data (1, 2)

sV
G
|
|

2.25
2.28
2.98
2.28

2.30
2.40
2.40
2.39
2.40

2.40
4.00
2.60

188

4.90

‘ " ac‘o »

4.40

1/8V

0.19
0.44
0.44
0.43
0.44

108"

0.43
0.42
0.42
0.42
0.42

0.42
0.25
D.94

0.51 -

0.20

. o'ggg
0.33

Kk

- 9.00093278

0.00080482
0.00080482
0.0003259%
0.00024401

7Q.00094816

0.0005566
0.00045804
0.0004981
0.00051218
0.00052859

10.00045804.

0.00045804
0.00032595
0.00048430
0.0004843¢9
0.00048439

0.00081218
% 0.00134008

N

9.00030876 " - -

k*P/SV

0.00020047..

0.00039771
0.00039247
0.00020687
0.00015942

70.00082478 - -

0.00035816
0.00028085
0.00030716
0.00031715
0.00038203

100-H2+CO Co

wei 38

- 0.00040078

0.00034734
0.00017764
- 0.00042092
-0,.00062599
0.00024912

nv.

1§
13
KR
46

13
14
19
19
23

45 .

17

Catalyat

1.

‘ 4 A._-»"w-:: o e
B

Catalyst - gms
- 252

1241
1207
1221
1182

. 1998

1844
1433
1405
1378
1340

- 1714

1981
900

. 1038

1544
1117

- 1881
.. 1261
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Table 3-5 Mobll Pre

Mobil Tsble 8 & °

Fun No., Periods Wit CH4 Wi Wax H2:COCowv. Sup Val.om/s T-<C P
256-1 58.6 9 598 1.8 288
256-1 56.8 9 58 t.8 288
2586-1 56.9 11 59 1.8 288
258-1 57.6 10 56 1.4 268
25G-2 121 9.6 87.6 55 2863
256-2 14.2 83 86.9 3.5 263
256-2 15.5 75 85.9 3.5 283

(1) Kuo, J.C. W. et al., “ Siurry FischerTropsch/ Mobil Two-Stage Process of Convering Syngas to High Octane Gasoline,”
ungder DOE Confract No. DE-AC22-80PC 30022, Final Reporl, June 1983, prepared by Mabil R&D Corp., Pau/sbore, N.

{2) Kuo, J.C. W. @t al., * Two-Stage Processes for Convarsicn of Synihesis Gas to High Quality Transporiation Fuela,”
under DOE Contract No. DE-AC22-83PC 60019, Final Report, October 1985, praparad by Mobil R&D Gorp., Paulsboro,




ure Etfect Data (1, 2)

'ata (80PCI0022)

a sV 1/8V k K'P/SV  100-H2.CO Conv. Catalyst Catalyst - gms
1.48 5.8 0.17 0.00093278 0.00023802 41 1-A 244
1.83 7.2 0.14 0.00093278 0.00023708 42 1-A 243
1.14 4.5 0.22 0.00093278 0.0002363 49 1-A 242
1.48 58 0.17 0.00093278 0.00023802 44 1-A 244
1.14 1.84 0.54 0.00071245 0.00044141 12.4 i-B 1162
1.48 2.34 0.43 0.00071245 0.00045061 13.4 1-8 1187
1.82 284 0.35 0.00071245 0.00045657 141 1-8 1202
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Study Progress by Task

Table 3-8
Wax Yield Tradeotf Case
Key Process Conditions
Item 76 with Wax 50 wit Wax 9.6 wi% Wax

F-T Reactor Feed, MMscfd 1,506.5 1,543.3 1,635.9 -
Recycle, MMscfd 350.7 387.5 4800
PSA Feed, MMscfd 167.6 1704 1736
CO; Produced, MMscfd 478.5 483.3 4939
Autothermal Reformer Feed, 349.6 374.6 434.4
MMscfd
O3 Required, tpd 444.3 621.0 11154
Lt. Ends Make, Ib/hr 7,313 ‘8,440 10,593
C3/Css, Ib/hr 42,800 42,123 40,261
Gasoline, bpsd 13,785 18,523 25,770
Diesel, bpsd 26,331 19,168 10,440
Alcohols in Aq. Phase, Ib/hr 8,103 9,543 12,947

Baseline Study F-T

T5282-31 7"WO/RA1
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Study Progress by Task

Table 3-7
Wax Yield Tradeotf Cass
Comparison of Capital Costs
($ MM)
Capits! Cost
item 76 wt% Wax 50 wi% Wax 9.6 wi% Wax
F-T Reaction Section 116.4 9.9 94.0
Hydrocarbon Recovery 16.7 17.8 199
PSA 224 22.7 230
Autothermal Reformer 19.9 209 23.0
Oxygen Plant - 20 1.7
Subtotal 1754 1633 167.0
Upgrading
Wax Hydrocracking 42.0 324 119
F-T Hydrocracking 20.1 304 40.7
Cat Reforming 29.2 319 34.8
Alkylation 31.5 410 50.8
Cat Polymerization 10.3 19.8 344
Subtotal 133.1 155.5 172.6
Total 308.5 3188 340.2
Bassline Study F-T 3.51

T8282-317/WOIR3



Saction 3 Study Propress by Task

Table 3-8
Wax Yisld Tradeoff Case
Comparison of Oparating Cost and Revanues
(SMM/yr)
Item Unit Price 76 wi% Wax 50 wi'e Wax $.6 wi% Wax
Revenues
Lt. Ends $1.8MM Bu 2.3 23 ~4
C3/Cq $0.45/gal 33.8 33.3 31.8
Gasoline $23/Bru 109.9 147.7 205.5 '
Diesel $26/Bru 2374 172.8 94.1
Alcohols $1.8/ MM Bu 1.8 2.1 2.9
Total 385.2 358.6 3377
Operating Costs
Power 3.48 441 6.61
Steam - _ 120 4.00
Tota! 3.48 5.61 10.61
Net Revenue 381.7 352.99 327.1

Baseline Study F-T 3.52

T5282-3172/WO/Ra




Study Progress by Task

Autothermal Reformer Tradsof! Cass
Comparison of Key Process Unit Conditions

Tabls 3-9

Basis and Assumptions:

Oxygen Purity - 99.5 mol%

Wax Yield - 50 wt%
Overall Syngas Conversion - 80 mol%

Impornt Electricity
With Autothermal Without Autothsrmal
item Reforming Reforming
Feed to F-T Reactors, MMscfd 1,534 1,682
Number of Reactors 26 29
Feed to Hz Recovery, MMscfd 165 293.2
Mol% H; in Feed 23.6 133
PSA Reject Gas Compressor, bhp 31,730 62,134
Gas Recycle Rate, MMscfd 378.2 413.0
Recycle Compressor, bhp 15,810 18,550
Autothermal Reformer Feed, MMscfd 364.7 -
02 Feed 10 Autothermal Reformer, tpd 612.5 -
C3 + Hydrocarbon Products, Mlb/hr 490.0 484.5

Bassline Study F-T

75282-317/WO/R1

3-53




Section 3 Sludy Progress by Task

Table 3-10
Autothermal Reformer Tradeoff Cass
Comparison of Capital and Operating Cost

50 wi% 50 wi%
Item with Autotherma! Reforming  wjo Autothermal Reforming
Capital Costs, SMM
F-T Reactor Section 67.6 70.0
PSA Unit 254 8.0
Hydrocarbon Recovery 17.2 21.1
Autothermal Reformer 20.52 -
Oxygen Plant 7.0 -
Upgrading Plants 12 -
Total Capital Costs 1389 i29.1
Net Revenue, SMM/yr
Product Revenue, $SM/yr 3534 3494
Operating Cost, SMM/yr —Ls —28.0
Net Revenue 3459 323.4

Baseling Study F-T 3.54

T15202-317/WO/R1




Study Progress by Task

Hydrocarbons Recovery Tradeoff Case
Key Process Unit Conditions and Yields

Table 3-11

Basis and Assuaptions:
Oxygen Purity - 99.5 mol%
Wax Yield - 50 wt%

Overall Syngas Conversion - 82 mol%

T5282-217/WO/R4

Import Electricity
Purge to Fuel - 5,000 mols/hr

Desp Refrlg Madium Refrig
itam -130°F Cooling -30°F Cooling
F-T Feed, MMscfd 1538.2 1574.0
No. of F-T Reactors 26 26
F-T Reactor Effluent, MMscfd 3824 418.3
HC's Recovery Feed, MMscfd 3473 3599
Recycle Compressor, bhp 14915 14546
Propane Compressor, bhp 5,873 2,127
Ethylene Compressor, bhp 2,900 0
Propane Condenser Duty, kW 271 98
PSA Feed, MMscfd 16732 167.8
PSA Offgas Compressor, bhp 32,268 32,390

Autothermal Reformer
Reformer Feed, MMscfd 368.7 386.5
Reformer O2 Usage, tpd 619.2 830.3
O, Plant, kW 8,607 11,542
Reformer Steam Usage, Mib/hr 1799 188.6

Saleable Products
Lt. End Make, lb/hr 0,349 9,611
C3/Css, lb/hr 45,252 45,408
Gasoline, bpsd 17,536 15,994
Diesel, bpsd 22,694 23,342
Baseline Study F-T 3.55




Section 3 Sludy Progress by Task
Tahle 3-12
Hydrocarbons Recovery Traduoff Case
Comparisan of Installed Costs (SMM)®
Desp Relrig. Medlum Refrig.
item -130°F Cooling -30°F Cooling
Reaction Section
F-T Reaction/Recycle System 67.6 68.7
HC Recovery
Exchanger 73 29
Compressors 134 58
Autothermal Reformer 20.7 21.3
Dehydration 4.5 3.3
Oxygen Plant 0.0 24
Subtotal 1139 104.4
F-T Product Upgrading Section
Wax Hydrocracker 346 352
F-T Hydrotreater 29.1 2904
Catalytic Reformer 329 335
Alkylation 42.1 39.5
Catalytic Polymerization 18.8 c.8
Subtotal 157.5 1474
Total 2714 251.8

(a) Installed costs of the process units shown are for comparison purpose only.

Baseline Study F-T

T5282-017/WO/R3
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Sagtion 3

Study Progress by Task

Table 3-13
Hydrocarbons Recovery Tradeof! Case
Comparison of Net Revenues ($MM/year)

De2p Refrig. Medium Refrip.
tem -130°F Cooling -30°F Cooling
Product Revenues
Lt. Ends 3.0 390
CiNC4 35.8 359
Gasoline 1399 127.6
Diesel 204.6 2104
Total 3833 3769
Operating Cost @
Power 224 21.6
Net Revenue 360.9 3583

(a) Only the annual operating costs of the process units that sre affected by the selectod oplions are shown in this table for

comparison purpose.

Bassling Study F-T

75282317/ WO/RY
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Saction §

Study Progress by Task

Tahle 3-14
Hydrogen Recovery Tradeoff Case

Effocts of Water Injection Rates on F-T Reactor Performancs

Basis and Assumptions:

Oxygen Purity - 99.5 mol%

Wax Yield - S0 wi%
HC Recovery - “~130°F " Refrigeration

Overall Syngas Conversion - as indicated below
H2 Content in Clean Syngas from Gasifier - 25.6 mol%

Water Injection Rate, mols/hr 0
H> Canversion, % 80
CO Conversion, % 81.1
Overall Syngas Conv., % 80.8
Recycle Gas Rate, x 103 mols/hr 42
H» Content in Feed to

Hj recovery unit, mol% 23.6

4,000

75
85.0
820
35

336

5,000

2.5
86.1
819
34

3715

6,000
70.5
87.1
819
33

41.1

Baseling Study F-T

15282-317/°WO/RY
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Sludy Ptggress by Task

Table 3-18
Hydregen Recevery Tradeof! Case

Summary of Koy Process Conditions and Flow Rates

Basis and Assumptions:
Hydrogen Product Purity - 99.6 mol%
Hydrogen Product Rate - 31 MM scfd
Hydrogen Product Pressure - 400 psia

F-T Recycle Loop Purge - 585 MM Buw/hr

Coss Number 1 2 3 4A 43

Case Description Mombrane/ Membrane/ Salt/ PSA-Only PSA-Only
Methangtign PSA PSA

Water Injection to .

F-T Reactor, mol/hr 4000 4000 4000 4000 6000

H2 Recovery Feed,

mol% H2 33.6 33.6 33.6 336 41.1

PSA Feed, MM scfd 914 80.7 1249 94.4

PSA Feed, mol% H2 42.6 480 33.6 41.1

H2 Recovery® 80.0 80.0 726 ® 80.0

(a) ‘This is the hydrogen recovery achievable vis PSA due to low hydrogen content in the feod stream.

Bassling Study F-T 3-59

15282-31 "WQ/R1



Section 3 Sludy Progress by Task

Table 3-18
Hydrogen Recevery Tradeof! Case
Comparison of Capital and Operating Cost
Case Number 1 2 3 4A 48
Case Description Membrany/ Membrans/ sShity PSA-Only PSA-Only
Mathasation PSA _ PSA ,
Installed Plant Cost, $SMM
Membrane 94 5.1
Separation (3-stage) (1-stage)
Compression 6.6 4.6 50 1.1
Methanation 0.2
PSA 84 7.5 154 8.4
Shift —e o p — ——
16.2 18.1 10.2 204 9.5 |
Annual Operating Cost @, SMM/yr
Steam 0.6} 0.51 3.61
Power 358 2.41 3.65 0.83
Others (1X1,"] 0.06 Q.25 S S
428 3.04 3.86 3.65 0.83

(a) Only the annual operating costs of the process units that are affected by the selscied options are shown in this table for
comparison purpose.

Sassline Study F-¥ 3-60

75282317/ WOVR3




Sestion 3 Study Progress by Task
Table 3-17
$ite-Related Design Factors
Site Location Inland, Southemn lllinois
Site Elevation 650 fi above sea level
Seismic Zone 2
Design Amb. Temp. (Dry Bulb)
- Summer/winter 95°F/-6°F
Max/Min Amb. Temp. 104°F/-18°F
Nominal Design RH
- Summer/winter 75%/45%
Design Rainfall
- Max | hr/max 24 hr 2.6in/5.6 in.
-~ annual 40 in.
Snowfall
- Max 24 hr/max 1 mo 10in./20 in.
- annual 141in.
Wind Velocity
- Design/max 15 mph/90 mph
Bassiine Study F-T 3-61

T5282-317/WOrR1



|

Sludy Progress by Task

Table 3-18
Unified Loop Design Spreadsheet
page10of5
A % T © 1T &© 1T ¢ ] ¢ I a T w 1.1
KB 6/15/82 F-T Reactor Maas Baiancs U a
|_2_iDesign Case with Autoihermal Ralorm Wik Wn = §0.00 Try Wax » ¢.373 -0 5802
L3 _[Vsing Hymm -130°F Balance H COCarw% SynGas Comw - %
[.8_]Yielde basad on % Wax Comralabon l 8743 18.2400 0.1073 a8 80 AR 1]
[ ) 1 ] 3 4 [ s
Feod Qas Reizh Eieam CombFead €11} g
82.4’ 323.020% 0 3454201 45.4201 1298 10
-] Q ] [} 0 J88.47
[+ D] [} Q [ $7.17
[+ 2 [} Q ] 344 4%
Q 0 0 o ] $0.48
¢ Q [+ Q ] 4 | ¥
c Q 0 0 ] §7.28
-} 0 Q [+ 209 20
[+ ] 0 ° [ &3 )
¢ Q 0 0 173.87
14 0 <] [} §7.49
e Q [+] ] 181.87
Q Q ¥] ] 15830
< Q <} [+] 192.78
-1 0 [ -] 108.84
[} 9 1] o [ bA £
G 0 © 4] 75.4)
[ 0 4] ] €., .58
[+ Q <] [:] 4189
e 9 Q Q @)
[+ [»] [ 0 3590
[+ o (1] [+] 2359
[+} Q 0 +] 24.54
[] [} [ [} 20.3%
C Q <] [+] 455 .81
[+ Q © /] €3.1%
[+ Q [ 0 50 88
[+} 0 4] 4] 5333 4532.27
[} 0 (s} O 4832.274 453227
3140.¢] 2224.078 © 5368.278 E&30Y3.40 53073.88
$40.7] 3307 463 0 4347.301 4347.38% 4347.38
[+ 0 [ 4] [+} 300
0807 442 C 1002500 13231.18 $3231.18
13848 8 G 480806 13802.9) 13602 8%
SO40 105] ___8000] 11040.11 2162.882 2182.882 2162.00
128884 4 348382 $000 1674326 9129570 2182.88 91295.74
835087 12484.84 C 105984.5 1050845 O.01E-08 105M4.5
648590 J8183.48 12000 1180231 1158221 1156231
$8631.2 18338 6000 122027.% 1220275 122027 %
1080 4 €735 322 G 8894722 84722 8834 722
Q76126 $34073 T 08TV 3483428 3483423 3483428
@24 3230200 © 345.4201 348.4201
H alame in inen HC 086 129208 T 1351.60 138180
Conditions
Tomp - Deg F ] 1 1C. 7.8
Pross - Alm 18.32453 16.07 14.61
MM Biuty ~4386.37 114980 -702 182 -€174.92 -8309.208 -3134.94
Ratios -8207.18
racyclsfieed 0.27218%
steam/carbon 0.08882)
H2CO 0358019 1.377308 O.458853 1020102
Boudouard Ratic 1 834440
DaXa T Approach - Deg F
EQ Temp - Deg K $04.0884
Equilibnium Conslanis
K - WS 28.228
K - &M 6. 11E-07
K - Soudousrd 2.01E«08

Basgline Study F-T

T5282-317/WQ/R1
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Study Progress by Task

Table 3-18
Unitied Loop Design Spreadshest
page 20t S
J L« T ¢t T & T W T8 1 #® ] @a | ® [ 3
] 8/15792
Design Cass with Autoihermal Refarmer Product Separglion Mass Balance
[ _JUsing Hyswm -130°F Balance mn....uum- 07
L4_]Yiside based on % Wax Corelanon
|1 _Jowaam Mo $ [ 7 (] ] A 1 12 1
x l:::mﬂ-u (1] Water  HCProd R Vapor To PSA H2 Purge  Ref Fesd
emposiicn
: CH4A - MPH 12940 10 0 0 0 1208006 407.9181 O 204.8744 1011.521
[ 8 _Ict e 0 0.413727 0 398.23¢9 122.1958 O 05.24881 303.0101
Cave 87.47 0 045N 0 94.12180 20.02287 0 206887 734802
ok 344,90 0 2921082 0 6200040 V0.8747 0 1150404 41.1D442
1 80.04 0 §3.02378 0 7.0%34400 2213417 0 1544204 S.4an104)
1 280.12 0 204.7107 0 4.367022 1.374818 0 O0.850580 3.408688
10 (YXT] 0 €0.43813 0 0.848541 0.268242 0 C.108737 0.88020
0 200.20 0 208.97% 0 0220873 O0.07197 0 0.080200 O0.178488)
g lcsne 0. 0 .08782 0 0.076224 0.0239¢% 0 0.016738 0.059480,
Der1e mne 0 173.0390 0 0.03003 0.009451 0 0.004884 0.023437
OOk 14 e o 8. 0 0.008888 0.001848 0 0.001208 0.004877
. 11.97 0 0 0.002328 0.000732 0 0.000311 0.001818
o0 159.%0 0 159.2088 0 0.00091 0.000287 0 0.0002 0.0007%
[ 3] Joeo 13216 0 132.1612 0 0.000009 0.000288 0 0.000178 0.000832
11 jcro0r 100.64 0 100.8359 0 0.000708 0.000223 0 0.000186 0.00045
11oP 0.4 0 80.94282 [} (] 0 0 ] 0
crear 78.43 0 75.43108 0 [ 0 0 o 0
¥ jcioe "nse 0 e2.5021¢ 0 [ [} 0 o [
1§ Jcre0P 51.09 0 S1.00872 [\ 0 (] [ 0 0
|7 JCrece 436 0 43.03188 ] [ [} (] [ o
|} jcreom 5.6 c 35.43473 0 ] 0 o ] 0
R} jciroe 20.68 0 29.69493 [ 0 ] [} ° 0
|4 Jcisoe 24 84 G 24.54238 o 0 0 o ] 0
31 JC1s0P 20.8 0 20.38248 0 0 0 ] 0 0
13 [Wan 455.91 0 4559147 [ 0 (] 0 0 0
[ JOX vep 4318 0 4).14801 ° 0 0 ° 0 0
IQKHC 158 8¢ C 158.9597 0 0 [ o [ 0
1§ joewo 158.13 150.12¢% 0 0 0 ° (] 0 0
FIF-T Produet 0.00 0 0 0 0 ° o I
$7 [CO 83073.68 0.014944 0.064718 §2808.32 285.2088 83.48708 0 $8.24978 207.049
T[] 4347.2¢ ° 0 0 4347.381 1388.238 0 954.5192 3392.042
13 loe 0.00 0 0 0 0 0 0 0 [
Ljo 1329118 0 0 0 13231.18 4184.228 2908 073 10326.00
e 13602.98 0 ° 0 13602.99 nn.u:j?;%] £87.3425  $510.68
HIO 2102.85 2182.002 0 0 0 0 [ 0
|3 [Total - MPH 91205.78 2321.026 2075.005 $2000.32 3329065 10477.49 3428 24845.88
44]C mom 105964.5 305.3675 38887.51 52000.5 189580  §022.7 00 3604.0 12484.8
13 1 atome 116023.1 5238.171 75434.77 0.0 04027.4 10892.8 @8500 20800 28187.4
L]0 atoma 122027.5 2324.204 324.008 105616.6 137610  4391.2 00 30216 10740.2
F IN atoms 8094722 0 0 0.0 86947 27348 0.0 18080  6785.7
19 [Toral - aaw 3463420 40160.22 624308 2324004.0 S00073.2 1780408 #8048 1200085 4416819
19 1C aloms in inent HC
19 I atoms in inent HC LHV(MWBCF)s 313.0989
Condttions LAV Biuhr)e 588.2720
j3 [Temp - Deg ¥ %N 18.4000
Press - Alm S 43.88142
§ JMM Beutw
| [Raties
tecycle/lond
81 eleam/cardon
| jHaco
Soudouard Ratio
Dol T Approach - Deg F °
Bq. Tomp - Deg K
§ 1 |Equiksrium Constanis
K - WG
K « M
LIK - Boudouard
[X]

Bassiine Study F-T
T5202.317WOVR1
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Section 3 Sludy Progress by Task
Table 3-18
Unified Loop Design Spreadshest
page3 ot 5
T 1 v 1 v 1 w_ ] x L.y 1 3 1 AA | AS 1 AC
[ 1] 6/13/82
[_1.]Design Case with Autothermal Reforme? Autothermal Relormer Heal and Mams Balance
3 _lusing hymm -130°F Balance
Yiside based on % Wax Corelation
Shrsam No. 14 15 19 <13 18 17 18 13 | ]
Sheam Nams Sisam Onygen  HRO«CR Prohwd Fd CombFesd  EfMI Cocd Ot Recye
Composition
CHA - WMt 0.0 290 00 10118 10118 323.0 323.9 323.0 323.0
c.0 20 00 303.0 303.0 0.0 3230 00 0.9
0.0 [ Xs] .0 7nsE 735 6.t 11E-0 c.0 9.
0.0 0.9 Q9 4.1 411 0. X} ¢!
Q.0 00 00 8.5 85 0.0 (.-} €.
0.0 09 G0 3.4 4 .0 0.9 [ X
4RO 0.0 2.0 0.0 ©.7 07 0.0 0.0 X
CeH10 0.0 2] Q.0 c2 02 0.0 00 Q.
GoK12 Q.0 DX} (2] 0.1 01 0.0 0.0 Q.
17 18K 0.0 00 6.0 0.0 0.9 0.0 09 0.
[ 18 fCarte (-] o [+X'] .0 00 [} .0 X |
Al 0 29 +X+] n.0 00 [ - 5] ©:
X 9 2.9 0.0 0.0 (X} ] 0.9 c.
'y ) 2.9 00 0.0 09 ] 0.0 e
(31 lc100p 0 00 ¢ 0.0 0.0 c 0.9 e
EER Q 09 (X ] 0.0 09 ¢ .0 0.
L 34 3C120P ] 29 ao co -1} [} 0.9 -1
s jcrop 0 0.0 .0 0.0 00 o 09 e
!"" 40P ¢ Q20 0.0 00 090 4 0.0 .
LA LIC150P ) 20 X} 0.0 [:X.] ¢ (X} Q.
(38 1C100P (-] Q.0 (] ¢.0 [-X:] ¢ 0.0 X
| 38 jC170P 0 00 [sX] 0.0 00 [ 0.9 o
’_!_ S0P ] 2.0 0.0 00 090 0 .0 0.
31 ICT0P 3} 0.9 0.0 0.0 09 0 [-X] 0.
1 39 ] 0.0 0.0 €0 0.0 ] 6.0 0.
[33]oxvep 0 0.0 0.0 0.0 00 0 0.0 o.
[ 3¢ JOxHC (] [ Xs) 0.0 0.0 +X] ] 0.9 0.
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Study Progress by Task

Table 3-18
Unifisd Loop Design Spreadshest
pagedof 5
B T W T T A ] as A ] Ay Ak T &t ]
1
x
:t Saparation Faclors
+ F-T EN HC e HC/AH  HEO Rec COe Rec
g jor - WPH 1085.99 ° ) Yisld Prediction Summary
[ - 3047  0.4085] 0.001084 0 [ Wax Yield Eut. 50.195 9.569397|
14 o 96.17 3.00e 0 ol Methane Viek! Est. .00
- 34128 200.141 0 0 Alphat 0.497315%2
1= 6022 S38 0.504427 0 0 Alpha2 0.02016883 o.79]
f [care 204.27 261.8487] 0.9937TTY 0 0 Aiphal 0.05957008
4H10 €8.57  €5.733 0.807427 0 0 CH4 Factor 8.85088441
10 [-] 0.988807 0 0[Cxuygennies in Vapor 0.3
14 joswire 275.92 275.5104] 0.904007 a 0 ChNo 2.43
 jounite 171.7¢ 171.730Y 0.989037, (] -] HNo 5.08
§ joarire $7.25 §7.244 0 o ONo 1
L} Jcro 189.02 109817 0 OlOuypenates in Welet 1.27078971
1. 157.48 157.4791 9 [ ChNo (X1 )
| JOsO 130.63 130.829, 0 (] HNo 877
1008 100.34 100.3303 0.908984 0 0 ONo 1.02
12804 80.95  $8.84). 1 0 0] Ouygenates in HG 2.52140889
g IC120P 7481  74.5038 1 0 0 CNo 4.99413033 4.42
L § jctaor s1.79  SL780 1 0 (] HNo 11.5783007 10.43
§§ lcrom 51.23  81.2807 1 ] 0 ONo 111 1.11
) IC1OP 4248 424797 1 (] o] ©Owln in C2e MC 0.78300303
TY AL 38522 35.2100 1 0 0 Fraction CH2 0.205 0.208
plcrror 292 29 1990 1 0 o O No of Wax 0231 0.231
1AL 2421  24.2000 1 0 o] Wax Yield - m% 50.00
11 jc1e0e 2008 200799 [ 0 0 CH4 Yield 2.70728022
Wax .75 . 1 0 ] C2-Ci0 Yield  47.29288
33 loxX vep 1 0 [ HC Ratio 2.10380749
4 JoxHe ' (] 0 O Ralic 0.01238418
OO0 0 1 ] C Noof C2-C1® ¢.2250785¢
38 [F-T Product 0 0 [} CNoof Wax 43.7380327
} joce $3058.75 S.ME-08 0.995 C No of CiCj €.21303788 5.499877
) I 5942.38 o 0 0 0 i 2 2
Lio o 959.0227 0 ° 0 i 20 20
Lead 21424.00 0 0 1}
ve 0 0 0
i3 je0 0 1
) [Total - MPH
4 Alpha?2 Prediction
11 1400.88201 -4427.32 3374.924
Methane Faclor
A S 41280781 -0 05798 0.001645 7.93E-08
Cuygenales in H2O
112020748 0.055501
19 | Oxygenates in HC
i1 1.35026975 0.133088 0 110633
n
1
§7 )
8g |
1
}s |
$3 |
1
11
it
Basslins Study F-T 3-65

75202-317/WO/R1




Study Progress by Task

Table 3-18

Unified Loop Design Spreadshest
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Study Progress by Task

Table 3-19

Environmental Compliance Strategy

ldentification of Specific Pollutants/Hazards

(Direct Liquefaction Study DEAC22-90PC89857
Third Quarterly Report — April 1991)

Saction Page Paliutant & Rule Plant

3.23.2 69 Air Pollution - PSD (BACT) Table 3-20
3.23.2 76,89 S0O2 (BACT) Bulk Sulfur Claus

3.23.2 81,87 PM from Incinerators Waste Sludge
3.23.2 82 PM Fugitive Storage Piles
3.23.2 85,96 YOC from Misc. Equip. Water Treat
3.23.2 85 CO from Incinerators Waste Sludge
3.23.2 85 CO from Pet. Ref. CO2 Removal
3.23.2 89 PM, SO2 & CO from Pet. Ref. FCC egen.
3.23.2 93-100 VOC Leakage Upgrading HTUs
3.23.2 97 Vinyl Chloride Boilers

3233 102 Solid & Hazardous Waste Table 3-21
3.233 104 Sanitary Landfill Requirements San. Waste
3.233 105-116 Hazardous Waste WWTreat.
3.234 117 Process and Storm Water All Plants

3.23.4 118 Organic Wastewater F-T & Upgrading
3.234 120 Pet. Refinery Wastewater Upgrading HTUs
3.234 122 Iron & Steel Wastewater Coking Unit
3.2.34 122 Power Gen. Wastewater Steam & Power Gen.
3234 123 Coal Mining Wastewater Coal Prep.
3.235 127 Toxic Substances Control Act HC Products
3.2.3.6 128 Exposure Limits OSHA Reqts. Table 3-22
3.23.7 129 Noise All Plants

3.238 137 Stack Heights — GEP All Stacks
2.2.3.6 137 Stack Heights — FAA Reqts, All Stacks
3.23.8 137 Safety Planning All Plants

Tables 3-20, 3-21, and 3-22 follow this table.
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Saction 3 Sludy Progress by Task

Table 3-20
Alr Poliution PSD (BACT)
Control
Efticiancy/
Alr Emission Point ldentitication Pollutant Control Technology Referance

Fluid Bed Combustion (FBC) PM Electrostatic Precipitators 99.80%
Hz Heaters PM None NA
Slurry Heaters
Fractionator Heaters PM None NA
Hydrotreating Heaters PM None NA
Transfer Houses M Enclosed, Spray and Baghouses 99.80%
Transfer Houses PM Enclosed, Spray and Baghouses 99.80%
Coal Pulverizing and Drying PM Baghouses 99.80%
Active Storage Pile PM Chemical Spray 80.00%
Inactive Storage Pile PM Surfactant 80.00%
Dried Coal Storage Vent M Baghouses 99.8%
Stacker PM Chemical Spray 80.00%
Haul Road PM Covered Truck and Paved Roads NA

| Non-Hazardous Landfills PM NA NA

5 Coal Conveyors FM Covered 90.00%

| Boiler Stacks SO, None NA

{ H> Heaters SO, None NA
Slurty Heaters SO, None NA
Fractionator Heaters SOy None NA
Hydrotreating Heaters SO, None NA
CO; Stripper CO NA NA
Boiler Stacks CO NA NA

| Hj Heaters CO NA NA

Slurry Heaters Co NA NA

| Fractionator Heaters CO NA NA
Hydrotreating Heaters H3S NA NA
PM: Particulate Mauer
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Sludy Progress by Task

Table 3-20 (Cont'd)
Control
Etficiency/
Alr Emission Point identification Pollutant Control Technology Refersncs
Boiler Stacks NOy Proper Boiler Design 40.00%
H7 Heaters NOyx NA 10.00%
Slurry Heaters NO, NA 10.00%
Fractionator Heaters NOy NA 10.00%
Hydrotreating Heaters NOy NA 10.00%
Boiler Stacks vOC NA NA
Hj Heaters vOoC NA NA
Slurry Heaters vOC NA NA
Fractionator Heaters vOC NA NA
Hydrotreating Heaters vVOC NA NA
600# Sieamn vOC NA NA
Intermediate Storage Tanks vOC Floating Roofs and Temperature NA
Constant

Final Products vVOC Floating Roofs and Temperature NA
Storage Tanks vOC Constant
Tank Cars/T'ruck Loading voC Vapor Recovery System NA
Fugitives (drains, seals, valves) voC Dual Seals and Good Maintenance NA
Boiler Stacks Fluorides ESP and Wet Scrubber 99.80%
Boiler Stacks Beryllium ESP and Wet Scrubber 99.80%
Boiler Stacks Lead ESP and Wet Scrubber 99.80%
Boiler Stacks Mercury  ESP and Wet Scrubber 99.80%
VOC: Volaile Organic Compound
Sassline Study F-T 3-69
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Siudy Progress by Task
Tabls 3-21
Solid snd Hazardous Waste
Source Waste Identiticatian
Coal Crushing/Washing Refuse
Gasifier Ash, Slag, 2nd Soot
Water Treatment Sludge
Misceliancous Facility Refuse and Flotsam
Wastewater Treatment Filter Cake and Salts(®
(a) Considered 2 possibly hazardous waste due W the potentisl presence of heavy metals.
Baseline Study F-T 370
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Section 3 Study Progress by Task

Toble 3-22
Expesure Limits for Compounds Found In
Coal Liquetaction Plantge
TLV-TWA TLV-STEL
Compound Whers Feund mg/m3 (ppm) mg/m? (ppm)

Acstic Acid Gas stream 25(10) 3(18)
Acetone Laboratory 1780(750) 2380(1000)
Ammonia Gas suyeam 17(25) 24(35)
Aniline (skin) Gas stream 7.6(2) (b)
Antimony Trace elemen in coal 0.5(b) (b)
Arsenic Trace element in coal 0.2(b) (b)
Benzene gas 32(10) (b)
Beryllium Trace element in coal 0.002(b) (b)
1.3-Butadiene Gas stream 22(b) (b)
Cadmium Fume Dust Trace eloment in coal 0.05 (bc) (b)
Carbon Dioxide Gas stream 9,000(5,000) 54,000(30,000)
Carbon Disulfide Gas siream 31(10) ®)
Carbon Monoxide Gas siream §7(50) 458(<.0)
Carbon Tetrachloride Laboratory 31(S) )
Chromium (Soluble & Metal) Trace element in coal 0.5(b) (b)
Coal Dust (> 5% $i03) Coa! preparation arca 24() (b)
Coal Dust (< 5% SiO7) Coa! proparation area 10(b) (b)
Coal Tar Pich Volatiles Gas stream 0.2(b) (b)
Cresol (Skin) Gas stream 0.2(b) (b)
Ethyl Mercaplan Gas stream 1.3(0.5) (b)
Hydrogen Chloride Gas stream 7.5(5) (d) b)
Hydrogen Sulfide Gas stream 14(10) 21(18)
Lead and Lead Compounds Trace element in coal 0.15(b) (b)
Manganess Trace clement in coal 5(b) (D)}
Mercury Trace element in coal 0.05(b) (b)
Methy! Kthyl Ketone Laboratory $90(200) 885(300)
Methyl Mercaptan Gas stream 0.98(0.5) (b)
Naphtha (Coal Tar) Gas siream (b,e)(100) (b)
Naphthalene Gash siream 52(10) 79(15)
Nickel (Soluble and Meual) Trace element in coal 1(b.c) (b)
Phenol (Skin) Gas and effluent stream 19(5) (b)
Propane Gas siream (b,e)(1,000) (b)
Pyridine Gas stream 16(5) (b)
Selsnium Compounds Trace element in coal 0.2(b) {b)
Silica Dust (Total) Trace clement in coal 1(b) )]
Silica Dust (Respirable) Trace element in coal 0.05(b) (b)
Styrene (Skin) Gas stream 215(50) 426(100)
Sulfur Dioxide Thermal oxidizer 5.2(2) 13(8)
Vanadium Trace element in soil 0.05(b) (b)
Xylene (V20¢ Dust and Fume) Gas stream 434(100) 651(150)
(a) From American Confersnce of Government and Industrial Hygisnists, TAreshold Limit Values and Biological Exposure

Indices for 1989-1990.
{(b) Valus not svailable or adopled.
(c) Valus recommended for change.
(d) Ceiling or not-lo-bs-axcesded value.
(¢) From 3ax. N. lrving and Lawis, Sr., Richard J. . Dangerous Properiies of Industrial Maisrial.
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Saction 4

Key Personnel Staffing Report

The key personnel staffing report for this reporting period (December 23, 1991 through March 15,
1992) as required by DOE/PETC is shown below.

Namy Function % Tims Spent(d)
Bechtel
Bruce D. Degen Process Manager 31
Charles R. Brown Offsite Facilities 0(b)
G. Lucido Cost Estimating olc)
Samuel S. Tam Project Manager 38
Amoco
J. J. Nicoholas Subcontract Manager
S. S. Kramer Process Model/Simulation 8

(a) Number of hours spent divided by the total available working hours in the period and expressed as

8 percentage.
(b) C. Brown of Bechtel did not spend any time in this reporting quarter because no offsite facilities
work was required.
(¢) G. Lucido of Bechtcl did not spend any time in this reporting quarter because no cost estimating
work was required.
Sassiine Study F-T 4-1

T820¢ 31 /WO/R L




SATISFACTION GUARANTEED

der.

30 days if the item you receive

fill

f we have made an error i

ive ori

NTIS strives to provide quality products, reliable service, and fast delivery.
defect

Please contact us for a replacement wi

ing your or

is.gov

1-888-584-8332 or (703)605-6050

info@nt

P E-ma
P Phone

Reproduced by Nl

National Technical Information Service
Springfield, VA 22161

This report was printed specifically for your order
from nearly 3 million titles available in our collection.

For economy and efficiency, NTIS does not maintain stock of its
vast collection of technical reports. Rather, most documents are
custom reproduced for each order. Documents that are not in
electronic format are reproduced from master archival copies
and are the best possible reproductions available.

Occasionally, older master materials may reproduce portions of
documents that are not fully legible. If you have questions
concerning this document or any order you have placed with
NTIS, please call our Customer Service Department at (703)
605-6050.

About NTIS

NTIS collects scientific, technical, engineering, and related
business information —then organizes, maintains, and
disseminates that information in a variety of formats — including
electronic download, online access, CD-ROM, magnetic tape,
diskette, multimedia, microfiche and paper.

The NTIS collection of nearly 3 million titles includes reports
describing research conducted or sponsored by federal
agencies and their contractors; statistical and business
information; U.S. military publications; multimedia training
products; computer software and electronic databases
developed by federal agencies; and technical reports prepared
by research organizations worldwide.

For more information about NTIS, visit our Web site at

http://www.ntis.gov.

NTIS

Ensuring Permanent, Easy Access to
U.S. Government Information Assets




U.S. DEPARTMENT OF COMMERCE
Technology Adminishation
National Technical Information Service
Springfield, VA 22161  (703) 605-6000




