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ABSTRACT

The problem of heat nanduinaamlystﬁﬂedwall—coolcdmormbewhucasmngly
cxothmmicreacdmmhsphmhasbemmdied.mmuimwashydmgmaﬁmofqrbm
monoxide over a commercial cobalt supported on silica catalyst.

A highly nstrumented pilot reactor with mcesuring and analytical systems for recording of
axial and radial temperature profiles and axial comcentration profiles was consmucted.
Furthermore, mathematical models were developed for prediction of the reactor performance
under steady state conditions, and an experimental investigation was carried out 10 obtain data
for model discrimination and parameter cstimation. The models were discretized into a set of
algebraic equations by the method of orthogonal collocation.

Experimentally detcrmined temperature and concentration profiles were provided from
measurements in the pilot reactor at steady state operating conditions. Duc to a very namrow
Limit of possible operating conditions the possibilities of variations of experimental parameters
were rather restricted. This was due to instability probicms commonly eacountered in highly
exothermic fixed bed operations. The experiments were performed at tengperatures around 500
K, partial pressure of synthesis gas in the range 0.18—0.3 MPa and a H,:CO ratio of about 2.2
giving conversions in the range 25-50 %. The reaction mixture was diluted with N,, keeping
the total pressure constamt at 1.0 MPa.

Rate expressions of the Lanpgmuir~Hinshelwood type were used to describe the rate of CO
consumption and the rate of CH, formation. Kinctic parameters were estimated using a plug-
flow mode! with mecasured axial temperature profiles. The kinetic expressions gave an
acceptable fit between simuiated and experimental concentration: profiles.

Different reactor models including both beat and mass transfer were investigated. The models

were adapted to give a best fit to the experimental data by estimation of parameters related
to the thermal conductivity of the bed. The fit of the different models was evaluared by
comparison of calculated and measured data for the optimal parameters.



The traditional dispersion model with constent void fraction, velocity and radial thermal
conductivity was compared with a physically more realistic model where these parameters
were dependent on radial position. Different assumptions concerning the variations of the
conductivity in the near-wall region were evaluated for the last model. The radial dependence
of void fraction and velocity was estimated using cxpressions obtained from the litcrature.

The model with radial dependent parameters and velocity seemed to have the potential of
giﬁngabmudescdpﬁmofthctempummpmﬁlsinthe:tactorzhanlhctraditionalmodel.
But the local velocity model was rather sensitive to assumptions made on the variations in
radial conductivity in the near-wall region. To make further Statements as to the influence
of the wall effect on the condunctivity, an accurate and detailed description of the flow profile
in the near—wall region is necessary. This was, however, not obtzinabie in this study because
the detailed void fraction profile for the reactor bed was not known.

The best fit between calculated and measured temperature profiles was obtained when the
radial conductivity was assumed to be proportional to the local velocity. Using the traditional
dispersion model the estimated radial thermal conductivity was about 70% higher than values
predicted by available correlations and about twice the value estimated by the local velocity
model for the core of the bed.

It is a common observation that effective tadial conductivities estimated from measurcments
under reactive conditions are considerably higher than thosc obtained from correlations based
on cold-fiow measurcments using the traditional dispersion model. This overestimation of the
effective conductivity led to calculated temperature differences which were smaller than the
observed ones. Using the local velocity model, more realistic values of the radial conductivity
in the core of the bed may be obtained, giving a better description of the real temperature
profiies in this region.




1. INTRODUCTION

The work leading to this thesis was carried out as a part of the Norwegian Statc R&D
Program for Utilization of Natural Gas, the SPUNG program. The main object of this
program, which started in 1987, is to obtain a bernter utilization of the huge amount of natural
gas on the Norwegian continental shelf. The main arcas of matural gas utilization covered by
SPUNG are chemical conversion, gas energy utilization and liquefied natural gas.

The abject of chemical conversion is the production of Liquid fuels and other perrochemical
products from methane. Production of methanol and liquid hydrocarbos is ussaily carried out
via the synthesis gas routc. Synthesis gas is produced from methane by steam reforming or
partial oxidation. Liquid fuels can be obtained from direct conversion of synthesis gas by the
Fischer-Tropsch reaction, or from methanol as intermediate by Mobils's MTG process.

The Fischer-Tropsch synthesis was vsed in Gennany during the 2. World War, but later the
process has only been utilized by South Africa in their Sasol plants. The reasos for this is that
the process has been ecopomically unattractive, but recently new interc-t has been focused
on the Fischer-Tropsch synthesis as a way of utilizing remote gas fields. This has led to the
developement of Sheil's SMDS process based on fixed bed techmology (Sie et al., 1991) and
Statoil's GMD process based on slurry technology (Roterud et al., 1989).

The fixed bed reactor project which is a part of the chemical conversion program, was 2imed
at the study of heat transfer in reactors under strongly exothermic reactive conditions. Such
reaciors are fportant in natural gas comversion, and the influence of reaction and beat
wransfer on conversion, selectivity and reactor stability is of prime comcera both in design,
operation and control of this type of rcactors. The Fischer-Tropsch reaction mecting the
requiremnents of high exothermicity and relevance in natural gas conversion was chosen as the
Laboratory of Industrial Chemistry in Trondbeim.



1.1. FIXED BED REACTORS

The major part of industrial catalytic processes is carried out in fixed bed reactors. These
reactors arc mainly large capacity units for the production of bulk chemicals. The reactors are
usually classified 2s adiabatic, multibeded adiabatic with interstage heat exchange,
multitubular or tube-bundle reactors and fixed bed reactars with internal beat exchange
depending on the mode of heat trensfer between the rraction zone and the surroundings
(Froment and Hofmanm, 1987). The design of an adiabatic and a multitubular reactor is shown
in Figure 1-1.
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Figure I~1-Adiabatic-and muititubular fixed bed resctors. From Cropley, 1990:

Adiabatic reactors are preferred because of simpler technoiogy and case of operation, but for
highly exothermic reactions the temperature rise will be unacceptably high, and highly



endothermic reactions may be extinguished when carried out in a single adiabatic step. In
these cascs tmultibed adiabaric reactors with interstage heat exchange or rcactors with
continous heat exchange bave 10 be used.

Forsuonglycxmhumicmacﬁomtbcmwa!ofhwﬁom:hcmcﬁngzémisakeym
in the design of rcactors for such processes. It is usually desirable or necessary to operate
these reactors within a narmow range of temperatures to optimize productivity and selectivity
and to prevent excessive catalyst deactivation duc to local overbeating in the bed. Since
highly exothermic processes often arc operated near or in the instability region additional
constraints are put on the temperaturc control of the reactor system to prevent thermal
nmaway and subsecuent catalyst damage and safety hazards.

High conversion in exothermic equilibrium reactions is favored by low temperatures.
Nonisothermal operation is preferred in this casc and the optimum temperature profile
decreases toward the exit. The optimum profile is better approximeated in a multitubular
reactor than in a multibed reactor (Froment and Hofmann, 1987).

The type of fixed bed reactor used for these reactions is atmost exclusively the wall-cooled
mmﬁmhﬂammwmﬁdshgmym&mudmormbswhhinamsheﬂ
through which heat transfer oil, water or molten salts arc circulated. The advantages of this
reactor compared with the multibed adisbatic reactor with interstage cooling arc better
approximation of optimum temperature profile and better tempcerature control through precise
control of the temperature and fiow—pattern of the heat exchange medium. A multitubular
reactor ¢an be held stable at an operating point which is inberently unstable by keeping the
eoolant temperature within narmow limits (Eigenberger and Schuier, 1989).

Examples of exothermal reactions carried oot in multitebular reacters are varions oxidation
supported cobalt catalyst; carried ont in a multitubular fixed bed reactor with boiling water
as the cooling medium (Sie et al., 1991).



'12. SCOPE CF THE WORK

Design and operation of chemical reactors rely to a considerable extent on the usce of reactor
models to predict the performance. Models are used in detenmination of design parameters
and process conditions to opiimize performance and maintain safety, in scale-up of
experimental data from laboratory and pilot reactors and for state estimation in model-based
control systems.

The validity of the reactor models rely basically on the model structure and model parameters
being able to describe the essential features of the reactor in a realistic way. This can only
be confinued by comparison of simulated data with measurements from real reactors.

The main objectes of this work were the design and construction of a fixed bed pilot reactor
to obtzin experimental data for such cvaluations and the developement of mathematical
medels for simulation of the reactor behaviour. Comparison of experimental measurements
with output from reactor models is used for model discrimination and verification and enables
the estimation of unknown model parameters.

The transfer of heat from the catalyst bed to the cooling medium is of prime concem in the
design and operation of wall cooled reactors for strongly exothermic reactions. The most
important parameters, besides the kinetics, arc the parameters controlling the radial transfer
of heat inn the catalyst bed and from the bed to the cooling medium. Due to the substantial
discrepancies berween heat transfer parameters measured under reactive and non—reactive
conditions reported in the literature, the evaluation of the heat transfer characteristics of the
bed vnder reactive conditions is of great importance in reactor modeling,

These discrepancies are seen when heat transfer parameters are estimated using traditional
dispersion models. Such models use average values for the void fraction, fluid velocity and

dispersion coefficicnts-in-the sadial direction These values-are assumed-to-be constant-and——

independent of radial position. Measurements show however, that the void fraction is radially
dependent, increasing towards the wall. Measurements of radial velodty profiles are not easily
obtained, but flaid mechanics theory give strong evidence thar both velocity and dispersion



coefficients are dependent on local void fraction and wall effects. These subjects have
received attention during the last years, and models bascd on radially varying parameters have
been put forward. Comparison of calculated temperamre and concentration profiles from these
models with experimentally measured profiles both under reactive and non-reactive conditions
is of great mterest to reveal their potential.

In this work attention has been focused on comparison of experimental data from the pilot
reactor with simulated data from the traditional dispersion model and from models with
radially varying paramecters in order to reveal the differencss between the models. The
upaimcqmldmwmmmsundundermemdiﬁom,andmcmoddsmadapwdm
give a best fit to the data by estimation of some key parameters. These were parameters
related to the catalyst activity and to the radiat thermal conductivity of the bed.




21. DESIGN AND OPERATING PRINCIPLES FOR MULTITUBULAR FIXED BED
REACTORS

This chapter is concerned with the design of the wall cooled multitubular reactor for
exothermic reactions which is the basis of this wotk. In this ivpe of ractor all the tubes
should ideally behave equal. This implies that inlet conditions and wall temperatare are equal
and that concentration and temperature profiles within the tubes are equal. Consequently, for
experimental and modeling studies only one tube has to be considesed. This view was the
basis for the construction of the pilot reactor which was intended to simulate one tube wmder
condiions most similar o real industrial conditions as was practically possible. For obvious
reasons the lenght of the reactor and the gas loading had to be lower than in an industrial
reactor. Thus copversion was obtained with lower superficial velocity which makes the heat
mansfer characteristics of the pilot reactor different from an industrial reactor. This implies
that some modeling and scale-up considerations were necessary.

The main concern in the design of multitubular reactors for highly exothermic reactions is the
wansfer of heat from the reacting zone incide the mbes to the cooling medium to cbtain
thermal stability. Thermal stability in multitube systems depends largly upon properdy
matching the maximom heat flux in the catalyst bed to the tube diameter. The camlyst
charactezistics strongly influence this relationship, and the key parameter is the apparent
activation enagy of the catalyst (Croply, 1990).

The tube length and mass velocitics in industrial reactors show vide variations. The length
may vary in the range from a few metres up to 15 m, and the mass velocity in the range 1-20
kg/m” 5. The tabe diameter for exothermic reactions, however, generally lies in the narrow

range 2-5 cin, and the ratio of internal tube diameter 10 camlyst particle diameter is usnally
berween S and 10 (Cresswell, 1986). Smaller particles tend to decrease the effective radial
thermal conductivity of the bed and cause cxeessive pressure drop, while larger particles may



cause increased intraparticle mass tansfer resistance as well as reduced heat removal from
" the pellet 10 the fluid, thereby increasing the risk of particle thermal instability.

The construction of the cooling system is also a primary concern in the design of multitubalar
reactors. For stable operation the heat gencrated by the reaction has to be balanced by heat
removal through the cooling system. Figure 2-1 shows a typical reactor and cooling system
including 2 control system for precise control of the coolant temperature at the desired
operating point. Especially, when the desired operating point is unstable as shown in Figure
2-2, the coolant tempezature has to be kept within narow limits. For strongly exothermic
reactiops which are not equilibrium controlled great emphasis is laid upon keeping the
temperature differences between the cooling medium inlet and outlet swoall, as heating of the
cooling medium canses unwanted effects (Eigenberger and Ruppel, 1986).

Figure 2-1. Cooled, tube~bundie reactor. From Eigemberger and Schuler, 1989.

Careful control of the inlct temperatare may also be necessary if the system-tends- to-be —
unstable. The inlet temperatore s often kept at the coolant temperature 10 avoid wrong-way
behaviour.
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Figure 2-2. Heat generation, Qp, and removal, Q,, from cooled, tube-bundie reactor
' with an exothermic (consecutive) reaction: 3) calculations based on an
ideal tubular reactor; b) calculations based on an actual reactor with axial

thermal feedback by conduction. From Eigenberger and Schuier, 1989.

The stabilty diagram shown in Figure 2-2a is typical for a reactor where axial feedback of
beat is neglecrible. This system causes no particular problems concerning control and safc
opcration. Reactors foliowing the stability diagram of Figure 2-2b are, bowever, much more
difficuit to control. Here axial feedback of heat through conduction plays a significant role,
and the system having multiple steady states #s much more sensitive to variations in coolam
feedback is relatively unimportant and not likely to cause severe stability problems (Froment,
1974).

An important element in the design of industrial reactors is the scale-up of pilot reactor data
and data from different types of laboratoty reactors. As ap industrial reactor can not be
expeaedmbehzvemcdylikcamanerpﬂmmmmdmofmoddmghasmbc
done. Guidelines for design and scale~up arc discussed by
1984; Froment and Hofmann, 1987; Froment and Bischoff, 1990).




22 REACTOR MODELING

22.1. Introduction

The state of a heterogeneous fixed bed catalytic reactor is governed by the chemical reaction
taking place on the catalytic surfacc and the trapsportation of heat and mass in the catalyst
pellets, between the surface of the pellets to the bulk fluid phasc and transportation of heat,
mass and momentum in the bulk fluid phase by convection and diffusion. In a wall cooled
multitubular reactor with an exothermic reaction there is also a transport of heat from the bed
through the reactor wall to the cooling medium.

Ideally, a model should describe all the wranspor: processes taking place in the ncactor. But
because of the complexity of such an approach simplifications have 10 be made. The first
simplification is the choice of model structure ¢. g a contimuum modcl for 2 randomly packed
bed of solid catalyst particles with interstitial fluid flow. Values for all the parameters
involved in the different processes are also hard to get either experimentally or theoreticaily.
Lamping of mechanisms and detcrmination of lumped parameter values cither by fitting the
model 10 experimental data or using coerclations from the literature is therefore done.

The choice of model compiexity is mainly governed by the different models ability 10
represent the chemical reactor system under the conditions of intercst and by the rcliability
of the parameters involved. Reliable reactor design and simulations are based in the first place
on accurate kinetic expressions and accurate kinetic parameters (Froment, 1984). It often
tuyns out that the kinetic equations are simplificd to such an extent that they do pot reflect
essential features of the reaction and are valid only for extremely narrow operating conditions.
Under such circumstances no type of reactor models can be expected t0 give accurate fesults
becausc kinetic parameters may play 2 major role on reactor behaviour (Feyo de Azevedo and

Wardlc, 1989). o ) -

The most common class of modcls is the dispersion models which are based on the approach
of solid particles and fluid phase forming an anisotropic contimmm where the conscrvation
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cquations for encrgy, mass and momentum can be represented by partial differential equations
and appropriate initial- and boundary conditions. If concentration and temperature gradicnts
between gas and particles are small, a homogeneous model may be used. But if gradients are
significant a two phase heterogeneous model taking into account interpbasial transport
berweea the gas phase and the catalyst particles may be applied. Intraparticle concentration—
and temperature gradients may also be of importance and equations describing transport and
reaction inside the peliet may be incorporated in the model. One dimensional models may be
used where mdial gradients are small, otherwise a two dimensional model taking into account
both radial and axial gradients must be used.

An overview of the different types of modet equations and discussions of their development
and limitations are given in several text books (Carberry, 1976; Froment & Bischoff, 1990;
Hill, 1977; Deraiswamy & Shanma, 1984) and reviews (Froment, 1967; Froment, 1974;
Hiavacek and Vortruba, 1977; Froment, 1984; Froment and Hofmann, 1987; Feyo de Azevedo
et. al., 1990).

Chapter 2.2.2 gives an overview of the different classes of models used for fixed bed reactors.
A comparison of the fluid phase dispersion model and ccll model is doae, and the need to use
the heterogencous approach with an additional model for the catalyst particle phase is
discussed. In chapter 22.3 the bomogeneous and heterogeneous dispersion models are
diseribed, and some correlations for the dispersion cocfficicats and heat transfer coefficients
are revealed. In the following chapters some topics concemning the limitations of traditional
dispersion models are discnssed. These are the discrepancies found between the value of the
radial thermal conductivity estimated under reactive and non reactive conditions, the
possibility of radial nonuniformity in packed beds and the validity of using 2 beat transfer
cocfficient 10 describe beat transfer at the wall.
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2.2.2. Moded structures

2221, Fluid phase model classes

The simplest model for beat and mass transport in a packed bed is the one dimensional plug
flow model. This model predicts that a pulse input of tracer material moves undisturbed
through the bed with a velocity equal to the interstitial velocity of the Buid under pon reacting
conditions. But experimental evidence shows that the pulse tends to broaden and flatten out
as it moves down the bed, and furthermore, radial gradients are frequently encountered in
fixed bed reactors. To account for this Fickian form axial and radial dispersion terms are
added to the plug flow model to give the two-dimensional dipersion model.

The effect of axial dispersion at higher Reynolds numbers where molecular diffusion can be
neglected, has been examined by Sundaresan et al. (Sundaresan et al., 1980), and it is shown
that a travelling pulse is shaped into a curve of the form of a normal distribution. This jmplies
some model predictions which are not consistent with experimental evidence. The extent of
backmixing is on a larger scale than what is found experimentaily by Hiby (Hiby, 1963) and
predicted speed of signal propagation (in attenated form) is infinite. The Fickian type of
dispersion models make the assumption that axial mixing is determined by concentration
gradients. But Sundaresan et al. (Sundaresan et al., 1980) point out that axial mixing is not
concerned with molecular diffusion, turbulent diffusion or Taylor dispersion, but rather with
mechanical mixing caused by fluid flow.

The quasicontinuum dispersion model further assumes a continous distribution of mass and
energy throngh the reactor, and this is obviously an approximation regarding the discrete
nature of the packed bed. But for 2 comparatively long bed and a particle diameter being at
least one order of magnitnde smaller than the tube diameter, this approximation is acceptable
(Langers and Machnig, 1974). —

Other classes of models with different descriptions of the flow pattern in the reactor bave
been proposed. Some of the classes are shown in Fig. 2-3. These models represent the reactor



as a finite mumber of discrete reaction units with interconnections to account for axial flow
and axial and radial mixing. The cell model (Deans and Lapidus, 1960) considers the packing
as a two—dimensional network of mixing cells with radial and axial connections. One
weakness of this model is the prediction of an infinitc speed of wavcfront propagation.
Calderbank (Calderbank et. al., 1968) proposed a three—dimensional model where the bed is
represenied by a series of close—packed layers of sphetical particles. The flow pantern inside
cach layer gives a good discription of radial mixing but any axial mixing is ignored.

CHANNEL MOOEL

-
HIGH VOIDAGE LOW WOIDAGE CONCENTRIC CRAMNELS

CROSSFLOW MODEL

Figure 2-3. Some fixed bed reactor models. From Deraiswamy and Sharma, 1984,

The two types of models described here, i.c. the conventional dispersion models and the cell
models, scem at first giance fundamentally different. The dispersion models are represented
by partial-differentiat . i~ bok § have-ind in-their-solution
types of weaknesses described above while the different types of cell models are described
by discrete difference cquations.
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Sundaresan et al. (Sundaresan et al.,, 1980) have compared the solution of the dispersion
model with solutions for aiternative formulations of the cell model and have found no major
differences. The dispersion term, i.c. the mixing cells, in a cell model with infinite signal
propagation between the cells introduces a Poisson distribution of a pulse input while the
dispersion model givsanonnaldis&ibution.'lhisimpli«sdmthiﬁccll mode]l have no
backmixing but have an infiite speed of signal propagation. If the cells are connected by
ideal plug flow reactors with finite signal propagation the signal propagation in the reactor
modcl becomes finite.

Sundaresan et al. concludes from their investigations that although the fine structures of the
solutions differs substantially between the cell model and the dispersion model, the two types
of modeis show po great difference in the overall results and that the dispersion model is
satisfactory for present design purposes.

A comparison of the dispersion model and the ccll model was also performed by Gunn and
Pryce (Gumm and Pryes, 1969). They measured axial mixing by the method of frequency
responce and estimated parameters of the dispersion model and the cell modei at different
Reynolds numbers. The variance obtained for the estimated normal distribution parameter of
the dispersion model, the Peclet number (d,v,/D,.), was about the same as the variance for the
Poisson distribution parameter of the czll model, the ratio of the mixing length to the particle
diameter. The values of the Poisson parameter were 50 large that the Poisson distribution was
well discribed by a normal distribution expiaining the similarities between the two models.

Guon and Pryce (Gunn and Pryce, 1969) conclude that the degree of mechanical mixing in
the voids is small, and that axial dispersion is due to the random movement of fluid eiements
and therefore is a diffusion like process thus favouring the dispersion model.

An extension of the cell model proposed by Schnitzlein and Hofman (Schoitzlein and
Hofimann, 1987) is shown in Fig. 2—4. This madel treats the bed composed of particles of the ——
same Size and shape as a hexagonal packing of spberes. Radial symmetry leads to mixing
cells im the shape of a torous (TOROUS-Model). These cells are connected with channels
which is modeled as ideal plugflow reactors. This gives the repetive pattern of unit cells each

|
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composed of 5 minircactors as shown in Fig. 2—4. It is claimed (Kiifoer and Hofmann, 1990)
that a heterogeneous TOROUS model corrected for radial velocity and porosity variations
gives a better description of the observed temperature profile in a fixed bed reactor than
homogencous and heterogeneous dispersion models.

(11]]
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Maodel of clementary umit

Figure 2-4. TOROUS model. From Schaitziein and Hofmann, 1987

2222 Solid phase modeling

Homogencous models which implicitely assume that concentrations and temperature are the
same in the catalyst particles as in the gas phase surrounding the particles, are attractive for
computationat simplicity, and do not require knowledge of the parameters controlling internal
pelict heat— and mass transport and interfacial trapsport between pellet and bulk gas phase.
significant from fluid temperature, the homogencous model fails.

In some cases the effect of these transport limitations can be approximated by the use of a



steady state effectiveness factor in the ratc expression (Satterfield, 1970). If an cffectiveness
factor can be calculated on the basis of fluid phase temperature and concentrations, a
bhomogenus model may be used to simulate the steady state behaviour.

Whether a homogencous model can be used for dynamic simulations too, is not so clear, If
concenwation or temperature differences exist between fluid and solid phase due to transport
limitations, a steady state effectivencss factor would have 1o be included in the kinetic term
in the homogeneous model's mass and heat balances in order 1o calculate correct reaction
rates.

Agreement in dynamic simulation results between a psendo-homogeneous model with
inclusion of a steady state effectivencss factor and a beterogeneous model, and in addition
good fit to experimental temperzsure profiles, has besn reported for methanol oxidation
(Windcs, 1986; Schwedock et al., 1989a; Schwedock et al, 1989b).

On the other hand Ramkrisima and Arce (Ramkrishna and Arce, 198%) concludes from a
thoorctical study of an isothermal first order reaction that the use of a steady state
cffectiveness factor can be made only when diffusion Limitations in the particles are too strong
to permit worthwhile conversion in the reactor. Thus the pscudo-homogeneous reactor model
would be invalid for transient analysis, and a heterogeneous model must be used. This
conclusion however regards tramsient mass transfer amalysis which is not commonly
encountered.

A prerequisite for the use of a pseudo-homogeneous model in transient analysis is that the
dynamirs is mainly controlled by one of the phases while the other is in a pseudo steady
state. In view of this a distinction must be made between mass transfer and heat transfer. The
dynamics of heat wansfer is mainly coatrolled by the solid phase becausc it has a much higher
heat capacity than the fluid phase. Typically more than 99 % of the hear capacity of the bed
lies in the solid phase. Under such circumstances-the fluid phase is-in-a pseudo-thermal— —
e<quilibrivm, The dynarics of mass transfer is generally much faster than that of heat transfer
and within the time scale of hear transfer dynamics mass transfer may be considered to be in
a pseudo steady statc. In industrial operation of fixed bed reactors with relatively slow
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variations in control variables the time scaic of heat transfer is of most interest, and a
pseudohomogeneous dynamic model possibly including steady state effectiveness factors may
give satisfactory results (Windes, 1986).

But in the region of severe operating conditions where instabilities and thermal runaway may
occur, the use of a pscudohomogencous model is more questionable. The influence of the
dynamics of the fluid phase under sach conditions is not well known.

Most dypamic simulations concern only solid phase heat transfer and assume the mass
balances and fluid phase hear balance to be in a quasi steady state. This is partially duc to
mathematical problems of solving the coupled dynamic mass and heat transfer equations
simultanously because of the different time scales and consequent stiffoess of the system, and
partially due to the difficulties of getting experimental data for mass dynamics because of its
reiatively fast transient responce.

223, Dispersion models
223.]1. Trausport processes in packed beds

The most gencral heterogeneous model considers the fluid and the catalyst particles as two
separate phascs. The reaction takes place on the catalytic surface inside the catalyst pores, and
mass is transported in the pores and in the stagnant flnid layer surrounding the particles by
diffusion and in the bulk fluid by conveciion and diffusion. For heat transport the picture is
even more complex. The different mechanisms are shown in Figure 2~5 and summarized in
Table 2-1 according to Kulkami and Doraiswamy, and Lemcoff et al. (Kulkami and
Doraiswamy, 1980; Lemcoff et al., 1990). :
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CONDUCTION THROUGH FLwID
CONTACT § CONDUCTION

HEAT FLUX CONDUCTION THROUGH STAGNANT FIiLM

——te RADIATION BETWEEN vOIDS
RADIATION BETWEEN SOLID SURFACES
COMDUCTION THROUGN S0LID

—nete COMVECTION DUE TO FLUID FLOW

FLUID FLODW

Figure 2-5. Mechanisms for radial transport of heat in a packed bed. From Kulkarni
and Doraiswamy, 1980.

No attempts have yet been donc to model all the different heat transfer mechanisms in detail.
Both the complexity and the mumber of unknown parameters of such 2 model would have
been too extensive to handle. Instead, lumping of mechanisms inwe effective parameters is
" dome, giving risc to simpler models where the cffective parameters are determined from
avaiiable correlations and tuning of the model to fit cxperimental data.

For modeling purposes the usual procedure is to lump the different elememtary mechanisms
o a contribution of effective conductivity under non—flow conditions, A%, and a flow
dependent or dypamic contribution, A', as shown in table 2-1. These mechanisms operate in
parallel so that the cffective conductivity of the bed under fiow conditions is the sum of the
two contributions. The stagnant conductivity is assumed 0 be isetropic, but the dynamic

contribution is-split-into sm axial and 3 radial coofribution 10 account Tor the differences in

effective conductivity in the two directions.
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Table 2-1. Heat transfer mechanisms in polytropic packed bed reactors

Heat transfer mechanisms Parameter
lumping
1 Conduction through the solid particles A A%,
2 Conduction through contact surface of adjacent particles »,
3 Conduction through stagnant film between rwo particies A%,
4 Radiation between adjacent and distant particlcs A%
5 Radiation between neighbouring gas pockets A,

6 Solid-fluid wansfer by conduction through stagnant film h,

7 Molecular conduction in the Auid phase A%,
8 Turbulenr diffusion and mixing in the fiuid phase A
9 Cenvection in the fivid phase

10 Conduction between the particies and the wall a,
11 Radiation between the particles and the wall a,
12 Heat transfer between the fluid and the wall o,

The lumping of Tablc 2-1 refers 1o the so—called pscudo—beterogencous model (Carberry and
White, 1969). It restricts the solid phase encrgy balance to the dimension of one particle witk
an effective conductivity A, The long range conductivity of the solid phasc & lumped imto
A°, which in tum is lumped with A%, to comstitute the effective radial and axial conductivity
of the fluid phase.

The most gencral form of the heterogeneous model uses a three dimensional approach for the
solid phase where the conductivity inside cach pellet and conductivity ip the axial and radial
reacter coordinate directions are included. These equations are rather complex and hardly used
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without simplifications. De Wasch and Froment (De Wasch and Froment. 1971) distinguished
between radial conducrion in the solid and in the fluid phase but considered the pellets as
point sources of encrgy. But the most common form of the heterogeneous approach is the
pscudo—hcterogeneous and often with additional simplifications as discussed in the next
chapter.

The rwo—dimensional psendo~homogencous model basically also uscs the parameters of Table
2-1, but no distinction is made between the solid and the fluid. This means thar A, is only
used in the estimation of A°, and h, is not used.

2232, Model equations

Here the pardal differential equations for the heterogencous and homogenecous dispersion
models are given, and ways of combining the two approaches are discussed. Such
combinations are often desirable in order 1o reduce the complexity of thc more gencral
heterogeneous model. The notation used in the exquations is defined in the symbol list and
shown in Figure 2-6.

" T, COOLANT
Tw WAL
1
Vo CQ T° T TS ‘Q
== e — c ' .
INLET o] s OUTLET

Figure 2-6. Schematic for the reactor models.



The pseudo—heterogeneous two--dimensional model equations are:

Fluid phase:
heat balance:
oT aT FT 19, 8T

P Cry = 0P Sy, * 1:‘5;; A ap(T;-D

mass balance:
ac, ac FC 19,9,

eo’a'!' = -'vGE! * Da:;;‘ + D, a;;(r?') * aJc‘(C,‘:-C,)
Solid phase:
heat balance:

oT, 1 8,,9T,
P,C,.faf = 1,;-5(!2 ax) + p,(-AH)r,

mass balance:

aC,, 1.5, .9, -
= Daat e P

Initial conditions fluid phase:
att=0,allzand r

Tz} = T(z1)

Gz = C'(z)

att=0,all z rand x
Tzr.x) = Toszrx)
Cfzrx) = C',{zx7)

-1

2-2)

2-3)

(-9

(2-52)
(2-5b)

(2-6a)
(2-6b)
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atr=R, all z
ar=R, alz
az=0, alr
atz=0 allr

az=L  alr

atx=0, allzandr

atx=d /2 allzandr

(2-7a}

(2-70)

@-7)

@-7d)

2-7¢)

@-70

@-7g)

(2-Th)

atx=d/2, alzandr

(2-7)



The pseudo—homogeneous model gencrally assumes that the concentrations of species arc the
same in the fluid inside the particles as in the bulk fluid. Furthermore, it is assumned that the
temperatures of the fluid phase and the solid phase are the same. These assumptions are
justified if the rates of intra~particle and inter—particle mass and heat trapsfer are fast
compared with the rate of chemical reaction. '

Onc way of comiining the heterogencous and the homogeneous approach is by the
mtrodoction of an cffectiveness factor in the 1ate expressions in the homogeneous equations
(Satteifield, 1970), as shown in equatica 2-8 and 2-9. A direct method to get an equation
for the cffectiveness factor would be to solve the pellct mass balance analytically. This is,
however, possible only for a few simple cases. There are exacr solutions for a first order
reaction in a slab, spbere and infinite cylinder with or without external mass transfer
limitations. More complicated solutions can also be obtained for first order and other shapes
(Gunn, 1967). For morc complicated kinetic expressions no exact solutions exist but,
approximations can be used in some cases.

More general methods for estimating cffectiveness factors including the effect of internal
particle temperaturs gradients and external beat and mass transfer limitations are discussed
in the book of Froment and Bischoff (Froment and Bischoff, 1979). Several criteria for
estimating the importance of the different kinds of limitations on the observed reaction rate
are described. These include the extended Weisz—Prater criterion for pore diffusion and
calculation of the waximum temperature rise in the pellee. A critetion for the absence of
combined intraparticic and interfacial gradiens ( = 1 = 0.05) for a n'th order reaction based
on observed rate and fluid concentration and temperatere is proposed by Meass (Mears,
1971a; Mcars, 1971b).

The use of an effectiveness factor and criteria based on approximate solutions of the pellet
. equauonsmmpnnaplelmﬂodmasmglcmonwnharcwelysmplehnmc

be solved mumerically. Windes (Windes, 1986)solvedthepcﬂetequanonsmmﬂmuyfora
wide range of finid conditions and fined the obtained effectiveness factors to a polynomal
form Thus empirical equations for the effectiveness factor were obtained According to



Windes (Windes, 1984) simulations with a pscude—homogeneous model using empirical
cotrclations for the effectivencss factor gave good consistency between simulations and
experimental data both under steady state and dynamic conditions for a polymopic fixed bed
reactor. A general mathematical model for calculation of catalyst effectiveness factors with
muitiple reactions and complex kinetics has been developed by Christiansen and Jarvan
(Chuistiansen and Yarvan, 1986). The set of coupled differential equations describing reaction
and transport in the catalyst particle is solved numerically by the method of orthogonal
collocation (Villadsen and Stewart, 1967; Villadsen, 1970; Villadsen and Michelsen, 1978).

It thus seems that the use of 2 psendo—bomogeneous model with the mclusion of expressions
relating the cffectiveness factors to fluid temperature and composition may be an alternative
10 a beterogeneous model where intraparticle mass transfer limitations are of importance.




The psendo=homogeneous two=dimensionsl model equations are:

dynamic heat balance:
T T Fr
1 —eo)p,C,-E = -vop‘Cn; + Zu;
pseudo steady state mass balance:
glc' 10

0= -vf&—‘ + D+

&2

Initial conditions:
at=0alzandr

2

+2,12¢%0 . pnc-a8r,

Tz = Tz)
Boundary conditions:
att>0
_fa_j: -ﬁ =0
ar atr=10, all z
a- -—
-I‘E-G'ar) 3II'=R, all z
aC,
'g;=° ar=R, allz
ar .
1‘-.-.‘}1:: -vop‘C"(T ) atz=0, all £
aC,
=3 = vl C,=Co) atz=0, alir
a_ X _,
& o atz=1, all r

2-9)

@-9)

(2-10)

(2-11a)

(2~11b)

(2-11¢)

@-114)

(2-11c)

(2~111)



The formutation of the pseado-homogeneous equations 2-8 and 2-9 reflects the assumptions
made concerning their validity. That is neglectable heat capacity of the fluid phase compared
with the solid phase and quasi steady state of the fiuid phase in the time scale of ternperature
variations. The inclusion of an effectiveness factor in the rate term of equation 2-8 and 2-9
accounts for the possibilty of internal pellet mass transfer limitations, but fluid-solid beat
transfer resistance is neglected.

Neglection of interparticle heat transfer resistance may be unacceptable even under normal
steady state operating condition (Froment and Bischoff, 1979, p. 213) but cach pellet may
usuaily be viewed as intemnally isothermal. On the basis of this approach the following
simplified steady state heterogeneous model is proposed:

heat balance:

efr ., 128 3T
0= —Vop‘C"E- + l &2 ._;-5(!-5-:) - GJIE(T‘-T) 2-12)

T CH-ARI(T,C) = ap(T,-D

@-13)
mass balance:
oC, ac,
0= ""03 + D, ? -——(r—-—) + p,q(T,.C,)r,‘(T C,) (2-14)

Boundary conditions are the same as for the pseudo—homogeneous model and are given by
equations 2-11a to 2-11f

vmﬁedbyexpummltechmqmmmuhummmbmrogmusmodcklfthcmmc
kinetic and effective diffusivities are well known, but some general conclusions can be made
regarding the importance of the different mechanisms (Froment and Bischoff, 1979, p. 213).




