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ABSTRACT

This report covers the Predevelopment Program activities for the

Exxon Catalytic Gasification Process during the period July, 1976 through
June, 1977. This work is being performed by the Exxon Research and
Engineering Company, (ER&E) and is being supported by the United States
Energy Research and Development Administration (ERDA) under Contract No.
E(49-18)-2369.

The accomplishments during this year summarized by reporting

categories are as follows:

1.

Fluid

Bed Gasifier Studies

2.

Bench

The existing 20 1bs/hr Fluid Bed Gasifier (FBG) was recommissioned
for operation in the Predevelopment Program. Modifications were
made to the FBG data acquisition system including the on-line
computer program for calculation of unit material balances from
process variable data, and an off-line program for material balance
data reduction.

The FBG was started up and operated under baseline conditions.
Material balance data obtained under these conditions showed steam
conversions of about 40 percent and approaches to methane equilibrium
of 15-35°F. These values are close to kinetic model predictions

for the specified feed rate.

A process variable study conducted with the FBG included runs with
potassium carbonate and mixed potassium carbonate/sodium carbonate
catalysts and covered a range of steam and coal flow rates, catalyst
concentrations, and temperatures. Unit operations were excellent,
and the longest continuous run lasted 336 hours.

The Catalyst Recovery Unit (CRU) was recomissioned and started up,
and catalyst recycle operations began. Recovery of water soluble
catalyst was about 75 percent. FBG operations with recycle
catalyst were excellent, with the longest continuous run lasting
587 hours and an overall unit service factor of 96%.

Scale Studies

Start-up and initial operations of the 1-3 1bs/hr Continuous
Gasification Unit (CGU) were completed. Computer programs were
developed for video display of the CGU operating variables profile
and for on-line material balance calculations.

Data were obtained in the CGU for the gasification of catalyzed
I1linois coal during four continuous and two batch fluid-bed

yield periods. Good agreement was obtained with previous fixed
bed kinetic data.
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¢ Carbon gasification rate data were obtained in fixed bed gasifi-
cation units for sodium carbonate and mixed sodium carbonate/
potassium carbonate catalysts. The activity for sodium carbonate
w2s found to be significantly lower than that for potassium
carbonate especially at high pressure. Also, analysis of the char
streams from the mixed catalyst runs shows that potassium is
selectively tied up by the coal minerals, reducing the incentive
for using mixed catalysts. As a result of these findings, the
FBG catalyst recovery and recycle operations were conducted with
potassium carbonate.

e It was found that the levels of potassium sulfate and potassium
thiosulfate are very low on fresh ash/char residue withdrawn from
the FBG in a completely blanketed atmosphere and leached without
exposure to air, and most of the sulfur in solution is in the form
of potassium sulfide. As much as 15-20 percent of the catalyst
can be in the form of potassium sulfide with the remainder
being potassium carboriate, the original catalyst form,and potassium
hydroxide. C0, stripping will convert essentially all the potassium
sulfide in solution to potassium carbonate. Thus, if desired it
will be relatively simple to minimize the level of potassium sulfide
in recycle solutions.

¢ Work was initiated on the recovery of catalyst tied up in the ash/
char gasification residue as water-insoluble catalytically inactive
KA1Si0,. The potassium from this compound can be recovered by
aqueous digestion of the gasification residue with calcium hydroxide,
Potassium recoveries in the range of 80-90 percent were achieved.
Additionally, recoveries of insoluble potassium can be increased
by the use of unwashed gasifier residue, due to the higher pH
produced by water soluble compounds present on the char.

(. Bench scale studies of catalyst recovery via water washing were
initiated in order to investigate Tower-than-expected recoveries
of water soluble cataiyst obtained in the CRU. Tiie data suggest
that the precautions previously taken to prevent exposure of the
gasifier ash/char residue to air were inadequate, and that in-
advertent exposure of the residue played a significani part in the
g;gficu1ty experienced in recovering water soluble catalyst in the

3. Engineering Research and Development

¢t Work has beesn completed on enginesring scoping studies to define
and compare the cash fiows for alternative processes for po-
tassium catelyst manufacture. Based on current market proces, KOH
solution produced by electrolysis of KC1 would be the preferred
form of makeup catalyst for catalytic gasification. Among the
presently noncemmercial manufacturing alternatives studied, the
Engsl-Precht process feeding KC1 appears to be most attractive.
A more definitive screening evaiuation of this process is under
¥aY.




Similar scoping studies to estimate cash flows for the processes
to recover water-insoluble catalyst from spent gasifier solids
have also been completed. Results show that catalyst recovery via
hydrothermal treatment with Ca(OH), offers the potential for sub-
stantial savings relative to purchased KOH. A screening study is
in progress to firm up the economics for this catalyst recovery
process based on current laboratory data.

A screening study was completed which indicated that there is

only a small economic incentive for adding a secondary gasification
step to Catalytic Coal Gasification to raise carbon conversion over
the base case level of 90 percent. However, this conclusion could
change if it were not practical to obtain 90% carbon conversion

in a single reaction step or if coal or catalyst costs increase
significantly.

Additional screening studies to evaluate the commercial impacts of
alternative catalytic gasifier operating conditions have been com-
pleted. Compared with a base catalyst loading of 15 wt.% K,CO,
and with a base temperature of 1300°F, reducing the catalyst
Toading to 10 percent saved about 0.5 percent in gas cost, and
decreasing the temperature to 1200°F saved about 2 percent in gas
cost. It is too early to draw firm conclusions regarding pre-
ferred gasifier operating conditions from these screening studies
because the bases do not necessarily reflect the extensive data
currently being obtained in bench and FBG runs. However, these
studies indicate that the potential exists for cost savings and,
thus, after the laboratory data have been analyzed, the studies

will be closely reviewed to see if change in the base conditions is
warranted.

Work began on the development of the process basis for a new
Catalytic Coal Gasification Study Design. The Study Design will
reflect the current conception of a commercial catalytic gasifi-
cation plant producing approximately 250 MSCF/SD of SNG from
I11inois coal. Estimates will be made of both investment and
operating costs. Preparation of this Study Design will involve
the major share of the engineering effort on the predevelopment
program during the second half of 1977.
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INTRODUCTION

This report covers the Predevelopment Program activities for the
txxon Catalytic Gasification Process during the one-year period, July, 1976
through June, 1977. This work is being performed by the Exxon Research and
Engineering Company (ER&E) and is being supported by the United States Energy
Research and Development Administration Under Contract No. E{49-18)-2369.
Tne Predevelopment Program covers the period July 1, 1976 through December
31, 1977.

-roecess Description

The Exxon Catalytic Gasification Process combines the use of
alkali metel gasification catalyst with a novel processing sequence which
mezximizes the benefits which can be derived from use of the catalyst. The
crincipal reasons for using alkali metal gasification catalysts are that they
increase the rate of steam gasification, prevent agglomeration of caking
coals, and promote the achievement of gas compositions closely approaching
¢zs phase methanation equilibrium.

The process combines a relatively Tow gasifier temperature of

about 1300°F with separation of synthesis gas (CO + H,) from the product
mzthane and recycle of the synthesis gas to the gasifier. Thus the only net
products from gasification are CH,, CO,, and small quantities of H,S and
Mhs. The resulting overall gasification reaction can be represented as
follows: )

Coal + H,0 — CHy + COy
Since this reaction is essentially thermoneutral, major heat input to the
gasifier is not required.

A simplified flow plan for the Exxon Catalytic Gasification Process
iz shown din Figure 0.1-1. Crushed coal is impregnated with catalyst, dried and
fed via a Tockhopper system to a fluidized bed gasifier which operates at
znout 1300°F and 500 psia. The coal is gasified with steam mixed with recycled

syntnesis gas, and the major gasifier effluents are CH,, C0,, recycied CO
anc Hz, and unconverted steam. No significant tars or oils are produced.
Following heat recovery and water scrubbing, the product gas is treated in a
series of separation steps including acid gas scrubbing to remove C0O, and H,S,
znd cryogenic fractionation to separate product methane from synthesis gas.

The synthesis gas is combined with feed steam, preheated to approximately

150°F above the gasification temperature and recycled to the gasifier. Although
tngre i3 no hzat required for the gasification reactions, some small amount

of hezt input is required to heat up the feed coal, vaporize residual water

end provide for gasifier heat Josses.

Asn/char residue from the gasification step is sent to a catalyst
recovery step in which a large fraction of the catalyst is recovered from
the rzeidue using a calcium hydroxide digestion followed by countercurrent

-1-



Figure 0.1-1
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Figure 1,1-1
ORIGINAL FLUID BED GASIFIER {FRG) FLOW PLAN
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7. FLUID BED G&SIFIER STUDIES (REPORTING CATEGORY 1)

1.1 FLUID BED GASIFIER RECOMMISSIONING

During the third quarter of 1976, the existing Fluid Bed Gasifier
FBG) was recormissioned for use in the Predevelopment Program, and some
henges were made to improve overall data quality, unit operability, and
safety. The unit can feed up tc 25 1bs/hr of coal on a continuous basis and
hes the capability for continuous coal impregnation with catalysts, coal
feeding, gasification, and catalyst recovery from ash/char residue. On-
Tine computer facilities are available for continuous data acquisition and
reduction. The maximum operating pressure is 100 psig. As previously
mentioned, this limitation arises because the FBG was originally built for
thermal gasification.

A sketch of the gasification section of the FBG prior to recommis-
sioning is presented in Figure 1.1-1. Coal is fed to the gasifier by means
of lockhoppers. These lockhoppers are capable of being pressurized to 150
psiz and are fitted with temperature controllers and electrical resistance
heaters. The fead coal is conveyed from the feeder outlet to the gasifier
with the steam/synthesis gas mixture to be used for gasification. The gas
is preheated using electrical resistance heaters before it contacts the
feed cozl. The composition of the simulated syngas recycle stream can be
adjusted by means of a gas blender. The coal-steam-syngas mixture is intro-
duced into the bottom of the gasifier which is constructed of Type 310 stain-
Jess steel. The gasifier is equipped with pressure taps, process thermo-
couples, and exterior wall temperature thermocouples. Wall temperature pro-
files are maintained by a series of temperature controllers connected to
electrical resistance heaters along the length of the reactor.

In the Exxon-sponsored program, operations of the FBG were carried
out using only the primary gasifier or both the primary and secondary gasi-
fier stages. The purpose of the secondary gasifier is to increase carbon
utilization, thereby allowing higher overall process thermal efficiency.

The secondary gasifier feed is a mixture of char withdrawn from the primary
gesifier and char carvied overhead from the primary and collected in the
rcugh-cut cyclione. Synthesis gas and steam are fed to this bed usuzlly at

a substantially lower superficial velocity than in the primary. The raw
preduct gas from the gasifier(s) passes through two cyclones and a filter to
remove residual solids. It is then cooled to condense the unreacted steam
and the volumetric fiow rate is measured with a dry test meter. The dry gas
composition js measured using an on-line gas chromatograph.

One major change made to the FBC configuration to improve the data

ity was to reactivate & second gas filtering and scrubbing system in use
liring the previous thermz1 gasification operating periods. The primery and

ow plan for the revised configuration is shown in Figure 1.1-2.
Rdditional changes made to improve data quality included: (1) instrumentation

-5-




Task III - Engineering Research and Development

o Continue screening studies

® Prepare an updated commercial plant study design



water washing. The recovered catalyst, along with some makeup catalyst, is
added to fresh coal to complete the catalyst recovery loop.

Surmary of Previous Research Results

Previous Exxan-sponsored research on catalytic gasification was
performed in bench-scale units which have the capability of operating at
pressures up to 1000 psig as well as in a small pilot-scale Fluid Bed Gasifier
(FBG) unit with a coal feed capacity of up to 25 1bs/hr and a maximum operating
pressure of 100 psig. This pressure limitation arises because the FBG was
originally built for thermal gasification work. During 1975, the FBG Pilot
Plant was operated with K,C03; catalyzed I11inois coal for continuous periods of
up to two weeks. Good quality data were obtained for yield periods covering a
wide range of operating conditions. For many yield periods, the FBG operated
with synthesis gas makeup (simulated recycle) such that inlet and outlet
synthesis gas rates were in approximate balance.

Close approaches to gas phase methanation equilibrium were demonstrated
with K,C03 catalyst in both bench-scale units and the FBG pilot plant. Bench-
scale rate data were obtained for 111linois coal with both K,C03; and NapC0a/K,C04
catalysts. These data were combined with analytical descriptions of fluid bed
contacting to develop a first-pass fluid bed catalytic gasifier model.

In the area of catalyst recovery, the effectiveness of water wash for
recovering about two-thirds of the catalyst was demonstrated, the forms of
recoverad catalyst were identified, and work was initiated on the recovery of
water-insoluble catalyst. Also during this phase, engineering screening studies
were carried out for commercial plants to establish preferred configurations

for process flow and equipment sequencing and to determine investments and
operating costs.

Predevelopment Program Objectives

The Predevelopment Program work is divided into three major tesks.
The key research objectives for each task are 1isted below.

Task 1 - FBG Operations with I11inois Coal

¢ Operate with mixed K,C03/Na,C0; catalyst
o Operate with recycled catalyst

Tagk I1 - Bench-Scaie Studies

© Broaden date base to other coals
o Test rezctivity of recovered catalyst
¢ Study criticel factors in catalyst recovery

¢ Operate the small fiuidized bed Continuous Gasification Unit (CGu)
and fixed-bed units to obtain additional kinetic data

-3-




Figure 1.1-2

REVISED FLUID BED GASIFIER (FBG) FLOW PLAN
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of the feed lockhopper to allow continuous, on-line weighing of feed coal,
(2) centralization of the unit pressure transmitter system for ease of
calibration and maintenance, (3) installation of a second dry test meter
and secondary product gas streams, and (4) addition of a second on-line gas
chromatograph.

Changes made to improve unit operability included (1) reconstruction
of the steam generating system to provide smoother and more reliable
operation, (2) simplification of the piping around the backend gas scrubbing
systems, and (3) centralization of the control systems for all tape heaters.
Changes made to improve unit safety included (1) adding an automatic shut-
down system to the synthesis gas blend system to protect against excess o]
or H, gas flow and (2) expanding the CO alarm and combustible gas detector
capacity.

Unit construction was completed early in the month of October,
and the effort thereafter was concentrated on pressure testing, instrument
and computer tie-in, and instrument checkout. Following these activities,
the unit heater systems and steam generation systems were started up. At
the same time, operations of the coal impregnation system began, and a sub-
stantial inventory of catalyzed coal was produced.

In late November, just prior to the introduction of coal into the
primary gasifier, a final pressure test of the system revealed a previously
undetected leak in one of the two downstream fines filter vessels. Examina-
tion of the 304 SS vessels showed that cracking was present in the vicinity
of the vessel welds. Metallurgical analysis of the vessels indicated that
the cause of the leaks was chloride stress cracking. The FBG filter vessels
were structurally sound at the time of the unit shutdown in December, 1975.
Between that time and the start of recommissioning, the unit was kept under
a nitrogen blanket. Since a liquid phase is necessary for chloride stress
cracking to occur, condensation must have occurred during the recommissioning
when the vessels were open to the atmosphere. Apparently there was sufficient
residual chloride from previous operations with 111inois coal to cause this
problem.

The damaged vessels were replaced with 304 SS Filter vessels from
the secondary gas handling system which was not scheduled to be operated
during the initial period. New vessels made of carbon steel, which is not
subject to chloride stress cracking, were subsequently constructed for the
secondary system.

Updating of On-line Data Acguisition System

Concurrent with the recommissioning of the Fluid Bed Gasifier (FBG)
the real-time data acquis®.iun system shown schematically in Figure 1.1-3 was
also updated. Data acquisiticn is accomplished by a minicomputer interfaced
with an analog/digital converter that continuously monitors process variables
at frequencies ranging from once every 20 seconds to once every 20 minutes.
Changes in the configuration of the unit described above have required the
addition of several new process variables which brings the total number that
are continuously monitored to more than 300. Installation of the process

-8-
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Figure 1.1-3
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jnstrumentation hardware that measures these variables was completed during
October, 1976.

During unit operations, the current values of all process variables
are instantly available to the operators in the form of a digital readout
accessed by a keyboard in the control room. The computer was also pro-
grammed to provide process data in many convenient forms that aid both unit
operations and subsequent off-line data workup. First, on a real-time basisc
video displays (cathode-ray tubes) are used to automatically keep the
operator informed of the status of process variables, i.e., if a value exceeds
a preset upper or lower limit, an alarm will sound. Another CRT is used to
provide a process profile which is a schematic representation of the FBG
showing current values of the process variables, such as the temperatures
in the fluidized bed gasifier, most critical to the operation of the unit.
These video display programs for the recommissioned FBG were written, testec
and implemented as part of the system.

The computer was also programmed to compute and store hourly
averages of all process variable values for up to 72 hours, any continuous
time interval of which can be retrieved on demand. Current values, hourly
averages, or an overall average for a specified interval can be requestec.
Printers provide a hard copy of these data which is used for further off-
line analysis. Additionally, all hourly average values are stored on
magnetic tape providing a permanent record of the unit operation. Tne
computer is programmed to print out the stored data described above in
several different forms. First, a "data log" provides a listing of the values
for all process variables. Second, a more complete process profile similar
to the CRT display is also accessible, and it can provide in graphic form
the average unit operating conditions for a specified time interval. Third,
an "instant replay" of selected critical variables allows the operator to
monitor the last twenty minutes of unit operations. This is useful in
Tocating operational difficulties during unit start-up. These on-line
programs were all updated for the recormissioned FBG.

Central to the efficient operation of the FBG is the on-line pro-
gram which automatically calculates material balances from the process
variable data. This program provides a real-time evaluation of data gquality
and can aid in locating operational problems. The material balance program
provides an instantaneous feedback loop for calculating variable settings
required to achieve desired operating conditions. It also provides a pre-
liminary evaluation of unit data during yield period operations. This pro-

gram was written for the recommissioned FBG and implemented as part of FBG
shakedown and baseline operations discussed below.

1.2 FBG OPERATIONS

The operations were divided into three general periods:

(] Startup and Baseline Operations: December and January were devoted
to startup of mechanical equipment, debugging of instrumentation
and on-line computer interfacing and programming, establishing
smooth, reliable operation, and obtaining lined out data for the

-10-



pre-selected base-case operating conditions.

© Process Variable Study: A program was carried out during February.
March and April to investigate the effects of operating variables
such as coal, steam and synthesis gas feed rates; temperature;
K2CO5 catalyst Toading; and mixed K,C03/Na,C0; catalyst.

e Catalyst Recyclie Operations: During May and June the K,COj3

catalyst was recovered from the ash withdrawn from the FBG in the
Catalyst Recovery Unit (CRU), reapplied to fresh coal along with-
makeup catalyst in the Catalyst Addition Unit (CAU), and recycled
to the FBG. The purpose was to determine whether any unusual build-
up of foreign material occurred in the recovered catalyst and to
demonstrate continued high activity of the recovered catalyst in
the FBG.

A month-by-month summary of the operations and comments is shown
in Table 1.2-1.

1.2.1 Startup and Baseline Operations

During December, FBG operations were begun under baseline conditions.
Initial operations were exceptionally smooth, even though major modifications
were made to the unit. The initial run lasted for six days during which
coal was fed 70 percent of the time. The run was terminated to open the
bottom of the gasifier when some symptoms of bridging were observed in the
bottom section. No bridge was found. The gasifier was clean except for
Eraces of gray ash-like material adhering Toosley to the wall near the
otton.

In subsequent runs, it was determined that the bridging symptoms
correleted with the buildup of high ash, high density solids at the bottom
of the fluidized bed. A bulk specific gravity of 0.75 was measured for the
bottom drawoff material compared with a typical average gravity of 0.45 to
U.55 for the bed. This behavior was corrected by increasing the frequency of
char dravwoff from the bottom of the gasifier.

During December continuous periods of coal feeding were limited
to a maximum of about two days as a result of a number of minor problems.
These consisted mostly of leaks in high temperature fittings and valves and
plugging in the synthesis gas preheater due to carbon deposition. It now
appears that the carbon was forming from CO via the Boudard reaction
(2C0 - C + C0,) which apparently was being catalyzed by the metal walls of
the heater. Initially, the preheater coil outlet temperature was set at
1000°F. Since carbon deposition had not been experienced during previous
FBG operations with a syngas preheat temperature of 700°F, the outlet
temperature was reduced to this level. No further plugging occurred. Sub-
sequently, an H;S addition system was installed in ths synthesis gas line
upstrzam of the preheater. H,S is added to the syngas in ppm levels to
poison the catalysis of the Boudard reaction. The preheater temperature has
since been operated continuously at T000°F with no further plugging.

-11-
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TABLE 1.2-1

FBG_OPERATING SUMMARY

9 of Time Longest Continuous Material

Month  Onstream* Run--Hours Balances, %
December 16 140 80-85 ]
January 31 184 90 ]

* A11 systems operating--excludes start-up and shutdown

COMMENTS

Start-up and debugging mechanical problems

Gasifier opened after six days--no bridging found

- Traces of loose gray ash material found adhering

to walls
High density ash found in bottom in subsequent
operations
- Increased bottom solids withdrawal frequency

Carbon plugging in syngas heater
- Added 50 ppm HZS to prevent carbon deposition:

2 C0~C+ CO2
- Now operate up to 1000°F

Improved operations

Product gas line burned out

- Ground fault interrupts (GFI's) installed on
all heater circuits

- Flammable gas detection system installed
High char carry-over rate at times due to feeder
b1owby

- Reduced carbon conversions to 56 to 36%



L

TABLE 1.2-1

FBG OPERATING SUMMARY (Cont'd.)

% of Time Longest Continuous Material

Month  Onstyream® Run--Hours Balances, 7 COMMENTS
February 60 244 95 o Generally good operation all month
» Ten-day sustained operation
- Terminated by backend upset resulting in partial
loss of bed
s Five-day sustained operation
- Terminated by burned-out steam superheater
- Redesigned part of steam system
o Feeder blowby caused by broken auger on lockhopper
agitator
- Caused periods of excessive fines loss
e Material balances ~ 95%
March 70 284 95-100 s Excellent operation all month
© Twelve-day sustained run
- Terminated by backend upset
®» Broken U-joint on lockhopper agitator
- Caused feeding problems and blewby for few days
s High steam and carbon conversions
e Material balances 95-100%
April 70 336 98-101 o Catalyst Recovery Unit (CRU) operations started
® 20% K,C05 catalyst loading with varying coal and,

* A1l systems operating——excludes start-up and shutdown

steam feed rates



TABLE 1.2-1
FBG OPERATING SUMMARY (Cont'd.)

% of Time Longest Continuous Material
Month  Onstream ___Run--Hours Balances, 7 COMMENTS
May 64 407 97-102 e Catalyst recycle operations started
e 75% water-soluble catalyst recovery on CRU
June 96 587 99-101 e F[Excellent operations all month
(668 hours of - Maintained at steady state for recycle
material balance catalyst stud
operation) y y
® CRU recovery 90% of water-soluble potassium

—VL.—



Three material balance periods were obtained with overall material
balance closuras in the range of 90%. The base 1ine operating conditions in-
clude & gasifier bed temperature of 1300°F, a unit pressure of 100 psig, a
cozl feed rate of 10 pounds per hour, a steam feed rate of 12.5 pounds per
hour, and a catalyst foading of 10 wt.% potassium carbonate. Steam con-
versions calculated by oxygen balance varied between 38 and 41 percent.

During January, FBG operations continued under baseline conditions.
Dztz were obtained for four material balance periods. QOverall material
balance and the oxygen balance closuras were generally around 90 percent,
wrile the hydrogen elemental balance was in the range of 90 percent. Steam
conversions calculated by oxygen balance and water balance on the unit
aererally averaged around 40 percent. The unit carbon conversion. expressed
&s the percent of fesd carbon gasified, varied from 56 to 86 percent. Good
acreement was obtained for conversions calculated by both gas analysis and by
solids analysis of coal and char entering and leaving the unit. The lower
carbon conversions resulted from lower steam rates coupled with higher
synthesis gas feed rates, a combination which reduces the kinetic driving
force for the gasification reaction.

Another factor contributing to the lower conversions of feed carbon
wzs a high char carryover rate. The entrainment of carbon from the unit
directly reduces the carbon conversion. The high carryover resulted from
momentary upsets of the coal feed system during which pulses of nitrogen blew
past the rotary feeder.and produced very high velocities in the bed (3-4 ft/
cec, ys a normel velocity of 0.6-1.0 ft/sec?.

The mejor operating problem was the failure of a beaded wire
electrical heater located on the product gas Tine overhead from the reactor.
The heater wire failed and shorted to the pipe in several places burning
<small holes in the pipe at which time the reactor contents were depressured
through the overheazd line. The failure occurred so quickly that the circuit
treakers did not shut off the power. To prevent a recurrance of this pro-
blem in the event of a future heater failure, ground fault interrupters (GFI'S)
were placed on all the FBG electrical heater circuits. The GFI'S will interrupt
the flow of power within 25 milliseconds after & 5 milliamp power imbalance
zppears in the circuit. Initially there was concern that the GFI'S would be
too sensitive for the application involved, and would cause power interruptions
&s & rasult of minor stray currents. This has not proved td be the case. =~

Overall, during January the unit service factor was 31% with the

longest continuous run lasting 184 hours. HMaterial balances were generally
around S0%,

1.2.2 Process Variables Study

During February the process variables study was initiated. Unit
operetions continued to improve both in terms of service factor and data quality
Erproximately 450 hours of operations were Togged (60% service factor) with
all systems functioning. The longest continuous run extended for 224 hours.

The run was terminated by an upset in the product gas handiing system which
rasultad in partial carryover of the fluidized bed. Early in the month some
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probiems with nitrogen feeder blowby first observed during January were
trzrnod to & broken Tock hopper agitator. The agitator design was modified ir
&~ attempt to sclvz this problem. Modifications were also made to the

steam system after control problems were encountered which caused over-
hezting of the superheater. Further work was also done on the lockhcpper
onlinz weighing system and on the gasifier valves which improved materizl
balance closurez to the range of approximately 95.. Five material balar:ic
runs were made.

Unit carbon conversions expressed as the percent of feez carbon
az2ified varied from ebout thirty to fifty percent for the materizl baler -
sttt Faivly good agreement was obtainzd for conversions calculated o,
S3 wAs i tysis and by solids analysis of coal and char entering and
ieaving the unit. The lower conversions obtained in these material balarce
pe~ioct as compared with those obtained in January were the result ¢f the
Fichos throughput of coal coupled with a higher solids carryover rate.

This rarryover eppears to be 8 result of both significantly higher gasifier
surarficial velocities (increased steam and syngas flow) and a continuatior
ot pest rotery feeder nitrogen blowby problems. Steps were taken to
minimize this problem including reducing the feeder pressure differential
enc v=3ducing the bed height to increase bed outage. Variable study
opeceticns were completed with a catalyst loading of 10 wt. K,CO-.

biring March the FBC was operated with both K,C0, and mixed
Na CC./¥,C0: catalysts. Unit operations were &gain improved both in terrs
of service factor and data quality. The service factor was increased to
70 ant the longect continuous run extended to 284 hours. Again, this run
was teriiinated by an upset in the gas handling system which caused the
emergency depressuring of the unit, resulting in the loss of a significant
portion of the bed. As in February feeding problems and nitrogen blowby were
encountered. These were traced to a broken U-joint in the lockhopper
gzitetor. Miterial balances were improved to the range of 95-100.. On-lire
cata for seven materiz] bazlance periods were obtained.

During the month of April, FBG operations continued with potassiur
carbonzte catalyst. Data were obtained for catalyst concentrations approact-
ing 20 wt.% oi feed coal at varying steam and coal feed rates to determine
the sensitivity to these higher catalyst loadings. The gasifier temperature
was maintainec at 1300°F and the pressure at 100 psig. As in March the over
@11 unit service factor was about 70 percent. The longest continuous run

citended for 336 hours. Overall material balance closures were generally
betvieen 98 and 101 percent.

Seven material baiance periods of 24 hours duration were run.
Slexi conversion averaged 43 to 47%. The effect on steam conversions of
veriztions in catalyst loading within the range of 15-20 wt.% appeaved tc be
relatively small.

1.2.3 Catalyst Recycle Operations

During May, the catalyst recycle operations were initiated. The
objective of this phase of work, involving the Fluid Bed Gasifier (FBG),

-16-



the Catalyst Recovery Unit (CRU), and the Catalyst Addition Unit (CAU) was
tc recover and recycie the water soluble catalyst remaining on the ash/char
residue from gasification.

The major effort was to coordinate the steps in the recycle opera-
ticns since.the CRU and CAU were not designed to run continuously in an
integrated mannar with the FBG. During an approximately 8 hour period each
day the CRU, a six-stage countercurrent water leaching unit using hydro-
clones for 1iquid-solids separation, handied the char withdrawn from the
FBG during the previous day. The resulting catalyst solution was collected
and analyzed for potassium. Sufficient makeup catalyst was added to the
CAU to produce an amount of coal equivalent to one day of feed Tor the FBG.

CRU operations were hampered by mechanical problems including
excessive wear-and leaking of the interstage pumps, and plugging of the
interstegs flow control valves. The valve problem was solved by replacing
existing solenoid velves with air-operated ball valves.

fier overcoming initial mechanical problems, recycle of catalyst

to the CAU began. However initial catalyst balances around the CRU in-
Cicetsd thnat the recovered catalyst was only in the range of 75% of the
wzter solunle catalyst on the feed char. This was below the recovery of 50%
t5et enould be obtained in the CRU, with no rate or equilibrium limitations
to ceteiyst recovery other than physical holdup of the catalyst solution by
trz crzr. Since such limitations were not observed in CRU operations prior
3 thne stavt of the current program, additional study of catalyst recovery
w2: plannzd in the CRU and in a bench scale program scheduled to begin in
"Jlle

Ouring Mey, the gasifier operating temperature was maintained at
1300°F an d the stzam rate held constant at 15 ibs/hr. The gasifier operated
smoetinly with an overall unit service factor of 64% and a long continuous
rdn o7 LC? nours. The slight reduction in service factor compared with
April was caused by mechanical problems with the Tockhopper agitator and
ths utary fesder. These were probably related to a batch of feed coal
containing & high moisture level. Overall material balance closures were
Eetween 87 and 102 parcent for six material balance periods of 24 hours
duration. Carbon and steam conversions continued to be maintained at a

righ level. How Jever, it was still too early to tell whether tha1ysL re-
v=le would result in the buildup of any inactive species with a resultant
Tass in actiy vity.

During June, FBG operations continued utilizing coal feed imprsg
ool

i wﬁth recycied catalyst solution. The unit service factor was 96%.
r

1

Rzprox 1=*‘1y 655 nours of material balanced operations wesre iogged during
21z monih with closures averaging better than 99 percsnt. The Tongest
cantinuous run lasted 587 hours.

Eight material balance periods were run. Opsrating conditions for
tnz entirz month werz held within narrow limits. The coal feed rate was
czrerzlly maintainad between 10 and 11 1b/hr, &nd ‘he steam Teed rate
peiwzen 15.5 and 16.5 1b/hr. The reactor temperature and pressure wers
1310 j_i@”? and 99 + 1 psig respectively. The catalyst concentration on ihe
fz24 coal was gensrally between 14 and 17 wt. percent. Material balance
closures ware usually between 99 and 101 percent.
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The carbon and steam conversions vemained high during June
operations utilizing recycled catelyst. Tne carbon conversion was consist-
ently greater than 80 percent, and the steam conversion varied between 50
and 55 percent. The approach to methanation equilibrium in the product

gas averaged 70-90°F which was not as close as in prior non-catalyst recycle
pperations. However, it is believed that this was due to the combination of
an unusually low level of carbon in the bed (about 20 wt.%) and a gasifier
bed level which was maintained too low because of a faulty pressure tap
reading. Preliminary indications were that recycled catalyst has the same

activity as fresh catalyst.

1.3 RESULTS OF MIXED CATALYST OPERATIONS

Two essentially duplicate runs were made with a nominal mixed
catalyst loading of 7.5 wt.% K,C03/7.5 wt.% Na,CO;. These data showed
substantially lower carbon and steam conversions and a greater departure from
methanation equilibrium than K,CO3 runs although the temperature, coal, stear
and synthesis gas rates were essentially the same. This confirmed the low
reactivity for Na,CO; and mixed Na,C03/K,C03 catalysts observed in the fixec

bed unit gasification tests.

Analyses of the char streams from the mixed catalyst runs confirmed
the previous bench results that potassium is selectively tied up by the
coal minerals. The data were obtained by analyzing for water soluble and
total potassium and sodium on the char. The difference represents the water
insoluble fraction which previously has been shown to be comprised primarily
of the inactive aluminosilicates. Summarized below are data on the levels of
water insoluble potassium and sodium on gasifier bed char and bottom char
withdrawn during the mixed catalyst runs. The results are shown on a daily
basis and while there is some scatter, the data show that about 50 percent
of the potassium and less than 10 percent of the sodium are tied up with the
coal mineral matter.

Water Insoluble K, Water Insoluble Na,
% of Total K % of Total Na
Day Bed Char Bottom Withdrawal Bed Char Bottom Vithdrawal
1 37 47 5 0
2 47 40 1R 1
3 53 75 9 9
4 39 37 6 0
5 62 58 12 16
6 29 37 2 N
7 48 58 2 13
g 55 23 n 12
Avg. 46 47 7 9



Bzsed on the results from fixed-bed studies and FBG operations with mixed
catalyst, the FBG catalyst recycle operations were done with K,C0; catalyst,
and emphasis in other program areas was shifted to secondary recovery of
water-insolubie potassium.

1.4 FLUID BED GASIFIER DATA‘

A total of 40 material balance periods were cbtained for FBG
operations at & variety of process conditions. For reporting purposes
these have been 1imited to 24 hours duration although steady, continuous
raterial balanced operations have extended to 587 hours. Table 1.4-1
surTarizes meterial balance date computed during these periods with the aid
of an automztic on-line material balance program that is coupled to the FBG
real time data acquisition system.

Fifteen of these material balance periods which are of the great-
est interest have been selected as yield periods. For these, a full spectrum
of analyses are being performed on representative samples of feed coal,
bottom char, and cycione and filter fines collected during the period. Six
of these off-Tine data workups have been compieted and selected data from
these are presented in Appendix A. An example of a complete data workup for
one yield period is presented in Appendix B. These data include critical
process temperatures, carbon and steam conversions, relative gasification
rates, methane yields, solids composition, catalyst distribution, fluid bed
properties, cyclone performance, and particle size distribution. When solids
analyses are compliete these data will be combined with the previously col-
tected on-line gas flow rate and composition data in the off-1ine material
balance computer program. This program uses statistical methods to close
&1l materiec]l balances while minimizing the total variance from measured
values. The results from these yield per1ods will then be available for
kingtic model deveiopment.

1.2.1 Initial Operations

Material balance pericds 1-3 represent initial operating data that
were obtained under target baseline conditions. These conditions include
& gasifier temperature of 1300°F, a unit pressure of 100 psig. a coal feed
rate of 10 pounds per hour, & Stéam‘Teed rate of 12.5 pounds per -hour, and
& catalyst Toading of 10 wt.% potassium carbonate on feed coal. The over-
&1l material balances closed within + 5 percent, but the oxygen and hydrogen
elemzntal balances did not agree as well. 1t was subsequently found that
syntnesis gas wes leaking into the vent system through a faulty valve
causing material balance error. Steam conversions calculated by oxygenbalance
vary between 38 and 41 percent. Although higher steam conversions are
calculated from measurements of the collected condensate from the product
gas, these numbars are more Tikely to bz in error because of the possibility

of water loss thnrough pumps and through entrainment from the gas scrubbing
system.

Initial baseline opereting conditions were also maintained during
mzterial balance pariods 4-12. These periods were marked by a steady
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Table 1.8-1

SUMMARY OF FBG MATERIAL BALANCE DATA FOR DECEMRER_1976_THROUGH JUNE 1977

Material Balance Perfod 1 2 3 a s 6 7 B s 1w n' 12! 1 !
{Duration, Hours) 14 17 4 11 8 18 13 4 14 7 24 19 16 16
Reaction Conditions
Temperature, °F 1330 1330 1330 1285 1295 1300 1310 1300 1305 1305 1295 1292 1311 1315
Pressure, psf 100 99 100 97 97 499 99 99 93 93 Y8 99 99 98
Input, lbs/hr (ExNz)
Coal + Catalyst 10.0 8.5 10.0 9.4 8.7 6.1 7.3 8.2 12.2 14.1 10.0 9.3 10.5 16.9
Steam 1.1 12.4 11.6 13.0 140 1.7 11.5 156 16.6 16.2 15,9 14.1 148 22.6
Syngas 9.1 74 63 7.7 6.1 9.4 96 17.0 168 166 14.4 13.7 14.2 12.2
Total 5.7 33 27,9 30.1 8.8 7.7 284 408 4856 97 0.3 IT.T 395 87
Output, 1bs/hr (ExNZ)
Product gas 19.4 18.6 17.1 17.1 17.4 154 15,7 22.9 25.7 25.4 22.8 20.6 29.1 335
Water 5.5 5.4 6.3 7.1 5.6 7.2 5.8 10.8 10.6 10.3 10.2 8.7 6.2 10.6
Carryover 1.6 1.6 1.1 1.7 1.1 1.8 3.8 1.9 3.6 6.7 4.2 3.2 0.1 2.6
Withdrawn 0.0 0.0 0.0 0.7 0.2 0.4 1.3 1.9 1.6 2.0 1.9 1.4 2.0 2.0
Total 365 756 745 6.6 243 7B TWe TS5 W5 -2 9 S 10 0 A X I O ¥ A S : v
Accumulation, 1bs/hr. 2.1 0.0 4.4 0.6 0.6 0.0 (1.5) 0.7 1.8 0.6 (0.2) 0.4 0.3 (0.4}
1 Material Balance, %
Eg Overall 94.7 90.4 103.6 90.4 B86.4 91.2 B88.4 93.6 94.9 959 99.0 92.4 95.4 93.4
[ Oxygen 92 85 95 91.6 87.0 9.7 83.3 93.1 92.3 91.8 94.2 89.9 97.1 97.1
Hydrogen 81 81 90 79.1 75.0 82.9 80.2 92.5 92.8 90.8 94 .4 95.4 93.8 93.0
Syngas, SCFH
co + HZ in Unit 698 737 466 525 395 430 490 612 609 622 524 458 433 493
co + H2 in Product Gas 502 556 438 400 350 310 360 497 512 520 a7 409 509 643
Syngas Balance, % 72 76 94 76 88 7 73 81 84 84 90 89 105 130
Steam conversion, X
By Water Balance 52 57 47 47 61 40 51 32 38 a8 37 37 59 54
By Oxygen Balance 40 3a 4) 36 45 8 26 21 26 25 /A 29 55 51
Product Gas, Mo} % (dry, ExNz)
Hy 64.3 67.3 60.9 63.2 59.7 59.5 63.0 61.8 53.1 59.5 60.3 58.0 52.0 56.6
co 10.7 10.0 13.3 11.0 12.1 12 1.1 14.0 121 13.9 13.9 15.4 20.0 17.0
co, 9.1 6.8 10.3 12.2 15.6 15.5 13.2 14.9 15.0 15.1 15.6 15.0 15.7 15.5
CHy, 15.6 15.6 15.1 13.2 12.2 12.5 12.3 9.3 12.1 11.5 10.1 11.6 11.8 10.9
H,S 0.3 0.3 0.4 0.4 0.4 0.4 0.4 0.0 0.0 0.0 0.0 0.0 0.4 0.0
Approach to Methanation 30 35 15 29 30 5 A0 20 15 25 27 21 68 25
Equilibrium, °F
Carbon Conversion % 73 HE) HH? 71? "6 74 57 a9 w2 39 an 51 9?2 82

(by Solids Analysis)

7. Yield Perionds
2. Carbon conversions by Product Gas Analysis



- LZ—

Tahle 1.4-1 (continued)

SUMTYARY_OF FIG FATERIAL WALANGE DATA T0R DECIMBLR 1976 THROUGH JUNE 1977
Material Ralance Porind LN T-UNS LIRS L TYL Y W) I "L £ L
{Duration, Hours) 16 24 16 24 24 24 24 24 24
firaction Conditions
Temperature, "F 131 1305 1223 1310 1309 1307 1309 1313 1297
fressure, psi 94 99 a3 g 4y 9d 43 99 99
Input, 1bs/hr (Extln)
Coal + Catalyst 15.7 16.3 8.8 9.5 9.7 7.8 10,3 110 17,3
Steam 23.8  22.9 13.0 14.8 15.2 14,5 15.0 151 22.8
Syngas 16.6 15.9 9.6 1n.5 1N.7 1.8 12.9 13.2 14.5
Total 5.1 55,7 31.4 3@ 3.6 T 3EZ 364 54
Output, 1bs/hr (Exip)
Product gas 35.0 33,6 16.2 22,0 22,3 23.9 267 33.9 34.0
Water 12.7  12.8 9.4 8.8 9.3 7. 8.1 8.0 12.7
Carryover 3.0 28 Yo 0.8 0.9 1. 1.9 1.7 3.6
Withdrawn 2.1 21 3.5 3.2 2.1 2. 1.3 1.8 3.3
Total 528 514 3.7 34,8 3.a 9. 38.0 38.6 53.5
Accumulation, 1bs/hyr. 0.0 o0 (0.6) (0.1) 0.9 (0.4) 0.5 0.4 (0.2)
Material Balance, %
Overall 94,1 93,5 931.9 Yp.6 97,0 101.2 100.8 99,0 97.6
Oxygen 95,2 95,6 95.9 97,2 ud.8 97.2 100.2 98.2 97.4
Hydrogen 15,5 90,3 93.6 96,2 95.5 99.2 100.7 98.4 96.7
Syngas, SCFH
€0 + Hp in Unit 666 M 464 512 521 511 552 569 619
€0 + Hp in Product Gas 727 778 392 534 546 532 578 567 666
Syngas Balance, % 109 105 84 10% 105 104 105 100 108
Steam Conversion, %
By Water Dalance 48 45 29 42 10 43 47 18 46
By Oxygen Balance 4 39 24 34 38 a4 47 46 42
Product Gas, Mol % (dry, ExN2)
", 59,0 62,4 B5.1 4y 7 45,6 0.8 69,9 50,6 57.4
co 19 14,7 10,2 12,0 1.6 15,4 15,3 15.4  14.9
o, M. 12,6 129 33y 130 12,7 13,0 13,1 148
Cily, 10,0 1.3 11.4 7.6 7.2 10,7 11.4 12,5 2.7
HaS 0.0 0o 0.3 0.6 0.5 03 03 0.4 05
Approach to Methanation 30 46 79 Bs 92 ] 64 53 a4
Equitibrium, °F )
Carbon Conversion % 81 81 62 [ b4 82 77 77 76

(by Solids Analysis)
1. Vield Periads

2. Carbon converatons hv Product Gos Analvsis

24 2 26 27
24 24 24 24
1298 1301 1297 1306
99 99 99 o3
17.9  16.7 1.6 10.0
2.6 22.4 22,2 15.0
15.0 13.8 4.6 1.3
55.5 52.9 544 363
34,0 33.7 33.4 26.0
14 28 132 7.2
2.5 1.9 2.2 1.2
5.4 3.8 5.4 2.6
55.8 52.2 4.2 37.0
(1.2) 0.4 (0.2) (0.1)
93.4 89.4 99.3 130.6
99.2 100.6 100.6 98.2
99.8 101.4 99.6 98.8
632 502 602 485
699 705 681 496
Mmoo N M3 e
42 44 a2 53
M 45 43 50
§0.7 59.8  50.8  56.1
151 4.4 14,9 14.9
13.8 14,2 14,5 14.6
N9 1.2 1.3 13.9
0.4 0.4 0.4 0.4
2t m w2
73 75 74 80
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Table 1.4-1 {continued)

SUMMARY OF FBG MATERIAL BALANCE DATA FOR DECEMBER 1976 THROUGH JUNE 1977

Materfal Balance Period 28 29 30 n 12 13 3111 35 361 7 18 19 401

(Duration, Hours) 24 24 28 24 24 24 24 24 24 24 24 24 28

"";:,'“g;‘,g‘;:‘:;”‘z;“ 297 1298 130z 1308 1312 131z 1324 1318 1317 1315 1318 130 1313

Pressure, psi 100 99 39 99 99 99 99 99 99 99 99 99 99

Input, 1bs/hr (ExN2)

Coal + Catalyst 0.9 1.1 10.5 10.0 1.5 12,0 i1.t 11,6 10.7 1.1 10.6 9.3 9.1
Steam 161 16.0 15.7 16.1 156 156 153 16.2 16.2 167 16.4 165 15.8
Syngas 13,5 144 137 120 l6.2 151 155 133 140 13.7 133 1.8 125
Total A5 ats 407 307 433 427 A9 A0 AT W 5 .3 3ITe6 373 |
Output, Vbs/hr (ExN2) ‘
Product gas 283 237 29.3 26.8 31.4 31.7 31.6 30.1 305 29.3 29.7 25.7 26.0
Water 8.7 7.9 7.6 8.4 8.2 8.4 7.3 7.3 7.8 8.0 7.5 8.3 8.4
Carryover 1.1 1.2 0.9 1.1 1.5 1.0 1.2 1.0 1.1 0.9 0.9 1.1 1.0 1
Withdrawn 2.5 2.5 0.8 3.0 2.5 1.7 2.6 2.1 2.2 2.8 2.5 2.2 2.3 |
Total % 263 WE 393 I35 9 A7 WS AT IO e 3T INT |
Accumulation, Tbs/hr. 0.3 (v.4) 0.6 {0.3) {0.3) 0.2 {0.1) 0.0 (0.3) 0.1 0.1 0.0 (0.1)
Material Balance, %
Overall 101.0 96.1 97.8 102.1 100.0 100.9 101.6 98.9 100.0 99.0 100.6 94.2 100.5
Oxygen 1007 97.2 99.3 100.4 100.6 106.0 99.6 99.5 99.4 98.1 99.6 98.1 100.)
Hydrogen 97.2 95.0 96.4 £9.3 99.1 95.6 99.9 98.2 99.6 98.% 97.7 96.1 95.4
Syngas, SCFH
€O + Hy in Unit 501 542 545 594 639 649 644 512 545 552 554 507 527
CO + H2 in Product Gas 488 552 573 564 626 639 654 587 620 625 614 585 573
Syngas Balance, % 97 102 105 95 98 93 102 115 114 113 15 116 109
Steam conversion, %
By Water Balance 47 52 53 49 a8 48 54 56 56 53 55 50 48
By Oxygen Balance 48 13 52 49 a7 57 53 55 55 50 55 ag 48
Product Gas, Mol % (dry, ExNp)
2 543 57.1 S3.4 59.9 657.6 S8.1 S58.6 57.3 58.7 60.8 60.3 63.2 61.
co 147 16,0 161 150 159 16.} 158 16,5 16.2 152 159 143 15.4
€02 7.3 15.5 14.9 138 142 143 134 150 345 143 140 13.9 141
M- 7.7 0.6 [TURLE TN [ RN 108 1Y 14 9.n Hwn 9.0 7.3 7.8
N5 0.9 v.u u.u v . 0.7 0.8 0.4 v.8 0.8 u.4 v.u v.8
Approach to Methanation k] 72 75 62 61 76 13 70 82 as 88 88 79
Equitibrium, °F
Carbon Conversion % 78 L) 09 7 M 86 it o e an ar 20 8o

{(by “nlids Analy<is)

1. Yield Perlods
2. Carbon conversions by Product Gas Analysis



imarovemant in unit oparations in terms of data quality and continuity of
cpzration. Product gas compositions measured by the on-Tine gas chromato-
g*&p* for thzsz material balance periods show close approach to gas phase
ratrcﬂatzar equalibﬁiun The mathane equ111br1um te@perature is obtained
by celeulating the retio K = (Py g)tPey J/(Peo)(Pyy ) . Published data for

the equilibrium constant of the n°thanat1on react1on as a function of temp-
erature wera used to determine the temperature corresponding to the calculagted
rétio. The differeance between this methane equilibrium temperature and the
actuzl temperature is a measure of the approach to equilibrium. For the first

12 meterial balance periods the approach to equ111br1um varied between 5 and 40°F.

For these early balance periods syngas Teed rate was above that
required to balance the gasifier. The CO + H, in the feed and the €O + H,
in the product gas were brought to within 90% closure for material balance
pericds 11 and 12 howsver, and these two have been designated as yield
periods. Off-line solids analysis data for periods 11 and 12 appear in
Appendix A.

Carbon conversions for the first 12 material balance periods
varied widely from a 1ow of 40% to a high of about 85%. The carbon con-
version was usually calculated by both gas analysis and by a preliminary
anzlysis of carbon in fead coal and char streams entering and leaving the
unit. Generally, the solids analysis method is more accurate, although in
most cases the two values agreed quite well. For most of the low conversion
runs the major factor contributing to the observed conversion was the high
char carryover rate. The entrainment of carbon from the unit directly re-
duces the carbon conversion. The high entrainment appeared to result from
thz quantity of fines in the feed coal, lockhopper feeding problems, and
nitrogen blowby across the feeder due to excessive pressure differential
across the feader. These problems were minimized for the latter material
balance periods. Also during subsequent periods leaks in fiow 1lines and
the scrubber water system were corrected as evidenced by excellent material
balance closures and close agreement of steam conversion calculated by both
oxygen and condensate water balance.

1.4.2 Process Variable Study with K,C0. Catalyst

Process variablies that have bean studied inciude level and type
glyst, temperaturs, coal rate, steam rate, and synthesis gas rate.
a] bzlance periods 13-16 emplojed potassium carbonate catalyst with
inal concentration of 15 wt.% on feed coal and a gasifier temperature
G F
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The synthesis gas balance was in the range of 105-130 percent.
erial balance period 13 the steam conversion was about 55 percent
hav carryover during balance period 13 was only 1 to 2 percent of the
d. A very Tow Tevel (0.4 weight percent) of -325 mesh fines in the feed
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O
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contributed to ths low carryover. The 1ow carryover in turn helped
evz 2 high carbon conversion of 92 percent by solids analysis.

0 —H— 7O m
i

O

For psriods 14-16 steam and coal rates were increased by about 50
erceﬂt, Thz higher gas rates appeared to be the major factor in causing a
narr iacreass in the fines entrained overhead, although highar fines levels
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in the coal fepd also contributed to the increase. The observed increase
in entrainment indicated that the FBG cyclone dipleg may not have been
operating properly possibly because sufficient height is not available to
pressure balance the gasifier. The higher feed rates and carbon carryover
in balance periods 14-16 reduced the steam conversion to about 45% and the
carbon conversion to about 80%. A slightly further deviation from metha-
nation equilibrium was also noted for these high conversion balance periods
Material balance periods 13-16 were all designated as yield periods.

Solids data for periods 13 and 16 appear in Appendix A. In addition a com-
plete data workup for period 13 in the form of output from the off-lire
material balance computer program is presented in Appendix B.

During balance period 17 the gasifier temperature was reduced to
1225°F. As expected, even with relatively low steam and coal feed rates,
the carbon conversion dropped to about 60 percent. Since entrainment was
reduced by the decreased gas rates and also carbon conversion, it was neces-
sary to substantially increase char withdrawal rate to maintain a steady-
state bed height in the gasifier. Operating at 1225°F also reduced the rate
of methane formation evidenced by the 90°F approach to methanation equili-
brium. At 1300°F the approach to equilibrium averaged 35°F.

1.4.3 Process Variable Study with Mixed Na,C03/K,C0; Catalyst

Material balance periods 18 and 19 are essentially duplicate runs
with a nominal mixed catalyst loading of 7.5 wt.% K,C03/7.5 wt.% NayCOs.
These data also show substantially lower carbon and steam conversions and a
greater departure from methanation equilibrium than material balance period
13 although the temperature, coal, steam, and synthesis gas rates are
essentially the same. This confirms the low reactivity for Na,CO3 and mixed
Na,C03/K,C0; catalysts observed in the fixed bed unit gasification tests.

Analyses of the char streams from the mixed catalyst runs have
corroborated bench results showing that potassium is selectively tied up by
the coal minerals. Data were obtained by analyzing for water soluble and
total (acid soluble) potassium and sodium on the char. The difference re-
presents the water insoluble fraction which previously has been shown to be
comprised primarily of inactive alkali metal aluminosilicates. Item 2 1in
Appendix A for periods 18 and 19 shows that water-to-acid soluble ratios for
gasifier bed char correspond to about 50 percent tieup of potassium with coal
mineral matter while this value is only 10 percent for sodium.

1.4.4 Catalyst Recycle - FBG Data

Material balance periods 20-26 completed the phase of work concerned
with process variable studies. For these balance periods, data were obtained
for potassium carbonate catalyst concentrations approaching 20 wt.% on feed
coal at both high and low feed rates. The effect of variations in catalyst
loading on steam and carbon conversion within the 15-20 wt.% range appeared
to be relatively small.
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The remainder of the material balance periods (27-40) represent
continuing FBG operations utilizing coal feed impregnated with recycle
catalyst solution. Spent bottom char and fines were washed in the Catalyst
Recovery Unit (CRU) and the water soluble portion of the catalyst was used
to impregnate the fresh coal about to enter the gasifier. The necessary
amount of fresh makeup catalyst was added to the feed coal to bring the
concentration up to 15 wt.%. During these recycle operations, gasifier
operating conditions were held to within narrow 1imits of the target
conditions of 1300°F and 100 psia. Material balance closures were between
98 and 102 percent. Carbon and steam conversions remained high during
catzlyst recycle operations. Carbon conversion was consistently greater
than 80 percent and steam conversion varied between 50 and 55 percent. The
approach to methanation equilibrium in the product gas averaged 70-S0°F
wnich is not as clese as in the earlier non-catalyst recyclie operations.
However, it is believed that a Tower than normal bed level in the gasifier
due to a faulty pressure tap reading is partially responsible for this. No
deleterious effects in FBG operations were observed during catalyst recycie
operations. Recycle catalyst did not show the buildup of any inactive
species with a resultant loss in activity.

1.5 SCRUEBBER-WATER ANALYSIS

The Fluid Bed Gasifier (FBG) product gas which is maintained at tem-
peratures above the dew point, flows from the reactor to a cyclone and then to
beg filters for removal.of particulates. The unreacted steam present in the
product gas is then condensed in the product gas scrubber. The condensate
picks up contaminants from the product gas and becomes “sour water".

During operation of the Fluid Bed Gasifier (FBG) sour water from the
product gas scrubber was intermittently collected and analyzed for several
contaminants including ammonia, carbon dioxide, chlorides, cyanides, phenols,
sulfides, and total organic carbon. The results of those analyses which can

be associzted with designated material balance periods are shown in Table
1.5-1. :

Though the FBG was operating well, one problem did de-
velop for a short period with the wet gas scrubber. Early in June,
tne wrappings on the bag filters were changed, and it was subsequently learned
eznd mix with the sour water. The scrubber was opened and some attempt was
made to remove the buildup of fines. However, fines present in the transfer
Tines from the bag filters to the scrubber continued to enter the scrubber
a1l through June. Since the recycled catalyst phase for the FBG also started
in June, it would be difficult to distinguish changes in the sour water which
might be due to the recycle operation from those which might be due to the
presence of fines in the scrubber.

Carbon fines from other gasification processes have been shown
to act &s activated carbon by adsorbing organic contaminants from waste
water. It is possible that the fines in the scrubber may have reduced the
levels of some contaminants in the scrubber water. Aromatic hydrocarbons,
which seem to comprise the majority of the organic compounds present in the
scrubber water, ara more easily adsorbad than straight chain compounds. The
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----------------------------------------- Concentration (ppm)*----coscmmommacm e e e emme g o -
Material Total Chemical
Balance Alkalinity Carbon Free Thio- Thio- Organic  Oxygen
Period pH  Ammonia as Na2C03 Dioxide Chlorides Cyanide cyanate Phenols Sulfides sulfate Carbon Demand
13 8.2 13,200 N.A. 39,500 240 2 4 9 370 44 2800 2768
16 8.2 14,200 27,900 37,300 30 3 6 92 700 28 N.A. N.A.
18 8.4 9,900 41,500 27,000 30 1 1 7 330 0 2100 1124
23 8.1 13,700 12,700 42,800 179 1 0 49 536 36 3780 1118
i v 27 8.6 16,300 42,200 46,600 14 9 28 13 57 0 3400 5443
28 8.4 12,600 83,600 28,800 0 1 2 1 27 0 580 1290
33 8.2 14,900 24,800 40,900 17 2 4 0.4 27 3 6780 950
35 8.4 16,900 43,100 47,200 <1 1 1 0.2 54 38 40 1130
37 8.7 16,800 37,600 17,700 96 1 3 0.6 61 3 194 1665

* Analyses run on filtered samples.

Table 1.5-1

FLUID BED GASIFIER SCRUBBER WATER ANALYSES




phenol levels were very low during June (material balance periods 33, 35,
37), and the total organic carbon levels apparently decreased. The chemical
oxygen demand levels did not decrease, however. This result is consistent
since aromatic hydrocarbons are not oxidized by this test. :

Some of the total organic carbon levels were surprisingly high in
view of the low phenol levels. Mass spectroscopy was used to analyze chiora-
form extracts of several unfiltered sour water samples. Analysis of the
residue left after evaporation of the chioroform indicated the presence of &
variety of aromatic ring compounds, the majority containing two or three
rings. This organic matter is apparently suspended rather than dissolved,
énd the majority can probably be removed by filtration.

Small amounts of a tar-Tlike substance were sometimes present in the
sour water. When the scrubber was opened for cleaning, an accumulation of
this tar-like substance was found in the bottom of the scrubber. This
accumulation may have been the result of a slow buildup over the period of
operation of the FBG, or the result of the recent influx of solids due to
the holes in the bag filter wrappings. A sample of this “tar" was analyzed
by mass spectroscopy, and it was found to contain organic compounds similar
to those found in the sour water samples. :

The scrubber water analyses shown for the FBG can be considered
only as preliminary for I1linois coal under the operating conditions in
effect at the times the samples were collected. Numerous factors, such as
temperature, pressure, bed height, and product gas residence time, can
affect the quantities of sour water contaiminants produced by a particular
coal. Further analyses of sour water from gasifier operations under dif-
ferent process conditions will be needed to provide a more complete data
base for the catalytic gasification process.
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2. BENCH-SCALE STUDIES (REPORTING CATEGORY 2)

2.1 CONTINUOUS GASIFICATION UNIT (CGU) OPERATIONS

The Continuous Gasification Unit (CGU) is a very small fluidized
bed unit designed for continuous coal feeding and withdrawal of ash/char
residue. It was built so that kinetic data could be obtained in a fluidized
mode at a lower cost and with less manpower than required for the FBG.
Construction of the CGU was completed with Exxon funding prior to the start
of the Predevelopment Program.

Although the CGU is smaller than the FBG, it has the expanded
capability of operating at high pressure, with 1000 psig being the design
maximum. In addition, although the primary source of synthesis gas was in-
tended to be cylinder gas, the capability does exist for synthesis gas re-
cycle. A flow plan of the unit is shown in Figure 2.1-1. The solid feed
is conveyed into the bottom of the unit using the synthesis gas/steam gasi-
fication mixture. The gas rates are very low and the design superficial
velocity in the gasifier is near minimum fluidization. The overhead gas is
filtered for solids removal, water scrubbed to condense unreacted steam, and
its flow and composition are measured. For the option in which synthesis gas
recycle is employed, the gasifier product is treated to remove acid gases
and then cryogenically separated into product methane and recycle gas .

Operation of the CGU is expedited by the use of a programmable
controller for logic control of start-up, alarm, and emergency sequences, and
a 50-channel digital process controller. In addition all instrumentation,
including a continuous process gas chromatograph, is interfaced with an on-
line computer for data logging and monitoring, flow calculations, and material
balance and equilibrium calculations with operating condition set point feed-
back to the operator.

2.1.1 CGU Operating Experience

Start-up and initial operations of the CGU were completed during the
third quarter of 1376. Because of operating difficulties, the periods of con-
tinuous unit operation were limited to a maximum of 26 hours. As a result,
true steady-state conditions were not reached. Data were obtained for four
continuous yield periods of up to six hours length. In addition, two batch-
type yield periods with a captive fluid bed were conducted for comparison
with previous fixed-bed experiments.

o This work completed the initial phase of CGU operations. Operating
difficulties which were experienced during the start-up phase are discussed
below. An analysis of the data obtained is presented in Section 2.1.2.

The CGU operating problems generally were related to the small size
of the unit although normal pilot plant mechanical problems (e.g., compressor
fa1lure§) were also encountered. One major CGU constraint is the low feed gas
rate which requires a small feed line diameter (0.25 inches) to provide suffi-
cient velocity to convey the feed char to the gasifier. The gas velocity in
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CONTINUOUS GASIFICATION UMIT (CGU)

FLOW PLAN
T0
1.6 LB/HR o b—p = ACDGAS o aNALYZER
AND DTM
Hg(}"‘*’ _--g"
o PRRLECHER ALTER  SCRUBBER | ACID GAS | L e
ABSORBER | S e
GASIFIER R
4 .
Hy = N A |
COAL > Bl
FEED 1.3 LB/HR I
00— HOPPER [
|
COMPRESSOR A |
GAS
AND BLENDER \\, wons :
CHAR |
|
v D ¥

SIMULATED SYN GAS RECYCIF.) SYN GAS RECYCLE




the feed line is very close to the theoretical saltation velocity. Thus,
momentary upsets, caused for example by fluctuations in synthesis gas supply
pressure, occasionally resulted in a solids plug in the feed line. This
problem was corrected by modifying the syngas supply pressure regulation
system to assure very steady flow and by operating at higher than design
syngas rates. However, the higher rates did result in gas residence times
Tower than those projected for commercial operations and consequently in
lower §team conversions. To correct this, it is planned that for future
operations, the gasifier diameter will be increased to give a 1.8 fold
increase in gasifier volume and a corresponding increase in gas residence
time. This is within the capability of the present heater syster.

Occasional plugging problems also were experienced in the gasifier
pressure taps which are used to indicate the level of the fluidized char bed.
Since synthesis gas is used for the pressure tap bleed gas, the greater the
volume of bleed gas the less the volume available to the feed line. To
maximize thg feed line gas, small diameter pressure taps (0.055 inches 1.D.)
were used with low gas velocities in the taps. Again, upsets in the syngas
supply pressure, or in the gasifier, occasionally resulted in solids backing
into the taps and plugging them. For future operations, it is proposed to

modify the b!eed gas supply system to simplify blowing out the taps in the
event of solids plugging.

Another major problem encountered in the CGU, but one easily |
correctable, was steam condensation at some locations. This was caused by
1qad¢quatg electrical trace heating and resulted in two types of operating
q1ff1cu1t1es - formation of soft plugs and metal failure. The soft plugs
in the unit formed in the char sample and char withdrawal lines. At 500
psig, the steam saturation temperature is 471°F. Char impregnated with
K.CO3 catalyst may stick at temperatures higher than the saturation temperature
-due to the hygroscopic character of K,CO;. The prevention of wet spots in
very small lines and especially around valves and thermocouples where heat
losses are concentrated is particularly difficult with a unit as small as the

CGU. However, additional heaters and insulation were used and the plugging
problems were apparently solved.

Two instances of metal failure were encountered. The tirst was in
the product gas filter vessel in the weld region between a 316 SSpipe and a
316 SS butt welded hub. Figure 2.1-2 is a sketch of the vessel showing the
position of the affected area. While in service, tape heaters and insulation
were wrapped around the pipe in the weld area. The hub and clamps were not
heated. Analysis of a piece of scale from the weld area showed 5,000 ppm
chloride. Radial cracks initiating at the inner metal wall were found in a
ring containing the weld area cut from the vessel. Characteristic branching
transgranular chloride-stress cracks were seen. The ring sprung open when
cut, indicating that a high tensile stress state existed in the crack
region due to the residual weld stresses. Since chloride stress cracking
could not occur without a liquid phase, it is clear that steam was condensing.
After the vessel was rebuilt, heaters were added to the weld and flange
area to prevent steam condensation. The second stress-chloride cracking
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failure was in the char-sampling line in a weld area between a 316 SS male
connector and a 316 SS half coupling. This line had been fully wrapped with
tane heaters and insulation and held at 600-650°F. Steam evidently condensed
at some time, probably during a shutdown as a result of inadequate purging.

2.1.2 CGU Data Analysis

Material balances for the four CGU continuous yield periods (101-
104) are presented in Table 2.1-1. For all four yield periods, the fluic
bed temperature was in the range of 1300°F. In three cases, the pressure
was 500 psig and in one case, 250 psig. The feedstock was I1linois coal
char catalyzed with 20% K,CO05;. The gasification medium was steam/H./CO.
Because of the operating problems discussed above, it was not possible to
obtain a representative sample of the ash-char residue. Thus, the unconvertec
carbon in the residue was estimated by carbon balance assuming no accumulatior
or depletion of carbon in the bed. The inlet and outlet gas compositions and
the measured steam condensate collected in the scrubber were used to check
the overall hydrogen and oxygen balances. These balances closed to within
five percent in over half of the cases and to within ten percent in all
cases.

The calculated carbon conversions for yield periods 102-104 vary
from 60-90 percent. The calculated carbon conversion of 99 percent for
Yield Period 101 is almost certainly in error as a result of carbon depletion
in the bed. The percent carbon in the residue is an important parameter
because assuming a well mixed bed, it sets the carbon holdup in the bed. This
in turn fixes the steam residence time (steam feed rate/carbon holdup) a
parameter used in correlating the data. The percent carbon on residue and
residence time for Yield Period 101 appear to be low by an order of magnitude.

Material balances for the two captive fluid-bed yield periods (105
and 106) are summarized in Table 2.1-1I. One run was made with pure steam as
the gasification medium. In the other run, a mixture of steam and synthesis
gas was used. The feed was devolatilized I11linois coal catalyzed with 20
K,C03. The pressure was 500 psig and the temperature 1250°F. With the
captive fluid-bed operation, which is analogous to the fixed-bed operation,
the steam or steam/synthesis gas mixture flow rate is kept constant through-
out the run. As the run proceeds, and the carbon is gasified, the céarbon
content of the bed decreases, and the relative residence time decreases.
Since in runs of this type the gas compositon is changing, it is not possible
to make an accurate measurement of the water content of the outlet gas by
collecting the condensate produced. Thus, the product H,0 is calculated
from the inlet and outlet dry gas analyses using an oxygen balance. Since
no carbon is withdrawn, the carbon gasification rate is calculated by carbon
balance. A check of the hydrogen balance is possible for each time period

and this is shown in the Table. The hydrogen balances close within + 5% in
essentially all cases. -

The gasification rates for the three good continuous yield periods
(!02-104) and both captive bed yield periods (105 and 106) are compared
with fixed bed gasification data obtained during the previous Exxon-sponsored
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Table 2.1-1

PACRTAY_BALAEL S VI CGILONTTNUGUS Y11LD PLRTONS

o tield Peeiad 100 O ekd evon 103 . Mield Peryved 101
Tewgeratuyre, "f smememceamae-=- | R LR R R R A R LR THO- oo e emmme e
Prevsire, phy  sce=mmme-mmmsess K e E L L L L P EP LY Blljmmmmeccacsommns wemmmme—ceeaaa B0 nemmmmmnm e e
Tatal L _n, 0 it Total £ W 0 0. Tatad € H 0 N Tetal [ 1] 0 ]

Input_{1nsshr)

Char 2.500 1.213 D.01% A0 1,213 0.015 2.600 1,211 0.mM5 2.000 0.970 0.012

Hal) 5.300 0.593 4,707 4.907 0.549 4,354 5.0008 0.560 4.4490 5,060 0.566 4.494

Hy 0.402 0.5 073 0.718 0.86% 0.865 1.197 1.197

co 0.287 0.123 0.164

) e e MA@ 0am 0207 0207 0.2} 0.2

Total g.302 1.2131 1w 4,707 8,320 1.213 1,302 4,358 0.174 8.572 1.213 1.440 4,440 0.207 8.825 1.093 1.775 4.650 0.281

Output (1bs/hr)

Char 1.205 0. 012%) 1.740'Yo.469%) 1387042 11350, 1102

Ha0 4.200 0.470 3,730 4.430 0.996 3.93 4.620 n.517 4.102 4.819 0.539 4.280

Hp 0.548 0.548 0.621 0.621 0.625 0,625 0.878 0.878

co 0.532 0.22¢ 0.304 0.191 0.082 0.109 0.157 0.057 0.090 0.180 0.077 0.103

ty 0.174 0.174 0.207 0.207 0.231 0.281
Cig 0.738 0.553 0.186 0.654 0.489 0.164 1.109 0.830 0,279 1.087 0.814 0.273

€0y 1.540 0.420 _ 1020 . 0,636 0.173 0.463 0.739 0.202 0.538 0.308 0.084 0.224

Total 8.843 1,213 1.204 5.154 8.446 1.213 1.281 4.506 0.174 0.844 1,213 1.42) 4,730 0.207 B8.688 1.093 1.690 4,607 0.281

Material Balance, % 107 108 10 102 93 103 103 99 107 98 5 99
Carbon Conversion, %°) 99" 61 9 88
felative Steam 0.13 0.1 0.12 0.4
Residence Time
Mol Carbon Gasified/ 0.3 0.23 0.33 0.26
Mol Steam Fed

Product Gas Camp. Calc. Gas Calc. Gas Calc. Gas Calc, Gas
___{nole %) __Heasured Phase Equil. __Measured _ Phase Fquil. Heasured Phase Equil, Measured Phase Equil.

Hy0 .52 45.37 39.53 42.94 368,54 39,77 331.67 34.83

Ha 44.96 35.41 49.50 45.82 46.60 45.09 54.85 53.87

co 3.14 2.19 1.10 0.53 0.84 .75 0.81 0.27

Ha - - 1.00 1.02 1.1 1.13 1.26 1.22

CH4 7.60 12.53 6.55 8.95 10.38 12.27 8.53 9,54

€0, 5.78 .50 2.3 o.n 2.83 0.99 0.8 027

110.00 100.00 100.00 100.00 100.00 100.00 100.00 100.00
”I\sh and catalyst balance estimated assuming no accuemlation or depletion in bed
Z)Est\'mated by carbon balance assuming no carbon accumulation or depletion in bed
'“Fro.n carhon balance., See note 2
“l\pnaars to be in error hecause of carbon depletion during yield perind

.
")N" fvom teeder blow-by calculated by i balance
[




TABLE 2.1-11

MATERIAL BALANCES FOR CGU CAPTIVE BED YIELD PERIODS
| Temperature, °F 1250(]) 1250
| Pressure, psig 500 500
Gasification Medium H,0 H,0/H,/C0
YIELD PERIQD 105 YIELD PERIOD 106
Time, Hours 1 2 3 4 5 1 2 3 4
Input, Moles/Hr
H,0 0.295 0.295 0.295 0.295% 0.295 0.229 0.229 0.229 0.229
Hay 0 0 0 0 0 0.092 0.092 0.092 0.092
co 0 0 0 0 0 N.028 0.028 0.028 0.028
Output, Moles/Hr
Hzofz‘ 0.122 0.122 0.145 0.201 0.232 0.115 0.156 0.191
N2 0.098 0.083 0.081 0.071 0.051 - - -
, H» 0.073 0.081 0.086 0.072 0.055 0.092 0.086 0.074
w co 0.038 0.033 0.024 0.011 0.004 Note 0.032 0.015 0.007
1 CHy, 0.054 0.050 0.036 0.012 0.004 0.051 0.035 0.020
€0, 0.068 0.070 0.063 0.042 0.029 (5) 0.055 0.043 0.030
Carbon Gasified, Mo]e/Hr(3) 0.160 0.153 0.123 0.065 0.037 0.110 0.065 0.029
Steam Conversion, %(2) 58.6  53.6  51.0  32.0  21.3 . 9.7 3.8 16.7
Hydrogen Balance, % (3) 9 97 98 08 99 ; 93 95 94
Relative Steam Residence Time 1.43 0.91 0.49 0.27 0.15 0.52 0.24 0.1

(T) Bleed N reduced effective pressure to 420 psig
(2) H,0 by 0 balance
(3) By carbon balance
(4) Based upon feed char with .02 H/C weight ratio

(5) Gas chromatograph problems were encountered during this first hour

of operation




research phase in Figure 2.1-3. The fixed-bed data were obtained in
multiple runs at 1200-1300°F and 100-500 psig with catalyzed devolatilized
coz1 containing 20% X;C03. The fixed-bad correlation lines are shouwn for
1250°F and 1300°F. The moles of carbon gasified per mole of steam fed is
plotted on the ordinate. Since the moles of carbon gasified are related to
ths moles of steam consumed, the ordinate can also bz thought of as the
fraction of steam converted by reaction with carbon. When operating in
synthesis gas bzlance, this quantity becomes identical to the overall steam
conversion. On the abcissa, the relative steam residence time is plotted.
At low residence times, the extent of gasification is a strong function of
residence timz. At higher residence times, there is a Teveling out as
carbon-steam equilibrium is reached.

In general the CGU data fall very close to the fixed-bed correlation
Tines indicating that contacting is excellent in the CGU. This is not
surprising in view of the fact that the CGU is operating at very low super-
ficial velocity. As might be expected because the continuous runs were not
at steady state, they show considerably more scatter than the captive bed
yield periods.

Also shown in Table 2.1-1 are the measured gas compositions for the
continuous CGU yield periods and the gas compositions which would be obtained
if the product gas were at gas phase methanation equilibrium. In Figure
2.1-6, the continuous and captive-bed data are compared with the correlation
1ine for pravious fixed-bed data on the approach to methane equilibrium.
Metnane in the product expressed as a percent of equilibrium is plotted
against relative steam residence time. The data were obtained at 500 psig
and 1200-1300°F. At the higher residence times, the CGU data are in fairly
good agresment with the fixed-bed correlation 1ine. The correlation Tine
for 1300°F and relative residence times between 1 and 2, conditions typical
of projectad commzrcial unit operations, shows that gas phase methane
equilibrium is very closely approached.

At low residence timzs. the methane production exceeds that observed
in the fixed-bed runs. The reason for this is not clear. It is possible that
a sme11 amount of methanation is occurring downstream of the gasification bed
in cooler zones, tending to increase methane yields. At the low residence
timas wherz the steam conversions are relatively ow . the absolute level
0f methane produced even at equilibrium is low and thus the effect could be
more pronounced. This hypothesis will be checked in future CGU operations
by sempling the product gas directly from the outlet of the gasifier bed.

2.2 FIXED BED GASIFICATION REACTIOM STUDIES

Fixad baed gasification experiments performed during the past year
focused on the use of Ma,C0; and mixed Na,C03/K,CO5 catalysts. The incentive
for using Nz,C05 is that its cost is only 20-30% of the cost of K,03. The
activity of sodium carbonzte was found to be significantly Towar than that
of potassium carbonzte especially at high pressura. Also, analysis of the
cher strazms from thz mixed catalyst runs showed that potassium is selectively
tied up by the coal minerals, reducing the incentive for using mixed catalysts.
As 2 rasult of thzse findings, potassium carbonate was selected for catalyst
recovary and recycls opzretions.
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Figure 2.1-3
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Initially, carbon gasification rate data were obtained for
catalyst loadings of 15 wt.% Na,CO; and 5 wt.% Na,C03/5 wt.% K,CO5;. These
data are compared in Figure 2.2-1 with correlation lines for K,C0; catalyst
from multiple runs made prior to the start of the ERDA program. Some check
runs were also made with 10 wt.% K,C03. The moles of carbon gasified per
mole of steam fed is plotted on the ordinate and the relative steam residence
time on the abscissa. For all runs the temperature was 1300°F and the
pressure, 500 psig. Steam rates were varied over an eight-fold range.

The data from individual runs on the 5% K,C03/5% Na.CO; mixed
catalyst form a continuous curve relating carbon converted/steam fed to
steam residence time, over a wide range of initial steam rates. This is
similar to the data for K,C0; catalyst except that the curve has been dis-
placed along the abscissa. This displacement is a measure of the reduced
activity for the mixed catalyst. The data for the pure Na,C0; catalyst on
the other hand form discrete curves for each steam rate. Thus, these runs
suggest that the Na,CO,; catalyst does not maintain activity as the run
proceeds as well as K,COj;.

Gasification rate data for 50/50 weight mixtures of Na-CO; and
K2C03 at Tevels of 10, 15, and 20 wt.% on coal are compared with the cor-
relation line for multiple runs with 10% K»C0; in Figure 2.2-2. Based upon
the data obtained, the 5% Na/5% K mixed catalyst has about 20-25 percent of
the activity of the 10% K,C0;. A fundamental measure of the relative
activity of two catalysts is the ratio of residence times required to achieve
a given level of the ordinate--moles carbon gasified/mole steam fed
("effective " steam conversion). As expected, reactivity increases as
catalyst loading increases; with the 10% Na,C03/10% K,C03 catalyst only about
one-fourth the residence time is required to reach the same value of the
ordinate (carbon gasified/steam fed) as with 5% Na,C03/5% K,C03 catalyst.
More importantly, however, although the data for the 10% Na,C05/10% K,CO03
catalyst show some scatter, it is clear that the mixed catalyst has
essentially the same activity (within experimental accuracy) as 10% K,CO3
alone. Thus, at the reaction conditions of interest, Na,CO; has little
catalytic activity when used in combination with K,CO;.

One of the original incentives for using the mixed catalyst rather
then K,CO3 alone was a belief that sodium would act as a scavenger for
aluminum compounds in the coal, which have been found to tie-up a portion of
the potassium catalyst as catalytically inactive aluminosilicates. Analyses
of the char residues from the mixed catalyst runs revealed that while some
sodium is initially tied up, the sodium is displaced by the more active
potassium as carbon conversion increases. Figure 2.2-3 shows this progressive
tie-up for the 20 wt.% mixed catalyst. Similar results obtained for the 15
wt.% and 10 wt.% mixed catalyst are shown in Figures 2.2-4 and 2.2-5. Thus
at high carbon conversions only small amounts of sodium are present as
aluminosilicates. Since with a mixed Na,C03/K,C0; catalyst the makeup
required to compensate for catalyst tied up with the ash would still be

essentially all K,C03;, there is little incentive for using Na,CO3 in
admixture with K,C0j.
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CATALYST RECOVERY IN MIXED CATALYST SYSTEM
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Figure 2.2-5

CATALYST RECOVERY IN MIXED CATALYST SYSTEM

100

CATALYST TIEUP, MOL % OF ULTIMATE TIEUP

778-2-91

POTASSIUM

5% K2C03 /5% NapC03

1300°F
- 500 psig
| | | l
0 20 40 60 80 .
CARBON CONVERSION, % OF C IN COAL

-43-

100




2.3 RECOVERY OF WATER-SOLUBLE CATALYST

Bench scale studies of water soluble catalyst recovery focused on
three major objectives: to identify the chemical forms of potassium present
in the recovered catalyst solution; to determine how recovery of water
soluble potassium in the CRU could be improved; and to learn more about trc
physical and chemical effects occurring in catalyst leaching.

Initial investigations revealed that water soluble potassiur is
present in solution as K,C0s, KOH, and potassium-sulfur compounds. Althouch
the proportions of K,CO; and KOH vary with pH, these two compounds togetner
constitute 75-807 of the water soluble potassium in solution. The inter-
conversion of these two compounds is insignificant, as both are active
gasification catalysts.

The remaining 15-25% of the water soluble potassium is present in
solution as sulfur compounds. Current evidence indicates that K,S is the
predominant potassium-sulfur compound on fresh gasifier char, but this com-
pound is readily oxidized in air to K,5,05; and K,S0.. This oxidation was
demonstrated in an experiment in which char samples were withdrawn from the
FBG under a nitrogen blanket and then leached with water, again under an
inert atmosphere. The results were then compared with samples withdrawn
under partial blanketing. The table below summarizes the leaching results.
The hydroxide analyses were obtained by difference.

Percent of K Tied Up with Various Sulfur

Species in Leaching Solution

Complete
--------- Partial Blanketing---------e--- Blanketina

1 2 3 5 6 7 8

Sulfate Sulfur 4.7 3.3 3.8 4.0 2.8 5.7 1.0 0.2
Sulfide Sulfur 2.9 7.9 7.1 6.7 5.6 8.8 12.0  15.7
Thiosulfate Sulfur 15.5 3.5 9.9 9.1 9.5 11.5% 3.0 0.9
Carbonate 47.6 45.8 53.1 53.8 60.4 31.7 65.0 39.3
Hydroxide 29.3  39.5 26.1 26.4 21.7 42.3 19.0 43.9
Total 100.0 100.0 100.0 100.0 100.0 100.0 100.0 103.0

In order to qualitatively assess the rate at which the oxidation
occurs, another brief study was performed. 3amples of residue which had
been withdrawn from the gasifier in an inert atmosphere were exposed to air
for varying periods of time by spreading the samples on a flat pan. The
samples were then washed with a large excess of water (20 fold) and the levels
of sulfur compounds in solution were determined. These data are shown below.




Time mceemccmm————————— PDM=m == mm e cmceem e

of Air Exposure Sulfide Thiosulfate Sulfate
Before Leaching Sulfur Sulfur Sulfur
None 1050 125 15
10 Min. 230 680 375
3 hrs. 50 1240 500

It is evident that relative to a sample which had not been exposed
to air, even a ten minute exposure resulted in a substantial reduction in
the level of sulfide sulfur with an accompanying increase in the concentrations
of thiosuifate and sulfate. After three hours of exposure 95% of the sulfide
sulfur was converted to oxidized sulfur forms. However, fresh char withdrawn
without contacting air produced 1ittle sulfate and thiosulfate, and most of
the sulfur in solution is in the form of sulfide. Thus K,S would be the
predominant sulfur form in a commercial unit where ash-char residue would be
withdrawn from the gasifier and leached without exposure to air. Although
K,S is believed to be an active gasification catalyst, confirming data are
nezded. Also, depending on the type of coal drier empioyed, the sulfide could
be converted to K,S0, in the coal drying step, and X,S0. is known to be
significantly less active than K,S

One alternative to the recycle of K,S is the stripping of the re-
coverec catalyst solution with COp to convert the sulfide to the carbonate:

€0, + H, S+

KZS + C02 + HZO - K2 3 o

The effect of CO, acidification on the water washing of ash/char residue

was examined for a residue obtained from a Fluid Bed Gasifier run with 15 wt.%
K2C05 on I1linois coal. Care was taken to prevent air exposure and oxidation
of the residue. Ten grams of the residue were added to 250 ml of H,0 and

the slurries were exposed to either a C0, or N, atmosphere at 100°C for three
hours. Anelysis of the solution and residual char are shown below.

Atmosphere NZ - COZ

Solution -<=-Mi1limoles---
Sulfide 5.0 <0.1
Total Sulfur 5.9 1.2
K 54 51
1 6 0.7

Char
Residual Potassium 23 o5
Total Sulfur 10 11
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Acidification with CO, removed essentially all of the sulfide sul-
fur and reduced the total sulfur in solution by at least a factor of five.
The CO, treatment also reduced the silica in solution by a factor of ten.
The treatment had no effect on the potassium or sulfur remaining on the
char. Thus, it would appear that CO, stripping will be effective in con-
verting recovered K,S to K,COj5.

Additional catalyst recovery studies were initiated to investigate
lower-than-expected recoveries of water soluble catalyst obtained in tne
CRU during catalyst recycle operations. In order to determine how recovery
could be improved, several runs were conducted in which F8G char was serially
washed with portions of distilled water. Fresh distilled water was used for
each wash (i.e., a cross-current extraction), and the water/char ratio wzs
3/1 on a weight basis.

Figure 2.3-1 shows the recoveries of water-soluble potassium achieved
for 80% and 90% converted chars. It is seen that it is apparently more

difficult to remove the "water soluble" potassium from the more highly con-
verted char.

It was postulated that this behavior is due to exposure of the char
to air. Highly converted chars are very reactive due to the high effective
catalyst loading on the remaining carbon residue. When exposed to air, tre:e
chars react with oxygen and/or water vapor in the air, becoming quite hot,
and occasionally will spontaneously ignite. Although some precautions are
taken to prevent exposure of the char to air, it is possibtle that sufficient
air may leak into the char storage containers over a period of months to

react with the char and significantly alter the behavior of the char durirg
water washing.

In order to test this theory a sample of highly converted (97")
char was withdrawn from the FBG taking particular care to cool the char and
keep it under inert conditions. The char was then water washed three times
with Tow water/char ratios, the entire procedure being carried out in a
nitrogen atmosphere. Then, in order to determine the effect of air exposure
on recovery, the procedure was repeated with samples of the same char that
had been exposed to air for specific lengths of time.

The results are shown in Figure 2.3-2 and compared to the results
obtained for an older, unblanketed char with a catalyst loading and con-
version similar to the fresh char. The unexposed char showed more than twice
the potassium recovery of the older char after three washes, indicating that
preventing air exposure may indeed be the critical factor in allowing high
recoveries of water-soluble catalyst.

The fresh char which was exposed to air for 30 minutes also showed
8 Tower potassium recovery than the unexposed char. In addition, even after
30 minutes exposure, the char was still quite warm, indicating that a reaction
was still occurring. Thus, it seems likely that longer exposure to air might
result in even lower recoveries of water soluble potassium.

Fu?ure experiments will test the effect of longer exposure times
on recoverability of the catalyst. It is clear that the oxidation of
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Fogure 2.3-7
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sulfide can not explain the reduced recoveries cobtained after air exposure,
as both potass1um thiosulfate and potassium sulfate are soluble in hot
wzter. Also, since sulfur compounds constitute only 15-25% of the water
soluble potassium, it would be impossible to attribute a 50% reduction

in catalyst recovery to sulfur conversion. Therefore, investigations are
now underway to find another mechanism by which air exposure affects re-
covery.

Investigations have also begun into the "fundamentals" of water

g. Several runs were conducted in which FBG char was serially washed
water/char ratio of 50/1. Although this ratio is not commercially

» the results obtained are very interesting. The results of one

of washes are shown in Figure 2.3-3. Notice that the first wash re-
slightly more potassium than the amount analyzed as "water-soluble".

s expected since "water-soluble” potassium is determined by a separate
is in which one gram of char is washed with 250 grams of distilled

znd the extracted potassium measured. The "water-soluble"” analysis
amount of potassium removed in our laboratory test agree within 10
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The surprising fact about the data shown in Figure 2.3-3, however,
is thet amounts of potassium far exceeding the "water-soluble" 1imits can
indesd be removed by water washing. Unfortunately, such recovery of
"wzter-scluble" potassium is only possible with large amounts of water and
lonc contact times between the water and char. One possible expianation for
this behavior is that the "insoluble" potassium remaining on the char which
has so far been found to be principally in the form of aluminosilicates has
¢ finite, albeit smail, solubility, and thus could be removed by water
wzshing., Another explanation suggests that some of the residual potassium
iz held on active char sites by ion-exchange and that displacement by
hiydrogen ions in the water wash is difficult, especially in the basic pot-
assium solutiaon.

As & test of this ion-exchange hypothesis, one series of cross-
current washes was carried out using a saturated calcium hydroxide solution
instead of distilled water. The results of this test are shown in Figure
2.3-4 and compared to the results obtained using distilled water.

A significant improvement in potassium recovery was observed when
using Timewater. Of course it is uncertain whether this is due to ion-
exchange or to another (possibly chemical) effect. Investigations of this
behavior will continue.

<.4 RECOVERY OF WATER-INSCLUBLE CATALYST

The chemistry involved in the recovery of water insoluble potassium
was briefly summarized in the January-March, 1977 Quarterly Report. Recent
work has resulted in a better understanding of the chemistry involved, as
summarized below.

The major constituent of the water-insciuble potassium in the
gesifier char is synthetic kaliophilite (KA1Si0.). This compound is produced
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Figure 2.3-4
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in the gasifier by the reaction of clay minerals (e.g., kaolinite)
originally in the coal with the added K,CO3 catalyst:

A1.Si.0-(0H), + K,CO, 1400°F JKA1SI0, + CO + 2H.0
2°'2°5Y 8 T 23 gasifier 2 4 2

—

I>

kaolinite kaliophilite

The hydrothermal reaction of the gasifier char residue with Ca(0H), at

300°-400°F results in a variety of solid products. Two major components heve
been identified .and studied by X-ray diffraction techniques. The two com-
pounds are hydrogarnet, a calcium aluminum silicate hydrate, and tobermorite,
a hydrated calcium silicate. The hydrogarnet formation is represented by

the following reaction:

3Ca(0H), + 2KATSiO, 303°F 5 CaglySi0,(0n)g + §10, + 20 (8]
ours

¢

8
hydrogarnet

The hydrogarnet species formed has a 3:1 Ca/Si ratio as determined by the
X-ray diffraction results. The excess silica produced in reaction (B) along
with "free" silica already present in the char reacts directly with Ca(0R),
to form a poorly-crystallized tobermorite:

6510, + 5Ca(OH), _300°F (Ca0)-(Si0,) . (H,0) (C)
2 12 —7—Tﬁﬂﬁ§r—%> 5 2°6*°2775

tobermorite

In I1linois coal, the Si/Al molar ratio is approximately 2:1. Assuming that
virtually all of the aluminum is in the form of kaliophilite (which has 1:1
Si/Al ratio), then there is about a 50/50 distribution of silica as kalio-
philite and as “free" silica. Taking into account this silica stoichiometry,

an overall reaction can be presented by appropriately combining reactions (E)
and (C) as follows:

4KA1Si0, + 11Ca(OH), + 4510, +4H,0 _ 300°F
4 2 2 T2 >
0.1 M KOH

41XOH +2Ca3A12(S1‘04)(0H)8 + (Ca0)5(8102)6(H20)5
hydrogarnet tobermorite
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. In the January-March 1977 Quarterly Report, it was suggested that
significant_amounts of KA10, would be present in the reaction solution. How-
ever, only 7 x 10'3§_was actually found in the solution of a typical hydro-
thermal run. This observation is readily explained by the formation of the
calcium aluminum silicate hydrate (hydrogarnet).

Work completed early in 1977 indicated that 3-5 wt.% potassium
carbonate catalyst on I11inois coal was deactivated by reaction (A). Work
began on the recovery of potassium present in the ash/char residue by di-
gestion with Ca(OH), in March.

A bench scale "tubing bomb" reactor, shown schematically in Figure
¢.4-1, is used for the experimental program. The standard procedure is to
Toad the tubing bomb with char, Ca(OH),, water or a solution of KOH, and
severe]l inert steel balls to provide mixing. The bomb is pressure tested
with an inert gas for 500 psig, and then rotated in a furnace. After the
run, the bomb is cooled before opening. The contents are separated by
Tiltration, and approximately 300 m1 distilled water is used to rinse out the
tubing bomb. Several runs were made to determine if additional rinsing of
the filter cake would result in further recovery. This additional rinsing
was found to have very little effect on recovery, but has been continued to
assure that the char pores are flushed with distilled water as completely
as possible.

The char is analyzed before and after treatment to determine acid
scluble and water soluble potassium. For both tests, small portions of char
are combined with 50 ml of 1iquid and refluxed for 2 hours. Distilled water
is used to determine water soluble potassium, and 2M HC1 is used to determine
acid soluble potassium. The resulting supernatants are analyzed by atomic
zbsorption to determine the weight percent acid or water soluble potassium
present on the original char. The difference between these two values is
defined as the "water-insoluble" potassium.

Initially, experiments were carried out on char which had been
washed to remove the water soluble potassium. However, the recoveries for
these runs were Tow, and a second series of experiments were conducted with
char which had not been water washed. In all cases, 10 grams of char and
100 m1 of water were added to the reactor. The tests were performed at a
temperature of 400°F and a residence time of 4 hours. The recoveries of
vater-insoluble potassium greatly increased when unwashed char was used.
Trie difference in recoveries is shown by the data summarized below:

% Insoluble

Char Ca/K Insoiuble K Recovered
Washad 1.5 46
Washed 2.9 34
Washed 3.7 40
Unwzshed 1.9 83
Unwashed 2.5 73
Unwashed 3.7 86

-53-



Figure 2.4-1
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The calcium to potassium mole ratio (Ca/K ) given in the above table is
based on the insoluble potassium originally present on the char and the
caicium loaded as Ca(OH);. Apparently, the pH was elevated-by the presence
of water soluble potassium compounds on the char, which promoted the breakup
of the KA1Si0,.

Several runs were made to investigate the effect of elevated pH
on the recovery of water-insoiuble potassium from the ash/char residue.
Both weter weshed and unwashed char were separately treated with distilied
water and with 0.25N NaOH. The runs were made at a temperature of 400°F and
& residence time of 4 hours. The data from these runs are summarized below:

Ca/K % Insoluble
Char Liguid Insoluble K Recovered
Washed 0.25N NaGOH 3.3 61%
Washed H,0 3.2 37%
Unwashed 0.25N NaOH 3.7 89%
Unwashed H,0 3.7 75%

The significant difference between the recoveries for the washed char confirms
that increzsing the pH favors the recovery of water insoluble potassium.

The results of these experiments led to several runs with different
potassium solutions. In a commercial countercurrent catalyst recovery
system, the ash/char residue would be combined with K,CO3/KOH solution from
the downstream water washing steps. Thus runs were made with water, 15% KOH
and 20% K,CO3, to assess the impact of these solutions on the recovery of
water-insoluble potassium. As in previous runs, the temperature was set at
400°F for a residence time of 4 hours. The data for these runs are summarized
below:

% Insotuble

Liquid Ca/K Insoluble K Recovered
Water 2.3 72%
15% KOH 2.5 73%
15% KOH 2.5 88%
20% K2603 2.9 41%
20% K2C03 2.4 28%

As might have been expected from previous runs with NaOH solution, the runs
made with KOH gave good recoveries, however, very poor recoveries were
achieved with K,C05; solution.

The ash/char residue used in all work up to this point was produced
from & feed coal containing 10 wt.% K,CO3 catalyst. A second char produced
from coal which contained 15 wt.% K,C0; catalyst was used for several recent
runs. Both distilled water and KOH solution were used for the runs, which
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were mide at 400°F for 4 hours. These data are shown below and in Figure

¢.4-2.

Ca/K % Insoluble
Liquid Insoluble K Recovered
H.0 2.9 76¢
H,0 2.0 92"
15% KOH 2.4 g7
15% KOH 1.2 79
15 KOH 1.3 g7

The recoveries of water insoluble potassium from this second char are
generally higher than those reported for the first char. Since the absolute
gmount of water-insoluble potassium is not a function of the initial catalys*
lTevel on the coal, this improvement of water-insoluble potassium recovery

was unexpected. Oxidation of the two chars may be a factor in the difference
in recoveries shown,




Figure 2.4-2
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3. ENGINEERING RESEARCH AND DEVELOPMENT (REPORTING CATEGORY 3)

Engineering research and development studies are being carried
out under the Catalytic Coal Gasification Precevelopment Program to provide
economic evaluations of process alternatives and to develop an estimate of
overall process economics at the end of the contract period. This work is
organized into the following three sub-tasks: Catalyst Recovery Studies;
Gasification Reactor System Studies; and the Catalytic Coal Gasification
Study Design.

Work began on the first two subtasks in October, 1976 and studiec
completed or in progress as of June, 1977 are reported in Sections 3.1 ans
3.2. The Catalytic Coal Gasification Study Design began in June, 1977 and
is discussed briefly in Section 3.3. A1l work under Task 3 of this progran
was carried out at Exxon Research and Engineering Company's Engineering
Center located at Florham Park, New Jersey.

3.1 CATALYST RECOVERY STUDIES

Catalyst recovery studies were initiated in October, 1976 to
define alternative approaches to catalyst recovery and makeup which minimize
overall costs, considering the cost of catalyst makeup in the large quantities
required for a commercial gasification plant.

3.1.1 Commercial Sources of Potassium and Sodium Catalyst

Work was initiated to assess the potential sources and costs of
potassium (K) and mixed potassium/sodium (K/Na) catalysts when produced in
the quantities required for a commercial catalytic gasification industry.
Estimates of catalyst costs will help to establish incentives for reducing
catalyst makeup requirements, such as by adding facilities for the recovery
of water-insoluble catalyst to the mulitistage countercurrent water wash
system included in the current Base Case.

An extensive literature investigation was carried out to determine
the domestic consumption patterns of alkali metal carbonates, potential
catalyst source minerals and compositions, and commercial and developing
technology used to produce potassium hydroxide and carbonates. The results
of this investigation are summarized in Tables 3.1-I1 and 3.1-II.

As shown in Table 3.1-1, there are substantial deposits of sodium
carbonates in the United States. Na,C0; exists in conjunction with other
Na salts in brine from Searles Lake and Owens Lake in California. Larger
sources of naturally occurring Na,C0O; are found in Wyoming in the form of
trona (Na,C03.NaHCO3.2H,0). A currently untapped source of NaHCO; which
is found in nature is nahcolite. Nahcolite deposits are found in Colorado,
Utah, and Wyoming, usually in association with oil shale deposits. Large
quantities of technical grade Na,C0, manufactured from trona or via the

Solvay process are marketed domestically, Thus, availability of Na,CO;
would not be a problem if it were an active catalyst.
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Chemical

Table 3.1-1

PRINCIPAL SOURCES OF POTASSIUM & SODIUM SALTS

Sodium Compounds:

(] NaZCOB

o NaHCO4

]
§?Potassium Compounds:

e KoC0q
o KHCOg

o KOH

8 KCl

& KoS04

Notes:

Potential Alterpate

1975 Domestic

Current. Sources Sources Consumption
(k ST/Yr)
Trona deposits in - 7,500(])
llyoming and brines
in California;
also manufactured
from NaCl via
Solvay process
Carbonation of NyCO5 Nahcolite deposits in 200
solution; also as a  Utah, Wyoming and
Solvay process in- Colorado
termediate
tarbonation of KOH Various chemical processes 65
: using KCl or KpS0y feed
Carbonation of Engel-Precht process Small
K2€03 solution using KC1 feed
Electrolysis of Electrolysis of KC1 200
KC1 (Hg cells) (diaphragm and membrane
cells)
‘Deposits in New Deposits in Arizona, 7,900
Mexico, Utah, Montana, Nebraska,
California and N. Dakota, Mew Brunswick,
Saskatchewan U.5.5.R. and Israel
Deposits in New Various chemical processes 400

Mexico, Utah,
California & Texas

using KC1

(1) 4,500 kST/yr from trona and 3,000 kST/yr from Selvay process,

(2) An additional 100,000 MST reserve of KC1 is in Canada.

Y b =1n"

9 = 1nb

Identified Domestic

Minﬂt?ﬁ§$§53ryea_____

50,000

Very large

Nil
Nil

Nil

300(2)

Large
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Process

Electrolysis of KCl

Table 3.1-11

ALTERNATIVE PROCESSES TOR PRODUCTION OF POTASSIUM CARBONATE

' Developmental Status

Presently commercial in U.S. (Hg cells).
Final development work required to
apply diaphragm or membrane cells.

Reactions

2 KCT + 2 Hp0 ~—— 2 KOH + Clp + Hp
2 KOH + COp -—— KpCO3 + H»0

Engel-Precht Process

Commercial in Germany prior to 1938 as
a batch operation; during past several
years, University of Saskatchewan has
done bench-scale work to modify batch
operation to continuous.

Formate Process

Commercial in pre-WW 11 Germany,
ca 1938.

Mg0 + Hy0 —— Mg(OH),
Mg(OH)» + COp + 2Hp0 —— MgC03-3Hp04
3(MgC03-3H20)+ COp + 2KCT -——s
2(KHCO3-MgC03-4Hp0)+ + MgCl;
KHC03-MgC03-4Ho0 ——
KHCO3 + MgCO3-3H20+ + H20

KpS0q + Ca(OH)p + 2C0 -- —
2KHCOp + CaS04 «
2KHCOp + 02 — KpC03 + COp + Hp0

Reduction of K»S04h

Bench-scale studies.

Electrolysis of K»S04

Bench-scale studies on analaqous
NapS04.

KpS0gq + 3Hp + CO —— K25 + 3H20 + (07
k2S5 + €02 + Hp0 -—-—— KpC03 + HpS

2K2504 + 2Hp0 + 4Hg ——

aK(lg) + 0p + 2HSOq
?K(Hq) + 2Hp0 ——— 2KOH + Ho + 2lig
JEOR # COo - KoCq + HOO




Presently, only limited quantities of potassium are marketed as
K-CO3 1in the United States, and no significant deposits of K2CO3 are found
in nature. However, the United States and Canada do have large deposits
of other K salts from which substantial quantities of KC1 and K,S0, are ex-
trected for sale as fertilizer. Such K salts are commonly known as "potash".
Potassium carbonate--and other catalytically active K salts such as KOH,
KHCOs , and parhaps KHCO,-- must be manufactured from these available KCI or
K2S0: source minerals. “The KoCO3 which is sold today is manufactured by
carboriation of KOH produced by electrolysis of KCI.

In addition to electrolysis of KC1, four other processes have been
identified for conversion of K salts to K,C0;. The development status and
major reaction steps for these five K,C0; processes are shown in Table 3.1-II.
The final step in some of the processes involves conversion of KOH, KHCO3
or KHCO; to K2CO3. This step may be unnecessary, since these salts are
likely to be active gasification catalysts based on eariier bench-scale
screening tests. Literature sources indicate adequate reagent availability
for the Engel-Precht reaction and the formate reaction. Large quantities of
both Mg0 and Ca(0OH), are available from normal market sources.

Potassium salt manufacturers have been contacted to supply non-
proprietary informetion on commercial and developing routes to make KOH and
K,C0;. At present, almost all domestic KOH is made via mercury cell electro-
lysis of KC1. The small remainder is made via diaphragm cell electrolysis
of KC1. K,CO3 is made subseguently by carbonating KOH. By the 1985-1990 time
frame, the presently developing membrane cell technology will be commercially
cvailable for KC1 electrolysis. Also recently identified is an Amine Process
(or "Modified Solvay" Process) now commercial in France to produce KHCO;.
kaditional information on these processes will be obtained during the latter
half of 1977, including cost information for electrolysis alternatives as
discussed below.

3.1.2 "Cash Flow" Analysis of Alternative Catalyst Manufacturing Processes‘

Scoping studies were carried out to define and compare the “cash
flows" for the alternative processes for potassium catalyst manufacture
Tisted in Table 3.1-II. The objective of these studies was to screen the
manufacturing alternatives to select candidates for further, more detailed
evaluation.

The initial step in defining the "cash flows" was to develop costs
end values for the various raw materials and byproducts involved in these
processes. Representative prices (f.o.b. source) were developed for all
chemicals of interest based on Chemical Marketing Reporter cost trends and
vendor contacts. Typical rail shipping costs to the I1linois area were
added to the f.o.b. prices of the raw materials.

The results of the catalyst manufacture "cash flows" studies are
surmerized in Table 3.1-I1I. For each process, the "minimum catalyst cost”
shown in the teble consists of the estimated catalyst manufacture plant raw
materials costs, the estimated investment charges and operating costs for
utilities, and any additional costs due to changes requiraed in the SNG plant.
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Catalyst Source

Table 3.1-111

Purchased Chemicals at Market Price:

+ Purchased KOH
+ Purchased KZCO3

Catalyst Manufacture via Electrolysis:

+ KC1 Electrolysis
+ K2504 Electrolysis

catalyst Manufacture via "Chemical®

Processes:

+ Engel-Precht Process (KCI Feed)
+ Formate Process (K S0, Feed)

+ K2504 Reduction

Note:

(1) Minimum Catalyst Cost co
for utilities, and any a
It excludes the cost of investment for t

tankage.

FCONOMIC_SUMMARY

Catalyst Form

45% KOH Solution
Calcined K2C03

30-45% KOH Solution
45% KOH Solution

25% KHCO3 Solution
87% KHCO, Solution
Calcined K2C03

CATALYST MANUFACTURE CASH FLOW STUDIES

Relative Minimum
Catalyst Cost (1)

(% of Purchased KOH
Cost on K-[Lquivalent
Basis)

100 (Base)
121

26-33

74
96
105

Estimated
Added Invest-
ment Llevel

Base
Nil

High
High

Medium
Low/Medium
Medium

nsists of the raw materials costs, investment charges and operating costs
dditional costs {investment and operating) due to changes in the SNG plant.
he catalyst manufacturing facilities and associated product



It excludes the investment charges (maintenance and return) for the catalyst
ranufacturing facilities and associated product tankage.

The "minimum catalyst costs” are shown as percentages of the cost
of KOH solution purchased on the open market at the price listed in the
Chemical Marketing Reporter. This price was confirmed by contacts with KOH
manufacturers. As indicated previously, all domestic KOH is produced by
electrolysis of KC1. As indicated in Table 3.1-111, purchased K,C03 is more
expensive than KOH at market prices. This is a reflection of the fact that
K,CO; is presently manufactured from KOH using additional carbonation and
drying steps. Since KOH has been shown to be at least as effective a
gasification catalyst as K,C0; in fixed bed gasification tests, it appears
that KOH is the preferred form of makeup catalyst for catalytic gasification,
if electrolysis is the method of catalyst manufacture.

"Cash flows" for two major categories of manufacturing processes
have bean developed for comparison with purchased KOH: electrolysis
processes and chemical processes. On an economic basis consistent with the
basis used for gasification screening studies, the "minimum cost” for KOH
manufacture via KC1 electrolysis ranges from 26-33% of the KOH market price.
As indicated above, this “"cash flow" is based on estimated feedstock and
utilities requirements, and does not include capital charges on electrolysis
investment. Since the investment for electrolysis is expected to be fairly
large, the "gap" between the "minimum cost" and the market price could be
eliminated when investment charges are inciuded. On the other hand, pro-
jected costs for catalyst makeup, even for KOH from KC1 electrolysis., could
differ from current market prices because of differences in factors such as
plart size &nd location, electrolysis technology, KC1 feedstock grade and
cost, unit costs of utilities, acceptable return on investment, and the
contrzctual basis for supply. As an example of the latter, KOH might be
supplied by & chemical company under long-term contract at a price below
that prevailing in the open market. 1In order to help in understanding the
potential impact of such factors on the economics of KOH manufacture, more
detailed studies of KCi electrolysis are underway. Vendor contacts are
being made to obtain estimates of electrolysis investments and operating
cost factors Tor use in these studies. The total and relative costs of KCI
electrolysis aiternatives in the context of a future commercial catalytic
gasification industry should be better defined at the compietion of these
studies in the latter half of 1977.

"Cash flows" were also estimated for presently non-commercial
manufacturing alternatives: electrolysis of K,S0, and three “chemical™
processes (the Engel-Precht process, the formate process, and direct re-
duction of X;S0,). The chemistry and development status of each of these
alternaiives was discussed in Section 3.1.1. Although different makeup catalyst
forms are involved, &11 have similar catalytic activity per potassium equi-
vzient. The relative "minimum catalyst costs” have been expressed on a
potassium-csguivalent basis to eliminate the effect of the differences in
fcrm. To put these minimum cash fiows in better perspective, the last
cciumn of Teble 3.1-111l1indicates what the relative maanitudes of added
investment for thz catalyst manufacturing alternatives are likely to be
tzzed on current information and judgement.
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Based on these scoping studies, the most attractive chemical
process appears to be the KCl-based Engel-Precht process. The K,SO,-based
processes (K,SO, electrolysis, formate, and K,SO, reduction) all suffer from
the fact that potassium from K,S0, is estimated to cost approximately twice
as much as potassium from KC1. With investment charges included, it is
1ikely that these processes would exceed the cost of purchased KOH.

Although the Engel-Precht process is more costly on this "“cash
flow" basis than KC1 electrolysis, the latter is expected to require the
larger investment. Thus, it is not apparent, from these studies alone,
how the total cost of KOH from a grass-roots KC1 electrolysis plant would
compare with purchased KOH or the equivalent KHCO. from a grass-roots
Engel-Precht plant. To help in this comparison, a more definitive screening
evaluation of the Engel-Precht process was carried out, including an
estimate of the investment required. The results of this study are presented
in the following section.

3.1.3 Screening Evaluation of the Engel-Precht Process

A screening-quality evaluation of the Engel-Precht process for
manufacturing potassium catalyst for the catalytic gasification process has
been completed. Based on the "cash flow" scoping studies reported above,
the Engel-Precht process appeared to be the most economically attractive
of the alternative chemical processes which were considered.

Historically, the Engel-Precht process was used in Germany to
manufacture potassium carbonate and bicarbonate commercially as a batch
operation from about 1900 to 1938. In about 1938, the formate process (K;SO.
to KHCO,) superceded the Engel-Precht process. In the last 20 years, Israe’
and Saskatchewan have had renewed interest in the Engel-Precht process
to convert their KC1 deposits to K,CO3 or KHCO, in a continuous operations.
A1l the process basis information used in developing this study was taken
from the open literature. Significant uncertainties exist as to the quality
and consistency of the available data. Based on the literature, no com-
mercial Engel-Precht plants, continuous or batch, are presently in operation.

The Engel-Precht process involves four reaction steps, as follows:

(1) MgCl, + Ca0.Mg0 + 2H,0 ~ 2Mg(OH), + + CaCl

2 2

(2) Mg(OH), + CO, + 2H,0 - MgCO

2 2 .3H,0 +

2 3772

(3) 3(MgCO, 3H,0) + CO, + 2KCT » 2(KHCO» MgCOy 4H,0) + + MgCl

2 2

KHC03-MgC0 -4H20 -+ KHCO, + MgCO3-3H 0+ +HO0

3 3 2

3
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Because reaction (4) requires careful control of reaction conditions to
procuce reusable MgCOs- 3H,0, only a dilute KHCO; solution can be made
directly (about 9 wt.% maximum). Steam-heated evaporators have been in-
cluded in the screening case to concentrate the product solutions to 25 wt.%
for feed to the catalyst addition facilities.

Investment costs for this Engel-Precht screening evaluation fall
into three main categories: costs of materials handling and processing
equipment to carry out the Engel-Precht reactions, costs of facilities re=-
quired to supply needed utilities (principally the steam for the evaporators)
and net costs of modifying the catalytic gasification plant to receive
catalyst makeup as 25% KHCO3 solution. The Engel-Precht process facilities
were cost-estimated based on individual equipment specification, and the
Eemaining facilities were prorated from the catalytic gasification "Base

ase".

The breakdown of the product KHCO; cost for the Engel-Precht
process screening evaluation is shown in Table 3.1-IV. Costs are shown as
percentzges of the cost of KOH solution purchased on the open market (on
& potassium-equivalent basis). This is consistent with the basis used 1in
presenting the results of the “cash flow" analyses in Table 3.1-III. As
shown in Table 3.1-1V, this screening study indicates that the totz] esti-
meted cost of KHCO, catalyst from an Engel-Precht plant is about 94% of the
cost of purchased KOH. This 6% advantage appears to be insufficient to
justify further development work on the Engel-Precht process as a catalyst
source for catalytic gasification. However, a final comparison must await
completion of ongoing studies to better define the cost of KCI electrolysis
to produce KOH.

3.1.4 "Cash Flow" Analysis of Alternative Catalyst Recovery Processes

Scoping studies to evaluate the "cash flows" for several alter-
natives to recovering water-insoluble catalyst from spent gasifier char and
fines have been completed. The alternatives studied include two cases in-
volving the "hydrothermal digestion" of gasifier solids with Ca(OH), and
thres processes which combine recovery of water-insoiuble catalyst using
acid wash with caetalyst manufacture via electrolysis of potassium salts
or the Tormate process. These screening economics provide an initial esti-
rate of the incentives for the recovery of insoluble catalyst to help
cuide ongoing laboratory studies.

To provide economic basis information for these "cash flow" studies
ths current sources and costs of Time (Ca0) and hydrated lime (Ca{0H);) were
invastigzted, including inquiries to vendors of these materials in the
I1Tinois area. Also, estimates of typical transportation costs for the
snipment of calcium compounds to a commercial gasification nvlant were
devalcped. Raw materials costs favor the use of 1ime rather than hydratsad
Tim2 &s the source calcium chemical. In turn, 1ime is norma1ly produced by
Sa]cination of Timestone (CaC0;) at plants Iscated nzar natural 1imzstonz

zposits
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Table 3.1-1V

ENGEL-PRECHT PROCESS SCREENING EVALUATION
BREAKDOWN OF RELATIVE PRODUCT CATALYST COST

Basis: Cost of Purchased KOH = 100 (Note 1)

. Raw Materials:

- KC1 (Agricultural Grade) 32
- Ca0-Mg0 (Calcined Dolomite) 6
. Utilities:
- Coal Fuel 4
-  Raw Water Nl
- Cooling Water Wil
- Electric Power 5
- Low Pressure Steam (Note 2) (3)
(] Byproduct Sulfuric Acid (1)
o Labor and Related Costs 5
. Investment-Related Costs 7
o  (Capital Charges (Note 3) 39
Total Product Catalyst Cost 94
Notes:

(1)
(2)

(3)

On a potassium-equivalent basis.

Operating cost credit for low pressure steam based on using non-
condensing steam turbine drivers to back out purchased power.

Capital charges based on 100% equity financing with 10% DCF
return.




The results of the catalyst recovery "cash fiows" are summarized
in Table 3.1-V. As in Table 3.1-111, the minimum catalyst cost, estimates
for the alternatives are compared to the cost of purchased KOH. 1In each
case, this cost consists of chemicals costs, utilities operating cost, and
additional costs due to changes required in the existing SNG plant. However,
the "minimun catalyst cost" exciudes investment charges associated with the
additional catalyst recovery system investments required for recovery of
the water-insoluble catalyst. The last column of Table 3.1-V . indicates
the relative magnitudes of these investments based on current information
and judgment. For the hydrothermal digestion cases, the "minimum catalyst
cost" refers to the incremental catalyst which is recovered in hydrothermal
processing over and above catalyst recovered in water washing only. For the
acid wash cases which incorporate catalyst manufacture, this cost refers
to the total catalyst supplied by the combined system.

Based on these scoping studies, catalyst recovery via hydrothermal
digestion with Ca(OH), offers the potential for substantial savings relative
to purchased KOH at the market price. The "minimum cost" of the incremental
potassium recovered via this route was estimated to be 36-54% of the cost
of purchased KOH, depending on Ca(OH), requirement. This evaluation was
based on bench-scale experiments showing 80% recovery of water-insojuble
potassium with a calcium-to-potassium mole ratio ranging from 0.53-0.8
(Ca(OH), added per total potassium originally present). Although invest-
ment charges for hydrothermal digestion are not included in the “"minimum
cost”, the added investment required for these facilities is expected to be
relatively small.

Catalyst recovery via acid wash integrated with catalyst manufacture
appears less attractive. Three process concepts of this type were screened.
The first two combine recovery of water-insolubie catalyst using acid wash
with electrolysis of potassium salts (i.e., KC1 and K2S0,). These salts
ére produced by acidifying the water-washed gasifier solids
(char and fines) with HC1 or H,SO0., and then neutralizing with KOH to preci-
pitate and separate catalytically inactive cations such as aluminum, silicon,
end iron. Makeup potassium as KC1 or K,S0, is also fed to electrolysis.

The KOH produced is sent to the neutralization step and to the catalyst
eddition step unstream of the gasifier. The third process concept also
begins by acidifying the gasifier solids with Hz;S0y. Then, the solids are
neutralized with Ca(OH),, precipitates are removed, and carbon monoxide is
added along with additional Ca(OM), to carry out the “formate" process re-
action producing catalytically active KHCO, and solid CaSO,. Since all
three of these cases are expected to reguire large investments, it is
apparsnt from the "minimum catalyst costs" in Table 3.1-V that the total
costs for these alternatives will probably exceed the cost of purchased KOH.

Based on the results of these “"cash flow" studies, a screening
study will be carried out for catalyst recovery via Ca(OH), digestion in
the latter half of 1977. Investments and operating costs for this case will
be comparad with costs for water washing only to select the preferred
gata?ystgrecovery approach for inclusion in the study design described in

ection 3.7.
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Table 3.1-V

CATALYST RECOVERY CASH FLOW STUDIES

ECONOMIC_SUMMARY

Estimated
Relative Minimum Added Invest
Catalyst Source Catalyst Form Catalyst Cost(}) ment_Level
{"# of Purchased KOH
Cost on K-Equivalent
5asis)
s Syrchased KOH at Harket Price: 45% KOH Solution 100 (Base) Base
e = Catalyst Recovery via "Hydrothermal Digestion":
4+  Rasifier So0lids + Ca(OH)2 {Ca/¥=0.53) 35% Mixed K-Salt Solution 36%;% Low
+ Gasifier Solids + Ca(OH)? {Ca/n=0.80) 35% Mixed K-5alt Solution 54 Low
~  Catalyst Recovery via Acid Hash Integrated with
Catalyst Manufacture:
+ Gasifier Solids + “C7 + KT Electrolysis 30% KOH Solution A3 Very High
+ Gasififer Solids + H,50, + X SO4 Electiroivsis 307% XOH Solution 92 Very High
4+ Gasi“ier S0tids + HZSOQ’* Fofmate Process 30% KIHCO, Solution 100 High

71V iMntiaes Zatalvst Cost consists of chemicals costs, aporating costs for viilities, and any additional costs (investment
and onerating) due ta changes in the existing SNG plant “acilities. It excludes the cost of investment for catalyst

~& 4

recovery and, where present, catalyst manufacturing and associated product tankage.

2) Minimum Catalyst Cos* “or the hydrotnermal freating aitermatives reflects the cash flow per unit of incremental
catalyst recovered above that recoverable by water wash.



3.2 GASIFICATION REACTOR SYSTEM STUDIES

Studies were undertaken to identify preferred reactor system con-
ons for catalytic gasification and estimate the impacts of reactor

s .
gurati
erating conditions on reactor volume and other process variables.

§
op

-
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ti

3.2.1 Evaluation of the Incentive for Secondary Gasification

During the fourth quarter of 1976, an engineering screening study
was cerried out to determine whether there is an economic incentive for
adding a secondary gasification step to the Exxon Catalytic Coal Gasification
Frocess. The objective of secondary gasification is to raise overall process
efficiency by increasing carbon conversion above that attainable in a single
Tluidized bed. The gas cost with secondary gasification was estimated to be
only 0.8 percent less than the "Base Case"” gas cost. This small economic
credit does not appear to offset the development risks due to greater system
complexity and thz potential for added technical problems. However, this
coriclusion could change if it were not practical to obtain high carbon con-

ersions in & single reaction step or if coal or catalyst casts increase
significantly. The basic assumptions, results, and economic sensitivities
for the secondary gasification case are discussed below. :

& scnematic reactor system flow plan with secondary gasification
is shown in Figure 3.2-1. The primary stage of the gasifier gasifies 90
percent of tha fTead carbon as in the current Catalytic Gasification "Base
Cese", and the secondary stage gasifies enough additional carbon so that
tha overall carbon convarsion is 95 percent. The secondary gasifier operates
gl a sT}ghLTJ lower pressure than the primary gasifier and receives as feed
11 of the entrezined solids which can be captured from the primary effluent
gas by an overhead cyclone and all of the char withdrawn from the primary
Tha =econdacy gasifier is fed a portion of the preheated steam/
:vc]e mixture and operates at a relatively low gas velocity to minimize
nes entrainment. The coal injection gas supplies a second source of re-
rcle gas for the primary gasifier. Since the steam and recycle mixture is
it on the basis of the steam required for each gasifier, the two gasifiers
not na1v1dua11y in recycle gas balance. (Recycle gas balance is achieved
n CO + H, in equals CO + H, out.) Recycie gas balance could have been
jeved by heating the steam and recycle streams separately and blending
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appropriate mixture for each gasifier. Since this would have increased
conr]e ity and cost of the preheat furnace, it was judged that the

Ter schemz would be batter.

Ut et o M

The process basis and some resulis of the material and energy
ces are prasented in Table 3.2-I. The key process basis items are
nangzd from the Bzse Case except where indicated in the table. The
eraa] balance was calculated assuming shift, methanation, and steam-
aohxbe equilibrium in each gasifier. The dSSJmpbiOE of steam-graphite
vilibrium resuits in feed steam conversions of 43 percent in the primary
nd 52 percent in thes sescondary which appear reasonable based upon the
net7c data obtained to date. The temparaturs in the primary gasifier was

ted at 1300°F &nd the secondary ga51f1°f temperature was determined by a

-

as-anc -error material and ensrgy balance. The secondary gasifier temperature was

-ty ).‘
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Figure 3.2-1
EXXON CATALYTIC GASIFICATION PROCESS WITH SECONDARY GASIFICATION
Raw Gas to Heat Recovery,

Scrubhing, Acid Gas Removal,
and Methane Recovery

Cyclone
Primary
Gasifier [ oo ines
Coal and 1300°F 1300°F
Catalyst From Secondary
500 S
495 Gasifier
psia

Lock

ock Hoppers bsia
Kl/ Char to Withdrawal
System and

Catalyst Recovery

L‘
o
1
Char
Injection
Gas A
800°F 175°F Recycle Gas From
) ) Methane Recovery
Unit
1542°F 1190°F Steam and Recycle Gas
Prcheated By
Feed Steam/ Gasificr Efffuent
Recycle Gas
Prcheat L___. Fucl
Furnace
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4DARY GASIFICATION
SEAT AND MATERIAL BALANCE(1)

“1:5

E
SUHFATY OF PO

Secondary Gasification

Base Case Incentive Case’
Reactor System "Primary" Gasifier Primary and Secondary
Only Gasifiers (Figure 1)
Feed Carbon Conversion:
Frimary Gasifier 90% a0%
Overzll 90% 95%
Conditicns:
Frimary Gasifier 1300°F/500 psia 1300°F/500 psia
Sacondary Gasifier . -- 1300°F/495 psia
Secandary GasiTier Sizing Basis:
SumerTicial Qutlet Velocity -- 22.5% of Primary
Volumetric Gasification Rate -- 50% of Primary -
Frzrzet Furnace Coil Qutlet
Temperature 1540°F 1542°F
ey Stream Retes:({2)
Ccel Fezed to Gasifiers 14,490 ST/SD 13,835 ST/SD
Cozl %o Boiler Fuel 1,860 ST/SD 1,925 ST/SD
Ccel to Dryer Fuel 650 ST/SD 620 ST/SD
Total Coal 17,000 ST/SD 16,380 ST/SD
Totsl Gasifier Steam Rate 84,164 moles/hr 85,633 moles/hr
Total Recycle Rate 51,292 moles/hr 51,605 moles/hr
Split of Preheated Steam/PRecycle A1l to Primary 94.0/6.0% to
Primary/Secondary
By-Product Rates:
Armonia 239 ST/SD 234 ST/SD
Sulfur 400 LT/SD 403 LT/SD
Sulfuric Acid 177 ST/SD 179 ST/SD
Utilities Requirements:
Electric Power 159 MW 157 MY
Raw UWeter 5,500 GPM 5,500 GPM
Ovzrall Therma1 Efficiency(3) 67.1% 69.5%
Mates:
(1) For plant sizzd to produce 257 GRtu/SD SNG.
{Z) A11 cozl rztes are for I11inois coal as received from coal cleaning.
. Higner heating valus is 10,620 Btu/1b.
(3) Trzrm2l =¥ficizncy includes purchased eleciric power (evaluated at a
no at nsat rate of 8,950 Btu/KWH) and by-products.
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found to be essentially the same as that for the primery gasifier, 130077 .
Also, the steam/recycle preheat furnace coil outiet temperature was cal-
culated to be almost identical to the Base Case value of 1540°F.

Stream rates are presented in Table 3.7-7 for the Base Case an~
the Secondary Gasification Incentive Case for plants producirg 257 GBtu/ST
net SNG product. Steam and recycle rates are up slightly, but the gasifier
coal rate is down about 5 percent because of the higher overall carbor
conversion. This increase in gas production per unit of coal increased the
overall process thermal efficiency from 67.1 percent to 69.5 percent. These
thermal efficiencies take into account all energy losses including those in
the power plant supplying the purchased electrical power. 1In sizing the
secondary gasifier, the outlet gas velocity was assumed to be 22.5 percent
of the Base Case primary velocity and the volumetric carbon gasification
rate was assumed to be 50 percent of the rate in the primary.

A breakdown of the relative investment for the Secondary Gasifi-
cation Incentive Case as compared to the Base Case is presented in Table
3.2-11. The total plant investment with secondary gasification has in-
creased by 1.0 percent over the Base Case investment. The addition of tr:
secondary gasifier increased the investment for gasifier vessels by about
20 percent. Reductions in the investment for other areas of the plarit 0¢7-
set about half the added investment in the gesifier area. The reduced cca’
rate decreased the investment for the coal feed ard catalyst handiing arcas.
The Tower coal rate and higher overall carbor conversion reduced the spert
solids rate to the catalyst recovery area to 84 percent of the Bace Case
rate. This resulted in investment savings in the char withdrawal, catalyst
recovery, and waste treating areas.

A breakdown of the relative gas cost for the Secondary Gasificetir-
Incentive Case as compared to the Base Case is shown in Table 3.2-111. Tne
total gas cost with secondary gasification is 0.8 percent less than the Base
Case gas cost. Savings in coal and catalyst are partially offset by in-
Creased capital charges associated with the net added investment. Thus,
based on these results, there appears to be only a marginal incentive for
adding a secondary gasification step at this stage in the development.

This conclusion is dependent on the validity of the basis assumptiong,

which will become clearer as the development proceeds. If conversion of 97
peicent of the feed carbon in a single reactor is not practically obtain-
¢hle--such as with a relatively friable coal feed which would produce ex-
cessive fines--or if coal cost or catalyst cost increases significantly, the:
there would be increased incentive to develop secondary gasification. Tne
intentive would &750 be larger if the disposal of char containing nearly E7
“avoon becomss an economic or environmantal protlem. For exatple, 11 =
“ignivicant charge per ton is added for solid wasce disposal, tho z000n s
thevn for secondary gasification could increase from the precent (.8 percert
o about 1.5-2.5 percent, depending or the assumptions mace. \1nt'w 8-
-1 ouncerteinty is gasification rate. If the vclumetiic carbo. gasitr atiun
rate in the secordary gasifier is equal to the rate in the primary, ratler
Losn B0 nercert of that rate, then the Secendary Casification Tase would 2z o

Toadtittor. U LLE percent relative to the Base Cese.
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Table 3.2-11

IMCENTIVE FOR SECONDARY GASIFICATION
INVESTMENT BREAKDOWN

Basis: Base Lase Total Investment = 100

Secondary Gasification
Base Case Incentive Case

e - - >
2t Frain. a&nd

¥zerials Handling

Cnz1 Handling 5.3 5.2
Char/Asn Handling 1.1 1.1
{atalys® Handiing 1.2 1.2
o2l Drving/Catalyst Addition 3.7 3.6
Suvtatal 11.3 11.1
niites
k=actor Systiem 17.4 19.1
Brekagt Furpace 5.6 5.6
Product Fzs Cooting/Scrubbing 9.7 8.7
Meda/HzS Recovery 2.7 2.6
#2id Gaz Removal/Sulfur Recovery 14.2 14.2
2uhEne Regoverw/Refrigeration 8.6 8.6
_ZEEIYST Recovary 1.9 1.5
Lomman Fac111t7es 4.4 4.4
Subtotal 64.5 65.7
Offsizes
Hzite Treating 2.9 2.8
cy-product Handiing 0.7 0.7
1izcelizneous OFfsites 4.7 4.7
Subictal 8.3 8.2
silitaes
I Treating 2.0 2.0
7.2 7.3
wrization 3.4 3.4
istribution 2.9 2.8
ilities 0.4 0.4
i5.9 16.0
700.0 101.0
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Table 3.2-111

INCENTIVE FOR SECONDARY GASIFICATION
SUMMARY OF RELATIVE GAS CGSTS

Basis: Base Case Total Gas Cost = 100

Secondary Gasificaticn

Base Case Incentive Case
o C(oal 261 25.72
e Gasification Catalyst 6.3 5.6
e By-products
- Ammonia (3.2) (3.2)
- Sulfur (1.9 (1.9)
- Sulfuric Acid (0.€) (0.6)
Subtotal (5.7) (5.7)
® Operating Costs
- Electric Power 7.9 7.8
- Raw Water 0.1 0.1
- Labor and Related Costs 5.8 5.6
- Investment-Related Costs 8.3 9.4
- Other Catalysts and Chemicals 0.6 0.6
Subtotal 23.% 23.5
¢ C(Capital Charges(]) 49 .8 50.3

TOTAL GAS COST

—
O
(]
O
Ve
0
~N

I

Note: Capital charges based on 100% equity financing with 10% DCF return.




There may be benefits in catalyst recovery performance due to the
raduced carbon content of the residual solids from secondary gasification
The present study takes credit only for the reduced weight of char/ash
solids to be washed. IF catalyst recovery can be operated with more con-
centrated slurries of char/ash solids after those solids are processad in a
secondary gasifier, the gas cost savings for secondary gasification might
increase from 0.8 percent to about 2 percent. If two or more of these
revised assumptions prove to be applicable, the potential gas cost savings
for secondary gasification could increase to 3 percent or more. Thus, the
secondary gasification alternative should be held in reserve pending further
definition of the catalytic gasification process performance in the base
configuration.

3.2.2 Impacts of Catalytic Gasifier Operating Conditions

Engineering screening studies were carried out to evaluate the
commercial impacts of alternative catalytic gasifier operating conditions,
such as catalyst composition and loading, temperature, and steam rate.

Four commarcial-scale cases have been evajuated for economic impacts as
sensitivities to the current "Base Case". They are as follows: a case

1ith the base temperature (1300°F) and 15 wt.% K,C05 catalyst loading on

feed coal (rather than the Base 7.5% K,C03/7.5% NayCO3); a case with lower
catalyst loading (10% K,C03); & case with Tower temperature (1200°F) and

15% K,C05 catalyst; and a case with a higher steam rate at 1300°F with 15%
K,C03 catalyst. In addition, the Base Case itself has been revised to reflect
tﬁe recent laboratory data showing in Tow activity for sodium and a selective
tie-up of potassium as inactive aluminosilicates in the mixed K,C03/Na,C0;
systenm.

A summery of the cases evaluated is presented in Table 3.2-IV. 1In
ezch of these cases, the steam and recycle gas rates were set based on
assurptions made about the extent of three reactions in the gasifier effluent
gases:

Shift Co + HZO = CO2 + H2
Methanation co + 3H2 = CH4 + HZO
Steam-Carbon C(S) + HZO = 00 + H2

The gases were assumed to be in shift equilibrium in all cases. The gasifier
model described below was used to predict the effective methanation equili-
brium temperature for each case. Methanation was estimated to be essentially
et equilibrium for all of the 1300°F cases. However, the methanation equili-
brium temperature for the 1200°F case was estimated to be 1210°F, that is,

@ 10°F approach. 1In all cases except the "Higher Steam Rate" case, ths
approach to steam-carbon eguilibrium was held constant so that the volumes
calculated by the gasifier model would reflect differences due only to
reaction kinztics and not to equilibrium. The technique used to do this

vas 0 set steam rate so that the gasifier effiuent gas was "at equilibrium”
for the steam~carbon reaction over graphite. (Since the carbon in coal de-
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Table 3.2-1v

IMPACTS OF CATALYTIC GASIFIER OPERATING CONDITIONS
SUMMARY OF CASES AND ECOnNOMICS (0

"Current" Base Case =  =-======-- Sensitivity Cases----e-ccmocnnnnns
15% 10% e
K,C0y K-CO- Lower N -
15% Mixed Catalyst Catalyst (Catalyst Te-:zrature
Previous “Present
Evaluation  Evaluation
e Gasifier Operating Conditions
+ Pressure, psia 500 ]592 500 503 500 2
+ Temperature, °F 1300 300 1300 13C0 1230 i
+ (Catalyst Loading, Wt% on Dry Coal
- K00, 7.5 ; 2 15 10 15 i
- Na,C0, 7.5 . . . .
s Extent of Gasifier Reactions
+ Steam Conversion, % Feed Steam 43.0 43.¢ 43.0 43.0 3.3 g
+ Carbon Conversion, % Feed C 99.0 90.0 0.0 92.6 33.0 Ee
+ Approach to Methanation Equili. 0 0 0 0 10 :

® Results of Heat and Material Balance

+ (Coal Rates, ST/SD (2)

- Coal to Process, ST/SD 14,463 14,520 14,505 14,480 14,222 14,z
- Coal to Boilers, ST/50D 1,850 1,845 1,8€% 1,86C A 2,2
- Coal to Dryers, ST/SD 659 640 R 47¢ £33 £
- Total Coal, ST/SD 17,000 17,028 17,025 16,810 17,223 17,333
+ Gasifier Feed Steam, Molesg/hr 84,164 84,231 84,225 84,062 88,:27 101,¢
+ Total Recycle Rate, moles/hr 51,252 51,353 51,353 51,253 34,3738 51,:1
+ Normal Steam/Recycle Preheat °f 1542 1554 1543 1534 13:7 1ol
e Relative Gasifier volume (3) 100 201 88 118 135 "
¢ Relative Plant Investment (4) 100.90 113.3 100.0 101.4 2.0 1223
¢ Relative Gas Cost (4) 100.0 1m.c 1cc .4 104.9 133.6 1275

1) For plants sized to produce 257 G Btu/SD SNG.
2) Coal rate is for I1linois ccal as received from coal cleaning. Higher heating value is 10,620 Btu/1b
3) Relative fiuid bed volumes are shown as percentages of the volume previously estimated for the “Base Case.”

(4) Relative investments and gas costs are shown as percentages of the totals for the previous evaluation of the
“Base Case."




: thermodvnamic activity greater than graphite the steam-
7 raociion stil] proceeds at a significant rate when the
gravhite equilibrium.™)

The gasifier volumes for the sensitivity cases and the present

evzluetion of the Base Case were predicted using a fluidized bed kinetics/
contacting model of the catalytic gasifier developed with Exxon funds prior
Lo the start of the Predevelopment Program. (This model will be updated
later in the current program.) The model predictions were based on pre-
Tirinary estimates of the gasifier char properties, based largely on data
coteined in Fluid Bed Gasifier operations conducted prior to the present
program. Tnese inputs to the model will be updated in the latter part of
1977 when mare 1nfornation is available from the current operations of the
Fluid Bed Gasifier. Sensitivity studies using the gasifier model have
identified the we1qnt fraction catalyst in the gasifier char as the most
importent char property. Char bulk and particie densities also have a
moderate impact on predicted gasifier volumes.

The predicted gasifier volumes are shown in Table 3.2-IV as per-
centages of the volume estimated for the previous evaluation of the Base
Czse with 7.5% K,C05/7.5% Ma,C0; mixed catalyst. In using the gasifier
mocel, the activity of this same mixed catalyst in the current "Base Case"
wes essumad to be B0 percent of the activity of 10% K,C0; catalyst. This
may be somawhét optimistic based on recent laboratory-data from fixed-bed
gas.t}cation runs, which showed only about one-third the relative activity

for mixzd catelyst. As shown, the Tiuid bed volume now predicted for the
15° mixed catalyst "Base Case" is roughly twice the previous estimate. How-
evar, with 15% K,€05, the volume is 12 percent jess than the previous case.

And, with 10% K;C0:, the volume is only 19 percent greater than the previous
estimate. A1l cases are sized to produce 257 GBtu/SD SNG. Four gasifier
treins are provided in all cases except the present evaluation of the Base
Case, which has six trains because of the large volume required.

Totel piant investments and gas costs are shown in Table 3.2-IV as
percenteges of thz corresponding values for the previous evaluation of the
BEzse Czse. Tne "current” Base Case has increased in cost by 11.0%, re-
flesting ircreased gasifier volume and increased catalyst makeup cost due to
the przferential tie-up of potassium as inactive aluminosiiicates.

Tz sensitivity cases using KZCO3 catalyst, all provide invest-
7zt and ges cost savings relative to mixed cataiyst in the gresent evalua-
wions. Howsver, th: ges costs are increased by 3-5% relative to the previous
zrziuation of the Base Ca:e due to the higher cost of K;C0; relative to

tn ¥.C02 catalyst, the incentive increases to reduce catalyst
by re:c,e ing water-insoluble cata1yst tied up with the ash. As
eviously, laboratory and engineering studies are underway to
alyst rzcovery altarnatives.
identify the impacis of gasifier conditions, it is best to com-
i %00, catalyst case with each of the other three sensitivity
1. EBzsed on thase comparisons, lowering the gasifier temperature
ty 1200°F saves about 2%, reducing K,C05 catalyst loading from
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15% to 10% saves about 0.5%, and increasing the gasifier feed steam rate
by 20% costs an extra 2%.

It is premature to draw firm conclusions regarding preferred
gasifier operating conditions from these screening studies, because the
bases do not necessarily reflect the extensive data being obtained in bench
and FBG runs. In particular, the gasifier model has not yet been updated
to reflect the recent FBG operations. Also, the economic impacts are not
necessarily linear or additive, because of the complexity of the various
gasification plant balances. However, it is clear that data on FBG and
fixed bed operations at temperatures lower than 1300°F or at K,CO; catalyst
Toadings lower than 15% should be closely reviewed to determine whether the
gasifier volumes used in these sensitivity studies are representative and,
hence, whether the savings shown are attainable.

Heat and material balances and gasifier model volume predictions
were developed for several cases in addition to the cases presented in
Table 3.2-1vV. Table 3.2-V presents the key results for all cases studied.
The cases in the table are sensitivities to the 15% K,C03 case. This catalyst
and loading was maintained as a common basis in all but the catalyst com-
position and loading sensitivities. However, the process stream rates are
shown relative to the previous evaluation of the 15% mixed catalyst Base Case.
Gasifier volumes are shown relative both to that case and to the 15% K2C03
common basis case. All cases have been sized to produce 257 GBtu/SD SNG.

3.3 CATALYTIC COAL GASIFICATION STUDY DESIGN

Work began in June, 1977 on the development of the process basis
for a new Catalytic Coal Gasification Study Design. The Study Design will
reflect the current conception of a commercial catalytic gasification plant
producing approximately 250 MSCF/SD of SNG from I1linois coal. Estimates
will be made of both investment and operating costs. Preparation of this
Study Design will involve the major share of the engineering effort on the
Predevelopment Program during the second half of 1977.

During June, an initial plan for the Study Design was prepared.
The first major step is to develop the process basis for the gasifier, re-
cycle loop, and catalyst loop. Information from several sources will be
gathered and reviewed as part of the basis-setting effort. Laboratory data
generated during the current program will be reviewed to determine their
impact on the Study Design. Technical experts in Exxon Engineering's
Technology Department will contribute special studies and recommendations
on critical plant areas. Work done under the separate contract on "Scale-
Up Requirements of the Exxon Catalytic Coal Gasification Process" (ERDA

Contract No. Ex-76-C-01-2480) will also be reviewed to incorporate applicable
technical findings.

Other key steps in the Study Design effort include developing the
onsites process flowsheets, detailed heat and material balances, and equip-
ment specifications lists. Overall plant balances will be prepared for
steam, electric power, and other utilities, and equipment lists will be
compiled for all required utilities and general offsites facilities. The
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Table 3.2-V
IMPACT OF CATALYTIC GASIFIER OPERATING CONDITIONS ON GASIFIER VOLUME REQUIREMENT

Cases are Defined in Terms of Changes Made from the Following Common Gasifier Basis:

800 psia, 1300°F, 15% K2C03 Catalyst Loading, 90% Carbon Conversion (1)

Percentage Change Normal Relative Gasifier Volums
------- in Flow Rates----- Preheat vs, Previous vs. Common

Cases Coal Steam  Recycle Temperature Base Case (2) Basis Case
Imsact of Catalyst fomposition
® Przvious Evaluation of Base Case: Base Base Base 1540°F 100 114

7.5% X,€0./7.5% N2_CO, Catalyst

2773 23

o Present Evzluztion of Base Case: 03 0% 0% 1554°F 201 229

7.5% X,€0./7.5% Na_CO. Catalyst

23 PARK]

Impact of Catzlyst Leading
s Ccrmon Basis Case: See Above 0% 0% 0% 1548°F 88 100

(13% K €0, Catalyst)
o 10% KZCO3 Catalyst 0% 0% 0% 1534°F 119 136
Impect ¢f Gasifier Temperature
e 1200°F -1% +6% -32% 1397°F 135 154
s 1350°F +1% +1% +29% 1603°F 77 83
Impact of Gzcifier Steam Rate
8¢ FEase Steam + 20% 04 +20% +20% 1502°F 71 81
8 Bass Steam - 20% 0% ~-20% -17% 1616°F 142 162
Impact of Two Simultenecus Changes
¢ 1200°F and Base Steam + 32% -1% +32% ~12% 1353°F 118 131
s 10% K2C03 Catal}st &nd Base Steam + 20% 0% +20% +19% 14971°F 97 m
Imzzct of Gasifier Pressure
® 350 psia 0% +1¢ +27% 1491°F 129 147
e 700 psia +1% 0% -19% 1630°F ] 75
Inpzet of Carbon Conversion
e &0% Carbon Conversion +10% ~4% -2% 1601 °F 100 114

Notzs:

(1) for plant sized to produce 257 G Btu/SD SNG.

{2) In thiz column, fluid bed volumes are shown as percentages of the volume previous estimated for the
Bzse Case.
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tetal capital investment for the plant will be estimated. Operating costs
end overall product cost will also be estimated. The Study Design will be
completed at the end of the contract period, December 31, 1977.
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Appendix A

SUMMARY OF DATA FROMN SELECTED FBG YIELD PERI0DS

& Material Belance Pericd 1i 12 13 16 18 19
®  Yigld Pericd YP-2062 YP-203 YP-204 Yp-207 YpP-~209 YP-210
¢ Date & Time 11:30 2-19-77  11:30 1-19-77 .15:30 3-9-77 8:30 3-13-77 .21:30 3-24-77  21:30 3-25-77

11:30 2-12-77  6:30 2-20-77  7:30 3-10-77 8:30 3-13-77 21:30 3-25-77 21:30 3-256-77

i of Tice Onstresn

3l fezd 88.0 99.0 130.0 100.0 100.0 100.0
St 99.0 160.8 100.0 160.0 100.0 100.0
S,ngs 8.0 160.0 160.0 160.0 100.0 100.0
% Unit Teroeratures

Fezd Jing temp {°F) 674 717 662 645 735 745
Bed btm temp {°F) 1140 1073 1217 1225 1178 1181
Auzrage bed temp {°F) 1270 1260 1296 12083 1291 1284
Fctive hed tern (°F) 1288 1292 1311 1305 1311 1285
Gezifisr exit temp (°F) 1203 1185 1111 1187 1121 1123

[] SvErsions
7 (Converted/fed) (1)

Czsification (%) 11.9 10.1 38.5 29.7 14.2 17.9
Wztzr-gas snift (%) 29.7 29.7 35.8 26.8 29.4 23.8
Rethzre reforning (%) -9.9 -9.8 -17.0 -12.1 6.9 -1.5
Qvzrall (3) 31.8 28.7 63.3 44.4 44,6 45.1

Carrern (Cenverted/fed)
2tilization (%) 21.5 23.9 23.5 . 22.6 34.8 27.1
Casification (#) 18.7 27.0 68.5 61.1 28.9 36.1
overall (4) 40.2 50.9 90.0 83.7 63.7 63.2

Carton Lenversion Ratz

(Converted/C in Bed)
Sevelatilization {$/he) 2.3 2.2 8.8 ii.0 6.7 4.5
Gzzifization (%/hr) 1.9 2.8 25.1 29.6 5.5 6.1
Gvzrall (%/hr) 4.2 4.6 33.9 + 40,6 12.2 10.6

Carbon Sasifisd/Stm fed
{rcl/zol} 0.31 0.16 0.43 0.38 0.17 .11

¢ Sclids Dats
Sclid: Corzosition

fezd comzositions (wi. %)

2. 00 10.1 10.9 10.8 13.4 6.8 6.8
R 0 0 0 0 5.5 5.5
Carroa 64.4 63.4 67.5 61.6 62.7 64.5
fie™ 14 1.6 12.2 12.0 12.9 127
232 mrositic Wi b}
2d gepasition {ut.3) 20.9 21.7 49.4 as.9 16.7 15.5
05,0 0 ) 0 0 135 13.2
Carins 53.0 54,1 21.6 21.6 50.1 5.8
Ash 20.0 1.3 22.6 21.0 16.3 14.8
ol 1P, T"';, 3 t‘
Carryorer Compasition (ut. 3) 19.1 18.7 47.8 0.6 17.5 17.3
5, C0 0 0 0 5. .
e 65.2 65.4 26.1 35.8 521 52.2
Ash 12.1 1.9 21.6 7.9 8.9 10.3

i wrention for steam conversion is as follows: Water used in RXH is (+), water formed in RXM is (-), Based on Oxygen Balance
2 3&?3;?32&5&1-3}“}1 particle diameter calculated as 1.0/ (weight fraction solids on sieve/mean sieve size opening
{ As -375 mech portion increases, this value rapidly loses accuracy since size below 11 are extrapolated.

1
Z
3
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% o YIELD PEFIOD

APPENDIX B
NCNRECCNCILFD CATA

MATFRIAL BALANCF PFRIOD 13.

204. UNIT OPERATIONS = PAGE 1 * *

+ DERCENT (JF TIME CN STREAM

TIME DATE
FRJM 15:30 03-09-77
0 Q7:30 03-10-77
NJRAT ION 16,00 HRS
CHAL FEED 100. 0%
PRIMARY STEAM 100.0%
PRIMARY SYNGAS 100.0%

* GASIFIER PROCESS TEMPERATURES

GASIFIEP PRIMLRY GASIFIER
REND HEIGHT
PROCESS TEMP
{FT) VAR] ABLES (DEG F)
43,2 7211 1111.
384 4 1210 1069,
32.1 7209 1276.
26.0 T208 1323.
21.2 1207 1313,
1640 T206 1320.
10.9 1205 1307
bl T204 1294.
0.4 7203 1217,
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« » » % YIELD PERIGD 204. UNIT PROCESS VARTABLES * PAGE 2 * % = %

¢ UNIT TEMPERATURES PROCESS SK 1N
{DEG F) {DEG F)
LCCK HOPPSR 1 TOP . 282. 306
LOCK HGPPER 1 BTM 249. 205.
LOCK HCOPPER 2 TOP ' 236 30 3.
LOCK HOPPER 2 BTM 219. 321,
PRI GASIFIER FEED L INE 662 S17e
PR1 GASIFIER STEAM LINE 1679, ’ 1140.
PRINARY GESIFIER _
TCF OF BED i3z3, 1361.
RTM CF RED 1217. 1233,
TOTAL BED AVERAGF 1296, 1316,
RIUGH CUT CYCLONE
CYCLONE TOP 948, 992,
CYCLUNE 8TH 6885 1p21.
STANDPIPE TOP 824, 1600,
STANDPIPE MID 8le. 1014,
STANDPIPE ATH 789, 10941,
STANDPIPE SLOPE T0P 1851,
STANDPIPE SLOPE BTH 1178, 999,

PRIMARY GASIFIER BACKEND

GS1 INLET 548,
GF  TWLET ' 510,
SCRUSBER INLET 431, 415,
SCRUBSBER OUTLET 68 .
PRODULT GAS DTH 860
£ UMIT PRESSUFES (PSIA)
LOCK HCPPER 2 117.5,
PR1 GASIFIER FEED LINE 116, 7
PRI BYPASS N2 {NTH) 1728
PPT SYN GAS IN (DTH) 163.0
PRIMARY GASIFIER |
PRI GASIFIER TOP 11247
PRI GASIFIER BTM 11607
ROUGH CUT CYCLCNE QUTLET 113.1
GF OUTLET 11306
SCRUBHER OUTLLCT 113.6
PREDUCT GAS OUT  {DTH) 11447
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® & % = % % Y[ELD PERIOD 204. FLUID-SCLITS CATA = PAGE 3 % % x & % %

~ GASIFIER BED PRNPERTIES PRIMARY
GASIFIEF
RED BCTTCM DENS ITY (LBS/CF) 19.3
BED TOP DENSITY (LBS/CF) 10.1
PEN AVEFAGE DENSITY (LRS/CF) 1447
RED HE IGHT (FT) 29.7
BEN HOLDUP (LBS) 77.9
BED VNLUME (CF) 543
ACTIVE BED TEMPERATURE  (DEG F) 1311.4
ACTIVE BLD VOLUME (CF) | 4.7
SPACE VELOCITY (ACT 3ED) (ACF/CF/HP) €2.9
BTM SUPCRFICIAL VELOCITY (FT/SEC) 0.63
TP SUPERFICIAL VELNCITY (FT/SEC) 0,68
« CYCLONF PEPFORMANCE GS1 CYCLONE
TE"PTRATURE (DEG F) 548,0
PRESSUPE (PSIA) 113.7
INLET GAS FATF ( SCFH) 98646
L (ACFH) 247 4
INLET GAS VELOCITY (FT/SEC) 19 .4
SOLINS ENTFRING (LBS/HR) J.1
DUST LUANTNG (LBS/ACF) 0.0003
SOL10S CAPTHRED {LRS/HR) 0.1
501 TUS ESCAPING (LRS/HR) 040
OVERELL EFFICIENCY (CAPTURED/FNTERING,WT%) 3. 0
£ SOLIDS CARFYNVER LNSS TNTAL -325 MESH
COAL+CATALYST FEED (LRS/HR) 10,54 N.04
TCTAL CARRYOVER (LES/HF) 0.08 0.08
GS1 CYCLCNE (LBS/HR) 2.07 0,07
GF  FILTER (LBS/HR) a1 0.01
CARRYOVER /FEED (WT2) 0.3% DT8R
CARRYOVER/FEED
(FEED FINFS BACKED QUT) (WT%) 0.4%
* SOLIDS CAKRON LCSS
CAFArM IN FEFD (LBS/HR) 6e 33 N.02
CAR3LN IN CAXFYOVIR (LBS/HK) n.02 1.02
CARRYUVER /FEED (ATZ) D.3% 0435
CAFRYCVER/FEED
(FZFC FINES BACKED OUT) (WT%) 0.0%
* SALTATICN IN FZED LINE
CUAL PARTICLE SALTATION VELNCITY (FT/SEC) 2143
FEFD L INE GAS VELOCITY (FT/SEC) 41le 4
MEXTMUM ALLOWABLE SOLIDS FFEL FATE  (LES/HR) 2249
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= ow F ¢ & YIELD PERICD 2084, UNIT CONVERSIOGNS # PAGE & % = *

* CARBNN CONSUMPTION PRIMARY
GASIFIER

CARRON IN COAL+CATALYST (LBS/HR} 6059

CARBON FROM DEVOLATIZATION (LBS/HR) 1. 75

CARBAOM GASIFIED
BASED OM GC ANALYSES (LBS/HR} 3,53
BASED ON RECOVERED SOLIDS {LBS/HR} 4,20

T0TAL CARBON CONVERTED

BASED ON GC ANALYSES {LBS/HR} 5.27
BASED CN RECNVERFD SOLIDS (LBS/HR) 5,95

*CARBON CONVERSION {C CONVERTED/C IN FEED)

GASTFICATION ONLY

BASED ON GC ANALYSIS ( 2 3.5
BASED ON RECOVERED SOLIDS { 81 63,7
INCLUDING DEVOLATIZAT ION )

BASED OMN GC ANALYSIS {81 80 O
BASED ON RECOVERED SOLIDS { 21} 9063

% SPECIFIC REACTION RATES (C COMVERTED/C IN BED)

GASIFICATICON ENLY
BASED ON GC ANALYSES { 8/HR ) 21.0
BASED ON RECOVERED SGLIDS 1 2/HR ) 42595

INCLUDING DEVOLATILIZATION

BASED ON GC AMALYSES { 2/HR ) 31.4
BASED 0ON RECOVERED SOLIDS (. 2/HR } 35.4

=85~
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UNIT CONVERSIONS * PAGE 5 * * % * & ¥

* STEAM CONSUMPTION PRI MARY
GASIFIER
STEAM INTO UNIT (LBS/HR) 14.78
STEAM REACTED WITH CARBON {LBS/HR) 5.29
STEAM REACTED IN SHIFY (LBS/ HR) 5.29
STEAM FROM METHANATION
BASED CN RECOVERED H20 (LBS/ HR) -1.99
BASED ON H2 BALANCE (LBS/HR) -3.83
BASED ON 02 BALANCE {LBS/HR) -2435
TOTAL STEAM CCONSUMED
BASEC ON RECOVERED H20 {LBRS/HR) €. 59
BASED CN H2 BALANCE (LBS/HR) 6.75
BASED NN D2 BALANCE (LBS/HR) 8423
* STEAM CCNVERSION {STEAM CONSUMED/STEAM INTO BED)
GASIFICATION t 2) 35.8
WATER-GAS SHIFT (7)) 35.8
METHANAT ION
BASED ON RECOVERED H20 «( 2) -13.5
BASED ON H2 BALANCE ( %) -25.9
BASED ON 02 BALANCE (2 ) ~15.6
TOTAL STEAM COMVERTED
BASED ON RFECOVERED H20 ( %) 58. 1
BASED CN H2 BALANCE ( %) 45.6
BASED ON 02 BALANCE « 2) 55.7
* REACTION RATE PARAMETERS
CARBCN CONVERTED/STEAM FED
GASIFICATION ONLY (LBS/LBS) 0.284
GASIFICATINN ONLY (MOL/MOL)  0.426

INCLUDE DEVILATILIZATICN  (LPS/LBS) 0.402
INCLUDE NEVOLATILIZATION (MOL/MOL) 0.604

CARBNN CONVERTED/BFD VOLUME

GASIFICATION OMLY (LBS/HR) /CTT 0,756
GASIFICATION ONLY (MOL /HR)/CFT 0,066

INCLUDE DEVOLATILIZATION(LBS/HR) /CFT 14126
INCLUDL DEVOLATILIZATION(MOL /HR)/CFT 0.064

CAPBIN IN BED/STEAM FFD LBS/(LBS/HR) 1,137
CARBCON IN BFD/STEAM FED MOL/(MOL/HR) 1.706

= CAFBON CONVERTED BASED ON RECOVERED SAOLIDS
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&

v CATALYSYT DISTRIBUTION
: PRI
EErD GTC GMC GB - C/8
(HTZ) (WTE) (WTS) (WTZ) (WT%)

K AS KzQ Teé G0 33,7 33.3 32.5
K AS K20a3 13.8 T8 4%9:4 48,9 4&7.8
K AS K 6.1 D0 2709 27Te6 2760

K WATER/ACID :
SOLYURLE RATIOD G6.8350 G- 8 C-71% 6727 Qo745
K2d H240 INSOL 1.5 Q0.0 Seb %1 8.3

K2C03 ¥ INSGL 202 6.8 1402 134 12,1
K B INSOL 1.2 G0 B0 Te d t.9
NA 25 NAZD 0.1 090‘ " 0.5 (.5 3.5
NA AS NA2CG3 Dol C.0 0.8 0.8 8. ¢
NA AS NA 0.1 0.0 03 Be3 0<%
N& WATER/ACID |

SCLUBLE RATIO 3000 0.0 1.8043 1.022 1.020
NAZ2O HZO0 INSQL -0.2 0.0 =00 =Ro0 ~D.0
NAZLO3 @ INSOL -0.3 G0 =0,06 =0.0. -G.0.
NA BOINSOL ~D.1 Doy =00 DG =03.0
TOTAL AS M2 To4 Vo0 34,1 33.7 33.0
TOTAL AS M2L03 186.9 0.0 50,2 696 48,6
TATAL AS M 652 000 2863 28:08 27.4
CARPION 62, 32.0 2ia6 193 261

2
K ON CARBON 9
NA aN CAREON G
TOTAL ¥ CARBON S

5

8 0.0 1295 143.3 103.8
21 C.0 1.6 1.7 1.4
29 0.0 131.1 145.0 105.0

ASTM ASH 2301 $351 T2.8 T&o7 702

X 0N ASH 2604 Qo0 38,4 37,0 38.5
Nﬁ GN ASH 693 Goe Gg5 . 00‘} 065

TOTAL CN ASH 2606 BGo0 3859 37.4  39.0
M2CO3-FREE ASH 12.2 63.1 2206 2501 21e6
K ON % FREE ® 5000 . Go0 12308 110.1 12449
NA ON ® FREE ® 0.5 0.8 105 1,3  1e7
TOTAL ™ FREE ® 50,5 0.0 12543 111.4 126:6

* BASED ON ACID SOLUSLE DETERMINATION
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CASIF

(1L PERIGD 204

SOLIDS DATA * PAGE T % & % =

* PARTICLFE SIZE DISTRIBUTICN

CUMULATIVE WTZ LESE

325

ME SH

Fooum C0M <OATALYSTIFD) 0%
GLSEE TOP LHAPR (GTCi 0.
MID CHAR (GMC) Ne T

= ORTIC HAR (Got Gen

e TYEr e 1 (G651 954
HSIFE FLETCP cEY T g

200 160
MESH  MESH
1.3 11.2
0.0 0.0
2.5 12.3
0.8 643
STe 6 98¢ 7
97:9 9846

* MEAN PARTICLE SIZE AND DENSTTY *

ME AN

VOLUME/

50
ME SH

40.2

33.5%
2649
Q. 4

99.3

NUMBFR SURFACE WEIGHT

FFED CDAL+CATALYSTIFC)

TP CHAP (CTC)
MiIl CHAR {GMC)
IFBTM CHAR {GB)
CYZLONE 1 (GST}
FILTYRE {GF)

MEAN

54,

(UM

45

LY

ME AN
276
0.
279
351.
23.

23,

-88-

MEAN
445,
0.
541,
572,
32,

2Ga

THAN K©SiH 477

30

ME SH

20
MESH

G2eE

G- 0
95. ¢
544
9G. 4

GO¢T  99.©

PAFTICLF CIAMETER (MICRONS)

BULK
GM/LC
0.686
0.0
Ge340

G449

- -

W
Y

[
D
)

10G.C

DENSETY
tasH 7

Lcaf
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ASH ELEMENT ANALYSIS

¥ YIFELD PERICD 204, SALINS COMPOSITION * PAGE 8 % # =

ULTIMATE ANALYSIS
CAMPGNTNT
H

>

n

CL
SU3-FREE ASH
TOTAL

ASH ANALYSIS

48H
C/H RESIDUE

$03-C/H RES.

Sinz2
FE2C3
AL 203
Caf

MGO

(WT% OF 70TAL SOLIDS,

DRV}

FEFD SOLIDS W/0 CARRYOYER £/0
(FC) {GB) {65-1 + GF)
(WTS (WT2) 14T%)
4,21 0.58 0.0

6245 20,3 26,1
3.7 5.5 306

12.3 9.5 807
0057 0o 17 0o193
0,04 Dol8 0,28

1606 5308 61.3

120.0 1000 100.0
{WT%, OF TOTAL SDLIDS}

2301 Téo7 70,2

21 .5 7903 79,1

150 65: 4 7001

{WTZ CF SC3=-FREE ASH)

2704 27. 8 24,9
8eb 5.8 7.7
9,8 9.7 8o1
1e48 2,01 1060
060 0055 0.5
1,52 8. 42 B39
0,21 637 £.15

{FROM ACID SGLUBLE ANILYSEZ)

44025 52:16 53,07

Co28 ©a73 5.82
94,30 163 37 95047

=it

-
-

&
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* x % % & * YICLl, PCRIND 204. PFODUCT GAS DATA = PAGE 9 & *» » % % x

~ PRATUCT GAS PAFTI&L PRESSURES PXIMARY GAS IFIER
FALANCE USED H26 02 H2
TOTAL PPE SSURF (PSTA) 113.7 113.7 113.7
H2 (PSTA) 4247 42.4 41.1
cn (PSTA) 16.5 1643 15.8
CHi4 (P5I1A) 9,7 9.6 9.3
CG2 (PSTA) 12.9 12.8 12.4
H2S (PSIA) 03 0.3 0.3
H20 (PS1A) 15.1 15.9 18.9
N2 (PSI A) 16.5 16 .3 15.8
h2G/ 0 0.9 1.0 1.2
H2L/C N2 1.2 1.2 1.5
« UNIT GAS CATA PRIMARY
GAS I F1ER
SYN GAS MwT (LRS/MOL ) 11.1
PRI GAS MWT(DRY) (LBS/MCL) 17.7
PRODUCT CAS
PG AT DTM {DRY) (SCFH) 848 8
(DFY N2-FRFE) { SCFH) 706.9
W
PG 4T GASIF CUTLET (SCFH) 98646
(INCLUDES N2+H20) (ACFH) 314543
&
PG AT GASTF CUTLET (SCFH) 844 .7
(E XCLUDES N2) {ACFH) 329.9

« ALSEC ON O BALANCF
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= YIELD PERIOD 204,

= UNIT GAS YIELDS

PRCDUCT GAS (DRY)

H2
€0
gz
CH4
HZS
N2

PRODUCT GAS DATA ¥ PAGE 18 * % % % % =

(MOL 3)

1]
"
”
"
7?

PRODULT GAS (DRY,N2-FREE)

H2
o
€G2
CH4
H2%

PRODUCT GAS

H2
co
€coz
CH%
H2S
H20=
N2

(MnL %

i)
1"
1"
"

(M3L Z)

| &

#
?
13
1]

PRODUCT GAS (N2~-<REE)

SCFH

SCFH CH&/LB C

H2
Ca
cae
CH4
H2S
Hz 0=

CH&/LB

FEED

{MOL %)

3]
”
£
1 2]
¥

C ACTIVE BED

* FQUILIBRIUM CUNSTANTS

GrAPHITE=-H20: C +HZ0=C3 +H2
: CN+H20=C02+H2

SHIFT

ME THANATION

-

BASEC

REACTION
EQJILIBRIUM AT
ACTIVF 8ED TEWP
(1311.4 F}

2. G036
1o 4847

: [O+3H2=CH4+H20 0 .0581

CN U BALANCE

-97-

PRIMARY
GASTFIER

4363
167
13.1

9.8
0.3
167

52.0
281
15,7
ii.8

Go%

3743
14.4
11.3
A
G.3
14 .0
1404

ACTUAL
EQUIL IBR I1UM
EXPRESS IGN

CORRESPONDING
EQUTILIBRIUM
TEMPERATURE

{DEG F}

209352 w==== 1354,
2608938 =—w== 1178.8
Go03265 e=mw=—= 1383:4%



* % * 3 o« % YIFLD PERIOD 204, MATERIAL BALANCES * PAGE 11 * % * % *x &

= NVERALL MATFRTAL BaLANCE

NPT {LBES/HE) DUTPUT: (1.BS/HR)
Coal FFEQC(FY N2) 10.48 PRI PRODUCT GAS(EX N2) 29.09
"RT GASIF STEAM 14,78 PET PRODUCT GAS N2 10446
BRI CASIF SYN GAS 13.47 PRI PRONUCT WATER 6.19
LNCK HAPPER N2 0.0 PRT CHHAR CARRYQOVER 0.08
Pel BYPASS N2 J.0 SOLIDS WITHDRAWN 2.03
TOTALIEX N2) 38.73 TOTAL(EX N2) 37 .40
ACCUVMULATIONS PRIMAPY GASIFIER = 0422 LLBS/HR
CLOSURF:2 (NUTPUT+ACCUAY/INPUT = 97,13
* SYNTFESIS GAS 3ALANCE
INPUT 2 { SCFH) AUTPUT @ {SCFH)
PRI GASIF SYN GAS 483,1 H2+CO IN PRI PRD GAS 509.3
H? MOL ¥ 615 H2 MOL ¥ 43.3
fC MOL % 33.3 CO MOL % 16.7

PRI CLOSURE:QUTPUT) /LINPUT 105.4%




ComOYIELD PERION 204, MATERIAL BALAMCES % PAGE 12 % % & %
¥ O POLCCULAR MATERTAL BALANCES
NI TROGEN HYDRCGEN
INPUT {SCFH N2} {SCFH H2)
COAL+CATALYST Uo 8 B3.4%
PRI GASIF STEAM LENRY 310.9
PRI GASIF SYN GAS G.0 297 .1
LUCK HOPPER N2 3.0 G
PRI PRDCESS N2 3.0 8.0
PRI TOTAL 8. 8 691.5
GUTPUT:

PRI PPODUCT GAS 141 .8 536,5
PRI PFODUCT WATER G0 130,73
PRI CH2R CARRY{QVEPR o0 3.0
SOLINS WITHDRAYW 0.0 202
PRI T0OTAL 141.8 668, 9
ACCUMULATICN:

PRIMARY GASIFIER G 1 o1
CLOSURE: {JUTPUTHACCUMI/Z INBUT ‘

PRIMARY GASIFIESR 96, 8%

-83-



% % % % x % YIELG PERION 204, MATERIAL BALANCES ¥ PASE 13 * % % * % =

# FELEMENT BALANCES

CARBIN OXYGEN SULFUR CHLORINE
INFUT: {L.BS/HR) (LBS/HR) {LBS/HR) {L3S/HR)
*
COAL+CATALYST 6.59 1.30 0.394 0.004
PR GASTF STEAM J.0 13.13 0.0 3 PY)
TUTAL 11.69 21.21 Oe 394 D004
QUIPLT:
PFI PRITUCT GAS 10 .65 15.37 0.215 D. 0
PRT P2ODUCT WATER ) 55U N0.002 0.Nn
PRI CHAR CARRYQOVEP 0.02 C.01 U.003 0.00D
SCLIDS WITHCORAWN .41 Q.18 De 112 0. 04
TITAL 11.08 21.07 0.333 0.004
ACCUMULATICN:
PRIMAY GASIFIER Da21 -N,17 0,037 -dJN0O1
CILISURE
(OLT+2CCUMNY /N 9C. 62 98.5% 93 .8 7% TO WL

TEXILUDES CARRON AND OXYAEN IMN CATALYST

= CATALYST BALANCE

ACID SOL ACIN SGL H27 S3IL H2D SNOL
PCGTASSTUN SOADTUM PLHTASSTUM  SOOT M
(LES/HRY {135/ HR) {LBS/:HR ) (LBS/HT)
NPT
CCAL#CATALYST TN g CebH1l 1 ai)2
TITP T
PRI CHAR CACPRYUVER 012 NG00 Je¥2 U]
DR OPRANUCT wWeTRE Ja ) N Q .0 Ueld
SCLIN SEXFPLES Jabu Netl el g 21
T TAL D, 98 e N} 042 N0
AZCUMULATICN:
pL‘I GAS!F 0. ‘)2 _(v‘.(.(\ —Y:\.l3 “QO("
CL2SURY :
{DUT+#27CUMYZIN 93. 2% G8. LY 57.27% 52.3¢

“CARBLN FaLanCeE MOT INCLUDFE CATALYST (ARRUNATE
-94.



A

®

= ASH

TNPUT S
CHAAL+CATALYST

aLTPLT S

PRI CHAR CARRYDVER
SCLIVS wITHDRAWN

TATAL

ACCLMULATICNS
PRI GASIF

CLCSURE:
{MUTFACCUMI /TN

=225 MESH FINES

k]

INPUT:

"~
("

TAL+CATALYST

CLTPIT 3

821 CHAR CARRYJVER

SPLIRS WITHDRAWN
TOT2L

ACCH¥JLATICN:
PFI GASIF

CLCSURE
{CUT+LCCUHM} 7IN

AND FINES BALANCES

C/H

* = YIELM PERION 204%. MATERIAL BALAMCES # PAGE 14 %

S7J3 FREE S03 FREE

= o % &

*.

=325
MESH

AST¥ ASH RESIDUE ASTM ASH C/H RESD - FINES
(LBS/HR) {LBS/HR) (LAS/HR) {LBS/HR) (LBS/HR)

2a 45 2427 1.75 1458
g6 0. 06 6. G5 B.06
1.52 l.61 1,30 1.33
1.57 1. 67 1,34 1.38

-OOGZ "'Ga 1.3 Go 15 00‘2'9

€3, 9% €£8.1% 85.2% 118.7%

PRODUCEN IN UNIT {BUTPUT+A

PRODUCED /{JUTP

48%H ELEMENT BALANCF

S102
LB/HR

FE203 AL20G3
LB/HR LB/HR

CAD
LB/HR
0.150 G171

De 43D 0.0286

V012
8.357

0o 004 G. 004
8,127 0,126

C. 001
C. 0626

D369 0.131 0,130 0-027

0.0460 0.012 0.01%4 0.002

85e% 95.% 84o% 110.%2

=95

CCUM—-INP LT}

UT+ACCUM)

MGO sQ3
LB/HR LB/HR

C.G1ll 0.686

0.800 G607
0. 087 8,283
G007 0.291
B.001-0.003

T8c8 4£2.%

G.0%

.08
G 01

608

'999?

35.6%
-Qa 03
—188972

Tig2
LB/HR

P2G5
LB/HR
0,027 0.004

3.000
8. B05

0.000
0. 005

0.006 $5.005

D001 0.000

24,8 136,9



o4 - YIRELD PFRLIUND 204, MATTERTAL BALANCFS ¥ PAGF 15 #* & % & % &

= MCLE CALANCE

Gts Tyt (MOLES/HR) GAS QUTPUT (MCLES/HR)

SYNGAS C H 0 S PRODUCT GAS C H N S
PZ( 0.73“’ ﬁ.J 1.568 0.0 O.D HZ ( OOQ70, 000 1.9“0 0.0 0.0
CH 1a4Z3) L4225 ) JYet425 Dad CO { 06374) 0374 0.0 N.374 N9

CO2( 0.293) 0.293 0,0 Q0,587 DoV
CH4( 0.21S) D4215 0.878 D0 DeV
H2S ( 0.007) 040 0.013 0.0 0.007

STE A

( 0-820) vhald 1.641 00820 0.0 HZD( 0-344, 0.0 0.687 0.344 00000
TATAL—mmmm e mmmmm mmmem aemee TOTAL====mm =meee e oo mceee

{ 2+29) Da425 34209 1e245 0.0 ( 2.207) 0.887 3,518 1.305 0,007
SELIDS YTNPUT (MOLES/HR) SOLIDS QUTPUT (MOLES/HR)

K Na 7 H 0 S K N A C H 0 S

CIIAL+#CATALYST FEED CHAR FINES CARRYNVER
Jed 160NN 06549 Jes40 94081 0,012 0.001 0,000 0.002 0.0 0. 000 0.020
CHAR SAMPLES WITHDRAWN
0.014 0.000 0.034 0.012 N.012 0.004
CHAR ACCUMULATION
0.000‘0.000 00018 0.000'0'011 0.901

TOTAL ===== =mm—= mmcoe mccce mmmee mmee-

SOLIDS 015 3.000 0.053 J.012 0.002 0.005

TOTAL INPUT TOTAL OQUTPUT+ACCUMULATION

e ———— T o . T S W e S S W A e G G e G W e T S - D G W A G e D D P WD M WP G S wn e

K MA C H 0 S K NA C H 0 )
2 e1160a0LN0 NDeTT3 3,649 1e326 04012 0,015 0. 000 0.940 3.530 1.306 0012

MIOLF LALANCE CLNSURE (CUT+ACCUM)I/IN (%)
K MA C H 8l S NVERALL
C3. S8s SCHeb SG8 €8.5 G3.8 G7.1

=«CAIRON BALANCE NOT INCLUDE CATALYST CARBONATE

#U.S. GOVERNMENT PRINTING OFFICE: 1979 -640-01% 453LREGIOIIND. ¢
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