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Abstract

The Exxon Catalytic Coal Gasification process is a novel method for
producing methane directly from coal. 1Its key features from a process
dynamics standpoint are use of a catalyst which causes both the highly
endothermic gasification and exothermic methanation reactions to occur in the
game reactor, separation of product gas in a highly heat integrated cryogenic
section, and recycle of product carbon monoxide and hydrogen back into the

reactor. A dynamic simmlation of this process has been developed, and closed
control lcop responses are presented.



0306-D-HDF

Exxon Research and Engineering Co. has been 2ngaged over the last
decade i,nzt.he development of a2 unique process for the conversion of coal to
methane’’“. The development started with the discovery that coal catalyzed
with potassium salts prowotes methznation of the coal gasification products.
From this discovery stemmed a one reactor process concept, known as Catalytic
Coal Gasification (CCG) which offers a more efficient, lower cost route to
product methine from coal. This paper presents a dynamic simmlation of the
CCG process that was performed to aid in control scheme studies.

Process Concept and Flow Scheme

The major reactions taat occur in coal gasification are shown in
Figure 1. In non-catalytic gasification processes, these reactions must be
carried out in separate reacrors as vacatalyzed gasification rates are very
slow at temperatures much below 925°C while methanation reaction equilibrium
constraints strongly reduce methane production at temperatures above 800°C.
In potasaium catalyzed gasification, on the other hand, reasonable
gasification rates and near—equilibrium yields of methame can both occur at
700°C, thus permitting direct conversion of coal to methene in a single
reactor. An additional benefir of this concept is high thermal efficiency.
If gasification and methapation are carried out in separate vesgsels, the large
heat of gasification (Figvre 1) must be added to one reactor while the egually
large heat of methanation is rewmoved from another at a lower temperature,
Carrying sut both reactions in a single vessel, on the other hand, results in
a process that is approximately thermoneutral.

A flowsheet for a proposed commercial plant for Catalytic Coal
Gasification (CCG) is shown in Figure 2. <Joal is crushed and dried and
potasgium catalyst is added to the coal as a solution containing primarily ROH
ana 003. The moisture from ths catalyst solution iz evaporated, and the
prepared coal is fed to the gasifier via a lock hopper system. The coal is
ganified at conditions of about 705°C and 3.5 MPa in a simple fluidized bed
reactor coantaining no internals other than 2 gas distributor.

The gasifier effluent is essentially CH,, CO, COp, and unconverted
steam. This effluent flows through cyclones in which the coarser entrained
fines ares recovered for return to the reactor. After high level heat recovery
from the gus, the remaining finee are removed by cyclomes and a venturl
scrubbsr (not showm on Figure 2) and acid gases are removed using commercially
available technology. Product methane 1s separated from CO and Hy by
eryogenic distillation, and the methane is sent to sales. The CO and K, are
recycled to the gagifier. Since the amount of CO and H, feed balances the
amount of CO and H, leaving the gasifier, the net products of gasification are
only methane and CO,, along with snall amounts of H,S. and NHj.

As previously described, the overall reactiom occuring in the
gagifier is esgentially thermally neutral, and only a small amount of heat is
required to heat up the feed coal and offset heat losses. This heat i3
sapplied by preheating the feed gases to sbout 815°C (1500°F) befcre they
enter the fluid bed. A small steam/methane reformer may also be included to
provide a supplemental source of synthesis gas which methanates in the
gagifier and thus supplies additional heat. This approach is more =conomical
than raising the preheat temperature much above §15°C (1500°F).
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The unique festures of the CCG process meze prediction of the
process cdynzsmics very difficult. The mass and ene:gy balances in the gasifier
are very tightly coupled due to the large heats of gasification and
wethanation relative to the overall heat of reaction (Figure 1). For exsmple,
an upset to the gas composition entering the gasifivz will result in an upset
in the gasifier energy balance. The resulting sasifier temperature upset will
affect the flov and composition of the gases leaving the gasifier, and this
material balance upset will be fed back to the gasifier due to the recycle of
syngas (CO and B,) from the cryogenic distillazion section. A dynamic
c¢imularion of the CCG process was therefore commissioned to derermine vwhether
the process interactions presented any controllability preblems as well as to
help design a control scheme for the process. While there have bs revious
dynami~ simulation of both fixed and fluidized bed coal gasifiers”*'>?, these
simulations were all performed for noncatalytic gasification processes, and

thus would not show the process dynamics implicatione resulting from the
unique features of the CCG process.

Methodology

The simulation was developed in a2 modular fashion, that 1s, each
process unit was modeled, and its dynamic differential equations integrated,
in a separate subroutine. This provided for computer code that was mmach
easier to read and debug. The simulation modules were grouped into two
sections: the gasifier section and the recycle loop. The catalyst recovery
system was not included in the simulation. The division into sections was
prompted by the large times required for dynamic responses of the gasifier
relative to the other units in the process, the gasifier being abour a factor
of 10 slower than any other unit. Computation effi:ziency thus required that
the gasifier dynamic differsantial equations be integrzted using a time step
much larger than that used for the recyzle loop units. As will be discussed
later, the recycle loop used a variable time step that was always much smaller
than the fixed gasifier time step. Coordination between these differing time
steps was hardled by the simulaticn main program which kept track of

accumilated simulation time and cclied the gagsifier and recycle loop sections
whenever approprizte.

Toe CCG gasifisr was modeled by assuming that the fluidizec bed of
char and catalyst solids acts as = well-stirred reactor; so that solids
temperature and compositicn are uniform throughout the bed at any given
time. The gases passing through the bed were assumed to be in plug flow ard
&t the same temperature as the solids. The gas holdup of the bed wus assumed
to be negligible. These assumptions permit the gasifier to be modeled with
two sets of ordinary differential equations, one set in bed height for the gas
phease, and one in time for the solid phase. The resulting savings in time
over modeling the bed using partial differential equacions justifies these
assumptions, all of vhich are clcse approximations to reality ia any case.

The gasifier model structure, shown in Figure 3, parallels the
modeling approach in that it is divided into solid phase and gas phase
sectiong. At each gasifier time step the catalyst reaction section of the
golids model first caleculates the net generatiom or consumption of catalyst,
char, and gas species due to a series of coal-catalyst reactions. The kipetic
model is then called to integrate the differential equations associated with
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the gas phase up the length of the reactor, returning the flow and composition
of gagses leaving the gagifier, and the average density of the fluidized bed.
The heat and mass balance section of the solids model then uses these results,
along with information on solids feeds and catalyst reactions, to integrate
the overall gasifier msss and energy balances through onme time step,
calcelating a new pressure drop, bed height, temperature, and solids
composition. The latter three parameters will be used by the kinetic model
during the next time step. Controller calculations are then performed for any
gasifier parameter being econtrolled.

The catalyst reaction section takes as Input the fead ecatalyst and
coal flow rates and compositions and calculates the amounts of solld product
species formed and the amounts of gas species formed or consumed for a series
of coal~catalyst reaczions. The coal composition 1s also corrected for
organic material ccasumed in catalyst reactions. The reactions are assumed to
sccur ingtantanesulsy and to go to completion. :

The gas phase kinetic model calculates the flow and composition of
the gas leaving the gasifier as a function of inlet gas flows and composition,
char solids composition, coal feed rate and composition, and bed temper%t;’re,
pressure and height. The model has previously been described in detail®>’,
This model assumes that the fluidized bed can ke represented as two phases, an
enulsion phase containing all of the solids and a portion of the gas, and a
bubble phase containing the remainder of the gas. The fraction of gas flowing
in the emulsion phase in calculated by assuming that the vominal velocity of
gas in this phase equals the minimum fluidization velocity of the bed
solids. Gasification and methanation reactions (Table 1) are assumed to take
place in the emulsion phase only, while the gas in both phases is assumed to
be in shift equilibrium at 31l points in the bed. Mass transfer between
phases is modeled by bubbling fluldized bed mass tramnsfer correlations whose
sources are listed in Table 2.

There are two feed streams Ip this model. The main gzs feed stream
enters the emulsion phase of the bed atr the bottom of the reactor, while a
minor feed stream which also contains the catalyst gases 1s added to the
bubble phase of the bed at the coal feed point, which is usually near the
bottom of the bed. The coal is assumed to devolatilize at this point as
well. The amounts of hydrogen, ozygen, nitrogen, and crganic sulfur thst
become wolatile are assumed to be a2 constant fraction of the amounts of these
elements present in the feed coul after adjusting feed coal composition for
catalyst reactions. The partitioning of thesg elerents among the product
gases is determined by the Gibson-Euker wodel®, which calculates the yields of
each product gas as a function of the coal composition and local hydrogen
partial pressure. The calculated yields of carbon containing gases (CH;, CO,
C0s) will determire the azount of carbon in the coal that is devolatilized.
Devolatilization gases and coal moisture are added to the bubble phase of the
bed at the cosl feed point.
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A series of material balances for each phase of the form

ax

1 1 . o -

& ' (Pyy = Byy-) + 8y (o4 Tag ¥ Oy Tyy)
where A = bed area

Njj = molar flow rate of component 1 in phase } (bubble or emulsion)

0; = mass tranfer coefficient berween phases
Pij = pressure of componeut i in ptese 3
P 147 = pressure cf componeunt i in other phase
Gj = fraction of bed wlume in phase )
ciG.H = stoichiomerric coefficient for component i for gasificationm,

methanation reactions

er M= molar rate of gasification or methanation in phase j (= 0 if
k]

j = bubble phase)

are integrated up the length of the bed using the relations in Tables I

and 2. Integration is performed using an explicit Runge-Rutta technique with
step size adjustment. The svstem of differeatial equations are stiff, so a
stability testing procedure was included in the integration routine. This
procedure checks that the gas strean composition calculated at esch time step
has not crossed an equilibrium constraint. If it has, the step is tedonme with
the step size halved. After each length step 1s integrated, the compositions
of each phase are adjusted to be in water—gas snift equilbrium, and the flows
through the two phases are corrected so that the velocity through the emulsion
phase equals the minimom fluidization velocity. The bed pressure for the
current value of the length is calculated, and the bed density integrated
using the trapezoidal rule. The final average bed density is passed back to
the solids balance model to be used in caslculating the aew bed height.

The dynsmic solicds mass balacce calculates the bed solids inventory
and composition 2t each time step. A sepsrate dynamic balance is written for
each organic element in the ._har, for coal ash, and for eack inorganic
potassium salt thst mey exist ia the bed. The balance are added Zogether to~
obtain a tofal bed inventory balance. Component material balances are based
on coal and catalyst feed flows and compositicns, coal-catalyst reactions,
inlet gas flows and compositious, and gas product flows and compositions, the
latter values being obtained from the results of the kinetic model. The
simulation integrates each of the component material balances usirg a fixed
time step Euler method, and thea calculates a new normalized set of weight
fractions for the cher. The equation for total bed mass !s then integrated,
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and a new bed height calculated from the bed mass and bed density. The bed
height and dengity are then used to calculate the pressure drop across the
bed.

There are two gasifier energy balances, one on the bed conteats and
one on the reactor vessel shell. These balances computc the enthalpies of all
gas snd solid streams entering or leaving the reactor, referenced to the
elements at 60°F as well as heat transferred between the bed and the shell,
and between the shell and amblent. The met accumulations of enthaply minus
the heat loss terms are integrated using fixed time step Euler methods. New
bed and shell temperatures are then calculated using the new bed solids
composition.

The units In the reeycle loop are all much simpler than the
gasifier. In addition, they are commercialiy proven and as such their dynamic
responses are already knoum. Thus, the level of modeling detail used for
recycle loop moduleg was much less than that used for the gasifier. The fired
preheater and high layel heat cmchangers were modeled as simple, lumped
parameter systems. The low level heat recovery and acid gas removal sections
were assumed to work as designed and to have first order dynamies. The
supplemental stesm reformer wsas modeled as a lumped parameter system for the
flue gas and convection sections, and as a distributed parameter system on the
process gas side on the radiant section. The methane recovery distillation
towver was modeled using a tray-to-tray mass balance model, but with a
- gimplified energy balance.

The cryogenic heat exchangers used to cool down the feed to the aecid
gas removal asystem ware modeled as a distributed parameter system, however,
due to the large temperature drop across these exchangers. The distributed
parameter model used generates a series of gtiff differential equations ia
tine, which.are integrated using a Runge-Rutta technique with a step size
adjuster. The new rime stepsize calculared at each time step is used by all
other modules in the recycle loop to integrat: thelr differential equations
over the next time step. The interfacing between this variable recyele loop
time step and the fixed gasifier time gtep ig handled by the simulation main
program.

The simmlation runs on an IBM 3081. It zuzzently requires
congsiderable computing power, but improvements in its efficiency will be
addressed in the future, with an eye to having it run on a VAX 11/780. Data
on equipment paramezers and initizl conditions are input to the model via a
geries of data sets. The final values of all variables in these data sets are
written into new data seta by the model after a simulation has ended. This
permits running the model to a scteady state and them saving the complete
steady state, so that disturbance simulations may be run by changing only one
or two mumbers in the data sets. The gimulation alse saves values of key
variables as a function of time in a format directly readable by an
interactive plotting routine, allowing dynamic respomse plots to be generated
easily and quickly. )
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Sample Results

The major use of the simulation to date has been to test potential
control configurations for the gasifier. In one such coniiguration, the
preheat and reformer furnaces were used to control the gasifier bed
temperature, while the bed temperature was in turn used to control the bed
height. As bed height setpoint will not be changed often, the configuration
was tested by simulating its response to a solids flow rate upset, which

consisted of a2 52 increase in the flowrates of coal and catalyst fed, and char
and fines withdrawm.

The responses of bded height and bed temperzture are shown in
Figures 4 and 5, respectively. The increase in coal t5> be gasified causes the
bed height to climb slowly. Afrer a pseudo-deacdiime, the control scheme
brings the bed temperature up, and the bed height returms to steady state.
Although the dynamics are somewhat slow, the process responds stably and
smoothly to the upset with a2 maximum bed height deviation of 0.6 m. The
gasifier gas effluent composition response for this upset is shown in Figure
6. Except for a slight transient in the amount of R,0 in this stream, the gas
composition does not change much during the upset.

Conclusions

A dynamic simulation has been developed for Exxon's CCG process.
The simulation contains a detailed dynamic model of the gasifier and
simplified models of the recycle loop units, and can be used for systems
studies or control scheme tests.
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Table 1 Gas Phase Reactions Occuring in Gasifier

1) Gasificacion

C + Hzo : Co + ﬂz

Fcat kg (P 5,0 P 8,0 Peo/ X&)
(P, +0b, P

)
32 1 BZO

Tate =

2) Metharation

CO + 38, * CH, + Hy0

3
Feat ka (P, P R, - PEZO Pca,‘m')

(1+b2P

TaCe =

2
)
B,
3) Shife
Ezo + CO : Hz + COZ

agssumed to be ia equilibrium

Fcat = zmount of active catalyst in bed
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Table 2

GENERAL FLUIDIZATION RELATIONSHIPS (Jram Kel. 5

® Superficial velocity at minimum fluidization, from the positive
quadratic root of Ergun pressure drop relationship

® Jet height above distributor, from Mori and Wen correlatlon
® Bubble growth from Geldart's correlation
® Maximm stable bubble size from Coulaloglou's proprietary correlation

® Bubbling bed mass transfer coefficient, from Kunii and Levenspiel's
model




Figure 1

COAL GASIFICATION CHEMISTRY
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Figure 2

EXXON CATALYTIC COAL GASIFICATION PROCESS

c"" c°| “2| coal

‘Waete Haat
Flus Gas-Gas
Gas Exchenger
BFW
Onsite Fines i H,O
Flus o Steam Removal
And Cooling L NH
(—-— Gas i 3
Qaslfler Oflolte l
(c:::!h'" ' Styam
) Acld i 1,8
Drle; Dried 2
18 CO& H Ges
Pretreater 0°F Recycle CO& H, Removal Lt CO,
Coal - l—-| % — oo {500 PSIA
m ' \‘g‘ Calalyst T H:p%or —
e —— n =" etipormmam—C—g
e Cryagenic } =— |~ CH,, CO, H
Mixer l;ey:ﬂn:'? Flred Distlilation} — N ?
Hot Fiue / Preheatar =
Gas Alr & Flue Qas —
st o o
acycle sh/Char ° Steam CH
(koH) Catalyst § Reformer A___p Product
.Methane
Walter == Catalyst Racovery Steam’
{Countsr-Currant 1400°F I
gg,‘ls: P R— Water Wash) Methane

882008-18




Figure 3

STRUCTURE OF GASIFIER MODEL
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Figure 4

BE'D HEIGHT RESPONSE TO SOLIDS UPSET
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Filgure b

BED TEMPERATURE RESPONSE TO E£GLIDS
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GASIFIER EFFLUENT COMPOSITION
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