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MEMBRANE PROCESSES FOR THE UPGRADING OF 
LOW-QUALITY NATURAL GAS 

I. INTRODUCTION 

, I .  Objective of Study 
The objective of the present study is to assess the potential usefulness of 

membrane separation processes for removing CO, and H,S from low-quality natural gas 
containing substantial amounts of both these “acid” gases, e.g., up to 40 mole-% CO, and 
10 mole-% H2S. The membrane processes must be capable of upgrading the crude natural 
gas to pipeline specifications (5 2 mole-% CO,, 5 4 ppm H2S). Moreover, these processes 
must also be economically competitive with the conventional separation techniques, such 
as gas absorption, utilized for this purpose by the gas industry. 

2. General Considerations 
Natural gas is one of the three major energy resources in the United States 

together with oil and coal. The natural gas demand in 1995 was 22.25 quadrillion Btu, or 
about 25.5 % of the total energy consumption and just below the demand for oil [l]. 
According to the Gas Research Institute (GRI) of Chicago, IL, the demand for natural gas 
will increase steadily and may reach 27% of the total energy consumption in 2015 [2]. 

Crude natural gas’containing substantial amounts of CO, (but only small amounts 
of H2S) is being increasingly upgraded to pipeline specifications by means of membrane 
separation processes [3-71. These processes offer a number of important advantages over 
the conventional techniques of gas separation. Thus, membrane processes are inherently 
energy-efficient and, due to their modular design, can be easily scaled up or operated at 
reduced capacity. Moreover, these processes offer good space and weight efficiency and 
adjust readily to variations in feed gas composition and flow rate. 

Membrane processes for the upgrading of natural gas are, in addition, 
environmentally safe and usually operate at ambient temperature, thereby avoiding the 
energy losses associated with heat exchange [7-lo]. Also, membrane plants can be used 
to process natural gas at wellheads instead of at a central plant [7]. 

Until recently, large-scale membrane processes for the upgrading of natural gas 
utilized membranes made from cellulose acetate, which have a relatively modest 
CO,/CH, selectivity, cf. ref. [l 13. These processes are economically competitive only 
when used for the treatment of natural gas containing over 10-20 mole-% CO,, depending 
on the wellhead pressure. In the last few years new types of polyimide membranes with 
much higher CO,/CH, selectivities and equal or larger permeabilities to CO, were 
developed at Syracuse University [12] and elsewhere. The new membranes will 
substantially improve the economics of membrane processes for the upgrading of natural 
gas and extend their ranges of applications. 

In view of the expected growth in the demand for natural gas, increasing attention 
is being devoted by the U.S. Department of Energy and by the gas industry to the 
upgrading of low-quality natural gas containing substantial amounts of both H2S and CO,. 
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Consequently, a membrane process that could economically reduce the concentrations of 
these “acid” gases to pipeline specifications will require polymer membranes that exhibit 
both high H2S/CH4 and C0,/CH4 selectivities.. However, neither the cellulose acetate 
membranes nor the newly d 
H,S/CH, selectivity for this 

I 

membrane synthesized at Syracuse University and designated hereafter as PU4 is about 4 
times higher than that of cellulose acetate membranes [at 95OF (35OC) and 147 psia (10.14 
bars)] [13]. Even more impressive is the fact that the permeability of the PU4 membranes 
to H2S is 93 times higher than that of cellulose acetate membranes &der the same 
conditions. However, the CO,/CH, selectivity of PU4 membranes is relatively low. 

The above results suggest that it may be possible to develop membrane,processes 
for the upgrading of low-quality natural gas by utilizing both highly C0,-selective 
membranes, such as the new polyimide membranes mentioned above, and highly H2S- 
selective membranes, such as the newly-developed PU4 membranes. Comprehensive 
membrane process simulations and economic evaluations have been completed in order 
to identify the process configurations that will most effectively combine h e  two types of 
membranes mentioned above. It is also important to determine if the pipeline 
specifications for H,S and CO, can be met by means of a simpler membrane process 
utilizing only the highly H,S-selective PU4 membranes, at least for some ranges of acid 
gas concentrations in natural gas. 

Both types of membranes considered in this study are much more permeable to 
H2S and CO, than to CH,. Consequently, in the membrane processes under consideration 
the G o  acid gases will concentrate in the permeate (low-pressure) stream, whereas the 
CH, will concentrate in the retentate (high-pressure) stream, Le., in the fraction of naturd 
gas (the “feed”) not permeating -through the membranes. Hence, the retentate is the 
desired product, Le., the upgraded natural gas. These are very favorable process 
conditions because the retentate will be obtained at almost wellhead pressure. The main 
pressure loss in the retentate stream will be caused by the pressure drop inside the 
membrane modules, which is generally very small compared to the pressure drop across 
the membranes. 

11. MEMBRANE PROCESS DESIGN 

1. Operating Conditions and Economic Parameters 
Computer simulations and economic assessments of membrane separation 

processes for the upgrading of low-quality natural gas were performed for natural gas 
“feeds” containing up to 40 mole-% CO, as well as up to 10 mole-% H2S, the balance 
being CH,. It is assumed that in all cases the concentrations of CO, and H2S in the 
retentate stream (the desired product) will meet pipeline specifications. It should be noted 
that the pipeline specifications for H,S are much more stringent than those for 
CO, 4 ppm H2S, 5 2 mole-% CO,). 

The separation performance of eight different membrane process configurations 
without or with recycle, and utilizing either C0,- or H,S-selective membranes or both, 
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has been investigated [15]. The process configurations are described in a following 
section. 

The assumed operating conditions (the “base-case” conditions) are typical for a 
medium-sized acid gas removal plant with a feed flow rate of 35 MMSCFD. The feed 
pressure was taken to be 800 psia (55.14 bars) and the permeate pressure as 20 psia (1.38 

listed in Tables 1-3. 
The CH,, CO,, and H2S concentrations in the retentate and permeate product 

streams will depend on the selectivities of the membranes to these gases, on the feed 
composition, and on the selected operating conditions. The effects of varying feed flow 
rate, feed pressure, membrane module cost, and price of CH, on the process economics 
have also been examined in a “sensitivity“ study. 

It should be noted that polymer membranes are only partially selective to gases. 
As a result, some CH, in the feed stream will permeate through the membranes together 
with the CO, and H2S, and consequently will be lost (unless otherwise recovered). Hence, 
the cost of the CH, lost in the permeate must be included in the processing cost of crude 
natural gas. 

operating conditions and the -selected economic parameters ar 

2. Membrane Process Con$igurations 
In the following discussion a “membrane process configuration” is taken to. 

consist of a single permeation stage or of two permeation stages connected in series or 
cascade. The “permeation stage” is the basic membrane separation unit and consists, in 
turn, of a single membrane module or of two or more modules connected in parallel, 
depending on the feed flow rate and module size. 

The membrane process configurations may or may not be provided with recycle 
streams, depending on the desired objective. For example, recycle streams may be used to 
reduce the loss of a valuable feed component, such as CH,, in the permeate. 

In the present study it is assumed that the membrane modules are of the “spiral- 
wound” type and utilize “composite” membrane in sheet form, with an effective thickness 
of 1,000 A (3.93x10-3 mil) [3,7,9,lO]. Consequently, the cost of membrane modules for 
the “base-case” conditions was taken to be that of spiral-wound modules, cf. Table 3. 

The membranes considered for use are, as mentioned above, some of the highly 
C0,-selective, fluorine-containing polyimide membranes [ 121 and the highly H2S- 
selective poly(ether urethane urea) PU4 membranes [ 131. 

A. Membrane Processes without Recycle 
Five different membrane process configurations without recycle streams have 

been examined and optimized by computer simulations. These process configurations are 
illustrated in Figures 1-5 and comprise: 

1) A single membrane permeation stage utilizing only the highly H,S-selective 
membranes, cf. Figure 1 ; 

2) A single membrane permeation stage utilizing only the highly C0,-selective 
membranes, cf., Figure 2 ; 

3) A single membrane permeation stage utilizing both the H,S-selective and C0,- 
selective membranes, cf., Figure 3; 

. 

‘ 
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4) Two membrane permeation stages connected in series, the first stage utilizing 
only the H,S-selective membranes and the second stage only the C0,-selective 
membranes, cf., Figure 4 ; and 

5) Two membrane permeation stages connected in series, the first stage utilizing 
only the C0,-selective m second stage only the H,S-selective 
membranes, cf., Figure 5. 

The ratio of areas of the C0,- and H,S-selective membranes required in the last 
three process configurations will depend on the relative concentrations of the two acid 
gases in the natural gas feed and on the selected operating conditions. 

. .  

B. Membrane Processes with Recycle 
Three membrane process configurations with recycle have been simulated and 

optimized in a preliminary way via a computer program. The three membrane process 
configurations that have been partially studied are: 

1) Two permeation stages in cascade with recycle, both stages utilizing only the 
H,S-selective membranes, cf., Figure 6; 

2) Two permeation stages in cascade with recycle, the first stage utilizing only the 
H,S-selective membranes and the second stage onIy the C0,-selective membranes, cf., 
Figure 7; 

3) Two permeation stages in cascade with recycle, both stages utilizing only the 
C0,-selective membranes, cf., Figure 8. 

- 

111. OPTIMIZATION METHODOLOGY 

The mathematical derivation and the theoretical background for the single 
permeation stage with one selective membrane (H,S-selective or C0,-selective) and for 
the single permeation stage with both H2S- and C0,-selective membranes are given in the 
Appendix I. The membrane configuration of two stages in series or cascade (Figures 4 to 
8) is just two single-permeation stages connected in series or cascade and its 
mathematical derivati& for each stage is similar to that of the single stage. Therefore the 
mathematical derivation of two stages in series or cascade (Figures 4 to 8) is not 
presented in here. 

' 

1. Problem Formulation and Analysis 
The operating conditions in all membrane process configurations studied were 

optimized so as to yield the lowest processing costs, i.e., the lowest cost of upgrading the 
crude natural gas to pipeline specifications. In view of @e complex nature of the 
membrane process design involved, several different optimization methods were 
employed for this purpose. 

The objectiveJirnction in the present process design study is the processing cost 
and the optimization constraints are the product purity. The objective function and 
constraints can be expressed as follows: 

Objective finction: 
Processing cost, f (81, ... ,giy ... ~ n ,  

I i i g ;  0 s  &<I; 0 5  P i S l ;  
PI, ..Piy ...@, 
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where the decision variable & is the stage-cut in stage i, and the decision variable pi is 
the area-fraction of the H,S-selective membrane in stage i, i.e., the ratio Area,,/(Area,, 
+ Are+,). The terms “AreaH2s)’ and designate the areas of the H,S- and C0,- 
selective membranes, respectively, in a permeation stage. The bbstage-cut” is the fraction 
of feed allowed to permeate through the membrane in a given p 
ratio of permeate-to 
type of selective membrane, pi has the limiting value of either 0 (if the membrane is 
C0,-selective) or of 1 (if the membrane is H,S-selective). 

ed flow-rates. It should be noted that if 

Constraints: 
Pipeline specification for CO,: xco2 5 2 mole-% 
Pipehe specification for H,S: X H ~ S  5 4 ppm 

These constraints are implicit and cannot be expressed in terms of the decision 
variables and pi. The objective function for the processing cost, f(e1, ... &, ... ~ h ,  pi, 
...pi, ...@, is also implicit and dependent on the membrane process configuration and 
feed composition. No unique and explicit expression is available for the processing cost. 
Moreover, the number of variables (6 and p) to be optimized is determined by the 
selected membrane process configuration. 

For a given feed composition, the objective of the present study is to find not only 
the optimum values of the decision variables for a specified process configuration but 
also the optimum configuration. Therefore, the optimization procedure is a two-step 
problem. For any given feed composition, each process configuration has a set of 
optimum decision variables (i.e., 0 ... 0 ... p ...p ...p) which yield a minimum 
processing cost. The process configuration that yields the lowest overall processing cost 
for that feed composition can then be determined by comparing the processing costs for 
all the optimized process configurations studied. 

2. Optimization Methods 
For a single permeation stage incorporating only C0,- or H,S-selective 

membranes, only one decision variable needs to be optimized, namely, the stage-cut 6 In 
this case, it is possible to use any of the classic optimization methods (e.g., region 
elimination, quadratic estimation, etc.) to find the optimum value of &. However, it was 
found that the processing cost increases with an increase in the stage-cut 6 Therefore, 
for the single-stage configuration with a single type of selective membrane, the optimum 
decision variable e is the minimum stage-cut that can produce pipeline-quality natural 
gas, that is, the stage cut where either one or both constraints are active. (Here active 
means the sign of the constraint is equal. For example, for the Constraint x c o 2  5 2 mole- 
%, if xco2 = 2 mole-% in the product, the constraint is active; if x c o 2  < 2 mole-% in 
the product, the constraint is inactive.) It is advantageous to use the desired product purity 
as a criterion for finding the optimum stage cut 6 

Reference is now made to the membrane configurations shown in Figure 3 (a 
single stage utilizing both H2S- and C02-selective membranes) and in Figures 4 - 8 (two 
stages connected in series or cascade, each stage utilizing only one type of selective 
membranes), cf., Section 11.2. Only two decision variables need to be optimized for these 
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configurations, namely, 6 p for the configuration of Figure 3, and 01, 82 for the 
configurations of Figures 4 to 8. The two-variable optimization problem can be reduced 
two one-variable problems. Then any of one-variable optimization method for the single 
stage with one selective membrane can be used to find the optimum decision variables ( Q 
and p r  & and 02). The one ariable optimization method used in this study is the 
Golden Section method [14], 'which is one of the most effective region-elimination 
methods for the unimodal problems. An example of this method is presented in Appendix 
11. 

IV. RESULTS AND DISCUSSIONS 

1. Membrane Processes without Recycle 

A. Processing Costs for Base-Case Conditions 
1). Single Permeation Stage with H,S-Selective Membranes 

The total processing--cost of crudenatural gas consists of three parts: (a) the 
capital-related, or investment, cost (CRC), (b) the variable operating and maintenance 
cost (VOM), and (c) the cost of CH, lost in the permeate stream (CH4LS). The 
processing cost is reported in this study as the cost per MSCF (1,000 standzqd cubic feet) 
ofproduct, i.e., of natural gas upgraded to pipeline specifications (5 2 mole-% CO, and < - 

The dependence of the processing costs on the concentration of CO, in the crude 
natural gas feed (0-40 mole-% CO,) is illustrated in Figure 9 for a constant concentration 
of 1 mole-% H,S in the feed. The data in this figure were obtained for the process design 
configuration shown in Figure 1, namely, a single permeation stage utilizing only the 
highly H,S-selective poly(ether urethane urea) PU4 membranes. 

The plot in Figure 9 shows that, for a constant H,S concentration in the feed 
stream, the processing cost first decreases, reaches a minimum, and finally increases with 
increasing CO, concentration in the feed. The minimum results from the intersection of 
two curves denoted A and B. The two curves represent the costs of membrane processes 
that will reduce the CO, and H2S concentrations in the retentate stream to the following 
levels: 

(a) At all CO, concentrations in the feed lower than that at the intersection point, 
i.e., along curve A, the retentate will contain a constant amount of 4 ppm H2S, which is 
the pipeline specification for H2S, and < 2 mole-% CO,, which is less than the pipeline 
specification for this gas. As the CO, concentration in the feed increases (and, therefore, 
that of.CH, decreases), the concentration of CO, in the retentate also increases, but 
remains below 2 mole-%. 

The processing cost decreases under these conditions because of the decrease in 
the CH, losses in the permeate (per MSCF of product gas). Also, the increase in the 
partial pressure of CO, caused by the increasing concentration of this gas in the feed, and 
the corresponding increase in the driving force of CO, across the membrane, results in a 
decrease in the required membrane area, and therefore in the capital investment cost of 
the process. 

4 PPm H2S). 
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The processing costs for the conditions represented by curve A are controlled by 
the cost,lof H2S removal, i.e., the cost of reducing the concentration of H2S to 4 pprn and 
maintaining it constant at this concentration ; 

(b) At the minimum of the plot in Figure 9, Le., at the intersection of curves A and 
B, the concentrations of both CO, and H,S in the retentate have just reached their pipeline 
specifications of 2 mole-% and 4 ppm, respectively; 

(c) At all CO, concentrations in the feed higher than that at the above-mentioned 
intersection, i.e., along curve B, the retentate (the desired product) will contain a constant 
amount of 2 mole-% CO,, which is the pipeline specification for CO,, and < 4 ppm H2S, 
which is less than the specification for H2S. As the CO, concentration in the feed stream 
increases, the concentration of H2S in the retentate further decreases below 4 ppm. 

The processing cost increases in this case with increasing CO, concentration in 
the feed because of an increase in both the CH, losses in the permeate and in the 
membrane area required to maintain the CO, concentration in the retentate stream at 2 
mole-%. The increase in membrane area exceeds the savings in membrane area resulting 
from the increase in the partial pressure of CO, and in the driving force of this gas across 
the membranes. 

The processing costs for the conditions represented by curve B are controlled by 
the cost of C02 removal, i.e., the cost of reducing the Concentration of C02 to 2 mole-% 
and maintaining it constant at this concentration. 

The dashed extensions of curves A and B below their intersection represent 
conditions where the concentration of either CO, or of H2S does not meet pipeline 
specifications. 

The processing costs shown in Figure 9 are limited to natural gas feeds containing 
0-40 mole-% CO, but only 1 mole-% H2S. When other H2S concentrations in the feed are 
considered, the plots representing the processing cost versus the CO, concentration in the 
feed remain similar in shape to those in Figure 9. However, at higher H,S concentrations 
in the feed, the intersection in these plots is shifted toward higher CO, concentrations 
and higher processing costs. 

This behavior is illustrated in Figure 10, which is a three dimensional plot of the 
processing costs versus the CO, and H2S concentrations in the feed (0-40 mole-% CO, 
and 1 ppm- 10 mole-% H,S). The solid curve which connects all the intersection points of 
the processing costs corresponds to the product stream containing 2 mole-% CO, and 4 
ppm H,S. At any given H2S concentration, if CO, concentrations in the feed are lower 
than those at the intersection points, the processing cost is controlled by the H2S removal; 
if CO, concentrations in the feed are higher than those at the intersection points, the 
processing cost is controlled by the CO, removal. 

2). Single Permeation Stage with CO, -Selective Membranes 
Figure 11 exhibits the processing costs obtained with a single permeation stage 

with CO2-selective membranes only (cf., Figure 2) as a h c t i o n  of H2S in the crude 
natural gas feed (1 ppm to 10 mole-% H2S) at 20 mole-% CO,. The processing cost first 
increases slowly, then reaches an intersection point, and finally increases rapidly with 
increasing H2S concentration in the feed. Similar to Figure 9, the dashed extensions of 
curves A and B below their intersection represent conditions where the pipeline 
specification for either H2S or CO, is not met. However, the retentate (the desired 
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product) compositions on curves A and B are different from those in Figure 6 and can be 
explained as following: 

(a) At all H,S concentrations in the feed lower than those at the intersection of 
curves A and 3, Le., along curve A, the product stream will contain 2 mole-% CO, and < 
4 ppm H2S. The processing cost remains nearly constant with increasing H,S 
concentration in the feed. This is due to the fact that the separation is controlled by the 
CO, removal and the CO, concentration in the feed is constant. Furthermore, the increase 
of the H2S concentration in this region is quite small (less than 7 ppm), therefore it has 
little effect on the CH, concentration in the feed (the balance of CO, and H,S) and the 
change of the CH, lost in the permeate is negligible; 

(b) At the intersection, the product stream contains exactly 2 mole-% CO, and 4 

(c) At all H,S concentrations in the feed higher than those at the intersection point, 
i.e., along curve B, the product stream will contain 4 ppm H,S and < 2 mole-% CO, and 
the separation is controlled by the H2S removal. The processing cost increases rapidly 
with the increase of H,S concentration in the feed. This is because even the most highly 
C0,-selective membranes have a much lower H,S/CH4 selectivity than the highly H2S- 
selective poly(ether urethane urea) PU4 membranes considered in this study. As a result, 
considerably more CH, is lost with a process configuration utilizing only C0,-selective 
membranes th& with one utilizing only the H,S-selective membranes or both C0,- arid 
H,S-selective membranes. Moreover, the permeability to H,S of the C0,-selective 
membranes is about 1400th of that of the H,S-selective membranes. Therefore, the 
membrane area required to meet pipeline specifications with a process configuration 
utilizing only the C0,-selective membranes is commensurately larger. 

Figure 12 is a three dimensional plot of the processing costs versus the CO, and 
H2S concentrations in the feed (0-40 mole-% CO, and 1 ppm- 10 mole-% H,S). The solid 
curve which connects all the intersection points corresponds to the product stream 
containing 2 mole-% CO, and 4 ppm H2S. At any given CO, concentration, if the H2S 
concentrations in the feed are lower than those at the intersection points, the processing 
cost is controlled 6y the CO, removal; if the H,S concentrations in the feed are higher 
than those at the intersection points, the processing cost is controlled by the H2S removal. 

3). Permeation Stage@) with both CO, - and H,S- Selective Membranes 
As discussed in Section II.2.A, three different membrane process configurations 

utilizing both C0,- and H,S-selective membranes have been considered in this study, cf., 
Figures 3, 4, and 5. The processing costs obtained with these configurations for the 
“base-case” conditions are compared in Figure 13 with those for the single-stage process 
configuration utilizing the H,S-selective membranes only. The comparison is made for a 
range of CO, concentrations in the feed from 0 to 40 mole-% and an H,S concentration in 
the feed of 1 mole-%. 

The plot shown in Figure 13 by a full heavy line is identical with that in Figure 9. 
It is seen that at CO, concentrations lower than the one at the minimum of the plot, i.e., 
along curve A, the processing costs are the same for all membrane process 
conJgurations utilizing H2S-selective membranes singly or in conjunction with C02- 
selective membranes, cf., Figures 1,3-5. This is because, for the conditions represented 
by curve A, the processing costs are controlled entirely by the cost of reducing the H2S 

ppm H2S; 

. 
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concentration in the retentate to 4 ppm. As a result, the processing costs are minimized 
only when the area of the C02-selective membranes is reduced to zero. The process 
confgurations utilizing both C0,- and H,S-selective membranes are thus reduced to the 
single-stage configuration with H,S-selective membranes, which is the optimum 
configuration for these conditions. 

By contrast, at CO, concentrations in the feed higher than those at the minimum 
of the plot each of the membrane process configurations studied yields different 
processing costs, which are represented by curves B and C .  Under these conditions the 
processing costs are controlled by: 

(a) For the process configuration utilizing only the H,S-selective membranes: 
the cost of reducing the CO, concentration in the retentate to 2 mole-%, cf., curve B and 
Figure 1. It should be noted that in this case the concentration of H,S will be reduced to 
less than 4 ppm; 

(b) For the process configurations utilizing both the C0,- and H,S-selective 
membranes: the cost of reducing the CO, and H2S concentrations to 2 mole-% and 4 ppm, 
respectively, cf., curves C and Figures 3-5. 

The processing costs for the membrane process configurations incorporating 
C0,-selective membranes as well as H$-selective membranes (curves C) are all lower 
than the costs incurred with the,process configuration utilizing only the latter membranes 
(curve B). The lowest processing costs of natural gas containing a higher concentration 
of CO, in the feed than that at the minimum of the plot in Figure 13 is obtained with a 
process configuration consisting of two permeation stages in series, the first stage 
utilizing only the H,S-selective membranes and the second stage utilizing only the C0,- 
selective membranes, cf., Figure 4. 

Figure 14 shows the fraction of CH, recovered in the product stream as a function 
of CO, concentrations in the feed from 0 to 40 mole-% and an H2S concentration in the 
feed of 1 mole-%. The membrane configuration of Figure 4 (two permeation stages in 
series, the first stage utilizing only the H,S-selective membranes and the second stage 
utilizing only the C0,-selective membranes) has the highest fraction of CH, recovered in 
the product. Since the processing cost is dominated by the cost of CH, lost in the 
permeate stream (to be discussed at Section IV.5), the membrane configuration of Figure 
4 has the lowest processing cost (cf. Figure 13). 

Our objective is to find the optimum membrane configurations at different feed 
concentrations. The processing costs shown in Figure 13 are limited to natural gas feeds 
containing 0-40 mole-% CO, but only I mole-% H2S. For the crude naturd gas 
containing 0-40 mole-% CO, and I ppm -10 mole-% H,S, the processing costs for the 
optimum membrane configuration are presented in Figure 15. At any given H2S 
concentration, i fC02 concentrations in the feed are lower than those at the intersection 
points of the single stage with H2S-selective membranes (cJ: Figure IO), the lowest 
processing costs are obtained, as mentioned before, with a single permeation stage 
provided with H2S-selective membranes only. At any given C02 Concentration, if H2S 
concentrations in the feed are lower than those at the intersection points of the single 
stage with C02-selective membranes (cJ: Figure I2), the lowest processing costs are 
obtained for the membrane conzguration of a single permeation stage provided with 
C02-selective membranes only. For the feed concentrations between the intersection 
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points of the single stage with H2S-selective membranes and the intersection points of the 
single stage with C02-selective membranes, the optimum process configuration is that 
consisting of two. permeation stages in series with H2S-selective membranes in the first 
stage and C02-selective membranes in the second stage. 

4). Adjustment of CO, and H,S Concentrations in Retentate 
For a given feed flow rate, composition, and pressye, esired CO, andor H2S 

concentration in the retentate, e.g., 5 2 mole-% CO, and 5 4 ppm H,S, is obtained as 
follows: 

(a) For the single-stage configuration utilizing H,S-selective membranes only: by 
adjusting the “stage-cut”, i.e., the fraction of feed which is allowed to permeate through 
the membranes. For a given feed flow rate and pressure, the desired stage-cut is obtained 
by adjusting the membrane area: an increase in membrane area will increase the stage- 
cut. 

In this case it is not possible to adjust the CO, and H2S concentrations in the 
retentate independently of one another. For example, under the conditions shown in 
Figure 9, it is possible to reduce the H2S concentration in the retentate to 4 ppm by 
maintaining the CO, concentration at < 2 mole-% (curve A), or to reduce the CO, 
concentration in the retentate to 2 mole-% by maintaining the H2S concentration at < 4 
ppm (curve B). The actual concentration of CO, in the former case and of H,S in the 
latter case will depend on the feed compositions and the operating conditions used; 

(b) For the two-stage configuration utilizing H,S-selective membranes in the first 
stage and C0,-selective membranes in the second stage: by adjusting the stage-cuts in the 
two stages. This can be achieved by adjusting the ratio of membrane areas in the two 
stages, i.e., the respective membrane areas. 

In this case it is possible to adjust the CO, and H2S concentrations in the retentate 
independently of one another, for example, to obtain 2 mole-% CO, and 4 ppm H,S in the 
retentate. In all cases discussed above it is assumed that the permeate pressure is 
maintained constant. 

5). Components of Total Processing Costs 
It was mentioned above that the total processing costs consist of three main 

components, namely, capital-related, or investment, costs, variable operating and 
maintenance costs, and the cost of CH, losses in the permeate. The relative magnitudes of 
these costs are given in Figure 16. This figure shows the lowest total processing costs 
and their components as a function of the CO, concentration in the feed and for an H,S 
concentration in the feed of 1 mole-%. The costs on the left of the minima of the 
processing cost in the plots are for a single permeation stage utilizing only H,S-selective 
membranes. The costs on the right of the minima of the processing cost are for two 
permeation stages in series with H,S-selective membranes in the first stage and C0,- 
selective membranes in the second stage. All cost data are for the “base-case” conditions 
listed in Table 3. 

Figure 16 shows that the CH, losses in the permeate constitute by far the largest 
component of the total processing costs. The large CH, losses are due to two factors: (a) 
The membrane configurations considered so far are all the configurations without recycle 
and therefore a significant amount of CH, is lost in the permeate stream; (b) The gas 
permeability of the H,S-selective poly(ether urethane urea) PU4 membranes considered 
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for use (PU4 is a “rubbery” polymer) is very large [13]. Therefore the membrane area 
requirement is low and thus CRC and VOM only comprise a small fraction in the total 
processing cost. 

B. Effects of Operating and Econo 
The basis to use both the H2 

Parameters on Processing Cost 
ective membrane and the C0,-selective 

membrane in the process configuration is that the H,S-selective membrane exhibits 
higher H,S/CH, selectivity and the C0,-selective membrane higher CO,/CH, selectivity. 
However, the permeabilities of the C0,-selective membrane to CO,, H2S and CH, are 
lower than those of the H,S-selective membrane. For any membrane configuration, using 
C0,-selective membranes to separate the same crude natural gas into pipeline-quality 
natural gas requires a larger membrane area than using H,S-selective membranes. 
Consequently the CRC and VOM of the membrane configuration using the C0,-selective 
membrane are higher than those using the H,S-selective membrane. The advantage of 
using C0,-selective membrane to upgrade the crude natural gas is that it can recover CH, 
effectively if the feed stream mainly contains CH, and CO,. However when the 
processing cost is dominated by .the CRC and VOM, there is no need to use the C0,- 
selective membrane in the membrane process configurations. Specifically, if the feed 
stream only contains CO, and CH, and the processing cost of a single stage with C0,- 
selective membranes is higher than that of a single stage with H,S-selective membranes, 
there is no basis to use the C0,-selective membrane in the membrane process 
configurations. 

The processing cost depends on many factors. Among these factors, the feed flow 
rate, membrane module cost, wellhead cost and feed pressure are the most important. The 
effects of these factors on the processing cost for the optimum membrane configuration 
will be illustrated in the following section. 

1) Effect of Feed Flow Rate 
For the membrane process configurations without recycle (Figures 1-5), the effect 

of feed flow rate on the processing cost of is straightforward. The membrane area 
requirement and labor cost are proportional to the feed flow rate, and the costs of utilities 
and the compressor module are not present in the membrane process configurations 
without recycle. Therefore the total plant investment and annual variable operating and 
maintenance cost are proportional to the feed flow rate. The annual cost of CH, lost is 
also proportional to the feed flow rate but the fraction of CH, lost in the permeate is 
independent of feed flow rate. Since CRC, VOM and CH4LS are all defined as cost per 
MSCF of product, these costs are all independent of the feed flow rate. Consequently the 
processing cost ($/MSCF of product) is independent of feed flow rate. 

2) Effect of Wellhead Price of Natural Gas 
The wellhead price of natural gas mainly depends on the market and is very hard 

to predict. For example the welIhead price peaked at $2.66/MSCF (1 MSCF of natural 
gas 2: 1000 Btu) in 1984 and dropped to $1.59/MSCF in 1995. However, in the first half 
of 1596, the wellhead cost increased to $2.16/MSCF. Due to the unpredictability of the 
wellhead price, the wellhead cost in this study is considered to be in the range of $1 to $5 
per MMBTU (million btu). 

Figure 17 shows the effect of wellhead price on processing cost for the optimum 
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membrane configuration as a function of CO, concentration in the feed at 1 mole-% H2S. 
The effect of wellhead price on processing cost for the optimum membrane configuration 
as a function of H2S concentration in the feed at 20 mole-% CO, is exhibited in Figure 18. 
At any given H2S and CO, concentrations in the feed, the processing cost increases 
proportionally with increasing wellhead price. However, at different H2S and CO, 
concentrations in the feed, the gradient of this increase is different. 

In the range of $1 to $5/MMBTU wellhead price, the CRC and VOM are 
independent of welIhead price. This is because the optimum membrane area requirement 
is independent of the wellhead price. Furthermore for the membrane process . 
configurations utilizing both H2S- and C0,-selective membranes (Figures 3-5), the 
optimum membrane area ratio of the H,S-selective membrane to the C0,-selective 
membrane is also independent of the wellhead price. Although CH4LS increases with the 
wellhead price, the fraction of CH, recovered in the product stream is independent of the 
wellhead price. 

3) Effect of Membrane Module Cost 
The membrane module cost is studied in the range of $5 to $70 per square feet 

and the membrane replacement cost is assumed to be one half of the membrane module 
cost. Figure 19 exhibits the effect of the membrane module cost on the processing cost for 
the optimum membrane configuration as a function of the CO, concentration in the feed 
at 1 mole-% H2S. The effect of the membrane module cost on processing cost for the 
optimum membrane configuration as a function of the H,S concentration in the feed at 20 
mole-% CO, is shown in Figure 20. 

If the membrane module cost is 2 $60 per square feet, it was found that even for 
the natural gas feed containing 0 mole-% H2S and 20 mole-% CO,, the processing cost of 
the single stage with the C0,-selective membrane is higher than that of single stage with 
the H,S-selective membrane. There is no economic reason to use the C0,-selective 
membrane in any of the process configurations because of its higher membrane area 
requirement. All five configurations without recycle (Figures 1-5) are reduced to a single 
stage with the H,S-selective membrane at this membrane module cost. 

$50 per square feet, to upgrade crude natural 
gas containing 0 mole-% H2S and 20 mole-% CO, to the pipeline specifications, the 
processing cost of a single stage with the C0,-selective membrane is lower than that of 
single stage with the H,S-selective membrane, and therefore the C0,-selective membrane 
should be considered in the membrane process configurations. In this membrane module 
cost range, although the CRC and VOM depend on the membrane module cost, the 
optimum total membrane area requirement and optimum membrane area ratio of the H2S- 
selective membrane to the C0,-selective membrane of the two-membrane configuration 
(Figures 3 to 5) are independent of the membrane module cost. Moreover, CH4LS and 
the fraction of CH, recovered in the product stream are also independent of the membrane 
module cost. 

. 

If the membrane module cost is 

4) Effect of Feed Pressure 
The feed pressure in this study is considered in the range of 200 to 1600 psia, 

which includes the pressure of the most natural basins discovered so far. Feed pressure 
has a significant effect on membrane area requirement and the fraction of CH, recovered 
in the product. Consequently CRC, VOM, CH4LS and processing cost change greatly 
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with the feed pressure. 
(a) Figures 21 and 22 exhibit the processing cost as a function of CO, 

concentration in the feed at 1 mole-% H2S. At 200 psia feed pressure, the optimum 
configuration is the single stage with the H,S-selective membrane -because of the 
enormous membrane area requirement when the C0,-selective membrane is used in the 
membrane configurations. 

For feed pressures 2 400 psia, similq to the base-case, there is a minimum 
processing cost at a given pressure for the single stage with H,S-selective membranes. 
The minimum point moves to a lower CO, concentration as the feed pressure increases. 
At all CO, concentrations in the feed lower than the CO, concentration at the minima, the 
optimum configuration is the single stage with the H,S-selective membrane. At all CO, 
concentrations in the feed higher than the CO, concentration at the minima, the 
membrane Configuration utilizing both H2S- and C0,-selective membranes is better than 
one membrane configuration (single stage with only H2S-selective membrbes or single 
stage with only C0,-selective membranes). 

(b) Figures 23 to 24 show the processing cost as a function of H2S concentration 
in the feed at 20 mole-% CO,. For the single stage with the C0,-selective membrane, 
similar to the base-case, there are an intersection point at a given pressure. With 
increasing feed pressure, the intersection points move to lower H,S concentrations. 

For feed pressures 2 400 psia, the optimum membrane process configuration at 
different H2S concentrations in the feed can be summarized as following: 

i) At all H2S concentrations in the feed lower than the H2S concentration at the 
break point of the curves for a single stage with C0;-selective membranes, the best 
membrane process configuration is the single stage with the C0,-selective membranes; 

ii) At all H2S concentrations in the feed higher than the H2S concentration at the 
break point of the curves for a single stage with H,S-selective membranes, the best 
membrane process configuration is the single stage with the H,S-selective membranes; 

iii) At all H,S concentrations in the feed higher than the H,S concentration at the 
break point of the curves for a single stage with C0,-selective membrane and lower than 
the H,S concentration at the break point of the curves for a single stage with H2S- 
selective membrane, the membrane configuration utilizing both H,S- and C0,-selective 
membranes is better than either one membrane configuration (single stage with the H2S- 
selective membrane or single stage with the C0,-selective membrane). 

2. Membrane Process Configurations with Recycle 
Three configurations of two stages in a cascade with recycle (Figures 6 to 8) were 

partially studied and compared with the optimum membrane process configuration 
without recycle (Figures 1 to 5). For the two stages in cascade with recycle, the permeate 
of the first stage is compressed and fed to the second stage. The retentate of the second 
stage is recycled to the first stage, and thus a substantial amount of CH, is recovered. 

Figure 25 shows the plots of processing cost as a function of CO, concentration in 
the crude natural gas feed (0-40 mole-% CO,) at 1 mole-% H,S. Similar plots were also 
obtained for 0.1 mole-%, 0.5 mole-%, 5 mole-%, and 10 mole-% H2S in the crude natural 
gas. At the base-case operating conditions with the economic parameters listed in Tables 
1-3, the following results were obtained: 
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1) For the two stages in cascade with recycle, both stages utilizing the H2S- 
selective membrane, the processing cost increases quickly with increasing CO, 
concentration in the feed. At lower CO, concentration in the feed, the processing cost is 
lower than that of optimum membrane configuration without recycle. At higher CO, 
concentration in the feed, due to the large increase of the compressor module cost and 
utility cost, the prpcessing cost is higher than that of the optimum membrane. 
cod1 guration without recycle. 

2) For the two stages in cascade with recycle, theJirst stage utilizing the H2S- 
selective membrane and the second stage utilizing the Copelective membrane, the 
processing cost increases greatly with increasing of CO, concentration in the feed. In 
contrast with two stages in cascade with recycle, both stages utilizing the H2S-selective 
membrane, it was found that the processing cost of this configuration is higher at the 
lower CO, concentration in the feed and lower at higher CO, concentration in the feed. 
However at higher CO, concentrations in the feed, the processing cost of this 
configuration is still higher than that of the optimum membrane processing configuration 
without recycle. 

In the base-case, when crude natural gas does not contain the H2S, our previous 
study has shown that a single stage with C02-selective membranes is the best 
configuration among the five membrane configurations without recycle (Figures 1-5). 
However, for the C0,-selective membrane with high CO,/CH, selectivity (e.g. 
polyimides developed in OUT lab), the question remains whether there are any CO, 
concentrations where it is advantageous to use two stages in cascade with recycle. The 
answer is decided by the two contradicting factors: the cost of CH, loss, and the costs of 
the compressor and utilities (electricity for the compressor). 

a). For the single stage w;th C02-selective membranes, a relatively larger amount 
of CH, is lost in the permeate stream but there are no costs for the compressor and 
utilities; 

b). For the two stages in cascade with recycle, both stages utilizing Copelective 
membranes, the second stage recovers most of CH, in the permeate stream of first stage, 
but with the added costs for the compressor and utilities. 

Figure 26 exhibits the processing costs of single stage .with C02-selective 
membranes and two stages in cascade with recycle, both stages utilizing COpelective 
membranes. At all CO, concentrations in the feed higher than 2 mole-%, the processing 
cost of single stage with C02-selective membranes is lower than that of two stages in 
cascade with recycle, both stages utilizing C02-selective membranes. 

Since the pipeline specification for CO, is not very stringent (2 mole-% CO,), and 
the selectivity of CO, to CH, is very high for the polyimide membranes (the selectivity, 
6,  is about 60), only a relatively small fraction of CH, is lost in the permeate stream when 
using a single stage with COpelective membranes to upgrade the crude natural gas. The 
cost of the compressor and utilities for the two stages in cascade with recycle is 
proportional to the permeate flow rate of the first stage and increases greatly with the 
increase CO, concentration in the feed. However, even at lower CO, concentration in the 
feed, the cost of the compressor and utilities surpasses the cost of CH, that this 
configuration could recover. Therefore, for the base-case, a single stage with C02- 
selective membranes is better than two stages in cascade with recyde, both stages 
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utilizing C02-selective membranes when the crude natural gas does not contain H2S. 
' 

Figure 27 shows the processing cost as a function of total acid gas concentration 
in feed for optimum membrane process configurations and gas absorption. Since 
diethanolamine is the chemical solvent and has equal selectivity to H,S and CO,, the 
processing cost only changes with the total amount of acid gas [16]. The selectivities of 
C0,-selective membranes and H,S-selective membranes vary widely and have a 
signifi'cant impact on the processing cost. The plot of Figure 27 can be summarized as 
follows: 

1). For the crude natural gas containing 0 mole-% H2S, the processing cost for the 
membrane process configuration is lower than that of gas absorption. This is because the 
pipeline specification for the CO, (5 2 mole-%) is not very stringent and CO,/CH, 
selectivity of C0,-selective membrane is very high. Therefore the membrane requirement 
is low and only a small portion of CH, is lost in the permeate stream. 

2). For the crude natural gas containing some amount of H2S (0.1 to 10 mole-%), 
the processing cost plots of the membrane process intersect with that of gas absorption. 
At higher H2S concentrations in the feed, the intersection points move to higher 
processing costs. At all acid gas concentrations in the feed lower than that at the 
intersection point, the processing costs are higher than that of gas absorption. This is 
because a large amount of CH, is lost in the permeate stream and the energy requirement 
of the stripper in the gas absorption process is not high. At all acid gas concentration in 
the feed higher than that at the intersection point, the cost of regenerating diethanolamine 
solvent is so significant that the processing cost of the gas absorption is higher than that 
of the membrane process. 

3. Comparison of Membrane Process without Recycle and Adsorption 
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APPENDIX I 

Mathematical Derivation of Membrane Semration 

1. Single Stage with H2S-Selective (or C02-Selective) Membrane 

. .  

Material balance for component i is: 

(L+dL) . (x i  +ki)+Ctl* Ji = L -  xi (1) 

Equation (1) can be written into 

One can neglect second order differential and simpliQ equation (2) into 
- 

(3) 
Pi d(L.Xi )+dA*-(ph.x i  - p r  .y i )=O 
0 

For the material balance of n components, one can obtain 
- 

* Pi 
dL+dA-C-(p,  ' X i  - p r  .y,)=O 

j=l C 

Since 

d ( L . x i ) = x i  *dL+L.dki  

one can obtain 

(4) 



, .  

i 

Substituting equations (3) and (4) into equation (9, one can obtain 
r- - 1 

From equation (6) and equation (4), one obtains 

(7) 
I - 

P j  
' x i  - P r . Y i ) - x i C - ( P h ' x j - p ~ . Y j )  j=1 0 

- -- 4 
dL- Pj 

L * c - ( P h  -PI * Y j )  
j=1 0 

Since the flow pattern is assumed to be cross-flow, the permeate side mole fi-actions at 

any point are given by the ratio of the local component flux to the total local flux, 
- 
Pi 
-(Ph ' x i  -PI *Yi) 6 

P f  
j=1 j=1 8 

(8) - _  4 yi =n- 
Ji C - h  ' x j  -PI * Y j )  

Therefore, equation (7) can be rewritten into: 

dxi yi --xi 
dL- L 
-- (9) 

The definition of stage cut 8 is 

so 
dL=-F-dB (10) 

Substituting equation (10) to equation (9), one obtains 

hi yi - xj --_- 
d 8 -  (1-8) 

where xi = xi,F at 8 = 0  

Similarly, one can substitute equation (10) to equation (4) and obtain 
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The overall or OutZetpenneate composition, y i ,p ,  can be obtained fiom the material 

balance over the entire module: 

, F * x ~ , ~  = P . y i , , + R - ~ .  r 3  (1 3) 

From the definition of stage cut, the above equation can be rewritten into: 

where xip is the mole fiaction of component i in the overall or milet reientde sirem. 

It should be noted that numerical (Runge-Kutta) method was used to solve 

equations (1 1) and (12). In equations (1 1) and (12), yi is calculated by trial and error 

method. For the feed containing C&, COz and HzS, the detail steps of calculating yi are 

as follows, where subscript 0 represents C&, 1 represents Co;! and 2 represents H2S. 

1). Assuming yCH4 0.1) a given value; 

2). For the cross-flow, one can have yi  = 7 Ji 

C J j  
j=1 

J 1  - -  Y1 J I  

yi Ji (P i /o) . (ph *xi  - ~ l  .ri)  
Therefore - - - - - 

3 

From above equation, one can calculate y~ and y3. Since y j  =I, one can check and re- 
j=1 

calculate y1 , and repeat above steps until satisfied accuracy is achieved. 
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F, %f 
Feed 

2. Single Stage with both H2S- and CO2-Selective Membranes 

Permeak f H,SSelective m 

Ph - - c d A . : X i %  Retentate 
L ; "%* 

8- 

- - -  , C0,Selective 
Yi 1 

PI p,, ys, 
Perme& 

Membrane area ratio: 
dA,/dA,= H,S-Selective Membrane Area/CO,-Selective membrane Area 

.Material balance for component i is: 

(L+dL) . (Xi  +djC,)+dA, Ji,, +dA, -4 ,  = L - x ,  
c 

a 
l+a 

Let a=&,/&, and p =dA,/(dA, +&I,), then p =- and equation (1) can be 

written into 

L . d i  + x i  -dc+dL-dri +d, .(.Ii,, +a. Ji,t)=O (2) 

One can neglect second order differential and simplie equation (2) into 

dA 
l+a d ( L  - xi) + -(Jj,, + a - Ji,,) = 0 

where 

For the material bdance of n components, one can obtain 

CCQ = dA, + CCQ, = ( 1  + a)&, 

d 4 "  
1 + a i=l 

dL + - x ( J i , ,  +a - Jj,,) = 0 

Since 

d(L - x i ) =  xi * dL + L - c3ki 

one can obtain 

(4) 
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Substituting equations (3) and (4) into equation (9, one can obtain 

From equation (6) and equation (4), one obtains 
c 1 

The definition of stage cut 0 is 
F - L  

F 
e=---- 

so 
dL=-F-d8 

Substituting equation (8) to equation (7), one obtains 
n I r 

L(Ji.1 + a .  ~ i , 2 ) - x i Z ( J j , l  j =  1 +a* J j . 2 )  
&i - -_  
de - n 

(1- 6) * CC J=1 J j , l +  a * J j , 2  

- 1 

where xi = x i p  at 8 = 0  

One can substitute equation (8) to equation (4) and obtain 

F 
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where A=O at 8 = 0  

It should be noted that the increment of stage cut of COz-selective membrane 

The increment of flow rate of component i in the permeate side of CO2-selective 

membrane 

The increment of stage cut of H2S-selective membrane 

The increment of flow rate of component i in the permeate side of HZS-selective 

membrane 

e,, = F-yi>, - de, (14) 

For the cross-flow pattern, the permeate side mole fiactions at any point are given by the 

ratio of the local component flux to the total local flux, 

The overall or outIetpemeate composition, yi,p , can be obtained fiom the material 

balance over the entire module: 

x ip  - (1 - e )  - Xia 

e y .  = 
I>P 

where xip is the mole fiaction of component i in the overaZZ or outZet retentate strem. 



I 

23 i 

APPENDIX IL 
ODtimization Methodolow 

It was mentioned in Section III.B that the one-variable optimization method used 

in this study to find the optimum decision variables was the GoZden Section method [ 151, 

which is one of the most effective "region-elimination" methods for the unimodal 

problems. As an example of this method, the steps that must be used to optimize the 

aecision variables 8 and p for process configuration 3, ;.e., the single stage with both HZS- 

and C02-selective membranes, are listed below: 

1) Find the bracket of p that contains the optimum p, i.e., the lower bound PL and 

the upper bound PU ; (note: p' 2 0 and Pu< 1) 
2) Use the Golden Section method to find the new points P'u = p' + 0.318*(& - 

ps, and ptn = pu - 0.318*(Pv - ps; 
3) Find the optimum values of 8 at PL, P'u, &, and Pu, respectively; calculate the 

processing cost at these four points; 

4) Reduce the bracket of f l  If the processing cost at /3' is larger than that at pu , 

then set fi=P'u, pLu=Pm, and calculate the new from step 2; otherwise set pu =&, 
PUL=~LU and calculate the new P'u from step 2; 

5 )  Find the optimum values of B at new /?UL (or pLu ) and calculate the processing 

cost at this point; 

6) Check the bracket length (Pu - pL) to see if the desired termination criterion is 

met or not. If the criterion is met, terminate; if not, go to step 4. 

It should be noted that the optimum 8 is the minimum stage-cut that can produce 

pipeline-quality natural gas (either one or both constraints are active). -Based on this 

criterion, implementation of the above step 3 is straightforward. Furthermore, extensive 

calculation results have proven that processing cost is unimodal to at optimum 8 
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- 
Polymer P (CH4)* co2/cI& 

(PU4) 

(Polyimide) 

Membranes Selectivity 
H2S Selective 2x 1 o-'O 16 

C02 Selective 0.1 x 1 0-l0 60 

TABLES 

HzS/CJ& 
Selectivity 

75 

15 

Table 1 

Operating and Feed Conditions Used ..I Process Simulations 

Feed composition: 0.1-10 mole-% H2S, 0-40 mole-% of C02, balance C a  

Product purity target: S 2 mole-% C& and 

Feed flow rate: 35 MMSCFD (dl ion standard tt3/day) 

Feed pressure: 800 psia (54 atm); Permeate pressure: 20 psia (1.4 atm) 

Flow pattern inside permeator module: Cross-fl ow 

Effective membrane thickness: 1000 A 

4 ppm H2S 

0 

Table 2 

Permeability and Selectivity Values Used in Process Simulations 

* Units of permeabiIity coefficients F: [cm3 (STP) cm]/(s cm2 d g )  

Given temperature: 95% (35'~) 

24 
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Table 3 

Economic Parameters and Assumptions 

,Total Plant Investment(TPI): 

Membrane module cost(MC): $10/fi2 (include cost of membrane element) 

Compressor module cost(CC): $865Ox(HP/q)O-" 

Fixed cost(FC) =MC+CC 

Base plant cost(BPC)=l. 12xFC (includes home office cost = 0. I2xFC) 

Project contingency (PC)-Q.ZOxBPC 

Total facilities investment(TFI)=BPC+PC 

Start-up cost (SC)=O. 1 OxVOM(see below for the explanation of VOW 

Total Plant Investment(TPI)=TFI+SC 

Annual Variable Operating & Maintenance Cost(V0M): 

Contract & material maintenance cost(CMC)=0.05 xTFI 

Local taxes & insurance (LTI)=O.OI 5xTFI 

Direct labor cost@L): 8 hr./day per 25 MMSCFD of feed (hourly wage: $1 5) 

Labor overhead cost(LOC)=l. 15xDL 

Membrane replacement cost(MRC): $Ye2 

Utility cost(UC):$O.O7/KWHr 

Variable Operating & Maintenance Cost(V0M): 

VOM = CMC + LTI + DL +LOC +MRC + UC 

Gas Processing Cost(GP0: - 

Annual capital related cost(CRC)=0.2xTPI (5-year payout period) 

Feed gas cost(or Cost of C& losses) (CH4LS):$Z.O/MMBTU 

Annual variabIe operating & maintenance cost(V0M) (see above) 

Gas process cost(GPC) = CRC + CH4LS + VOM (MSCF of product) 

Other Assumptions: 

Membrane life: 4 year 

On-Stream factor: 96% 

Compressor efficiency (q): 80% 
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Feed 

H,S-Selective Membrane 

Off-Gas 
7 

(Permeate) 

Pipeline-Quality Natural Gas 

(Retentate) 

Figure 1 : Single Permeation Stage with H,S-Selective Membranes 

I C02-Selective Membrane 

Feed 4 % 

Off-Gas 
7 

(Permeate) 

Pipeline-Quality Natural Gas 

mitentate) 

Figure 2: Single Permeation Stage with C0,-Selective Membranes 

S-Selective Membrane 

Figure 3: Single Permeation Stage with both H2S- and C0,-Selective Membranes 
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Feed 

&S-Selective Membrane 

Figure 4: Two Permeation Stages in Series with H,S-Selective 
Membranes in the First Stage and C0,-Selective 

Membranes in the Second Stage 

Figure 5: Two Permeation Stages in Series with C0,-Selective 
Membranes in the First Stage and H,S-Selective 

Membranes in the Second Stage 
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I 

Recycle 1 
Figure 6: Two Permeation Stages in Cascade with Recycle, 

Both Stages Utilizing H,S-Selective Membranes 

Feed 
KS-Selective Membrane 

Compressor 

Pipeline-Quality 
Natural Gas 

_____). 

Figure 7: Two Permeation Stages in Cascade with Recycle, 
First Stages Utilizing H,S-Selective Membranes and 
Second Stage Utilizing C0,-Selective Membranes 
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