APPENDIX A
BGC - LURGI PERFORMANCE WITH WESTERN COAL

Western sub-bituminous coals of the type assumed in this study
should be nearly ideal feedstocks for the BGC/Lurgi gasification, by
virtue of ‘their low, usually alkaline ash, high reactivity and high
volatile content. However, such coals have not been availablg at the
Westfield BGC Pilot plant. Test results are available for several
bituminous coals and for Scottish Francis Coal, a sub-bituminous
coal having properties shown in Table A-l.

The operabiliﬁy.of;a slagging moving bed gasifier with high
moisture weétern coal has been amply demonstratedé in DOE sponsored
tests of the Grand Forks Slagger (Reference 37). Slag flow prpblems
have been encountered in limited testing with sub-bituminous coals.
However, tests have been limited in number and optimization of
opefational parameters has not been attempted. Steam and>oxygen £lows
used have been those which proved sucgessful_with lignite.

The most successful and extensive testing of the Grand Forks
Slagger has been with Indian Head Lignite. In terms of proﬁimate and
ultimate analysis, this coal is very similar to the Wyoming Sub-

bituminous coal assumed in this study. The close similarity is

- evident from a comparison of coal properties presented in Table A-1.

Results of Grand Forks Slagger tests cannot be used directly as an
approximation of BGC Lurgi performance because detailad heat and
material balance data are not available. Also, the small diameter of

the slagger must necessarily result in greater heat losses than could
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COAL PROPERTIES

PROXIMATE % BY WEIGHT

Moisture
~Ash
Volatile Matter
Fixed Carbon
Fixed Carbon/# DAF Coal

ULTIMATE (DAF) % BY WEIGHT
Carbon ' '
Hydrogen
Sulfur
Nitrogen
Cxygen

TABLE A-

1

HYOMING SCOTTISH  INDIAN HEAD

SUB-BITUMINOUS _FRANCIS LIGNITE
28.0 7.6 30.15
5.1 5.2 6.75
33.1 32.5 28.45
33.8 54.7 34.70
51 .63 .55
74.45 183.0 71.78
5.10 5.5 4.67
45 5 1.18

75 1.4 .95
19.25 9.2 21.40




L

be achieved in a larger scale unit. The lower efficiency resulting
from the heat loss would éause an increase in oxygen requirements
énd an increase in CO2 production, relative to a full scale unit
operating at similar reaction.tempe;atures.
In lieu of test data, the performance of the BGC gasifier with
the assumed Wyoming sub-bituminous coal has been approximated based
on BGC performance with Francis Coal, and dry bottom Lurgi performance
with the assumed Western coal. Moving bed gasification has been
considered as a two step process, e.g., devolatilization followed by
steam/oxygen reaction of the remaining fixed carbon. Base case dry
bottom Lurgi performance has been used as a basis for estimating
the tars, oils, phenois and naphtha produced by devolatilization, while
BGC data with Francis coal have been used as the basis for the composition
of gaseous outputs. i
The following specific assumptions were used.
1. Total carbon conversion of the BGC is assumed to be similar
to the dry bottom Lurgi.
2. Since t;rs, oils, and phenols are produced by devolatilizationm,
it is assumed that their production in the BGC would be the
same or with the drv bottom Lurgi. 1If overall carbon

conversion is similar, cthen total carbon in CH,, C co plué

g
2747
CO2 will be the same as in the dry bottom Lurgi.

3. The mole percentage of CH, , CZHA’ CO and CO2 produced by the

BGC with Western coal are assumed to be the same as produced

by the BGC with Francis Coal.
A-3
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4, Steam required, as a percentage of.fixed carbon, is assumed
to be the same as required with Francis Coal. -
5. The oxygen requirement is determined by stoichiometry
assuning that the HZ/CO ratio has the value of 0.5 which
typifies the BGC gasifier. |
Application of these assumptions vields the estimate of BGC '
performancé with Western coal shown in Table A-2. Béée case Ary
ash Lurgi performance with the assumed Wyoming coal, and BGC per-
formance with Francis Coal are shown for reference.

.
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APPENDIX B

PROCESS DETAILS FOR COMBINATION OF ADVANCED
GASIFIERS WITH FISCHER-TROPSCH SYNTHESIS

1.0 COMPUTATION OF PRODUCT OUTPUT FROM ADVANCED GASIFIER/SYNTHOL
SYNTHESIS PLANTS

1.1 Mixed Qutput Cases ‘

Prbauct output from plants emploving advanced gasifiers and
Synthol syntheéis have been scaled from vields achieved in the
SASOL-US Baée Case. Synthesis gas from the advanced gasifiers is
first shifted to the'Hz/CO ratio of 2.54 required by the Synthol
reactor. It is then assumed that the yield of each product per
mole of H2 4+ CO 1in the synthesis gas will be the game as was yielded_
in the SASOL-US Base Case.

The analysis is thus the straightforward application of a
scaling factor. However, care must be taken to assure that only
products which are produced from synthesls are scaled. SNG derived
from methane, ethane and ethylene in the gasifier output, and
gasoline derived from naphtha must be separately accounted for by
subtracting them from the Base Case output before the scaling
factor is applied. Appropriate values for gasifier derived SNG
and gasifier naphtha are then added where applicable.

" Table B-1 shows the computation of the output from the BGC/
Synthol plant using the above described methodology. Similar
computations were made to determine the product yvield from Texaco/

Synthol and SK/Synthol plants.
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1.2 All Ligquid Output Cases

Liquid yields for all liquid plants were computed by assuming
that 61 percent of the HHV of the SNG in the mixed product plant is
recovered as synthesized liquid products in an all liquid plant.

Using values from Table B-1, the MMBtu/hr (HHV) of liquid
products (i.e., Cg) produced from synthesis gas in the BGC/Synthol
mixed output plant is given by:

11,854 (Total) - 6,180 (SNG) - 344 (Naphtha) = 5,330 MMBtu

If 61 percent of the emergy in the SNG is recovered in additional
products then synthesis products in the all liquid case are:

5,330 + .61 x 6,180 = 9,100 MMBtu/hr

Products from synthesis in the all 1liquid case are thus
determined by multiplying the liquid product from synthesis in the
mixed output case by the factor 10,373/8,611. The naphtha from the

gasifier is then added to give the total gasoline yield.
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2.0 ADVANCED GASIFIERS - ADVANCED SYNTHESIS COMBINATIONS: BGC-KOLBEL
SYSTEM

‘A complete analysis is given for this case only; othér Kolbel
‘coupled s&stems were analyzed by scaling‘from this case. Total number
of 1b moles of synthesis gas from BGC gasifier = 96,160/hr. This
is equivalent to 34,539,710 SCF (359.19 SCF/1b mole). This is
equivalent foy978,055'Nm3 of feed synthesis gas to the Kolbel F-T
units.

Table B~2 shows the raw F-T product yields in lbs/hr calcu-
lated from the'data given in referenée {29 .

Conversion at the first pass is H, = 86 percent and CO = 91 percent,

For fecycle off gas from first pass is shifted to give 0.67 ratio N
and sent through the Kolbel unit again. Conversion of recycled
gas is again taken to be H2 = 86 percent and £0 = 91 percent.
Feed of recycle gas ﬁotal = 10,580 1b moles/hr = 167,610 Nm3/hr.
| : H2 © 4,242 1b moles/hr = 3,651 + 594
€O - 62335 1b moles/hr = 5,765 - + 570
TOTAL- - 10,580 1b moles/hr Converted Unconverted
In additicen to products cbtained from Koibel synthesis, the
BGC gasifief produces the following primary prodﬁcts:
‘CHé _ 7,490 1b moles/hr 120,139 1bs/hr
C.H, 26 1b moles/hr 729 1bs/hr ?
CoH, 341 1b moles/hr 10,270 lbs/hr
P
TN
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TABLE B-2

RAW F-T PRODUCT YIELDS

(1bs/hr)

LBS/SCF x 10

13¢/UuR

FROM REFERENCE (25) FIRST PASS RECYCLE  TOTAL
Methane + Ethane 3.6 12,291 1,352 13,6431
CH, 3.9 13,584 1,495 15,079
c, 25.2 86,897 9,561 96,458
c, 5.7 19,622 2,159 21,781°
50-180°C Fraction 59.6 205,921 22,656 228,577
180-220°C A 15,309 1,684 16,993
220-320°¢C 6.7 23,072 2,538 25,610
>320°%C 2.1 7,116 783 7,899
Alcohols 1.9 6,469 712 7,181
TOTAL 433,221

l8,732 ibs/hr is methane/4,881 lbs/hr is ethane.

2

3

77,166 is c;/19,292 c, (ie., 80% olefin)

16,336 is c;/s,aas c, (i.e., 75% olefin)




+ Other gasifier products like tars, oils and phenols are sent
to raise steam. The naphtha from the gasifier, 17,300 lb/h;, is -
hydrotreated and blended with the other gasoline producing streams.
2.1 Kolkel Unit Energetics
Energy in synthesis gas IN:
) Lb Moles/Hr MMEtu/Hr (HHV)
H2 38,510 4,743
Co 57,650 7,019
TOTAL 95,160 11,762
Energy in Kolbel F-T products OUT: (MMBtu/hr HHV)
CH, 208
4
.C2H6 109 —
CZH4 326
C3 l,62§ + 418
C4 341 + 116
, )
40-180°C 4,954
180-220C
220-320°¢C 518
>320°¢C 157
Alcohols ‘ 98
’ TOTAL 8,869
Unconverted CO + H, __ 142
9,011
Efficiency on converted svngas tc F-T products = 75.4%.
Energy in Primary gasifier products:
- )
CH, and C, bvdrocarbons = 3,113 MMBtu/hr (HHV)



2.2 Downstream Processing (Upgrading) of Raw Kolbel Products

The refining of the raw F-T products generated from the Kolbel
unit is described below. As far as possible the refining scheme
used was identicél to the scheme used in the MRDC report (1).
Because of considerable differences in the product distribution the

details of flows to each unit have been given.



!
LIQUIDS TRAIN
(All Flow Numbers are in 1lbs/hr)
t
S PURGE GAS C., C.,, C,, C, + Unconverted CO/H,
. i’ N e generated CO5
F-T (XOL3EL) 2
SYNTHESIS 7
f——————— 3 OILS 279,079
REACTOR L .
250 3 ALCOHOLS 7,181
—y CjH, 20,449 to UNIT 257
: 1 2
C3 - CA (’ 118,239 £aT . C3H3 2,894
PRODUCT 7 . '
L 5 OILS 277,657
OILS 279,079 FRACTIONATOR a-C,H, s12f ¢ WIT 253
. 7 .
232 3 56,717 CqH,
l 16,398 CHy | to UNIT 257
16,336 CQHB R
VAC RESID 1,422 27 4oc 107
a0 7M1 _ —~
p— C, LPG 3,067 4,606 n=C,H,,
5 EEAVY POLYGAS 31,6851 to UNIT 259
94,284 i
\_J © CATALYTIC e
POLYMERTZATION < ——————a—p LIGET 'POLIGAS 36,689
C.E 20,4649
36— —y _
257 —y 26,044 to UNIT 258
C3H6 5,703
. U . 8
) GASOLINE C3q8. 16,39
17,382 C&HS 806
i-claHlO 327
n-CthO 2,810
L 5 C,LPG 15,880
26,044 BF N
132) p—————t——  ALKYLATION
- ’ b ALKYLATE 9,164 (Assumes 95%
958 conversicn of Treacsives + -
n-C,H5..)
£710
oy
,'4\\“‘
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UNIT 253
UNIT 2535
UNIT 256
UNIT 261

31,651 POLYGAS
F——""""" HYDROGENATION
259
1,444
1o wmedes 1
Ls (4
F-T
PRODUCT
278,165 Imuommma "———“'_
253
. L
[ 7
HYDROTREATED
276,993 | PRODUCT
y——"""1 FRACTIONATOR
.} FUEL OIL
254
ket OFF GAS
128,568 |  CATALYTIC F——}
' REFORMER | !
255 4
4
_to1,626 | Cs5/%
ISOMERIZATION —
, —
256
\ 8,887
e
\ 14,232 | !
4,333 LIGHT ENDS
10.922 RECOVERY
260

B-9

______5 GASCLINE 32,086

LIGHT ENDS 8,387 co UNIT 260

276,993 to UNIT 2354

101,624 to UNIT 256

128,568 to UNIT 255
o} DIESEL FUEL 42,064

4,737 (a te amount >320)

622

21,844 to UNIT 261
14,232 to UNIT 260

GASOLINE 91,830

583 to UNIT 261
4,333 to UNIT 260
GASOLINE 96,750

SNG 6,900

GASOLINE 18,387

.



p———— 10,922 to UNIT 260

H,

5 176,994 to UNIT 212

C3 and'Ca 118,239 to UNIT 252

METHANATOR ey CH‘Q 4,656 from CO + H2

AND ___} SNG 171,386

21,844
1
URIT 235 EYDROGEN
sgy | PURIFICATION
UNIT 261y %7 I
261 -
SNG TRAIN:
PURGE GAS
CLEANING
' AND
RECOVERY I
cH, 8,732
CH, 4,881 PF-T GENERATED
C,H, 15,079
g, 1,198
co 15,966
2, 120,139
CH, 729 } FROM GASIFIEZR
cd, 10,270}
Cy 96,458 ,
c, 21,781
— 176,994
'\r._lé“_’"s{’_. CO, REMOVAL
6,900 SNG
UNIT 260 oo PRYER
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TABLE B-3

TOTAL PRODUCTS FROM DOWNSTREAM PROCESSING

LBS/HR MM Btu/Hr (HHV)
GASGLINL: Gasifier Naphtha 16,886 348
Alkylate 9,164
Polvygas 32,086
Light Polygas 36,689
Reformate - 91,830
Isomerate 114,172
Light Ends 18,387 -
TOTAL 319,214 6,439
C3 LPG Unit 252 2,894
' Alkylation 16,880
Unit 257 3,067
TOTAL 22,841 490
SNG 164,486
Unit 260 6,900
TOTAL ' 171,386 3,937
DIESEL : 42,064 ' 851
FUEL OiL L 4,737 94
ALCCHOLS 7,181 98
TOTAL 11,909

‘This table 1s represented schematically in Figure B-l which
shows the flows in lbs/hr to the aownstream processing’ units.
Conversion of the flows in Table B-3 above to SCF and barrels

per stream day is shown in Table VII-3 in Section 7.1.



2.3 BGC-Kolbel: All Ligquid OQutput Case

The HAV thermal value in MMBtu/hr of liquid products (i.e., -

CB+) ﬁroduced from F-T synthesis is given by

| 11,309 ~ 3,937 = 7,872 - gasifier naphtha

= 7,927 - 348 = 7,624 MMBtu/hr

1f 61 percent of the thermal energy in the reformed SNG is available
in the synthesized liquids then ‘

energy from reforming SNG = 0.61 x 3,937 = 2,402 MMBtu/hr
Total energy now in liquidvproducts = 2,402 + 7,624 = 10,026 MMBtu/hr
Thus multiplication factor for all liquids case is 10,026/7,624 = 1.315.
Using'this factor as a multiplier for the vields in Table VII-3 will
give the products expected for a plant producing an'ali-liquids output. f“\;(
For the gasoline yield, the gasifier naphtha contribution of 1,627 B/SD
iz first subtracted before multiplication by the factor and then.added
to ‘the result. The result of this is shown In Table VII-4.

2.4 Texaco-Kolbel System

The gasification products from the Texaco gasifiler require

clezn up but no shift. Total lb moles/hr are given below.

Hz_ 4'50,100

Cco 73,675

CH4 150
TOTAL 123,925 Total 1b moles/hr of synthesis gas = 123,775

-

From the BGC case we had a total of 96,160 1b moles/nr

‘. multiplier is 123,775/96,160 = 1.287.

To determine the final, refined product spectrum from the Texaco- -

¥elbel combination, the F-T generated products from the BGC-Kolbel T

E-12




case are mulrtiplied by the factor 1.287. Thus, for a mixed output

case we have: : MMBtu/Hr
ane 51,805 + 2,400 lbs/hr = 29.78 MMSCF/D 1,245
GASOLINE = 37,507 B/SD 7,850

¢, LBG 3,970 3/5D | 531
3p1EsEL 4,918 B/SD | 1,095
*FUEL OIL 512 B/SD ‘ 121
3ALCOHOL 795 B/SD" | 126
11,068

lThe BGC gasifief generated Cl and 02 hydrocarbons are
subtraéted before using the factor and the smail amount

of Texaco gaéifier generated Cl is added.

2The gasﬁline number used for scaliag is 29,139 B/SD which
is the total minus the BGC gasifier generated naphtha
contribution.

3These numbers are scaled directly from the BGC-Kolbel case
using the 1b moles of synthesis gas factor.

2.5 Texaco-Kolbel: All Liquids Case

Total thermal value of liquid products is 11,068 - 1,263 =
9,823 MM Btu/hr

Energy from reforming SNG = 0.61 x 1,245 =‘759.S MM Btu/hr
Total energy in liquid products after reforming = 10,582.5

Thus multiplier for all liquids case is 10,582.5/9,823 = 1.077
Using this factor as a multiplier for the yields obtained

_ above, we have the product spectrum shown in Table VII-8 in the text.

B-13



2.6 Shell-Koppers/Kolbel Svstem

The gasification products from the Shell-Koppers gasifier are:

€O 91,700 1b mcles/hr

H, 44,020 1b moles/hr
TOTAL © 135,720 1b moles/hr

The synfhesis gas produced has a HZ/CO ratio of 0:48
.For compatibility with the data from Kolbel a ratio of 0.67
is required. -After shift the total number of moles is constant and
H2 = 54,451 and CO = 81,269 1b moles/hr. Mo methane or gasifier
naphtha is produced.

Multiplier factor is 135,720/96,160 = 1.41.

For mixed output the product spectrum is:

SNG 31,21 MMSCE/D 1,305 MBru/hr
CASOLINE 41,127 B/SD 8,608
Cy LPG 4,353 B/SD £92
DIESEL 5,393 B/SD 1,201
FUEL OIL 562 B/SD 133
ALCOHOLS 872 B/SD - 138
o ‘ TOTAL 12,077 MMBtu/hr

For tﬁé Ail—Liquid 6utput case we have:
12,077 - 1305 = 10,772 MMBtu/hr in liquid products
.01 = 796 MMptu/hr for reforming SNG
TAL 11,568 MMBtu/hr total Btu's in liquid products in
all liquid output case
. factor = 11,568/10,772 = 1.074

Multiplving by this factor in the Table above gives the product

spectrum shown in Table VII-7 in the text.

3-14
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APPENDIX C

PLANT CONSTRUCTION COST ANALYSIS

" The unit by unit cost analysis prepared by MRDC for the SASOL-

U.5. Base Case presented in Reference 1 has been used as the primary

basis for estimates of the contruction cost of the revised indirect

liquefaction plant considered in this study. The methodology used is

described below,

1.

2.

Establish a flow diagram for the revised plant.

Determine the required capacity for each process unit
which 1s common between the revised plant and the Base
Case.

Adjust the construction cost of each unit based on unit

capacity using a .7 exponential scaling factor. For
example:

. . 0.7

Revised Cost = Base Case Cost (Rev1sed Capacity )
Base Case Capacity

Obtain best available data from the literature and/or
vendor sources for units in the revised plant which are
not common to the base case. Adjust these data to 1977 §
where applicable. Total construction cost for each revised
plant is computed as the sum of unit costs plus certain
miscellaneous items common to all plants. Capital cost
is assumed to exceed construction cost by a factor of 1.59
as in the base case.

Tables C-1 through C-7 show the detailed computation for each

revised plant considered in this study. The basis of unit cost

data from sources other than Reference 1, and other pertinent details

are provided in descriptive notes to the tables.



TABLE C-1

SASOL-U.S. BASE CASE

TOTAL  1,186.1

SASQL-L.S MIXED OUTPUT ALL-LIGUID
£065T ' cOosT
NIT DrSCRIPTLICON LAPACTITY S M CAPACITY NOTE s M
SOAL AND ASI HANDLING 71.4 1 71.4
228 Coal Handling 27.6 H T/
229 Ash Handling i.4 M T/D
Coal Drver N.A.
Siurry Preparation H.A,
SYNTHESIS GAS PREPARATION 331.6 v 331.6
301 Gasifiers 1,201 M 1bnr 200.7
202 Rew Gas Shift A6 M id moies 12,8
203 Raw Gas Loolang 156 M 1b moles 13.1
204 Shifted Cas Cooling 36 M 1b moles 6.0
205 Gas Purification 116 ¥ 1b moles .7
2al Refrigeration (For unit 205) 211
. ]
8Y-PRODUCT RECGVERY 110.4 1 116.4
206 Sulfur Recovery 35 M 1b moles €O 55.0
207 Ges/Liquor Separation 53 M 1b woles H20 18,8
208  Phenol Recovery €5 M 1b moles iiz0 14.0
109 Azmonia Recovery 85 M 1b moles Ha0 18.8
CASIFIZR NAPKIHA TREATMENT 12. 5 1 12-:’
211 Hydrogen Recovery S K 1b moles 8.7
25) Bephiha Hydrotreating 15,92z 1b/hr 3.7
-
SYNTHESLS 104,31 2 187.1
250 Synthol Reacters 4,696 MY Beu/br 76.6 110,752 ¥ Bru/nr 2 103.1
271 Caralvat Preparaziom 30 T/0 1.7 65,7 T/D 2 46.0
SNG PREPARATION OF REPORMING 4.3 40,7
212 Methansa*fon 173.3 MM SCF/DY 12.0
212 CO; Ramoval Total SHG 2,2
214 prying and Compression fuzput 3l
116 Autothermal Reformer K.A. J | 3 40.7
F-T LIQUID PRODUCT RECCVERY (18,093 3/ 92,1 hy,695 /D Liguags 2 1506
AND UPGRADE Liquid Fuels)
b1 Hydrucarbon Racovery 535 ¥ Ib/nr Fluw 10.4
252 F-T Produst T'racc. 275 M lb/he 14,5
253 Procuzc Kydrorrearing 124 ¥ lb/he 6.6
254 Hyd. Product Pracr. 123 ¥ 1b/hr 3.8
255 Catalytic Reforming 47 ¥ lb/hr 7.3
256 C5/Cy leomerization 27 B 1b/hr 5.3
257 Cst. Polywerigazion %3 M 1b/kr 4,1
258 HF Alrylation 10 ¥ 1b/hr 2.2
239 Poly Gasoline Hydro, 20 M 1b/hr 2.4
260 Light Ends Recovery 8 ¥ 1b/hr 2.2
' 261 Hz Purification 2.2 M 1b/hr 2.7
262 Aleohol KRecovery 1,629 B/D 11.0
270 Gascline Bleading 13,380 B/D 2.0
237 Storage o to Toral Liquids 8.6
x205 Rectisol
IOFFSITES ARD MISC. 429.7 499.4
221 Oxysen Plan:c 450 M lb/hr 116.1 702 ¥ lp/hr 2 148.5
222-223  Boiler, Main Superheater 3111 M 1b/hr steam 146.6 |,
225226 Stack Precip. Clesoup
224 LP snd ¥ Superhsater 1.6 (
23) BPw Preparation 25.56 3,519 lb/%r
232 Od Make=up -
233 W Towers 23.3
236 Elow-down Facilities 2.7
5.2 2,6 212.9
(subzczal for Steas Planc) 195.2 ik el
235 Waste Water Trestwent 2.1 MM 1b/hr 26.3 2.53 M4 1b/hr 2 0.0
234 Pover Generation 10.6 1 10.6
238 Interconnecting Piping 20.4 1 0.4
Infrestructure 4b. 4 1 6E.4
Otner Misc, 30.6 1 30.6
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) BGC GASIFICATION/SYNTHOL SYNTHESIS
BGC/SYNTHOL
SASCL-U.S., MIXED QUTPUT
MIXED OUTPUT ALL-LIQUID
R COST £OST COST
NIT LNSCRIPTION CAPAZITY § M CAPACITY NOTE § MM CAPACITY NOTE 5
COAL AKD ASH MANDLING 71.4 L 71.4 L 71.4
228 Coal Handling 7.8 M T/D
229 Ash Bundling Foe MOTIR *
Caal Dryer N.A.
Slurry Preparation N.A. . .
ISYNTHESTS CAS PREPARATION 331.6 258.3 8 238.3
201 Caslflere 1,901 M lb/Ac 200.7 2,070 H lbfhr 5 100,58
02 Raw Gas Shifc J6 ¥ ib moles 12.8 |159 ¥ 1b moles é 30.0
203 Rew, Cos Cooling 15 M ib mrles 13.3 NA
Lol Shifred Gus Covling 36 M lb moles 6.0 1?9 M b moles ? 13.5
205 Gaa Purificacion 116 M lb soles 71.7 J1i3.5 ¥ 1b moles I 53:0
261 Refrigeration (For uaiz 205) 271 2 214
2
BY-PRODUCT RECOVERY 110.4 80.3 8 30.3
206 Sulfur. Recovery 35 4 1b moles COj 56.% 40 M 1b males 2 64.8
207 Gas/Liquar Separation 55 4 1b moles 20 18.6 [15.5 M lb moles 2 5.6
08 Fhenol Recavery 35 H 1b woles HpO 16.0 115.5 4 !b moles 2 4.2
209 Ammonia Recovery B5 M 1b moles H20 18.8 {15.5 ¥ 1b coles 2 5.7 .
- R 1
GASIFIZR SAPHTHA TREATMENT 12.5 1,630 3/D 2 13.3 § 13.3
2 Bydrogen Recovery 1.1 M 1becles 8.7
251 Haphtha dydrotreating 15,922 lb/hr 3.7
y L 2 3
'SYNTHESTS . 04,1 | 134.9 201.3
250 Synthol Reactors 4,896 MM Bru/hr 76.4 |7.092 ¥ Bru/hr 2 93,0 {12,559 MM Btu/hr 47,7
271 Catalyst Preparacion 10 T/D 21,7 43,5 T/D 2 35.9 7?7 T/D 3.8
'SNG PREPARATION OR REFORMING ' 24.3 2 21,7 36.5
212 - Methanacion 173.3 M4 ScF/ 12.0 J147.9 MM SCF/D
1) C07 Removal total SNG 9.2 Teral SNG
14 Drying And Compression Curput 3.1 Qutpuc B
116 Autothormal Reformer NA | NA 3 38.5
[F-T LIQUID PRODUCT RZCOVERY (18,093 B/D 92.1{ 25,217 3/ 2 119.4 44,75% B/D 2 173.6.
AND UPGRADE Ligquid Fucle)
U0 Hydrocarbon Recovery 534 H lb/hr Tlew 19.4
252 F-7 Product Fract. 275 M lb/he 14.5
53 Product Hydrotreating 124 ¥ 1b/hr 6.6
254 hyd, Product Fract. 123 M tb/hr 3.8
255 Cucalysic Reforming 47 M Ib/nr 7.3
234 C5/Cg 1somerizacioa 37 H lb/nr 5.3
257 Cac. Polymerizarion 53 M lb/ke 4.1
258 HP Alkylation 10 M 1k/he 2.2
259 Poly Gasoline Hydro. 20 M lb/hr 2.4
260 Light Enda Recovery 8 M 1lb/hr 2.2
261 Hy Porificatien 2.2 M \b/hr 2.7
262 Alcohel Recovery 1,829 B/D - 1.0
27¢ Gasvline Blending 13,580 B/D 2.0
237 Storage o to Total Liquids 8.6
2205 Ractisol .
OFFSITES AND MISC. 429.7 405,09 454,7
22t Oxygen Plant 458 M 1b/nr 0.1 | 545 ¥ b/t 2 124.3 750 % 1b/hr 2 155.5
|222-223  Boiler, Main Superheater 3111 M ib/hr stess 146.6 (2,264 M lb/hr 2,612 M 1b/kr
225-226 Stack Precip. Clesnup
224 LF and MP Superheater 1.5
231 BFW Preparation 20.6 2,4 156.4 2,4 172.8
232 W Make-up -]
23 C% Towers 23.3 )’
236 Blowedown Pacilities 2.7
(Subzotal for Steam Plant = 155,3)
235 Waste Water Trearment 2,1 ™ ib/hr 26.3 1.06 M4 lh/hr z 16.3 . 1.26 ¥ 1b/hr H 13,4
234 Power Generarion 10.6 1 10.6 1 10.8
228 Interconnecting Plping 20.4 1 20.5 1 20.4
Infroatructure A6, 4 1 46.4 1 4B.4
Other Misc. 30.56 1 30.6 1 10.4
TOTAL 1,186.1 1,104.3 1,289.4
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TABLE C-3
TEXACO GASIFICATION SYNTHOL SYNTHESIS

TEXACO - SYNTHOL J
S4SOL - U.S., MIXED OUTPLT
MIXED OUTRUT ALL-LIQUID
CasT COST cosT
wmIT DESCRIPTION . CAPAZITY 5 Ml CAPACITY . NOTE S MM CAPACITY NOTE s MM
COAL AND ASH MANDLING 71.4 ) 95.2 95.2
8 Coal handliing 27,6 M T/D EE.E 25,5 M T/0 2 68 & 29.5 I/D Z 68,4
z2y Ash Hondling' Lod M TID $.R in¢. 1n cocler inc. in ecoler
Cozl Dryer LY 27.8 T/ 9 20.¢ 27.B T/b 9 20.0
Slurry Freparstion N.A io 6.5 10 6.8
SYNTHESLS GAS PREPARATION 3LE 299.8 299.8
201 Gasiflers 1,801 M e/kr 283.7 po 5.0 A 33 5:.0
292 Kow Cag Shifc 3 M1t owles 12,8 {18& M 1b moles 6 30.o0 186 M 1> moles & 30.0
203 Ruw Cas Cooling 136 ¥ lb moles 13,3 11 67.C 11 67.0
204 Smifted Cas Cosling 36 M 1b moies Gl 184 1 1b mcles i 14.¢9 164 M 1b moles 7 14.9
2058 Gas Purifization iio M lb moles 11,7 (1€l K 1b moles 2 97.5 |18l ¥ 1b mojes 2 $7.5
241 Refrigerstiun (For unit 205) 23,1 17.0 37.0
BY-FRODUCT RECOVERY 110.4 75,6 75.6
w08 Sulfur Recovery 35 ¥ 1b moles €O: £5.0 44 4 1k poles 2 L68.2 44 M 1lb moles 2 55.3
w07 Cas/Liguer Separation 55 M it moles H20 18,8 Na N&
208 Phencl Recovery 85 ¥ 1b wmoles Hy0 i%.0 Na NA
203 Ammonia Recovery 85 M 1b moies H30 18,8 118 ¥ 1b moles H 0 2 6.3 18 M 1b melas 6.2
CASIFIER KAPUTHA 12,5 N HA
211 Hydtogen Recovery . v ¥ 1k moles B.?
281 Nophths Hyarotreating 15,922 lp/nr 7 .
| . - T
levwrhEs s 64,1 131 02,3
-] Svnthe! Reactors 4,896 ¥ Hrulnr 76,4 9,253 M Bou/bir z 97.7 [ 12,737 MM 3zu/nz 149.2
271 Cecalyst Preperaties 30 7/D .0 38.4 78,1 T/D 54.2
SNG PREPARATION 02 REFORMING 25,2 0. z 16,8 23.2
2i?  Msthanatinn 173.3 M4 SCF/D 12.0 |1C2.8 ¥M SCF/D TN
213 C27 Removel Total SNC 9.2 Tcral SNG :
214 Dreirg #ad Comprestion Qutput 3.1 Corput
1% hutsinernsl keforwer N.oA, Ba J g 2.2
P LIQULD PRODUCT RECOVERY (18,053 b/D 2.1 | 2,82 wse 2 143.8 | 47,088 575D i73.8
AND UPCRADE Liguid Fuels)
210 Hydrocsrbon Racovery 33. M 1h/kr Flow 9.4 ;
52 F-7 Froduct Frant. 275 M lb/ar 1.5
253 Froduct Hydrecreating 124 M 1b/nr 5.é
254 uyé. Product Fract, . 123 M Lb/hr - 3.8
253 Carelytic Retoiming &7 m ib/hr tT.3
246 Cs5/Csy lsoserization 37 M 1b/hr 5.2
287 Cat. Telyserization 53 ¢ lefer &.1
258 HY Alwylatiem . 10 M b/hr 2.2
259 Poly Gagoline Hydro. 20 ¥ lb/hr 2.4 .
260 Lign:z Ends Recovery 8 ¥ 1b/hr 2.2
261 Hy Purificszien 2.2 M lb/hr 2.7
267 Aleshol Recovery 1,829 B/D 11.0
¢ Gasoline Blending 13,580 B/D 2.0
237 Searsge o to Toral Liguids 8.6
x205 Reccisol .
. - -
CTFSITES AND MISC. 429.7 389.2 408.3
21 Oxyger. Plsnt B 456 M lp/nr 118.1 § 1,296 M 1ofhr 2 22E.0 3,443 ¥ lofhr 2 265.7
1222-225  Boiler, Mein Superheater 3111 M Ib/hr oteam 148.5
12262226  Stack Precip, Cleamup
o2y LP and MF Supernsater 1.6 1 1.6 1 l.¢
23} BF+ Preporation 20,6 | 31,070 M 1b/nr 1 0.8 1 2o
212 O Meke-up .5 Plant Fired 1 .5 H .8
23 ™ Towers 23.3 | by Gac Cooler i 3.3 1 23.3
236 Blos—down Facilicies 2.7 1 2.7 1 2.7
(Suprotal for Stean Piant) 15,7 -
238 Woste Warer Trestmant 2.1 MM Ib/hr 6.2 288 ¥ 1b/hr 12 6.1 502 M 1b/hr 12 9.7
2% Yower Gererczlsz 10,5 L luiL 10.¢
238 Intercannecting Piping 20.4 1 20.4 20.%
lnfrastructure 4B L M 46,4 6.4
Gener Hisc. . .o 1 2.6 10w <
oz 1,188.1 - 1.267.1 1 1,288.0
&
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SHELL KOPPERS GASIFICATION SYNTHESIS
¢ f —
SHELL KOPPERS/SYNTHOL i
SASDL-U.S., MIXED OVIPUT L —!
[ MIKED PRODUCT ALL-LIQUID '
-
] cosT COST cosT b
: Lmqn- CLSCRIPTION CAPATITY § oy CAPACITY NOTE 5 CAPACITY HOTE 3 M !
[CUAL AND ASH MANULLNG iy o35 oa nl
' l 2 Coal Hamdling 2¥.8 M T/ 55,6 9.9 M T/D 2 49.0 29.9 M T/p H 59.C
229 Agh Hanaling L.« M T/D ine. in coolar ine. in cooler i
Coal Dryer, NoAL 0.0 20.0 |
Slurry Prepavation NoAL
SYNTEESIS GAS PREPAPATION 331.6 307.7 357.7 |
H
01 Gasiiivra 1,931 M lb/hr 200.7 1 33.0 . 2! 52.6
02 Raw Cas Shafr 36 # 1b mules 12.8 176,86 M 1b mcies & -10.0 a 20.0
[ 203 Rawv Gss Cooling 156 H IS moles 13.3 21 5.0 2l 67.0 ]
[ 204 Shiftes Gus Coullng 36 M [b doles 6.0 ¢ 214 15.6 214 6.6
235 Gas Furification I'16 4 1b ooies 1.7 193 102,35 193 1gz.L I
| 241 Rei:rigeruian (Far untt 205) 7.1 8.7 8.7 |
BY-PRODUCT RECOVERY 110.4 90.1 20.1
206 Sulfur Recovery 35 M ib moles 0z . 9.0 57 M 1p moles 83.0 33,0
W7 Cas/Liguor Separarion 55 H ib noles H20' 18,6 A
208 Phenol Recovery 85 M 1b moles Hp0 14,0 NA
209 Anmonla Pecovery -85 M 1b woles H20 id.8 21 4 b aolesa/br 7.0 21 M ib moles/hr 7.1
. GASIFLER NAPUTHA ’ 12.5 uA Na
. 241 Yydrogen Aecovery . 1.1 % Lb moles B.7
251 Naphiha Hydrotreacing 15,922 lb/hr 1.7 ae
SYNTHESIs 104.1 173.4 216,38
250 Syncthol Reactors 4,836 MM Otu/nrv 76,4 10,148 MMBru/hr 127.3 13,964 MBetu/hr 159t
271 Catalyat Preparatton 30 1/p 22.7 52 46,1 85 57,7 ‘
: SNG PREPARATION OR REFORMING . 24,2 18.0 30,1
212 Mathanat ion 173,3 MM SCE/D 12.0 112,35 MSF/Day
213 Oy Removal Tota] SHG 9.2
214 Drying and Compression Output 3 3 0.1
. 116 Aurocherzal Reformer H.a,
“z7 ‘a1
: F-T L1QULD PRODUCT RECOVERY (18,003 B/D Q.1 i52.5 191.8
) ANG UPCRADE .Liquid Fuuls) 7,489 B/D 51,386 3/p
-; 40 Hydrocarban Recovery 53¢ M ib/hr Flow 194 .
252 F«T Product Fract. 275 M lh/hr, 14.5
i 52 Product Yydrocreating 124 M Ibthr §.6
256 Hyd. Proguct Fract. 123 M lbjhr 1.8
259 Catsly:le Reforming w7 N ih/nr 7.3
. 258 £5/Cq Inomarizacion 37 M ib/hy 5.3
257 Cat, Polymerization 53 M lb/hr 4.1
258 H? Alkylation 10 M 1b/hr 2.2
s 259 Poly Casoline Hydro. 20 M lb/ke 2.4 .
! 260 Light Ends Racovery 8 M Ih/ke 2.2
; 261 Hy Purificacion 2.2 M 1d/hr 2.7
- 262 Alcohol Recovery 1,829 8/p 11.0
270 Gadoline Blending 13,580 &/o 2.0
237 Storage a te Toral Liguids B.6
x205 Rectisal
OFFSITES AND MISC. 429,7 399.7 421.7
221 Oxygen Plant 458 K 1%/hr 1101 1284 2 126.6 i,a43 2 145.7
K 222-22)  Boiler, Main Superheater 3111 M 1b/hr stean 166,56
. 1228-226  Stack Precip. Clesaup
224 LP and MP Sumerheater 1.6 1 1.6 1.6
233 BFw Preparaticn 20.86 L 20,48 0.6
2 Od Make-up .5 1 .5 -3
233 O Towers 23.3 ' 23.3 23.3
B 238 Blowedown Facilitien 2.7 t 2.7 2.7
) (Subtotal for Stesam Plant) 185.3 B
233 “Wasto Water Treatsenc 2.1 '™ lb/hr 256.3 1.07 18.4 L35 i9.3
T [ Power Gensratlon 10.6 1 10.6 ] 10.6
. \ 218 Interconnaceing Piping 20.4 i 0.4 1 20.4
. | Infrastructuze 46,4 1 u6.4 ] 46,4
¢ Orther Misc. 10.6 i 10.6 ¥ 30.%
ot L,186.1 1,231.4 1,347,2
|
I
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TABLE C-5

BGC GASIFICATION/KOLBEL SYNTHESIS

. BGC-KOLBEL
SASOL-L.S., MIXED OUTPUT
MIXED PROBUCT ALL-LIQTID
. cosT . gosT cosT
UKIT LESCRIPTION CAPACTTY £ CAPATITY NOTE § MM CAPACITY NOTE S MM
COAL AND ASH HANDLING 71t 1 71 10 714
228 Coal Handilrg 27.8 ¥ T/ B
229 Ash Mundling N L.a 0 T/D
Coal Dryer N.A. N
Slurty Preparazion K.A.
SYNTFESIS GAS PREPARATIUN 331.6 226.5 s 226,5
61 Gagifiers 1,908 1 Ib/hr 200.7 2,13C ¥ lo/ht 5 loc.&
202+ * Rew Gas Shifl 36 M Ib moles 12.8 30.6 M lo/hr 2 11.36 N
203 Raw Gas Cooling 156 M 1b moies 13.3 107 M Lb{hr H 10.32
i 3hilted Ges Caalirg 36 ™ 1b moles ¢.0 3G.6 M Ibfnr 2 5.32
20° Gas Purificatton 11o ™ 1b moles 7.1 106 M 1t/hr 2 €7.16
41 Refrigeracion (Far unit 203} 27.1 147.7 M le/he* 13 iz.l
BY-PRODUCT RECTYERY 1i0.4 48,4 8 48.4
226 Sulfur Recovery 35 M 1b moles OO $9.C 10 M 1k moles 2 24,56
297 Gas/iisuer Sepsration 55 M 1b moles K20 1. ¢ 32 M 1% moles 2 5.38
208 Phenoi Rezovery £S5 M 1b moles H30 .o 2 ¥ 1b moles 2 7.0
209 A=monia Recovery 85 M 1b molas H2D 1B.8 32 ¥ 1b moles 2 9.43
GASTFIER NAPHTHA TREATMENT 2.5 2 13,2 5 13.2
211 Bydrogen Recovery 1,1 M % ooles £.7 3,92
L2581 . Napntha Hydrcirveating 15,922 le/he 2.7 17,300 1k he §.33 R
SYNTHESIS 10e1 185.7 187.%
230 Syrthel Reacrore &, 856 ¥ Brufbr 5.4 8.313% M Ecufhr 17 132.8 | 10,530 MY Bru/nr 159.6
Y Catelver Properation an T/n 27.7 2.4 T/ 14 22.8 30.4 T/ 27.%
SNG PREPARATION OR REFORMING 24.3 2 5.9 26.5
214 Mechanat lan F173.3 MM SCF/D 12.0 94.2 MM SCF/D
203 007 Reseval b "racal SNG 9.2 8.7 M SCF/T
214 Lrying end Compression l Dheput 3L 94._2 MM SCR/D
1ié Acrost eraal Refotmer Noh- R 92,4 M SCF/D 3 26.5
F-T L19UIr PRIDUCT RECOVERY {18,052 /v 22.1 37,062 5/6D 146.6 | 5,736 BsSD 2 177.6
AND UFCRADE Liquid Fuele) -
210 Hydracarbon Recovery 332 M 1b/hr Flow 19.4
252 F-T Product Fract. 275 M lb/nr ie.5 397 M lhn/nr z 18,7
253 Ptoduct Kycrotreating k2t M ib/hr 6.6 378 ™ lb/he 2 1.6
234 Hyn. Produsc Fract. i23 % 1bfhr 2.8 277 M in/nr z £.7
255 Cataiyils Refcraing L7 M Ibihr 7.3 125 ¥ Lt/ k3 148
25¢ £4/Cs Isomerizacicn 37 K Jb/nr 5.2 162 ¥ 1b/hr 2 108
257 Caz. Pclymeriration 53 K 1b/nr 4l 115 M 1b/kr 2 .l
25F HF Alkylaticn 10 ¥ 1b/hr 2.2 26 M 1b/hr 2 6.3
259 Poly Gasoline Hydro, 20 M lb/hr 2.6 22 ¥ 1lk/nr 2 3.3
260 Light Ends Recovery 8 M 3b/hr 2.2 32 M 1b/nr 2 6.5
261 Ky Pertficotion 2.2 4 1b/nr 2.7 15 5.4
262 Alcohol Recovery 1,829 8/D 11.0 £18 8/D 2 5.1
220 Gasoline Blepdiag 13,580 B/D 2.0 30,766 3/ 2 3.5
237 Storege o tc Total Liguads B.6 38,667 B/D z 13.8
x205 Reccipal 116 M 1t meles 71,7 | 41,795 1b woles/hx 2 15.0
OFFSITES AND MISC. 529.7 390.1
221 Oxyger Plant 458 H Ihfur 10 553 M lu/br 2 135.b 710 M Ib/hr N 15l.6
222-221  Beiler, Mair Superhescer 3111 H.1bh/bT sSteswm 146.9 2,033 ¥ lb/hr 2,317 Ih/br
225-22¢ Stack Precip. Cleenup -
224 LP snd' MP Superheater 1.6
231 BFW Preparatioza ’ 20.6
232 O« Mage-up .2
233 o Towercr 21,3
236 Blow=down Facilities 2.7
{Suyteral for Steam Plent = 153.3) Subzoral 145.0 Subtoral 158.¢&
.7
235 Waore Water Trsatment 2.1 ¥ ib/nr 26.3 B4S M 1b/hr H 11.% 363 1 1b/nr z ig 3
234 Fower Ganerapios 10.¢ N 3.6 :
238 loctersonnacting Piping 0.4 l
InfrasETucture 46. 4 37.4 1' 87.¢ !
Crhes Mimc. 35.0 1 g7
- = |
TOTAL - 1,186.1 1,067.9 | 1,180.4
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TABLE C-6

TEXACO GASIFICATION/KOLBEL SYNTHESIS

5AS0L-U.5., MIXED QUTFUT

TEXACO-XOLBEL, ALL LIQUIDS CASE

casT CosT
L ONIT OESZRIPTION CAFACITY § M CAPACITY NOIE $ MM
RN o34 2
COAL AMD ASK !ANDLING si.4 18 3.
224 Cudar Hanuulng 7.8 R T
Ash Handling 1.4 M 1/D
Coal Dryer N.A.
Slurry Prepuration N, AL
SYNTHESIS CAS PREPARATION 331.6 254.9
20t ' Gasifiers £,00) ¥ Inw/hr 200.7 18 53.0
202 Raw Gas Shife 36 M 1b moles 12.¢ 19 -
201 Raw Jus Cooling 156 M (b moles 13.3 i8 87.0
2064 Shifred Cas Couling 1% M lb moles 6.0 19 -
205 Gas Purificacion 116 M 1b moles .7 18 97.9
4l Refrigeration (For unit 205) 7.1 L 7.9
BY-PRODUCT RECOVERY 110.4 45,2
206 Sulfur Mecouvary 15 M 1b moles CO9 39.0 1€.8 M 1b moles COZ 2 35.3
97 Gas/Liquor Separation 55 ¥ 1b moles HuQ 8.6 Na
208 Phenol Recovery 85 M 1b moles Hz0 15,0 A
209 Ammenia Recovery 85 M 1b moles 120 18.8 34 ¥ lb moles H,O 2 9.9
CASLFIER NAPHTHA TREATMENT 12.5
2}l Hydrogen Recovery 1.1 4 Ib moles 8.7 .
254 Naphtha Hydrotreariog 15,922 1b/hr .3
SYNTHESIS 104.1 194,7
250 Synthol Reactors 4,896 MM 3ru/hr 76.4 11,408 MM Beu/hr 17 1€5.7
271 Catalyst Prepsration 10 T/D 2.7 32 T/D 14 29.0
SNG. PREPARATION OR REFORMING 24.3 i
212 Merhanation” M73.3 M4 SCF/D 12.0
213 CO7 Removal Total SNG 9.2
214 Crying and Compression Quzputr ! 3.1
116 Autothermal Raformer H.A. J 29.8 MM SCF/R 3 1.9
F-T LIQULD PRODUCT RECOVERY (18,093 8/Dp 92.1 51,390 B/SD 20 13’4.3
AND UPGRADE Liquid Fuels) -
210 Hydrocarbon Recovery 534 M lb/hr Flow 194
252 F-T Product fract. 275 ¥ ib/ht 14,5
53 Product Hydrotrearing 126 ¥ 1L/Ry 8.E
254 Hyd. Proauct Fracec. 123 M pfhr 3.3
255 Catalytic Reforming 47 M 1b/hr 7.3
256 Cs/Cq lsomerization 37 M 1b/hr 5.3
257 Car. Polymerization 53 M lb/hr 4,1
258 RF Alkylation 10 M Ib/hr 2.2
B39 Poly Gasoline Hydro. 20 M ib/hr 1.4
260 Light Ends Recovery & M lb/nr 2.2
261 Hy Purificarien 2.2 M 1b/hr 2.7 .
262 Alcohol Recovery 1,829 /D 1.0
270 Gasoline Blending 13,580 B/D 2.0
37 Storage o to Totol Liguids 2.6
%205 Recrigol .
|OFFSITES AND MISC. 429.7 379.3
221 Oxygen Plant 458 ! ib/hr ilg.1 1.338 ¥ lbo/hr 2 233.2
222-223  poller, Main Supesrheater 3111 M 1b/hr steam 146.6
225-226  Stack Precip. Cleanup
224 LP and MP' Superheater 1.6 1 1.6
23 BFWw Prepargrion 20.6 1 0.6
232 CW Make-up .S 1 .5
21 CW Tovers 23.2 1 23.3
236 Blow-down Paciliciss 2.7 1 1.7
(Subtoral for Steam Plant = 195.3) {Subtotal 48.7)
235 Waste Water Treatment 2.1 MM ib/hr 6.3
254 Power GCeneration 10.8 , 10.6
238 Interconnscting Piping 26.4 20.4
Infragtruccure 6.5 46.4
Other Mise, 30.5 30.6
T
T0TAL 1,185.1 1,176.1




TABLE C-?

SHELL KOPPERS GASIFICATION/KOLBEL SYNTHES1S

U.S., NIXED OUTPLT

MIXED OUTPUT

Wil DESCRIPTION CAP2CITY CAPACTTY M
coAL ASH WANDLING *
28 €oal Handling ?T.E M T/D
223 Ash Handling 1,4 M T/D
Coal Drver . N_A.
Siurry Preparation N.oA,
| SYNTHESTS GAS PRTFARATION 23, 255.5 255.5
! 107 Casifiers 1,500 M ib/hr 20 %3 P 53
! 202 Raw Gas Sntft 36 M 1y meles i 38 M ib moles 12.% 12.8
1 03 Rzw Gag Coolins 136 M 1b rmoles i . 23 £7.0 gl ¢7.0
| 26 Snifred Cas Cooling 36 M 1k moles 181 ¥ Ib/moles | 2 14,8 2 4B
! 233 s Purifiecarion 116 ™ 1b moles 132 M Qe/moles 2 78.2 2 78,2
f 241 Refrigerazion ¢(For Unit 203) - 29.7 29.7
3 41.3
5 28.5

206
07
208
209

211
251
SYRTROL

%205

3

(Subiocal

EY-PRODUCT RECOVERY

Sul fur Recovery
Gas/Liquor Separation
Phenol Recovery
Ammonia Recovery

GLSTELER NAFHTHA

Hvdroqen Resoverv
haphtha Hydrorreating

Synehel Reacicra
Catalynt Preparezion

SKG PREPAILATION OR REFURMING

Methanatien

s Removal

ing ind Compressiun
Agiyzhermal Keformer

RECOVLRY

ncarben Recovery
Erogact Fraczt,
Progutt Kydrotresting
kg2. Product Frac:.
Caralyeic, Beforming
Cs5/lp Isomerizacion
{a:. Polymerizaticn
HF Alkylation

Poly Gasaline Mvérve.
Light Epda Recovery
Hda Furificazion
Alecohal Recovery
Gagoline Elending
Storage

Recrisel., .. . .

OFFSITES AND MISC.

Oxvgen Plant -

Boiier, Mair Superheater
Stack Precip. Cleanup,
12 and MP Suparheater
BFY Preparacion

C% Make-up

W fowars

Blow-down Faclilities

Wagte Rarer Treacment

CT GoARLellon

interconnecting Piping
infrascruscure
uther Hlsc.

for Seeam Plant)

1 moles CO4
it moles #1d
1b moles Hy0
1b moles H2)

w
i
K XX

1,1 M 1b moles
15,922 lerar

4.BSE 1M SIF/D
3T

i73.3 MM SCR/D
Total ENC
Qutput
Hado
(18,092 3T
Liguid Fuels)

534 W 1b/ht Flow
275 M ib/nc
124 M le/ur
I3 h iafhs
L7 A lnfer

7N lb’hr
52 ¥ 1b/hr
10 M lb/hr
20 % Ib'kr
£ M 1pihr
3.2 M 1b/hr
1,829 B/
13,58C B/D

o Tera: Liguids

452 . lb/hr

331l M lo/nr steam

2.1 x 108

TOTAL

—
B b L e R
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10.

11.

12.

13.

' Notes to Tables
c-1 - C-7

Unchanged from Base Case
Scaled on capacity using .7 scaling factor

Scaled from Mobil Case 1-B (Reference 13) on which an
Autothermal Reformer Costing $36.5 MM was required to
reform products which produced $48.5 MM SCF/D SNG in

Mobil Case 1-B .

Capacity of all units assumed proportional to steam
plant

The unit cost of the BGC gasifier is assumed equal

to the Lurgi Dry Bottom. Fourteen BGC units (12
operating and 2 spares) are required vice 28 Lurgi

(25 operating and 2 spares) in the Base Case.
Alternative costing methods using Conoco (Reference 8§ )
or Flour (Reference 7) data would have produced much
lower relative costs for BGC gasificatien

Vendor estimate of construction cost of two-reactor
unit handling ~180,000 1b mole/hr

Scaled from Base Case unit 203
Unchange from corresponding Mixed Product Case
Vendor estimate

Pulverization, bi-model screening and slurry preparation
are assumad to add 10% to coal handling costs

Scaled from Flour design for EPRI (Reference 7 )
using .7 scale factor

Capacity based on waste water in access of slurry
requirements.:

Includes refrigeration for extra Rectisol unit used
in liquid product recovery

c-9



14.

16.

17.

19.

20.

21.

22.

[ -~
Based on a catalyst requirement for the Kolbel reactor of 0.46
times the requirement of the Synthol reactor. (See Section 6.0) P
Unit 210 unnecessary because of addition of extra Rectisol unit
after the Kolbel F-T reactor
Scaled on ratio of flows to catalytic reformer since this is
largest source of generated hydrogen in the refinery.
Scaled on base case Btu/hr to 0.7 factor with an additional
20% cost added as an estimate of the cost of 3 Kolbel reactor
Same as Texaco F-T case
No shift required for this case
Scaled from BGC-Kolbel all liquids case based on total barrels
of liquids )
Assumed equivalent to Texaco
Same as Shell-Koppers-Synthol case
Waste water generated is insufficient to meet quench requirements.
Assume that 20% of quench water is slipstreamed to waste to )
prevent contaminant build up :
~
¥




This costing methodology is believed to provide a straightfqrwatrd

and accurate measure of the relative costs of plants considered herein.

Interpretation of results based on absolute price levels should be

avoided.



APPENDIX D
ANALYSIS OF PRODUCT COSTS
The MRDC Report(l) computas gasoline costs from the F-T plants

cate (S/MM Btu) and on the hasis

18]

on the basis of thermal product
of multiple products (markét basis)}.

In this report, all cost? other than coal costs are considerad
proﬁortional to censtruction cost; thus, for Basé Case II, the valu
of the therma; product cost, not including coal cost, is $7.06/MM
Btu (Equity 12% DCF). The cost of coal cqrreSpénding to this case
is 0.72 cents/MM Btu output. ‘

Thermal Basis costs are computed from this Base Case numbers
for the cases coﬁsidered in this reporet. .Ihe following example
serves to illustrate the procedure used.

Case: BGC-Synthol Mixed Output

Thermal Basis Cost is computed as below:

7.06 x construction cost factor x HHV output facter +

0.72 x HHV factor where

construction cost factor = 1104.3/1186.1 = 0.931 See
Table
and HHV output factor = 11238/11835 = 0.948 | Iv-i

2

= (7.06 x 0.931 x 0.948) + (0.72 x 0.948) = 6.91 $/MM Btu.

Since 8.36 gallons of F~T gasoline are equivalent to
1 MM Btu, the cost of gasoline/gallon on a thermal basis
6.91/8.36 = 0.83 3. Total plant revenue required/hr =

$81.918 x 10°/hr.



Multiple products (market basis) costs are computed as below:

(1)

The basis used in the MRDC Report for product pricing on
an equity basis choses a plant gate price of $6.17/MM Btu for SNG and
¢

LPG. For C, butanes an arbitrary 30¢/MM thermal value delta below

3 4
gasoline was assumed.
Other assignments were:

Diesel 0il 1.70 $/B‘delta

Fuel 0il 3.50 3/8 delta

Alcohols 15 cents/lb (equivalent to $11.005/MM Btu)
These assumptions lead to the following téble of simultanesous

equations for the BGC-Synthol case censidered here. G is the price

of gasoline in S/MM Btu.

MM Btu/Hr Cost /MM Btu G Constant
Gasoline 4005 G 4005 -
Cy ' 255 6.17 ~ 1573
c, 38 G-0.3 38 -11
Diesel- 745 0.94G~0.318 700 | =237
Fuel 01l - 213 0.88G~0.616 187 ~131
Alconols 417 11.005 4589
SNG 6180 6.17 - 38131
Total 49306 +43914

Since the total plant revenue is 81918 S$/hr, then G is determined by:

81918 = 4930G +43914
G = 7.709 $/MM Btu
Gasoline price/gallon = 7.709/8.36 = $0.92/gallon

- _ "
U=z

P




- *.

All other cases, including liquid output cases, are computed
in a similar manner to the example shown above. The results of the
analyses are shown for all the cases considered in this report in

Table D-1i.
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