'5.2.2 BGC/Lurgi Utilization in a SASOL Type Plant

5.2.2.1 Synthesis Gas Production

The substitution of the BGC/Lurgi gasifier would not alter the‘
basic process flo% of the SASOL type plant shown in Figure 4-~1

Figure 5-3 shows the process flow in the gas preparacién section.
‘Fourteen gasifiers (including two standby units) would be needed
to replace the 28 Lurgi gasifiers used in the SASOL-U.S. system
designedlby Mobil. For a ;omparable total ceal input,_throughput
to the BGC would bé 2070 M 1lbs/hr as opposea to 1900 M 1lbs/hr for the
Dry Ash Lurgi as a result of the reduction in coal diverted to meet
steam requirgmeﬁts. The gasifier steam réquirement would be reduced
from 1700 M lbs/hr to 543 M lbs/hr. An additional 252 M 1bs/hr is
required for the shift reaction. The material balances for the
resulting gasification and shift reaction are shown in Table V-2. .
After shift and purification the H2/CO of the gas produced b§ the-
BGC design 1s similar to the base case (Reference Table 4-2). As
a result of the lower methane coqtent and higher efficiency (e.g.,
lower steam consumption) of the BGC design, the moles of H2 and CO
are 457% greater than in the Base Case.

5.2.2.2 Plant Products and Efficiency

Table V-3 compares products produced after F-T synthesis and up-~
grading in the base case with those from BGC gasification for both mixed
product and all 1liquid cases. In the mixed product case BGC gasifica-

tion results in about 177 less SNG production, and about 45% more
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production of liquid products.> Overall efficiency is increased ‘ﬂ}q
from 57.32 to 60.17%. Tﬁe reason why the‘overall efficiency 'improﬁéQ

ment does not reflect the full 10% improvement in net gasifier -

efficiency is illustrafed'in Figure 5-4, whiCHIShows the’éystémtiﬂt
energy losses for the plant employing ‘the BGC/Lurgi. Note ;he.
overall effiéienﬁy of the synthesis section is 82.6 vefSus 86;érfor'l
the Base Case SASOL-U.S. plant (Reference Figure 4-7). This{j.
decreased efficiency occurs beéaqse‘a higher peréeﬁfage of-phg>L
total output is converted in the Synthol unit ﬁheré thé efficigﬁgf {
risb79%: and 4 lower percent follows the . SNG train where éonvefsiéﬁ;llggfﬁ
losses are minimél. However; even with the more fa&orable liq;i&i1 “
output, over half of the total plant output is SNG. Gasifier -
modification alone cannot produce a yield which is predominantly
liquid, since 25% of the Synthol reactor output is C1 éﬁd C2,7"

and the unconverted synthesis gases (157 of imput) are'methanateaﬁ“
SNG in a mixed qutput plant with a2 design similar to the SASOLhU.S;;V
Base Case Would’thus approgch 40% of total output if no methéﬁé‘w;re
produced in the gasifier.

The advantages of the BGC gasifier are éomewhat magnified ifAuéed
in a plant designed for an all liquid output.. These outputs, also
shown in Table V-3 result in product yield more tban 12% greater
than was achieved with Dry Bottom Lurgi gasificatidn. This impf&ﬁément
stems from the better gasifier efficiency, and from the lower metﬁaﬁe

make which results in less losses when the methane is reformed to
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produce additional synthesis gas. The net result is an overall
efficiency of coal to liquid products of 47.9%; With this
efficiency, the barrels per ton of dry coal exceeds 2.3 and it thus
approaches the values obtained with direct hydrogenation processes.
Furthermbre} the output products in this instance are fully refined
producﬁs meeting current consumer specifications, whereas inéirect
liquefaction products usually require upgrading to be useful as
other than boiler fuel, |

5.2.2.3 Cost Impact of BGC Gasification

Table V-4 compares plant construction costs for the base case
and for a siﬁilar rlant with BGC gasification. Major savings in
the plant employing BGC Lurgl gasification are in gésifier cost and
a lower cost steam plant. These savings are partially offset by
increased shift costs, and the requirement for iarger F-T synthesis
and upgrading facilities. The total construction cost saving is
seen to be $71.8 M or about six percent iﬁ the mixed product case,
and $93.3 M or seven percent in the all liquid case. Detalls of the
construction cost analysis are presented in Appendix C. |

Tablé V-5 shows a comparison of the cost of products produced

by the base case plant and the alternative plant using BGC Lurgi

gasification. These projections are based on the assumption that

all cost elements other than coal costs are proportional to plant
construction cost. Gasoline costs are computed assuming that all
products are sold at the same value per MMBtu (e.g., Thermal Basis)

and assuming that products cther than gasoline have the defined market
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CONSTRUCTION COST COMPARISONS

TABLE V-4

Base Case SASOL=-U.S. & BGC/Synthol

$M (1977)

Mixed OQutput

All Liquid Output

Base Case | BGC Synthol | Base Case | BGC Synthol
Coal & Ash Handling 71.4 71.¢4 71.4 71.4
Steam Plant 195.3 156.4 212.9 172.8
Oxygen Plﬁnt 110.1 124.3 148.5 155.5
Gasification 206.7 100.4 206.7 100.4
Shift 12.8 30.0 12.8 30.0
Gas Cooling & Cleaning ils8.1 127.9 118;1 127.9
Sulfur Recovery 59 64.8 59 64.8
Gas/Liquor Separation 51.4 15.5 5'1 4 15.5
& Product Recovery
Waste Water Treatment 26.3 16.3 26,3 18.4
F-T Synthesis 76.4 95.0 109.1 147.7
F-T Product Upgrading 128.9 154.4 172.1 186.9
F-T Catalyst Preparation | 27.7 35.9 48.0 53.6
Auto_Thermai Reformer 40.7 36.5
-1 Miscellaneous 108 108 108 108
TOTAL ;186.1 1104.3 1382.7 1289.4

*Includes methanation and SNG preparation, where applicable.
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values given in Table IV-7 (e.z2., Market Basis). Computational details
are presented in Appendix D.

In the mixed product case, the combination of reduced plant
cost and higher yield result in gasoline costs per gailon of $.83 on
2 Thermal Basis and $0.92 on a Market Basis, as compared to values of
$.93 and $1.33 respectively for the SASOL U.S. Base Case plant. Gaso-
line cost £eductions nade possible by the BGC gasifiér are somewhat
greaﬁer in the all liquid case where Thermal Basis and Market Basis
costs are $1.19 énd $1.24 respectively cﬁmpared to $1.43 and $1.51
for the Base Casé plant using Dry Bottom Lurgi gasification. As in
the base case, the modification required to produce an all liquid
product are not cost effective if SNG can be sold for $6.17/MM Btu. ™

5.2.2.4 Environmental Considerations

The primary advantage of the BGC from an environmental point
of view resulcts from the character of the ash. Ash from the BGC
is a fused, non-leachable "frit" which should pose minimal disposal
probiems compared to the semi~soluble powder recovered from the Dry
4sh Lurgi. .
) Oﬁhér-improvements offered by the BGC stem from the lower
levels of pollutants generated. Waste water requiring treatment is
reduced by a factor of 2. The higher ovefall efficiency of plants
employving BGC gasification would be reflected in corresponding lower
levels of 002 generation. Similarly, higher efficiencies reduce the
amount of mining and consequent environmental damage which must be

incurred per unit of output product. SN
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5.2.2.5 Conclusions

The improvements in construction cost and output made possible
by use of BGC gasifiers are promising; particularly in the case
where all liquid outputs are desired. Furthermore, the advantagés
shown are believed to be a conservative statement of the advantéges
of the BGC gasifier vis-a-vis the Dry Bottom Lurgi for this
application. Steam and oxygen requirements for BGC gasification
of Western coal have been conservatively estimated. Further:con—
servatism results because minimal changes were made in the design
and operation of the overall plant in order to permit a simple and
direct comparison to the Base Case. ?1ant modification tailored
to BGC capabili;ies could only improve the relative results.

5.3 Texaco and Shell-Koppers Gasifiers

5.3.1 Entrained Flow Gasifiers

The entrained flow gasifier operates with the pulverized or
ground coal and the gasifying medium (oxygen and steam) fed co-

currently. Figure 53-5 shows a schematic of entrained flow gasifica-

tion. The advantages are:

e Processes entire mine output (i.e., can handle
coal fines)

® Processes caking and non-caking coal; no pre-
treatment required to process caking coals.

@ Coal residence time is short and gasifier
throughput 1is relatively high ‘

e High carbon utilization
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@ No tars and minimal methane

e Excellent environmental compliance as regards
emissions and solid wastes

Disadvantages are:

o Higher moisture coal requires drying for maximum
gasification eificiency

¢ The low Hp/CO molar ratio raw gas product requires
external CO water shift to achieve the higher ratios
required for purified synthesis gas

® Recovery of the sensible heat from the gasifier
product is required if a high net thermal efficiency
is to be achieved. The design of waste heat boilers
to recover this heat is difficult because of the high
temperature and molten as present.

5.3.2 Operations Experience of Texaco and Shell-Koppers

The Texaco and Shell-Koppers entrained flo@ gasifiers have
had satisfactory experience in pilot and demonstration plants.
Texaco's coal gasifier pilot plant rgéearch is carried out at
Montebello, California and the present dévelopment effort commenced
(16)

soon after the global oil crisis of 1973. The pilot plant's

two gasifiers are capable of proceséing 15 to 20 toms per day of
ﬁoal. Tests have been run on a wide range cf coal at pressures
ranging from 300 to 1200 psi. In 1978, a 150 TPD coal gaéification
demonstration plant was started at the Ruhrchemie Chemical Plant
complex in Oberhausen-Holten, West Germany as a joint venture by
Ruhrchemie A.G., Ruhrkohle A.G. and the West German govermment. In

1979, the TVA started to comvert a natural gas fueled ammonia plant
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at Muscle Shoals to coal by installing a 150 TPD Texaco coal gasifer.‘l7)
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Start up was planned for August 1980. Texaco and Southern
California Edison Company in 1979 announced a joint venture involv-
ing Electric Power Résearch Institute:(EPRI) funding to construct

a 1000 TPD coal gasification demonstration plant to supply medium-
Btu fuel gas to a 1000 MW combined cycle demonstration plant at SCEC
Cool Water plapt near Daggegt, California. Operation is scheduled

. for late 1983. The Tennessee Eastman Company announced in 1980

that they will install a Texaco gasifier (estimated 1000 TPD) to
produce synthesis gas for the manufacture éf methanol and acetic
anhydride. Operation is scheduled for mid-1983.

Shell-Koppers starFed in December 1976 with.a 6 TPb gasifier
pilot plant, located in Amsterdam, Holland. 1In November 1978, they
started a 150 TPD coal gasifier at Deutsche Shell's Harburg, West
Gerﬁany petroleum refinery.(lg) Design work is now'underway (1980)
for two 1100 TPD prototype coal gasification plants. One plant will
be built at Moerdijk, Netherlands; the second will be built in
West Germany. The two plants are stheduled to be in operétion in
1984 and 1985, respectively. Shell-Koppers is planning on progressively
larger capacities up to a maximum of about 2750 TPD coal by the late

1980‘5.(20>

5.3.3 Interpreting Texaco and Shell-Koppers Published Data

Both Texaco and Shell-Koppers gasifier developments are self-
financed and the information developed is considered highly con-
fidential and of great commercial value. Therefore, very little is

(17,19)

known. Some Texaco information has been published. ' Other
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information can be derived from variocus EPRI and DOE sponsored reports
such as the excellent Fluor Corporation report for EPRI in 1978.<7)

(20,21)

Shell-Koppers data are limited to two sources; the best source

beiqg that published in CEP, March 1980.
Use of the data is éonditioned on the following assumptions:
® Extrapolation of pilot plant data is based on assuming
(1) the published gasifier thermal efficiency,
(2) :22 published H,/CO molar ratio in the raw

gas effluent

@ Pilot plant data are extrapclated "stoichiometrically™
to determine

- xygen and steam requirements

- €0, and water comtent in raw gas

- Hydrogen balance
However,-once the thermal efficieﬁcy and H2/CO molar ratio aie'assumed,
the extrapolation is severely constrained. Stolchiometric relationships
are considered to be only guidelines. The‘Texaco Development Corporation,
Harrison, New York, the licensors of the Texaco Process, repeatedly
stated in response to inquiries for information details that, "it
depends on the éoal‘chiractgristicé;” and, with that, refused t§
supply‘any more information than was available in the literature. The
Shell-Koppers developments are relatively recent, and inquiries for
additional information have teen rejected. Therefore, resort was
made to qualitative and quﬁntitative information on general gasifier

studies, such as the excellent Shinnar analysis.(13)
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‘The reactions and reaction rates within a gasifier are not
precisely known. There have been many studies published on the
stoichiometry, reaction kinetics, and thermodynamics involved,

(22)

as the excellent analyses by Shinnar,(l3) and Wel. But, under-
standing gasifier operations and extrapolating pilot plant data muét
still be done on an empirical basis derived from pilot plant work. .
Theoretical developments do not currently lead to design. Most
iﬁﬁortantly, the type of coal and its\characteristics make it
almost ‘certain that any Texaco or Shell-Koppers gésifier process
design, must -be preceded by careful and detailed pilot plant work;

In summary, analy;is of 'Texaco and- Shell-Koppers gasifiérs
dapends on data published for a specific coal. Application of the
analysis to other coals should be considered as less rigorous in

accuracy and subject to confirmation by pilot plant tests performed .

on the specific coal under consideration.

5.3.4 Critical Evaluation Factors for Texaco and Shell-Koppers
Currently; there is no coﬁmercial operations_experience with
'_J¢egaco and Shell-Koppers gasifiers. Therefore, theré is nmow no
definitive procedure to deal with the following uncertainty areas:

© Coal drying for Texaco and Shell-Koppers

e Pressurized dried coal feeder for Shell-Koppers »

¢ Coal slurry for Texaco

This report is based on processing 27,800 TPD of a Wyoming

subbituminous ccal whose specifications are outlined in the MRDC
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Report. A key feature of this cocal is the very high inherent moistura

. content, namely, 18%. The Texaco gasifier relies on a coal slurry

feed as the means by which the coal feed is accurately metered, con-
trolled, and injected. According to Texaco, the maximum coal solids
content that may be carriad in a water slurry is 70% by weight,
Since the Wyoming coal already contains 28% moisture, the amount of
ca¥bon available is severely reduced if it 1s necessary to slurry as
receivéd coal. If the 28% moisture coal is slurried 70/30 coal
water, the resulting moisture to dry coal ratio is about 50/50. 1If
the coal is first dried to 5% moisture the ratio of coal : water is
improvad to 66/34, Hoﬁever, there'is the additional problem of mois-
ture re-adsorption by the dried coal in the slurry. Depending on the
ﬁhysical characteristics, including importantly, the particle size,
the amount of water reabsorption from the slurry water may Iincrease
the effective solid/liquid ratioc to a point where additional s;grry
water is required. This reduces the pefcentage coal and severely
reduces the efficiency of the Texaco gasifier by increasing the
amount of water that has to be vaperized. |

The Shell—Koﬁpers unit gasifies coal by pértial oxidation. The
gasifying medium is oxygen. A relatively small amount of steam is
added merely to achieve the proper‘hydrogen stoichiometric balance.
Therefore, it is essential that the coal be dried to a low level,

(20) the coal is dried to as low as

In the Shell-Koppers literature,
1% moisture in the Harburg, West Germany 150 TPD gasifier. As
indicated in Section 5.3.6, drying the Wyoming sub-bituminous coal
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to as low as 5% inherent moisture presents technical problems of
varying severity and complexity.

The key mechanical feature of the Shell-Koppers gasifier, as
compared to Texéco, is the presence cf the pressurized (nitrogen gas)

dried ccal feeder., This is an important technical advance because

the coal slurry feed principle is eliminated. The reduction in total:

water (coal iﬁherent moisture plus slurry water) which is injected.
into the gasifier is essanﬁial to achieving the very high thermal
efficiency (83%) and carbon utilization (99%) of the Shell-Koppers
gagifier as compared tc the efficiency of the Texzco (77Zi; Iherg
exists some ihdusfry viewpoints that a mechanically satisfactory
iong-iife dried coal feeder is not yet commercialiy available. 1Ii
this vieypointqwere COnfirﬁed, then the Shell-Koppers gasifier
operation,‘as now deﬁigned, would not be possible. According to
Shell~Koppers, the pressurized dried coal feeder works satisfactorily
at Harburg and there should be no problem with commercial design
and fabrication of the feeder.(zo)

The Texaco and Shell-Koppers gasification and subsequent waste
heat recovery and raw gas purification are similar. Therefore,
evaluation of the processes will be made on a similér basis.

The other major category of uncertainty is the steam balance,
According to the literature, the waste heat recovery available from
both Texaco and Shell-Koppers is sufficient to produce steam to

drive the air compressor and oxvgen gas compressor steam turbine

»
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drives in the oxygen plant. This is a key advantage factor attributed
to entrained gasifiers. And, it is confirmed by pilot plant data.
However, in the indirect liquefaction plant complex, it is necessary
to have an autothermal SNG reformer, employing oxygen gas to reform
the methané, ethylene, and ethane arising from the Fischer-Tropsch
reactér and the liquid products upgrading. This reforming step is

a partial oxidation. The oxygen required increases oxygen plant’
capacity by about 15%, and therefore, turbine drive steam. The
steam balance then becomes of utmost criticality to achieve a
satisfactory overall plant thermal efficiency. Therefore, waste
heat recovery and energy conservation practice in-the”gasificatidn

plant becomes of paramount importance.

5.3.5 Indirect Liquefaction with Texaco and Shell-Koppers
Gasificaticn :

Figure 5-6 is a flow diagram of the éynthasis gas.preparation
section of an indirect liquefaction plant employing Texaco gasifiers.
The major difference from the SASOL-U.S. base case is the elimination
of a separate steam generation unit. Steam required for poWering
the air separation plant is produced from heat recovered from the
gasifier exit stream in waste heat boilers.

Process flow with Shell Koppers gasification would be similar to
Texaco except that the pulverized coal is not required to be slurried,
and a nominal amount of steam from the waste heat boiler is intro-

duced in the gasifier.
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a. Gasifer Vessel

The Texaco gasifier is illustrated in Figure 5-7 as a sketch.

The Texaco Development Corporation has refused disclosure of details
on proprietary grounds. Details on the auxiliary equipment, namely:
coal grinding and water slurrying and the waste heat boiler system
(i.e., ra& gas cooling) are mot available for the same reason. A
literature search has produced very little informatiom.

Very much less information is available on the Shell-RKoppers
unit, perhaps because deﬁelopment has been later and the la;gest
uniﬁ,is the 150 TPD demonstration plant. at Harburg.

Texaco has a design for a 2000 TPD gasifier, 9 feet diameter x 15
feet high.(23). The coal slurry and oxygen gas will be fed co-currently
and downward into the cylindrical unit. Current largest gasifiers
will be the 1000 TPD unit for the joint venture, Southern Califormia
Edison Ccmpany—Téxaco—EPRI, at Daggett, California, scheduled fof
late 1983; and, the estimated 1000 TPD unit for Tennessee Eastman
Company scheduled for mid-l983 at Kingsport, Tennessee.

. The Shell-Koppers unit is an adaptatibn of the Koppers~Totzek
gasifier. The coal, oxygen, and steam will be fed co-currently through
two conical feed heads located in the lower portion of the cylindrical
gasifier. Design work is now underway (1980) for two-1100 TPD proto-~
type gasifiers; éne at Moe;dijk, Netherlands for 1984 énd the second
in West Germany sometime in 1985. The maximum design capacity will

be about 2750 TPD scheduled for the late 1980's.
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b. Co0al Receiving and Drving

Twenty-seven thousand eight hundred TPD mine coal is received
and conveyed by current technology coal-handling equipment. The
mine coal is pulverized to size %" x O for the fluidized coal dryer.

There will be fourteen (14) 150 TPH fluidized coal dryers,
which will dry the Wyoming sub~bituminous coal from 28% wt. inherent
moisture to 5.0% wt. The‘coal dryers operate on aidpying gas stream
produced by combustion of 2100 TPD coal. The resulting hot flue
gas is tempered flue gas at 900°F raises the temperature of the coal
to 225°F while removing the inherent moisture to a dried coal
content cf 5% wt. The dried coal is conﬁeyed to silo storage and
removed as required.

This sequence of eveﬁts is similar for both Texaco and Shell-
Koppers.

c. Dried Coal Grinding, Slurrying and Feeding

In the Texaco process, the dried coal is wet ground iﬁ the
slurry water and the coal slurry consisting of 307 water and 70%
dried coal still containing 5% moisture is prepared. Tﬂe slurry is
temporarily stored or fed directly to the gasifier.

Texaco keeps confidential the details om particle size, grind-
ing and slurrying. They consider the details to be a part of the
process license package. Section 8.3 giﬁes details of the sensi-
tivity of Texaco gasifier perfoE?ance to slurry concentrations lower
than the 70/30 ratio assumed heée.

Shell~Koppers transports the dried coal pneumatically with
nitrogen.gas to the coal grinder or mill. The coal is reduced in
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n(20) This "dust" is pneumatically fed to

particle size to "dust,
the pressurized dried coal feeder. There 1s 2 coal flow meter on
the pneumatic line which is safety-interlocked to the oxygen gas
feed, In the event of variatjion or disruptien of coal feed,'the

oxygen gas supply 1s controlled or cut-<off, as required.

In the Texaco unit, the coal slurry is concurrently fed with

‘the oxygen and steam. Flow control problems are simplified because

the three streams are fluids. The arrangement of feed nozzles in
the gasifier top head are proprietary.

d. Gasifier Operation

The Shell-Koppers and Texaco gasifier operations are summarized

in Table V-6.

Table V-6 indicates the similarities of operation of entrained
gasifiers, but also points out sharply how differently the Shell~
Koppers unit compares to the Texaco, namely:

¢ Shell-Koppers is almost completely a partial oxidation
reaction. There is very little steam available for
the water gasification reaction. As a derivative of
this situation, the Texaco Hp/CO molar ratio is nearly
42% greater than Shell-Koppers because the water gasi-
fication reaction is a significant factor in hydrogen
. production.

¢ The oxygen demand by Texaco 1s 247 greater than
Shell-Koppers. The additional oxygen is needed to
burn coal to vaporize the excess slurry water to
steam. ‘Hence, a penalty is paid by Texaco in the
form of a larger oxygen plant and a lower gasifier
thermal efficiency.

Table V-7 1s a self-explanatory in indicating the influence
of slurry water excess in promoting a higher H,/CO ratio for Texaco,

whereas in Shell~Koppers, the HZ/CO ratio 1s much lower because the
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TABLE V-6

' CASIFIER OPERATIONS

SHELL~
UNIT TEXACO XOPPERS
GASTIFIERS
Total Number 14 14
Capacity, Each TPH . 2,000 2,000
THERMAL DATA, LHV, MAF COAL
Coal Input - Total . MM Btu/Hr 18,959 18,959
Coal Input - Each Gasifier MM Btu/Hr 1,354 1,354
Raw Gas Output - Total MM Btu/Hr 15,178 15,735
Net Thermal Efficiency z 77.0 83.0
STOICHIOMETRY
H,/CO Molar Ratio Mols/Mol 0.68 0.48
$9.5% Oxygen/MAF Coal Lbs/Lb - 1.025 0.828
*Steam/MAF Coal Lbs/Lb. 0.486 0.030
OPERATION CONDITIONS
Steam Supply - Pressure PSIA Slurry Water 475
- Temperature °F Slurry Water' 500
Oxygen Supply - Pressure PSIA 705 475
- Temperature oF 300 400
Raw Gas Exit -~ Pressure PSIA 615 435
- Temperature °F 2,600 2,732

*# Steam addition; does not include 5.0% Wt. Inherent Moisture in
the dried coal.
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TABLE V-7

GASIFIER RAW GAS EFFLUENT

TEXACO | | SHELL-KOPPERS

Component Mol % Lb. Mols/Hr. Mbl % Lb. Mols/Hr.

B, 27.62 50,000 30.91 44,020 |

co 40,62 73,675 64,39 . " 91,700

co, 12.23 122,185 2040 3,415

CH4 0.08 i50 None None

9 0.12 210 0.15 210

COS © 50 PPM 10 | 50 PPM | 10

NH, 0.45 . 820 0.57 | 820
N, 0.07 | 120 0.03 <120

Ar 0,05 80 0.06 80
CHO 18.87 34,030 1.43 2,035

TOTAL 100.00 181,380 100.00 142,410

B, /CO Mpolar Ratic: O0.68 0.48
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