4.0 INDIRECT LIQUEFACTIOR USINCG FIXED BED GASIFICATION OF
ILLINOIS #6 COAL

4.1 Introduction

Two fixed-bed coal gasification systems are considered 1a this

report. This follows the format of MTR-80w326(1)

where the dry-ash
Lurgi and the BGC Slagging Lurgl were used to process a Wyoming sub-
_ bituminous coal. This study considers these two gasification
systems, using a weakly-caking Ilnterior province coal, Illinois #¢,
as a feedstock.

The coal feedstock analysis is shown in Table 4-1. Gasification
of low rank sub-bituminous coals or lignites by the Lurgi dry-ash
fixed bed process has been commercially proven for many years. How-
ever, high and medium volatile bituminous coals, because of their
teadency to swell and agglomerate and their lower reactivities com-
-pared to low rank coals have been considered less suitable candidates
for this type of fixed bed processing. Eastern and Interior province
U.§. roals represeunt an important resource in this country and it is
considered worthwhile fo assess their suitability as feedstocks for
indirect liquefaction processes. This 1s especially appropriate now
because of the emerging second generation gasifier technology which
represents a significant potential improvement over the current com-

mercially available systems.



TABLE 4-1

ANALYSIS OF ILLINOTS #6 FEEDSTOCK

Perceqt
Proximate Analvsis
{(Results on "as
sampled’ hasis)
Moisture 10.23
Volatile Matter 34,70
|  Fixed Carbon 45.97
5 Ash 9. 10
‘ 100,00
Swelling Numher 3
Caking Index 15
Ultimate Analvsias
(Results on drv basis)
|
' Carbon B
| Hvdrogcen +.813
., Nitrogen 1.135
| Total Su'fur 3.13
Chloride as C1 Nn.0nA
Ash 10,14
Oxvegen bv NDiff, __9.02
» 100,00
Pvritic Sulphur 1.50
Calorific Value Btu/lb
Gross 12,770
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4.2 Data Sources Used for Process Evaluation

4.2.1 Lurgi Dry-Ash

For the dry-ash Lurg! svstem, data were obtained from the gasifi-
cation trials of American coals that were conducted in a Lurgi
rasifier located at Westf{ield, Scotland.(2¥ These trials took
place between 1972 and 1974 ard were jointly organized by the AGA and
OCR. Woodall-Duckham was awarded the contract for design, procure-
ment and construction work on the project. In addition, thev were
responsible for data compilatior and analvses during the tests. The
British Gas Corporation and lLurg! were f{nvolved {n modification of
the lurgl pasifier to render it suitahle for use in processing

American caking coals.

The Lurgi dry-ash gasifier used at Westfield was a mild steel

vessel operating at 25 to 30 atmospheres pressure. Approximate over-
all height was 19 feet and the outer diameter was 1O feet. The
interns.: diameter was 8'9'., This gasifier is much smaller than the

Mark IV Lurgils used at SASOL, which have diameters of approximate’v
13'6". From a coal throughput consfder4tion the Westfield pasifier
was apbcut one-sixth the size of the Lurgl Mark IV ({.e., about Ak
tons per hour compared to approximatelv 18 tons per hour through-
put). To prevent the formation uof laryge pas tight agalomerates, a
cooled stirring mechanism was situated I(nside the gasifier that could

cut through the softening coa! mass and hreak up the agelomerates.



This stirrer was designed, manufactured and installed by Lurgi and
apparently performed to design specificatiors with no problems, It
must be cautioned that the modification to the existing Lurgi at
Westfleld does not necessarily conform to the optimur design that
Lurg! could produce for the gasification of caking American coals.
Thus, the operating parameters used at Westfield, and the data ob-
tainéd from the tests with Illinois lé coa!, could possibly be
further optimized with proper design conaiderations.

Results of the Illinols #6 run used {n this report were for
coarse graded coal, size 14" to %", In addition, a run was performed
with Illinots #6 coal to determine it run-of-mine coal could be used
directly in the Lurg! during gasification. The so-called simulated
run-of-mine test used coal that ccntained 12 percent fines that were

T

smaller than Since modern mechanical airning techniques produce
Targe quantities of fines, it {s important tc be able tr utilize the

rroportion of this fine material in the gasi{fler that s {n exces. of

otear -cal requirements. The simulated run-ci-mine coal test was
completed successfally,

Coa'l throughput per Swour for Tlltnots #% was considerably less
than ror 1+ s Shituminous coal !ike Montana Rosebud, because of the
lower eactivity of the bituminous ceoal. Rela“ive throughputs were
calculated from the data in Reference 2. The ratio of Rosebud

throughput to Illincts #A throughput was cal-ulated to he 1,330,




This lower taroughput means utilizing more gasifiers for the same
plant coal input and this will be discussed later.

The trial run using Illinois #6 coarse graded coal gasified
1,960 short tons of feedstock in total., A run-up period of two days
aliowed for stablé gasifier operation to be achieved. Steam and
oxygen rates were adjusted enabling a throughput of 6 short tons per
hour of coal to be obtained. A tar injection rate of approximately
SO gallons per hour was initiated to lower the dust content of the
recycled tar, Conditions duvring the 48-hour test period remalined at
steady state. The onlyv alteration neceasary was to change the grate
speed to maintain a constant depth of ash at the bottom of the gasi-
tier. Ash discharge was satisfactory and the ash contained an
average carbon content of 3.2 percent. Mass balances showed a dis-
crepancv of !.h percent. Afver complet:on of the trial the gasifier
was inspected. The internal chamber of the gasifier was normal ex-
cept for accumulation of tarry material around the stirrer and the
internal walls, The wash cooler was found to have a 3 inch layer of
‘irm tar that had !i{ned the loweut section. This tarry material was
also found in tne drain pipe work and in the waste heat boller sump.

Another studv of the gasification of Illinois #6 coal, sponsored

(6) In

v FPRI, was performed by Fluor Engineers & Constructors.
his studv, a general prucessing scheme using an unnamed moving bed

irv-as® reactor wdas analvzed., The source of the Fluor gasification



data is not specified but considerable differences exist batween
their process conditions and those of the actual test rum performed
at Westfield with Illinois #6 cocl. Table 4-2 illustrates these dif-
ferenccs. This large discrepancy in the steam demand between the
Fluor and Westf .eld data impacts directly on the net efficiency in
these two cases. Since the Westfield data represent the practical
results of a real test run, the Westfield data are used in this
report.

4.2.2 BGC Slaggins Lurgi

Data relating to the gasification of Illinois #6 coal in the BGC
Slagging Lurgl gasifier were obtained from the process and project
engineering design report of the Continental 0il Conpany.(7) Thie
report details the design of a commercial plant for the production of
pipcline gas. |

In the CONOCO design, the coal and the flux-handling section
prepares sized coal for gasification. The size range of the run-of-
mine coal is 37 percent smaller than %", 48 percent between % and 2",
15 percent between 2 and 5". The breaking and screening unit pro-
duces coal for feed to the Slagging Lurgl gasifiers of the following
gize consist: 3 percent smalier than %", 92 percent between % and
1%", S5 percent between 1l and 2". The already sized flux is blended

with this sized coal to produce the final gasification feedstock.
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TABLE 4-2

COMPARISON OF PARAMETERS USED IN GASIFICATION
OF ILLINOIS #6 COAL USING THE DRY-ASH LURGI

Fluor(ls) Weatfteld(z)
Steam/Coal 1,31 2.51
Oxygen/Coal 0.34 0.48
# Moles CO + H2/1b Coal 0.042 0.045
f Moles Cl'l“/lb Coal c.o10 0.008
Net Efficiency 76.6 57.8
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Oxygen input to the gasifier is provided by air separation units
vhich provide 98 percent purity oxygen at 275°F and 500 psig for the
gasifier. Steam is generated by using coal fines in a conventional
rulverized fuel boiler. The 1,500 pounds steam at 900°F that is
generated in these boilers is transferred to the 1,500 pounds steam
header for distribution. This 1,500 pounds steam is used by the con-
densing turbines in the air-separation ucits for oxygen production
for gasification, and by the extraction turbine turbogenerators for
power production.

Since Illinois #6 coal was never actually run in the Westfield
slagging gasifier unit, the composition of the rav gas from the 8GC
Slagger using Illinois #6 as feedatock, as tabulated in the CONOCO
report.(7) vas calculated by BGC and lLurg. from elemental balancee‘
bused on Scottish Francis coal. The validity of the calculated data
is substantiated tc a degree by actual trial runs in the BGC Slagger
using Ohio #9 and Pittsburgh #8 bituminousvcoala.

Coal throughput in the BGC Slagger apparently if not very sensi-
tive to the coal feedstock as illustrated by the coal gasification
vate data shown in Table 4-3, which were obtained from the Westfield
slagging gasifier trials.(s)

In the present analyais the coal gaeification rate was assumed
to be independent o the coal feedstock and the gaeifier capacity

required was then only proportional to the total weight of DAF coal

66




TABLE 4-3

PERPORMANCE DATA PROM THE WESTFIELD
SLAGGING GASIFIER ON A VARIETY OF COALS (?)

Francis Killoch Pittsburgh #8 Ohio #9
(Scotland) (S:otland) (USA) (USA)
Swelling Number 1 Iy Ty 6ly
Caking Index
(Gray-King) B E G8 Gé6
Coal Gasification
Rate (Tonnes/
w2h) . 4.16 4.13 4,25 3.27
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processed. In the Wyoming :o0al case in Reference 1, 1,385 pounds per
hour of DAF coal was processed. In the BGC lllinois #6 case con-
sidered in this study, 1,589 pounds per hour of DAF coal was gasi-
fied. Thue, the gasifier capacity would increase by a factor of
1.133 over :he capacity in the Uyoniné coal case. The number of
gasifiers in the Wyoming coal case using the BGC was 14, including
two spares.

The BGC Lurgi gasifier operates at high temperatures with the
significaut advantages of both higher coal throughput and lower steam
requirement than the conventional dry-ash Lurgi. This high temper-
ature operation causes the coal ash to melt and form a fluid slag
that is drained from the bottom of the combustion zone through a
small tap hole. Slag viscosity is very critical for continuous
trouble frece slag tapping operation and a viscosity of less than 50
poises seems necessary for a slagging fixed bed gasifier. BGC claims
that the design of their ulag tap system allows complete control over
the rate of slag discharge by allowing sufficient time for fluxing
reactions to occur to produce a homogeneous slag displaying uniform
and consistent flow characteristics. In the CONOCO des'zn, lire is
added as a flux to provide the correct rheological behavior of the
molten slag. The lime presumably lowers the temperature of critical

(9

viscosity of the slag, thus maintaining the slag as a newtonian

fluid to much lower temperatures. For high iron oxide containing
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ashes under the highly reducing conditions of gasification, about a
quarter of the iron oxide can be converted to metallic irom. Irom

oxide acts as a flux for coal ash slags, thus any reduction to iron
represants a net loss of flux and hence an increase in slag vis-

conity.(lo)

4.3 General Plant Assumptions

To allovw for comparison with the previous roport(l) on
processing Wyoming coal in indirect liquefaction, the plant coal
capacity in this report, using Illinnis #6 coal, has been kept con-
stant; 27,800 TPSD of as-received coal is the total plant coal
input. Although this 1s the same absolute weight of Illinois #6
coal, the higher rank coal contains considerably more carbon than the
corresponcing weight of Wyoming coal. Thus, the synthesis gas pro-
duction and hence total 1liquid products are greater in these Illinois
#6 coal feedsiock cases. Becausa of the larger overall plant, there
is inherent in the analysis an advantage due to scale when using
Illinois #6 coal. This point has been addressed by the sensitivity
analyesis of constant plant investment discussed in Section 2.0 of
this report.

The overall engineering designs of the plants are identical to
the Wyoming coal caees and the same system of analysis and unit
scaling 1s applied. Since a comparative ranking of processes is

still the main objective of these reports, rather than an exact pre-
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diction of product cost, no separate DCF analysis vas performed in
3)

this report. Cost data from the MRDC study were again used as a
basis and therefore construction costs are still given in 1977
dollars. Product coste are updated to 1980 dollars by using in-
flators provided in the Neilson Refinery Cost Indices.

Plant steam coal require-ent; for both fixed bed-gasification
systems have been calculated in Appendix A and it is assumed that the
balance of the plant coal cam be sent to gasification.

For the Lurgl dry-ash system, data from the Westfileld trial(z)
have been scaled to conform to the total plant input. Production of
refined Fischer-Tropsch products for both Synthol and Kolbel syn-

thesie have been calculated from the molar amount of clean eynthesis
gas generated in the plants using the same analysis procedure as in
Reference 1. Likewise, for the BGC Slagging Lurgi system, the data
¢))

from the CONOCO report have been scaled to conform to total
plant input. Again, refined product outputs for Synthol and Kolbel
have been calculated using the procedure of Reference 1.

Construction costs have been calculated by scaling each unit in
the plant on flow capacity using .7 exponent factor. Where this pro-
cedure 1s not used details of the alternative procedure have been
given. Capital costs are still given as 1.59 times construction cost

(3)

as in the MRDC report. Product costs have been calculated both

on thermal and market bases as detailed in the MRDC report.
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4.4 Syetem Description and Analyses

4.4.1 Dry-Ash Lurgi/Synthol

The indirect liquefaction plant using Illinois #5 coal as feed-
stock will process 27,800 tons per stream day of coal in 29 Lurgl
Mark IV dry-ash gasifiers operated with water-cooled stirrera. There
will be three spare gasifiers on standby. For the Wyoming coal case,
because of the higher reactivity of coal, only 25 gasifiers were re-
quired with three spares.

Of the 27,800 tons per stream day of coal entering the plant,
19,974 tons are sized and sent to gasification while 7,826 tons of
fine coal are sent to the steam plant. The conpqtation of plant ;onl
split is explained in detall in Appendix A. The steam plant provides
sufficient steam for oxygen generation, coal gasification and down-
stream plant process unit requirementg. Oxygen requirement for
gasification is 755,661 1b/hr. An additional 885,117 1b/hr of satur-
ated steam is also used. On a DAF coal basis, the steam-to—coal
weight ratio is 3.1!, the oxygen-to-coal weight ratio 1s 0.563, and
the steam-to-oxygen mole ratio 1s 9.84.

Table 4-4 shows the material and energy fluxes at each stage of
the production of clean synthesis gas for the Lurgi Dry Ash/Synthol
system. The raw gasifier output contains tars, oils, phenols and

naphtha as well as the synthesis gas, methane, C_'s and impuri-

2
ties. The naphtha is scrubbed from the gas in the Rectisol unit and
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sent for hydrotreatment tc produce gasoline blending stock. The
pinenols separated by the Phenosolvan process are sent tc the stean
plant for incineratfon along with the tars and oiis. For raw gas
production the efficiency defined as the LHV cf coal input to gasi-
fier divided by the LHV of total output produ:ts is B80.4 percent.

The net plant efficiency, defined as the ratio "1V of total plant
output to LHV of total coal input, is 57.8 percent. This value
represents the energy penalty incurred in the production of steam and
oxygen for the gasification procese and some of che plant steam
requirement.

. A portion of the raw gas is diverted to the raw.shift conversion
unit vhere the raw gas hydrogen-to--~arbon monoxide mole ratio of 2.19
is adjusted to 10.0 so that on remixing with the bulk raw gas stream
the overall hydrogen~to-carbon monoxide ratio is 2.54 which is the
required ratio for feed to the Synthol Fischer-Tropsch unit. Ap-
pendix B describes the computation of the number of moles of raw gas
required to bé shifted. After shifr the gasifier efficiency is 73
percent. The bulk and shifted raw gas stream is then sent to the
Rectisol unit fur gas purification, i.e., removal of acid gases
(COZ, RZS. COS) and naphtha. The clean shifted synthesis gas and
methane is then sent to the Synthol Fischer-Tropsch synthesis unit.
The LHV efficiency at this point 1is 68.7 percent based on gasifier

coal input. Total production of clean shifted synthesis gas by this
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cvstem is 74 M 1b moles/hour. Gasifier methane production is 12.4 M

6 3

1b moles/hour. This is equivalent to 0.97 x 107 Nm~ per hour of

synthesis gas and methane {32.85 x lO6 SCI'H) .

Products from Synthol synthesis are s3hcwn in Table 4~5. Two
process configurations are shown as {n Reference 1. The mixed output
case co-produces SNG as well as refined liquid products. In the
all-liquid case the SNG is autothermaily reformed back :o.synthesis
gas and the product spectrum is totally liquid.

As mertioned in Reference 1, the efficiency penalty incurred in
reforming the C1 and C2 hydrocarbon gases 1s considerable, as can
be realized bty the differeace in the HHV efficiency (defined as HHV
of output divided by HHV of all coal to.plent) between the two
cases. Yor the mixed output case the efficiency is 46 percent. For
the all-liquid case the efficiency 1is “4.8 percent. The total
barrels of Cq# liquids per ton of dry coal are doubled in the
all-liquids case compared to the mixed output case, i.e., from .%4 to
1.69. The high methane make in th. drv-ash Lurgi, combined with the
additional C1 aﬁd C2 make rrom the Syntliol synthesis, makes this
an unattractive combination for an all-liquid Fischer-Tropsch plant

Comparison with the Wyoming coal case, Table 4-6, shows that the
raslficr efficiency 1is greater in the Wyoming coal case for all

stages in the production of clean syrthesis gas. In terms of net

thermal efficiency. Wyoming coal case shows a conslderable advantage
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TABLE 4-6

COMPARISON OF GASIFICATION EFFICIENCIES WITH WYOMING

AND ILLINOIS #6 COALS USING LURGI DRY-ASH GASIFIER

Feed Stock

Raw Gasifier Output

Shifted Raw Gas

Clean fGas

Gasifier Efficiency

Wyoming : 0.899
Illinois #6 C.804

Net Efficiency

Wvoming 0.738
I1linois #6 0.578

0.791
0,730

0.649
0.524

0.747
0.687

0.613
0.493

~—
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over the Illiroie #6 coal case, i.e., 61 perceat compared to 49
percent. The causes of this efficiency disadvantage with the
Illinois coal are attributable to greater steam and oxygen

requirements for processing this less reactive bituminous coal.

4.4.2 Plant Construction Costs

For Illinois #6 coal, the plant construction and installati.n
costs for mixed and all-liquid indirect liquefaction plants employing
Lurgl dry-ash gasification technology in coniunction with Synthol
Fischer-Tropach synthesis are shown in Table 4-7. Fovr comparison,
the construction cost data for a Lurgi Syntho! plant using a Wyoming
coal are ahown.(l) For mixed and all-liquid plants the con-
struction costs for fllinoia coal feedstock are 23 percent and 21
percent, respectively; higher than for the plants using Wyoming
coal. Synthesis gas preparation costs are higher for the Illinois
coal case because more pasifiers are needed to process the less
reactive coal (28 for Wyuming compared tc J2 gus. 2rs fov
Illinois). Gas cooling and shift units have r~ “» larger to handle
the grcater raw gas volume in the Illinois case. The by-product
recovery costs are higher because a larger sulfur recovery unit 1s
required to nandle the greater flow volume of acid gases. 1In
addition, much larger gas iiquor separation units, Phenosolvan and
Chemie-~Linz ammonia recovery units, are required to process over

twite the quantity of water in the raw gas stream.

~d
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The synthesis units are larger in the Illinois case to handle
the greater quantity of synthesis gas produced in the gasifier.
Liquids refining operations are also larger in order to handle the

greater liquid output. For example, in the Wyoming case for an

+

4
38,884 BPSD; whereas ior the Illinois case 1t 1is 44,743 PPSD, a 15

all-liquid plant, the total liquid output of C liquids is
percent increase,

The larger ateam and oxygen plants required in tne T.linois case
reflects the greater oxygen and steam-to-coal ratios required in the
gasification of less reactive Illinoils coal.

4.4.3 Product Costs

Product costs wvere computed for all the systems in this report
by using the same procedure as in Reference 1. No separate DCF
analysis was performed; instead the value of $7.06 per MMBtu obtained

in the MRDC report(B)

based on equity financing and 12 percent DCF
was used as the baseline capital derived cost. This figure was for a
plant construction cost of $1,186.1 and a HHV output of 11,238 mil~
lion Btu's per hour. All costs, excluding coal costs, but including
operating and maintenance costs, are considered to be proportional to
construction cocats. Since the MRDC report used last quarter 1977
dollars, the computed product costs will be in 1977 dollars. Re-

vision of these costs to 1980 dollars by appropriate inflators has

been inc. . the Executive Summary. Coal-derived costs were de-



termined on a raw coal cost of $20.38 per ton (first quarter 1978
dollars} entering the plant. Costs of products on a thermal basis
were then computed as follows:

Thermal cost $/MM Btu output = 7.06 x construction cost factor

x HHV output factor + 1.96 Y

Where construction cecst factor plant construction cost/1,186,1
and HHV output factor - 11,238/HHV plant output

and Y - 12,047 /HHV plant output

Market basils costs are computed in exactly the same way as in
Referaence !. For details, see Reference 1, Appendix D.

Table 4-8 shows product cost data for the dry-ash Lurgi Synthol
system using Wyoming and Illinois #6 coal as feedstocks.

The combinat{on of high construction costs and expensive cual
with low thermal efficiency and, hence output, for the Illincis coal
case results in high gasoline product costs for these plants, com-
pared to the plants using the lower cost, more reactive Wyoming
coal. This higher cost results in spite of the advantage of scale
obtained when using the I1llinois coal, For the Illinois case
mixed-output mode, coal feedstock cost accounts for 19 percent of the
product cost and for Wyoming :oal it accounts for 9 percent of the

product cost,
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4.4.4 BGC Slagging Lurgi Systems

The indirect liquefaction plant using Illinois #6 coal as feed-
stock to the BGC slagging Lurgi gasifier will process 27,800 tons per
stream day of coal iﬁ 14 gasifiers with two spares. In the Wyoming
case, 12 gasifiers with two spares were required.

Of the 27,800 tons per day of coal entering the plant, 23,335
tons' are sent to gasification along with 1,240 tons of flux while
4,465 tons are sent to the steam plant. Computation of plant coal
split is provided in Appendix A. The steam plant provides steam for
oxygen production, gasification steam and downstream plant unit steam
requirements. In addition to the fine coal used for éteam pro-
duction, oils and phenols produced via gaéification are also sent to
the steam plant. Net tar production from gasitfication 1is zero since
all the tar 1is gasified. The injection tar is fed through the
tuyeres into the slagging zone of the gasifier and the recycled tar
is fed to the top of the gasifier. Oxygen requirement for gasi-
fication 1s 968,540 pounds pe: hour, while the high pressure steam
requirement is 689,740 pounds per hour. On a DAF coal basls, the
steam-to-coal welght ratio is 0.44, the oxygen-to-coal weight ratilo
is 0.62, and the steam-to-oxygen mole ratio 1s 1,27. Notice the sub-
stantial savings in the steam required when using the BGC gasifier

over the dry-ash Lurgi.




Table 4-9 shows the material aud energy fluxes at each stage in
the production of clean synthesis gas for the BGC Lurgi/Synthol sys-
tem. The raw gas processing scheme is the same as for the dry-ash
Lurgi/Synthol system except that, because of the low hydrogen-to-
carbon monoxide ratio of the gasifier off-gas, all of the raw gas
stream is sent to shifr. This uecessitates a very large shift unit
to handle this volume of gas, ‘

The gasification of 1,945 M pounds per hour of as-received coal
produces 116 M pounds per hour of synthesis gas and 8 M pound moles
per hour of methane. Gasifier and net efficiencies are shown in
Table 4-9. Comparison of LHV efficiencies of the BGC and the Lurgi
dry-ash systems shows that for gasifier efficiency the BGC ptoduction.
of clean syngas 13 74 percent--for dry-ash it 1s 69 percent. Com-
-paring net LHV efficiencigs of the two processes for production of
clean gynthesis gas, th. GC efficiéncy 18 62 percent, whereas for
the dry-ash gasifier, the efficiency is only 49 percent. Comparison
cf LHV efficiencies for clean syngas production using the BGC with
Wyoming coal as feedstock are shown in Table 4-10.

Clearly, even when the BGC Lurgi is used, higher zfficienciles
are achieved when using the more reactive, low rank Wyoming coal
rather than the bitumincus Illinois #6. The effect of the coal
feedstock 1s not as pronounced with BGC as it is when using the

dry-ash gasifier.
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TABLE 4-10

COMPARISON OF GASIFICATION EFFICIENCIES OF BGC-LURGI
USING WYOMING AND ILLINOIS #6 COALS

Wyoming Illinois fi6

Gasifier Efficiency (LHV) 0.774 0.735
Net Efficiency (LHV) -0.692 0,617
Where:

LHV of clean Syngas

Gasifier Efficiency = LHV of coal to gasifier

- LHV of clean Syngas
LHV of coal to plant

Net Efficiency
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The BGC Lurgi gasification systew was coupled both with the Syn-
thol units and the Kolbel(ll) slurry phase synthesis units in tais
analysis. Kolbel synthesis was considered to be a pctentially com—
patible candidate process for BGC since BGC produces a synthesis gas
having a low hydrogen-~to-carbon monoxide mole ratio in the order of
0.5. The Kolbel synthesis 1s capable of accepting low
hydrogen-to-carbon monoxide mole ratios of about .67. Thus, less
shift 1s required when combining BGC with Kolbel. For Synthol, the
low hydrogen-to-carbon monoxide synthesis gas from BGC must be
shifted extensively to achieve the 2.54 ratio requirement of the
Synthol unit.

In the Synthol case, all of the raw gas stream from the gasifier
is passed to the raw gas shift reactor to obtain the correct
hydrogen~to-carbon monoxide ratio. For coupling with Kolbel, only 29
M pound moles per hoﬁr. or 16 bercent of the total raw gas, needs to
be shifted to a hydrogen-to-carbon monoxide ratio of 10 and then re-
combined with the stream to produce the required 0.67 ratio for the
Kolbel system. This represents a considerable cost savings on the
size of shift reactor and also a smaller sulfur recovery unit is
required to process the reduced flow of acid gases.

Table 4-11 shows the product distribution and quantities of re-
fined outputs for the BGC Synthol mixed output and ali-liquid cases.

In the all-liquid case total liquids produced per ton of dry coal




44/n3g Z/('¢ = ducylay 131jisen
ay/mag  zgy = BYIYCEN 13[jESeD
safow 0001 91T = sefuig
e 6271 10D A1g :OQRMNIMI
8¢y 8° s (2 tHH) A5u9121333
y78°6Y SLE*LS 404
197° (1 whEinT 37e30]
-- -~ 46°9L1 16€°L ONS
692 ' 06 19%'11 11 %E £66'9 SpIndyT 19301
687°S 693 Svi'e 1§ TOYod1Vv
098°1 oty 0011 09¢ 170 13and
S16‘9 0%S*1 880°Y 016 128934
£y 8L 952 9 74
LIe'e L2s 136°T 413 ¢,
A1 900'8 L 7AN 09%°€Z 016°y 8LY*Y Jupose)
as/q 1301 sedulg 0S/d0SHH 1eacl sedudg
14/nigid | 1Y/nIgHN as/d 2Y/NIGHIK | IY/nIGIN
PINBTI-TTV PeXIH

(TV0D 94 SIONITII)
WILSAS TOHINAS/IDHAT-D9€ ¥0d IIVIS 1DilQ0dd

T1-% 379Vl

87



exceeds two barrels. The HHV efficiencies are much higher than for
the dry-ash Lurgl case where an all-liquid HHV of 35 percent was
obtained compared tou 44 percent using the slagging Lurgl system.

Table 4-12 shows the products obtained from the BGC Lurgil and
Kolbel synthesis. Here, the mixed output HHV efficiency is almost
identical to the Synthol system, but the all-liquid efficiency of the
Kolbe! plant is 8 percent higher than the corresponding Synthol case
because less methane 1is produced in the Kolbel unit,

4.4.,5 Plant Construction Cost

Table 4-13 shows the elements of plant construction costs for
both the BGC Lurgi/Synthol and Kulbe! systems. Coal handlirg costs
have increase.’ because of the use of flux with thié slagging gasi-
fier. Per stream day, 1,240 tons of lime are added to the coal in
this coal handling unit.

For all of the BGC cases using 1llincils coal, gasification costs
are based on the use of 16 gasifiers in comparison to 14 for the
Wyom’ng case. The larger oxygen plant requirement for the all-liquid

case:s results from the autothermal reforming of O and C, gases;
&

1
1.4+ M pounas of oxygen is required per MMSCF of methane that is re-
formed. FEnergy for this extra oxygen is provided by slip streaming
!0 percent of the stream to be reformed to plant steam generation.

The larger steam plant requirement in all-liquid cases is a result of

this additional oxygen demand.
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For the BGC Kolbel combination, the smaller shift requirement
means a smaller shift reactor and Rectisol gas purification unit
since less carbon dioxide gas is produced. 1In addition, the by-
product recovery systems can be reduced in size because or smaller
acld gas streams. These changes represent a cost savings over
Synthol plants of 11 percent in the all-liquid cases,

4.4.6 Product Costs

Product costs from fhe BGC plants with Synthol and Kolbel sys-
tems are shown in Table 4-14., For an all-liquid output, Kolbe!l .
synthesis could potentially reduce gasoline cost over the Syntho!
case on a market basis by 19 percent., Raw matrrial costs of coal and
flux (purchased at $13/ton) fcr the four plant configurations shown
in Table 4-14 account for, on an average, 21 percent of the product
cost. For Wyoming coal feedstock using BGC gasification, coal costs
account for, on average, !0 percent of product cost. On a market
basis, for an all-liquid plant, gasol.ine cost in $/gallon 13, on
average, '3 percent higher when using Illinois #6 coal than for a

Wyoming coal system processing the same tonnage of as-received coal.
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