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ABSTRACT 

The overall gas-liquid mass transfer coefficient, KLa, has 
been related to gas flow rate, solid particle size, and amount of 
solid charge for a cocurrent three-phase, tapered fluidized bed. 
The three phases consisted of oxygen, dist i l led water, and glass 
and coal particles from 0.15 to 0.56 mm OD. KLa was calculated 
on the basis of a well-mixed CSTR model. For a constant water 
flow rate of ~75D ml/min and an oxygen flow rate between 600 to -7 
1050 ml/min, the value of KLa appeared to be a maximum {~.8 min ) 
for a coal particle size of 0.3 mm. The value of KLa was not 
significantly affected by the amount of coal chargeB to khe column. 
However, the value of KLa increased as the amount of glass in the 
bed decreased. Improvements to the experimental procedure and 
suggestions for future work are presented. 
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l .  SUMMARY 

Experiments were performe_d to relate the gas-liquid mass transfer coef- 
f icient to gas flow rate, solid particle size, and amount of solid charged 
in a three-phase tapered fluidized bed. The tapered column was 42 i~ high, 
l - in.  ID at the bottom, and 3-in. !D at the top. Coal and glass particles, 
oxygen, ~nd disti l led water were employed as the three phases. The mass 
transfer experiments were performed to measure the amount of oxygen that 
was transferred to the water phase. An oxygen analyzer probe measured the 
concentration of oxygen at the boundary betwaen the two-phase and three-phase 
sections of the bed. For a known amount of solid charged to the column, the 
gas flow rate was set to four values in the range of 200-1100 ml/min. Four 
amounts of solid were charged to the column in the range from 200-140D gm. 
Hence a total of sixteen oxygen concentration readings were recorded per 
size of solid. To study mixing within the column, dye tracer experiments 
were performed after each mass transfer experiment with the same operating 
conditions. The flow behavior was modeled as a series of. continuously- 
stirred tank reactors (CSTR) and the KLa for each run determined. 

KLa was plotted as a function of gas flow rate for a given size of coal 
and varying amounts of coal charged to the bed. The effect of coal size on 
KLa was also established. For glass particles only the effect of the amount 
charged to the bed on KLa was established. However, to choose between glass 
and coal to maximize the value of KLa will require additional data. 

2. INTRODUCTION 

2.1 Background 

Three-phase fluidized bed reactors, consisting of solid particles f lu i -  
dized by gas and liquid flows, have certain advantages over fixed beds as 
biochemical reactors (4). In tapered columns, biomass may accumulate with- 
out agglomeration or cTogging. In addition, solid particles maintain a more 
stable bed height over a wider range of liquid and gas superficial velocities 
than in cylindrical columns due to the decrease of superficial and liquid 
and gas velocities with height. Experiments with tapered columns are re- 
quired to measure gas-liquid mass transfer coefficient and establish opera- 
ting conditions that will maximize mass transfer. 

2.2 Previous Work 

Saad et al. (1) have investigated the operating characteristics and 
mass transf-e~ behaTior in three-phase cylindrical fluidized beds with an 
air-CO 2 gas ~ixture, water, and 4x8 mesh alumina beads. They concluded 
that in the fluidized bed with 4x8 mesh alumina beads, the mass transfer 
behavior was best described by a plug flow model. Burck et al. (2) 



indicated that the gas-liquid mass transfer coefficient for 4x8mesh alumina 
beads in the same apparatus was best described by a plug flow model, whereas, 
for 0.25-in. plexiglas spheres, the flow behavior approached a CSTRmodel. 
They concluded that the gas-liquid mass transfer coefficient is affected by 
the density difference between the packing and the liquid. 

The operation of three-phase fluidized beds has been reviewed by ~ster- 
gaard (3), who discussed the role of gas-liquid mass transfer as the potential 
rate-limiting step in this type of reactor. 

2.3 Mass Transfer Models 

Mathematical models were developed for three different reactor flow 
models. The value of KLa can be calculated using these models under various 
sets of conditions, and hence a set of conditions can be found which gives 
maximum oxygen transferred from the gas phase to the liquid phase. 

The value of the mass transfer coefficient calculated from known inlet 
and outlet concentrations and flow rates depends on the assumed column con- 
centration profile which depends on the mixing in the column. Models for 
the plug flow and continuously stirred tank (CSTR) reactors were developed 
in which the liquid phase flow characteristics were assumed to be plug flow 
or well-mixed, respectively. The gas flow in both the models was assumed to 
be plt,n flow in nature. The theoretical concentration profiles were calcu- 
lated ;tom a steady state material balance around the column, Henry's Law, 
and an equation defining the mass transfer coefficient. The final equation 
relating the concentration and KLa for the CSTR model is, 

(AULCL)out " (AULCL)in 

KLa = ( ,eq "CL,o t)V (I) 

and for the plug flow model is, 

2 
_ UL,inrinr _(~r_~) ] 3 

KLa - H3 Ll- r r ' 
3(H)( H + tan 0) + tan2~) 

(2) 

The differential equation for the liquid plug flow with axial dispersion is, 

d2C L dC L 
[U, or ~ - 2~D(r o + htan @)tan g] ED(ro+ htan 0) 2 d h - ~ -  = 

- KLa(CL,eq - CL)(r o + htan 9) ~ (3) 



Equatiens (I) and (2) are derived in Appendix 10.2. Equation (3) was not 
evaluated because the value of dispersion coefficient, D, or the variation 
of C with column height were not known. 

Without solving the differential equation, the bed can be simulated 
by n ideal stirred tanks in series as shown in Fig. I.  The total volume 
of the tanks, V t ,  is the same as the volume of the three-phase flu~dized 
bed. Thus, for a given flow rate, the total mean residence time, t ,  is 
also the same. The mean residence time per tank is T/n and the volume of 
each tank is Vt/n. 

The value of n can be found by tracer dispersion experiments. I f  a 
step input of a tracer is introduced at the in let  of n tanks, the concen- 
tration - neglecting mass transfer between phases - as a function of time 
can be calculated for various values of n with Eq. (4). 

( step l - e- nt / t  [ I  + n t+  ~. t + . . . .  
t 

+ T-~nt )  n'l . . . .  ] (4) 

w 

Thus, the theoretical values of Cn/C o as a function of t / t  for various 
values of n is as shown in Fig. 2. Experimentally measured values of Cn/C o 
can be plotted against t ~and  superimposed on this figure. By comparison 
the value of n can be determined, and the volume of each stirred tank can 
be calculated. 

I f  the concentration of oxygen is measured in the inlet stream, con- 
centration of oxygen in the stream leaving the f i r s t  stage can be calculated 
with Eq. (1) for a t r ia l  value of KLa. The oxygen concentration in the 
liquid stream entering the second tank is the same as tFe stream leaving 
the f i rs t  tank. Assuming KLa is constant in all the tanks, the oxygen con- 
centration in the liquid stream leaving the second tank can also be calcu- 
lated with Eq. (1). Thus, i f  a value for KLa is assumed and i f  i t  is 
assumed that the concentration of oxygen in the liquid stream entering any 
tank is the same as in the liquid stream leaving the previous tank, the 
oxygen concentration'can be calculated for the series of stirred tanks. 
The concentration in the stream leaving the bed, which is the same as in 
the stream leaving the nth tank, can be calculated. The assumed value of 
KLa can be checked by comparing the calculated value of oxygen in the l iquid 
stream leaving the bed with the value ~easured experimentally. Thus the 
value of KLa can be determined by a tria~ and error calculation. 

This method can be used for plug flow, CSTR, or plug flow with axial 
dispersion models. For mixing similar to a CSTR or plug flow reactor, the 
value of n wi l l  be one or inf in i ty ,  respectively; while a plug flow reactor 
with axial dispersion behavior corresponds to a value of n between one and 
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i n f i n i t y .  As the axial dispersion becomes large, the value of n wi l l  
approach one. In the extreme_ case, when t),e axial dispersion is so large 
that the concentration throughout the bed is uniform, the value of n wi l l  
be one and the bed wi l l  have the characteristics of a CSTR. 

2.4 Objectives and Method of Attack 

The objectives were to relate KLa tc the size and total weight of 
fluidized solid and to gas flow rate. Then, i t  should be possible zo 
select a con~ination of these parameter values to maximize KLa. 

Analytical equations that describe the transfer of oxygen from. the 
gas phase to the l iquid phase were derived for three l iquid flow models in 
a cocurrent column. Tracer experiments were then performed to characterize 
the dispersion flow behavior in zhe column. Models of f lu id flow for CSTR 
behavior and for a plug flow reactor with and without axial dispersion were 
derived for the tapered bed. To determine which behavior was applicable, 
the transient concentration of a dye at the level between the three and 
two-phase ~gions of the beo was measured for a step input of dye. From 
this residence time distr ibut ion, the flow behavior was established. 
Finally, experiments were performed zo measure and correlate the mass 
transfer coefficient at various operating conditions. The dissolved oxygen 
concentration in the bed was measured with four different amounts of coal 
and glass fluidized in the bed in four particle sizes. The available sizes 
ranged in dian~ter from 0.15 to 0.3 m~. The mass transfer parameter, KLa, 
was then determined from the CSTR model and plotted as a function of gas 
flow rate. 

3. A~PARATUS AND EXPERIMENTAL PROCEDURE 

The gas-liquid mass transfer coefficient for oxygen ~vas determined in 
the tapered pyrex column shown in Fig. 3. Glass or coal particles in the 
column were fluioized by the cocurre~t upward flow of oxygen and water. 
Experimental conditions included four values of §as flo~." rate between 200 
and llO0 ml/min and four amounts of solids in the ~ for a l iquid flow 
rate of about 760 ml/min. 

Before the desired amount of solids was placed in the col'umn, th: 
water flow rate was adjusted with a metering pun~ and measured at the l iquid 
dischar§e. Inlet d is t i l led  water was stripped of residual oxygen with a 
stream of nitrogen passed countercurrently through a cylindrical glass col- 
umn. Oxygen dissolved in water was measured with an IL 530 oxygen electrode. 
With this apparatus a 12-in. probe, O.75-in.-OD, measures the conductance 
of the l iquid stream which is proportional to the concentration of dissolved 
oxygen in water. The output is indicated on a recorder as ppm of oxygen. 

The oxygen flow rate to the tapered column was adjusted with a needle 
valve on the in le t  line and measured at the top of the column w~th a wet 
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test meter. The oxygen analyzer probe was placed near the top of the column. 
to measure the dissolved oxygen with minimum effect on f luid flow in the 
three-phase bed. Steady state mass transfer in the fluidized bed was de- 
termined from the transient plot of cxygen concentration on a str ip chart 
recorder. When steady state had been achieved, the oxygen probe was lowered 
to measure the dissolved oxygen concentration at the boundary between the 
three and two-phase regions. 

An experiment was performed to determine the number of hypothetical 
uniformly-stirred tanks of equal volume which could best approximate the 
mixing and flew characteristics of the three-phase bed. An aqueous solution 
of rhDdamine B dye was mixed in a 3/8-in.-diam tee with water flowing into 
the column. A constant pressure of 6 psig was maintained in the dye storage 
tank with nitrogen. A needle valve~ adjusted for the d~sired flow rate, 
was inst~l!ed in series with a ball valve to maintain a constant and instan- 
taneous flow rate of concentrated dye solution into the tee. The maximum 
flow rate of dye was 3% of total water flow. Ten m i l l i l i t e r  samples of 
the liquid were removed at a level in the bed between the two and three- 
phase regions using a 3/8-in.-diam tube with a pcrous disk mounted on the 
end to prevent solids from entering wizh the samples. The time was re- 
corded when each sample was removed. When the color of the sables did 
not change, a dye solution sample was taken from the tee located on the 
inlet line to the column. The concentration of the dye in each sample was 
measured with an optical spectrophotometer and with d ist i l led water as a 
blank. 

4. RESULTS 

The transient response to a step change in concentratio~ of a dye 
solution was established as shown in Fig. 4. The effect of bed weight on 
KLa is shown in Fig. 5 for glass particles and in Fig. 6 for coal particles. 
In both figures KLa is plotted as a function of gas flow raze for various 
bed weights. 

The effect of coal particle size on Ki~ is shown in Fig. 7 using 
average values for total solids weight from Fig. 6. In Fig. 8 the effect 
of gas flow rate on KLa is established. 

5. DISCUSSION OF RESULTS 

The transien: dimensionless concentration for a step change in the 
inlet concentration of rhodamine B dye solution into the tapered bed, with 
fluidized 0.30 mm coal particles, is shown as a function of dimensionless 
time in Fig. 4. The experimental curve is superin~osed on the theoretical 
curves which depict residence time distribution for plug flow as well as 
for one, two, and an inf in i te  n=nber of well-mixed tanks in series. Similar 
trends were shown for 0.15, 0.45, and O.57-mm coal particles. Because 
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transient behavior follows an exponential pattern and the results for ~ll 
experin~nts showed that the concentration does not equal the in let  value 
until ten residence times elapse, i t  is concluded that plug flow behavior 
does not occur in the tapered bed. I t  wa~ assumed that the tapered fluidized 
bed behaves as one CSTR in order to compare all results for oxygen transfer. 

The overall mass transfer coeff icient, K: a, was calculated for various 
amounts of O.17-O.:~-,~rn. glass partlcles fluld~zed ~n the tapered bed, and 
the values were correlatea in Fig. 5 as a function of gas flow rate for a 
constant water flow rate of approximately 760 mi/min, The results show 
a unique trend for each amount of glass fluidized in the bed. All trends 
sho~ that the amount of oxygen transferred into the l iquid phase increases 
l inearly with ~a~ flow rate. The mass transfer coeff icient, KLa, decreases 
as the amount of solids in the bed is increased. Because the size of the 
gas bubbles leaving the bed increased as more solids were added to the bed, 
the decrease in the interfacial surface area, a, between oxygen and water 
per unit bed volume may be the cause of this trend. 

Figure 6 is an analogous representatien of mass transfer for various 
amounts of O.3-n=n coal particles in the bed as a function of gas flow rate. 
The general trend, which was the same for coal particles of sizes 0.15 and 
0.56 mm, is an increase in the mass transfer coeff icient. KLa, with an 

• . . - . -  

I n c r e a s e  in gas flow rate through the bed. As snown In Fig. 6, the cr~.~ded 
data far 150 to 300 gm of coal in ~ne bed shows that the solid weight of 
the bed does not substantially change the oxygen transfer. For this reason, 
th~ data for each size part ic le with varying amc.unts of solids was averaged 
at the four gas flow rates and are shown in Fig. 7. 

Figure 7 shows the effect of gas flow rate on the overall mass transfer 
coefficient for three sizes of coal as well as for the bed without solids 
present. Each point on this graph represents the averaged results of four 
experiments. This figure shows that the use of O.30-mm c~a! particles i~ 
the bed w i l l  give the best transfer of oxygen, and this system wi l l  oper- 
ate more effectively than with two-phase transfer. The largest size of 
coal, 0.56 mm, gives the smallest rate of oxygen transfer while the smal- 
lest size, 0.30 mm, exhibits behavior which is nearest to that for a two- 
phase system. These results show that the highest values of KLa wi l l  occur 
for operation with O.30-mm coal particles at gas flow rates greater than 
400 ml/min. 

Figure_ 8 shows the same data points plotted as a function of coal par- 
t i c le  size for the four gas flow rates. The oxygen transfer dependence on 
coal part ic le size is shown to increase as the gas flow rate is increased. 
Tha strongest dependence of KLa on flow rate is for the medium sized par- 
t ic le .  

The results for coal and glass cannot be compared to determine which 
type of solid w i l l  provide the best mass transfer of oxygen in the column. 
However, i f  large surface area per weight of packing in the column is 
necessary, coal w i l l  probably be better than g~ass since K~ a decreases as 
more glass is added to the f luidized bed, while KLa fo:- coal does not 
exhibit as strong a dependence. The optimum transfer of oxygen in the bed 
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for fluidized coal in the experimental tapered bed wi l l  occur with O.30-mm 
size particles at gas flow rates greater than 400 ml/min. 

Values of Kta for the tapered bed operating without fluidized solids 
are shown in TabTe I. Oxygen transfer decreases as liquid flow rate de- 
creases for a given gas flow rate. From these limited results, i t  is 
recon=nendedthat the effect of liquid flow rate on KLa should also be in- 
vestigated for optimization of mass transfer in the bed. 

Table I. Mass Transfer for Two-Phase System 

Flow Rates (ml/min) 
Water 

735 250 

890 250 

1062 250 

1176 250 

KLa 
!min-,!,) 

0.253 

0.238 

0.232 

0.200 

6. CONCLUSIONS 

At constant liquid flow rate (~750 ml/min), 

- KLa increases as gas flow rate increases for both glass and coal 
particles. 

- For coal particles only, 

- The value for K1a is maximized with the O.~-mmparticle size 
for gas flow rates between 600 and I050 cm°/min. 

- KLa decreases as particle size increases for gas flow rates 
less than 300 cm~/min. 

- The amount of coal particles does not significantly affect KLa. 
However, for the glass particles, the value of KLa increases as the 
amount of glass in thebed decreases. 

7. RECOMMENDATIONS 

I .  Determine oxygen concentration as a function of bed height. 
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2. Calculate K~a with a numerical integration of the curve obtained 
by plotting (CL,eq -~CL) as a function of bed volurae: 

KLa : Qw(CL,out " 

I~(CL,eq " CL )dV 

3. Perform more experiments to correlate KLa with particle density. 

4. Determine effect of varying liquid flow rate on KLa. 
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9. APPENDIX 

g.1 Sample Calculations 

g. l .  l Tapered Reactor Volume 

The total volume of the tapered reactor of base radius, r l ,  top radius, 
r2, and height, h, is given by 

~h~ 2 2 
V = ~ t r  I + r l r  2+ r ] 

For Run l ,  

r l  

h 

r 2 

Thus, 

V __ 

= 1 . 2 7  cm 

= 61.5 cm 

= r I + b tan 0 = 1.27 + 61.5 tan(l.33) = 2.67 c~ 

'n(613"5l[(1.27)2 + (1,27)(2.67) ÷ (2.67) 2] = 792 cm 3 

9.1.2 

For each run, the overall mass transfer coefficient, KLa, was calcu- 
lated by approximating the reactor liquid flow behavior as a single well- 
mixed tank. Thus, KLa is given by the equation, 

KLa 
Qw(CL~out- CL~in) 

= VCCL,eq- CL,O'u' t) 

= 0.673 min -I 

50.6 cm3~min(2D - 0 ppm) 
= 79Z cm~(~9 - 20 ppm) 

9.2 Derivation of Model Equations 

The assumptions made when performing material balances on the tapered 
bed are: KLa is independent of height in the column, the solute concentra- 
tion is so dilute that a linear equilibrium relationship applies, the 



Zl 

dispersion coefficient and void fraction in bhe column are constant, and 
the liquid density is constant. 

In a conti~uously stirred tank reac~m', CSTR, the concentration in 
the reactor is assumed to be the same as the concentration in the exit 
stream. At steady state, an oxygen n,ass balance gives 

input - output = 0 (5) 

The oxygen input and output for the reactor includes oxygen in the gas 
phase and dissolved oxygen in the water. 

[M + AULCL]in - [M + AULCL]ou t = 0 (6) 

I f  KLa is constant throughout the reactor, then the rate of oxygen mass 
transfer from the gas phase to the liquid phase in the bed is 

Thus, 

NO2 : KLaV(CL,eq CL) (7) 

AULCL]°ut - AULCLIin (8) 
KLa = (CL,eq - CL)V 

9.2.1 Model II~ Dispersion Model Calculation of KL~ 

To calculate Kta, an oxygen balance on a dif ferential  element of the 
reactor shown in Fi~. l must be performed. 

input - output = 0 

[ gas liquid phase liquid phase~ 
hase + input by + input by I 

~.put convection dispersion J 

F gas liquid phase liquid phase~ 
- Iphase + output by + output by | 

Loutput convect ion dispersion 
o (9) 
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dC L 
[AUGCG + AULCL - A~D~-~]at element inlet h 

dC L 
- [AUGCG + AULCL - A~D~T~]at element outlet h+Ah = o ( I O )  

or taking the l imit as ah approaches zero gives 

d(AUGCG) d(AULCL) ~A~D dCL 
+ d-T~) : o (11) dh dh " 

I f  ~ and D are constant, expansion of the second and third differentials 
gives, 

d C dA dCL dUL 
~hAU L L ) = [(ULC L) ~ +  (ULA) d--~ -+ (AC L) 

and 

d•h  A~D dCL dA dCL d2CL 

I f  one substitutes the relations 

dA 2~(r o + h tan g) tan g : 

and 

2 
dU L 2ULor o tan g 

dh (r o + htan g)3 

into the differential equation, one obtains 
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d(AUGC G) 
dh 

E( dCL 
ULCL)2~(r o + htan O)tan Q + ULA~-- 

2U L r 2 tan Q .-I dC L 
o o ~_ cD[2~(ro+htanO)tanO dh 

+ (ACL)[- (r o + htan 0) 3 

d2C L 

+ A dh--~-] 

Further substitution of 

and 

A = ~.(r o ~ htan@) 2 

2 
ULoA o ULor o 

UL = -~l - (r ° + htanO) 2 

into the equation gives 

~-~AUGCG) = [ULor2o~-2x~D(ro+ htanO)tanO]~ 

d2C L 
- xcD(r ° + htanO) 2 112) 

The amount of oxygen transferred from the gas phase to the liqui¢ 
phase in the f in i te element, dh, of Fig. i is 

- A(AUGC G : KLa(CL,eq CL)AV 

Since 

AV i = ~(r o + hitang)2Ahi + ~(r o + ,,itariO)tanO~ ah i y + ~',~h_.)2 
j " I" 



and 

Hence~ 
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dV = ~(r o + htang)2dh 

d(AUGC G) 
dh = KLa(CL,eq - CL)~(ro + htang)2 

d2CL 2 
-~D(r o + htang)2dh- ~ -  + [ULoro~ - 2~D(r o 

= KLa(CL,eq - CL)X(r o 

dC L 
+ htanO)tanO]~T- 

+ htang) 2 

(13) 

After rearrangement, the differential equation for plug flow with disper- 
sion for the tapered column becomes 

d2CL dC L 
~D(r o + :itane)2dh-~--- [ULGr~ - 2~D(r o + htanO)tang]d- [ -  

= -KLa(CL,eq - CL)(r o + htang) ~ (14) 

I f  the equation is made dimensionless by substituting 

h 
Z = H 

and 

X = CL,out " CL 
CL,ou t - CL,in 

the differential equation takes the form, 

r o d2X ULo r2 
aD(~-- + Ztang) 2 - [" B 2~D(~ -9-° + ZtanO)tang~z 

K ~CL~'eq - CL~°ut + x]HZ(~ -~° + ZtanO) 2 
LaLCL,ou t - CL,in 

(15) 
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This non-linear second order differential equation was solved only for the 
limiting case of no dispersion; i .e.,  D = O. Thus the equation becomes 

r 2 
ULo o dX 2 ro 

H ~ = KLaH (',T" 
7f~n(~%z/CL'eq- CL~°ut X) 

+ . . . . .  i ~,-- + 

CL,ou t .- CL,in 

i f  one defines 

B = CLreq- CL~ou t 

CL,ou t - CL,in 

and rearranges the equation, one obtains the differential equation 

UL r2 dX 
_ H ~ L : ~  = . (~__oo + Ztang)2dZ 

with the boundary conditions 

X -- l a t Z = 0  

X = 0 a t Z = l  

(16) 

(17) 

the above equation may be integrated to obtain 

r 2 
I i  ULo o dX 10 ro _ = (~-- + ZtanO)2~Z 

KL "I 

OT 

2 
~r ~ ro tan20 In( )] = (~__oo)2 +~__ ~an0 + 

K. aH ~ 3 
L 

Hence, 

KLa 
r 2 

_ ULo o [ I ~ ( ~ ) ]  
HT-- r o r o 

3(~-)(~--+ tang) + tan20 

(1B) 
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B = CL,eq.- CL~out 
CL,ou t - CL,in 

g.2.2 Volume of an Increment of Reactor Volume 

The volume of an incremeT,t in the tapered column at a height, h i ,  from 
the Dottom and thickness Ah i can be calculated by the equation as sh6wn in 
Fig. I .  

aV i = volume of the i th element 

r I and r 2 can be written in te~ms of r o, h i , and 8: 

r I = r o + hitang 

r 2 = r o + hitang + Ahitang 

Substituting this in the above equation gives 

~Ahi F, 
Av = --~--Lkro +hitang)2 + (ro+ hitang)(ro+ hitang + Ahitang) 

+ (r o + hitang + Ahitang)2 j 

~Ah i r" 
: -~---~ro+ hitang) 2 + (to+ hitang) 2+ (r o + hitang)tangAh i 

+ (ro+hitang) 2 + 2(r o + hitang)Ahitang + Ah2tan2g~ 

(19] 

(20) 

(21) 

~Ah i 
= --~--L[3(r o +hitang) 2 + 3(Vo+ hitanO)tang Ah i + ah~tan2g] 

2 
: ~(r o +hitang)ZAh i + ~(ro+ hitang)tanQ(Ah) 2 + ~ A h )  3 

(zz) 
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9.3 Location of Original Data 

The original data are located in OENL D~tabogk A-7023-G, pp. 43-84, 
on f i l e  at the MIT School of Chemical Engineering Practice, Bldg. 3001; 
O~L. 

9.4 Nomenclature 

a gas-liquid interfacial surface area per unit volume, cm2/cm 3 

A column cross-sectional area, cm 2 

B dimensionless concentration CL~eq- CL~ °ut (gm/cm3)/(gm/cm 3) 
' CL,ou t - CL,in" 

C concentration, gin/ca 3 (liquid) 

D eddy dif fusivi ty, cm2/sec 

h height, cm 

H total height of the bed~ (~ 

K L overall gas-liquid mass transfer coefficient, gm/cm2-sec(gm/cm 3) 

oxygen mass flow rate, gm/sec 

NO2 amount of oxygen trar, sfer per unit time in the bed, Ib/cm3-sec 

Qw volumetric liquid flow rate, cm3/min 

r radius, cm 

U superficial velocity, cm/sec 

t time, sec 

T residence time, sec 

X dimensionless concentration 

V volume of reactor, cm 3 

Z dimensionless height, h/H, 
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Subscripts 

0,I,2 position at height O, hl, and h 2 

i ,  n related to ith or n th stirred tank, respectively 

G gas phase 

in at inlet 

L Iiquid phase 

L,eq liquid phase at equilibrium 

out at outlet 

Greek.. Symbol s 

void fraction 

A f inite increment 

g tapered angle 
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