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ABSTRACT

The Fischer-Tropsch (F-T) synthesis of hydrocarbons by the hydro-
genation of carbon monoxide over a catalyst via the indirect liquefaction
route has only been demonstrated on a commercial scale in fixed-ted and
entrained-bed reactors. The slurry_ reactor has been found to offer
important advantages, such as low H2/C0O feed ratios and isothermal stability
on the laboratory and pilot-plant seale. Recent findings concerning slurry
bubble column hydrodynamics are presented, and their relevance to slurry F-T
reactor design and scale-up are discussed. The need for optimization of a
slurry F-T reactor is apparent owing in large part to the nonselective
formation of products on the catalyst, and the influence of hydrodynamiecs on
the overall conversion of reactants. In this regard, the important trans-
port resistances in the formation of products, and the influence of reactor

dimensions on reactor performance are discussed.



INTRODUCTICN

Design of a slurry bubble column reactor requires reliable estimation
of transport parameters influencing the overall reactor performance, The
Fischer-Tropsch synthesis is thought to occur in the slow-reaction regime,
which 1s advantageous for slurry reactor applications because of low power
consumption per unit valume and isothermal stability. The critical para-
peters for the design and secale-up of F-T slurry reactors are the following:
gas noldup, distribution of solid catalyst, intrinsic kinetics, flow regime
transition, fluid mixing, gas-liquid interfacial area, and volumetric mass
transfer coefficient. The present communicatien addresses some hydrodynamic
parameters that are poorly understood and the difficulty in extrapolation of
these parameters obtained from "cold-model™ data to a commercial F-T slurry

reactor.

Recent studies by Mobil (Kuo et al., 1983) indicate that under F-T
reaction conditions, gas holdups are obtained that are signifiecantly higher
than those predicted from the literature. The large gas holdup is thought
to be due to surface-active impurities in the liquid phase that may or may
not cause foaming to occeur. The bubble dynamics and its effect on the
hydrodynamics of liquid mixtures containing surface-active impurities are
not presently well understocd. The following discussion presents data
obtained from a 10-cm-diameter cold model that compares gas holdup, flow
regime transitions, axial solids concentration distributions, and bubble
size distributions for foaming and nonfoaming liquid systems. Important

differences between these two types of liquid systems are identified, and



the impliecations of these differences on F-T slurry hydrodynamics and scale-

up are addressed.

EXPERIMENTAL

A 10-cm-diameter bubble column equipped with two types of distributors
(perforated plate with l-mm x 76 holes and sintered plate with 20-pm nominal
hole size) has been used to obtain gas holdup, bubble size distributions,
and axjal solids concentration distributions. The 1liquids used in this
study werew water, mixtures of water/ethanol, and a low-viscosity silicone
oil (ur = 0.8 cp). The solids used were narrow-sized glass beadsv having a

mean particle size of 96.5 um.

Gas holdup was obtained from the level difference of aerated and
stagnant liquid. Bubble size distributions were measured in.situ with a
miniaturized conductivity probe (Smith et al., 1984). Axial solids concen-
tration distributions were obtained from slurry samples taken at six axial
positions in 35-cm intervals beginning at 5 em from the distributor plate.
Details of the experimental procedure and method of anzlysis are given

elsevwhere (Smith and Ruether, 1 984; Shah et al., 198%4).
RESULTS

Gas Holdup

The aim of investigating gas holdup in the present study was to con-

sider the effect of foaming and nonfoaming ligquid systems, and the resulting
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change in local and average gas holdup. Local gas holdup was measured as a
funetion of axial and radial position with a miniaturized conductivity probe

(Smith et al., 1984).

Figure 1 shows the effect of the distributor type on gas holdup for
nonfoaming liquids having a low surface tcension (18.7 dyne/cm). For the low
surface tension liguid (silicone oil), gas holdup is similar for both types
of distributor. This implies that for nonfoaming liquids having a low
surface tension, the effect of distributor type is very small.

In Figure 2, the effect of distributor type on gas holdup for foaming
liquids is shown to be very significant. For gas velocities between 1 and
10 cm/s, the gas holdup with the sintered plate was substantially higher
than for the perforated-plate distributor. 1In the range of gas veleccities
used by Mobil's F-T reactor (Ku& et al., 1983), the gas holdup obtained with
the ethanol/water mixture is almost the same as that obtained in the F-T
reactor. Since both columns were equipped with similar distributor plates,
it is reasonable to expect that F-T liquids have behavior similar to that of
the ethanol/water mixture shown in Figure 2 over a comparable range of gas

velocities.

Figure 3 demonstrates the effect of ethanol/water composition on gas
holdup fof a range of gas velocities reported by Shah et al., 1984. These
data were obtained in a 10-cm-diameter bubble column equipped with a 20-um
nominal diameter distributor plate. The gas holdup increases significantly
when the ethanol concentration is between 0.47 wt%f and 41 wt? and the gas

velocity is greater than 2.5 cm/s. Below or above these concentrations, the
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gas holdup is relatively insensitive to changes in ethanol concentration.
This behavior is qualitatively predicted by the dynamic surface tension

model of Andrew (1960).

Figures 4 and 5 show the radial distribution of gas holdup for water
and U8-wtf aqueous ethanol systems, respectively. The local gas holdups
were measured with an electriecal conductivity probe at a superficial gas
velocities of 3.1 cm/s and 9.0 cm/s. The radial profiles indicate that a
parabolic distribution approximately describes the gas holdups, with 3
maximum gas holdup located near the center of the column and a gas heldup
approaching 0 at the wall. The effect of gas velocity on the radial gas
holdup profile is shown in Figure 4, With an increase in gas veloeity, the
volume of the gas phase occupying the central region of the bubble column
increases, along witk a corresponding sharp decrease in holdup near the
wall. In Figure 5, the radial gas h.oldup profile for 48-wtf aqueous ethanol
is shown at a gas velocity of 3.1 em/s. The radial profile is observed to
be flatter than for similar conditions obtained with the water system. This
is most likely a result of a reduced coalescence rate of the bubbles in the
ethanol/water mixture, which reduces the variance in the bubble size dis-
Eribution and consequently provides a more uniform radial distribution of

gas hkoldup.

Bubble Lengths

Bubble lengths were determined from measurements made with a twin con-
ductivity probe and data acquisition/analysis system. The bubble length

distributions were interpreted according to the probability model suggested
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by Tsutsui and Miyauchi (1980). 4 log-normal distribution of bubble size is
assumed and the probability factors used %o interpret the relationship
between bubble 1length and tubble size are given by Hess (1983). The
calculated cumilative frequency distributions of bubble lengths are compared

to the experimental values in Figures 6 through 8.

Figures 6.and 7 contrast. the effect of gas velocity on the bubble
length distribution for a coalescing system. As the gas velocity is
increased from 3.1 cm/s to 9.0 cm/s, the frequency of the measured bubble
lengths smaller than 1 mm more than doubles. In addition, the frequency of
bubble lengths larger than 7 mm also increases with an increase in gas
velocity. This dual increase in the frequency of large and small bubbles
may partially explain why these results and those in the literature indicate
that the Sauter mean bubble diameter does not increase with increasing gas
velocity. It has been shown elsewhere (Smith et al., 1984) that the Sauter
mean bubble size is 1.5 times the average bubble length for a log-normal

distribution of bubble sizes.

In Figure 8, the cumulative fre;;uency distribution for the U48-wt%
aqueous ethanol system is shown. The results show _that nearly all of the
lengths measured were less than 7 mm. The percentage of bubble lengths
smaller than 2 mm is greater than 65, and the pPercentage of bubble lengths
smaller than { mm is approximately 50. A comparison of Figures 6 and 8 show
that, at a superficial gas velocity of 3.1 em/s, the percentage of bubble
lengths less than 1 mm for the aqueous ethanol system is approximately 2.5

times greater than for the water system. This marked change in bubble size



is related to the noncoalescing nature of the bubbles in a ‘surface-active

liquid mixture.

The assumption of a log-normal distribution of bubble sizes accurately
describes the noncoalescing aqueous ethanol system and the water system at
low gas wvelocities. However, when the gas velocity in the water system
surpasses 9 am/s the log-normal distribution no longer gives an accurate
description. This result may be related to inaccuracies of measuring bubble
lengths at the higher flow rates (i.e., all the bubbles may not be observed)
or it may indicate that a different distribution of bubble sizes exists

(i.e., bimodal distribution).

Bubble Flow Regime

The bubble flow regime for F-T reactors must be adequately charae-
terized because of the relatively low gas velocities normally employed (less
than 10 cm/s). In the homogeneous bubble flow regime, the bubbles travel at
nearly constant veloeity with a small degree of mixing. Under these con-
ditions, the gas Aoldup is adequatel& described with one parameter, the
terminal bubble rise velociby. A force balance for the bubbles in the
homogeneous bubble flow regime was performed by Marrueci (1965), and the

following expression for terminal bubble rise velocity can be derived from

his work:

@ = (1)
b € _ {1 eg)
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Equation (1) can be used when the bubble Reynolds number is less than 300.
By taking the 1limit as €g * 1 in Equation (1), the following equation for

maximum gas velocity in the bubble flow regime can be derived:

Ug(m.ax) = 0.6 O (2}

In practical appliecations, the transition from the bubble flow regime occurs
at much lower gas velocities than those prediced by Equation (2}, especially

for liquid systems that do not inhibit bubble coalescence,

Figures 9 and 10 show how the terminal bubble rise velocity is
calculated for a nonfoaming and a foaming system, respectively. In both
systenms, Equation (1) holds up to gas velocities of approximately 3 ecm/s.
The slope represents the reciproeal of the terminal bubble rise velocity.
Above gas velocities of 3 om/s, the two systems behave differently. The
nonfoaming system (water) shows a sudden decrease in slope with increasing
gas velocity, indicating a sudden increase in the bubble rise velocity
(Figure 9). The foaming system f1.8—wt1 aqueous ethanol) exhibits just the
opposite ehavior (Figure 10). The bubble rise velocity initially decreases
with an increase in gas velocity above 3 cm/s and then increases near the

theoretical limit of gas velocity for the bubble flow regime,

The terminal bubble rise velocities for a wide range of concentrations
of ethanol in water are shown in Table 1. With small concentrations of

ethanol in water, the terminal velocity decreases slightly. Further



increases in ethanol concentration have little effect on the terminal bubble

rise velocity.

An example of the prediction of gas holdup in the bubble flow regime
using Equation (1) is shown in Figure 11. For gas velocities 1less than
2.5 em/s, the values of gas holdup obtained from Equation (1) show good
agreement with the experimental values. However, as the gas velocity is
increased beyond 2.5 cm/s, Equation (1) greatly underpredicts the gas
holdup. This sudden increase in holdup is a result of the foaming capacity
of the aqueous butanol system used in this case. With the sudden increase
in gas holdup, several phenomena occur. & marked increase in gas and liquid
circulation is observed, and the flow structure of the gas phase varies with
axial position. At the top of the column, the gas bubbles are large and
divided by thin liquid films. Throughout the rest of the column, the gas
phase consists of very small bubbles. These small bubbles are well mixed
and display higher velocities at the centerline of the column diameter and
predominantly downward flow near the walls. 4 theoretical description of
the flow regime transition for foaming and nonfoaming liquids has been given
by Shah et al. (1984). A prediction of the onset of foaming is given by the

following expression:

) 3/2
Frg = 0.25% Eg /(l*eg ) (3)

This simple criteria for the prediction of the onset of foaming has

been tested successfully with data obtained from the aqueous ethanol systems



and also with the data obtained with FT-200 wax in a F-T reactor hot model

(Kuo et al., 1983).

Axial Solids Concentration Distributions

The axial solids or catalyst concentration distribution in F-T slurry
reactors 1s expected to be relatively uniform for commercial-secale equip-
zent. However, pilot-plant reactors are known to have significant
variations in solids concentration along the length of the column that are
greater than would be expected frow predictions available in the literature.
This implies that the hindered-settling velocity and/or the solids mixing
rate are different for F-T slurry reactors and reactor to cold models. For
this reason, axial solids concentration distributions were measured with
foawing and nonfoaming liquids Lo determine if surface-active components in

the liquid could alter the mixing and settling rates of the solids.

Figures 12 and 13 contrast the axial solids concentration distributions
for water and 1.8-wt? aqueous ethancl systems. Figure 12 shows that at a
low gas velocity, 3.1 em/s, the axial solids concentration distribution is
only slightly affected by the liquid foaming tendency. However, in
Figure 13, at a superficial gas velocity of 15.0 mn/s, the axial solids con-
centration distribution has a much larger variance for the 1.8-wtg
ethanol/water mixture (foaming system) as compared to the water system.
Even though the bulk liquid properties are nearly the same for the two

liquid systems, the flow behaviors of the foaming and nonfoaming systems are

markedly different..



This increase in variance of sclids distribution for the foaming liquid
is in qualitative agreement with the variance of catalyst distribution for
F-T slurry reactors. This further supports the hypothesis that F-T liguids

may have foaming capacity.

The measured axial solids concentration distributions were analyzed
with 2 sedimentation-dispersion model (Smith et al., 1984) to determine the
hindered-settling velocity (Up) and solids dispersion coefficient (Eg). The

differential mass balance of the solids may be expressed as follows:

-E_ ac_ o . |
L “ax t (Usp — ¥ 0,0Cg = U, C (4)

Equation (4) may be integrated to provide an analytical expression for axial
solids concentration as a function of measurable operating variables and two
hydrodynamic parameters (Up and Eg). Figure 14 shows the result of this
analysis for the solids dispersion coefficient. The Figure illustrates the
ef fects of gas velocity and 1liquid type on the solids dispersion
coefficient. The solids dispersion coefficient increases with an increase
in gas veloecity for both liquid systems. However, the solids dispersion
coefficient for the foaming system (1.8-wt%? aqueous ethanol) is
significantly lower than for the nonfoaming liquid (water), especially at
higher gas velocities. This implies that mixing in a foaming liquid may be
lower than for a nonfoaming liguid and could offer distinct advantages for
achieving higher conversions in an F-T slurry reactor as the diameter of the

reactor 1s increased. The extent of fluid and catalyst mixing is poorly
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understood at present and needs to be further investigated, especially in

columns of larger diameters.
DISCUSSION

At present, the state-of-the-art design of F-T slurry reactors can be
most dramatically improved with improvements in catalyst performance. Areas
of catalyst development inelude improvements in catalyst selectivity,
activity maintenance, and increased intrinsic reaction rates. To take
advantage of potential improvements in catalyst performance, the knowledge
of hydrodynamic parameters must be improved for F-T slurry systems at
reacﬁion conditions. Clearly F-T liquids zppear to have a foaming capacity
that alters the hydrodynamic performance of the reactors, which cannot be
readily evaluated from transport parameters available in the literature. A&
pressing 1lssue not yet resolved is the extent of foaming that F;T slurries
exhibit at higher gas velocities. Almost catagorically, the studies of gas-
phase behavior in F-T liquids have been performed at low gas velocities
(less than 5 cm/s). In our studies with foaming liquids, we find that the
greatest changes in hydrodynamie parameté;s occur at gas velocities greater
than 3 e¢m/s. Further studies are urgently needed at higher gas velocities
{up to 15 em/s} in F-T liguids at reaction conditions, since higher

velocities are expected to be used in scaled~up F-T slurry reactors.
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NOMENCLATURE

Cs = solids concentration in slurry, kg/m?

Cg = solids concentration in slurry feed kg/m?
D = column diameter, m

Es = axial solids dispersion ccefficient, m?/s

Frg = Froude number of gas phase (ﬁg//gD)
g = gravitational acceleration, m/s?

L = length of column, m

Upe = terminal bubble rise velocity, m/s
Ug = superficial gas veloeity, w/s

Up = hindered-settling velocity, m/s

UsL = slurry velocity, m/s

X = dimensionless axial position

z = axial position from bottom of columm, m

Greek Symbols

gas holdup

- M
"
i 1]

average liquid fraction in siurry
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TABLE 1.

TERMINAL BUBBLE VELOCITY
FOR H,0-ETOH SYSTEM

Wt. % Ethanol Upbo , CM/S
0 20.7
0.047 18.2
1.84 17.6
15.6 17.6
93.7 19.2
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Figure 1. Effect of distributor type for nonfoaming

liquids.
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Figure 4. Radial gas holdup profile for N2 -H20

system.
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CUMULATIVE FREQUENCY DISTRIBUTION
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Figure 6. Cumulative frequency distribution of
bubblie length in Np~H20 system.

. . B&RMGS8D: .



VUINMVLAIIVL FNLWULNVL VIQIIDUV TIVUN

1.0

0.9

0.8]

0.7

0.6

0.5

0.4

0.3

0.2]

0.1

Calculated bubble
length distribution

® Experimental bubble
length distribution
Ug =9.0 cm/s

 ®
. X =0.56
.. r¥* =0.632

Ol 02 03 04 05 08 0.7 08

Acm

Figure 7. Cumulative frequency distribution of
bubble length in N2-H20 system.
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CUMULATIVE FREQUENCY DISTRIBUTION
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Figure 8. Cumulative frequency distribution of bubble
length in 48 wt % ethanol /water - nitrogen

system.
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