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I SUMMARY

During the periad prior to May 25, a variety of heat transfer fluids
proposed for the Liguid Phase Methanation Project were examined for
thermal stability up to temperatures of 650°F. Five of these fluids
performed satisfactorily.

Dow Corning 550 - Phenyl Methyl Silicone
2. Dowtherm A - Diphenyl-Diphenyl Ether Eutectic
3. Dowtherm G - Di- and Tri-Aryl Ether Mixture
. 1,2,4-Trimethyl Benzene

5. Hitec - NaN03 - KNO3
The paraffinic 0i1 (Sun 21 Heat Transter 0i1) suffered measurable
degradation but it should not be discarded at this time. It should

. be poted that the data provided by the manufacturers indicate that it
is thermally stable at 600°F. Moreover, the degradation losses at
650°F are not sufficient to render its use uneconomical but it remains
a questionable candidate.

Polyethylene glycols and ethers proved thermally unstable.
In summary, aromatic hydrocarbons are preferable to paraffinics and

non-hydrocarbon heat transfer fluids such as salt and silicones appear
satisfactory.
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IT INTRODUCTION

The proposed methanation process involves a cocurrent liquid phase
which serves as a sink for the heat evolved by the methanation reaction.
This fluid will be continuousiy subiected to elevated temperatures
(SOO-SSGOF) udder 2 hydrogen rich atmosphere at high pressure

(~ 1000 psig) in the presence of an active nickel catalyst, and is
therefore, subject to both thermally and chemically induced degradation.

For this reason we undertook an experimental program designed to
investigate the thermal and chemical stability of commercially

available materials which could serve as our hz2at transfer medium.

We have conducted tests on aliphatic oiis, paraffin waxes, poly glycols,
methylated benzenes, phenyl methyl silicone oils, diphenyl-diphenyl
ether eutectic and di- and tri-aryl ether mixtures and salt eutectic
mixtures. In addition, the literature has been examined for information
on these and other compounds such as chlorinated aromatics, alkylated

diphenyl ethers, partially hydrogenated terphenyls and alkyl aromatic
oils.

The most common neat transfer fluids are steam and water, and if the
temperaiure is above the freezing point of water or below 350°F, the
choice is usually between these two fluids. However, as the temperature
increases above 350°F, the vapor pressure of water increases rapidly.
Thus with high temperature systems 1t becomes increasingly important to
consider fluids with vapor pressures lower than water.

Some of the more frequently used high temperature organic heat transfer
fluids available today are shown in Table 1.
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Table 1
Frequently Used Organic Heat Transfer Fluids

Usable °F
Composition Trade Name Producer iemp. Range*
Aliphatic Petroleum 0%l Humbietherm 500 Humble 0il -5 -600
A1§¥}~Aromatic Petroleum Mobiltnerm 600 Mobil Qi1 -5 -600
i
o-Dichlorobenzene Dowtherm E Dow Chemical 0** 500
Diphenyl-Diphenyl Etner Dowtherm A Dow Chemical 55+ 750
Eutectic

Di- and Tri-Aryl Ethers Dowtherm € Dow Chemical 12 -650
Hydrogenated Terphenyls Therminol 66 Monsanto 25 -650
Polychlorinated Bipheny! Therminol FR-1 Monsanto 25 -600
Polyphenyl Ether Therminol 77 Monsanto 50 -700

* The lcow temperature Timit was estimated for each fluid from its
minimum pumpability characteristic. This pumping factor has been
gererally accepted by centrifugal pump manufacturers. It is
defined as the temperature where the fluid exhibits a 2000 centipose
viscosity.

** This fluid exhibits a true freezing point below the temperature shown.
The viscosity at this temperature is less than ten centiposes.

Once the decision has been made to use high temperature heat transfer
fluid, the important factors one must evaluate in selecting the fiuid

are:
1. Toxicity and Environmental Ecology
2. UCorrosivenass to Materials of Construction
3. Flammability
4. Thermal Stability and Engineering Properties
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II1 RESULTS OF THERMAL STABILITY TESTS

A. Introduction

Static thermal stability tests of commercial heat transfer fluids

are generally conducted under isothermal conditions in sealed pressure
bombs. Available data indicate that accelerated tests at nigh
temperatures give sound data on fluid stability while reducing the

test time significantly. The degradaticn products are the same as at
normal operating temperatures with the rate of degradation approximately
doubling for each 18°F temperature rise (see Figure 1 - one week at
700°F = 40 weeks at 600%F).

The progress of degradation may be continuously monitored through
changes in bomb pressure during the test period. Residual pressure
after cooling indicates the presence of light decomposition products
wnile physical observation of the product liquid for color, odor and
solids content gives additional valuable qualitative data. Sample
weight losses reported result from either the venting of gaseous
decomposition products or from carbon deposits on the wall of the
pressure bomb. HNomiral handling losses are less than 4%. As a generally
recommended guideline to fluid stability, it can be said that if sample
Toss was ~» 10% in a two to three week period, this corresponds to a
weight loss of about %% to 1% per week at a 50°F lower temperature.

B. Results

The data are presented in two forms: (1) Comparison of physical property
changes as in Table 2 and (2) Bomb pressure changes during the test
period which are tabulated in Table 3 and graphically presented in

Figure 2.




FIGURE 1 Thermal Stability of Heat
Transfer Fluids at Cons:ant Temperature
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Table 2
Static Thermal Stability Comparisons
a Resfdual
Length of IS?E’ Sample Physical Pressure
Material Test i Lloss ¥  State Color Odor psig
1,2,4-Trimethyl 0 - - L Water-White Character- -
Benzene istic
4 Days 650 5 L Pale Yellow No Change None
Tetraethylene 0 - - L Water-White Neutral -
Glycol 2% Hours 625  N.A. L+ Black Acrid 10
Diphenyl- (1) 0 - - L Pale Yellow Character- -
Diphenyl istic
Ether e 20 Days 625 < 0.5 L Light Amber No Change None
Aliphatic 011 (2) 0 - - L Pale Yellow Neutral -
28 Days 625 ~20 L+8S Brown-Black Acrid Yes
Petrolatum (3) 0 - - s¢  Opaque White (S) Neutral -
Water White (L)
4 Days 650 < 0.5 s¢  Opaque Amber (S) Sweet 5
Amber (L)
Phenyl Methyl (@) - - L Water-White  Neutral
Silicone 9 Days 650 4 L Very Pale  No Change None
Yellow
HaNO3 - KNO3 28 Days 650 Nil L Pale Yellow No Change None
(D) powtherm A 3 5.50l1ds, L-Liquids
(2) Sun 21 Heat Transfer 01l b Residual Pressure at Room Temperaturc - 70°F

C Naturally Occurring Mixture of Mincral 0il
and Micro-Crystallinc Wax that is Solid

Bel “15%

(3) Penndrake Snow White Petrolatum
(4) bow Corning 550 Fluid




Table 3
Static Thermal Stability Tests: Bomb Pressure vs. Time

Dow Corning 550

Pseudocymene Penndrake Snow White Dowtherm A Tetraethylepe
T (680°F) Petrofatum (650 F) “76‘2‘5‘5%“ Glycol (625°F)
Pressure Pressure Pressure Pressure
Time  psig Time  psig Time  psig Time  psig
% hr. 45
1 hr. 230 24 hrs. 2 17 hrs. 46 45 min. 25
Us hrs, 240 48 hrs. 18 25 hrs., 53 50 min. 31
25% hrs, 235 72 hrs. 30 89 hrs. 50 2 hrs, 72
45% hrs., 260 96 hrs. 45 103 hrs. 45 2% hrs, 100+
69% hrs. 235 Residual 5 138 hrs. 47 Residual 10
93% hrs. 235 156 hrs. 46
98% hrs. 235 247 hrs., 48
Residual 0 275 hrs, 45
299 hrs, 51
319 hrs. 50
415 hrs, 51

Residual 0

“Phenyl Mct
Silicone (GS%AF
Pressure

Time ~ psig

After 9 days at
temperature, the
pressure vas still
0 psig.

‘DUI SWOISAS Wty




2 . Fiwvre 2 0 Stame Thecruae STaminry Te-  ar 4_5___5!,__‘,_59_ f_.
T o Bow&?gsssoac ves.- Tims

, S TR % ¥ & "musrm& genzens LLSO°F)
v - T.l j
Resibuae Emw-u_:lp —_— ————
o f- L
[ ' : i
-~ ; !
- : | . :
no f ‘
R o
40 . .
. —_ — —— - —— -
&
. e . .-
S
°
«
X
‘ .
by
3 A A ‘anwtai!-&_po_lbzyﬁ Y 'Y
"4 A 4 1
' Resipua & . T Reewuvan
eniovaL Reesvess 5‘&-3 ?\uwec-orn]
Pennbraxke Snewmes “50’; )
Sun 21 PaTa NeT AVAILABLE ( 625°F) :
Dowloanina 560 STILL WAD No MG&GOQ;SA‘\.E
Pressvee actca Q DAYs (LSO°FY
Terraerav ens Guycon RAPIDLY DEcomPOBED 1 .
. LESS THAN 3 neves (L2S°F)
-]

2 % o 8 \© T % "W

Timeg ; Days



Chem Systems Inc.

Pseudocumena (1,2,4~trimethyl benzene) was stable at a temperature of
650°F as indicated by the absence of 1ight decomposition products (nc
residual vapor pressure) and the small nominal weight 1o0ss, aiong with
minimal changes in physical properties. The only detectable change

was a slight coloration from its initial water-white state. Lower methyl
benzenes cannot be used because of their higher vapor pressures and Tower
critical temperatures. Higher polymethyl benzenes (eg. mixed Clos)”should
behave satisfactorily and might, in fact, be preferable because of their
higher viscosities and lower vapor pressures. The viscosity plays an
important role in fluidized bed characteristics while lower vapor
pressure reduces subsequent solvent vapor-product separations.

Tetraethylene glycol rapidly decomposed at 625°F within only two hours

as shown by the rapid rise in bomb pressure (Table 3}. After cooling,

a residual pressure of 10 psig indicated the presence of 1ight decom-
position products while subsequent examination of the 1iquid showed gross
physical property changes. The residual liquid turned black with gquantities
of fine black, carbon-like particles suspended in it while the odor turned
acrid and pungent from its novmal, neutral state. There also was a
noticeable increase in viscosity indicating that some polymerization had
occurred. This is not an uncommon circumstance with poly glycols, which
polymerize by a condensation mechanism, eliminating water. Discussions
with vendors indicated that poly glycol ethers should perform no better.

The diphenyl-diphenyl ether eutectic mixture (Dowtnerm A) was another
stable material. Over a three week period at 625°F, the only noticeable
change in properties was a slight darkening from its pale yellow color.
The manufacturer indicates that this is a natural occurrence. Static
thermal stability data available in the literature (Table 4) more than
substantiate our findings, indicating that this material is stable at
temperatures in excess of 775°F. The literature also points out that
aromatic ethers and polyphenyls in general constitute a class of highly
thermally stable materials.



-
. 1able Y. LrTeraTuRe VALUES
STATIC THERMAL STABILITY COMPARISONS
Le! Tomg. Sample Physical® Residmal”
Compound d’?: CF Lest-% State Color Prossars
Dighenyl elt!r—diphenyl'
eutectic 0 - - L Lt. Yellow -
3 775 19 L Yellow No
Biphenylyl pheny! ether 0 - - S White -
(1somer mixture) 4 650 21 VL Brown No
6 750 517 VL Black No
2 775 3.1 VL Brown No .
4 175 2.6 VL Brown No
otiphenyiyl phenyl ether 0 - - S White -
3 750 1.0 VL Tan No
4 775 13 VL Brown No
m-biphenyiyl phenyl ether 0 - - L Yellow -
2 715 25 L Brown No
4 775 23 L Brown No
di- and tniaryl ethers® 0 - - L Yellow - -
8 850 24 L Brown No
4 700 24 L Brown No
3 750 24 L Brown No
3 775 24 L Brown No
Dimethyi diphenyl exher‘ ) 0 - — L Colorless -
{isomer muxture) 4 650 3.2 L Brown No
3 700 17 L Black Yes
3 750 24 VL Black Yes
Tetramethy! dipheny! ether 0 - - L Yellow -
{isomer mixture) 2 650 1.5 L Yellow No
& 650 1.7 L Brown No
2 700 45 L Black No
4 700 85 L Slack No
4.4"diethyldipheny] ether 0 - - L Yeliow -
q 65C 3.7 L Yellow No
2 700 12.0 L Black Yes
LonY.

1y DOWTHERM® A
2. DOWTHERM® G

3. Dimethyidipheny! ether (isomer mixture). Diphy!

DT. Bayer. Genmany




Table W continued
STATIC THERMAL STABILITY COMPARISONS

Length” Temp. Sampls . Physical Residual”
Compound ofTest 3§ (°F) Lost-n Stxte Caior Prassurs
Partially Hydragenated
terphenyl 0 - - L Yellow -
8 650 25 L Brown No
2 700 10.6 L Brown No
4 700 10.3 L Brown Yes
2 725 94 L Brown . Yes
4 725 1.9 L Black Yes
1 750 427 L&S Black Yes
B
Aliphatic oil o - - L Yellow -
2 §50 8.3 L Brown Ne
4 650 57.6 L&S Brown Yes
. e
Alkylaromatic oil 0 - - L Brown -
2 650 8.5 L Brown Yes
4 650 772 L&S Brown Yes

a—Length of 1851 1 weexs
b-Physicat state L« Liqud. S = Sold. V = Viscous
¢« ~fesiduat pressyre in reactcr at dry e temperature (- 20°C)

%. Therminol 66
$. Humbietherm 500
6. Mobittherm 600
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A paraffinic mineral oil (Sun 21 Heat Transfer 0il1) was tested at 625°F
for 28 days. The results are unsatisfactory as indicated by the generation
of 1ight decomposition products as well as considerable carbonaceous
materials. The pale yellow color turned dark brown-black while the
ordinarily neutral odor became acrid. In contrast to

these results, we have also used this o0il in some preliminary high pressure
fluidization studies under simulated reactor conditions and found only
minor changes in physical properties after cycling the temperature between
70°F and 650°F over a period of two weeks. These changes were a slight
darkening of the 011 tc an amber color and an increased sharpness in odor.
carbonization was not evident. The improved stability under these
conditions may be due to the presence of the reducing reaction gases.

As an extension of the work with the paraffinic mineral 0il, a petrolatum
(Perndrake Snow White Petrolatum), which is a naturally occurring mixture

of mineral oil and micro-crystalline wax, was also examined. The evidence ‘
is not conclusive but the small residual pressure, barely measureable

weight loss and the minor changes in physical properties seems to indicate

an increased stability even though the test was run at higher temperature -

650°F as compared to 625°F - a change sufficient to cause more than a

doubling of decomposition rates.

A eutectic mixture of NaNO3 and KNC3 xnown comercially as HMitec was
used as the heating bath for all these tests. Literature indicates it
is stable and in use at temperatures up to 700°F. No change in physical

properties or appearance was noted for the salt mixture indicating
excellent stability.

The last material that was examined is a phenyl methyl silicone oil
(Dow Corning 550 Fluid). By all indications, this would be a perfectly
satisfactory heat transfer fluid, evidencing only a minor change in the
color and a small weight loss after nine days at 650°F. This material
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has an extremely low vapor pressure at elevated temperatures (20 mm Hg

at 650°F) which reduces solvent vapor carryover and subsequent separation
operations. In addition, the silicone oil is almost completely non-toxic
under normal industrial handling conditions.

The Titerature indicates that there is a variety of chlorinated aromatic
hydrocarbor.s wnich are thermally stable at 600°F. Hewever, decomposition
products include hydrogen chloride which would present unnecessary
corrosion problems.
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IV CONCLUSIONS AND RECOMMENDATICNS

We have investigated the thermal stability of a variety of commercially
available heat transfer fluids and have shown that there are at least
four classes of materials which posszss sufficient thermal s<zbility at
temperatures in excess of 650°F t5 be successful candidates for the next
phase of the research program. The candidates are:

Aromatic Ethers

Polymethyl Aromatics
Inorganic Salts

Phenyl Methyl Silicone Qils

HWw N =

We have also shown that purely paraffinic materials are stable up to
temperatures of 600°F. The only material that conclusively failed the
thermal stability test was tetraethylene glycol. In this case, degrada-
tion products included fine carbonaceous material as well as polymerization
products, probably higher molecular weight poly glycols.

The aromatic ethers include the commercially availzble Dowtherm A
(diphenyi-diphenyl ether eutectic), Dowtherm G (di- and tri-aryl ethers),
Diphyl DT (dimethyl diphenyl ether isomers) and other substituted
aromatic ethers. These materials are intermediate in cost, ranging from
about $0.15 to 0.30/1b. Their physical properties are such that heat

can be removed as both sensible and latent heat. Because they are
non-corrosive, carbon steel is the normal material of construction.

Vapor pressures at process conditions are moderate.

Alkyl aromatics are low in cost, about $0.04 to 0.06/1b for a C9 or CIO
crude cut. The low cost affords us the freedom of greater solvent losses
which will likeiy occur due to their greater volatility.
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Through normal blending techniques, 1iquid properties can be optimized
for 2 particular operating condition and heat removal can be in both
sensible and latent forms. These materials are non-corrosive and
carbon steel is the normal material of construction.

Inorganic salts, such as the sodium nitrate/potassium nitrate mixture,
are also moderately low in zost, about $0.12/1b. They are the most
stable of the fluids tested but require more complicated piping,

Startup and shutdown procedures because of their high melting point.
Water dilution techniques are available to reduce or eliminate these
problems and they are therefore still attractive classes of heat transfer
fluids. Experience has shown that these materials are non-corrosive

to carbon steel. An additional plus in their favor is their negligible
vapor pressure which eliminates the contamination of product gases with
solvent vapor and subsequent separation operations.

Phenyl methyl silicones are a very stable class of fluids. Their
Stability increases with increasing phenyl content which can vary from
zerc to over fifty percent. They are expensive materials, about $4.50/1b.
However, their negligibie vapor pressure (20 mm Hg at 650°F) reduces
soivent vapor 1g9sses to a minimum with a concurrent low operating cost
due to solvent make-up. In a 250 MM cubic feet/day plant requiring a
solvent inventory of about 15,000 gallons, a 0.5%/week solvent isss rate,
which is probably the upper bound, would be equivalent to 0.15 cents per
thousand cubic feet of methane produced. In addition, these materials
are almost completely non-~toxic under industrial operating conditions.
They are non-corrosive requiring only carbon steel as a construction
material and have simple startup procedures since they remain 1iquid at
temperatures down to -58°F. Heat removal is in the form of sensible

heat only.

If the actual process design temperatures are below 650°F, paraffinic
heat transfer fluids become a very attractive alternative. They are
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inexpensive, from $0.04 to 0.11/1b, costing about the same as the
polymethyl benzenes and inorganic salts. They have the distinct
advantage, when compared to the polymethyl benzenes, of having a
negligible vapor pressure at process conditions which greatly simplifies
solvent recovery and product purification. In addition, their advantage
over the inorganic salt lies in their simpler startup and shutdown
procedures.

Combining the Tactors of cost, ease of use an¢ process jmplications in
a non-qualitative way leads us to feel the order of preference for these
materials is:

Diphenyls
Polymethyl Arcmatics
Silicone Qils

* ASTM
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APPENDIX I

Experimental Apparatus and Procedure




A. Equipment

g* \hw\‘%‘
Sre\ Pegarore

L

\ 30ce-

Aol

anl‘
bomb

To \-\3 wanome ke

“c‘\s\ seat valves
Yy

To A YT Rl 'o‘-r o™
AN 'A"tw\\(“

Comatryct wn. "1“' . ‘]"‘ <= ﬂ“)
rﬁ StweeER

Ms\‘eu Sty M"‘MC (L8

6 Stasaless sdeal en\aanv
Clechrrcal ke;h

c.d\*«\\“ am \ Q’
condeottaw, m surrounleald

bv‘ Athestva \asulalnen,

[ 3+ hareae :Nr\t.

The sald bLadu can comdanm ~g b Lfevr Yeit bembe at a dime .

Fiavee AJ- ‘

E-n?e Rt AL A PPAR ATUS




Chem Systems Inc.

Procedure

1.

Pressure bomb is cleaned with Chromerge solution for six hours.
Pressure bomb, valves, tubing, fittings and gauge are all soap
and water washed, water rinsed, acetore rinsed and oven dried

at 110°c.

A1l the equipment is assembled except for the bomb, using
Teflon pipe tape on all pipe threads.

The sample and catalyst, if necessary, are weighed directly

into the bomb.

The assembly is completed by screwing on the bomb, then it is
evacuated with the vacuum pump while monitoring on the Hg
manometer. The system is isolated from the vacuum pump and
Teaks are detected by loss of vacuum during a three hour period.
IT¥ hydrogen is to be added, it is done so at this time using the
came line as for the vacuum pump. Valve to manometer is closed
and bomb is pressurized to 200 psig hydrogen. System is closed
and examined for leaks by monitoring gauge pressure over a

three hour period.

The bomb is placed slowly in salt bath to prevent rapid expansion
of joints which might cause leaks.

Observations

At regular intervals, the pressure and temperature are recorded.
At the end of the test pericd, the bomb is removed from the salt
bath and aliowed to cool to 'nom “amperature. Residual pressure,
if any, indicates gaseous degradation products.

Analysis of gas is attempted in order to identify some of the
comporents from hydrogen up to butanes.

After the bomb is vented, it is weighed to determine weight 1oss.
The residual Tiquid sample is recovered and examined chromato-
graphically to determine 1liquid degradation products (1ighter or
heavier than original material).

The liquid is also examined for color, odor and feel and the
bomb is examined for carbonaceous residue.
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APPENDIX I1

Bulk Prices of Heat Transfer Fluids
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Table AII-1

Sun 21

Dowtnerm A

Dewtnerm G

Penndrake Code 4417

Penndrake Drakeol 19

Penndrake Snow White Petrolatum
Dow Corning 510

Dow Corning 550

Fluorinated Hydrocarbons
Pseudocumene (Cg Methyl Benzene)
C10 Methyl Benzene Isomers

Bulk Price
$ .045/1b
$ .36 /1b
$ .31 /1b
$ .115/1b
$ .115/71b
$ .103/1b
$4.22 /1b
$ 4.65 /1b
$ 5.00-8.00 /1b
$ .06 /ib
$ .04 /1b
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APPENDIX III

Physical and Thermal Properties of Heat Transfer Fluids .
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APPENDIX IV

Engineering Properties of Heat Transfer Fluids
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I SUMMARY
This report includes studies executed prior to the formal contract
date and concerns itself with additional significant features of the
proposed 1iguid phase methanation process other than 1iquid phase thermal

stability.

Liquid-Gas-Solid Fluidization

During the past months we have examined the important aspects of liquid-
gas-solid fluidized beds from both a theoretical and an experimental
point of view. The actual mechanics of the fluidized bed as well as

the characteristic heat and mass transfer mechanisms have been emphasized
illustrating the relative advantages over alternative systems.

. In general, at Tow superficial gas velocities (<1 cm/sec), the 1iquid
phase is the dominant force in fluidization and the bed behavior can be
described solely in terms of liquid and solid phase :~operties. The
relative importance of the 1iquid and gas phase can best be described
by considering an equation of the form:

_ a b
e ku1ug

where < s the bed porosity and Uy and u_ are the superficial 1iquid

nd gas velocities.

g

For our work with irregularly shaped catalyst particles, the values of
the exponents a and b were respectively 0.16 and 0.0 at superficial
gas velocities Tess than 0.6 cm/sec. The gas rate exponent increased
to 0.085 for superficial gas velocities between 2.0 and 12.0 cn/sec.
Other investigators found a stronger dependence of Tiquid flow with
values of the exponent a ranging between 0.4 and 0.6 for regular
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between the single sphere and packed bed value.

Wall to bed heat transfer has been examined by several investigators
and they observe that the heat transfer coefficient, h. varies with
porosity, =, in such a way as to give a maximum value in heat transfer
coefficient at a particular intermediate porosity. This is probably

a result of the opposing effects (which arise with increasing bed
porosity) of increased particle velocity, which recuces wall film
thickness and decreases particle concentration in the bulk.

Mass transfer studies have followed the same lines of reasoning used

in studying the analogous heat transfer problem. Extension of the
single sphere mass transfer case results in values for fluidized bed
mass transfer coefficients intermediate betwesn the single sphere and
packed bed values. On the other hand, wall mass transfer coefficients
are 5-10 times the no-solids case at comparable flow rates. We note
that there are difficulties in dissolution mass transfer studies arising
from induced roughness at the surfaces, which can cause erroneous results.
Tnese problems have been overcome by the use of ionic mass transfer
experiments, where there is no loss of diffusing species due to reaction
at the electrodes.

Comparisons between overall mass transfer coefficients and overall heat
transfer coefficients through the use of the Colburn analogy are

inadequate when the Schmidt number is very much greater than the Prandtl
number which results in a relatively Targe bed heat transfer resistance
when compared to the bed mass transfer resistance, which is negligible.

Flow Behavior

Flow studies in three phase fluidized beds have been limited to the study
of bed expansion, bubble properties and mixing patterns. The main
complexity in describing the bed behavior arises from both bubble
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spherical particles. Their gas flow exponent b values wers very similar
to ouirs, ranging from 0.06 to 0.08.

Through the use of a proposed carrelation technigue involving a reduced
liquid velocity, u]/ut, where Uy is the particle terminal velocity,

we were able to predict bed porosity in a fixed geometric system over &
wide range of process cendilions for a variety of liguid/gas combinations
from simole experiments at ambient conditions. This greatly simplifies
Tuture Jdata reduction by giving us a reliable estimate of actual bed
expansion and porosity values for the closed reaction system. Theoretical
correlations for minimum fluidization velocity and fluidized bed pressure
drop were inadequate in this study because of their inability to account
Tor, in a simple manner, the wide particle size and shape distributions used.
However, they do show the correct trends in all cases.

Heat and Mass Transfer

In many appiications of fluidized beds, the addition or removal of heat
from the bulk of the bed is a prime consideration, especially so in

the highly exothermic reaction under consideration. There are three
pertinent modes of heat transfer: (1) convective transfer between points
in the bed czused by mixing, (2) surface heat transfer between particie
and fluid, and (3) transfer between the bulk of the bed and the wall.

The first two moces produce an effective heat conduction or diffusion

in the bed while the third one provides a means of adding or removing
heat from the bulb.

Studies on neat transfer from the particle to the bulk are based on an
sxtension of the single sphera heat transfer case to first, packed, and
then, fluidized beds. There is a wide variation in the available
fluidized bed data, however, all the researchers have found that there
is a sharp drop in Nusselt number at particie Reynolds numbers less than
100. For Reynolds numbers greater than 100, the Nusselt number 1lies
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coalescence, which is prominent in beds which are mildly fluidized, and
the tendency of bubbles to migrate towards the center of the tube as
they rise. As a result, bubble velocity is a complex furnction of both
liquid and gas Tlow rates; further, there is also a strong dependence

on bed porosity. An important consequence of changes in bubble velocity
is its effect 0n gas holdup. At low gas flow rates (u_-<1.0 cm/sec),
gas holdup is sinall, on the order of 5%. Even at a gas flow rate of
8.5 cm/sec, gas hcldup will only increase to about 15%.

The interactions between the three phases resuit in very definite axial
and radial mixing patterns. For the most part, radial mixing is complete
and there is a definite circulation pattern established, with particles
slowly rising in the center and moving downward at the walls. Axial
mixing (backmixing) is increased by increased gas flow and decreased
liquid flicw. Most interesting was the observation that the presence of
a solid phase reduces axial mixing by 50-70% over the no-solids case.

Commercial Methanation and Analogous Ligquid-Gas-Solid Fluidized Bed Processes

With the advent of coal gasification, methanation of high concentration
CO streams becomes a necessity. The crucial problem inherent in the
methanation step is the large amount of heat evolved by the reaction
which required complicated and expensive schemes to remove the heat.
Consequently, most of the research in this area has been directed towards
improved heat removal methods.

The basic reaction, as given below,
L
€0 + 3H, ——————— CH, + H,0
2 4 2
is catalyzed by a variety of catalysts; nickel based catalysts being the

most prominent commercially. Side reactions leading to the formation of
CO2 and C are important only at temperatures greater than 350°C.
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Among the various alternatives proposed as solutions to the heat
removal problem are (1) introduction of cold feed gas at different
points in the reactor train, (2) recycle of large quantities of
product gas, (3) gas-solid fluidized bed reactors and (4) tube wall
reactors wnere the catalyst is bonded to the tube wall.

Economic evaluations of ali the various processing alternatives

show that the methanation step is the expensive one. The difference
in economics of the product recycle case and interreactor quench
case are reiatively small, with operating costs of about 4¢/MSCF in
a 250 MM SCFD plant. CLapital cost for this plant would be on the
order of thirteen million dollars. Gas fluidized bed economics
clearly result in lower reactor costs if the process scheme is
commercialized.

The advantages of the 1liguid phase methanation system lies in both
economics and reliability. The economic advantages are related to
both reduced capital and operating costs arising from the simplified
reactor design. Additional advantages are that heat removal is more
efficient and therefore resuits in a decrease in necessary heat
transfer area. Also, use of a concentrated feed, up to 20% CO, results
in substantially increased productivity volume of equipment which
reflects itself in a reduction in the powe? costs which form a large
part of the operating costs. Reliability is enhanced by the ability
to prevent temperature runaway in the large heat sink and the ability
to treat the catalyst without shutdown.

Tne motivation “or the proposed liguid phase methanation process 1is
based largely on expertise developed for the analogous three phase
reaction systems; Fischer-Tropsch Synthesis and the H-0i1 Process.

The Fischer-Tropsch process went through several stages of devejopment
differing chiefly in the modes. of heat removal. Final designs
operated by I. G. Farbenindustrie in Germany prior to Worid War II
utilized a submerged iron catalyst bed fed by a CO-H, gas mixture.
Convector volumes of 7 to 50 cubic feet were successfully operated

but further commercial development was halted because of the war.
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Subsequent work by the Bureau of Mines found that performance could
be greatly improved if a mildly fluidized air of 10-40 mesh catalyst
particles was used.

In the E-011 precess, the motion of the catalyst with the high oil
velocity results in an intimate contact between 0il, hydrogen and
catalyst, making the system very efficient with respect to the

amount of catalyst charged per unit of oil throughput. The cushioning
effect of the oil phase reduces catalyst attrition, and further, the
catalyst is retained within the volume of the reactor so that it is
unnecessary to provide for catalyst product separation. An additional
advantage 1s the possibility of semi-continuous addition and removal
af catalyst.

The relevance of the Fischer-Tropsch and the H-0i1 systems is largely
related to their similarity in scale which indicates that numerous
common praoblems will exist. The knowhow derived from the above
mentioned processes will be extremely valuable in the development
stage of the liquid phase methanation system.

Analytical System

Lastly, the report reviews the important features necessary for
accurate analysis of the gas reaction system, indicating the need
to separate and quantify CO, COZ’ CH4 and other 1ight hydrocarbons
as well as H2 and HZO'
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1] INTRODUCTION

Chnem Systems is, under sponsorship of the American Gas Association,
developing a new methanation process capable of single pass high
conversions of high concentration CO streams. The proposed 1iquid phase
methanation process involves a liquid fiowing cocurrent to the gas which
serves ootn to {luidize the catalyst bed and to remove the heat evolved
by the methanation reaction. The 1iquid phase thermal stability aspect
has been examined and reported on in our Progress Report No. 1. (1 In
this report, we are covering studies performed prior to our formal
contract's executions in the areas of three phase fluidization, a
methanation review and an experimental analytical design.

fere we are concerned with the effects that various design parameters
(eg. 1iquid density and viscosity, catalyst particle geometry, liquid
and gas flow rates, and gas density) might nave on the fluidized bed
behavior. A search of the literature has shown that some experimental
work has been done on liquid-gas-solid fluidization. This material has
been analyzed and is presented as a basis for comparison with our
experimental results along with the standard theoretical analyses. In
additicn, this report examines the other important aspects of Tiuidized
bed behavior with emphasis on heat and mass transfer, flow and mixing

patterns and present industrial applications (eg. Fischer-Tropsch and
H-0i1 processes).

A general review of the methanation of synthesis gas is also presented
and includes present catalyst systems as well as commercial alternatives
to the proposed 1iquid phase methanation process.

Lastly, the report concerns itself with the development of an analytical

system capable of evaluating the reaction system gases in a quantitative
manner.
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111 PRESENTATION OF RESULTS ON THREE PHASE FLUIDIZATION

In this section, experimental data generated both in-house and by other
investigators are presented.

A. Introduction

1. Theore*tical Background

Fluidization data are generally presented in terms of bed expansion
ratios, or voidage fraction, as a function of flow rates. 1In addition,
pressure drop data are helpful in cases where visual observation of the
bed is impossibie, since it is indicative of fluidization behavior.

Bed expansion ratios are defined as the neight of the bed under flow

conditions relative to the height of the bed at incipient fluidization
(whicn corresponds to the Toosest packing case). Voidage in fluidized
peds can be obtained from bed expansion ratios using the relationship:

u 1-€Enﬁ e;mf = Voidage at Minimum Fluidization Velocity

. (1)
i- € € = Voidage at a Given Condition

Hmf
Pressure drop through the bed can be used as an indicator of bed activity,
as shown by the following argument. As long as the bed is dormant,
pressure drops can be predicted by the Ergun equation:

2

AP | 150 1-€)% stl% , 175 1-€ Al 2)

where the first term represents viscous losses and the second term,
kinetic losses. Fluidization will occur when the drag force of the

upward moving fluid (equivalent to the product of the pressure drop and
the cross~-sectional area of the tube) balances thes weight of the particles,
or:

APA =W o= (RHL) (1-€.0) (R -0)) (9/3.) (3)

Rearranging equation 3, we have:

AP
H

s (1€ (2 ) (i) (@
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At incipient fluidizaticn, the pressure drops predicted by equations 2
and 4 are the same. The superficial velocity at minimum fluidization
can therefore be obtained from the following expression:

2 3
1.75 c‘p umf/OL + 150 (l'emf) dp umf/q - dp /al. (/Os—/q_)
3 2 3 2
gsemfj /L Ps €mf /u' S

e

d_ : Eguivalent Particle Diameter, cm

Unf * Minimum Fluidization Velocity, cm/sec
Emf : Voidage at Incipient Fluidization
/u : Liguid Viscosity, poise
Sphericity

/OL : Ligquid Density, gr/cm3
/Os : Sciid Density, gr‘/cm3

With velocities beyond minimum fiuidization, the pressure drop remains
practically unchanged. This behavior is shown below.

%00 v
Pt boo o] 1> Fdziabes 1 ¥ 1 T VU]
i
g 1
~ 300 e e [ 1
p 3 T s o .
£ 200] # B i = B ap=¥
- e X
s '4’ 7 l
7 i
£ iy’ ”A‘/ ! i Intiatan of
¥ ;’/‘"f ! l entrainment
e 100 I_ — 1 . |
& 4 - 3
¥ 7 Yums i
s E Siope == 1 :
501 1 SEE ,! t 1 NN Term_g_al velocity x¢
! 2 3 5 0 2 % 50 10
Air velocry u, {cm/sex)

Figure I1I-1  Pressure Drop Behavior in a Normal Fluidized Bed
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Abnormal behavior in fluidized beds can generally be detected by a
pressure drop-velocity curve. For examplie, slugaing and channelling
will give tne Tollowing type of relationships.

15

1|1]I|l||.in||

WiA,

I | W I B O

| T T O I O

®

Figure II1I-2 Pressure Drop Behavior in an Abnormal Fluidized Bed

Although technically the foregoing arguments are valid only for two phase
fluidized beds, Dakshinamurty et al (2) have shown that at atmospheric
pressure anc low superficial gas velocities of less than 1 cm/sec, the

presence of the third (gas) phase has little effect on the bed expansion
behavior.

2. Experimental Program

The actual experimental program was divided into two parts:

® Low Pressure Fluidization

® High Pressure Fluidization
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Little work at 21l has Deen done on thres phase Tlow systems at atmos-
pheric conditions {see Section III-D) much less at elevated temperatures
and pressures. There is no reason to believe, a priori, that the high
prassurz system would behave identically to the atmospheric case. The
2urposs of this work 15 to evaluate the benavior of a three phase
fluidization system at elevated temperatures and pressure and to

(]

crreiate trne Systems' penavior at the above menticned conditions with
the benravigr at awbient tawpe~:I.-es ard pressure.

B. Low Pressure %ieus Lrit

1. Experimental Apparatus

n

A schematic diagram of the experimental unit is given in Figure III-3.
Tnis Tluidizaticn unit consists of a catalvst filled glass tube with
independent gas {C0,) and liguid {water and hexane) flows. The 7/8"
diametar tubs was f?ttec with two 50 mesh screens about 20 inches
apart; =ha top screen orevents catalyst carryover while the bottom
screen serves as the catalyst support. The liquid stream is admitted
several incnes pelow tne support screen and mixes with the gas at the
srarger, which is centered directly bereath the screen. An external
scale is used tc determine bed expansion ratios as & function of the
Tiquid and gas fiows. In addition, system pressure drop and pressure
drop above the no-solids case are alsc noted along with a general
descripticn of the fluidized bed activity.

2. Results
Three systems were investigated in tnis unit:
a) Hexane - CO, - 1/16" Catalyst Extrusions (1/16" - 1/8" Tong)

b) Hexane - C02 - 1/16" Catalyst Extrusions (1/16" - 1/4" iong)
c) Water - €0, - 1/16" Catalyst Extrusions (1/16" - 1/4" long)
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Schematic Diagram of the Atmospheric Pressure Liquid-Gas- Solid Fluidized Bed
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Table III-1
Bed Expansion Ratios in Three Phase Flow
Hexane/COz_
Run No. 46-1 Run No. 46-9
Catalyzt Loading: 70.5 grs Catalyst Loading: 58.1 grs
Hmf 13.5 cm Hmf: 12.4 cm
d : 0.208 cm d. - 0.247 cm
p - 3 ? 3
/6§ : 3.7 gr/cm jgﬂg : 3.7 gr/em
2. ¢ 0.843 ﬁs : 0.806
Liquid Ficw Bas Flow Liguid Fiow Gas Flow
Gal/Min-Ft Liters/Hour W/ Gal/Min-Ft° LiterssHour  Mgr
0 0 1.00 0 40 1.00
0 45 0.98 0 105 1.00
0 95 1.02 0 170 1.03
0 160 1.10 18.4 170 1.02
26.4 G 1.02 36.0 105 1.00
26.4 45 1.06 41.6 40 1.00
26.4 95 1.07 66.4 40 1.12
26.4 160 1.15 66.4 105 1.23
35.1 45 1.02 66.4 170 1.35
43.3 0 1.02 105.6 40 1.39
65.5 0 1.17 105.6 105 1.56
65.5 45 1.25
65.5 95 1.33
65.5 160 1.50
88.0 0 1.34
88.0 45 1.42
88.0 85 1.51
88.0 160 1.84
110.2 0 1.55
110.2 45 1.63
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Table III-2

Bed Expansion Ratios in Three Phase Fluidized Beds

water/CO2

Run No. 46-10

Catalyst Loading: 58.1 grs

Hmf: 12.4 cm
d : 0.247 om
/Ci : 3.7 gr/cm3
ﬂs 0.806
Liguid Flow Gas Flow
Gal/Min-Ft’ Liters/Hour
0 55
0 85
0 150
3.2 55
3.2 95
19.2 55
19.2 85
19.2 150
49.6 55
49.6 95
49.6 150
62.4 9c
82.4 55

H/H

b D el pd e e b B e e
.

.00
.00
.01
.00
.00
.08
A1
.31
.39
.56
.80

.79
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A comparison of systems a and b will correlate the effect of particle
size while comparisons between systems b and ¢ will relate to physical
praoperty differences between hexane and water. The data are presented
in Tables JII-1 and III-2 and Figures III-4 to III-9.

C. High Pressure Giass Unit

1. Experimental Apparatus

A schematic diagram is given in Figure III-10. 1In its operation, the
high pressure system is quite similar to the atmospheric fluidized bed.
The basic differences simply result from the complications introduced
by operating at 1000 psig and 650 F. The fluidized bed was fashioned
from a high pressure, high temperature sight glass fitted with a gas
sparger centered below the bed support screen. Electrical heating tapes
. were used to control the system temperature, and hence fluid properties,
while a back pressure regulator was used to adjust system pressure.
Gas and liquid flow rates were individually adjusted. Because of the
high system pressures, it was not possible to obtain reliable pressure
drop data. This is of Tittle consequence here since the bed is visible.
In the next phase, however, accurate fluidized bed pressure drops will
be a valuable tool, in fact the only tool, in detailing bed activity.

2. Results

To simplify the experimental procedure, the influence of fluid properties
was investigated by varying the system temperature, using a single fluid,
Dowtherm A, rather than using a single temperature with a variety of
fluids. The liquid properties of interest are the density and viscosity,
and at the three temperature levels used, they are shown in Table III-3.
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Table III-3

Physical Properties of Dowtherm A

Temperature, °F [f s gr/cm3 AXA, Centipoise
S
335 0.939 0.5
465 0.871 0.3
630 0.774 0.18

The same catalyst was used in this experimental phase as well as in the
low pressure work with the exception that it was ground to a 30-50 mesh
size. The iiterature indicates that gas density has little effect on
. fluidized bed properties, and nitrogen was used as a matter of convenience.
The liquid flow rates were varied up to a 25 ga1/min-ft2 while gas flows
were set at approximately 500, 1500 and 2500 SCF gas-hr/CF of reactor
volume. The results are given in terms of bed expansion ratios and bed
voidage as a function of flow rates. At the outset it became readily
apparent that the high pressures reduced the superficial gas velocities
in the bed to such low levels that the gas has essentially no effect on
ped expansion, though mixing patterns were still affected to a measurable
extent. Gas flows, nevertheless, were adjusted at the higher temperatures
to give superficial velocities similar to the 335°F base case values of

0, 0.12, 0.36 and 0.60 cm/sec which correspond to VHSV's of 500, 1500 and
2500 respectively.
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Table [11-4
Bed £txpansion Ratios* - Dowtherm A/ﬂz
. 335°F 365°F 630°F
Liguid Flow Gas Flow Liquid Filow Gas Flow Liquid Flow Gas Flow
( UMin-Ft?  Liters/Hr  ne calMin-Fi®  Literssir  Mnf cal/Min-Ft?  Litersspr T/ Mne
5.09 0 1.18 6.4 0 1.03 6.6 0 1.00
8.09 82 1.19 6.4 80 1.05 6.4 60 1.00
5.09 265 1.17 6.4 220 1.06 6.4 178 1.01
5.09 415 1.16 6.4 365 1.06 6.2 300 1.01
14.4 0 1.26 12.6 0 1.17 12.6 0 1.13
i4.4 86 1.27 12.6 70 1.18 12.6 60 1.13
14.8 250 1.26 12.6 225 1.17 12.6 182 1.13
14.4 410 1.25 12.6 370 1.18 12.6 297 1.13
20.2 0 1.50 19.3 0 1.27 19.3 0 1.22
20.2 87 1.50 19.3 75 1.25 19.3 62 .
6.3 0 1.10 19.3 230 1.27 19.3 182 1%
3 88 1.12 19.3 400 1.27 19.3 310 1.23
3 248 1.10 25.3 0 1.41 25.3 0 1.32
.3 440 1.10 25.3 72 1.41 25.3 60 1.34
19.3 0 1.41 25.3 220 1.41 25.3 175 1.32
19.3 87 1.41 25.3 398 1.41 25.3 315 1.32
15.3 255 1.45 25.3
9.3 405 1.5
25.4 0 1.65 e
5.4 87  1.67 . Mpp 2O
25.4 240 1.69 . 4y ¢ 0.085cm
5.4 430 1.67 L A 3T /e
6.4 o 1.12 LBz 0.87
2.1 0 1.27 e e
6.8 o 1.44
25.3 0 1.70

‘At gas flows greater than 200 liters/hour, values given for the bed expansion ratio
represert the mean of the fluctuating bed height.
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Bed Porosity* - Dowtherm A/N,

Table ITI-5

335°F

Liquid Flow
Gal/Min-£t’ €
6.3 0.536
6.4 0.545
8.09 0.564
12.1 0.598
14.4 0.595
16.8 0.646
19.3 0.643
20.2 0.660
25.3 0.700
25.4 0.695

*Basec on € _ = 0.45

mf

465°F

630°F

Liquid Flow

Liquid Flow

Gal/Min-Ft € Gal/Min-FtZ €
£.4 0.514 6.4 0.495
12.6 0.566 12.6 0.549
19.3 0.605 19.3 0.584
25.3 0.638 25.3 0.614
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D. Results Obtained By Other InvesZzigators

Little work has been done on three phase tTluidized beds. Of interest
to us are two stucies; one by R. Wolk (3), the other by Dakshinamurty
and coworkers (2). Woik used the systems water/nitrogen and hexane/
nitrogen with various size cylindrical particles (3/16" long with
diameters of 0.025", 0.050" and 0.0625"). He also investigated the
eTfect on tube diameter over the range of 1.0C" to 6.00". His data

could be correlated in the form:

D=A- F1 F2 (6)
where:
D = Bulk bed density
A = Bulk bed density with liguid fiow only (independent of tube diameter)
F1 = Correction factor for gas flow (function of tube diameter)
F2 = Secondary correction factor for the effect of liquid flow on Fl

Typical results are shown for the 0.0625" diameter extrudates hexane/
nitrogen system in Figures III-13 and III-14. If we were to superimpose
our small size particle low pressure data, we would find all our points
shifted to the right by about 20 ga]/min-ftz, but the curves would have
the identical form. This is further discussed in Section IV and shown
in Figure IV-2. Wolk further analyzed his data in terms of the "net"
1iquid velocity, equivalent to the superficial liquid velocity divided
by the volume fraction of liquid. which he considers to be the effective
force for fluidization. In this manner he was able to correlate his
data independent of tube diameter, as in Figure III-15.

Limited data with a variety of fluids and solids was obtainecd by Dakshinamurty
et al. In an attempt to ascertain the effects of liquid viscosity and surface
tension and particle density on bed expansior, these authors also investigated
the effect of liquid and gas flew on fluidization behavior. Their data
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could be correlated by the following expressions:

u 0.6 ’ 0.08
2.65(—]) /A g) Re, > 500
0.08 (7)

"t 0.4l 4
) 12 (‘_‘_]_) M Y Re, <500
) Ut 0—]

fl

€
€

The basic shortcoming of the above relationship is the inability to predict
voidege at gas velocities approaching zero. Interesting enough, at gas
velocities below 1 cm/sec, they observed a contraction of the bed when
compared with a similar bed without gas flow. This contraction is small,
10% at most, and is most prominent with small particles at gas velocities
of about 0.5 cm/sec. They attribute the contraction to an overall lowering
of the superficial liquid velocity caused by the high local liquid velocity
in the wake of a coalescing gas bubble. It should be noted that bubble
coalescence is substantial in beds having a low expansion ratio. Typical
data are shown for the systems kerosine/air/glass beads and water/air/glass
beads in Figure ITI-16. It is readily apparent that these systems are much
more sensitive to liquid velocity than ours; this might be due to the
substantially different particle geometry used, where theirs are uniform

spherical beads while ours are irregularly shaped particles with a wide
size distribution.
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IV DISCUSSION OF RESULTS

A. Introduction

As a basis for comparison of our results, we have chosen both the
theoretical approach as outlined in Section IIl and the experimental
results of others who have examined similar systems. The first goal is
to evaluate our resuits by comparing them with the data generated by
others in addition to developing the basis for a model that will enable

us to predict fluidization behavior from our knowledge of gas and liquid
flow.

B. Fluidization Results

it is apparent that superficial gas velocities less than 0.6 cm/sec have
no measurable effz2ct on bed expansion and it will therefore be more

instructive to consider the results in two parts; low gas flow rates
(<X0.6 cm/sec) and high gas flow rates. The low gas flow rate data
include part of the Low Pressure Unit data and all of the High Pressure

Unit data. The high gas flow data were generated in the Low Pressure
Unit.

1. Low Gas Superficial Velocities

The theoretical analyses presented in Section III apply rigorously only
to two-phase fluidization. However, as we have already pointed out,
superficial gas velocities less than 0.6 cm/sec have little effect on
bed expansion behavior and comparisons between experimental three-phase
fluidization and predicted fluidization behavior for a two-phase system
will still be instructive.

Table IV-1 provides a description of the solid phase materials while
Table IV-2 presents the conditions of the experiments, tabulating the
actual results along with the predicted values. In all cases, the actual




High Pressure Unit

2] |

Table 1V-2 $ 1

Analyses of Fluidization Results -E’ ‘

: ;

Low Pressure Unit ; |

9 i

/uL. &;3 Actual ul'_‘_f. Eheqrsé}gg; ACt:I?]1II[6me; L\Tgeorjeé;calo |

System Poise  gm/cm Particle Size cm/sec mf’ 2 ~omf’ A
Water/002 0.009 1.0 1/16" Diam. x 1/16"-1/4" - 4.47 100 186G
Hexane/CO2 0.003 0.655 1/16" Diam. x 1/16"-1/4" - 6.59 110 205

Hexane/C0 0.003 D.655 1/16" Diam. x 1/16"-1/8" 2.82 5,49 140 240 |

2

Dowtherin A/N2 0.005 0.939 012 - 024" - 0.224 0.692
Dowtherm A/N2 0.003 0.871 012 - .024" 0.326 1.065
Dowtherm A/N2 0.0018 0.774 012 - .024" 0.428 1.633
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fluidization velocities are substantially less than the predicted values.
For the most part, this is due to the inability of the theoretical
analysis to account for the wide particle size distribution of the solid
used in our experiments. For small particles, the minimum fluidization
velocity is proportional to the square of the equivalent particle diameter.
With the 30-50 mesh particles, this amounts to a four-fold variation in
fluidization velocity. For large particles, minimum fluidization velocity
is proportional only to the square root of the equivalent particle
diameter. This smaller dependence of fluidization velocity on particle
51ze might account for the smaller relative difference between the
thecretical and experimental results obtained with these particles.

Other factors might also be responsible for the variance between experi-
mentally determined values and those predicted from the Titerature. Wall
effects are possible with particles which are large compared to the tube
diameter, and more importantly, in the high pressure reactor system, heat
losses to the atmosphere from the sight glass cause radial temperature
profiles and thus local increases in fluid viscosity and density which
lower tpne liquid flow rate necessary for fluidization. As a result,
fiuidization is more pronounced near ithe wails than at the center of the
chamber.

Because of the above discussed wall and thermal gradient effects, the
experimental cata are different from the values predicted in the
Titerature. It is, however, clear that the observed relative beshavior
is in agreement with both the behavior predicted by correlations and
with the system behavior observed by other investigators.

Our ultimate goal in the fluidization study is to develop an understanding,
both qualitative and quantitative, of the system as to permit us to predict
accurately the behavior of the three-phase system. The first step in

this direction is to reduce the experimental data to an expression common
to a variety of Tiquids, gases and flow conditions. This correlation
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is given in Figure IV-1 and by the expression below. One should note that
the data presented in Figure IV-1 are the same data given in Figure I1I1-12
but reduced to more basic independent variables.

0.49<€ <£0.70
€= 1.1 (1) @) !
t u, = Particle Terminal Velocity
The power dependency on the ligquid flow rate is similar to that obtained
by Wolk (3) for 1/16" extrudates, but lower than that obtained by
Dakshinamurty et al (2) and Hamilton (5)

0.4 for uniform spherical particles.

whc obtained values of about

One additional aspect of the experimental results is that the observed pressure
drops are in accordance with the values predicted by the literature (as

shown by equation 2 in Section III) if one uses the observed fluidization
velocities rather than those predicted by the expressions for minimum
fluidization. In addition, note that in Fiqgures III-5, I1I-7 and 1II-9, the
behavior is identical to that described in the literature as represented by
Figure III-1. The only exception is the rise in pressure at the higher liguid
flow rates, which was due solely to flooding above the liquid ocutlet.

2. High Gas Superficial Velocity

Our results for the high superficial gas velocity experiments are compared
to the work of Wolk (3) in Figure IV-2. Note the strong similarity in
expansion behavior. If the data were replotted to examine for the effect

of gas velocity on bed expansion, at constant liquid flow, one would find,
for the results of Wolk, that €E is proportisnal to u 0'06. In comparison
our results show a somewhat greater dependence with a value of 0.085.
Dakshinamurty et al (2) found for a variety of liquid-gas-solid systems,

a value of 0.08 for the gas velocity power dependence. At the low gas
velocities expected in the methanation reactor, the bed voidage, € , wili be
increased by only about 8% at the highest gas flows.
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C. Conciusions

At superficial gas velocities less than 0.6 cm/sec, bed expansion ratios
are independent of gas fiow. Under these circumstances, results with

a single fluid can be extended using the reduced superficial liquid
veiecity {with respect to the particle terminal veiocity), to predict
the behavior of the same fluid-solid system a:t other temperatures, or
more important, to predict the bed behavior using fluids with different
physical properties. Due to the low dependercy of bed voidage upon gas
velocity, bed voidage will be increased by only 8% over the no-gas level
at the highest gas rates expected in the methanation reactor (equivalent
to 2500 standard volumes of gas/hour - volume of reactor).

Direct application of the theoretical fluidization analyses to predict
pressure drop, minimum fluidization velocity, etc. is not recommended
since the predicted values are higner than the observed. As indicated
nefore, this is due to varying particle geometry, wide particle size
distribution, wall effects and temperature gradients. However, the
experimental behavior on a relative scale is the same, as evidenced by
the form of the fluidization and pressure drop curves and by our ability
to correlate the data in a reduced form.

Most importantly, system pressure up to 1000 psig has no measurable effect
on bed expansion behavior due to changes in gas density. In the future,
this knowledge will enable us to accurately simulate, in a simple manner,
the benavior of the high temperature - high pressure reaction systems by
using a geometrically similar system at low pressure and low temperature.
In retrospect, this result is understandable from the fact that at the
relative 1iquid and gas flows encountered in our system, liguid flow is
the dominant force in fluidization and if the effect of temperature on
density and viscosity is considered, the fluidization at high temperature
is identical to the behavior at ambient conditions. The effect of pressure
and temperature on the gas phase is more difficult to predict but since
this phase contributes very iittle to fluidization, predicting its behavior
s not as essential. :
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VY REVIEW AND DISCUSSION OF OTHER ASPECTS

OF LICUID-GAS-SOLID FLUIDIZATION

A. Heat and Mass Transter

Gas and to & lesser extent, liquid Tluidized beds hsve been employed

in chemical engineering practice over a number of years. In many of the
applications, the addition or removal of heat through the retaining wail
of the bed is of mejor importance and in the case of gas fluidized beas
has been the subject of extensive research. However, it is only in more
recent years that a Tew reports have become available on the zopic of
heat transfer in liquid fluidized beds. Fluidized beds are desirable
from a heat transfer point of view because of the high heat exchange rate
which is attained in them. Mass transfer effects in fluidized beds nave
not received much attention until very recently. As in the case of heat

transfer, an attractive characteristic of the fluid bed is its high .
rates of mass flux.

There are three certinent modes of haat transfer; (1) convective heat
transier between noints in the bed caused by mixing of particie and the
nomogeneous phase, (2) surface heat trznsfer between particles and fluid,
and (3) trensfer between the particles and the 7iuid and the walls of the
vessel. The first two modes produce an effective heat conduction or
diffusion in a fluidized bed whiie the third one provides the means to
transfer heat to and from the outside of the fluidized vessel. These
various modes of heat transfer are discussed below in more detail.

1. Heat Transfer in tne Bulk Phase

In general, the basic difference between heat transfer within gas fluidized
and liquid fluidized beds resujts from the relative solid-fluid heat
capacities. In the gas bed, the incoming gas rapidly attains solid partic s
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temperatures within inches of the distributor because of the low heat capacity
of the gas. In the liguid bed, however, heat transfer occurs., in most

cases. throughout the entire bed. This is an important point to keep in

mind wnen analyzing heat transfer and temperature profiles in Tluidized

beds.

In ordar to account for the presence of heat resistance throughout the
bed, it is necessary to consider that the particies and the fluid are
moving radialiy as well as axially. The radial movement of the liquid is
due to density gradients and to wake movement associated with the motion
of the particles. The heat transferred by such a mechanism would be a
function of the particle concentration (1-€ ) and the rapidity of
particle motion as measured by particle Reynolds number. ‘

Both of these contribute to a relationship of the form:
= Z iy
h = a(R)* {1-€) (9)
wnich conforms to the experimental evidence.

~

2. Heatr Transfer from Particles to the Bulk

Heat transfer from solid particles te fluid in Tluidized beds is gererally
examined by extending the results for the single sphere heat transfer

case ) which can be represented by:
h d -
i = HE 1/3 1/2
n!uD k7 2+0.6 Pr Rep (10)

A first step in this extension would be the case for packed beds.
Available data fit an identical Torm of equation 10 but the constant
multiplier, 0.6, is replaced by 1.8 for Rep greater than 100. The
results for a fluidized bed, however, are not so clear. Over a thousand-
fold variav.on exists among observers. This is a result of the variation
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in experimental conditions (steady state Oor unsteady state) as well as

the dexa interpretation of these investigators. In particular, their
choice of assumed flow pattern (eg. plug flow or back mix) and also what
tnermocoudle readings mean to each investigator (eg. for some, a bare
thermocoupie is taken to be the fluid temperature; for others, it is the
sulid temperature)} have 2 strong influence of the experimentally measured
neat transter coefficient. Al1 investigatcers agree in that there is a
sharp drop in Nusselt number at particis Reynolds numbers less than 100;
and for Reynclds numbers greater than 100, the Nusselt number is somewnere
between the single spnere and packed bed case.

3. EHea: Transter from Wali to Bulk

4
Jogannadharaju & Rao 7 correlating existing data, found the following
equation for wail-to-bed heat transfer.

~ \ -0.38 4
3, € = o.s3<;%) Re_ =/O/2u (11) .

Tnis represented the cata over & wide range of Prandt) numbers.

For giass spheres ir water, Wasmund and Smith (8) found

1/3 _
1 Reo u D'i
st T TS(01I1.75€) ¢ 3 n = (12)
K10ttt 8 [[1.06 x 107° Re + 515 D (€ -0.5)]
Y p
where
h
St, = Stanton humber at the Wali = -
H
Cp/‘>u
and
ReO = The Particle Reynolds Number at 1

the Particle Terminal Velocity

Here though, the effects of process variables are somewhat obscure. A
similar equation was obtained for aluminum particles. .
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A1l past researchers have observed that the heat transfer coefficient, h,
varies with porosity, &, in such a way as to give a maximum value, h

at a particular porosity. Both hmax and the corresponding porosity,

€. ax 2re functions of the particle diareter, DD . Increasingp resuits

in an increased h__ and a slightly decreasedémax. Hamilton (°) in view
of the qeor fit to the experimental data, reexamined the data of Wasmund and
Q

Smith 5 and tasmund °) by a Colburn factor approach.

Nu Re n-2 (13)
“H T oRe Pr 173 = K \1=g

max?

The ralatinnshin hetween bed exnansion and Peynold'!s number determined by

Pichardson and Zaki (lo)can be conveniently exvoressed by :
Re0 = Particle Terminal Velocity
e = pe € where Reyriolds Number
“p %o € = Porosity (14)
m = Experimentally Determined
Constant

Subctituting equation 14 into equation 13 and rearranging gives:

. /3 ., - 1-1) - . -

n o= pr Y3y Re, n-1 [em(r 1j (1-€) 2 n]’= K pr /3 Re, n-1 p(€) (15)
wnere p(€) = e ™M1 (1.g)2
A¥ter an additional dimensioniess groun, Dp/Dt.is introduced to account

for the observed narticle dependence, the resulting correlation was
evaluated as:

/ .57
W= 5.3 (_Da) pr 173 e 0-565 [ 0.565m (1-6)0'435] (16)
D

t

where the pnwer dependence for the Prandtl numbaer was assumed to be 1/3
to conform with the j-factor approach of CoTburn(ll),
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Subhsenuent work bv Brea and Hamilton(lz)with heat transfer to a similar
fluidized bed from a central heater, examined the effect of Prandtl numbers
on the heat transfer coefficient, resulting in a modified form of eauation 16.

b\ 13 i .
D‘hT = fu o= 2.923 \(—Di) oy -32 Reo'ss [60‘55"‘ (1-6)‘4’} (17)

LY

A pnysical interpretation of this heat transfer model is as follcws.
Increasing the particlie size results in increased particle terminal
velocity; thus an increase in the Reynolds number. There is an additional
deneticial effect of having a bigger particle which is probably rejated
to the decrease in film thickness with bigger particles. This effect is
qualitatively given by the Dp/Dh ratio.

3ed porosity affects the heat transfer coefficient by again reducing film
thickness with increasing porosities. This behavioral trend is reversed
2t a certain porosity ievel at which point further increases in bed
porosity result in a decrease in heat transfer coefficient. 71his is
explained on the basis of the detrimental effect of a reduced number of
peliets when the porosity is very high.

4. Mass Transter from Wail to Bulk

“ass transfer from a tube wall inr a fluidized bed has been studiad oY

two technigues: (1) dissolution mass transfer and (2) fonic mass
transfer. Dissolution mass transfer experiments by King(13) utilized
cylinders of cinnamic acid with glass spheres and water as the fluidizing
medium. The measured mass transfer coefficients were found to be 5-10
times higher tihan the mass transfer coefficients in a tube witnout giass
beads at equivalent tube Reynolds number. Unfortunately, in dissolution
experiments a roughness pattern tends to develop which can be expected

to lead to erroneous results, particularly at the very high Scrmidt
numbers encountered with dissolution mass transfer to a

liquid. Brennan (14) has indicated that at a Schmidt
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number of 2000, a roughness of 300 microinches increased the mess transfer
almpst seven times above that for a smooth surface. In the fluidized

bed measurements of King(13)

, roughness measurements on the cinnamic acid
cylinders gave values of about 100 microinches. Conseauently, his data

are open to guestion due to this effect.

The roughness effect which always seems to occur in dissclution mass
transfer experiments is avoided when mass transfer data are generated

via diffusion controlled reactions. The system that 1s particularly
useful is tne redox reaction between potassium ferrocyanide and potassium
Terriccyanide in which there is no Toss of diffusing species due to the
reaction at the electrades. This technique was used by Jottrand and

d (14)to measure mass transfer coefficients for immersed nickel

Grunchar
plates in Tiguid Tluidized beds. The mass transfer cozfficients wers
between five and ten times these measured in solid-frae iiquids at

equivalent flow rates. As in the case of heat transfer, a maximum in
the mass transfer coefficient was obtained at a porosity cf 0.58, and
the mass transfer coefficient increased with increasing particle size.

The data could be represented by:

0.15
jy = 0.027 Re™0-375 §0-292 ———1—2 £ (18)
(7)

Jogannadharaju and Reo measuring ionic mass transfer coefficients in
an annuius found their data could be correlated by a form similar to
that used to regresent their heat transfer results; the difference
between theses two expressions was that the constant 0.53 was replaced
by 0.43.

2/3 -0.38

k / R
ip€ = =€ &({2 = 0.43 (;%_- (19)

L
A continuation of the work of Rao by Krishna et al(l’) showed that the
central tube has the effect of reducing the outer wall mass transfer
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coefficient. { a small wire is used as the inner electrode, mass
transfer coefficients (equation 19) were increased by 50%. Consequently,
the expression given above would precict a low mass transfer coefficient.

5. Mass Transfer from Particles to the Bulk

Simiiar to the work done on heat transfer from particles to fliuid in
a fluidized bed, dissolution mass transfer experiments are examined
usingy the singie sphere mass transfer case as a basis fgr comparison.
The results for single sphere experiments are given by: 1

sn o= kg Yudp = 2 + 0.65c /3 ge /2 (20)
)

Where YIM Logarithmic mean fraction of inert or
non-diffusing component.

Packed bed data could be represented by:

o= 2+ 18 sc M3 g V2 Re, > 80 (21)

while for fluidized beds, the data may be summarized by:

sno= 2+ 155 Y3 re (1-€ 7)1/ 5 £ Re, <120

(22)
€ <o0.84

Though no data exist for the low Reynolds number region, by analogy
to the heat transfer solution, an expected sharp drop in mass transfer
coefficients snould occur at Reynolds numbers less than 100.
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Mass and Heat Transfer Analogy

Comparisons between the overall heat transfer coefficients (as jH)

and the overeall mass transfer coefficients (as jD) are jnadecuate when
the Schmidt number is very much greater than the Prandtl number Q7).

In heat transfer (Pr ©~21-20), the total resistance to heat transfer
consists of a wall resistance, 1/hw’ and a bed resistance, RB’ in series.
In mass transfer, however, the large Schmidt numbers {Sc ~ 1000) preclude
the existance of a bed resistance, and the resistance to mass transfer
exists =ntirely at the wall. Only at higher Reynolds numbers, when the
effect of the bed resistance is minimal, will the values of jD and jH

be comparable.
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B. Flow Benavior

1. Licuidg-Solid riuidized Beds

As an introductien to tne more complex situation in three phase fluidiza-
tion, some comments on the liquid-only fluidized bed are in order.
txperiments utilizing colored tracer particles have been made to examine
Particle velocities in a three cylindrical ccordinate system
as a functicrn of the superficial liquid ve]ocity(la)- The results show
tnat there is a linear relaticnship between the square of the individual
velocity ccmponents, Uss and the reduced fluidization velocity, u/umf.

ui2 =k (U:; -1) 1 = z,r,

u = u

u

mf
Superficial Liguid Velocity (23)

u

nf Minimum Fluidization Velocity .

The ki are proportionality constants ard are in the ratio:

k_ ok k. = 15 : 4 :

(78]

From tne values of the ki, it s reacdily apparent that the veiocity field
is highly anisotropic, the low radial velocities occur mainly because of
the restraining effects of the walls, and the high axial veiocities
occur because of the upward flow of the fluidizing medium. In addition,
3 well defined circulation pattern with particles rising in tke center
and moving downward at the walls, was evident. This circulation pattern
is most noticeable at the bottom of the bed and tends to die out towards
the top.
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Z. Liguid-Gas-Solid Fluidized Beds

a) Introduction

rlow studies on tnree phase fiuidized beds have been limited to the
study of bed axpansion (examined in Section III-C) and bubble properties

(19) examined a glass (sand) - air -

and mixing patterns. Rigby et al
water systam and obtained data on bubble fregquency, bubble size and size

distribution, local volume occupied by gas bubbles and bubble velocity.

b) Bubble Properties

The bubble Treguency measured as bubbles per second, shows a peak at low
Ded heights at between 0.4~0.75 times the radius. As you move up the
column. this pzak moves toward the center of the tube. Increasing the
liquid rate or decreasing the bubble size results in a more uniform
frequency distribution in the radial direction. This tendency for bubbles
16 move towards the center of the tube may necessitate the use of
distributors wnich allow greater gas flows nearer the tube wall than

at tne tube center and thus redistribute bubbles uniformly in the radial
direction.

For a giver gas rate, the bubble size was found to decrease with increasing
Tiquid rate. As expected, increasing height position in the bed results

in an increase in bubble size. Decreasing gas rates also increase bubble
size. This is caused by bubble coalescence which is a strong function

of bed axpansion.

Bubble velocity is a complex function of bothk 1iquid and gas flow rates.
For a given bubble size, increased 1iquid or increased gas flow increases
the bubble velocity. Also, there is a strong dependence on bed voidage
as shown by the following correlation:

"VS - (VL + ‘JG)] [-1—"6-@] 2 = 32.5 (1) 1.23

-

(24)
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where VB’ VL and VG are the bubble velocity and

the superficial liquid and gas velocities in cm/sec, and 1 is the axial
length of the mushroom-shaped bubble.

An additional conseguence of the changes in bubble velocity is the effect
of butble velocity on gas holdup in the tnree phase fluidized bed. At

Tow gas flow rates (\!G & 1.0 cm/sec), gastholdup is small, less than 5%

by volume, and results chief’y from the quantity of bubbles present in

the column as dictated by bubble frequency and rise velocity. At higher
gas flows, nowever, the gas phase behaves as an additional force in bed
axpansion resulting in a steadily increasing gas holdup volume rising to
values of 15. and 33% at gas velocities of 8.5 cm/sec and 25 cm/sec
respectively. These increased gas hoidups may have important consequences
when considering both mass transfer rates from the gac phase to the liquid
phase, and gas residence time for reaction.

c) #ixing Patterns

Mixing in a three phase fluidized bed has important imnlications, especially
as it appiies tc reaction systems where the solid particle is a catalyst
for the reactive gas and/or liquid phases. Here we are concerned with

both temperature and concentration variation throughout the bed. Reman (20)
nas characterized axial mixing (back mixing) through a "mixing length®.

The mixing lengtn is zero for ideal displacement and positive for all other
cases.

Experiments by Vail et al (21) to cetermine mixing length in three phase
fluidized beds nave shown thet while increased gas velocity increased

axial mixing, “ncreased iiquid flow decreases axial mixing. Increasing

the kinetic energy of the entering fluid (by decreasing flow area of the
distributor} increases the axial mixing. For example, a four-fold increase
in the jet velocity increases the mixing length by 30-40%. Mecst interesting
was ths observation tnat the presence of a solid phase reduces axial mixing
from 50-70: over the no-solids case.
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Radial mixing patterns followed the same trends observed with axial mixing
lengths. Backmixing increases with increased gas flow and it decreases
with increased liquid flow. Backmixing also increases with increased
kinetic energy of both the gas and 1iguid phases.
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L. Commercial Systems Using Liquid-Gas-Soiid Fluidization

-24
1. The Fischer-Tropsch 0il Circulation Process (22-24)

Guring the course of past development of the Fischer-Tropsch synthesis
in Germany and in the Uniiad States, several processes, differing
chiefiy in the method of removing the heat of reaction, have been
studied. These processes have been ciassified in the order of their
develoopment as follows:

a) Processes using fixed beds of granular or pelleted
catalysts, cooied by indirect heat exchange, with and without
recycie of the tail gas. Precise temperature control was
difficult to maintain in the fixed bed system for it had been
fourd in 1835 that most of the reaction took place in the
middle of the catalyst bed and that most of the heat was
literatad st tnat region.

b} Processes using fixed beds of granular or pelleted
catalysts with internal cooling by direct heat exchange, such
as the hot gas recycle and 0il recycle processes.

¢) Processes using suspensions of finely powdered catalysts
in the liquid phase; the 0il slurry and fluidized bed systems.

The third alternative is a homologecus system of the liquid phase methana-
tion scheme being investigated.

Development of the oil recycle process with a fixed, submerged catalyst
bed was started in 1934 at the I. G. Farbenindustrie at Oppau. For
several years pi.ot olants with converter volumes of 7 to 50 cubic feet
were successtully operated by I. G. Farbenindustrie. However, because
of Worlid War 11, tne process never reached a commercial scale. The
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initial work at the Bureau of Mines using oil as a coolant wa: begun
with a Tiow of o1l trickiing downward over the catalyst. In a short
time, it was found that smoother operation and better temperature control

couid bz obtained by submerging the catalyst bed completely in the oil.

Fresh Tesd and recycle gas enter the bottom of the converter and flow
upward concurrently with the ¢irculating cil. As the gas passes over
the catalyst, reaction occurs and heat is transferred to the cooling
ail.

There are several fundamental differences in the fixed bed operation at
the Bureau of Mines as compared to that of the German process. These
are:

a) Use of a higher boiling cooling o1l (300° to 450°C boiling
range it atmospheric pressure) than that recommended and employed
in Germany resulted in removal of the heat of reaction largely
as sensible heat rather than by vaporization. This ailowed more
efficient recovery of the heat of reaction but, of more importance,
it made the system pressure an independent variable.

b) Because most of the heat was removed as sensible heat in
the recycle o011, a variation of the 0il recycle rate made it
possible to vary the temperature differential across the catalyst
bed. Because the entire catalyst bed is at the most effective
operating temperature, greater catalyst activity and durability
are attained.

¢) uUse of a recycled tail gas, from which the water formed
in the reaction had first been largely condensed, reduced the
partial pressure of the water and affected the shift reaction as
shown in the eguation: Hy + C02 =—=H,0 + CO.
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Thus, by variaticn of the gas recycle rate, it was possibie to change the
hydrogen to carbon monoxide usage ratio {proportion of hydrogen to carbon
monoxide consumed in the syntnesis) of the synthesis gas within certain
limits. The usage ratio could then be made more nearly equal to the
hydrogen to caroon moncxide ratio in the feed gas and thus, more compiete
consumption of the synthesis gas was effectec.

Both granular and pellieted precipitated iron catalysts were used in the
initial experiments. Thess catalysts were active, but after relatively
short pericds of operaticon they crumbled or fused together, and
inoperable conditions resulted.

A new method cf operation - the moving catalyst bed - was developed to
eliminate thic cementation problem. Catalyst particles (10 to 40 mesh)
were charged to tre converter for moving bed operation, and the linear
velocity of the cooling o1l was increased to such a value that the .
catalyst bed expanded until the bed height was about 25 to 35% greater
thar its settled height. Considerable motion of the individual particles
resulted from the high rate of oil circulation. A moving bed of
synthetic ammonia-type catalyst was operated successfully in this

manner for several months without any increase in tne pressurz drop
acress the catelyst anc entirely without cementation of the bed.

Although considerzbie attrition of the catalyst occurred, even after

four montns of operation, this had littie or no effect on the activity,
and the catalyst carry-over from the converter to the oil circulating
lines was negiigible. Other acdvantages of the moving bed as compared

to the fixec bed are:

a) Greater catalyst economy is achieved by the use of smaller
catalyst particles with greater geometric surface area per unit
weight; this resuits in greater conversion per pound of catalyst
at the same conditions of synthesis.




Chem Systems Inc.

b) Lower operating temperatures are possible for the same
amount of conversion.

¢) <Inarging or withdrawing catalyst is facilitated both during
gperation cr on termination of a run.

d) 3Since the pressure d-op across the moving bed is almost
indepencent of the rate of 0il circulation {within the range of
Tlows employed), iess energy is required for a given temperature
differantial in the moving bed than for the same differential in
tha fixad bed.

e) A greater space-time yield based on converter volumes as
. well as catalyst volume is cbtained.

Th2 process has not been commercialized and it is doubtful that it will

in the next decade. Their work, however, provides very useful information
in gas-liquid-solid systems in which CO and H2 are reacted to make
iydrocarbon oroducts.

&. H-011 Frocess (25-26)

In the H-Cil process, a mixture of oil and hydrogen is fed upshot €nto
an ebuilating bec of catalyst. In the ebullating bed, the catalyst is
expanced somewhat in excess of its settied volume and is in a state of
motion induced by the velocity of the o1l and hydrogen. Expansion and
motion of the catalyst allows a wide latitude with respect to the effect
of reactor geometry and catalyst size on reactor pressure drop, and
avoids the limitations of the analogous fixed bed system by permitting
fine solids to migrate through the bed and leave the reaction system.
The motion of the catalyst together with the high velocity of oil in the
. system also results in intimate contact between 0i1, hydrogen, and
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catalyst. maning trn2 reaction system very efficient with respect to the
amount of cataelyst charged per unit ¢f oil throughout. Catalyst attrition
is insignificant, since the sarticles in motion in the ebuliating bed

are cusnicned dy ar enveiose o7 0i7. Furthermore, the catalyst is
retained within the volume of the reactor so that it is comdletely
unnecessary 0 provide means Tor separstion from the product 5i1 and
recnarging Ic tne system.

An important acvantage of the ebullating bed is that it allows catalyst
10 be addec¢ and withdrawn from the reactor system semi-continuously.

A second Teature of the H-01i1 process is internal recycle. Liquid oil,

in ecuilibrium at reactor cutlet conditiors, is pumped back to the inlet

and again passed through the reactor. This internal recycle creates a

cink into which the large amounts of heat produced in the precass are .
gissipated. The amount of recycle used depends mainly on the amount of

heat 2volved.

As it can be seen. the H-0i1 process is another homciogue of the liguid
phase methariation system being investigated. As in the latter, the
former reacts a gas in the presence 07 a 1iquid and a solid catalyst.

This process has been cormercialized and in one small unit in Louisiana
and another in Kuwzit, these operated very satisfactorily for a number cf
years. A third larger unit was ouilt a: Humble Qil's Bayway PRefinery in
New Jersey. After a year of operation, an explosion occurred and caused
considerable damage to the reaction section. Humbie has not indicated the
reasons for this mishap but there are indications that the explosion took
place because of an operaticnal error.

The basic reason for reviewing these iwo processing schemes is to put
our work on liguid phase methanation within the framework of the

technology on liguid-gas reactions cataiyzed by a solid. In addition
to the two processes included herein, it should be kept in mind that
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there are numerous cnamical syntneses in which a 1iquid is reacted with
& gas in the presence of a solid catalyst. Among these are various
nydrogenation reactions and a few hydrocarbon oxidations. They are
not discussed in any detail herein mainly because the processing scale
1S mucii smaller than the one envisioned for the metharation reaction.

The relevancz of the Fischer-Tropsch and the H-0i1 systems is largely
related to tneir similarity in scale which indicates that numerous
common problems will exist. The knowhow derived from the above
mentioned processes will be extremely valuable in the development stage
of the liguid phase methanation system.
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VI REVIZW DF THD COMMERCIAL METHANATION PROCESSES

Methanation of CC and H2 nas been widely practiced for a number of
decades. In most cases, this process was part of the hydrogen plants

in whicn methane was reforme. with steam into CO2 &nd HZ' Tha small
amounts of U generated during tne reforming stage were recornverted back
to methane in a fixed bed reactor.

With the acvent of coal gasification first in Eurcpe and at a later date
in the United States, methanation of gas streams containing higher
concentrations of CO and H2 became a necessity. The crucial crobiem
innerent in *tne metnanation step is the large amount of heat evolved by
the reaction wnich recquired complicated and expensive schemes to remove
the heat. In essence, most of the work cone in this area has been
¢irected towards tne method to remove the heat of the reaction.

Prior to a brief review on the cormercial process, it seems desirable to

discuss both tne reaction itself and tne catalysts employed for that
ourpose.

A. Kinetic Studies

ne basic resaction is given below.

o - 3H2 ~——— CH, + 4,0

2

Tnere are otner potential reacticn paths which are represented by the
following egquations:

.
0+ H O ge— (0, + H
2 2 2

—
C0+H2<——-—C+H20

In most cases, tnese two reacticns are insignificant but they can become
) e ow . ~zp0
important if tre temperature is above 350°C.
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As expected, & very substantial amount of work has been done with feeds
containing very small amounts of CO and HZ' A number of catalyst systems

including nicgeT, ruthenium, rhodium, nalladium and platinum have been
\27). These studies do not have as much value as the work
(28-31)

investigated
dong wita nigh concentration feads

A1l autnors agree that the rate of methane formation is proportional to

the partial pressure of C0. The hydrogen concentration effect of the

rate 1s a source of dicagreement since some authors propose a rate
expression strongly influenced by hydrogen partial pressure while cthers
indicate tnat the rate is only mildiy affected by hydrogen partial pressure.
70 a large extent, the differences have arisen from studying the reaction
under widely varied reaction conditions; such as temperature, pressure

. and feed comzosition.

A point that shouid be made is that regardless of the actual exponent

of the hydrogan partial pressure term in the equation, all the rzte expressions
take tne form of Langmuir-Hinshelwood kinetics in which adsorption on the
cataiyst surface is a controliing step in the reaction. This must be kept in
mind when evaluating the data generated in the presence of a 1iquid phase.

B. Catalyst Sysiems

Most commerciel methanation catalysts are nickel based. The kinetic data
priefly reviewed above wers generated with nickel catalyst supported
either on Kieselguhr or on silica. In some cases the nickel metal was
used as the catalyst without a support.

ther metals, notably those in the noble metal family, are capable of
catalyzing tne methanation reaction. The results, however, have not
proven to be sufficiently good as to warrant its commercial use namely
because of their very high cost.
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In tne liguig ohase metnanation study, it is planned to use commercial
metnanation cataiysts provided by manufacturers such as Girdler, Harshaw
and Catalyst and Chemicals. All of these are nickel based catalysts

on a support whose ditference is limited tc size and nickel loading.

. Commarciel Processes

As indicated before, most commercially available processes use a nickel
based catalyst and their process diTferences are essentially in the
methoc usec 10 remove the rezction heat and the reactor configuration.

Among the various alternatives proposed as solutions to the heat removal
sroblem are (1) intrcduction ¢f cold feed gas at different points in the
reactor train, (2) recycie of large quantities of product gas. (3) gas-solid
fluidized bea reactors and (4) tube wali reactors where the catalyst is
bonded o tne tube wail.

Conceptual designs for gas methanation use fixed bed adiabatic reactor
systems which are cooled directly by gas recycle or cooling of the feed
g>5 beiween stages (32) (33) (34)to control the heat release. The designs
use nickel-alumina catalysts wnich, although sensitive to sulfur compounds.
are hignly active anc permit high space rates of 5000-10,000 SCF/cubic
foot to be achieved. (Tne removal of sulfur compounds from the gas, in
any event, is a necassary step either before or after methanation because
of the specification of less than 0.25 grains of sulfur per 100 cubic

feet for pipeline gas.) Techniauas for lowering the sulfur in gases to
such Tow levels are available.

The Institute of Gas Technoloagy investigated fixed bed systems using
compiex Dowtherm heat exchange equipment in the catalyst trays that served
to cool the gas indirectly. The work was abandonec and it was concluded
that such an approach was impractical for the design of large scale, fixed

bed reactors for essentially complete conversion of synthetic gas to
methane(35).




Py
- =

Cham Systems inc.

Gas-solid fluidized bed reaction systems for methanation in pilot plants
have been carried out by the Bureau of Mines and the Institute of Gas
Technology. Fluidized beds feature the usual high rates of heat transfer
and tne ease of addition and withdrawal of catalyst as an adcitional
advantage. dowever, restrictions of tae possible range of operating
conditions (the solid could be fluidizad over a relatively narrow velocity
rénge). back mixing effects, and attrition of the catalyst were recognized

(36) (G7)

as probiems, as was scale-up to commercial plant size .

The Institute of Gas Tecnhnology's pilot plant work suffered from losses
of catalyst from tne bed and coking of a portion of the cataivst which
resulted in a decreased synthesis gas conversion capacity (35).
Reportadly, gas-solid fluid bed work on methanation is continuing at

Bituminous Coai Research's laboratories.

. Because of the difficulty of removing the heat of reaction., the Bureau
of Mires has performed pilot plant wor< with Raney nickel catalysts that
are hbonded to the outer surface of mztal neat exchanger tubes. Boiling
Dowtherm in an annular space takes up tihe heat of reaction. The Bureau's
work (31) (38) (3¢) has been encouraging in that yields of ur to 306,000
SCF of high 37U gas per pound of catalyst have beern achieved, although
some difficulties were encountered in the experimental work with flaking
of the catalyst from the walls due to formation of nickel carbide. Some
erratic results were also experienced in scaling up from bench scale
tests in that methanation results in tnhe pilot unit were performed at a
feed rate of 5% SCF per hour per square foot of catalyst as compared to
105 SCF per hour ﬁ%r équare foot of catalyst surface in earlier Bureau
o7 Mines' test woﬁk. (The Bureau's overall ges space velocity, ca 500 to
600 SCF/CF reactor space, seems to offer no apparent advantage over fixed
bed space rates.) '

Economic evaluations of ail the various processing alternatives have

indicated tnat the methanation step is a relatively expensive step. The

difference in the eccnomics of the product recycle case and the inter-
. reactor gquench case are relatively small and consequently in the section
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below. tne recycle case economics are surmarized. Fiuid bad economics
are not preseonted nerein in any detaii but clearly a noticeable decrease
in recctor cost will result if this process scheme is commercialized.

Trhe cepite’l anc operating costs Tor a 250 MM SCFD plani are surmarized
in Tacie Yi-i. As it can be seen, the plant requires a substantial
expenditure of cagcital and its operating costs are quite substantial
since they amount to close to 4¢/MSCF. This figure excludes the cost
of tne {eecstock and only represents the cost of upgrading the synthesis
gas to metnane. In acditior, the return of the capital invested has not
been considered but even 2t the low level of 10% return beforz taxes,
this would represent an additional 1.5¢/MSCF.

The econonic advantages of a liquid phase methanation system are related

2 botn capital and operating cost. As in the case of the gas fiuidized
systerm, the reactor costs are going to pe less cdue to the greater

simplicity of construction of a tube-Tree reactor. An additional advantage
of the iiguicd fluidized system is that heat removal becomes substantially
rere efficicnt anc 2 noticeable decrease in heat exchanger surface will

be attainec. By using a concentrated ieed; one containing up to 20% CO

an¢ &0 hZ: the productivity voiume of equipment is going to be substantially
increase¢ Tnis will be reflected mairly on the power costs which, as
indicated in Tenle VI-1, are very substantial in a fixed bed process plant.
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TABLL V1-1

Ffixed Bed Methanation -~ Zconomic Analysis
250 MM SCFD Plant

Process Fixed Bed

{ategory of Cost

Reactors S 1,800,600
Ixchangers. h2aters 1,140,000
Comaressors anc Pumps 1,164,000
Knockout Zrum 348,000
Instruments, Controls,
and Valves 2,775,000
Total Cost of ctquipment 7,227,000
Engineering 500,000
Lonstruction 4,000,000
Piant Cost 11,727,000
Contracter’s Fse at §7 586,300
Interest During Construction
at o 615,600
TOVAL $12,928,9C0

Production Costs

Rate Unit Cost
Steam 7,000,000 M~ BTU 40¢c/MM BTU
Power 20,900,000 XkH 1¢/KuWH
Cooiing Water 10,000,000 M Gals.  2.5¢/M Gal.
Labor 2 Man/Shift* $9.,000/Year

Cataliyst
Overnead cxpenses**

TOTAL COST OF PRODUCTION

* Total Manpower = 3 Men
**Assumed to oe 20: of Capital}Cost

S/Year

(2,800,000)
2,000,000
250,000
72,000

409,000
2,570,000

$2,492,000
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Vil DEVELOPMENT OF ANALYTICAL SYSTEM

Analyses Pecuired

1

ing Ggesign o7 the analytical system is based nn the following reactions:

3H2 + 0 ——— CH4 + 1.0
<

2 (3 > C + C0.
Z

o - Ayl H2 + CO2
Une analytical system will be constructed to separate and qua-tify CO,
COZ. CH4 and otner light hydrocarbons and will also identify trace amounts
of air if present. A second system will be utilized to quantify Hz. H20
will be quantified by means of HZ’ C and 02 balancing. Standard moiz2cular
sieve. carbosieve and silica gel packings and thermal conductivity
cetectors will be used to obtain the necessary separations and quantitation.

Initially al? injections of samples will be made manually by reans of

gas sampiing valves connected to the feed anc effluent iines. These valves
can be remciely actuated at fixed intervals during continuous reactor
operation.

Initially quantitation of all components will be achieved by comparison
of peak neights obtained on a 1 mv recorder to a plot of those obtained
from injection of knowr quantities ¢f standards. Continuous reactor
operation will require the incorporation of an electronic integrator into
the analytical system.
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The following schematic illustrates the initial analytical procedure:
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B. Aveilable Zquipment and Performance Ratings

There are numerous manufacturers who can supply the necessary equipment.
t is assumec, by orior experience, that the purchased equipment wiil
function reiiably Tor the duration of the work and will be corpatible
with any eiectronic or mechanical additions which may be made in tre
future (rerote sarrle valve actuators, electronic integrators. etc.).

€. Cost and Quotations

The necessary eauioment for the initial analytical work ranges in price
from Si80C to S2i00. This includes two gas chromatographs equipped with
sampling valves and columns. Quotations from three suppliers are
attached. The equipment sold by Carle Instruments Inc. is best suited
for all analytical work related to this reaction and is the only one in
whicn tne sampling valves can be operated remotely by later addition of
3 timer ceatrolled actuator.
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I. SUMMARY

For the month of July work on the methanation project focused mainly on completion
and testing of the new methanation unit. [mprovements ir. the anclytical system are
currently underwgy . These include (1) o more sensitive hydregen onalysis, and (2)
hot product sampling for water vopor determination. Ultimately, the analysis will be
performed with signcl integration for peck area, rather than the present peck height
method.

As per our discussions with the AGA representatives, we have celculated pertinent mass
transfer rates, e.g., mass transfer from the gos interface to the bulk liquid, ond dif-
fusion of the reacting components from the bulk liquid to the cctalyst surface, ond found
them to be more than on order of mognitude greater than the reoction gos feed rate.

The values, at a 50% conversion level, are shown in the toble below for two liquid

systems; a pareffin oil and pseudecumene. The composition was assumed to be 25% CO
and 75% H,.

Rate; gm moles CO
per
Liquid Phase
Peraffin Ol Pseudo Cumene

Recction Rate for o Flow Rate of

500 VHSV 2.2 2.2
Diffusion from Bulk Liquid to

Cotalyst Surface 64 350
Mass Transfer from Ges Interfoce

to Bulk Liquid 22 70

In addition, thermodynamic equilibrium celculotions were also performed, ond show
that sside from the main reaction to produce methane, the shift reaction occurs to ¢

stall, but mecsurable extent. The equilibrium compesitions ot 320°C ond 72.45 otm.
are:

Component CO, | co Hy l H20 ICHA
Mole Fraction ‘ .00249 ] .0001 |.00995 l 493 I .495
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Further calculations indicate that oi these conditions, carbon formation is negligible.

In putting the methanation on stream, several reaction runs were obtainad. At the
proposed gas flow rate of 500 SCF, volumes of gas/volume of reactor-hr, and a
temperature of 320°C a CO conversion of 85% was obtained. Conversion levels based
on H., and CHy were 60% and 65%, respectively. Discrepancies are probably due to
non—~equilibrium concentrations in the liquid and gas pheses, and to the shift reaction
which converts CO to CO,.
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il. COMPARISON QF REACTION RATES AND MASS TRANSFER RATES

At the proposed reaction conditions we are possing 500 standard volumas of gas per hour
per volume of reoctor. For the 400 cm3 reactor this is equivelent to 50 liters/hour of
CO znd 150 leters/hour of Hy, and total conversion to CH, would require a value 2.2
gm moles CO reacted/hour. In order to determine, if under the proposed reoction con-
ditions, whether or not conversion would be limited by some moss transfer mechanism
(e.g., diffusion of the dissolved gases to the catalyst surface, or mass tronsfer from

the gos interface into the bulk liquid), we calculated these mess transfer rotes con-
sidering CO os the limiting reactant and either a paroffin oil or pseude cumene es the
fluidizing liquid.

1. Diffusion of CQO From the Bulk Liguid to the Cotclyst Surfoce

The overall rate of diffusion of CC from the bulk liquid o the cotalyst surfece con
be represented by

N = kc (CI—CS) om moles kcz mass transfer coefficient; em/sec
sec-cm

CI'C : concentrction in the liquid ondsat
the solid surface; gm moles/cm

Values for the mass transfer coefficients in small porticle fluidized beds con be esti-
mated from the relctionship of Brian ond Hales(1);

2 2/3 d_: particle diometer; cm
kedy T = ser21 %Y P

5 U| : liquid velocity; em/sec

D: diffusion coefficient; cmz/sec

where the diffusion coefficient con be predicted with the equction of Wilke und Chong(z):

D = 7.4x 10_10 T (XM )]/2 T:  absolute temperature; °K
' v 0.6 X: empirical associctior porometer
A1V M2: solvent moleculor weight

:  solution viscosity; poise
Vb: solute molor volume determined
from Kopp's Low; cmS/gm moie
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For CO, Kopp's Law gives erroneous results, and a value of 30.7 fer Vb is preferred.
The solvent properties at 573°K, tabulated below,

TABLE |
i Solvent M2 X L
i poraffin oil 420 1 0.0044
pseudo cumene 120 1 C.00044

and lead to diffusion coefficients for CC in the paraffin oil and pseudo cumene of
2.5{(10™%) em2 and 13.2 (10-4) em?/sec

Combining this with a particie diameter of 0.045 cm and ¢ normal liquid velocity of
. .0 cm/sec the calculated mass transfer coefficients are 3.46 (10‘2) zm/sec for the
paroffin oil and 12.2 (1072) cm/sec for pseudo cumene. The catalyst surface con~
centration was taken to be zero and the bulk liquid gas concentrations (at a conversion
of 50%) were obtained from Henry's Law coefﬁciesﬂs, H: atm/mole fraction, de-
termined by the method of Osburr and Markovic(®) Briefly, this procedure involves
estimating the Ostwold coefficient, L; em3 gas/cm3 liquid, from the liquid surface
tension, &7; dynes/ecm. Unknown surface tensions moy be estimated, using the
Sygden parachor, [?], ond the liquid density, ; gms/cm3, from the relationship

~ _ et
(/- T eem—
M2

For dilute solutions, the Ostwald coefficient is relatzd to the Henry's Law constant

by '
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Hence by definition

po

H= — or = po
Xo =

Xa

where pa is the gas partial pressure in atmospheres cnd o is the gas mole fraction

in the liquid phase, the bulk liquid concentration can Le approximated by

Cl=

_a_
{\-V‘Q//))

For our system, at a 5C% conversion level, the CO partial pressure is 12 atmospheres
ond the calculations, reviewed in Table Il resuit in CO concentrations in the bulk
iiquid of 5.1 (1C-3) gm moles/cm3 for poraffin oii and 8.C (10~2) gm mc:les/cm3

for pseudo cumene.

Solvent Mo p c L H Ya Cuxl 05
paraffin oil 420 .85 40,5 C.095 483. .025 5.1
pseudo cumene 120 .88 32,4  C.150 1095. .011 8.0

Combining these liquid phase concentrations for the gos and the previously calculated
mass transfer coefficients, we get mass transfer rates of 0.0064 gm moles CO
hr-cmZ catalyst
(paroffin) and €.035 gm moles CO  (pseudo cumene). For our catelyst system
hr-cm< catalyst ,
and liquid flow rates there is about 50 cm? catalyst , and further, since
cmY exponded bed
there is @ minimum of 200 cmS of expaonded bed the gross CO maoss transfer rates
ore over 64 gm moles in paraffin oil and over 350 gm moles  in pseudo cumene.
our hour
These values ore we!l over an order of magnitude greater than our CO feed rates of
2.2 gm moles , and mass transfer by the mechanism will not be limiting.
hour
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2, Mass Transfer From the Gas Interface to the Bulk Liquid

Mass transfer limitations may also arise from transfer of CO from the gas phase fo the
bulk liquid. For swarms of small bubbles (2.5 mm), mass transfer coefficients from

the gos interface to the liquid are correlated by the some relationship that applies

for smal] solid spheres. However, in deep vessels which are not mechanically agitated
and with liquid viscosities of about 1 cl, the bubble diameters are on the order of
0.3-0.6 cm. Gas holdup is less than 20% and the interfacial orea is estimated to be
1=3 cm2/cm of expanded bed. Under these circumstances, the mass transfer coefficient
may be obfained from

kl = '9"'427/2 19 (P.l- Pa)V:3 kl: mass transfer coefficient; cm/sec.
;] —f;—l?_‘ P liquid viscosity; poise
(P —15-) Pt,Pa:  liquid or gas density; gm/cm3
. D:  diffusion coefficient; cmz/sec.

For cur two liquids the calculated values are 0.147 em/sec. for the paraffin oil and
0.482 em/sec for the pseudo cumene. At the 50% conversion level, CC concentra-
tion in the gas phase is about 2.5(10~4) gm moles/cm3, Combining this with the pre-
viously calculated liquid concenirations yields values for the gross CO mass transfer
rates from the gas to the liquid of over 22 gm moles/hour in paroffin oil and over 70 gm
molies/hour in pseudo cumene. Again these volues are at least an order of magnifude
greater than the feed rate of 2.2 gm moles CO/hour.
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Hi.  EQUILIBRIUM THERMODYNAMIC CALCULATIONS

Not only are we concerned with mass transfer limitations, but we must clso recognize
the possibility of an urfavorable equilibrium situation. We therefore performed equi-
librium calculations for the system of reactors.

1. CO‘3H2 —> CH4+H20

2. CO+HO —> CO,-H
2 — 2

2
| 3. 2CO —_— C02 -C
4 For mathematical tractability, other forms of the reaction equations are preferred,
. these are:
Ky o~
4 C+H,0 —— CO-H, k, = [SOlHI T
2 — 2 1 [H20]
K
5. CO +H20 ——2——-} CO2 + H2 K2 = [CO,} (Hs)
' Ky lCOi [H20|
6. C +2H — CH
2 — 4

el
]

{CH,]
S Cnr

The phase rule for chemical reaction can be expressed as

V = (N-R-ST) =P +2

where V = voriance of the system
N = species
R = chemical reactions
ST = storchrometirc relations
P = number of phases

For our system

. N =6
! R=3
P =2
ST = moles Hatoms = 6

moles O atcems
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As aresult, the variance of our system is 2, that is only temperatures and pressure can
be varied independently. A computer progrom for solving the gas phase concentrations
at equilibrium utilizes the 3 equilibrium equations, the stoichrometric relation and

the additional constraint that the sum of the mole factions in the gas phase is equal

to 1.0,

The initia| resuits were essentially constant over o temperature range of 280-370°C and a
pressure range of 20-80 atmospheres, and could be represented by the following solu~
tion for @ temperature of 320°C and a pressure of 72.45 atm.

COmponenf COZ | CoO l H2 l H2O I CH4
— e,

Male Fraction .0497 | .0001 | .c076 | .4359 | .5067

However, subsequent examination of the results, e.g., the hydrogen fo oxygen ratio is
only 5.44 gnd not the 6.0 required by stoichiometry, shows that the solution has not

truly converged, We feel this is due to a combination of (1) the criteria for convergence,
and (2) the low concentrations of two of the components. Further work in the orea is
required. An qlternative procedure for the solution to this reaction system is to con-
sider only the following equations,

7. CO'*~3H2 —> CH4*H20

8. CO+HO —— CO,+H

2 e 2 2

and by solving for the predicted equilibrium values check to see if carben would be
formed vig either of the two reactions.

9. CHy ——— C+2H,,or

10. CO "»"Hz—-—-—-) C"-HZO

Prefiminary calculations gave the following results

Component CO2 CO H, H,O CH,

Mole Fraction .00249 < .0001 .00995 .493 .495
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With these concentrations we con show that carbon would not form as o result of
reaction 9. The CO concentration is too low to cccurately calculate values for re-
action 10, without the gid of a computer, through it looks as if there is sufficient
water vapor present to preclude carbon formation via this reaction.
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V. EXPERIMENTAL RESULTS

During this month the unit was put on stream for some preliminary runs in order to study
temperature profiles in the system as well as establish o standard operating procedure.
The reactor was loaded with 193.5 gm of Girdler catalyst G65-RS which had been

ground to a 30-50 mesh and treated with H, for 18 hours at 650°F. The dry volume

of the catalyst was 210 cm® which is somewhat greater than one~haif the reactor

volume. The differenticl pressure cell and the high pressure rotameter were not yet
installed and no water analysis was available at the time of the runs. In addition,

an indeterminant amount of water vapor product condensed before sampling so it was

nct possible to get an accurate mass balance. The results for these few runs are tabulated

below:
Liquid Exit Gas  Inlet Gas Qutlet Gas
Run Pressure Temp. Flow Flow CQ H2 " CO H2 C02 CH‘4
1 800 psig 320°C 10 literhr. 115 liter/hr. 25% 75%g N% 50%. 1.5% 21%
8CC 320 20 105 25 75 §7.7 48.5 3.4 28.0
800 320 20 230 25 75 #5.7 8.0 1.6 11.0

For example the results for run #2 are equivalent to about 85% conversion of CO. 60%
conversion of an H, and 65% conversion to an CH,. The discrepancies arise from the
fact that the shift reaction converts CO to CO,, and that the system liquid, end gas
phase concentraiions may not have equilibriated. ’

Note the trend of the results - increased liquid flow (increased bed expansion and re-
sidence time) and decreased gos fiow ~ both increase conversion levels. This iz ex-
pected from an increase in bed expansion and residence time.

During the coming month, the experimental unit will be fitted with the differential
pressure meter and ¢ high pressure rotometer. The catalyst-liquid seam, described
a previous summary report will be initiated during this month too.
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