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JMTROQUCT]ON

In September 1931, the United States Dapartment of Eneray awarded Rir
Products and Chemicals, Ing. [Air Prudu:tsg a contract which was the first
phase of a program aimed at further deveioping the LPMEOH* process in a
reprasentative engineering-scale Progcess Development Unit {POU). A secent
contract was awarded in July 1985, The third, currently active contract
entitled *Liquid Phase Methanol LaPorie PLH: Modification, Qperaticn, and
Support Studies” began on 9 Apri) 1987 to complete the final phase of the
development work. ir Products i the prime contractor providing gverall
program management and 15 responsible for engineering design, procuremant.
construction, and operation of the PDU. Chem Systems, as the key
subcontractor in the program is_involved with assisting Air Products on
LaPsrte and with the conceptuslization of LPMEOH process fiowschemes,

gevelopmant of commercial-scale process designs, economic evaluations of

the commercidl designs, and optimization of the LFMEOS process throusgh
parametric sensitivit studies. HReswlts af theza analysis are used to
guJide the recmarch and development program in the most economic diraction.

During the past year, Lhem Systems has updated its base case commercisl-
scale evaluation of CO-rich nreratiun based on an integrated gasification-
combinad cycle [IBCC) Facility with once-through methanol (OTM). Tie
L PKEOH process configuration has peen compared with epnventional wapar
phase technalogy and with developmental vapor phas2 higher alcohol
technology.  Furthermere, sensitivity anmalyses have been performed to
study the effect of varying the fractien of the coal higher heating vaiue
Which it converted into methanol rather power. Imn the area cf
gl t-methanal productien, 2 conceptual flowsheet has been assembled bassd
on coal gasificatien and a novel tuo—sta%e high-pressure LPMELA
eonfiguration utilizing nearly balanced gas. This concapt SNOWs promise
and now Teguires laboratory verification.

Tris paper will briefly raview the reasults of the CQ-rich proCess
evaluations, 1nc1udin% the tensitivity anilyses, and the concepilal
aTl-methanal flowsheet based on a2 two-stage LPMECH design.

+R AT
dypryiow

The CO-rich evaluation consists of updating LPMEOQH procets Cise studies
performed under previous contracts and daveloping wapor-phase {Ases With
commercial or develppmental technologies fer comparison. The following
sectign is an updfff of the LPMEOH base case ariginally doveloped under 2
previous centractii/. This 3§ followed by 2 comparable analysis tased on
conventional vaper-phase technology and than h? a once-thrpuah
mixed-alcohal scenaric developed fram published information. The
$cnq?T1:s of the three ceses are developsd in the ctontext of an [GCC
acility.

F LPMEDR 35 2 trademark of Chem Systems Inc.
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H

The LPMEOH base case design is configured to fit into an intermediate-
sized Texaco-based 16CC facilitg design dfgfloped by Fluor, producing 658
megawatts of electricity at 20°F ambient{<), A radiant plus convective
dgilg? was chosen as the basis for this study because of its high thermal
efficiency.

Insertion of an LPMEOH unit between the acid gas removal system and the
gas turbine generator requires the gasification pressure to be raised from
a nominal 600 psia to 950 psia to accommodate an average pressure of 765
psia in the methanol synthesis reactors without intermediate synthesis gas
compression. A COS hydrolysis unit must be added between raw gas
scrubbing and acid gas removal to convert carbonyl sulfide into hydrogen
sulfide. Methanol feed ?as must be heated and sent to guard beds for
removal of carbonyls, sulfur compounds, and other potential poisons prior
to entering the synthesis converters. Unconverted synthesis gas must be
cocoled to condense methanol, reheated, and expanded to 390 psia .before
being sent to the fuel gas saturator. The end result is extensive
reliance on heat exchange to conserve energy. °

Design assumptions for the once-through methano! unzs :re summarized in
Table 1 based on LaPorte PDU results with CO-rich gas{3.,4)_ The base case
process design was developed for an once-through LPMEOM unit capable of
converting approximately 20 percent of the synthesis gas energy from a
Texaco gasifier into fuel-grade methanol with a purity of greater than 97
weight percent. A flowsheet for the LPMEOH unit is shown in Figure 1.
This unit is designed to fit between the gas cleanup and the fuel gas
saturation sections of the 1GCC facility.

Cleaned synthesis gas from acid gas removal 4s preheated in 2 series of
exchangers to about 6000F and then passed through a series of guard beds.
The gas is then cooled to 460°F for injection into the LPMEOH reactors.

The required heat removal equipment is contained within the LPMEOH reactor
and the unconverted syngas is disengaged from the slurry in a separate
vessel. Temperature control is achieved by regulating the steam pressure
in the steam drum. Other configurations, such as external cooling of the
s1urfgland slurry/gas separation within -the LPMEOH reactor, are also
possible.

The unconverted synthesis gas from the slurry separator at about 4820F is
cooled first in the feed/effluent exchanger and then tn the BFW heater to
about 3000F. = The majority of the evaporated hydrocarbon oil is condensed
at this point and separated from the gas stream.

The essentially oil-free gas is cooled first in a series of gas/gas
exchangers and finally in a cooling water exchanger to 100-11006F,
Unconverted gas is sent to a fuel gas expander {not shown) after
exchanging heat with the reactor effiuent. About 89 percent of the
methanol produced is condensed and removed in the vapor/liquid separator.
Dissolved gases are removed from the methanol product in a two-stage flash
system before being sent to storage. The methanol produced contains about
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1.4 percent water, 0.7 Eercent ethano] and higher aleohels, and about €00
ppm of oil, This methanal eould be easily purified to chemicd]-grade
pethanol in a single-tower system.

Figure 2 13 2 iianifind block dilgram pf the 16CC facility with
once-through methanol coproduction (JGLL/OTH). Raw ﬂ{nthesis gas exiting
the convective coaler at G6500F {5 exchanged with methano) puard bed feed
and ther sent to serubbing. The scrubbed gas containing approximately 2€
weight percent water is reheated by exchange with 15258 psia saturated
staam to 4309F and passed through a COS hwdrolysis reacter, raducing the
c:rhnn{1 culfide to 14 ppm. This §5 further reduced to 10 ppm %n acic gis
removal and the remainder is absorbed in the methanol guard beds.

The depleted fue? gas from the LPMEOH unit is expanded from 725 psia and
164%F 1o 3%0 psia and BSOF, generit1n§ 5.3 megawatts of slectricity. It
is then saturated and heated to about 3539F by countercurrent contact with
hot beiler feadwatar in & tower to give i gas with a water content of
about 29 weight percent. The saturated gas water content is further
Increased to zbout 36 percent by injecting medium-pressure steam from the
LFMEOH unit and 45 reheated to about 400 by exchange with hot gas from
COS hydrolysts. Tha introduction of stasm to the depleted fuel gas bafcre
being burnkd 1n the gas turbine combustar has the effect of reducirg W,
epissicns in addition to pruviding additiona) power in the gas turbine. A
summary of 1GCC/OTM operating performance j5 found in Table 2.

Capital costs and cost of production estimates have been developad for the
IGCC/GTM facility. The methadology chesen for this analysis involves
developing a cost ef productien for wach plant segment. Thus, a syngas
cost 15 developed for the gasification, gas cleanup, and oxygen plant
Facilities. This syngas value it then used to generaie 2 metharol price
for the LPMEGH unit and an electricity price for the power facilities,

Aftertax discounted cash flow [DCF) returns of 7.5 percent based on totsl
equity firancing ware assumed for syn%as; methanol, ard electricity
products instead of the more tomplex utility financing generally zppiied
10 projects of this type. The aet Tesult is similar,

A brezkdown of total fixed jnyestment for the IGLC/OTM Facility, by plant
section, is shown in Table 2. The total facilit has been split inte 2
gasification section at 5485 mi11ian, 1 methanol facility at %26 millien,
and a power generation section at $297 million. The total fixed
invastment 5 $B1E million. This s onty slightly less than the cost of
an iGCC-only facility. Both units would g; jdentical in syngss generation
size, but vary in power facility size and sther plant sections.

Casts of production for the IGCL/AOTM case are eymmarized in Tahle 4.
Syngas praduction i+ handled a5 a $eparate cost item with return on
capital investment inciuded. The syngas cost plus return = used as 2 raw
material price in methanol and glectricity peoduction. Thus, the capital
investment in the gasification facility is recovered through the transfer
of syngas to the methanol urit and the combined-cycle facility.

A11 utilities are transferred internally among the thrae plant sections at
their cash gosts of production. For &lectricity, this is 1.6E cents Eer
kilpwati-kour. The cash costs for varioLs steam Tevels and 55C°F boiler
feedwater are propertiomal to their enthaipy, usin3 7400F boiler
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feedwater as the reference. Absolute values for the steam and boiler
feedwater costs are determined from their equivalent cash costs in a
coal-fired steam boiler. Based on the resultant steam values, the
gasification and combined-cycle units have slight positive utility costs
whereas the methanol unit has a net utility credit. Steam is a valuable
export for both the gasification and the LPMEOK units, but, in the case of
gasification, the potential credit is offset by electricity demand in the
oxygen plant.

The 1GCC/0TM facility produces syngas at a cost 1us'return of $4.83 per
MMBtu, fuel methano) at 45.3 cents per gallon, and power at 4.64 cents per
kWh. The fuel methanol price is equivalent to $7.12 per million BTU.

n v n js_and Enhancem
Over the years a number of methods have been used for the development of

the LPMEOH process to represent the conversion of synthesis gas into
methanol in a manner useful as a predictive tool. The simplest method for

- predicting the expected methanol yield in an LPMEOH process involves

correlating the synthesis gas conversions in terms of approach to methano)l
equilibrium.

In order to develop methanol conversions over a pressure range of 515-1265
psia and a space velocity range of 4,000-12,000 standard liters per hour
per kilogram of catalyst, simultanecus methanol and water-gas shift
equilibria were computed. Using end-of-run conditions from a 40-day test
at the LaPorte LPMEOH PDU with carbon monoxide-rich gas, an approach to
equilibrium curve was developed that represented the operating range under
investigation in this study. _

The resultant methanol productivities at various average reactor pressures
and space velocities are depicted in Figure 3. Carbon monoxide
conversions vary from 5.9-10.3 percent at 515 psia to 19.8-24.5 percent at
1265 psia compared to the base case value of 13.2 percent. Accordingly,
methanol productivities vary from 8.7-15.5 gram moles per hour per
kilogram of catalyst at 515 psia to 20.4-49.7 gram moles per hour per
;ilggram of catalyst at 1265 psia as compared to the base case value of
2.3.

Process designs, capital cost estimates, and costs of production were
developed for a range of pressures and space velocities. Only the LPMEOH
unit itself was investigated in this sensitivity amalysis. Thus, all
information relating to the gasification and combined cycle systems was
held identical to the base case design, including capital investments,
steam and electricity production levels, and syngas and electricity costs.
Although this assumption can result in some differences in the methanol
cost of production calculations, the trends observed over the range of
pressures and space velocities should be indicative of those that would
result from a more thorough analysis that includes ‘the economic effects on
gasification and power generation.

A series of cases was developed for a gasifier pressure of 700 psia.
Compression was added to boost the syngas from 595 psia at the inlet to
the LPMEOH unit to 845, 1095, and 1345 psia, allowing methanol synthesis
at exit reactor pressures of 765, 1015, and 1265 psia, respectively. Each
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Eeaagre Tevel was eviluated at space yelocities of 4,000, 8,000, and
1 a

Total capital investment for the LPMEOH unit including compression and
expansion s summarized as a functian of space welocity in Figure 4 and as
s function of mathanol production in Figﬁre &, In each of thesg figures,
the reactor exit pressure varies from 15 psia, where no compression 13
needed, %o 1285 psiz. Methanol cost plus return as_2 function of space
:e1gﬁity 1; depicted In Figure & and a5 2 function of methanol production
r Figure 7. :

A twp-reactors-in-series cenfiguration was also studied, but is not
discussed here.

¥ = i

£ conventional vapor-phase methano! (CVPH) design was also configured to
Fit inta a Texaco-based IGCC faellity. A dasign containing both radiant

lus convective and radiant plus quench trains was chosen as the basis.
he quench train is used to saturate a portion of the raw gas stream with
water to aid 1n prumotin% the €0 shift reaction. The convective train is
used to maximize the thermal effichency of the remaining gas 1in the
system. The conventicnal methanol unit was siXed to produce the seme
amount of methanal as in the LPMEDH process, 577.5 tons par day.

As shown in Figure £, insertion af .a LYFM unit after the acid gas removal
system requires & nominal gasifier pressura of 950 psia to accommpcate an
axit reactor pressure of 735 psia, This eliminates the need for any
intermadiate reactor feed gas com ression. [n the convegtive train the
raw pas 15 scrubbed for removal aof any ash particlies, cooizd to L1019F to
condenze out water and ramcve hzat thit 1s supplied %o the saturator, and
sant to acid gas removal for sulfur cleaning. On the guench side the raw
gas is scrubbed free of any ash particles, enters a (0 shift reactor to
adiust the hydrogen to carbon monoxide molar ratio, cooled to IDLOF to
ramnve water and supply heat to the saturator, and sent to acid gas and
carbon dioxide removal, ’

The Taw gas exiting the radiant boilers s gplit into two streams - 12.2
percent enters the quench unit and the remaining B7.B perceni passes
through convective boilers producing 1545 psia steam. This gplit it
datermined by the methanol production of the conventional vapor-phase
methanol facitity. The guenched raw gas enters a €3 shift reactor
producing 3 gas with a hydrogen to carboh monoxide ratio of 12.9 Lo §.0.
In order ta achieve s hydrogen to carbon monax i de rati% of 2,4 to 1.0, 2
criterion set by an axisting Stone and Webster desi?n.{ ) 11.3 percent of
the scrubbed gas from the convective train 1% spiit pff, sent to 2 [0S
hydrolysis unit, and combined with the serubbed gas exiting the carben
monexide shift reactor. The converied gas exiting the CO shift reactor is
highly hydrogen rich and must be combined with carbon monoxide-rich gas in
the conyective train. This blending producas a gas with the eroper
kydrogen to carban monoxide ratio. A L0S hydrolysis unit 15 necessiry to
convert carbony} sulfide into hydrogen su fida. The acid gas removal
units will then selectively remove sulfur compounds and carbon dipxide.
The cataiyst used to perform CO shift will alse promate the COS hydrolysis
rea:t:u?; thergfore, no additional COS hydrolysis unit is necassary in the
quenc riin.
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The cleaned and conditioned gas from the quench train is sent to a
convantienal lurgi methanol resctor shown in Figure 9. Tha fresh reactor
feed gas is samt threugh guard beds te remove any remaining sulfor
¢oMpounds and any carbony) cempounds, which may poison the rethanel
catalyst. This stream is combined with the pressurized recycle gas and
?liiﬂd through Feed/effivent exchingers to heat the fwed sireanm to dEDOF

his unit has the chialyst present on the fnside of tha tubes and the
steam production otcurring on the shal) stde of the reactor. The #ffluent
from the reactor is cooTed through a Series of sxchangers to produce a
two-phase mixture. This mixture 15 separated so that the vapor stream is
pressurizad up to reacter pressure and combined with the frash reactor
feed gas. The liguid, tomposed mainly of methanol, {s sent to
gistiliation columns for purification of the produect to 58.3 weight
percent methanol and 1.7 weight percent watgr. The exothermic heat of
rexction produces 555 psia steam, which 15 semt to an {ntermadiate
pressure steam turbine that produces electricity.

Becavuse the CYPM system has & recycle stream, oniy 22.1 percent of the
cleaned syngas 15 required. The rémaining partion passes through the
convective sida cooling trafn and on to the fyue) gas saturatar, A small
purge stream from the methanc] unit is combined with the fuel gas from the
convective train. The purge is required to eliminate any buildup of
inerts in the system. The carbon dioxida removed in the acid gas removal
unit f& simply pur?ed because over §6.8 weight percent of this stream is
carbon dioxide. L 5 not worth recovering this stream for only 0.7
weight percent of hydrogen and carbon monoside.

Some design assumptions for the.tnnventiuna1 vapar-phase methanol case ire
summzrized in Table 5. The net cperating performance dati for the
IGCL/CVPM facility are shown in Table &,

The breakdown of total fixed investment for al) sections of the plart s
Iven in Table 7. Here, the tntal plant investmant for the gasification
ront-end, which includes the convective and quench trains, C8 skift, and

carbon dioxide removai, is $504 miilign. The power requiremgnts for this

section are B7.] megawatts. The total plant, investment for the methaned
section is S48 milTion with a POWEr consumption of ).2 megawatts. The
total fixed investment of the power generation section 45 $304 million.

The power preduction is 630.7 me dwatts with an internal power CEnsSUMpt ion

of 10.4 megawztts, Tota?l plant investment 15 $B48 mi? fon, with 3 net

power generation of S32.5 megawatts and 9379 tons pey day of methano).

The vapor phase methanol production fatility 15 more expensive than the
LPMEDH unit bacause of the type of reactor studied, the presence of z
recycle compressor, and the reguiremsnt of purification eciumns to achieve
a fuel-grade methanal product.

eculgtive Once-Through ¥a =Phasie Technol

Under carbsn monoxide-rich conditions as opposed to hydrogen-rich
conditions employed commerciaily, vapor-phase methanoi processes tend to
Broduce considerably more higher alcohols., To tapitalize or this
phensmenan, several Grganizatiocns have teen developing cesolvent alemhol
processes based on modifications to vapnr—?haia methanol technelogy where
the objective i3 to produce & mixed alcoho proquct that can be usea as a
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motor fuel additive. These processes generally rely on modifications to
methanol synthesis ecatdlysts and higher Teactor temperatures to further
grhance the proportion ef pi hor alcohols, By-prodguct water is alsn
produced. Carbon dioxide levels in the feed gas must be Yimited 4n order
to maintaln hlgh razction rates and to reduce water formation since water
pust be removed in the mater fuel application.

gased on feed ¢is reguirements, it could be speculated that a carbon
wonoxide-rich wapor-phase process would fit into an IGCC facility in a
wanner very sieilar to Liguid Phase Methancl. Altheugh such a design
would be 1nterest1nﬁ to compare against Liguid Phase Met gnol, 4t must be
pointed out that there are 1 number of yncertainties associated with a
tpecuiative unce-thrnu?h vapor-phase design. First of all, the resultart
metharol/higher alcohol product has not yet baan tested as a turhine fuel,.
Water removal may or may not be pecessary. f1thaugh Liquid Phase Methznol
produces seme higher aicohols and sther by-products, the quantity is enly
% small fraction of that produced in the vapor-phase processes under
carbon monoxide-rich cenditions. finally, reaction rates, catelyst
Tengevity, and proc¢#ss flextbility under 1GCC conditions aré §5slUeS
requiring further scrutinr before the viability of a once-thraugh
vapor-phase scheme can be placed on the sime leval of certainty as Liquid
Phasg Methanol. Despite thig, develapment af o speculative design for
carbon monoxide-rich vapor-phase technology for comparison against Liquid
Phase Methanol helps to complete the assassment of osptioas for
ILCe/methann]l facilities.

In order ta develop a gasign basis for wvapor-phase cirbfg E?nnxide-rich
mpathano] synthesis, available data were pxaminegd, Lo Alcohol
rodurtivity versus space velocity is shawn graphicn11{ in Figure 1&.
nspection of faformationm of this type makes it possiple to devalop &
basis for the vapor-phase design.

Orne of the more intaresting aspacts of the vapor-phase design involves the
permissible level of carbom dioxide in the synthesis gas, 3Since avidence
aints to the necessity of maintaining relatively tow carbon diexide
nve?i for optimal preductivity, a kinetic mpdel proposed by Klier EtL
a1 17} was fmplemented to study the effacts of carbon diexide
concentration on carbon manoxide conversion, Although use pf this model
involves extrapolation from 1is nriginIE hydragen-rich basis, the results
for a Texaco synthesis gas at 2500C and 1,000 liters/hour-kilogram
catalyst space velocity show a maximum at # percent carbon dioxide in the
fosd as indicated in Figure 11. The predicted maximum reatlion rate s
about 10 gmal per hour per-kilogram of catalyst.

From the Bndersen data {ﬁg, a temperature af 2BSOC in & doped catalyst
would result in about 15 weight percent hiﬁrer alcohols. The high
temperature is required to simo taneously have high productivities and to
dep Eteihyiprnduct water, provided the carbon dioxide corcentration in the
syngai 5 law.

A vapor-phase Teactor sysiem would have the disadvintage of & low imlet
carbon dipxide concentration requirement, Thiz $nvelves additional gnergy
consumption in the form of low-pressure sleam for carbon digxide stripping
in the acid-gas ramoval system, At this point, it 4% difficult fo
determine the optimum inlet carbon dioxide layel for vapor-phase alcohe]
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synthesis. A carbon dioxide Teve! of ! moi percent was chosen for this
anaiysis,

The developmental vapor-phase &lcohol {YPA) design was configured te fit
into a Texaco-based IGCC Facility, A radiant olus convective dasign was
chosen as the basis for this study because of 1ts bigh thermal efficiency,
The ¥PA unit was sized to produce an #lcohat proeduct with the same heat
availability {or Btu content) as in the LPMEGH praduct.

As shown in Figure 12, insertion of & VPA unit batween the acid gas
removai system and the gas turbine generator follows the same general
setup 35 the LPHEOM-hased facility. ¢ only difference 15 that a carbon
dioxide removal unit is added to reduce the carbon dioxide Jevel to 1 mo}
¥ertent which ix necessary to achisve the maximum a1cohp] productivity.
he removed carbon doxide stream 15 compressed to 390 psia and combined
with the unconverted synthesis gas being sent to fuel gas saturation,

Dasign assumptions for the once-through developmanta? vapor-phase alcohol
OTVPA) unit are summarized in Table B. The netl opgrating performance
ata for the IGCCAOTVPA facility are showh in Table 9.

A flowsheet for the VPA unit is shown in Figure 13, Cleaned synthesis gas
from scid gas removal ts prebeatad fn = series of sxchangers to about
B00OF and then passed through a series of guard beds befora being sent tp
the YPA reactor. The gas fs then cocled to 4600f for injection into the
¥PA reactor., The VPA reactor s a Fixed-bed unit with the catalyst
present in the shell side of the reactor and a spiral tube bundle present
for removing the exothermic heat of réaction, theraby producing steam,
Temperature control 1s achieved by requlating the pressure §n the steam
arum. The steam produced cam be as high as 705 psia dus to the reacter
effivent temnerature of S480F, The reartar effluant, at about 54507 is
first cooled in the feed/offluent exchanger to 2029, and then in the
effluent toolers to mbout 1D0OF. Aboyt 90 percent of the alcohel proguct
is concensed at this point and separated from the gas stream in 1he
vapor/liquid separator. Unconverte gas 15 sent to a fuel gas expander
{not shown] after exchanging heat with the reactor effluent.

Dissolvec gases are removed From the alcohol product in a two-stage flash
system before baing sent to storage. The alcohel produced contains about
84.3 percent mathancl, §.9 percent ethancl, 3.1 percent propanc?, 2.8
percent butansl, 1.3 percent sthyl acetate, ©.] percent pentane, ang 0.8
percent water. It fs assumed here that most of the water formed From the
production of higher alcohsls §s consumad in the shift reaction producing
cirbon dioxide “and hydrogen. If this s mot ths Cise, aAzZeptropic
distillation woyid be requited to produce a fuel-grade aleohol product.

A breskdown of total fixed investmant for the IGCC/QTYPA factlity, by
plant section, is shown ip Table 19. The total facility has bean ‘5p1it
intc a gasification section at $4%3 million, an alcohol” facidity at $25
eillion, and a power ?enerltinn section at $311 millign. The total fixed

lion. This is abort 2 percent higher thin the cost
of the IGCC/OTH facility.
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As 4in the case of LPMEOM facility design, the gconomics of gach of the
vapor phase processes wis anzlyzed in terms of fts three facility
segments.  Howaver, Pprocess comparisons are BDOTE discernable using an
pyarall cost of pru&u:tinn aralysis for each process where fuel alcahal 1s
considersed the prime product and electricity is considered a by-product.
For wase of comparison, all three fuel alcohol products are considered on
a higher heating valve basis and electricity is valued xt the price
developed by the LPHECH Factlity hase case analysis of 4.64 cents’ per
kilowatt-hour. The methanol/eicohr] sales costs for the conventionat
vapor-phzse methanol facitity and faor the developmental yapar-phase
alcohol facility are 10.5 percent and 5.7 percent higher than for the
LPMEOH facility, respectively. From these results a clear Qistinction is
evident. The IGCC/OTM plant is the most geonomical, follpowed by the

1GCE/GTYPA plant, which is followed Dy tha MGCC/CYPM plant. A summary af ’

the sconomics for each facdlity 1s given in Table 11.
- ] TION

A conceptual design developed for am a11-methancl Liguid Phase Methanal
(ALLPMEGH) facility E&fe on natural gas feedstock, reveazled aquite
epcouraging resulis. The conceptual ALLPMEQOH design utilized =
two-stage system §n which a large percentage of carben monoxide was
converted to methanoi tn the first stage and the remainder of the carban
monoxide and unconverted carborn digxide was converted in the subsequent
staﬁa utilizing a recycle stream to the second stage in ordar to phtain
high carbon efficiencies. )

To further assess tha commercial poteatin] for am 211 -mathano?! precess it
wat decided to determine the sconomic feasibility of ctilizing a frent-end
based on Texaco coal gasification im conjunction with a twp-stage
liguid-phase a11-metiharo back-end. In this evaiuation, the material
palance arpund the ALLPMEOH process based on the natural gas design was
retzined to fecilitate comparisen., This umit kas the motential for
approximately 5,200 5TFD of methanel product from a single traim,

Since an objective of this evaluation was te develop a conceptual design
that would achieve all-mathanol production with maximum thermal
efficiency, the destgn includes both quench and convective trains as shown
fn Figure 34. The guench traim it needed to sufficiently saturate the ?as
stream with water to allow a CD shift reaction 1o be carried out. he
shift reaction along with a carbon dioxide purge al1ows control of the
syngas fead composition to the LPMEOH unit. The convective train allows
maximum heat reenvery. A CQS hydrolysis unit must be added batwegn Taw
gas scrubbing and acid gas removal 0 the convective train section te
convert carponyl sulfide into hydrogen sulfide. An acid gas removal unit
1s required to selectively remove sulfur and carbon digxide from the
syngas. Frior to entering the | PMEOH reactor, fesd gas must be heated and
sent to guard beds for removal of carbonyls, sulfur, and other potential
poisons. Finally, compression is required to deliver the clean syngas ta
the first stage at a pressure of approximately 1530 psia.
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The conceptual design of the ali-methanol LPMEQH process is partly based
on a U.S. patent, which describes a Liquid Phase Methanol ffsgtor staging
process for the production of methanol from & syngas feed. . Reaction
conditions, summarized in Table 12, are maintained so that the reactor in
the first stage favors the conversion of carbon monoxide over ecarbon
dioxide relative to the reactor in the second stage, Conversely,
conditions are maintained in the second-stage that favor the conversion of
carbon dioxide over carbon monoxide relative to the first stage. :

Figure 15 depicts the two-stage ALLPMEOH design with fnterstage carbon
dioxide removal. Synthesis gas from the coal gasification section enters
the first-stage LPMEOH reactor, after being heated by the feed/effluent
exchanger. Boiler feedwater is used to cool the reaction thereby
generating medium-pressure steam. After the feed/effluent exchanger,
reactor effluent is further cooled to condense the crude methanol product.
Crude methanol product is collected in a vapor/liquid separator, and sent
to methanol stabitization. The uncondensed gases from the vapor/liquid
seéparator are sent to a carbon dioxide absorber column after being further
cooled in the feed/effluent heat exchanger.

The gas stream is introduced at the bottom of the carbon dioxide absorber
column. Carbon dioxide is removed by introducing cold methanol at the top
of the column. By maintaining a 400F temperature for the cold methanol
feed, the removal of carbon dioxide can be controlied. Condensed methano!
from the bottom the column, containing carbon dioxide is sent to a
hydraulic power recovery turbine. The power generated is used to partly
meet the power requirements of the methanol circulation pump. The carbon
dioxide rich methanol stream is then sent to the carbon dioxide stripper
column. Nitrogen, recovered from the air separation unit in the

gasification section of the process, is uysed as a stripping gas. The

regenerated methanol is then recycled to the top of the carbon dioxide
absorber column. :

The synthesis gas leaves the carbon dioxide absorber column and is
compressed to approximately 2200 psia in a booster compressor. After
being combined with gases from the recycle compressor and cooled by the
feed/effluent exchanger, the gas is introduced into the bottom of the
second-stage reactor. Again boiler feedwater is used to control the
reaction temperature and to generate medium-pressure steam. Effluent from
the second-stage reactor is cooled to condense methanol from the effluent
stream. The liquid/gas mixture is se arated in a vapor/ liquid separator.
Crude methanol product is sent to stag11ization and gases are recycled via
the recycle compressor.

A1l plant power requirements are met by generating electricity from the
steam accumulated from gasification, €0 shift, methanol synthesis, etc.
The total steam ?eneration exceeds the amount needed for in-plant
purposes. Therefore, surplus electric power can be generated and
exported. Total electricity generated is 144.] megawatts. The
gasification section steam production accounts for 88.9 megawatts and the
LPMEOH section for 55.2 megawatts. Total energy requirements for the
16/ALLPMEOH design are 131.5 megawatts, resulting in a net export of j1.8
megawatts.
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The capital cost breakdown for the high-pressure two-stage LPMEDH facility

with a Texacs gasifier frent-end preducing 8,227 STPD of methanol is
summarized in Table 13. The teotal fixed capital investment is $E10
mi1lion dollars, with $124 million {15 percant; attributed to the methanol
synthesis/purification (LPHEOR) section, %597 million 134 percent) to the
lsiiiiatinn section and $89 million {11 percent) to the nower-generat ion
acility.

The cost of production for the IG/ALLPMEOH case has besn developed and is
presented in Table I4. The basis for this cost of production estimate is
& non-utility, investor-gwned Factitty.

The I&/ALLPMEDH facitity produces methanol at a full cash cost of
production of 33.5 centy per gallon. Depreciation charges add 26.9 cents
par galion, giving & net cost of preduction of &0.4 certs, A sales price
of €7.3 cents is required to achisve a 1D percent discounted cash flow.
This is significantly higher than a natural gas based design dua primarily
to capital investment and related factors.

FUTURE WORK

Atz implied above, A coal-to-methangl facility cannol currently compete
cost effectively with a design bassd on natural gas. However, it would be
useful to compare the ALLMEOH process aconomics with an equivilent
convantfonal vapor-phase methanot synthesis voute from coal. This will be
accomplished in the near future. 1f, as mxpected, the two-stage LPMEOH
concept i5 morg attractive than corventional coal to all-methanol, the
next stap would involive laboratary verificetfon of the process
assumptions.

With regard to once-through LPMECH process pvaluations, it 1s intended to
update the base case IGLC/OTH design and economics upon cemplation ef the
current LaPorte run. Pretiminary indications ars that $ncorporation of
211 current pracess and cata1{Ft performance jmprovements will result in 2
£-10 percent decredse in methanol selling price compared to tha already
favorable valuss reported harein.
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e o

H _UN PT10N

Space vu1ucit;, L/hr-kg cataiyst 8,000

Tenperature, °F 482

Pressure, psia L))

[0 conversion, % 13.2

Q> conversion, % 1.1

caTeckivity to methancl, mal % g%.58

fatzlyst concentration, wi % k11|

Catalyst replacement rate, %/day Q.37

Mgt methano] production, TPD [gure} 561

Met fuel methanol production, TRD 972

Table 2
DPERATING PERFORMANTCE DATA FOR JECC/GTM FACTLITY*
{HMagawatts} -
_ Powar Electricity
Produced Generated

Gas turbine power : 759.0 ‘
Bir compressor power a4l

Net shaft power 384.9 arr.z
Stegam turbines power

High pressure 65.2

Intemmediate pressurs E{ B

Medium prassure 131.6

Net shaft powsr ) 252.8 247 .7
Expansion turbine power 5.4 £.3

Total power generated in cosbined cycle 630.2
Electricity consumed in the complex 96.9

Ket nower produced 5333

aNet fuel methanol preduction: 977.6 STPD.
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N
(Mid-1987, Wi

Power generated, MW
Power consumed, MW

Net power generated, MW
‘Methanol production, TPD

Coal receiving, grinding
and slurry preparation
Oxidant feed
Gasification, high-temperature
gas cooling, particulate
removal and ash removal
Low-temperature gas cooling
and fuel gas saturation
COS hydrolysis, acid gas
removal sulfur recovery,
and tail gas treating
Steam, condensate and BFW
Combined-cycle system
General facilities
Methanol unit

Project contingency
Initia) catalyst and chemicals

Total blant investment

CHEM SYSTEMS

Iable 3
NT

iens of Dollars
Gasifi- Power Total
gation LPMEOH Gener, Plant
. - 630.2 630.2
85.8 0.4 10.7 96.9
(85.8) (0.4) 619.5 £33.3
- 977.6 - 977.6
38.9 - - 38.9
103.6 - - 103.6
164.9 - - ‘164.9
11.6 - 5.3 16.9
36.9 - - 36.9
- - 5.6 5.6
- - 207.2 207.2
63.2 4.7 38.7 106.6
- 26.2 - 26.2
419.1 30.9 256.8 706.8
62.9 4.6 38.5 106.0
3.1 1.0 1.4 5.5
485.1 36.5 296.7 818.3
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Table &
MMARY ECOMOMICS
EQR [GCC/DTH FACILITY
Texaco
1 1
Btu)
Raw materials
Coal @ $35/57 205
Syngas B $4.82/MMEtu -
Catalysts/chemicals 3
Total raw materfals 208
Urilities ' 2
Direct cash costs -1
Attocated cash costs 39
By-product credits
SuTfur & $75/51 {15)
Ash disposal & $18.50/ST 6
Total by-product cradit (§:)]
Cazh cost of production 295
Cost pius return B 7.5
percent DCF 483
TaBiL 5

LEL ] N Lk

Space valu:itg. he-1
Tenperature, BF

Prassure, psia

Feed Hp/CO (mplar)

Feed C07 concentration, mol %
$electivity to methansl, mel %

Met methanol praduction, TPD {pure)

52

9,000
510
735
2.40
3.04

100.0

g8l.2

CHEM SYSIEMS

Combined

S an

Ll

w S th

a.68

4.64




IABLE §

P N RMANT

Mogawattis

62s turbine powsr
Air compressor power

Net shaft power

Main steam turbine power
High pressure
Intermediate pressure
Medium pressure

secondary steam turbine power

Net shaft power

Total power generatad in combined crcle

Electricity consumed in the complex

Met power produced

* Nei methang]l fuel production:

53

277.9 STPD.

Powar
7Te.9
Jng.9
378.0

5i1.1
136.9
12.6

266 .1

CHEM SYSTEMS

T

E1actr1city
er

o

260,28
§31.2

G8.7
532.5
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Jable 7

T FACILITIES MENT_FOR JGCC/C
Mid-1987, Mitiion Dollars)

Gastfi- Power Tatal
gation LyeM Geney, Biant
Power generated, MW - - 631.2 631.2
Power consumed, MW B7.1 1.2 10.4 88.7
Net power generated, W [87.1) ;l.!} 620.8 532.5
Methanol .production, TPD - 9i7.8 - a77.9
Caal receiving, grinding
and slurry preparation 36.9 - - 38.9
Dxidant foed 105.6 - - 143.6
Garification, high-temperature
gas cogling, particulate
removal and ash removal 161.9 - - 161.9
C0S hydrolysis and GO shift 4.6 - . 4.6
Low-temperaiure gas copling
ard fuel gas saturation 18.9 - 4.9 3.8
bcid gas removal, sulfur
recovery, and tail gas treating 41.5 - - 4].5
Steam, condensate and BFW . - 5.7 5.7
Combined-cycle system - - 2ie.? Z12.7
General facilities 65.6 £.2 33.7 112.5
Methanol unit - 29.1 - 28.1
435.0 34.3 263.0 732.3
Froject contingancy 65.3 E.1 g5 105.5
Initial catalyst and chemicals 1.8 1.0 i.é 6.2
Total plant investment E04.1 40.4 303.9 845 . 4
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* Net fuel alcchol production:

JABLE &

NIT N MPT]ON

Space ve1ocitg, hr-1
Temperature, OF

Pressure, psia

Feed HB/CO {molar)

Feed CU? concentration, mole %

CO. conversion, percent

Selectivity to methanol, mol percent
Selectivity to ethanol, mol percent
Selectivity to Eropano}, mol percent
Selectivity to butanol, mol percent

Selectivity to ethyl acetate, mol percent

Selectivity to pentane, mol percent
Net alcohol production, TPD {pure)

TABLE 9

QPERATING PERFORMANCE DATA FOR [GCC/OTVPA FAC])

CHEM SYSTEMS

3,000
545
795

0.77
1.00
13.6

78.64

B.54
4.28
5.34
2.23
0.97
887.6

{Megawatts)

Gas turbine power
Air compressor power

Net shaft power
Main steam turbine power
High pressure
Intermediate pressure
Medium pressure
Secondary steam turbine power
Net shaft power
Expansion turbine power
' Total power generated in combined cycle
Electricity consumed in the complex

Met power produced

55

895.9 STPD.

P

ower
1]

768.4
386.8

381.6
65.0
54.6

137.2
13.5

270.3

5.3

[TY*

Electricity
Generated

374.0

264.9

5.2
644.1
106.0
538.1
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JABLE 10
ACTLITIES NT _ED CL/aTyR
Mid-19B7, Millions of Dollars)

Gasifi- QTYPA Powey Tetad
Latisn Upit gengr. Elant
Fower generated, MW - - E4d_] 644.1
Power consumed, MW 2g.4 0.1 - 17.5 106.0
Net r generated, MV {88.4) ;ﬂ.ll 626.6 Big.]
Alcohol production, TPD - BY5.9 - - B35.5
Coal recelving, grinding .
and slurry preparation .5 - - 38.5
Oxidant Feed 1016 - - 103.6
gasification, high-temperature :
gas cooling, particulate
removai and ash removal 164.9 - - 164.5
Low-temperature gas cooling
and fyel gas saturation 11.6 - 5.3 16.9
COS hydrolysis, acid gas
removal, CO; compression,
sulfur recovery, and tail ‘
gas treiting ir.1 - 5.2 52.3
Steam, condensate and EFW - - 5.B E.2
Combinad-cycle steam . - 2iz2.2 21z2.3
General facilities 65.0 3.0 40. 8 108.6
Aleenol unit - 17.2 - 17.2
£31.1 20.2 ?69.2 720.5
Project contingency 64.7 3.0 40.4 108.1
Inittal catalyst and chemicais 3.5 1.7 1.4 6.6
Tetal plant investment 49%.3 24.9 Jll.g 83s.2
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JABLE 11
Y NCE-THRCEHGH PROS
(3/MM Bty
IGCe/ GG/
LEMECH L¥pu
Raw Materials
Coal @ $35/37 i1.70 11.78
Latalyst/Chenicals D.71 0.48
Total Raw Materiaiz 12.41 12.24
Ut#Tities {21.42) {3].60)
Direct Cash Costs - q.8% £.0D
ATlocated Cash Costs 3.71 3.8%
By-product Cradits
Suifur & S75/5T (0.83) {0.85)
Ath Disposal & $10.50/57 ¢.33 0.33
Total by-product credit {0.52) (0.53)
Cash cost of production {10.98] {11.00)
Lozt plus return @ 7.5
percent DCF 7.1z 7.87
TABLE 12
ALLPMEQH UMIT DESIGHN ASSUMPTIONS
. STAGE 1
Space velocity, L/hr-Kg cat B, 500
Exit temperature, OF 482
Exit pressure, psia 1,450
Larbon monoxide canversion, % 60 .5
Cerbon dioxide conversion, % 0.4
NHet crude methanal produced, S5TPD 3,143

CHEM SYSTEMS

16CE/
QTVPA

12.02
0.80

12.82
(32.63)
E 04
3.88

0.87
tﬂ_3‘1

(0.5¢)
(11.44)

T.53

TAG

10,000

500

Z,130
£5.2

7.3
2,084
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TAE 17

ﬂ&ﬂﬁﬂwm
H ELAN ™

(Kid-1587, Millions of Dollars)

Pover Total
Gasification LPMEOH  Genevation Plgnt

Power generated, MW 144.1 144 .1

Power cansumed, MW 113.9 15.7 i.9 131.%
Net power generated, MW {113.9) 15.7) i42.2 11.8
Methanol production, 3TFD - 5,227.9 - £.227.0

Coal Receiving, grinding

and slurry praparstion 41.1 - - 41.1
Qxidant Feed 13¢.6 . . 1352.6
Gasification, high-temperature

gas cooling, particulate removal

and ash removal 129.% - - 165.9
Los hydrolysis and C0 shift

reactor . il.3 - - 11.3

Low-tamperature gas cooling £8.1 - - 26.1

Acid gas removal, sulfur : '

recovery, and tail gas .

treating 3.0 - - 5.0

Steam, condensate and BFW ' . - 5.2 £.2

Power system - - 6C.7 60,7

General facilitias 77.3 . 18.3 11.8 104.2

Matharel unit - £2.9 - 6.9

Cistillation - i . 2v.7
Subtotal . E15.3 16.5 7.6 £09.3

Preject Contingency 7.4 16.0 11.% 105.0

Initsal catalyst znd chemicais &5 1.3 0.0 .9
TOTAL PLANT INVESTMENY 557.2 123.8 B9.2 B1G.72
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JABLE 14
T OF TION

Capacity, MM gals methanol/yr
On-stream time, hrs/yr
Capital Cost, MM §
1SBL
Offsites
Total Fixed Investment

Horkin? Capital
Total Investment

pduct{ 0 ummar
Net Raw Materials
Total Utilities
Variable Cost of Production

Total Direct Cash Cost
Total Allocated Cash Cost

Full Cash'Cost of Production
Depreciation

Net Cost of Producfion
Required Sales Price at 10% DCF

59

527
8,000

606.3
203.9

810.2

61.4
871.6

17.9
(0.7)
17.2

8.0
8.3

33.5
26.9
60.4
67.3

CHEM SYSTEMS
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ME THANOL PRODUCTION, gmale/h - kg cat.
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FIGURE 3

PRODUCTIVITY ESTIMATES AT VARIOUS REACTOR

PRESSURES AND 250°C WITH CO-RICH GAS
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TOTAL CAPITAL INVESTMENT, $SMILLION
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FIGURE 4

METHANOL FACILITY INVESTMENT FOR LPMEOH
INLET PRESSURE OF 595 PSIA AS A FUNCTION
OF SPACE VELOCITY AND COMPRESSION
TO VARIOUS REACTOR PRESSURES

BASIS: MID-1987

FUEL GAS EXPANDER INCLUDED
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TOTAL CAPITAL INVESTMENT, $MILLKON
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FIGURE 6
METHANOL COST PLUS RETURN FOR LPMEOH
INLET PRESSURE OF 595 PSIA AS A FUNCTION
OF METHANOL PRODUCTION AND COMPRESSION
- TO VARIOUS REACTOR PRESSURES

FUEL METHANOL COST PLUS RETURN, CENTS/GALLON
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FRRUBET
METHANOL COST PLUS RETURN FOR LPMECH

INLET PRESSURE OF 595 PSIA AS A FUNCTION
OF METHANOL PRODUCTION AND COMPRESSION

FUEL METHANOL COST PLUS RETURN, CENTZ/GALLON

TO VARIOUS REACTOR PRESSURES

BASIS: MID-3027
T.8% ODCF AETURN
SYMNGAS AT §4.83/MMETU
POWER AT 5,568 CENTS /KWh
FUEL GAS EXPANDER INCLUDED
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