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This report focuses on the work directed towards the demonstration of ona-
step, slurry-phase coproduction of dimethyl-ether (DME) and methanol.

First, process variable scans were complsted in the laboratory on a dual-
catalyst system which consisted of a physical mixture of a methanol
catalyst and a dehydration catalyst. These test were conducted in a
slurry-phase autoclave and the results were used to aid in preparing a run
plan and setting process targets for the AFDU demonatration. Among other
things, this work demonstrated that the preferred dehydration catalyst
proportion was between 5 and 25 wts,

Next, mocdifications to the LaPorte facility were ergineared and
implemented. The plant was then reconfigured to make it possible to
remove the producr DME and byproduct carbon dioxide from the reactor
effluent. New e ipment was purchased and some exlsting equipment was
recommissiorar

Finally, this .* technology was demonstrated in the 2 ft diamater, thirty
foot tall, slurr, reactor at the AFDU over the course of a three-week
operating campaign. Three different proportions of dehydration catalyst
were stucied to illustrate the impact of dehydration catalyst
concentration on per-pass syngas conversion and DME selectivity. Reactor
conditions were maintained at 250°C and 750 psig with CO-Rich synthesis
gas as feed; space velocity was varied at each separate catalyst
proportion.

The results from both the lahcratory and the AFDU confirm that dehydration
catalyst concentration is a key process variable. Per-pass ayngas
conversion increases substantially (by at least 30% at commercial space
velocities) with the addition of a small amount of dehydration catalyst.
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INTRODOCT IO

Air Products and Chemicals, Inc¢. is currently working under a contract
with the Department of Energy (DOE) entitled "Development of Alternative
Fuels from Coal-Derlved Syngas" to develop and demonstrate technologies
which produce oxygenated fuels and additives., The schedule for this four
year proyram, shown in Figure 1, calls for a series of plant modificationn
to, and operations at, the Alternative Fuels Cevelopment Unit (AFDU) .,

This facility is owned by the DOE and operated by Air Products in LaPorte,
Texas.

FIGURE 1: ALTERNKATIVE FURLS DEMONSTRATION PLAN
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Scme chemicals of interest include MTBE anc its precursors: iscbutanol and
isobutylene. Dimethyl-ether (DME) is one of the key compounds in this
oxygenated fuels portfolio. DME is perceived to have value as a reaction
intermediate to fuels such as MTBE as well as an end product in its own
right, The coproduction of DME and methanosl also provides and copportunity
for capital reduction when the synthaesis is integrated with power
gerieration in a Coal Gasifier Combined Cycle (CGCC) facility.

Researchers at Alr Products cemonstrated the single-step synthesis of DME
from coal-derived syngas in 1986. Since that time, work has continued at
Air Products, under contract with the DOE, to refine the technology and
adapt it to a liquid-phase slurry process. This work resulted in a mixed
catalyst system which was developed in the laboratory and demonstrated at
a semi-works rcale in the AFDU

The historical developments in DME synthesis have been disclosed elsewhere
{1,2) and wiil not be idiscussed here. Rather, an overview of the current
state of our slurry-phase DME efforts will be put forth, followed by a
discussion of recently completed works.



CHEMISTRY OF DIMBTHYL-ETHER SYNTHESIS FROM Hp/CO SYNGAS

DME can be produced from syngas via a two-step reaction mechanism. In the
firsr step syngas is converted to methanoi (MeOH):

2 Hp + CO <--> MeOH (step 1)

In the second step methanol is dehydrated to form DME:

2 MeQOH <~~> DME + H50 {step 2)

Both these steps are reversible and exothermic. At equilibrium, the
methanol production step is favored bv higher pressure; the DME step is
pressure neutral. Each of these steps is catalyzed by a different
material: methanol is produced using a metql catalyst such &s copper while
DME is produced using a dehydration catalyst such as alumina.

The copper catalyst used also exhibits activity towards the water-gas
shift reaction:

Hp0 + CO <--> COp + Hj (step 3)

Shifc is necessary to increase the hydrogen availability when processing
CO-rich synthesis gases {CO/H2 ratlo greater than one).

Multistep processes, which use separate reactors for each step, cannot
exploit the potential synergy of rhe three reactions. If these three
reactions are conducted simultaneously, methanol synthesis drives the
forward shift reaction, and DME synthesis drives both the methanol and
shifr reactions. Consequently, a One-step process is more flexible and
€an cperate under a wilder range of conditions than a multistep process.
In additiocn, multistep processes require separate reactors, heat
exchangers, and assoclated equipment.

CHARACTERISTICS OF SLURRY-PEASE DME SYNTHESIS

The work to-date has focused on slurry-mode operation using powdered
catalysts, allowing researchers to draw significantly on the results from
the successful LPMECH program (3).

commercial operating conditions include a pressure range of 1.5 MPa to 14
MPa, a temperature range of 200 to 350°C, and space velocities in the
ranje of 1000 to 10,000 standard liters of synthesis gas per kilogram of
catalyst per hour (sL/kg-hr). There is an opportunity to operate
efficiently at lower pressures. The formation of DME will drive the
equilibrium position of the methanol synthesis reaction well past the
point achieved in a methanol-alcne system, reducing the necessity for

wIuilirized Cperatiin.

sdrause of the liquid-phase's ability to accommodate large exotherms
resuliing from high conversion levels, the process is thought to be
particu.iarly useful for synthesis gases which contain large quantities cf
carpon mcnoxide and nydrogen, even where the concentration of CO in the
synthesis 7as exceeds 50 vol &%.




Catalyst loadings can vary from 5 wt % of the slurry to 60 wt., The
catalyst is suspended in an inert hydrocarbon oil. Other types of liquids
are known to work for liquid-phase processes, for example, oxygenated
species such as alcohols, ethers, and polyethers. These oxygenated
liquids should be inert and have a boiling point for single component
liquids or boiling range for blended liquids of between 150 to 450°C.

]

LABORATORY RESEARCH

Commercially available catalysts have been used primarily, although some
novel catalytic materials have alsc been examined. All catalysts were
activated according to the procedure recommended by their manufacturers.
They were slurried in either degassed WITCO 70 or degassed DRAKEOL 10,
food grade mineral oils which are primarily Cyg-C3; paraffins. Slurry
concentrations varied from 15 to 30 wt % catalyst (based on the total
welght of the slurry).

Initial screening studies were carried-out on a number of catalyst pairs
:o identify the system with the greatest activity and mutual compatibility
(2). The prototypical catalyst pair discussed here uses powdered BASF S53-
86 to activate the methanol and shift steps and Catapal y-alumina for the
dehydration step.

A variety of process variable scans were conducted to characterize
performance. Independent variables included: temperature, pressure, space
velocity, feed gas compesiticn, and catalys* proportions. The dependent
variables include: produzcivity and selectivity. A summary of the range
of process variables is included in Tables 1 and 2.

Tible 1: Foed Gas Types Studied

TYPE COMPOSITION (MOLE %)
Hs co No CO»

DOW 41 41 2 16
SHELL 30 66 1 3
TEXACO 35 51 1 13
H2-RICH T4 15 4 7
BALANCED 50 50 0 0

Table 2: Range of Process Varlizhles

VARIABLE RANGE

Temperature 250 ~ 280 °C

Draseure £ - 10 MPa

Space Velocity 1500 - 10000 sL/kg-hr

Catalyst Proportion 0 - 50 (wt% alumina)

The characteristic pehavior ¢f Liquid-Phase DME (LPDME) is contrasted with
Ligquid-Phase Methancl (LPMEQH) in Figure 2 which presents the CO
conversion as a function of space velocity. The CO conversion in LPDOME is
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up to twice as high as that in LPMEQOH and much higher than the equilibrium
conversion achievable from the methanol reaction alone., Interestingly,
the gap between DME equiiibrium and the DME parformance curve indicates
that there is still substantial room for catalyst improvement.

FIGURE 2:

Comparison of LPDME and LPMEDOH
(Texace Gas, 250 C, 5.27 MFa)
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As one would expvct, raising the reactor temperature increases the
activity of both catalysts. However the rate of dehydration is more
strongly affected by temperature, such that overall, DME selectivity
increasea. This effect iy illustrated in Figure 3.

Pressure has a pronounced impact on overall productivity. By increasing
the pressure, the first of the two sequéntlal steps can be driven forward
at a greater rate. The result is increased productivity for both
components (see Figure 4). The response of selectivity to increasing
pressure is dependent on the space velocity. At lower space velocity,
selectivity to DME increases with increasing pressure; at higher space
velccity, the reverse i3 so.




FIGURE 3:

Effect of Temperature on DME Synthesis

(Texoco Gos, 5.27 WPa, 8100 sl/kg-nr, 18.7x Ai203)
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FIGURE 4:

Effect of Pressure on DME Synthesis
(Shell Gas., 250 C, 9500 si./kg-hr, 18.78 A1203)
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The relative proportion of $3-86 and alumina has a profound impact cn the
process performance (see Figure 5). As would be expacted, increasing the
percentage of dehydration catalyst increases selectivity to DME. In
addition, a: very low proportions of alumina, increasing its relative
AMOUNt increases overall, per-pass equivalent MeOH productivity
significantly (equivalent productivity is defined as productivity of MeCH
plus twice the productivity of DME). If ona continues to inCrease the
proportion of dehydration gatalyst the incremental increase in
productivity declines until a maximum is reached. Beyond this point,
continued increases in the alumina proporiion results in a reduction in
productivity. ‘The composition which corresponds to the maximim
productivity is a function of pressure, temperature, catalyst types and
syngas composition. Commercially, one must conslder both selectivicy and
productivity before deciding on the appropriate catalyst nroportion.

FIGURR 5:

Effect of Cctalyst! Proportion on Productivity & Selectivity
{Texsco Gos, 250 C. 5,27 WPa, 5900 sL/kg—hr)
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SLURRY-PRASE DME SCALE-UP

The laboratory screening and process variable studies successfully
identified the attractive operating envelope for DME synthesis. The next
logical step is to address the commercial scale-up issues. A major
question which cannot be resclved in mechanically stirred autoclaves (s
how honogenized the dual-catalyst system will remaln when agitated within
a bubble co.umn reactor. Improper mixing and/or stratification of the two
catalysts will introduce mass transfer resistances and reduce
productivity. Qrher issues which are appropriate to this technoclogy
include: catalyst preparation and handling, startup, and shutdown.
Finally, hydrodynamic data such as vapor hold-up ard catalyst
agglomeration are important.

Under a previous contract with the DOE, Air Products has cperated a semi-
works scale high pressure bubble column reactor which 1s capable of
processing a syngas of virtually any composition. This facllity, the
AFDU, has bean used to demonstrate the LPMEOH technology at a maximum
production rate of 12 tons/day of methanol.

As part of the current contract with the DOE, modifications have been made
to the plant to facilitate the demonstration of DME in the slurry phase.
Most notably, unit operations were added to allow the product DME and co-
product carbon dioxide to be removed from the reactor effluent - a
refrigerated, partial condensation process was used.

A schematic of the AFDU flowsheet is shown in Figure 6. Hydrogen, carbon
monoxide, and carbon dioxide are blended and compressed, then mixed with
recycle gas to form the desired syngas composition and flow. This reactor
feed is preheated then introduced to rre bottom of the slurry reactor.

The syngas flows upward through the slurry (catalyst-mix plus mineral oil)
and is partially converted to products and by-products. The heat of
reactiocn is abscrbed by the oil and then rejected to an internal heat
exchanger, The gross reactor effluent is passed through a cyclone to
remove catalyst fines, then cocled to condense traces of slurry oil. The
resultant vapor is considered to be the net reactor effluent and contains
MeOH, DME, C0O2, H20, and unreacted reaztor feed. This stream is
subsequently chilled against cooling water, and introduced to a separator
where the pulk of the methanol and any water is recovered as a liquid.

The remaining vapor portion is cooled in a series ¢f heat recovery and
refr_gerant exchangers then directed to a second separator where DME and a
pretion of CO2 is removed as liquid. The vapor from this separator is
revarmed, compressed, and recycled to the front-end. The DME-bearing
liquid 1s flashed to a lewered pressure and vaporized to reject CO2 and
partially concentrate t{he DME.

flows and composicion are measured at various strategic points in the
rrocese. The wo key points are: reactor feed and reactor effluent. The
additicnal Lrocacs polnts are neasuired to provide informaticn which can e
used to resclve the material balance.




TIGURE 6:

R{CYCLE

SCHEMATIC OF AFDU ~ CONFIGURED FOR DME/MeOH
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The pbubble column reactor, shown schematically in Figure 7, is B.7 meters
top to bottom and 0.6 meters inside diameter. The maximum slurry level 1is
approxirately 6.1 meters; the remainder is vapor disengagement space. The
reactor 1s fitted with an internal heat exchanger which ¢onsists of 10, 1"
tubes. These tubes cccupy less than 5% of the reactor cross-section.

The reacteor is fitted with a number of thermocouples, located at various
elevations. A nuclear density gauge is mountad on an external track and
spans the space occupied by the internal exchanger. The "Nuke®™ ls used to
dete&érmine Jas holdup. The resief pressure for this reactor 15 7.1 MPa: at
this pressure the miaximum cemperature is 315°C. Maximum temperature can
e increased by derating the relief pressure. Typically, the reactor can
hold up to 410 kg of catalyst. The maximum superficlal inlet velocity is
23 cm/sec. This l.mitation 135 5et by the ¢apacity of the compressicn
capacity.



FIGURE 7:
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AFDU DEMONSTRATION RESULTS

The modified AFDU was reccommissioned ln April 91:; this was followed by a
pericd of operations in May. The objective of the demonstration was to
cperate at conditions similar to those of the lab and compare performance.



Emphasis was piaced on understanding the variation in productivity and
selectivity with catalyst proportion.

The demonstration consisted of three major operations:
- basellne MeOH production with 100% BASF 53-86 (run AF-R1)

- mixed DME/Me0OH production with 93.6\ BASF S3-B6 and 6.4%
Catapal y-alumina (run AF-R2)

- mixed DME/MeOH production with £1.2% BASF S3-~86 aad 10.8%
Catapal y-alumina (run AF-hkJ)

The reactor feed used here was CO-Rich (35% HZ, 51% C2 and 11-13% CO2,
balance N2/CH4/MeOH/DME)} . Since tuis gas was produced by combining
recycle with the fresh feed, small amounts of MEOH and DME were
present.

Reactor pressure and temperatu.re were maintained at 5.77 MPa and
250°C, respectively, during all three production runs. The catalyst
charge was maintained at 220 kg (oxide basis).

A total of B process conditions were investigated during this
demonstration. These conditions ar¢ summarized in Table 3.

Table 3: Idantification of Run Conditions

RUN # Wt Inlet Slurry
Alumina Velocity Level
Catalyst {cm/sec) (%)
AF-R1.1 Q.0 4.9 75
AF~-R1.2 0.0 7.3 100
AF-R2.1 6.4 4.9 100
AF-R2.2 6.4 7.3 100
AF-R2.3 6.4 4.9 7%
AF-R3,1 18.8 4.9 100
AF=-R3.2 18.8 7.3 100
AF=-R3.3 18.86 4.9 15

The same S3-86 catalyst was used for all three runs. This was done to
avoid having to activate new lots of methancl catalyst which, in turn,
would have added uncertainty when comparing system productivitiles.
Additicnally, the mass of total catalyst within the reactor (on an as-
charged basis) was the same for each of the process conditiens.
Therefore, at equivalent space velouity, all three calpaigns could be
carried-out at the same inlet velocity and roughly the same slurry
concentration. This would minimize the introduction of additional
independent variables which could potentially cloud the results. As a
consequence, it was necessary to withdraw catalyst-slurry from tha
reactor following each major run betore fresh alumina catalyst could
be added.

A schematic of the run znroneliogy :s presented in Figure d. The Dar
chart depicts equivalent MeOH production rate (in kg mole/hr).
Tabulated within the figure is the superfirial inlet velocity, Ug, the
selectivity, DME/MeOH, and tne siurry level.
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TIGURE 0:

RUN CHRONOLOGY
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The first campaign (AF-R1) vas used to establish the base-line
productivity of the¢ methanol -atalyst. Prior to this run, the S3-86
was activated within the reactor using procedures established during
the LPMEOH program. Proguction rates for this run were much as
expected. Following this operation, a fraction of the slurry was
withdrawn to allow the addition of dehydration catalyst.

‘the second campaign (AF-R2) demonstrated the concept of enhanced
syngas conversion which results by adding a relatively small quantity
of pre-dried dehydration catalyst. The results of tests showed that
at equivalent inlet velocity, production increased by 32% (lower inlet
velocity) and 18% (higher inlet velocity) when compared to AF-R1.

The final campaign (AF-R3}) was t¢ demonstrate a higher level of DME
selectivity. The plant came up at the lcw velocity peoint, 106% level.
The equivalent production rate increased, as did the selectivity.
However, rates were somewhat below expactations (indicated by the dashed
line). As time-into-run continued, the disparity vetween the data and
expectations continued,

Post-run inspection of the reactor revealed that approximately 9% of the
catalyst charge had sunk into the bottom head (below the gas sparger), and
become lodged. Furthermore, elementa) analysis of this catalyst showed it
co be of a composition commensurate with 1B wt% alumina.

This informatlon indicates two things. ¥Filrst, the settling was
irreversible, ctherwise it would simply have drained from the reactor
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following shutdown. Second, such settling did not occur in the first two
runs, otherwise elemental analysis would have revealed a lower alumina
content.

It was found that correcting for the "lost™ catalyst is sufficient to
bring the results in-line with expectations.

A run summary 1s contained in Table 4.

TARLE 4:

PMEASOH DEMONSTRATION - LAPORTE AFDU, SPRING §1

PRELIMINARY RUN SUMMARY
Run No, R-1.1 fA1.2 R-21 R22 R-33 > B R-3.2 R-33
Time from Start {hra) m 119 Fr] 18 b))} 260 N2 347 k¥
Space Vel. (S, kg-om) 5511 8581 an 8540 S496 5918 - Fd L
Cat. Propartion (wi% AL203) 0 0 64 64 64 188 188 108
inist Gas Velooily (emv/ase) 49 75 49 75 49 49 78 49
Reacior Level {m) 46 &0 60 60 45 60 60 46
Syngas Conweralon (%) .2 275 e e s 33 e 6e
Eq. Prod. (gmolWv, kg-omt) (2) 204 03 270 B3 6.7 01 10 a1
QOroas MeOH Melw (kg/day) H3 5076 1907 W32 21/ 7% 1544 -
Groaa DME Melw (kgiday) 0 0 1007 1725 1725 2015 2542 2452
Fusl Production (kW) (3) 780 nn 1081 1400 1088 1085 1185 1029
Sundard Resctor Condillons: Standerd Reactor Fesd Composhtion (mole):
Temperanrg (C) 250 rydrogen k
Pressure (MPs) 527 cabon monoxide 51
carbon dioxie n
other 1

NOTES
1 This s the ime s:nce the catalyst was fial activaied and reflects the average for he run pencd

Run penad durations avaraged 26 hours
2 Eq. Prog. = Gross methanol productvity = MaOH productivity « 2°DME productivity

3 Fuai Production Rath svalusted  using iower heating vaiue lor liquid a1 25°C

The data obtained from the AFDU are compared to expectations in
Figures 9 (lower inlet velocity) and 10 (higher inlet velocity). The
mHpeOelalllins were Cooputed Irom Kinelic ahd maxing modeis. he
kinetic model was developed to correlate the laboratory DME data; the
reactor mixing model was developed during the previous LPMEOH program.

The computed space velocities in Figures 9 and 10 reflect the run AF-R3
czrrecticon for settled catalyst. Therefore, at equivalent inlet
velicities, the space velocity of AF-%3 is necessarily i0% greater than
mhcse from AF-R1 and AF-R2 - hence the discontinuity in the predicted
Froductivity curves.



FIGURE 9.

MaOH and DME Productivities in AFDOU Reactor
{3v=5500-6000, prediction Lased on 2 CSTR mixing modu)

35

e

MeOH + 7 DME____—— o
)

[
o
e

»
w
b

~
(=]

Productivily (gmols/kg~hr)
o
i

s DME

0 - T T T
000 008 010 018 020
Weight Fraction AL203

FIGURE 10:

MeOH and DME Productivities in AFDU Reactor
(Sv=8600-9300. prediction based on 2 CSTR mixing modal)
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The trends observed were as expected. Increasing the relative amount
of dehydration catalyst initially increases the overall productivity
by removing methanol from the system and thereby eliminating the
equilibrium constraint of the syngas-to-methanol reaction step.
However, the productivity gain diminishes if the concentration of
dehydration catalyst is increased beyond a certzin level. Overall, a
predictable link between the laboratory autoclaves and AFDU bubble
column reactor has been confirmed.

SUMMARY

The principle of enhanced syngas conversion was successfully demonstrated.
The plant reached the target 32% increase in equivalent productivity at
€.4% alumina - this being accomplished at a 6 TPD scale of operation.

Variation in performance with catalyst proportion as previously
demonstrated in the autoclaves was confirmed, Within the regions of
operation, both selectivity and productivity increased with dehydration
catalyst proportion.

No significant catalyst maldistribution was discernable, confirming that
the hydrodynamic performancae of the bubble column reactor is generally
satisfactory for this catalysc blend. However, an apparent variability in
slurry properties with alumina locading has been identified. This
conclusion comes from the observation of catalyst "settling” in the third
run. It has been postulated that the gas distributor had not induced
sufficient velocity to sweep slurry from the bottom head. This was
unexpected since the reactor previousaly operatad at such low gas
velocities in the past (on methanol catalyst alone). Indeed, the first
two runs did not appear to suffer from low flow. It is important to note
that such subtle slurriability variations are not easily identified in
mechanically stirred autoclaves. Before future runs, a supplemental
discributor will be installed to better handle low-flow operation.

FUTURE WORK

With the successfully demonstrated scale-up of liquid-phase DME
synthesis, the first building block technology to an ether preduct
{MTBE) has been secured. Chemistries which will convert DME .o the
precursor to MIBE (isobutaneol and/cr isocbutylene) are currentlv under
investigaticon in the lab and is hoped to be ready for demonstration in
1993/94. 1In parallel, the liquid-phase synthesis of higher (Cy)

alcohols directly from syngas is also under development. An
anticipated demonstration of selective isobutancl synthesis is
scheduled for 1992.
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