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This invention relates to an improved method and
apperatus for hydrogenating carbon oxlides to produce organlc

compounds, Primarily the improved process involves reacting

“hydrogen and carbon monoxlide under highly efficlent conditlons

to produce hydrocarbons and/or oxygenated organlic compounds.

The improved process 1s applicaeble also in reacting hydrogen

" wlth other organlc compounds containing the carbonyl group, and

herein designated as #garbon oxides", whose reaction with i

® hydrogen le promoted by the catalysts which are effective witq

| earbon monoxide, such as carbon dioxlide, ketones, aldehydes, ;
\

acyl halides, organic aclds and thelr salts and esters, acld
anhydrides, and amines. In the following description of the

inventlon the hydrogenation of carbon oxide will be referred to

specifically. It will be understood, however, that the invention

18 of wider spplication, including within 1ts agope the
hydrogenatlon of any sultable csrbon oxide.

It has been known for some time that hydrogen amnmi
carbon monoxide may be made to react exothermically in the
presence of certain catalysts and under specific reaction

conditions to form hydrocarbons having more than one carbon

atom per molecule and oxygenated organic compounds. In general,

the_aynthaais of hydrocarbons by the hydrogenation of carbon
monoxide 1s accomplished in the presence of & metal or an oxlde
of a metal, such as ome chosen from Group VIII of the Periocdlq
Table, as a catalyast at pressures below about 500 pounds per

squaré inch gage and at temperatures below about 750°F,
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vVarious methods have heen practiced to effect tha
reaction of hydrogen and carbon mbnqx;de_to produce oréanic
compounds, Among these me thods are those known as fixed-bed
catalyst oparatioﬁs and fluid-bed catalyst operations. The
fixed-ped operation comprises passing & resction mixture of
nydrogen and carbon monoxide through & stationary bed of
catalyst in a reaction zone, end the fluld=bed operatlon
gompriases peasing & reaction mixture through a finely dlvided
catalyst mass gugpended ln the reaction mixture in the reactt@n
_ gone under conditions such that a so-~called pseudo-liquid

~dense phase of solids 1s formed. Characteristically, certain:

1
i

' peaction conditlons ere necessary for each of thase.processes‘
izand for the particuler catalyat used.

The synthesis feed gas or reactlon mixture comprisesi

% a mixture of about 1 to 5 mola of hydrogen per mol of carbon
j monoxide and may be prepared by verious means ineluding the

[ catalytio conversion of naturel gas, steam, and carbon dioxidé.
q The most recent development in the synthesis of !
j organic compounds from hydrogen and carbon monoxide has been %
1 in the fiuld-bed gype operation. "Thls type of operation has i
;had several spparent. advantages over the fixed-bed operatlon |
and.haé ylelded organic compounds of high quality and 1in 1arge%

‘quantity per pound of catalyst., In such & fluid-bed opwati

at a tempersture of about 600°F and at super-atmoapheric
i presaures using a fluldized iron satalyat, a contractlion of ;
reacting gases of ébout 4) per cent to about 70 perosnt and
a carbon monoxide dlsappearance of about 85 per cent to about |

! ‘ |
l 100 per cent have been observed. The selectivity of the i

reaotion is dapendent on the oconcentration of reactants but

with relatively low Bagco ratio about 25 to avout 40 percent
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of the CO is converted to €0p, and oll and water ylelds of about

100 to 130 cc per cublc meter of fresh feed and about 60 to 120 cc
per cublic meter of fresh reed, respectlvsly, are obtalnable,.

gven in viewpf the relatively good resulis obtalned by
the fluld-~bed type operation, certain inherent dlsadvantages
have been found. In sguch fluid-bed operations 1n whichh the
eatalyat 1s sugpended 1in the reaction mixture to form & psuedo-
1lquid dense phase of solids, classiflcatlon of the solids often

ocours ceunsing partial deseration of the catalyst bed and

. channeling of gas, There 1s also & btendency for the fluld-bed

‘tb settle after extended use of the catalyst as a result of the
agglomaration of the catslyst partlcles caused by the preaencé
of pelatively high wolecular welght organlc compounds and
fcarbonaceous deposits accumulating on the catalyst particles.-
This accumulation of such deposlts on the catalyst also reduc&s
the avallable ective surface and conseguently’ the convarsion.i
'It also ‘reduces the density of the catalyst mass thereby
1requ1r1ng a greater volume for the same weight of catelyst. E
-{‘ Considerable difficulty is also encauntered in the ;
iremoval of the exothermlic heat of reaction from the fluld bedﬂ
EThs rate of feaCtion in the hydrogenation of carben monoxide }
ivaries with temperature and there 1sg considarabls change 1n tﬂe

i product dlstribution in the higher range of operatlng temper
it

: daturas a3 compared to the lower range of oparating temparaturqs.

The lowar range of operating temperatures 1s more favorable t&

ths production of higher-boiling prodnnts which have & tendenﬁy

to condens® . on the catalyst particles. The condenased materiah

Jon the catalyst particles may csause agglomeration and is potenbial

i goke, and, 1f the temperature incresses above certain limits

|
Jwi'l:hin the reaction zons, the formation of coka upon the \
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"

catalyst particles 1s accelerated, Temperatures low enough to
condense the relatively high-boiling products, and temperatures
hign enough to coke the condensed material can often occur 1n
different parts of the fluid-bed. In & reactor with the fluld-
bed or catalyst on the outside of the cooling tubes, the

deaign space between the tubes must be made such that the
catalyst particles will not be cocled below the mlnlmum
allowable temperature or such thaet the catalyst particles will
not be heated to an excessive temperature at eny particular time.
‘However, to insure coollng end at the same time to prevent
overcooling of the catalyst, the tube gpacing must be as close a3
mechenicaily practical and the coolant temperature must closel&

- approach the catalyst bed temperature. Such & deslgn obviously
|resu1ts in en expensive unit, On the other hand, 1f the
fluid-bed of catalyst 1s inside the tubes, & velocity wnich wiil
Wpermit internal recycling or flulda-bed operation within the tqbes
.w111 result in such a low-veloclty in the zones under and aboVe

tha tube sheet that the residence time of the reactants ls

) . expcepsive and overheating results. The overheabtling ceused coke

|
"formatiOn. It is desirable, therefore, to deslgn or provide a

ﬁsyatem to overcome the tendency of overcooling or overheatling

|

i

" | £luta-bed systema. ?

' i

{ Another inherent disadvantage of fluid-bed cperation
iis the fect that the catalyst concentration 1n the flulda~bed é
goannot be controlled to any great extent since a conalderable
[ohange in the gas feed volume 1g required to change the oatalyst

!ooncentration in the fluld-bed., Changes in the fluld=bed !

ﬁconcentraticn may occur but usually do not aweour at will but
i

occur as & result of accumulations of dSPOSItB therson or from

local partial dearation.

-5=
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5t111 a further dissdvantage of the f luid-bed
technigue is the fact that the catalyst is retalned in the
fluld-bed for anp extended and prolonged length of time. If a
porticn of the catalyst is continuously or intermittently
withdrawn for cooling and regensratlon purposes, it follows
that a portion remains in the fluid béd in the reactlon zcne
almost permanently. <The prolonged residence time of the
catalyst in the reaction zone results in considerable deactl-
vation and changes in density of the catalyst as a result of
such factors as the accumulation of carbonacecus deposits
thereon, etec. Another disadvantage of uncontrolied resl dence
time is that the hlgh rate of accumulatlon of deposits on the
catalyst limits the ratlo of HQ:CO to uneconomlcally high l
ratios. It is, therefore, much to be deslred to provide a

synthesis reactor and process in which the gas realdence time,

_ the catalyst residence time, and the temperature of reactlon :

i and carbon monoxide in the presence of a flnely-divlded

are under full and positive control.

It is an object of thls invention to provide
apparatus and a process for praventing or minimizlng the abofé
difficulties encountered with fluld-bed synthesis operations.;

It is an object of this invention to provide a
process and apparatus for effecting exothermic reacticns. i

It is another objJect of thié invention to pfoduce i
hydrocarbons and/or'oxygenated organic compounds by the 3
iﬁteraction of a carbon oxids and hydrogen in the presence qfi
; catalyst. '

- Another object of this invention ls to provide an

improvement in the synthesls of hydrocarbons from hydrogen

fluidized catalyst.
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5t111 a further object is to provide a method for
the synthesis of hydrocarbons using a relatively low feed
ratio of hydrogen to carbon monoxide.

$t1ll another object 1s to provide a fluildlzed
process Tor the hydrogenatlon of carbon monoxide in which the
catalyst 1ife is extended and prolonged.

Another object is to provide an effectlve catalyst
atripping zone to remove the sceumulation of high molecular
welght organic compounds before the catalyst contacts fresh
fesd gas.

Yet another object 1s to provide a positive mixing

‘zone where relatively cold feed gas can be contacted wlth

relatively hot catalyst and insure préhoat of the gas to the

. reaction temperature.

Various other objects and advantages will become

- apparent to trhose skllled in the art from the accompanying

. description and disclosuré,:‘,

i
B
i
i
A

i
|
i

The procesg or.this 1ﬁvént1bp provides a method for

" eontrolling the residence time of & finely;divided fluidized
i hydrogenation cataiyst in & reactlon zone for the hydrogenation

| of a carbon oxlide. According to thls invention a gaseous

mixture comprising hydrogen and a .carbon oxlde and conteining

a finely-divided hydrogenation catalyst 1s passed through &

such that even the heaviest catalyst particles are carried
through the reaction zone with the gaseous mixture, The
operation of the present process is such that all of the

catalyst particles are cdntinuodsly moved in the direction of

flow of the gases through the reactlon zone by entrainment ln

contrast to belng held in sgépension in a pseundo-liquid dense

., 2

|
i
|
1

f resctlion zone at a sufficiently high veloclty under conaitiong

|
|
|
?
|
|

i
i

|

i
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rhase of sclids according to conventional opsrations. In the
conventional operation in which the suspended solids form &
so-called pseudo-liguid dense phase, the flinely dlvided solid
particles are in & turbulent condition and are clrculsted or
recycled within the dense phase itself. If any of the heavisr
particles in dense phase operation are circulated through the
reaction zone, they are done sgo only by virtue of the bumping
'affect of the lighter partlcles which foree the heavier
particles through the reaction zone and the resldence of such
particles is indefinite.

In order to achisve continuous clrculation of the
catalyst particles through the resaction zone by entrain-
ment 1n accordance with the teachings of this inventlon, a
velocity mbove about 6 feet per second must be usaed, prefer-
ably, the veloclty 1s above 10 feet per second and may be

aa high as 40 feet per second or higher. The actual

'fvelocity will depend upon the chemical and physical propertiei

ﬂor thie finely divided solid material and also upon the slze
1of the solid particles. When a contlnuous catalyst phase of
i

"eirculating catalyst particles 1s formed at the velocitles l

ﬁdescribad in sccordance with this Invention, the concentra-

ﬁtion of the finely divided catalytic material in the reactlon
! '

i
|

‘zone 1s generally below about 18 pounds per cuble foot of

;gas at operating conditionas of temperature and pressure.
%The resldence time of the gaéaoua resctants and converslon
Eproducts in the reactlon zone should bs sufficlent to cbtaln
ﬁthe optimum yleld of hydrocarbons end/or oxygensated organic
icémpounds. The residence time of the catalyst may vary fo a ?.

iconslderable extent and at very high veloclties may be

%substantially the same as the residence time of the gases and
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reactants; however, the residence tlme of the catalyst 1is

comparatively short with regard to fluid-bed operations,

being a matter of second wlith the present operstion, as com-

pared to & matter of minutes or hours with fluld-bed opera-
tiens and is under operating control over a wide range.

When & continuous catalyst phase of eclrculating
catalyst particles is formed at the velocitles described in
accordance with this Invention, the concentratlion of the
finely divided catalytic material in the reaction zone 1s a
function of actual velocity and characteristlos of the wvapor

{such ag density and viscosaity) and is alsoc a functlon of

the average size, range of aize, and physical characteristics

of the catalyst and will very between the fesd rate and
several (4-8) times the feed rate. By variatlon in ecross

section of tﬁe reaction zone 1n different sections thereof,

"the relative concentration of catalyst may be veried in

such sectioné. By varying the fesd rate of the catalyst to

any particular high velocity sectlon of the clroult, the

concentrations of catalyst in that section may Le controlledi

At any given fresh feed rate the concentration of catalyst
may be varied by uaing more or less r;cycle vapor to change
the velocity within the limits of the pafticular deslgn.

In conventional fluid-hed type operatlions the
finely divided catalyst forms a so-called pseudo-ligquid
dense phase of catalyst in the faaction zons. The velociﬁy
‘of the gasa stream passing throuéh the pseudo-liquld dense
phasé-of catalyst 1s sufflclently low to malntain the

catalyst mass in the so-called dense fluldized condition and

got sufficlently high to maintain the finely divided catalyst

in a turbulent condition in the dense phase. In this con-

-9
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dition the catalyst‘mass may be said to be suspended in the
£as strea@ but not entrained therein in the sense that there
is continuous movement of the finely dlvided catalyst
particles in the direction of flow of the gas stream. In the
fluld-bed type operation & small proportion of the finely
divided catalyst in the fluldized mass may become entrained
i1n-the gas stream emerging from the upper surface of the
flﬁidized masa. Actually, therefore, twe phases are formed
in the remction zone; a dense pseudo-liquld catalyst phase

in the lower portion of the reacticn zone, and a dllute
‘catalyst phase in the upper portion of the reactlon zoene.

The concentration of the catalyst in the so-called dense phasé
is usually at least about 25 pounds pef cubic foot of gas and
generally betweén about 50 and about 120 pounds per cuble '

foot of gas. The amount of catalyst in the so-celled dilute

|
I

phase is generally less than about 0.01 pounds per cublc foot
of gag.
The catalyst employed in the present Invention is a

finely-divided powdered catalyst of a metal or metal oxlde
: |

which i8 or becomes in the resaction zons & catalyst for the

hydrogenating reaction. Finely-dlvided metallic iron or iron

oxide or a mixture of metalllc iron and lron oxide are an ‘

]
example of the catalyst employed in this invention. Preferably,

a metallic iron catalyst is used in the finely-divided form. |
Other metals and metal oxides may be employed which are i
effective in catalyzing the hydrogenation of carbon monoxideﬂ
i

such as cobalt, nickel, and other metal%of Group VIII of the

Perlodic Table., While the catalyst powder ustally conslsta

i
i
!

of such catalytic metals or thelr oxides, 1t may alsc include

a minor amount of promoting ingredlents, such as alkalles, :

'

=10~
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alumine, silica, titania, thoria, manganese oxlde, and
magnesia. Also, the catalyst may be supported on & sultable
support, such &s & bentonite type clay, "Super-Filtrol",
sillica gel, alumina, and mixtures of these supports. In the
following description, catalyst powders consisting of a metal
and/or a metal oxide and contalning at most & mlnor propor-
tion of promoters are referred to a&s finely-divided metal
hydrogenatlon catalysts.

The exact chemlecal condltlon of the catalyst ip its
most actlve form 1g not certain. It may be that the active
form is present when the metal is at an optimum degree of
bxidation and/or carburization; consequently, & metallic ironL
catalyst which 1s In a reduced condition when first contactad;

wifh the reactants may reach 1ts state of highest actlvity

through being oxidized and/or carburized in the reaction

" zone. Thersfore, in thils specification and claims, the

'i catalyst employed 18 described by reference to its chemical

| smaller than 100 microns including at least 25 welight per cen

i

composition when first contacted with the reactanta. |
The catalyst is employed in a fine state of sub- i
division. Preférably, the powdered catalyst initlally con- %
tains no more than a miﬁor proportion by welght of material i
whosge avérage particle diameter is greater than 2050 microns. 2
The greater proportion of the catalyst mass, preferably, |
comprises a material whésa average particle diameter 1s
|
of the materlal in a particle size smaller than 40 microns.
An example of a desirable éowdered catalyst is one which com-

prises at least 75 per cent by welght of materlal smaller that

E=]

150 microns and at least 25 per cent by weight of materlals

smaller than 40 microns. . i

“1]~




10

15

20

Tes o

30

008849

The temperature of reactlion for the hydrogenatlon
of carben monoxlde 1s generally between about 300°F and about
TEOOF. %ith a metellic iron catalyst, temperatures between
4500P and 7500F are usually employed. With a cobalt catalyst
usually a temperature below 4500F is sufficlent for the hydro-
genating reaction. Howsver, wlthlin the broad range of
temperatures it 1s a necessity to malntain the temperaturs
within a close range, at some level, for optimum selectlvity

for any gilven resctlon and a change In temperature may be/

" desirable as the concentration of reactants changes, otc.

Pressures employed are somewhat above atmospherle and range
from about 10 pounds to as much ma 500 pounds per square
inch gage, preferasbly between about 80 pounds and about 300
pounds per square inch gage.

| In effecting the reaction it may often become

necessary to cool the reaction zone to maintain the relatively

 constant temperaturs necessary. Various methods of cooling

; vention, a fresh feed gas. having & hydrogen to carbon

" the reaction zone ltself, auch as by externsl cooling means

or by injectlion of & cooling medium, such as a vaporlzable
liguld or ﬁ gas, directly into the reaction mixture, may be %
practiced without departing from the scope of this 1nvention.%
Purthermore, it may often become necessary to preheat the

reaction mixture prior to entry into the reactlon zone, and |

also the cafalyst may_be p:eheated before introductlion in the,
‘reagtion mixture. Howaveé, the cooling and prehesting are }
‘factors which will bé characteristic of the pﬁrticulah appafa}
tus being used and the particular conditions under which the i
reaction 1s effected.

According to a preferred embodiment of this in-

L
L
)
1
'
1
L
i

12
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1 of consumption in the reactor.  This insures sufficlent

ﬁ surplus H, to permit Inereasing the concentration by re-

i cyeling winich in turn instes the ability to attaln economic
i conversion of the CO, The. 11ability %o accumulation §f de- |
ﬁ posits on the catalyst wnich is characteristic of the fiuld
i bed raactqrris sariousié eggravated by low Hg:00 ratics in
2 thé reactor feed, necessitating'high reéycle rates which

2 sharply increase the cost of the equipment and the operatiocn.

i 1s usually about 1:1 to about 3:1 and according to this

: process may be maintained at about 1l:1 without detrimental

208840

monoxide ratio higher than the ratio in which these compounds
are converted Lo other compounds is smployed and the rabtle of
hydrogen.to carbon monoxide 1n the reactlon zone itself may

be increased above the ratio in the fresh féed gas and to &
desired value by recycling a portlon of the unconverted gas
from the reaction zone, after removal of a part or all of the
ndrmally 1iguld product by condensation. A ratio of hydrogen
to carbon monoxide in the fresh feed gas ls used in which only
& portion of the hydrogen is ponverted to products of the
process. A portlon of the effluent after removal of the

ma jor praportion of the liguld product is recycled to the re-
action zone in a volumetric ratlo of recycle to fresh fosd

gas of about 0.5:1 to about 10:1, generally about lil to about
5:1 or 6:1. However, deﬁending on the character of the |
avallable feed gas or on the character of the desired_proauét,
it may or may not be desirablé to recycle the nﬁn;céﬁdenSed
portioﬁ of the resction effluent.

For efficiént'opérat;on it 1s usuelly desiradle to

‘ have a higher ratio of H,:CO0 in the fresh fesd than the ratioé

: The ratio of hydrogen to carbon monoxide in the reactor feed

-1
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effect on the synthesis reaction. The ratio of hydrogen to
carbon monoxide in the fresh feed itselfl may be conslderably
lower than in the reaction zone or total feed and may range
from sbout 1:l fo about 2:1 at relatively low converslions
per'péést ‘

u'Thé'line;r velocity of the gasecus reactlon mixture
passing upward through the reaction zone is conveniently
expresged in terms of sﬁberficial velocity, which 1s the
linaar.velocity the feed stream would assume if passed through
the resactor in the sbsence of catélyst, and takes 1nto accouﬁt

the shrinkage in volume caused by the hydrogenation reaction.

The concentration of the catalyst in the gaseous

‘peaction mixture in the reaction zone 1s usually leass than

.abou} 18 pounds per cubic foot of gas at cperating conditions;

‘and at the prefarred operating conditions may be between abouq

I.l pound and about 12 ‘pounds per cublc foot. The actual concen-

i

|
i
!
L

I
i
i
i

i

i
3

falso upon the. acoumulabion “of earbon and wax on the catalyst

tration required in the above ranga will depend %o & certaln

extent upon the amount of inert gaa in the reactlon zone and

particles as the operation proceedas. The sccumulation of wax
and carbon on the catalyst decreases the particle density and
hence the welght of catalyst per cublic foot of gas at any
glven velocity. The above values represent the usual limits

but the values may vary in accordance with the character of

the catalyst anﬁ operating conditions.

Although the 1nvention has been described wlth
reference to an upward-flowihg gaseous stream of reactants
and catalyst, 1t should be understood that the catalyst and
reactants may flow together downward, horizontally, or even

ngularly, through a reaction zone without departing from the

-14-"
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scope of this inverntlon. It has been found that by upward
flowing of gas through a substantially vertlcal reaction zone
the weight of catalyst per cublie foot of gas and the
reslidence time of the catalyst can be controlled conveniently
and accurately and for that reason is the preferable method
of operation. It should be understcod that the reactlion con-
tinues in the down-flow operatlions although the catalyst con-
centratlon 138 less.

In operating & synthesls process under set con-
d3tlons within the limits of this invention with an iron
catalyst and at a temperature between about SSOOF and about
6500F at relatively low super-atmospheric pressures, & con-
traction of the catalyst gas of about 25 to about 85 per cent,

has been cobserved. The carbon monoxide disappearance is

' mbout 70 per cent to about 88 per cent and the selectivity

of the reaction 1llustrated_b} the converslon of carbon mon-

oxlde to carbon dicxide is sbout 15 per cent to about 30 per

- gent. Condensed oil and water ylelds of about 30 to about

. 100 and about 80 to about 175 ccl's per cublc meter of fresh

. organic chemicals. i

119,000 standard cublic feet of gas per hour end for a minlmum

¢ feed gas, respectively, are obtalned by operating according tg

: the present process and may contain appreciable quantities ofg'

The invention will be descerlbed further by referencé
to the accompanying drawing which is a view in elevation

partly in cross sectlon dlagrammatleally 1llustrating

" accordlng to the present inventlon for a minimum capaclty of

|
apparatus for effecting the hydbogenation of a carbon oxlde E
|

c veloeity of 7 feet per second at reaction condltions 1ln the

. vertleal upflow section of the equlpment.

~15=
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In the drawing a synthesis feed ges comprising
nydrogen and carbon monoxide present in & ratic of about 2:l
1a introduced into conduit 11l. In condult 11 the gas stream
picks up finely divided hydrogenation catalyst, such as
reduced iron, from standplpe 49. Uonduit 11 is a standard 2
inch steel plpe mnd Lis about 2-1/2 feet in length from the
point of introductlon of the catalyst. The catalyst loading
into conduit 11 is regulated by a conventional slide valve Bl.
At the minimum velocilty of about 28 feet per second 1n con-
duit 11, intimste mixing of finely divided catalyst and re-
actants 1s achieved and reactlon 1s effected lmnediately. Ini
order to prevent overheating of the resctlon mlxture in con-

dult 11 as the result of the liberation of the exothermic

)

. heat of reaction thereln, the resldence time of the reactantﬁ

. velocity about 1.5 seconds, for relatively high CO concentra~:

i
i
)
i
i
1
i

ii

-,ié,OOO standard cubic feet of passing through per hour.

batween the catalyst introduction and the firat cooler shoulﬁ
be less than about 2 seconds, preferably at the minimum ;
|
tions, such as above 30 per cent. While the hydrogenstlon of

the carbon oxide 18 progressing in condult 11, the géseous

mixture of reactants and products of reactlon are passed to &

first cooler 16 through a standard 4 to 2 inch reducér 12 and

& standard 4 inch dlemeter pipe 13. Standard 4 inch
diameter pipe 13 provides a minimum velocity of.about 7 feet |

éaf pecohd at reactlon conditlons for the deslign capaclty of

Cooler 16 comprilses a éylindrioﬂ. she:11 surrounding a bundle
of zeven standard one inch diameter pipes 17. Pipes 17 are
helﬁ in place by tube sheets {not shown) at each end of
cooler 16. Coolerlls is connected to conduit 13 by means of

a standard reduclng fittlng 14 and to a condult 22 by a

-16-
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reducing fittlng 1. Heducer 1lg, condult 13, and Titting 14
together are about 10 feet £ inches in length. Cocoler 16 1s
approximately 12 feet in length. A cooling liquid, such as
Dowthe#m or other suiteble coolant, is introduced into the
apnular space betwsen tubes 17 and the shell of cooler 16 by
means of inlet conduilt 18, or the egulpment may be arranged

as a baller in which the flow of cooclant is preferentlally
upward. The cooling medium flows downward in indirect contact
with the upward flowing gaseocus reactlon mixture 1ln tubes 17
and is removed from the lower portion of cocler 16 by means

of outlet condult 19. Prior to entry into cooler 16 the
gaseous reactlon mixture is av thé maximum temperature desired,
. about SOOOF. While the reaction proceeds in cooler 16 the
érate of heat removael 1is In exéaas of the rate of heat release;
'due to reactlon; the reaction mixture leaves the cooler at a |
}dasired lower temperature, about 5900F. The linsar gas :
E?\vfelf.'u:,j.ty in cooler 16 ls greatef than the llinear gas velocity%
1n conduit 13 and 1s uaually above about 24 feet per second.
pA conled reaotion mixture at a temperatura of about 590 P and'
;Econtaining entrainad catalyst 1s passed ?rom cooler 16 throug%
ﬁreducer 12 intp a standard 4 inch diaméter.pipeiaz in which E

l\pipa the reaction proceeds. The langth of condult 22 1s suchl
with regard to the velocity of the gaseous stream therein thaé
the temperature of reaction will not rise above the maximum

’ ;temperature deslred.before entering a second cooler 24, Con-

"Hduit 22 may contain a reatrictad section of about 2 inches 1n

1gdiameter to aid in mixing thé catalyst and gases. In the

J

present design the length of condult 22 including reducing

{fittings 21 and 23 is sbout 7 feet 8 inches. At the outlét oﬂ

izconduit 22 the ﬁemperature of the gasecus reaction mixture is;
b
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avout GOOOF. Yhe gaseous nixture 1s Introduced inte the
second cooler 24 through reducing fitting 23. Cooler 24 1is
similar to cooler 16 and comprises a cylindrical shell surround-
ing a bundle of tubes 26 through whlch the gaseocus reaction
mixture and entrained catalyst flow. A cooling medium 1s
introduced inﬁo the snmilar space between tubes 26 and the
¢ylindrical shell of cooler 24 by means of Inlet condult 27.
Céoling medium passes counter-currently and ln indirect heat
exchange with the flowing gaseous mlxture in tubes 26. The
cooling medium 1s removed from cooler 24 through outlet con-
dult 28. Cooler 24 isfapproximately 12 feet in length. The
reaction mixture 1n cooler 24 is cooled from about.SOOoF to
an outlet temperature of about,59DoF. The.cooled-reaction

mixture containing entralned catalyst 1s remcved from cocler ;
| 24 and passed through a standard reduclng fitting 29, & ;
! standard 4 Ainch pipe 31, into catalyst separator 32. The ‘
- gaseous mixture in condult 31 achieves a temperature of about

E

|
 620°F before dimcharging into separator 52, This relatively |
2 high temperature elds in atripping some of the unvaporized J
Q product compone;ts from the catalyst. Ths total length of
ﬁ condult 31°1s about- 25 feet. The horizontal section of con~
é dult 31 mdy hp_qf‘a smaller diameter than the verticel sec-
i tlon, for e#ggple aﬁout 2 inches in dlameter, in order to

i minimize.bf prevent the tendency of the catalyst to settle in

the horizdntallsection. i
b Coolers 16 and 24 way be independently opsrated
. such that the reactlon effluent may he cooled to dlfferent

i outlet temperatures. The outlet température of the reaction

: effluent from cooler 16 may be lower than the outlet
i temperature from cooler 24; and, vice versa, the outlet

. temperature from cooler 16 may be hilgher than the outlet ?
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temperature from cooler £4 without depasrting from the scops
of this invention. Conveniently, the cooling medium from
condults 19 and 28 and coolers 16 and 24, respectively, may be
passed to a-common cocoling unit (not shown) comprlsing a
conventional indirect heat exchange unit. After ccolling of
the cooling_hsdiuﬁ, the cooling medium may be passed to en
sccumulator (not shown) and from there recycled back to
coolers 16 and 24 through conduifs 18 and 27, respectlively.
Alternatively, coolers 16 and 24 may be independently
operated with separate cooling means for cooling the cooling
medium and with separate accumulators. Although counter-
éurrent heat e xchange with the reactlon miﬁture has been
shown and described, concurrent heat exchange may be employed
without departing from the scope of this lnvention.

Separahor 22 comprlses an upper enlarged cylindrical
section,33, an intermediate conical section 34, and a 1owar,i
preferably cylindrical, sectlon 36. Enlarged section 33 com-
prises a standard 24 inch pipe in which section a larger
propoftion of the catalyst 1s separated from the reaction
effluent. Lower sectlon 36 comprilses a stendard 10 inch pip&
and constitutes en accumulation zone for seperated catalyst.?
A catalyst bed is malntained in accumulator or 1owar‘eectioni
36 at a level indlecated by numeral 43. Condult 31 preferably
terminates sbove or adjacent to level 43 such that the
effluent gases issulpg therefrom cause a hlgﬁly turbulent :
action in the catalyst bed in accumulator 36. Thils turbulenﬁ
action caused by the effluent gases from condult 31 prevents;
bridging or caking of the catalyst in the accumulafion zone |
36, which caking or bridging would hinder the flow of the

catalyst downward into stripping sectlon 46. A confantionalé

-10- !



10

15

20

25

30

508840

cyclons separator is positioned inside enlarped sectlon 33.
Gases containing finely divided entralned catalyst pass into
cyclone separator 38 whersein the finely divided entrained
catalyst is separated from the gases. Catalyst pasgses from
cyclone separator 35 downward through a standplpe 39 into
the lowsr portion of accumulator 36. Standpipe 39 comprises
/4 inch standard plpe and terminates below the bed level
4%, Gases substantially free from entralned solids are re-
moved from cyclone separator 38 through condult 41 and gate
valve 42. Condult 41 1s a standard 1-1/2 inch steel pipe.
Catalyst which has separated from the gaseous

effluent 1s passed to a stripplng sectlon 46 by mesans of a

standard reducer 44. Stripplng section 46 comprilses s

standard 2-1/2 Ainch steel plpe approximately 2 feet in lengthé
' !

"' A stripping gas, such as hydrogen, carbon dloxlds, steam or

recycle gas, ls Introduced Into atripping section 46 through

. conduit 47. The siripped finely divided catalyst 1s passed

?rrom stripping sectlon 46 by meens of a standard reducer 48

hinto a standplpe 49 comprising a 2 inch standard plpe. A

L

standard 2 Inch alide valve 51 is provided in the lower por-

'tion of standpipe 49 to regulate the flow of catalyst into

qconduit 11,

;; jected into condult 22 and/or into condult 31 without depart-

Cold synthesls gas and/or recycle gas may be in-

ﬁ:l.ng from the scops of this invention. The injection of such

F

1

r to hydrogen, carbon monoxide, and diluent gases,

gases into the reaction section of the apparatus alds 1in con-

trolling the temperature of reactlon and elso alds in con-

Ttrolling the composition of the reactlon effluent with regard

The gaseous effluent comprising the products of

“Z 0w
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the hydrogenation reaction and unreacted hydrogen ané/or
carbon monoxide is passed through condult 41 to conventlional
separation units (not shown) for the separation of the
products of the process from the effluent., Unreacted re-
actants recovered in the separation unit may be recyclsd

Lo conduit 11, 1f desired.

With regard to temperature, using & high veloclty
system, as shown in the drawings the cooling surface 1s swept
clean of catalyst particles with the result that none of the
catalyst has sufficlent time of contact tc overzool, and
with the result that the cooling surface 1s more afficient..
The relatively clean coollng surface permlits using a lower
temperature coolant without danger of overcooling the
catalyst as with conventlonal fluld-bed operations. EurtherT
more, with temperatures under full control the design minimum

snd maximum operating temperatures can safely cover &

" pelatively wide range wlthout locel excesslve deviatlon fromw

- actants and catalyst at the catalysb pick-up 1s so efficient

the permissible range of temperatures. ;

The system of the present invention is also much

mope flexible than conventional fluld-bed systems because
the cetalyst feed rate and the coolant flow rate can be
changed 1ndependant1y. No preheating of the synthesis gas

1s required in most instances since the mixing of the re-

that all of the gases come to t.ha theoratical mixing L

temperature almost 1nstantaneously.'

The multi-stage cooling of theepparatus shown has
saveral distinet advantages. By multli-stage cooling in a
high velocity system, the temperature range through the re-

action zone can bs kept relatively closer to an average or
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can be varied at will. The dlvicded capaclty of the catalyst
coolers also makes it possible for fixed tube sheet bundles
to be employed, which results in a decrease 1n cost of
apparatus. The conical sections into and out of the coolers
are highly eflficlent mixers at the velocitles of the present
process and are, therefore, ideal reaction zones for the
most efficient utilizatlion of the cetalyst.

The catalyst concentratlon in the reaction zone, such
as in condults 11, 22, and 31 may be accurately controlled
according to this process by varying the catalyst loading
rates through slide valve 51. The concentration is a function
of both the velocity and the loading rate, except at the
higher velocitiles withln range dlsclesed when the concen-
tration is a function primafily of the loadlng rate.

Still another advantage of the present system 1s th%
I

fact that the accumulation of unvolatilized organic compoundd
of relatively high moléeular welght, such as hegvy polymars,é
on the catalyst, whlch compounds are potentlal ccke, can be i
minimized by stripping the clrculating catelyst in stripper %
46, Since the catalyst has a relatively short residence i
time in the reaction zone in whilch 1t contacts the hydrogen ;
and carbon monoxide, the wax deposlts thereon may be
stripped before the accumulations become excesslive and beforé
coke 18 formed. The catalyst 1s in the reaction zone in the;

present system only a matter of seconda before 1t ls with-

érawn, separated from the reactants and reactlon producta,

and then stripped of wax deposits. After stripping, the !
catalyst 1s agaln returned to the reactlon zonse. Tne inter |

mediate strippling oparatién maintalna the catalyst at its

|
maximum sctivity and results in substantlally prolonged life |

of the catalyst. The combination of ghort residence time 2
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and strilpping enebles the opsration of the process without
frequent intermittent or continuous regeneratlion of the
catalyst by coxldatlon and/or reduction. The process may Le
operated for prolonged periods with substantially the sole
source of catalyst to the reaction zone being the stripped
recycle catalyst. A small amount of fresh catalyst may be
added to the system to compensate for the loss of catalyst
with the resctlon effluent, such as through llne 41.
Various minor modificatlons end alterations of the
apparatus shown in the drawing may be practiced by thoae
skilled in the art wlthout desperting from the scope of thils

1invention. Various coclers, condensers, distillation units, -

and cther means for treating the reaction effluent have not

been shown for & matter of convenlence and simpllcity but
their presence and use will be obvious to those skilled 1in
the art.

The following example 1s offered as a means of

better understanding the application of the present'inventioﬂ

to the hydrogenation of carbon monoxlde and the apecific zi 5'
recitation of certain limitatlions therein 1s not considered ? |
unnecessarlly limitiné to the present lnventlon. |
EXAMPLE

In accordance with thls invention an iron catalyst
was prepared in the following menner. About 13,600 grams of
powdered Alan Wood Ore was mlxed wilth 69 grams of Ti0y snd
175 grems of KOH by forming a zclutlon of the potassium
hydro#ide dissolved in 1600 mi, of .° |
distilled water and adding the solution to the Alan Wood Orej
The titanium dicxide was added to the mixture of potessium

hydroxide solution and the entire mixture thoroughly agltated
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for sbout 15 or 20 minutes. The wet mlx was drisd overnight
1n porcelain dishes at about 21OOF to about 220°F, The re-
sulting hard dry cake was ground to about 20 mesh in a disc
miil, The finely-ground material was fused at a temperature
of about 2600°F to about 2800°F. After fusing, the material
was broken up Intoc large chunks and ground again In a disc
mill and pulverized 1h a ball mill.

The-pulvérized material was then pelleted to aboutb
3/16 inch to 1/4 inch pellets and was reduced with hydrogen
at about 14OOOF to 1500°F for about ten hours. After re-
duction of the pellets with hydrogen, the pellets were re-
powdered in a ball mill., The reduction of the fused mixture

|
was carried out in a fixed-bed operation in which the catalyst
[

Alan Wood Ore comprises about 1 psr cent to 2 per

alumina, titaaium dioxide, and slilea, about 1.2 per cent to

about l.4 per cent potasslum celculated az the oxlde. The

slze of the prepared catalyst 1s shown in Table I below:

TABLE 1
POWDERED IRON CATALYST
PARTICIE SIZE

Screen Analysls . Welght Per Cent
Mesh
#40 -

40/100 2.5
100/200 . 5.1
200/Pan 13 2

. : 79.2
- T00.T
Roller Analysis’
- . Milerons . ) . . .
© 0=10 . ' 16.2

10-20 . - . 1740

20-407. e S To19.8 0

40-60 .+ . ; C e 24,0 -

: 6@4‘ . : : ‘ . 2T

' Recovery.- % : 98.8"
Density (basis water) 8.8 e
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! of the epparatus, such as separator 32 of the drﬁwing, and

t
i

' passed by means of a standplpe, such as condult 49 of the
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Having prepared a catalyst of the desired propertiles
and the reguired size, the catalyst was introdiced into a
conduit, similar to conduit 11 of the drawing, in which &
mixture of hydrogen and carbon monoxlde was flowlng upwerd
at a relatively high velocity. The conditions of reaction
and the analysis of the product is shown in Table II below,
In obtalning data various gas velocltles as well as concen-
trations of catalyst in the reaction zone were used to .
dotermine their effect on the reactlon and product. Also, 1t
will be noted that the pressures used varied'from B0 to 250
pounds per square inch gage. The reaction effluent end en-
trained catalyst were withdrawn from the reaction zone after ;

geperated by gravity from the effluent 1n an enlarged section|
. |

t drawing, to the point of introduction of the catalyst into

i
'.the syntheeis gas streem. The effluent passed through filterh

to separate fine catalyst therefrom. The fllters were cleaned
intermittenly or continuously by flowing recycle gas back
through them. The effluent then pas;ed through a condenser 1
at about 40°F and at operating pressure and uncondensed gases
were recycled to a point Jﬁst hefore the first contaect of i
catalygt_and synthesls ges. ‘

' Catalyst in the standpipe was maintalned at sabout
BOOOF by means of electrieal heating'elamants wound around thgf
‘4 inch jacket sufrounding the 2 inch standpipe. Various
predetermined loadings of the catalyst Into the aynthesls ges

atream were uased and the tendency for varistion in loasdings

for any particular run caused by variation in differential‘_-

) 25— i R
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pressure in the reaction zone was minimized by eontrolling
a slide valve, such as valve 51, on the bottom of the stand-

pipe by a conventional differential pressure recorder re-

' sponsive to the differsntial pressure betwsen the top and

bottom of the standpipe. The differential pressure recordsr
was set at various readings of inches of water depending upon
the catalyst loading desired. The concentration of catalyst
in the reaction zone or elongated condult was determlned by
the differential pressure in a 15 foot vertlical section of the
conduit. The overall length of the reaction zone was about
26 feet and 3-1/2 inches, 1.e., from the point the catalyst
wds rirst contacted with the synthesls gas and the. point
where the catalyst wﬁs separated from the reactlon erfluent.:
The velocity of the gas stream waes sufficlently highi
that the catalyst was entralned in the synthesls gas -stream 7
throughout the reaction zone in a continuods phase. . ‘
The catalyst in the standpipe: was aerated wlth re-
c#cle ges or combined inlet gas in most instances; however,

other gases, such as carbon dioxide, hydrogen, and steam

could have been used 1f desired.

-8B
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TABLE II1 - Part 1

RUN NO. 1 2 3 4 5 6

Hours on Run 8 5 6 1& 18 18

CPERATING CONDITIONS

Pressure,P.3.1. BO 80 a0 80 a0 80
Ratic of Recycle .
to Fresh Feed 6.0 6.4 7.7 1.7 1.8 8.2
Fresh Feed, CF/H 88 137 143 150 1_155 151
Gas Ratio,HE:CO
Fresh Feed 3 > B 3 o) S
Inlet to Reactilon o
Zone - - - - 4.5 14
STANDPIPE
Temp. °F. 595 . 597 598 598 596 605
Density,P+C.F. g7 97 100 103 . 99 102
Lin.Velocity,F.P.S., 0.4 0.4 0.4 0.10 0,17 0.18
" REACTION ZONE
Aver.Temp.oF in e :
" zone 585 583 5956 594 596 603
o - .
Gas Inlet Temp. F 572 5Pl 618 604 . 803 6085
Iin.Veloelty,F.P.S.
(Superficial) -15 15 19 7 8 15
Catalyst Loading
{inches of water) . 35 55 55 53 35 49
Concentration of - ,
Catal‘yst,P.C-F- 345 505 5.9 Beb’ 5-0 4.9
RESULTS
Contraction ~ % - - 54 26 23 as
CO Dlsappearance ab, 75 79 67 54 Bl
Observed 0il, co/m>. : )
of fresh feed 20° 30 | 19 28 3l 44
Water, cc/m:5 of . .
fresh feed . 167 176- 105 81 80 -
Belectlivity ‘ _
co - €O, 12.5 13.8 14.7 22.4 - 15.4 =

O
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hUN NO. 7 8 g 10 11 12
Hours on Run 156 5 12 24 13 24
OPERATING CONRITIONS
Pressure,P.S.I. 150 150 150 150 150 150
Ratio of Recycle
to FreshAFead 4,92 4,9 4.7 5.0 Tel 8.5
Fresh Feed, CF/4 251 234 224 188 139 108
Gas Ratio,HQ:CO
I'resh Feed 3 3 2 2 1.4 1.4
Inlet to Reactlon
Zone 4.9 4.9 3.0 Bed 2.5 2.0
STAMDPIPE
Temp . F 597 595 597 602 597 596
Density,P.C.F. 106 75 87 88 87 a7
Lin.Velocity,F;P.S.O.l4 0.20 0,13 .13 .11 0.11
REACTION ZONE
Aver.Tamp.oF in
zone 601 602 600 603 6082 600
Gas Inlet Temp.oF B76 614 603 596 6082 600
Iin.Velocity,F.P.S. )
(?uperficial) 14,3 14.2 13.4 13.1 11.8 10.5
i 7 Catalyst Loading
? (inches o: water) 70 - 70 70 70 70 70
% ‘Concentration of
ﬁ Catalyst, P.C.F. 8.4 7.7 8.0 B.4 8.0 8.7
RESULTS ' |
Contraction - % 35 41 37 3B 25 35
| €O Disappearance 86 - &7 59 39 71
ié Cbssrved Oil,cc/m3
ig of fresh feed 38 20 41 45 55 101
. Water, cc:/'m:5 of |
fresh feed 135 61 110 114 126 185
Selectivity:
co - 002% 13.2 ~ 20.5 25.8 39.5 £3.2
O - CH, - - - - 18

-28-
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KUH NU. 13 14 15 16 17 18
40URS ON RUN 22 & 18 24 24 18
OPERATING CONDITIONS

Pressure P.3.I. 150 150 150 150 150 150
Ratio of Recycle to
Fresh Feed 6.5 8.1 6.6 6.4 6.0 B.5
.FrQSh Feed, CF/H 123 105 127 130 136 135
Gas Ratio, Hy1CO
| " Fresh Feed 1.4 1.4 1.4 1.4 1.4 L4
Inlet to Reactlon
7Zone 22 2.0 2.2 2.0 - 2.6
STANDPIPE '
Temp, F. 597 601 600 600 601 604
Density, P.C.F. 82 80 78 90 52 69
rin.Velocity F.P.S.  0.11 0.08 0.10 0.10 0.09 0.10
REACTION ZONE 7 ‘ ' ‘i
| Aver.Temp.oF in zone 604 604 602 §04 602 602{
Gas Inlet Temp.°F 600  600. 600 600 575 550
Iin.Veloclty F.P.3, ‘ E
(Superficial) 10.4 10,2 10.3 10,2 10.0 10.8l
Catalyst Loading ?
{inches of water) 70 75 a0 74 &0 59
Concentration of
Catalyst, P.C.F. 9.4 10.1 11.2 9.8 8.7 8.2
| RESULTS .
Contraction - % 46 37 43 44 47 46
CC DPlsappearance 74 - 83 - 79 -
Observed 011, cc/m° |
of fresh feed 80 93 - 80 73 79 63
Water, cé/ms_of |
freah feed 142 168 129 140 148 141
Selectivity: '
co - CO% 23.2 - 11 26.6 29.5 17.4
co - CH, 14.5 - 17.8 11.9 - 12.9

=P
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TABLE II - Part 4
RUN NO. 19 20 2], 52 23 24
Hours on Kun 24 24 24 24 21 48
OPTRATING CONDITIONS
Pressure, P.S.la 150 150 150 150 150 150
Hatlo of Recycle \
to Fresh Feed 6.4 5.6 5.4 5.5 6.5 6.6
Fresh Feed CF/H 128 145 148 144 131 126
Gas Ratio H2:CO
Fresh Feed 1.4 1.4 1.4 1.4 14 1ed
‘Inlet to Reaction
Zone 2.6 1.7 2.0 2.0 2.0 2.1
STANDPIFE
Temp . F . 598 600 595 590 590 559
Density P.GC.F. 67 &7 56 66 80 55 ¢
Lin.Velocity,F.P.S. 0.09 0.09 0,11 0,11 0.11 0.10
REACTION ZONE i
Aver. Temp.°F in zone 595 590 585 575 570 540§
Gas Inlet Temp., P 500 450 400 350 300 150
Lin.vVelocity,F.P.4. 3 i
(Superficial) 9.8 B.9 9.5 8.6 8.2 8.5
Cﬁtalyst Loading . i
(inches of water) 58 59 58 57 58 57|
Concentration of )
catalyst, P.C.F. Bed BT 8.0 B.0 8.0 8.0
RESULTS
. Contraction - % 49 49 44 53 53 43 .
Cc0 Disappearance 79 i
Oﬁserved 011, cu::/n:t:5 !
of fresh fesd 70 69 - 56 65 501
Water - cc/m° of ‘
fresh feed 160 121 - 100" 139 95 |
Selectlvity: g
co - COL% 17.4 20,0 - - - 17.9}
€0 - cH, 12,9 - 7.4 “ - - o

508840
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RUN NO. 25 26 27
Hours on Hun 24 24 18
CPERATING CONDITIONS
Pressure, FP.D3.I. 150 150 150
Ratio of Recycle to,

Fresh Feed 5.8 546 4.8
Fresh Feed, CF/H 171 271 208
Gas Ratlio, H_:C0

Fresh Fesd 1.4 1.4 1.4

STANDPIPE
Temp . F 591 593 607
Density, P.C.F. . 49 43 45
Lin. Veloclty, F.P.S. 0.12° 0.13 0.11
REACTIQON ZONE
Average .
Temp.°F in Zzone 802 595 604
Gas Inlet Temp.'F 615 - 810 604
Iin. Veloclity, F.P.S8.

{Superficial) 10,1 10.5 10.8

Concentration of

: ‘Catalyst P.C.F. 5.8 3.6 4.8

1' . .

' RESULTS _
Contraction - % 62 68 83 .
Observed 0il, cc/m® : e

of fresh feed o8 70 i7 .
Water -'cc/ms-of T

fresh feed 154 106 - B4

r "31-

TABLE II - Part 5

03840




10

15

20

25

30

003840

- From the above data it 1s appsrent that the product
and results in general compare favorably with fluld-bed
cperations using a conventional dense phase of catalyst.

When operating at 1l:4 ratlo of hydrogen to carbon
monoxide in the fresh feed as in runs 13 to 23, with a recycle
ratlo of about 5:1 to 6:1 the comblned gas inlet composition
(including freéh fead and recycle gas)} wes about 1B per cent
carbon monoxide and a ratlo of Hy3CO of avout 2:1 to 2.5:1
existed in the raaption Zone . |

In Runs No.'s 20 thréugh 23 the selectlvity appeared
to be good with about 20 per cent CO - 002 and about 8 per‘ .
cent of CO - CH4. Analysis of the prodvcet of run 20 indicated
that about 40 per cent of the condensed oil comprised

oxygenated compounds of which 15 per cent were aclds. The

water contained esbout 14 per cent chemicals, spproximately

- half. of which were aclds, A yield of about 40 cc/m3 of fresh’

© fesed gas of total oxygenated compounds was obtalned.

: dense~phase, fluld-bed operation for asbout 400 hours, was

| the effect of this type of reaction on the carben and oil

Operations at 250 pounds per square ineh pressure
have proved to be successful with results somewhat similar tol

those at lower pressures.

Prior to run 12 an iron cetalyat similar to that

)
;
i
i
H
1

. previously descrlbed, but which had been used in conventionalé

subsﬁitutad for theworiginal catalyst in carrying out the
process. The ecomposition of this catalyst prlor to use in
the prgcass.is shown 1in column 1 of Table IIT. After the
catalyst had been ﬁsed for a periocd of two days, five days, |

and nine days, ahalysis of the catalyst was made to determinei

% content of the catalyst, and also upon the catalyst size,

ﬁ This dats 1s shown in Table III.
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TABLE ITI
CATALYST ANALYBIS

Chemical Analysis - ° Charged é days 5 days é days
01l + Yax _ 4,0 . 4.5 5.5 5.2
Carbaon o Lo 23.1 23 .5 25.4 24,0
Total Iron T es.s 65.2  63.4 62.0

Heller Analysis : ; ' Weight per cent

Mlcrons.

0-10 : 0.9 1.0 1.2
10-20 i"- : 0.9 2.8 2.7
20-40 ' 7.5  10.2 12.9
40-80 . - 7 32.4  33.5 38.4

80+. BB.3  32.7 44.8
Densi ty - 3.2 3.1 3.2

The data of Table III indicates only 8 slight changq
Jin chemical composition and sTze of the catalyst from the i
fzoriginal material introduced at the beginning of run 12. The
T lwax (hoavy organic eompouﬁds-) content increased about 1.5 per
Hcant and ths.fixod.cafboﬁfoontﬁnt increased about 2.3 per
icent. Afdecrqase of i;ss tﬁaq g pér centlin th? total iron
?was noted. The prarticle éiie analysis iIndicates that the
Icatqust became slightly finer on use. From these results
{the cataly;t composition in the circulating system of the
éprssant invention was probabl& more stable than wlth the con-

veniional dansa-phaée ocperation uaing a fluld-bed.

BB
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The embodiments of the invention in which an
exclusive property or privilege is claimed are defined as
followa:
1la A process for the hydrogenation of carbon monexlide,
whiech comprises contlnuously passling a gasseous mixture
comprising hydrogen and carbon monoxlde in a mol ratlo of at.
1east about 1:1 upwerd through a plurallty of alternate
uncooled and cooled reactlion zones, continuously introducingé
a finely divided hydrogenation catalyst inte sald gaseous 3
mixture, maintalning a temperaturs and prasaure of reaction |
bestween about 300°F. and sbout 750°F. and between about
stmospherlc and about 500 pounde per sguare Iinch gage,

maintaining a linear gas velocity in sald reaction zZonas

&F

of at least 6 feet per second such thet the heaviest catalys
particles continuously move in the direction of flow of the
gases whereby the residence time of the catalyst in the
reaction zones 1s relatively short, subsequently separatling
catalyst from & resaction effluent, stripping the separated
catalyst of heavy organic compounds depoaited thareon durling

the hydrogenatlon of carbon monoxide, and recycling stripped

catalyst without further regeneration as substantlally the
sole source of catalyst for sald hydrogenation reaction.

2. ) A process for the hydrogenation of carbon monoxlds

which comprises continuously passing a geseous mixture
comprising hjdrogen and carbon monoxide in a mol ratio of

at least about 1:1 through a plurality of alternate uncooled
and coolsd reacticn zones, continuously introducling a finelg
divided hydrogenation catalyst into sald gaseous mixture,

maintaining & temperature and pressure of reactlon between

about 300°F. and about 750°F. and between about atmospheric

- “; g{.,ﬂ.
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and sbout 500 pounds per square inch page, maintaining a
linear gas velocity 1in sald reaction zones sueh that the
heaviest catalyst particles continuously move in the direction
of flow of the gases whereby the residence time of the
catalyst in the reaction zones 1s relatively short, subse-

guently separating catalyst from a reaction effluent,

stripping the separated catalyst of heavy orgeanlc compounds

deposlted thereon durlng the hydrogenation of carbon monoxid
and recycling stripped catelyst without further regeneratlion
3. A process for the hydrogenation of a carbon oxlde !
wnich comprises continuously passing a geseous mixture E
comprising hydrogen and a carbon oxide through a plurglity
of alternate. uncooled and coded reaction zones, continuocusly
introducing a finely divided hydrogenation catalyst inbo
said gaseous mixture, maintaining a temperaturs of reaction
between about 300 end about 750°F. and a superatmospherlc
pressure, meintaining & linear gas veloclty in sald reasotion
zones of at lemst 6 feet per second such that the heavlest
catalyst particles contlnuously move in the direction of
flow of the gases wheoreby the residence tlme of the catalyst
in the resction zones 1a relsatively short, separating casalyst
from & reaction effluent, stripping the catalyst of heavy
organic compounds depoalted thereon during the hydrogenation
of the carbon oxldes, and recycling stripped catalyst.

L. A process for the hydrogenation of a carbon oxide
vhich comprises continuously passing a gaseous mixture
comprising hydrogen and & carbon oxide through a plurallty
of alternats uncooled and cooled reasction zones, continuously
introducing & finely divided hydrogenation catalyst Into

paid gaseous mixturs, meintaining a temperature of reaction

.
i ‘j
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betwsen about 300 and sbout ?SOOF. maintaining & linsar
gas veloclty in sald reaction zones such that the heaviest

catalyst particles countlnuously move in the direction of !

in the reaction zonss is relatively short, maintalning the
residence time of sald catalyst and sald gaseous mixture
between the point of introduction of catalyst and the in-
let to the first of sald cooled zones such that the
temperature of reaction will not rlse above the desired value
within the above temperature range, separating cetalyst from
a reaction effluent, stripping the catalyst of heavy organic
compounds deposited thereon durlng the hydrogenation of

the carbon oxlde, and recycling the stripped catalyst.

- A process for the hydrogenation of & carbon oxide
which comprices passing a gaseous mixture comprising hydrogen:
and carbon oxide through & plurallty of slternate uncooled
and cooled reaction zones under exothermic condltions of

resction such that organlc compounds are produced, continuous

1y introdw ing a finely=divided catalyst into said gaseous
mixture, maintaining a temperature of reaction between about
300 and about 750°F. and a superatmospheric pressure,
meintaining & linear gas velocity in sald reaction zZcones
such that heaviest catalyst articles continuously move in
the direction of flow;of the gases whereby the residence
time of the catalyst in the reactlon zones 18 relatively
short, malntaining the outls t temperature from the last

of sald cooled reaction zonea at a lowsr temperature then
the outlet temperature of any previous cooled resctlion zone,

subsequently separating catalyst from a reaction efflusnt,
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recycling catalyst thus separated through an serated l
passagewsay to ssld geseous feed mixture.

6, A process for the hydrogenation of a carbon oxide
which comprises contlnuously passing & gaseous mlixture
comprising hydrogen and a carbon oxide through a plurallty
of alternate uncooled and cooled reactlon zones under
sxothermic conditions of resction such that organic com-
pounds are produced, contlinuously introducing a finely-
divided catalyst into said gaseous nixture, maintaining &
temperature of reactlion between about 300 and 750°F. and &
supe ratmospheric pressure, maintaining e linear gas velocityi
in seld reaction zones such that the heaviest catalyst parﬂﬁﬁs
continuously move in the direction of flow of the gases
whereby the residence time of the catalyst In the reactlon

zones 1s relatively short, introducing a gas contalining

hydrogen into at lesst one of sald uncooled reaction zones
subsequent to the cooled reaction zone, subsaquantly separating
catalyst from a reaction effluent snd recysling catalyst

thus separated to sald gaseous feed mixture through an
aerated passageway,

Te The process of claim 6, in which sald gas contaln<
ing hydrogen 1injected into s ald uncooled reaction zone
comprises cold synthesls feed gas.

8. The process of clalm 6, in which sald gas conbaein-
ing hydrogen introduced into sald tincooled reactlon zone
comprises cold recycle gas,

Qe A process for the hydrogenatlion of carbon moncxide
which comprises continucusly passing a gaseous mixture
comprising hydfogen and carbon monoxlde through a confined

passageway to & reactlon zone in which the reactants are con-

— 37
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verted to organic compounds under exothermic conditions of |
reaction, continuously introduclng & finely-dlvided metal
hydrogenation catalyst comprlsing lron into sald confined
PASIAZBWAY, maintaining the linear gas veloclty of gases In
said confined passageway leading to sald reaction zone
sufficiently high such that catalyst is entralned in the
gases and passed through sald passapeway at substantlally
the seme linear veloclty as the gases whereby the catalyst
and resctants are intimately mixed and the gases achleve
substantially the theoretical mizxing temperaturs upon

contact wlth the catalyst, passing the gases and catalyst

upward through said reaction zone et & sufficlent linear
velocity such that the heaviest catalyst particles
continuously move in the dilrection of flow of the gases

whe reby the resldence time of the catalyst in the reaction
zone 1= pelatively short, maintelining a temperaturé betwaen
about 550 and about 650°F., posltively cooling sald reaction
sone at spaced intervals to maintain & temperature of
reaction within the above range, subseguently separating
catalyst from a reactlon ef fluent, snd recycling catalyst
thus separated to sald confined %assageway leading to sald
reactlon zone. |

10. The process of claim 9, in which fresh catalyst
is introduced Lnto sald confined passageway leading to asald
reaction zone in an amount sufflclent to make up for the
loss of any catalyst with the reactlon effiuent.

11, The process of claim 9, 1n which the linear ge&s
velocity of the gases in sald confined passagewsy leading
to said reaction zone is at least 28 feet per second and

the resldence time of catalyst and gases between the point
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fof introductlon of catalyst into said conilned passageway

il
iand the inlet to the first cocled portion of sald reaction

zone 1s less than about two seconds.

12, A process for the hydrogenation of carbon monoxide ?

to producs organic compounds having more than one carbon

atom per molacule which comprises introducing 8 finely—dividad

hydrogenation catalyst comprising i{ron and en alkall 33 @ 1

promoter and & gassous mlxture comprising hydrogen and carbong
nonoxide in ® mol ratio of at least l:l into the lower \
portion of an slonzated reactlon zons, passing gases upwerd i
through sald plongated reaction zone at a linear vo;qgity E
of at least about 6 feet per second to suspend sald catalyst
in the gases such that the concentration of catalyst in
gases 1s relatively small and such that finely-divided
catalyst moves in the directlon of flow of salid gases 1in
sald elongated reaction zone ,mainteining & temperature of
reaction between about 550 and about 650°F. and & pressure
petween about 10 and about 500  pounds per sguare inch

gage such that a ma jor proportion of the carbon monoxlde 1s
converted, controlling the temperature of reactlon within the
above relatlvely narrow range by posltively cooling seid
eslongated reaction zone at spaced intervals by indirect heat
exchange with & cooling medium, removing from the upper
portion of said elongated reaction zone &8 gaseous effiuent
containing finely-dlvided catalyst and passing same to a
separation zone in which gatalyst is separated from gases,
recovering organic compounds having more than ons . carbon

atom per molescule from the effluent as products of the

process, withdrawing catelyst from geid separatlon zons,
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treating the catalyst thus withdrawn wlth & hydrogen
containing gas, and re turning catalyst thus separated and
hydrogen treated to sald elongated reaction zonse,

13. A process for the hydrogenation of carbon monoxids;
to produce organlc compounds having more thaen one carbon :
atom per molecule which comprises introduecing a finaly—divid%d
metal hydrogenation catalyst and a gaseous mixture.compriainé
hydrogen and carbon monoxlide into the lower portion of Bn l
elongated reaction zons, passing gases upward through aald |
elongated reaction zone at = sufficient linear gas veloclty
such that the heaviesst cstalyst particles move in the
direction of flow of the gases whersby the residence time of

the cetalyst in the remctlon zone 1s relatively short,

maintaining & resction temperature betwsen about 300 and j
about.750°F. end a superatmospheric pressure such that carboﬁ
monoxide and hydrogen are converted to organlc compounds,

meintaining the temperature of reactlion in said reaction

zons within a relatively narrow range of about 100°F. by
positively cooling said reaction zone at spaced infervals,
pasaing from the ﬁppar portion of said elongated reaction
zone a gaseous effluent containing finely-divided metal
hydrogenation catalyst to a separation zone in which finely~
divided catalyst 1s separated from gases, recovering from ssid
efflusnt orgsnic compoundﬁhaving more than one carbon atom
per moleculs as products Jr the procese, withdrawlng catalyst
from sald separation Zone and recirculating separated catalysp
to sald elongated reactlion zond,

1h. A process for the hydrogenation of a carbon oxlds
which comprises passing a gaseous mixture comprlsing hydrogen

ernd a carben oxide through an elongated reaction zone having
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a plurality of independently and asparately cooled successive
resction sections under axotharmic conditions of reactlon :
such that organic compounds are produced, contimously

introducing & finely divided catalyst into sald gassous
i

mixture, maintaining a temperature of roactlion between abouti
300°F. and about TSOOF. and a superatmospheric pressure, :
pessing gasas through sald slongated reaction zone at a ;
sufficlent linear gas velocity sueh that the heaviest catalyst
particles move in the directlon of flow of the gases, .
subsequently separating catalyst from a reaction effluent,
recycling catalyst thus'saparated to sald elongated

proaction zone and recovering from said effluent organlc
compounds as producta of the process.

15, A process for the hydrogensation of carbon monoxide
to producs orgsnic compounds having more than ons carbon
atom per molecule which comprises introducing & finely
divided hydrogenatlon catalyst comprising lron and a gaseous
mixtiure comprising hydrogen and carbon monoxide into the
lower portion of en elongated reaction zone having a
plurallty of independently amd separately cooled sﬁccessive
reaction sectlons, passing gases upward through sald
elongated reaction zone at & sufficient linear gas_velocity
such thaﬁ the heaviest catalyst particles move in the
direction of flow of the gases whereby the residence time

of the catalyst in the reaction zone 1s relatively short,
maintaining a reaction temperature between about 300°F. and
about 750°F. and a superatmospherlc pressure such that
carbon monoxlde and hydrogen are converted to organlc

compounds, passing from the upper portion of sald elongated

— LT ‘
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reaction zone & gasecus affluent containing inely divided
me tal hydrogenation catalyst to a separation zone in which
finely divided catalyst is separated from gases recovering
from sald effluent organle compounds .having more than

one carbon etom per molecule as producks of the process,
withdrawing cetalyst from saild separatlon zone and
recycling separated catalyst to gald elongated reaction

ZOND .
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Gertified to be the drawings referred to
in the specification hereunto annexed.
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