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1)

(54) PROCESS FOR THE PRODUCTION OF LOW MOLECULAR
WEIGHT HYDROCARBONS

(71) We, RUHRCHEMIE AKTIEN-
GESELLSCHAFT a German Company of 42
Oberhausen 13, Postfach 35, Germany,
Federal Republic of Germany, do hereby de-
clare the invention, for which we pray that a
patent may be granted to us, and the method
by which it is to be performed, to be par-
ticularly described in and by the following
statement : —

The present invention relates to a process
for producing a hydrocarbon mixture con-
taining at least 509% by weight of one or
more C, to C, hydrocarbons, and at least 50%,
by weight of one or more olefins (the percent-
ages being based on the total content of
‘hydrocarbons having at least 2 carbon atoms),
the process comprising catalytic hydrogena-
tion of carbon monoxide.

Depending upon the catalysts employed and
the reaction conditions used, the catalytic
hydrogenation of carbon oxides leads to mix-~
tures of paraffins and olefins containing 1 to
40 carbon atoms and, in some cases, also to
oxygen-containing compounds such as alcohols,
aldehydes, ketones, esters or fatty acids. Minor
proportions of aromatic hydrocarbons are also
produced under selected synthesis conditions
(see Ullmann, Encyclopidie der technischen
Chemie, 1957, Vol. 9, pp. 701 et seq.).

Pronounced activity for the hydrogenation
of carbon oxides is shown by the elements of
group VIII of the Periodic Table, above all
iron, cobalt and nickel.

Due to their high hydrogenation activity,
nickel and cobalt catalysts predominantly give
mixtures of saturated, unbranched hydro-
carbons. On the other hand, iron-containing
catalysts permit the production of hydrocarbon
mixtures which contain high proportions of
unsaturated aliphatic compounds and, addi-
tionally, oxygen-containing compounds especi-~
ally aliphatic primary alcobols (Ullmann,
loc.cit., pp. 697—698).

Mixtures containing at least 60%, by weight
of hydrocarbons containing more than about
20 carbon atoms, corresponding to a boiling
range at atmospheric pressure above about
320°C., can be produced by known processes

without any difficulty (see Ullmann, loc.cit.,
p- 722).

However, it has not been possible up to the
present to direct the hydrogenation of carbon
oxides towards reaction proeducts which con-~
tain more than 50% of low molecular weight
and preferably olefinic hydrocarbons baving
2 to 4 carbon atoms, based on the total con-
tent of hydrocarbons having 2 and more car-
bon atoms.

Accordingly, it is an object of this inven-
tion to provide a process which permits the
preferential production of low molecular
weight olefinic hydrocarbons by catalytic reac-
tion of carbon oxides with hydrogen.

In accordance with the present invention,
there is provided a process for the production
of a hydrocarbon mixture containing at least
509 by weight of one or more C, to C, hydro-
carbons and at least 50% by weight of one or
more olefins, the percentages being based on
the total content of hydrocarbons having at
least 2 carbon atoms, the process comprising
catalytic hydrogenation of carbon monoxide in
a fixed-bed reactor under superatmospheric
total pressure and at elevated temperatures,
wherein

the catalytic hydrogenation is carried out
using one or more catalysts arranged in at
least 2 and not more than 10 layers;

the catalytic hydrogenation is carried out in
a reactor having a length of from 0.5 to 4.5
meters;

b the pressure in the reactor is from 5 to 30
ars;

the temperature measured on the catalyst is
from 250° to 370°C;

the space velocity of fresh gas through the
reactor is adjusted to from 1,000 to 10,000
std. cu.m. per cum. of catalyst per hour; and

the rate of supply of recycle gas to the
reactor is adjusted to from 5 times to 25 times
the rate of supply of fresh gas to the reactor;

the total gas loading to the reactor is from
7,500 to 50,000 std. cum. per cu.m. of cata-
lyst per hour and the catalyst is arranged in
such a manner that:

the linear gas flow velocity through the
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reactor ranges between 1 and 10 m./second,
based on normal conditions, and

the residence time of the gas in the reactor
ranges between 0.05 and 1 second, based on
normal conditions, and

the or each catalyst has an internal surface
area of 5 to 150 sq.m. per gram of catalyst.

The catalysts may have the same -or dif-
ferent grain sizes which are preferably 0.5 to
10 mm. and especially 1 to 6 mm. The par-
ticular grain size used is dependent upon
various factors such as, for example, the
activity of the catalyst, the diameter of the
fixed bed reactor, the resistance to the flow and
on the operating conditions. The shape of the
catalysts is of minor importance. Moulded
catalysts such as cylindrical pellets, spherical
pellets, tablets polyhedra, hollow bedies as well
as lumpy, crushed and comminuted catalysts
may be used with equally good results.

Tubes having a minimum diameter (inside
diameter) of 30 mm., tube bundles, vessels
such as shaft furnaces of similar apparatus
may be used as fixed-bed reactors. The reac-
tors may be provided with devices for cool-
ing or for removing the heat of reaction. For
example, cooling media such as water, liquid
salt melts or organic cooling liquids (based,
for example, on biphenyl, o-dichlorobenzene
or the isomers of benzyl benzene) may be used
in case of tubes or tube bundles.

It has been found to be advantageous to
remove the heat of reaction predominantly or
almost completely by the total recycle gas
mixture in connection, if necessary or desired,
with a cooling medium. When operating in
this manner, the temperature in the catalyst
bed is not maintained constant but is in-
creased in the direction of the gas stream in a
carefully controlled manner. Thus, the tem-
perature of the gas mixture entering at the
top of the reactor at a temperature, of, for
example, 280°C. may increase while the gas
is flowing through the reactor by 50°C. to
330°C. by absorption of part of the reaction
heat while the temperature of the catalyst in-
creases by approximately the same amount
and the overall gas mixture leaves the reactor
at this temperature. This increase in tem-
perature which is referred to as vertical tem-
perature gradient should be at least 25°C, but
not exceed 100°C., an increase in temperature
by 30° to 50°C. being preferred.

Preferably, the reaction heat is removed by
appropriately adjusting the gas recycle with-
out the use of a cooling medium. It is neces-
sary for technical and economical reasons to
use 2 to 10 and preferably 2 to 5 stages, and
it is recommended to cool the reaction mixture

partially or completely between the stages and,

if necessary or desired, to separate reaction
products and reaction liquor after each stage.

Moreover, cold fresh gas may be fed down-
stream of each stage to partially cool the
reaction mixture and to increase the propor-

tion of carbon oxide and hydrogen in the gas
mixture. It is also possible to operate with
a reaction temperature which dincreases from
stage to stage to permit betier control of the
conversion of carbon oxides and hydrogen,
which decreases with the decreasing content
of the starting materials in the reaction mix-
ture. The increase in reaction temperature
from stage to stage may be 5° to 20°C.

The length of the reactor used to carry out
the reaction must not exceed 4.5 meters. Pre-
ferred are reactors having a length of less than
3 m. Reactors of 0.5 to 1.0 m. in length can
be used without disadvantage to the xeaction.

The synthesis pressure to be used is depen-
dent upon the type of . catalysts used and
ranges between 5 and 30 bars, Pressures be-
tween 5 and 15 bars are advantageous. Lower
pressures frequently result in a decrease in
conversion of the starting materials.

The reaction temperatures to be maintained
in the process according to the invention, and
measured on the catalyst, range between 250°
and 370°C. and advantageously between 270°
and 340°C.

It is of great impartance to the process that
a high fresh gas loading of the catalyst is
maintained. While previously a loading of the
fixed bed catalysts of 500 to 700 std. cu.m. of
fresh gas per cum. of catalyst per hour was
generally regarded as the upper limit in
Fischer-Tropsch synthesis, higher fresh gas
rates are used in the process according to the
invention. It has been found to be desirable
to supply at least 1,000 and not more than
10,000 std. cum. of fresh gas per cum. of
catalyst per hour. Preferably 1,500 to 5,000
std. cum. of fresh gas are used per cum. of
catalyst per hour.

The mode of operation according to the
invention requires the use of gas recycling. Of
particular importance is the ratic of the
amount of recycle gas to the amount of fresh
gas fed in. The recycled gas which may, if
desired, be conducted through a plurality of
stages as hot gas recycle must be adjusted to
5 to 25 times the amount of fresh gas. Pre-
ferred is a recycle gas rate of 7.5 to 15 times
the fresh gas rate,

Moreover, the total gas loading of the
catalyst, i.e. the sum of fresh gas and recycle
gas, must range between 7,500 and 50,000
std. cum. péer cu.m. of catalyst per hour, the
preferred loading being 10,000 to 25,000 std.
cum. of gas per cum. of catalyst per hour,

Directly related to the values mentioned
above are the linear flow velocity of the gas
mixture and the residence time, both of these
variables being based on standard conditions.
The linear gas flow velocity in the new pro-
cess must range between 1 and 10 m./sec.
and preferably 1.5 to 5.0 m./second. The
residence time is 0.05 to 1 second and prefer-
ably between 0.5 and 0.05 seconds. The pro-
duction of hydrocarbons of higher molecular
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weight is promoted by an increase in residence
time,

Catalysts containing more than 509% by
weight and especially more than 60% by
weight of iron are advantageously used for
the process according to the invention. Addi-
tionally, promoters such as copper and/or
silver and alkali but also other additives such
as alkaline earth metal compounds, zinc oxide,
manganese oxide, cerium oxide, vanadium
oxide, chromium oxide or similar compounds
may be added. On the other hand, the use of
support materials such as alumina, kieselguhr,
or impregnating agents such as potassium or
sodium water glass is less recommendatle.

Boron, phsphorus, tungsten or molybdenum
may be used as catalyst components in the
form of their oxides, or as salts such as sodium
borate or potassium tungstate. Catalysts based
on iron, copper and/or silver and alkali
(K;0), e.g. in a ratio of Fe:Cu/Ag:K,0 of,
for example, 100:3 to 25: 10 have been found
to be particularly favourable.

The catalysts may be produced in a manner
known per se, e.g. by precipitation, sintering,
fusion or decomposition of salt mixtures.
Moulding and reduction of the catalysts may
also be effected in known manner. In some
cases, sintered catalysts have been found to be
advantageous.

The internal surface area of the catalysts
used measured by the BET method is of
importance for the process according to the
invention. Catalysts having an internal surface
area of more than 150 sq.m. per gram of cata-
Iyst are prone to produce higher molecular
weight hydrocarbons. Therefore, the catalysts
used in the present process must have an in-
ternal surface area of 5 to 150 sq.m. per gram
of catalyst and preferably of 10 to 100 sq.m.
per gram of catalyst. For catalysts which pre-
dominantly contain metals, especially iron, the
data mentioned above for the internal surface
area are based on the reduced state.

The pore size of the catalysts has a decisive
influence on the proportion of low molecular
weight hydrocarbons in the reaction product.
The proportion of macropores having a dia-
meter of more than 5X10-° cm. in the total
pore volume should be as low as possible be-
cause macropores promote the production of
higher molecular weight hydrocarbons. On the
other hand, pores having a diameter of less
than 5X10-° cm. should be preferentially pre-
sent. It is advantageous if the catalysts to be
used in accordance with the invention contain
less than 50 per cent and especially less than
25 per cent of macropores, based on the total
pore volume.

It may happen during the course of the
operating period that part«of the catalyst pores
becomes plugged by deposition of small
amounts of high molecular weight reaction

products and, therefore, is no longer accessible

to the synthesis gas. This obturation becomes
perceptible by the decrease in conversion of
carbon monoxide and hydrogen. The high
molecular weight deposits may be removed by
what is known as the extractive operation, i.e.
extraction of the catalyst with hydrocarbon
mixtures produced by the synthesis itself or
with other hydrocarbon mixtures.

‘The ratio of carbon monoxide to hydrogen
in the fresh gas may influence the production
of low molecular weight hydrocarbons. While
it is possible to use gases which are rich in
carbon monoxide, gases rich in hydrogen are
preferred in the process according to the in-
vention. The ratio of carbon monoxide to
bydrogen in the fresh gas preferably ranges
above 1:1.2, e.g. between 1:1.5 and 1:1.2.
Still higher proportions of hydrogen may be
disadvantageous under certain circumstances.

The presence of inert gases such as methane,
carbon dioxide or nitrogen generally does not
interfere with the reaction. Since the propor-
tion of these inert gases in the reaction mix-
ture increases as the conversion of carbon
monoxide and hydrogen increases, due to the
gas contraction which occurs, it is desirable to
keep the inert gas concentration in the fresh
gas low.

The process according to the invention
yields more than 509 by weight and prefer-
ably more than 60°% by weight of hydro-
carbons having more than 2 to 4 carbon atuvms,
based on all of the hydrocarbons with the
exclusion of methane. The proportion of
olefins is higher than 509, also based on all
hydrocarbons with the exclusion of methane.

The following Examples relate to the pas-
sage of carbon monoxide and hydrogen over
a single catalyst layer and illustrate the reac-
tions which occur at each catalyst layer in
carrying out a process according to the inven-
tion.

Example 1

A catalyst obtained in the form of spherical
pellets (about 2 to 2.5 mm. diameter) by sin-
tering a homogeneous mixture of iron oxide
(Alan Wood ore), copper oxide, zinc oxide
and potassium carbonate in a ratio of Fe:Cu:
Zn0:K,0=100:25:10:8 for 2 hours at
1050°C. was reduced for several hours at
400°C. After termination of the treatment,
the catalyst had a reduction value (proportion
of free iron based on total iron) of 97%.

The catalyst was placed as a layer of 50
cm. depth into an electrically heated test
reactor of 1 m. in length and 50 mm. inside
diameter.

Fresh gas at a rate of 2,000 std. liters per
liter of catalyst per hour (2,000 v/v/hr.) and
recycle gas at a rate of 15,000 std. liters per
liter of catalyst per hour (15,000 v/v/hr.)
were passed over the catalyst under a pressure
of 10 atmospheres. A CO-H, conversion of
36% was reached at a temperature of 260°C.
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measured outside the catalyst and at a tem-
ferature of 292°C. measured inside the cata-
yst.

The reaction products had the following
composition based on hydrocarbons having 2
and more carbon atoms:

C:t0 G, about 69.5% by weight; of
these, 57% by weight were
olefins;

Cs to ~C,; about 3049 by weight; of

these, 609, by weight were
olefins.

The proportion of methane was between 7
and 89, by weight.

The fresh feed gas had the following com-
position:

% by volume

CO, 3.6
C.H,, 0

0, 0

CcO 30.7

H, 53.0
CH, 0.2

N, 125
CO/H, ratio 1:1.72

Example 2

The sintered catalyst was produced as des-
cribed in Example 1 except that only 5 parts
by weight of Cu and 4 parts of KO were
used with otherwise unchanged composition
and unchanged production conditions.

At a fresh gas rate and recycle gas rate as
in Example 1, the reaction temperature was
270°C, outside the catalyst and 313°C. inside
the catalyst. The CO-+H; conversion in-
creased to about 409%.

The composition of the synthesis products
(C: and higher hydrocarbons) according to
the number of carbon atoms was as follows:

% by weight
C. to C, about 98
>C, about 2

The olefin content of the C,/C, fraction
was 569 by weight. The proportion of C,
hydrocarbons in the C,/C, fraction was about
909%, the balance being about equal amounts
of C;/C, hydrocarbons.

Methane, in an amount of 10 to 12% by
weight, was produced.

The synthesis gas used had the same com-
position as that of Example 1. With a CO:H,
ratio of 1:1.3 in place of 1:1.72 in the syn-
thesis gas, the proportion of olefins increased
by about 4% to 5% by weight.

WHAT WE CLAIM IS : —
1. A process for the production of a hydro-
carbon mixture containing at least 50% by

weight of one or more C; to C, hydrocarbons
and at least 50% by weight of one or more
olefins, the percentages being based on the
total content of hydrocarbons having at least
2 carbon atoms, the process comprising cata-
Iytic hydrogenation of carbon monozide in a
fizxed-bed reactor under superatmospheric
total pressure and at elevated temperatures,
wherein

the catalytic hydrogenation is carried out
using one or more catalyst arranged in at
least 2 and not more than 10 layers;

the catalytic hydrogenation is carried out
in a reactor having a length of from 0.5 to
4.5 meters;
b the pressure in the reactor is from 5 to 30

ars;

the temperature measured on the catalyst
is from 250° to 370°C.;

the space velocity of fresh gas through the
reactor Is adjusted to from 1,000 to 10,000.
std. cu.m. per cu.m. of catalyst per hour; and

the rate of supply of recycle gas to the
reactor is adjusted to from 5 times to 25
times the rate of supply of fresh gas to the
reactor;

the total gas loading to the reactor is from
7,500 to 50,000 std. cu.m. per cu.m. of cata-
lyst per hour and the’ catalyst is arranged in
such a manner that;

the linear gas flow velocity through the
reactor ranges between 1 and 10 m./second,
based on normal conditions, and

the residence time of the gas in the reac-
tor ranges between 0.05 and 1 second, based
on normal conditions, and

the or each catalyst has an internal surface
area of 5 to 150 sq.m. per gram of catalyst.

2. A process according to Claim 1, where-
in the length of the reactor is from 0.5 to
3 meters.

3. A process according to either preceding -

claim, wherein the pressure in the reactor is
from 5 to 15 bars.

4, A process according to any preceding
claim, wherein the temperature measured on
the catalyst is 270° to 340°C.

5. A process according to any preceding
claim, wherein the space velocity of the fresh
gas is adjusted to 1,500 to 5,000 std. cu.m.
per cum, of catalyst per hour.

6. A process according to any preceding
claim, wherein the rate of supply of recycle
gas to the reactor is 7.5 to 15 times the rate
of supply of fresh gas to the reactor.

7. A process according to any preceding
claim, wherein the total gas loading to the
reactor is 10,00 to 25,000 std. cu.m. per
cw.m. of catalyst per hour.

8. A process according to any preceding
claim, wherein the linear gas flow velocity
through the reactor ranges betwten 1.5 and
5 meters per second, based on standard con-
ditions.

9. A process according to any preceding
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claim, wherein the residence time of the gas
in the reactor ranges between 0.5 and 0.05
seconds, based on standard conditions.

10. A process according to any preceding
claim, wherein the or each catalyst has an
internal surface area of between 10 and 100
sq.m, per gram of catalyst. )

11. A process according to any preceding
claim, wherein the or each catalyst has an
iron content of more than 609% by weight.

12. A process according to any preceding
claim, wherein the or each catalyst contains
less than 509 of macropores having a dia-
meter of more than 5X 10-% cm,

13. A process according to claim 12, where-
in the or each catalyst contains less than 25%

of macropores having a diameter of more than
5X10°% cm.

14. A process according to any preceding
claim, wherein the one or more catalysts are
arranged in 2 to 5 layers.

15. A process according to any preceding
claim, wherein the catalyst has pores having
a diameter of less than 5X10-¢ cm.

16. Hydrocarbon mixtures whenever pro-
duced by the process claimed in any ope of
Claims 1 to 15.

EDWARD EVANS & CO.,
53—64 Chancery Lane,
London, WC2A 1SD,

Agents for the Applicants.
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