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from. such. solid carbonaceous materials as
coke, various ecoale, lignites, brown ooals,
peat, oil shale, oil coke, tar sands, cellulosic
materials including lignin, and the like.

It has lang been known that solid fuel
materials, auch as coal, coke and the like,
may be converted into more valushle gases
which can be mare easily handled and more
efficlently used for a greater variety of
purposes. One of the most widely practiced
gas-generating conversions is the so-called
water gas process in which solid fuels, such
a5 coal or ¢oke of any crigin are reacted with
steam at temperatures of about 1400° to
3000° ¥, to produce water-gas mixtuves of
carben monoxide and hydrogen in varying
proportions, depending mainly on the fime

of eontach, eonversion temperatures and the

feed ratio of steam. The gvorall water gas
reaction being endothermic, heat must he
supplied which’ is vsually accomplished by
the combustion of a poriion of the garbon-
aceous feed with an oxgidizing gas, such as air
and for oxygen, at aboub 1600° to 3000° F.
The eambustion reaction may be carried oub
either simulianeously with the water gas
reaction or alfernatively in a make and hlow
faghion.
{Price 2s, Bd.]
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Dy unnculies encountered particwlatly In
heat supply, continuity of operation and
limitations in temperature imposed by low
ash fusion. or softening points. The problem
of continuity of operation has been safis-
factorily salved herstofore by the application
of the so-called fluid solids technique wherein
the carhonaceous charge is reaeted in the
form. of a dense twrbulent mass of finely
divided solids fluidized by the gaseous
reactants and produets. With respeet io
heat supply, such processes contemplate
cither generation of heat by combustion of
carbonacecus materials within the gas gener.
ator or a coutinued cireulation of solid
carbonacéous material in a. fuidized stase to
& separate heater in which heat is generated
by comhustion of the carbonaceous consti-
tuents of the residwe, and reciveulation of the
highly heated solid {fuidized combustion
regidue to the gas gemeration zone to supply
the heat required therein.

When' the heat is generated by burning
carbonaceous solids within & gas generator
employing the fluid solids technique for a
continuous preduction of water gas, highly
coneentrated oxygen rather than air must
be used as the oxidizing gas e avoid dilution
of the product gas with large proportions.of
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COMPLETE SPECIFICATION.

An Improved Manufacture of Gases from Carbonaceous Materials,

I, Jomy CoNRAD AmyoLD, a British
Subject, of 20, Souwthampton Buildings,
Chameery Lane, London, W.C.2, do herehy
declare . the invention, {a communication
fromn Szamparnd Om Deveroement Com-
eANY, a Corporation duly organised and
existing under the laws of the State of
Delaware, United States of America, having

‘an office ot Tlizabeth, New Jersey, United

States of America), for which I pray that a
patent may be granted to me, and the method
by whiech it is to be performed, to be parti-
oularly described in and by the following
statement i—

The present invention relates to the pro-
duation of gases from non-gasecus. carbona-
ceous materials and, more partioularly, to the
production of gas mixtures containing carbon
monoxide and hydrogen, such as water gas,
fraom such solid carbonaceous materiuls as
coke, various egals, lignites, brown coals,
peat, oil shale, oil coke, tar sands, cellulosic
waberials inclnding lignin, and the like. )

T has long been known that solid fuel
materials, such as coal, eoke and the like,
may be converted into more valuable gases
which can be more easily handled and more
effciently wsed for a greater wvariety of
purposes. One of the most widely prasticed
gas-generating conversions is the so-called
water gas process in which solid fuels, such
as coal or coke of any origin are reacied with
gheamn st temperatures of aboub 14007 to
3000° ¥, to produce water-gas mixtures of
carbon monoxide and hydrogen in varying
proporticns, depending mainly on the time
of contact, eonversion. temperatures and the
feed ratio of steam. The overall water gas
reaction being endothermie, heat must be
supplied which' is usually accomplished by
the combustion of & pertion of the carbon-
aceous feed with an oxidizing gas, such as air
and jor oxygen, at about 1600° to 3000° F.
'The eambustion reaction may be carried out
either simultapeously with the water gas
reaction or alterratively in a make and hlow
fashion,

[Price 2. 84.]

The water gas process permits the pro-
duoction of gas mixtures of widely varying
compositions and B.Th.U. contens. The
process as such, therefore, is extremsly well
suited not ouly for the production of fuel
gases of varied B.Th.U. content but also for
the production of gases for hydrogenstion
process and particularly for the catalytic
gynthesis of hydrocarbons and Jor oxygenated
organic compounds from carbon monoxide
and hiydrogen, which depending on the pro-
ducts desived, require H, : CO ratios varying
within the wide limits of 0.5 to 5 volumes of
H, per volume of CO.

However, the technical utilization of the
water gas process, particularly for hydro-
genation processes and the produection of
synthedis gas, has been approciably impeded
by -diffieulties encountered particularly in
heat supply, continuity of operation and
limitations in temperaturs imposed by low
ash fusion or soffening points. The problem
of continuity of operation has been satis.
factorily solved heretofoze by the application
ef the so-called fluid solids technigue wherein
the carbonaceous charge is reaeted in the
form of a dense turbulent mass of finely
divided solids fluidized by the gaseous
reacbonts and products. With respeet to
heat supply, sueh processes contemplate
sither generation of heat by combustion of
earbonaceous materipls within the gas geoer-
ator or 'a eontinued cironlaion of solid
carbonaceous material in a flridized state to
2 separate heatier in which heat is generated,
by coudbustion of the carbonaceous consti-
twenta of the residue, and recireulation of the
highly heated solid fluidized combustion
residue to the gas generation zone to supply
the heaf required therein,

‘When the heat is generateéd by burning
earbongeeous solids within = -gas generator
emplaying the fluid solids technique for a
eontinueous production, of water gas, highiy
concentrated oxygen rather than air must
be used as the oxidizing gag to avoid dilution
of the product gas with large proportions of
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nitrogen. When the heat is generated by
combustion in & separate heater as ouflined
above, comsiderable diffienlties resutt from
the limitations necessarily iraposed on the
practical temperature difference between the
heater and ‘ges generator. In order to
maintain solids circulation within reagonahble
limits, this difference should be as large as
possible. The conversion of steam in the
water gas eaction inereases under otherwise
equal conditions with increasing temperatures
In the range of about 1600° o 2100° F.,it
ay amount to about 25 to 509, at temper-
atures up to abont 1700° F., to about 859,
at about 2000° F. and to about 98 to 999 at
temperatures of 2100° F. and above. 'The
gas generator temperature should, therefore,
be as high as the heat resistance of economical
construction materials available for fuid
equipment and the fusion or softening point
of the ash permit, However, the same factors
limit the heater temperature, It follows
that, even if the heater is operated at highest
temperatures attainable in technically prae-
tical equipment and commensurate with the
ash fusion or softening point which lies in the
neighbourhood of about 2000° F. for such
materials as high chrome-nickel stoel and
reasonably priced ceramie-lined steel, and
for most coal ashes, the gas generator will
have to operate at a temperature below
about 2000° F.

For example, operation of the heater ab
about 1900° F. and of the generator at about
1800° F. requires a solids circulation rate
hetween heater and generator of, say, about
20 Ib. of solids per Ib. of fresh eoke supphed
to the system. If it is desired 4o reduce
solids eireulation by an increase of the
temperature differential between heater and
generator, this may only be accomplished by
reducing the generator temperature hecause
any intrease of the heater temperature
increases the danger of ash fusion and
sticking of the eharge. A reduction of the
generator temperature, however, is eonducive
to a corresponding decrease in the conversion
rate and must be compensated for by a
suitable increase of solids bold-up and steam-
solids contact thme. Thus, if the generatoy
temperature is dropped to 1700° F. o obtain
& temperature differential of about 200° F.
and & reduction in the solids cireulation rate
of about 50%, the solids hold-up in the
generator must be increased about three-fold.
Sinee the generator diameter is fixed by gas
velocity and fluidization considerations, the

" depth of the solids bed in the generator must

be about three times that required in the case
of the smaller temperature differential and
may requive prohibitive generator heights.

- These difficulties are even more pronournced
when the generator is maintainedq under
elevated preasures of more than, say, 20 Ib.
per sq. in. gauge, because the conversion rate

decreases as the pressure js increased,
Tequiting & corresponding inerease in tem-
perature and for econtact tine to avoid outpus
Ioases.

Inzecordance with this invention, improve.
mengs are secured in the * separate heater
type of process mentioned above by earrying
out a substantial proportion of the gasifi-
cation reaction within a so-called * transfer
line reactor through which hot solids from
the separate heater are passed in the form of &
suspension. Briefly a transfer line reactor is
an elongated solids transfer Jine having a
relative small oross-section. A typical form
of such reactor is described in prior Specifi-
cation No. 625,523,

Accordingly the present invention provides
a process of producing a gas mixturs rick in
CO by the gasification of solid carbonaceous
materials which comprises subjecting sub.-
divided carbonaesous solids to s combustion
reaction with an oxygen-containing gas in
the form of & dense turbulent mass of solids
fuidized by an upwardly flowing gas to form
& well defined upper level in a hesting zone,
heating said solids by combustion to % tem-
perature above minimum gasifieation tem-
perature, suspending solids so heated sub.
stantially at said first-named temperature in
& gaseous medium adapted to react with
carbon to produce carbon monoxide in an
endothermic reaction at said temperature,
passing the suspension thus formed, with
substantially coneurrent flow of gases and
solids, through a transfer line reactor along
the length of which & negative temperature
gradient is mainfained, and recovering the
gas Mixture so formed, the length of the
transfer line reactor and the velocity of the
suspension passing therethrough heing so
correlated that at least a major proportion of
said gaseous medium is converted to said gas
mixture in the transfer line reactor,

In one embodiment of the invention,
finely divided carhonaceous solids of the type
already specified above are continuously
heated to a temperature of about 1800° o
2200°F. by 2 combustion resction with
oxygen in a heating zone wherein the solids
are maintained in the form of 4 dense highly
turbulent mass fiuidized by the upwardly
flowing combustion supporting gases and
gaseous combustion produsts, The hested
solids are continuously withdrawn from the
fluidized mass in e heating zone and
contacted with an exeess of gasifying agent
adapted to react with earbon tp produce CO,
e.g. & gasifying agent such as superheated
steam and, for CO,, substantially in eoncurrent
flow over an extended path in 2 transfer Line-
ype of Teactor for a time sufficient to permib
the conversion of a major portion of the
gasifying agent wo CO essentially at equilib.
rium conditions. Unconverted solids and
product gas are passed from the transfer-line
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reactor to the lower portion of & second
reaction zone of enlarged diameter wherein a
turbulent, dense, flnidized solids mass similar
0 the mass in the heating zone is formed.
This second reaction zone is s0 dimensioned,
and operated that the conversion of the
gasifying medinm iz substantially completed
on its path upwardly through the second
reaction, zone under essentially equilibrimm
conditions and, that an overall mpward
movement of the Auidized solids is accom-
plished. Excess carbonaceous solids are
removed continuously from an upper portion
of the second reaction zone and returned tc
the heating zome, preferably to a middle
section thereof. The fresh carbonaceous
solids feed may be charged either to the
beating zone or to cither one of the gasifica-
tion mones.

As a result of the substantially concurrent
flow of heated solids and gasifying medium
in the gasification zones, there is an appreci-
able temperature differential along the path
of the Teactants through the gasification
zones. The gas genersting reaction is imi-
tiated substantially at the relatively high
temperature of the heating zone and com-
pleted at a substantially lower temperature
at which. solids and gases are withdrawn from
the top of the second gasification zone.
However, most of the reaction will take place

at temperatures substantially above fhis
. lowest temperature to establish an average

reaction temperature for the complete gasifi-
cation reaction sufficiently high to afford
satisfactory reaction rates. In conventional

" fluid operation of the gas generation zone on

the other hand, the entire reaction zona will
be substantially at the relatively low fem-.
perature at which gases and =olids are
withdrawn therefrom. For example, at a
heating zone temperature of, say, aboub
1900° ., the pasification reaction may take
place over a temperature range of about
1500° +o 1700° F. in accordance with the
invention as compared with a substentially
congtant temperature of, say, about 1800° I.
in conventionsl fluid operation. In this
manner, the required solids cireulation will
be about cne-half that of conventional fluid-
type gasification at ahout 1800° F. and the
contact. time required will be about 30%
less then that for conventional operation ai
about 1700°F, Of course in conventional
operations such as have just been discussed,
some gasification may take place in the con-
duit provided for the supply of hot solids from
the heater to the reaction zone proper but, in
contrast to the present invention, the amount

of gagifieation taking place in such conduit-
" will be insigpificant as compared with that

occurring in the finidized reaction zone.
As previously indicated the process of the

invention Is so operated that 2 major portion-

of the gasifying medium fed is converted in

the transfer line reactor at the relatively
highest temperatures and this permits the
second fluidized reaction zome whersin the
temperature and with it the conversion rate
are substantially reduced, to serve partly as
& clean-up zone, preferably employing a
relatively longer contact time and moderate
salids hold-wp even at the prevailing relatively
low temperatures. Quite generally, eontach
times in the transfer line reactor of about 2—&
seconds and in the fovidized reaction zone of
abouti- 4—10 seconds are suitable for this
puzpose.

The temperatures in the system of the
invention should be as high as the ash fusion

oint of the carbonaceous =olids feed permits.
The higher the temperature range the more
compact may be the equipment, In addi-
tion, high gasification temperatures are con-
ducive to the decoriposition of undesirable
consbituents evolved by the carbomaceous
feed, including thiophene, and thus to the
production of a more valuable gas for most
purposes, particularly the catalytic synthesis
of hydrocarhons. Depending on the type of
solids charged, the temperature may vary
within the system from a maximum of about
1900°—2200° ¥, in the heater to a minimmum
of about 1600---1800° F. or less at the point
of solids and gas withdrawal from the fluidized
gasification zone.

The solids circulation rate through the
system depends on the rate and magnitude of
the temperature drop through the system, or
the character of the solids charge and on the
temperature of the steam wused. Assuming
a total temperature drop of about 200°F.
within about 10 seconds of solids-steam
contact time and a low temrperature coke as
the solids charge, eireulation rates of about
25 to 50 Ib. of hot coke per Ib. of fresh ceke
charged will be adequate for the purposes of
the invention. When using a high-volatile
coal add feeding it to the reactor, the lower
rate applies whereas with anthracite coal the
higher rate applies.

Having set forth its object and gencral
nature, the invention will be best understood
from the subsequent more detailed description
in which reference will be made to the
drawing accompanying the Provisional Speci-
fication, which demonstrates & system suitable
for carrying out a preferred embodiment of
the invention.

Referring now in detail to the drawing, the
system illustrated therein essenfially com.
prises & solids heater 10, a transfer line reactor
15, and a fuid-type reactor 20 whose fume-
tions and co-operation will be forthwith
described using as an example the gasifica-
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produce water gas. It ghould be noted, .

however, that the system of the drawing may
be used im an essentially analogous manner
for the gasification of other carbonaceous
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solids and the use of (O, in place of, or
supplementing, steam 48 the gasifying
medium.

In operation, heater 10 contains a dense
highly  turbulent fluidized mass of coke
having a particle size of aboub 100 mesh to
} inch size, preferably snitially about 4—50
mesh. The eoke may have a composition
about as follows :—

Moisture .. .. Ve 3.0%
Volatile .. 10.0%,
Fized Carben 80.0%
Ash - 7.0%,

100.0%,

A combustion-supporiiug gas, preferably air,
is admitted through line 1 and a perforated
distributing means, such as grid 3, to the
bottom of heater 10. The superficial linear
velociby of the air entering heater 10 is
maintained within the approximate rangs of
0.1—3 ft. per second, preferably 0.3--2.5 ft,
per second, so as {0 establish an apparent
density of the coke mass in zone B of heater
10 of about 5—60 Ib. per cu. ft., preferably
about 10—30 ib. per cubie 5. To start up
the process, the air may be preheated to or
ahove the ignition temperature of the coke,
say to about 800—1000°F. When the
process is in equilibrium, lower aiv preheat,
of, say, about 800°—500° ¥, is sufficient and
may be readily provided by heat exchange
with hot product or heater flue gases na
conventional manper. Combustion takes
place in heater 10 and the air supply is so
controlled that the coke in zone B of heater
10 is maintained at a temperature of about
1800—=2200° ., preferably about 1900°—-
9100° F. A supply of about 45100 stan-
dard ow. ft. of air per Ib. of ecke supplied to
heater 10 is normally sufficient for this
purpose ; it varies according to the tempera-
fures of the air used and ealorific value of the
coke,

Tn order to accomplish combustion of
carbon all the way to CO, and to prevent
reduction of CO, formed,” by its reaction
with carbon to form CO and aecompanying
heat losses, secondary air is preferably
supplied to an upper portion of heater 10
through tmyere means §. In this manner,
complete combustion of any eombustible
gasiform matter present in heater 10 is
smaured. TWhe introduction of sesondary air
at the level indicated results in an increase of
the superficial linear ges velocity and in a
reduction of the bed density above this level
in heater 10. This is a desirable
condition becausge carbon concenfration and,
with i, reduction or €0, to CO are reduced.
Undesirably high ges wvelocities leading to
excessive solids entrainment may be aveided
by enlarging the diameter of heater 10
zone A above the level of tuyeres 5 as indi-
cated in the drawing, in such a mapner that *

the superficial linear gas velocity is Lept
below abous 3 £5. per second and the fluidized
mass in zane A will still assume a more or less
defined upper level Ly, An amount of
about 20—60%, of the total air to the heater
is supplied through tuyeres & normally for
the purposes of the invention. :

Tlue gases containing some entrained coke
pass overhead from level Iy, preferably
through a gas-solids ssparator, such as
oyclone separator 7, which may also ha
loeated outside heater 10 to prevent damage
by the excessive heater teraperatures, Solids
separated B cyclone 7 may be returncd to
heater 10 or discarded as desired. The hob
flue gases leaving oyclone 7 are pasged
through 2 steam superheater 9 wherein they
give off most of their heat to steam which may
be superheated thereby to about 800°—
1200° F. or higher. Flue pases are with-
drawn from the system through line 1L
The flexibility of heat generation in heater 10
a8 2 function of fluctuations in product gas
making rates in reactors 15 and 20 snd for in
solids’ circulation rates through the system
may be inereased and over-hesting of coke in
hester 10 may be avoided by recycling
suitable proportions of the flue gas from line
11 through line 12 to +the bottom of heater 10,
preforably via air line 1.

Fluidized coke, partly burned but con-
taining considerable fizxed earbon and sub-
gtantially at the bemperature of zone B of
hester 10, is withdrawn from heater 10
throtigh & withdrawal well 13 preferably
umder the pscudchydrostatic pressure of ab
least & major portion of the bed height in
heater 10, i.e., from a lower portion of heater
10. Superhested steam is passed from
superheater 9 through line 14 into line 13 to
establish a relatively dilute suspension of hot
coke in superheated steam having an apparent
density of about 5—15 Ib. per ou. f6, This
dilute suspension is passed under the pseudo-
hydrostatio pressure of the fluidized mass in
hester 10, preferably upwardly through
jransfer line reactor 15. The amount of
steam supplied through line 14 depends on
the desived composition of the final produet
gas but it is sufficient to carry the necessary
amount of hot eolre from heater 10 to reastor
20, A gasifying agent, such as superheated
steam, preheated CO, or air, or mixture of
these gases is supplied through line 16 %o
reactor 20. For an H,: (0. ratio of about
9+ 1in the product gas, sufficient steam must
conbaet the hob coke in line 15 and in reactor
20 to maintain a relatively Jow temperature
of abent 1600°--1T00° F. in the solids in the
upper zone of reacter 20. If the desired
H. : CO ratio is abous 1 : 2, a lesser amount
of total steam is supplied through conduib 14
and line 16 8o that the mean temperature of

the hot solids in reaetor 20 is aboub 1700°—"

1800° ¥. The dimensions of reactor 15
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ghould be such as will pesmit a chosen time of
contact of the gas maling fluid with the hot
colce within reactor 15 of about, say, 2—6
seconds with substantially concurrent flow
of s0lids and gases. Flow velocities of about
5—20 ft. per second. are adequate for this
purpose in reactor 15,

Reaction between coke and stemm takes
place very rapidly in reacter 15 as a resulf of
the relatively high temperatures at which
the reactants are supplied. At the high
temperature conditions specified above about
60—859%, of the steam supplied to reactor 15
may be converted by the coke to form H.,
€0, and CO, by the time the suspension has
passed through reactor 15. As a result of
the endothermic character of this reaction,
the cireulating solids leave reactor 15 at a
reduced temperaturs of about 1750°—1850° F
at which temperaturo they enter the botbom
of enlarged reactor 20 either through a dis-
{zibuting grid 17 or by way of a conical dis-
tributing means 19.

Reactor 20 is so designed that a highly
turbulent, dense, fnidized mass of residual
coke suspended in product gas and uncon-
verted steam is formed therein baving a
lovel L., similar to the fleidized mass in
heater 10. However, in aoccordance with
the preferred embodiment of the invention
the superficial linear gas velocity in reactor
20 is so controlled that an overall wpward
motion of the turbulent solids is aecom-
plished. Superficial linear gas velocities of
about 1—5 tt. per second and apparent bed
densities of about 5—20 Ib. per cu. ft. in
reactor 20 are gemerally suitable for this
purpose. The solids hold-up in reactor 20 is
preferably such as will provide a steam-solids
contact time therein of about 4—10 seconds,
preferably about 5—7 seconds. Froduet gas
is withdrawn overhead from level Lg,g and
recovered through line 22, if desired, affer
separation of entrained solids in any manner
known per se. 'The hot product gas may he
passed through a waste heat boiler (not
shown) to generate the steam required by the
process and superhested in superheater 9 as
described above. Highly heated solids at
temperatures of 1800°—2100° F. tend to
stick together and agglomerate unless they
are kept in rapid motion until their surfaces
are cooled to about 1750°W. After the
partly gasified hot coke in reactor 15 enters
Teactor 20 at the reduced temperature, better
intimaecy of contact with steam is required
hence a dense bad and. lower linear velocities
are employed in reactor 20.

At the conditions specified above, the
temperature of the solids in the upper portion
of reactor 20 is about 1700° F. Solids of this
temperature are withdrawn from the upper
portion of reactor 20 at a point below level
L, and returned through line 24 to zone B

of heater 10. Line 24 preferably discharges
into & middle section rather than into & lower
portion of heater 10 in order not to affect the
desired high temperature level at the point of
golids withdrawal from heater 10. Fxcess
solids may be discarded through line 26 from
the system, although it is preferred that at

65

76

least » major proportion of the solids which -

bave undergone gasification should be re-
turned to heater 10.

Tresh make-up coke may be supplied from
storage line 28 either through line 30 to an
upper portion of heater 10, or through line 32
0 an upper portion of reactor 20, or throngh
lines 94 and 14 to reactor 15, depending on
certain effects desired. For example, eoke
feed to heater 10 affords a product gas of
greatest purity because combustible im-
purities are brurned in heater 10 before the
charge reaches reactors 15 and 20. Coke feed
to reactors 15 and Jor 20 permiis utilization
of the volatile matter of the fresh charge in
the water gas made and thus affords better
yields at otherwise equal conditions. Any
suitable combination .of these .ways of
supplying the fresh coke may be wsed. Af
+he’ conditions of this example the fresh coke
feed rate is that required to maintain the
levels 1,4 and Lig,.

The systemn illustrated in the drawing
permits ‘of various modifications. Transfer
fine reagtor 15 may be arranged substan-
tially hotizontally or at any desived angle,
rather ‘than vertically as shown in the
drawing, as long as a substantially con-
current flow of solids and gases in maintained.
The steant feed in line 14 may be partially or
completely replaced by GOy, if a product gas
of relatively hich CO concentration is desired
and hydrocarbons may he added to reactor
20 to undergo & reforming reaction therein or
o increase the heating value of the product
gas. The system may be operated at
subatmospheris, stmospherie or superatmos-
pheric pressures which may range as high as
500 1b. per sq. ineh or higher, If tho product
gas is to be used in the catalytic synthesis of
hiydrocarbons, the pressure in the system of
the invention is preferably about the same
ag or slightly higher than the synthesis
pressure which may range from .about
atmospherie to about 700 Ib. per sq. in. A
particularly advantageous modification in-
volves the arrangement of non-fluidizable
packings in either .or both heater 10 and
veactor 20, preferably in the upper portions
thersof.. Packings of this type which may
consist -of  Tefractory Raschig rings, Berl
saddles, or the like, and which may have
interstices. adequate to permit the fluidized
solids to pass therethrough, assist In reducing
vertical back mixing of solids and in estab-
lishing desfrable temperature gradients over
the height of the fluid beds involved.

5

80

90

95

100

105

110

115

120

125



6 680,545

Other modifications may appear to those to form a well defined upper level in a heating
dcilled in the art without deviation from the zone, heating said solids by combustion to &
spirit of the invention. temperature above minimum gasification 60

The invention will be further illustrated by  temperature, suspending solids so heated

§ the following specific exampie. substantially at said first-named temperature
in % gaseous medium. adapted o react with
carbon, to produce carbon monoxide in an
ExXampLE. endothem];ic reaetion at said temperature, 65
passing the suspension thus formed, with

Conditions suitable for making water gas substantially concurrent flow of gases and
in a system at 25 Ib, gauge pressure, with the  solids, through a transfer line reactor along
dimmeter of reactor 20 heing substantially ¢{;, the length of which a negative temperature

10 the dismeter of heater iv, using coke and gradient is maintained, and recovering the 70
feeding the coke $o the heater iu, may be as  gas mixture so formed, the length of the
follows : transfer line reastar and the velocity of the

Through  suspension passing therethrough being so
) 4meshon  corrclated that at least a major proportion of

15 Coke size 8 mesh said gaseous medinm is converted to said gas 75
Coke, B.Th.TU. per Ib, 13,000 mixture in the tranpsfer line reactor.

! 2. The process of Claim 1, in which said
Coke, conswmed per 1,000 ew. ft. . gaseous * medium comprises superheated

of gas made 36 Ih. cheam.. -

Am 3. The process of Claim 1, in which solids 80

; . ) i and gases leaving said transfer line reactor

20 Air supplied to he&t‘ﬁ‘ 16 per are condacted in & seeondary reaction zone to

sq. 16 sectional avea per produce  additional quantities of said gas

minute (messured at 60°F. mizture.:

and atmospheric ?1?SSUI.~E,~hut 4. The process of Claim 3, in which the 85

supplied at 500° F. and 27 Ib. : . . ; .

- . = contiact time of said solids with said gaseous

25  gauge pressure) . e 93 cn. {5, P p K

- - . medinm in the transfei line reactor is about
Coke eonsumed per minube per o 6 seconds and o} . s in sai

sq. . sectional area of 2—6 seconds and anout 10 seennds in said

heater 10 066 1b. secondaty reaction zone.

Coke consumed per minute per 5. . The process of Claim 3, in which said 40

30 sq. ft. sectional rear of reacior solids- and ‘gases in said secondary reaction

20 on stesm-fuel reaeiion zone form a dense turbulent mass of solids

{steam unsed in both reactors fluddized to have a well defined upper level.

20and 15 ... v LB b 6. 'The process of any one of the preceding

_ Total steam consumed, supplied claims, whgrein ab leasg a major }fm"tion of 95

35 to reactors 15 and 20 per the solids which have been subjected to the

M.GF. of water gas ... ... 30lb. gasification reaction to produce said gas
To‘;sg,l steam tot r?a,ct(:flf;s 15 am . mixture are returned to said heating zone.

20 per minute sq. It 2700 O 7. The process of Claim 6, in which sai

‘ s i . ¥ ; , in which said

0 r%act;)r 20 supplied at 1200° I\ 5.0 solids returned to said heating zune have g 100

BDOWG ... e e SR tempetature substantially lower than said
VimEDS first-named temperature.

. s 8. - The process of Claim 7, in which said
Water gas made per ] 1;1mute_,f last-tientioned temperature is lower than
sq. fb. ares of reactor 20 108 eu.fs. ey o 103
said first-named temperature by an amount 03
Make of water gas per hr. /sq. 1. £ thé Geder of 200° B

45  area, about - . 6,000 cu. B, P . : .

The foregoing description and exemplary 9 ' The process of any one of the preceding
operations have served to illustrate preferred claims, in which flue gases are withdrawn
embodiments of the invention but are not upwardly from said heating zone and at ;,,
intended to be limiting in seope. least & portion of said withdrawn flue gases

is suppied to a Jower portion of said heating

RO What I claim is :— zone §6 as to control the temperature of seid

1. A proocess of produecing a gas mixture hea;tugg zone.
rich in CO by the gasification of solid earbon- _
ae%ogis ]_:ga(tierialsl.)which eomgriliggs subjecting D. YOUNG & CO.,
spb-divided carbomaceous solids fo a com- 135

56 bustion reaction with an oxygen-containing 29, Southarupton Buildings, Chancery Lane,

5 in the form of a dense turbulent mass of
solids fluidized by an upwardly flowing gas

London, W.C.2.
Agents for the Applicant.
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PROVISIONAL SPECIFICATION.

An Improved Manufacture of Gases from Carhonaceous Materials.

1, Joms - Co¥maD ApNoLD, a British

Subject; of 295, Southampion Brildings,
Chaneery Lane, London, W.0.2, do hereby

declare the naturs of this invention (&
commanication  from Spaypsmp  OIL
DeveLoprerT CONMEANY, & Corporation duly
organised and existing ander the Iswe of the
Qeate of Delaware, TInited States of America,
having an offiee 8t Elizabesh, New Jersey,
United States of America) t e as follows =—

The present invenbion relates to the pro-
duckion of gases from non-gaseous_carhon-
accous materials and, tuore particulasly, to
the production of gas mixtures containing
carbon monoxide and hydrogen, such as
water gas; from such solid carhonaceous
materials ag coke, varions coals. lignites,
hrown, coals, peat, oil shale, oil coks, tar
cands, cellutosic materials inclading lignin,
and the like.

Tt has long been known that solid fuel
materinls, saeh as coal, coke and the lilke,
ynay be converted into more valuable gases
which can.be more easily handled and more
officiently used for a greater variety o
purposes. One ot the most widely practiced
mas-generating conversions is_the go-called
\water gas provess in which solid fuels, such as
coal or coke of any origin are reacted with
stenm ab femperatures of phout 1400° 1o
3000° B.. to produce water-gas mixtuzes of
corbon monoxide and hydrogen in varying
proportions, depending mainly on the tims
of contact, conversion temporatures and the
feed ratio of steam. The overall water gas
veaction being endothermic, hest must be
supplied which is usuelly sccomplished by
the combustion of & partion of the carbon-
aceous Teed with an oxidizing gos, such &8
air and Jor oXygen, ab aboub 1600° to 5000° F.
The combushion renction meay be carried oub
cither simulteneously with the water gad
reaction ot alternstely in a make and biow
fashion.

The water gas process permits the produe- -

tion of gas mixtures of widely varying
compositions and B.Th.U. ‘content. The
PrOCEsS as such, therefore, is extremely weil
snited not only for the production of fuel
gases of varied B.Th.U. content but also for
the production of gases for nydrogenation
processes and particlarly for the catalytic
symthesis of bydrocarbone and for oxygenated
organic compounds from carbon monoxide
and hydvogen, which depending on the

products desired, vequired H,:CO ratios
varying within the wide Himits of 0.5 to 5

volumes of II, per volume of CO.
However, the technical utilization of the

water [gas Process particularly for hydro-
genation processes and the produetion of
gynthesis gas, has been appreciably impeded
by diffoulties encountered partioularly in
beat supply. continuity of operation and
1ymitations in temperature imposed by low
ash fusion or soffening points.  The mrohiem
of continuity of operation has been saiis-
factorily solved heretofore by the application
of the so-called fluid cotids technique wherein
the carbonaceous charge is reacted in the
form of a dense turbulent mass of finely
divided solids fuidized hy the gaseous
reactants and prodocis. With respeet to heat
supply, sneh processes contemplate either
generation. of heat by combustion of carhon-
eeaus materials within the pes-generator o 2
combinued civeulation of solid earbonaceons
ateria) oo fluidized state to
Leater in which heat is generated by -con-
bugtion of the carbonaceous constinents of
the residue, and recirculation of the highly
heated solid fAuidized sombustion residus to
the sas-generakion zone o supply the heat
required therein. :

When the heab is generated by buning
carbonaceous solids within a gas-gencrator
employing the Auid solids technique for a
conkinrous production of waber gas, lighty
concendrated oxygen yather than air mush be
wsed as the oxidizing gas to aveid dilution of
the prodinck gas with, large proportioms of
nitrogen. When the heat is generated by
combustion in & separate heater as outlined
above, considerable difficulties resnls from
the limitations necessarily inposed on the
practical temperature difference between the
heater ond ges generator. In order fo
maintain solids eirculation within reasonable

limits, this difference ghould be as large as
possible.  The sonversion of steam in the

yater gas reaction increases ynder otherwise
equal conditions ‘with increasing temperatures
i the range of aboub 1600° 0 2100° 1. ; ib
may amount o ahout 25 o 50% &t tem-
peratures up 0 about 1700° F., to about
259 at. ahout 9000° F. and to about 98 to
990/, at temperatures of 2100° F. and above.
The gos generator temperature ‘should,
therefore, be 88 high as the heat resistance of
econoinical construction materials- available
$or fiuid equipment and the fusion or sofben-
ing point of the ash permit. However, the
same factors limit the héater temperature.
Tt follows that, even if the heater is operated
at highest terpperatures attainabls in techni-
cally practical equipmeent and commen-
surate with the ash fusion or goftening point
which lies in the neighborhood of about
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2000° ¥. for such materials as high chrome-
nickel steel and reasonably priced ceramic-
jined steel, and for most coal ashes, the gas
generator will have to operate at a tempera-
ture below about 2000° F.

For example, operation of the heater ab
about 1900° F. and of the generator at about
1800° . requires a solids cireulation rate
between heater and generator of, say, about
20 Ib. of solid per 1b. of fresh coke supplied
to the system. If it is desired to reduce
solids eirenlation by an increase of the tem-
perature differential bebween heater and
generator, this may only be accomplished by
reducing the generator temperature because

. any increase of the heater temperature in-

creases the danger of ash fusion and sticking
of the charge. A reduction of the generator
temperature, however, is conductive to a
corresponding decrease in the conversion rate
and must be compensated for by a suitable
increase of solids hold-up and steam-solids
contact time. Thus, if the generator fem-
perature is dropped to 1700° F. to obtain a
temperature differential of about 200° F. and
a reduetion-in the solids cireulation rate of
about 50%, the solids hold-up in the generator
must be increased about three-fold. Sinece
the generator diameter is fixed by gas velocity
and fluidization considerations, the depth of
the solids bed in the geperator must be aboub
three times that required in the case of the
smaller temperature differential and may
require prohibitive generator heights.

These difficulties are even more pronounced
when the generator is maintained under
elevated pressures of more than, say, 20 Ih.,
per sq- in. gauge, because the conversion rate
decreases as the pressuze is Increased,
requiring a eorresponding Increase in tem-
perature and for contact time to svoid output
lozses.

The present invention overcomes the
aforementioned difficulties and affords various
additional advantages. These advantages,
the nature of the invention and the manner in
~which it is carried out will be fully understood
from the following deseription thereof read
with reference to the accompanying drawings.

Tt is, therefore, the principal object of the
present invention to provide an improved
process for the production of gas mixtures
containing carbon monoxide and hydrogen.

A more specific object of the invention is to
provide an improved process employing the
fluid solids technique for the production of
water pas by reacting solid ecarbonaceous

_magerials with steam and sepplying heat of
reaction as sensible heat of solids heated by
the combustion of earbonaceous materials.

Other objeets and advantages of the in-
vention will appear hereinafter.

Tn accordance with the present invembion,
finely divided carbonaceous solids of the type

EE T .- LI |

cdmd

femperature of about 1800° to 2200° F. by a
combustion reaction with free oxygen in a
heating zone wherein the solids are main-
tained in the form of & dense highly furbulent
mass fluidized by the upwardly flewing com-
bustion supporting gases and gaseous com-
bustion products. The heated solids are
continuously withdrawn from the fiuidized
mass‘in the heating zone and contacted with
an excess of a suitable gasifying agent such
as superheated steam and for CO, substan-
tially in concurrent flow over an extended
path in a iransfer line-type of reaction zone
for a time suffieient to permit substantial
gasification of the solids essontially ab
equilibrium conditions. Unconverted solids
and product gas ave passed from the transfer-
Tine reaction zone to the lower portion of a
seeond reaction zone of enlarged diameter
wherein a turbulent, dense, fluidized solids
mass similar to the mass in the heating zone
is formed: . This second reaction zane is so
dimensioned and operated that the conversion
of the gasifying medivm is substantially
completed on its path upwardly through the
second reaction zone under essentially equili-
brium conditions and that an overall upward
movement of the fluidized solids is aceom-
plished. Excess carbonaceous golids are
Temoved continuously from an upper portion
of the second reaciion zone and returned to
the heating zone, preferably to a middle
section thereof. The fresh carbonaceous
solids feed may be chaxped either to the
heating zone or to either one of the gasifi-
cation zones.

As a resulb of the substantially concurrent
flow of heated solids and gasifying medium in
the gasifieation zones, there is an appreciable
temperature differential along the path of the
reacbants through the gasification zones.
The gas generating reaction is initiated sub-
stantially at the relatively high tsmperature
of the heating zone and completed at & sub-
stantially lower temperature at which solids
and gases are withdrawn from the top of the
second gasification zone. However, most of
the Teaction will take place ab temperatures
substantially above this lowest temperature
to establish an average reaction temperature
for the complete gasifleation reaction suffi-
cienitly high to afford satisfactory reaction
rates.. In conventional fluid operation of the
gag generation zone on the other hand, the
entire reaction zone will be substantially ab
the ‘relatively low temperature at which
gases and solids are withdrawn therefrom.
For example, at 2 heating zone teraperature
of, 'say, about -1900°F., the gasification
reaction may take place over a temperature
range of about 1900° to 1700° F. in accord-

 ance with the invention as compared with &

substantially constant temperature of, say,
shout 1800° F. m conventional fluid operd-
Tr +hic manner. the required sol
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cirenlation will be about one-half that of con-
ventional fluid-type gasification at aboub
1800° F. and the contact time required will
be about 30% less than that for conventional
operation. ab about 1700° F.

In aceordance with the preferred embodi-
ment of the invention, the process Is s0
operated that a major portion of the gasifying
medium fed is converted in the transfer line
reaction zone at the relatively highest tem.-
peratures and that the seoond  fluidized
reackion zone wherein the temperature and
with 36 the conversion rate are substantially
redhuced, serves partly as a clean-up zone,
preferably employing a relatively longer
contact tinie and moderate solids hold-up
even st the prevailing relatively low tempera-
tuves.  Quite generally, contact times in the
transfer line reaction zone of about 2-—4
seconds and in the fluidized reaction zone of
about 4—10 seconds are switahle for this
purpose.

The temperatures in the system of the
invention should be as high as the ash fusion

oint of the carbonacecus solids feed permits.
The higher the teraperature range the more
compact may be the equipment. In addi-
tion, high gasification temperatures are con-
ducive to the decomposition of undesirable
constituents evolved by the carbonaceous
feed, including thiophene, and thus to the
prodaction
purposes, particularly the vatalytic synthesis
of hydrocarbons. Depending on the type of
solids charged, the temperature may vary
within the system from a maximum of about
1900°—2200° . in the heater to & minimum
of aboub 1600°—1800° I, or less at the poinb
of solids and pgas -withdrawal from the
fluidized gasification zone.

The golids circulation rate through the
system depends on the rate and magnitude of
the temperature drop through the gystem, o
the character of the solids charge and on the
temperature of the steam used. Assuming &
total temperature drop of about 200° F.
within about 10 seconds of solids-steam
contach time and a low temperature coke as
the solids charge, circulation rates of about 26
to 50 1b. of hot coke per Ib. of fresh coke
charged will be adequate for the purposes of

the invention. When using a high-volatile '

coal and feeding it to the reactor, as through
line 32, the lower rate applies whereas with
anthracite coal the higher rate applies.
Having set forth its object and gemeral
nature, the invention will be best undsrstood
from the subsequent more detailed deserip-
tion in which reference will be made to the
accompanying drawing which demonstrates
a system suitable for carrying out a preferred
embodiment of $he invention, T
Reforring now in detsadl to the drawing, the
system illustrated therein essentially com-
prises a solids heater 10, a frensfer line

of 5 more valuable gas for most .

reactor 15, and a fiuid-kype reactor 20 whose
functions and co-operation will be forthwith
described using as an example the gasification
of a low temperafure coke with sbeam %0
produce water gas. T4 should be noted,
however, thet the system of the drawing may
be used in.an essentiaily snalogous manner
for the gasification of other carbonaceous
solids and the use of 0O, in place of, or
supplementing, steam a8 the gasifying
medium.

In operation, heater 10 containg a dense
highly ~ turbulent finidized mass of coke
having & particle size of about 100 mesh to
inch size, preferably initially about 4—50
mesh. The coke may have 8 composition
aboub as follows :

Moisture . 3.0%
Volatile .. 10.09,
Fixed Oarbon . 80.0%,
Ash  er e es 7.0%

100.0%,

A combustion-stpporting gas, preferably air,
is admitted through line I and a perforated
distributing means, such as grid 3, o the
bottom of heater 10. The superficial linsar
velocity of the air entering heater 10 is
maintained within the approximafe range of
0.1—3 fii, per second, preferably 0.3—2.5 1h.
per second, so as to establish an apparent
denstty of the coke mass in zous B of heater
10 of abotit.5—50 1b. per cu. fb., preferably
about 10—30 1b. per cubic ft. To start up
the process, the air may be prehested to or
above the ignition temperature of the coke,
say to aboup 800°—1000° F, When the process
is in equilibrium, lower air preheat of, say,
about 500°—500° . iz sufficient and may be
readily provided by heat exchange with hot
product or heater flue gases in & conventional
manner. Combustion takes place in heater
10 and the air sapply is so controlled thab the
coke in mone B of heater 10 is maintained atb a
temperatuze of about 1800°—2200° F., pre-
forably about 1900°—2100° . A supply of
about 46100 standard cw. ft. of air per lb.
of coke supplied to heater 10 is normally
sufficient for this purpose ; ib varies according
to the temperatures of the air and steam used
and calorific value of the coke,

In order to accomplish combusiion of

carbon all the way to (JOp and to prevemt .

reduetion of GO, formed, by its reaction with
carbon to. form CO and accompanying heat
losses, secondary air is preferably supplied to
an npper portion of heater 10 through tuyere
means 5. In this manner, complete com-
hustion of any eombustible gasiform matter
present in heater 10 is asmured. . The intro-
duction of secondary air at the level indicated
results iz in increase of the superficial linear
gos velotity and in a reduction of the bed
density above this lovel in heater 10. This
is usuafly’ a desivable "condition because
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carbon coneentration and, with it, reduction
of 00, to CO are reduced. Undesirably high
gas velocities leading to excessive solids
entrainment may be avoided by enlarging
the diameter of heater 10 in zone A above the

level of fuyeres § as indicated in the drawing, -

in such a mianner that the superfieial linear
gas velocity is kept below about 3 fi. per
second and the fluidized mass in zone A will
still assume a mors or less well defined upper
level Ly,. An amount of about 20—60% of
the total air to the heater is supplied through
triyeres § normally for the purposes of the
invention.

Flue gases confaining some entrained coke
pass overbead from level L, preferably
through a gas-solids separator, such as
cyclone separator 7, which may also be
located outside heater 10 o prevent damage
by the excessive heater temperatures. Solids
separated in eyclone 7 may be retwrned to
heater 10 or discarded as desived. The hot
flue gases leaving cyclone 7 are passed through
& eteam superheater 9 wherein they give off
most of their heat to steam which may be
superheated thereby to about 800°-1200° F,
or higher. Flue gases ave withdrawn from
the system through line 11,  The flexibility of
heat generation M heater 10 as a function of
fluctuations in product gas making rates in
reactors 15 and 20 and for in solids cireulation
rates through the gystem may be increased
and over-heating of coke in heater 10 may be
avoided by recyeling suitable proportions of
the flue gas from Iine 11 through line 12 to
the bottom of heater 10, preferably via air

* Hne 1.

40

50

" hydrostatie pressute of the fluidized mass in’

56

60

Fluidized coke, partly burned but com.
taining considerable fixed carbon and sub-
stantially at the temperature of zone B of
heater 10, is withdrawn from heater 10
through & withdrawal well 13 preferably
under the pseudo-hydrostatic pressure of at
least a major portion of the bed height in
heater 10, ie., from a lower portion of heater
10, Superheated steam is passed from
superheater 9 through line 14 into line 13 to
establish. a relatively dilute suspension of hot
eoke In superheated steam having an apparent
density of about 5—15 Ib, per cu. ff. This
dilute suspension is passed under the preudo-

heater 10, prefersbly upwardly through
transfer line reatbor 15. The amount of
steatn supyplied through Hue 14 depends on
e -desired coniposition -of the final préduct

" gas but i is safficient to carry the necessary

amoivt-of hot coke from heater 19 to reactor
20. Oxidizing gas, such as superhested
sterm, prehedted (0, or afr, or mixtires of
these gases may be supplied through He 16

‘- poremotor 20, For an H, : 00 ratio of dhoudb

65

2 1'ih the priduct gas, suffitient stesm vrrust
coritact the ket eolke in line 15 and in redctor
20 *to muintain » relafively low tomperstete

of about 1600°—-1700° . in the solids in the
upper zone of reactor 20. I the desived
H, : CO ratio is about 1 : 2, a lesser amomnt
of total steam is supplied through conduit 14
and Yme 16 so that the reean temperature of
the hot solids in reactor 20 is about 3700—
1800°F. The dimensions of reactor 15
should be such as will permi a chosen time of
contact of the gas making fluid with the hot
coke ‘within reactor 15 of about, say, 2—6
seconds with substantially eoncurrent flow
of s0lids and gases. Flow velocities of
about 5—20 ft. per second are adequate for
this purpose in reactor 15.

Reaction between coke and steam takes
place very rapidly in reactor 15 as a result of
the relatively high femperatures at which the
reactants are supplied. A% the high tem-
perature conditions specified above about
60—85%; of the steam supplied to reactor 15
may be converted by the coke to form H,,
CO, and CO, by the time the suspension has
passed through resctor 15. As a result of
the endothermic character of this reaction,
the eirculating solids leave reactor 15 at a
reduced temperature of abont 1750°—1850 F.
at which temperature they enter the bottom
of enlarged reactor 20 either through a dis-
tributing grid 17 or by way of a conical
distributing means 19.

Reactor 20 is so designed that a highly
turbulent, dense, fluidized wmass of residwal
coke suspended in product gas and uncon-
verted steam is formed therein having a level

T

75

8¢

85

90

95

Ly, similar to the fluidized mass in heater 10, 109

However, in accordance with the preferred
embodiment of the invention the superficial
linear gag velosity in reactor 20 is so controlled
that an overall npward motion of the turbu-
lent solids is accomplished. Superficial Hnear
gas velocities of about 1—5 . per second
and apparent bed densities of about 5—20
Ib. per cu. ff. in reactor 20 are generaly
saitable for this purpose. The solids hold-up
inreactor 20 is preferably such as will provide
o gteami-selids contact time therein of about
4—10 seconds, preferably about 57 seconds.
Product gas is withdrawn overhead from L,
and recovered through line 22, if desired,
after separation of entrained solids in any
manner known per ¢, The hot product gas
may Ye passed through a waste heat boiler
{not shown) to generate the steam required
by the process wnd superhested in saper-
heater'd as described abeve, Highly heated
solids 4t termperatures of 1800°—2106° F.
tend $0 stick together and agpglomerate unless

they dre opt in apid motion nntil their

surfaces are -conled 10 about 1750° F.  Adfber
the ‘partly burned hot coke in reactor I
entery vegctor 20wt the eduoed temperature;
better ftioracy -of contact with -stesm s
reqirired hence a-dense bed and lower dineny
veloeities are ainployed ih reactor 20.

At e -conditions specified above, the
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temperature of the solids in the wpper portion
of veactor 20 is about 1700° F. Solids of this
temperature are withdrawn from the wpper
portion of reactor 90 at a point below level
L,, and returned through line 24 to zone B
of heater 10. Line 24 preferably discharges
into a middle section rather than into a lower

orion of heater 10 in order niob to affect the
desired high temperature level at the point of
solids withdrawal from heater 10. Fxcess
solids uay be discarded through line 26 from
the system.

Tresh make-up coke may be supplied from
storage line 28 either through line 30 to an
upper portion of heater 10, or through line
3% to an upper portion of reactor 20, or
through lines 34 and 14 to reactor 15, depend-
ing on certein effects desired. For example,
coke feed to heater 10 affords a product gas
of greatest purity because combustible
impurities are burned in heater 10 before the
charge reaches reactors 15 and 20. Coke
feed 10 reactors 15 and jor 20 permits utiliza-
tion of the volatile matter of the fresh charge
in the water gas made and thus affords better

ields at otherwise equal conditions. Any
suitable epmbination of these ways of supply-
ing the fresh coke charge may be nsed. At
the conditions of this example the fresh coke
foed Tate is that required to maintain the
levels L and Ly,

The system illustrated in the drawing
permits of various modifications. Transfer
tine reactor 15 may be arranged substantially
horizontally or at any desired angle, rather
than. vertically as shown in the drawing, &s
long as o -substantially concurrent flow of
solids and gases is mantained. The steam
feed in line 14 may be partially or completely
replaced by CO,, if & product gas of relatively
high CO concentration is desived and hydro-
carbons may be added to reactor 20 to be
reformed therein by reaction with an oxidant
or to increase the heating valuse of the producs
gas. The system may be operated at sub-
atmospherie, atmospheric or superatios-
pheric pressures which may range as high as
500 1b. per sq. inch or higher. If the product
gas is to be used in the catalytic synthesis of
hydrocarbons, the pressure in the system of
the invention is preferably about the same as
or slightly higher than the synthesis pressure
which 12y range from about atmospheric to
about 700 Ib. per sq. in. A particularly
advantageous roodification involves the
arrangement of non-fluidizable packings in
either or both heater 10 and reactor 20, pre-
forably in the wupper portions thereof,
Packings of this type which may consist:of
refractory Raschig rings, Berl saddles, or the
like, and which may have interstices adequate
to permit the fluidized solids to pass there-
through, assist in redueing vertical back

raixing of solids and in establishing desirable

temperature gradients over the height of the &5
finid, beds involved.

Other modifications may appear o those
skilled in the art without deviation from the
spirit of the invention.

*The invention will be further ilustrated by 70
the following specific example.
ExamrprLE.

Conditions suitable for making water gas
in a sysbem at 25 Ib. gauge pressure, with the
diameter of reactot 20 being substantially °/;4 75
the dismeter of heater 10, using coke and
feeding the coke to the heater 10, may be as
follows :—

X Through
. 4meshon 80
. Coke size -~ 8 mesh
Coke, B.Th. . per Ib. 13,000
Cioke, consumed per 1,000 cu. ft. .

of gas made ... e 3610,

A 85
Air supplied to heater 10 per

sq. if.  sectional area per

minute (measured at 60°F.

and atmospheric pressure bub

supplied at 500° F. and 27 1b. a0

gatge pressure) vee 95 cu fb.
Coke consumed per minute per

sq. b sectional area of

heater 10 . 0.66 Ib.

Cloke consumed per minute per 95
sq. £h. sectional ares of reactor

90 on steam-fuel reaction

{steam: used in both reactor

20 and 15 e 1.8 10,

Total steam consumed, supplied 100
to reactors 15 and 20 per

M.C.T. of water gas ... e 30 1b,

Total steam to reactors 15 and

20 per minute [sq. f. area of

reactor 20 supplied at 1200° F. 105

about ... vee 301D, )
Yrzups.

Water gas made per minute/
- 5q. £, area of reactor 20 . 103 cu. fhi.
Make of waber gas per hr. fsg. f. 10
area, shout ... ... 6,000 cu. f5.

The foregoing description and exemplary
operations have served to illustrate pre-
ferred embodiments of the invenp',on but: are
not intended to be limiting in seGpe. 115

. Dated this 27th day of July, 1949.
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