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This invention relates to the production of hy-
drocarbons by the reaction between hydrogen and
carbon monoxide. More particularly, the inven-
tion relates to a process for the production of
hydrocarbons from hydrogen and carbon monox-
ide utilizing a series of fixed catalyst beds.

In the production of hydrocarbons, for ex-
ample hydrocarbons containing three or more
carbon atoms such as hydrocarbons boiling with-
in the gasoline and gas oil boiling ranges and wax
hydrocarbons, by means of the reaction between
hydrogen and carbon monoxide, problems arise
because of the highly exothermic nature of the
reaction and because of the economic necessity
of maintaining long catalyst life. In the past,
attempts have been made to solve the problem of
temperature control by using a reactor compris-~
ing a plurality of catalyst tubes of relatively
small cross-sectional area immersed in a liquid
cooling medium. This has not proved to be an
entirely satisfactory solution to the problem,
both because of the high initial cost of the equip-
ment and the high maintenance costs which are
especially serious when catalyst change becomes
necessary.

It is important in carrying out the reaction
that the catalyst remain effective for long
periods before regeneration is necessary and that
it be capable of being used in a plurality of on-
stream periods. Operations which tend to re-
duce catalyst life are undesirable not only be-
cause of the catalyst and change-over costs but
also because of the time required to bring the
system completely on stream.

The process of the invention should be carried
out so as to obtain high conversion of carbon
monoxide as it passes through a catalyst bed,
preferably at least 98 per cent, and ordinarily a
run should be stopped when the conversion has
fallen to below 95 per cent. High conversions are
important because any carbon monoxide that
has not been converted to useful products in a
process of this type cannot be recovered effec-
tively.

We have discovered in accordance with our
invention that carbon monoxide can be effec-
tively converted, long catalyst life obtained, and
the exothermic reaction can he controlled in
relatively simple equipment by carrying out the
reaction between hydrogen and carbon monox-
ide, as described below. In ifs broader aspects
this process comprises the use of any synthesis
catalyst such as a cobalt or iron catalyst. How-
ever, iron catalysts are preferred and the follow-

ing description will largely he concerned with °
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such catalysts. The preferred embodiment com-
prises passing into contact with a series of beds
of iron synthesis catalyst maintained at hydro-
carbon synthesis temperatures and superat-
mospheric pressures a reactive gas mixture com-
prising hydrogen, carbon monoxide and recycled
gases, removing partially reacted gases from each
of the catalyst beds, removing a side stream of
partially reacted gases from between catalyst beds
while passing the main stream of partially re-
acted gases towards the succeeding catalyst bed,
cooling the side stream, introducing make-up
gas comprising carbon monoxide into the side
stream, mixing the side stream to which make-up
gases have been added with the main stream of
partially reacted gases, passing the partially re-
acted mixture at a hydrocarbon synthesis initia-
tion temperature to the succeeding catalyst bed,
while varying the amount of cooling of the side
stream in accordance with variations in tempera-
tures of the succeeding catalyst bed.

The reacted gases are removed after the last
catalyst bed and are cooled to condense at least
the normally liquid hydrocarbons and other
compounds boiling above said hydrocarbons.
Preferably the condensation is carried out to
condense most of the Cs4 and heavier hydrocarbons
and oxygenated compounds formed in the reac-
tion. The remainder of the reaction products in
gas phase under these conditions is separated into
a portion for recycling and a portion which is
removed from the system. The recycled portion
is then admixed with fresh feed gas, preferably
heated to about the temperature required for
initiation of the desired reaction, and passed
into contact with the catalyst.

A long useful catalyst life is obtained when
operating as described if the temperature gradi-
ents across the catalyst beds are controlled. Ex-
cellent results are obtained with the gradient in
the range of about 100° to 200° F., and preferred
results are obtained with a range of about 125°
to 165° F. The initial and final catalyst bed tem-
peratures depend upon the space velocity, charge
composition, the iron catalyst employed and its
activity. The minimum hydrocarbon synthesis
initiation temperature should lie within the range
of about 430° to about 525° F. and the maximum
temperature at the exit side of the catalyst bed
should be maintained between about 610° to about
630° F.

We have found that the heat which is furnished
by the exothermic reaction may be controlled by
cooling the side stream from the discharge tem-
perature of about 610° to about 630° F. to a side
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stream temperature of as low as about 100° F.
or even lower. However, it is generally unneces-
sary to cool the side stream below 100° F., which
is a temperature that is easily attained. In so
cooling, the normally liquid hydrocarbons and
oxygenated compounds produced in the reaction
are liquefied and these may readily be removed
from the side stream.

The life of the catalyst is also directly affected
by the mo] ratio of hydrogen to carbon monoxide
in the gases fed to the series of catalyst beds. In
the presence of recycle gases which contain hy-
drocarbons, oxygenated compounds, and diluents
such as carbon dioxide and water, the catalyst
will have an especially long useful life with tem-
perature gradients such as those described above
if the hydrogen to carbon monoxide mol ratio of
the reactive gas fed to the beds of catalyst is
maintained at more than 15:1 and preferably
from 15:1 t0 30:1.

In order to maintain the hydrogen to carbon
monoxide ratio above the desired 15:1 ratio or in
order to maintain it at a constant value in each
‘of the beds, the make-up gas may comprise hy-
drogen and carbon monoxide. This make-up gas
introduced bhetween beds may be of a constant or
variable hydrogen to carbon monoxide ratio. In
this way the ratio of hydrogen to carbon monoxide
of the partially reacted gases may be kept con-
stant by introducing hydrogen and carbon mon-
oxide in the same ratio at which they are con-
sumed in the reaction or the ratio may be in-
creased or decreased as desired by varying the
ratio in the make-up gas. Synthesis gas with a
fixed hydrogen to carbon mongcxide ratio may be
introduced between each bed and a separate
‘source of hydrogen and carbon monoxide may be
furnished for making adjustments.

By operating as described, the catalyst can re-
‘main on stream for an extended time and it may
be subjected to a plurality of regeneration and
on-stream periods. In addition, the liquid prod-
‘ucts removed from each bed may be separately
cooled. The liquid products obtained from the
later beds or higher in heavier hydrocarbons, and
thus separating the liquid products from the var-
ious catalyst beds makes the subsequent process-
ing and fractionation of these products much
more simple. If desired, however, it is not nec-
essary to remove liquid products from each cata~
lyst bed. Instead this may be done at intervals
or all of the separation of products may be car-
ried out after the last catalyst bed.

Either the degree to which the side stream is
cooled or the amount of gases removed in the
side stream should be varied depending upon the
temperature of the make-up gases which are
added and the desired temperature in the suc-
ceeding bed. .We have found that the degree of
cooling of the side stream or the amount of gases
removed in the side stream, or both, can be effec-
tively controlled by the temperature in the suc-
ceeding bed in the series. }

In general, with a reaction initiation tempera-
ture of from 430° to about 525° ¥., a tempera-
ture of the gases leaving the bed of 610° to 630° 7,
the maximum cooling gradient in the side stream
will be from 518° to 530° F. Under these condi-
tions with an initial composition of from 2 to 3
per cent carbon monoxide and consuming from 2
to 3 volumes of hydrogen per volume of carbon
monoxide, from about 15 to about 35 per cent of
the total gas stream may be withdrawn and
cooled. In the later beds the partially reacted
gases will contain a larger amount of heavier hy-
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drocarbons and oxygenated compounds with a
higher heat capacity, and a somewhat lower per-
centage of the total gas stream may be with-
drawn and cooled; for example, from about 12 to
about 35 per cent may be withdrawn. The
amount of gases which is withdrawn from the

‘side stream may be increased by reducing the

amount of cooling which is performed upon the
side stream, but it is desirable to cool the gases
sufficiently to remove the more volatile hydro-
carbons and the oxygenated compounds with low
boiling points in order to obtain the previously
mentioned advantages of simpler fractionation
which result when liquid products are removed
from each of the beds.

It is a feature of our invention that a portion
of the first reaction products may be removed,
as_described, from the separator after the first
catalyst bed and from the separator after each of
the subsequent beds. The reaction products re-
moved from the earlier beds contain a larger per-
centage of lower boiling materials than those re-
moved from the later beds.

A typical method of carrying out the preferred
embodiment will be described in connection with
the accompanying drawing in which the single
figure is a simplified flow sheet of a reactor sys-
tem in accordance with the process of our inven-
tion. Referring to the drawing, the fresh feed
comprising in this case hydrogen and carbon
monoxide is fed into the system under pressure
at a controlled rate through valved line § which
leads to line 6 in which are flowing recycle gases,
as will later be described. The recycle gases will
comprise in addition to butane, propane, ethane,
methané and the corresponding unsaturated hy-
drocarbons; oxygenated organic compounds; car-
bon monoxide; hydrogen; carbon dioxide; and
normally a small amount of nitrogen. These
gases will be saturated with water vapor and the
proportions in which the several compounds are
present in the recycle gases will depend upon
the specific conditions employed in separating the
gases for recycling from the product gases. Also,
because the separation is not clean cut, there will
be traces of heavier hydrocarbons.

The mixture of fresh feed and recycle gases
is passed through a gas heater T wherein the
temperature of the gases is preferably raised to
the temperature maintained at the top of the

first catalyst bed, for example a temperature be-

tween about 430° and 500° P. The heated gases
are passed from the gas heater through line 8,
to a pressure control valve 9 actuated by control
means 11, and then to a reaction vessel 12 con-
taining a number of similar solid beds of catalyst
13, 13a, etc. The catalyst bed (3 is supported
on a suitable foraminous support 14 and can if
desired be confined at its upper surface by a simi-
lar foraminous member (6.

The heated gases are introduced at a selected
rate such as to obtain a desired initial space
velocity; for example, a space velocity (volume
of feed gas at standard conditions per volume of
catalyst per hour) of 300 or greater. The tem-
perature at the top of catalyst bed (3 is main-
tained at about the temperature of the entering
gases. On passing through the first catalyst bed,
the desired synthesis reactions take place result-
ing in the evolution of considerable heat. Be-
cause of the volume of gases in the charge mix-
ture that does not take place in the reaction,
running away of the temperature of the catalyst
bed is prevented. However, under conditions de-
scribed; there is an increase of temperature from
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top to’béttom-of rthevfirss ‘bed ‘of :about 125° to
2}65°F.; provided however that thenmaximum ‘tem-
'perature ‘reached‘does not exceed aboub: 630°0F.
Thus the temperature at the bottom-of “thefirst
bed may lie within the range of ‘about 610° to
630° F. At the bottom of the catalyst bed:the
partially reacted gases are removed ‘and . a large
portion of the stream is “passed through “the
foraminous plate 17.” The foraminous plate {71
is perforated in such a manner that sufficient
resistance exists to the passing of gases so that
‘g, part of the gases paszes down through it and
the remainder of the gases is removed through
side stream line {8 which is perforated through-
out its length within the reaction vessel {2 and
extends out of the reaction vessel. The ‘gases in
side stream line 18 are passed through heat ex-
changer 19 which is controlled as described below.
The partiaily cooled gases which are then-cooleéd
to a temperature of the order of about 50° to 150°
T. are then passed through a separator 2{ wherein
the first liguid products are removed by line 22.

The remainder of the gases is passed out ‘of
the separator 2{ by means of return line 23.
Make-up gases are added by means of line 24 from
the synthesis as manifold 25 by means of valved
line 26. The rate of addition of synthesis gas is
controlled by control valve 21 actuated by flow
control means 28. This control means may be

adjusted to supply a constant amount of make-up ¢

gas or it may be made to respond to differences
in pressure in the side stream line 23. A con-
trolled amount of hydrogen from valved line 28
connected to hydrogen manifold -30, or 'a con-
trolled amount of carbon monoxide from valved
line 31 connected to carbon monoxide manifold
32, or a controlled amount of each of these gases
may be mixed with the synthesis gas from’ valved
line .26 to form make-up gas in line 24. After
the make-up gases have been added, the mixture
of gas is passed back into the reactor at a point
beneath the foraminous plate 17. 'The'gases are
then thoroughly mixed and are introduced into
the second catalyst bed {3a. Near the bottom of
this bed there is positioned a temperature sensi-
tive means 23 connected by appropriate control
means 34 to control valve 36 which.controls the
amount of cooling water passing through:the heat
exchanger {9 previously mentioned-and thus con-
trols the .amount of ‘cooling given to the ‘gases
introduced immediately above the second catalyst
bed {23a.

The gases then pass in like manner ~through
9 ‘series of ‘catalyst beds. Each of the beds con-
tains 'a temperature responsive means which.in
accordance with variations in temperature in that
bed varies the cooling.in the side stream from
the bed immediately above it. The liguid prod-
ucts condensed in ‘each.of the: separators are-re-
moved and fractionated.

The gases removed from the last catalyst ‘ed
in the reactor i2 are passed through line 37 to
heat ‘exchanger 28 and through line 39 to cooler
41 where they are further cooled to a temperature
of no more than 120° F.; for example, to-a tem-
perature between about 60° and about 120° F., the
_specific temperature being ‘sufficiently .low to
cause condensation of the desired products. The
cooled products are.then passed through line 42
to a separator 43 of conventional design. In this
_separator an.agueous layer and a Jiquid hydro-
carbon layer are formed. The hydreecarbons that
are liguid under these -conditions are removed
from the system through line 46 and the-aqueous
layer:comprising a solution -of-oxygenated- com-
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through line 44.

~=The remainidg  gaseous >products ‘ave vpassed
-from:theseparator throughiling'47:and a'portion
‘ofthem! is vented:fromtthe system ‘through:line
-G8, The portion:vented sisregulated tothold sys-
‘tem:pressure, inzthis case 150 pounds:per-square
‘irich:and wgetsiasia thleed ito :prevent:inert gas
d-upsin:the system. “When a-run-is-in:prog-
“ress, “the ;amount.of wvent :gas /plus ‘total JJiquid
sproductsswill:besequal:in weight to:the feed.:gas.

The ‘remainingsgases areipassed through line’49

rand:are raised-toza pressure somewhat in-excess
sof :the ‘desired :reaction - pressure “hy means-of
‘blower-i5 kso ‘that:the volume df :gases ‘recycled
sto” theireactor:is about 8 10 :15-times the volume
of the freshifeed;zand then passed by line $2:into
“line $:where:fresh feed is:also:introdueed:as pre-
-viously:described. .

“Inmmany icases theeatalyst:is subjected to:par-
~tial oricomplete rreduction prior :to -being..con-
‘tacted with the:reactor:feed. This -can:be:ac-

complished in the system shown by introducing
hydrogen:through:line:5; raising the ‘temperature
of thehydrogen in heater T-to- a temperature,
-for zexample, ‘of ‘the order:of:600°:to 950° F. -and
-then:passing :the:heated:gasithrough the reactor.
“TThe ‘gases produced An this reducing ‘procedure
may:be removed: fromsthe system ifrom the-bot-
.tom 'of “the ;reaction "vessel {2 ithrough “by-pass
line B4,

“The “method -of :the:invention .may -be -varied
rinsa number :of *ways. 2For: example, :instead-of
.eontrolling ‘theamount:of: cooling water which:is
‘introduced:ito:the heat:exchanger {9, the-amount
cof gas which s removed.in.iside :stream <f8 .may
‘instead-or:in -addition ‘be regulated by valve 5%
in $Hisdine ' which ds operated by:control: means
#85. “This:control means, :like wcontrol :means 34
swhich. contréls the .cooling “water 3to ~heat:ex-

changer 719, isiadtuated -by:teraperature:sensitive
-means~33 inithe next-bed. ~The-amount-of:cool-
‘ing’is contrélled in the- subsequent:beds.in a:sim-
‘jlar manner.

When the catdlyst used -in the various.beds
-is- being “treated, for “example “when ‘it vis “being
~regenerated, various-control” instrumeritscan ‘be
“py-passed. In-orderito also reduce the resistance
-whieh: oceurs-because of theforaminous plates 11,

valved'hy=passlines'53-can beplaced immediateély
-dhove and below the*foraminous plates.

“~The -iron ~synthesis ‘catalysts -employed ‘in
‘the. present pracess can be 'in the ‘completély
oxidized, partially oxidized, or completely ‘reduced
state and can, if desired, be.employed in‘conjune-
tion with suitable promoters such:as alumina-and
.potassium.oxide.and can be disposed on “suitable
supports such.as fullers’ earth,’ activated alumina,
acid-treated .mortmorillonite.clays. and. the like.
Iron.catalysts.prepared -by..precipitation of iron
.oxide: are .particularly valuable, especially. when
:employed -in .the.unpromoted.state. The.extent
.of. reduction:of-these .cataiysts has-an important
_effect.-upon -their -value «in -the process. Thus,
-superior-results .are-obtained when the catalyst
‘has.been “from <10 to 100 per -eent reduced.from
.the oxide-and;preferably-from:50.£0-100:per-cent
reduced-from the:oxide. -.The-effect.of the-extent
.of sthe “reduction 1of :the catalyst is felt :most
:strongly-during the period when the unit is being
iplaced on:stream:although this extent -of.reduc-
-tion-also has animportant effect:on the character
»of ‘thesproducts-obtained. -In‘this‘connection,:it
will ibe cunderstood-that the catalyst will usugily
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be reduced in the synthesis unit as described
above.

As previously indicated, if the maximum tem-
perature is controlled, excellent results are ob-
tained in the present process by maintaining a
substantial temperature gradient across the var-
ious catalyst beds. The process of our invention
has the advantage that as the partially reacted
gases are passed through a series of catalyst beds,
the amount of diluents formed and the products
formed are such that the temperature gradient
which occurs in the beds decreases. However,
by controlling the amount of cooling which is
performed upon the side stream removed before
each bed, a substantially constant temperature
gradient can be obtained throughout each of the
beds used in carrying out the reaction. This
has the advantage that the catalyst beds will
have practically the same useful life and there-

fore it will not be necessary to shut down the ¢

process because one or more of the catalyst beds
require regeneration before the remaining beds
require this action.

There will now be described a presently pre-
ferred method of carrying out the process of our
invention. These runs are carried out in a re-
actor about 25 feet high with an internal di-
ameter of about 6 feet. In the reactor there are
seven catalyst beds which are equally spaced.

The catalyst employed in the preferred method
may be a modification of the same base catalyst.
The base catalyst is prepared as a precipitated
iron oxide which analysis indicates to be Fe203
with only traces of other metals. The catalyst
is formed in a compression pelleting machine
into eylindrical pellets about one-eighth of an
inch in diameter and about one-eighth of an
inch in height. Into each catalyst bed compris-
ing a volume of 56.5 cubic feet, about 7,500 pounds
of catalyst are charged. The reactor is part of
a system such as disclosed in the drawing.

The catalyst is then dried, for example by pass-
ing the gas over the catalyst at a temperature of
about 250° to 300° F. for about 3 hours. The
drying and the subsequent reactions are most
conveniently carried out by introducing the gas
separately into the bottom of the reactor and
removing the reaction or inert gases from the top
of the reactor. Hydrogen is a very convenient
drying gas because it does not result in the for-
mation of any impurities; however, an inert gas
may be used but it must be flushed from the
system after the catalyst is dried. At this stage
the catalyst in the various beds is in the form
of an oxide and may be so used if desired. How-
ever, when completely or partially reduced cat-
alysts are to be prepared, heated hydrogen is
then flowed over the catalyst at one atmosphere
pressure and a space velocity of about 1150.
When the catalyst beds have been heated to a
temperature of about 510° F., reduction of the
catalyst begins to occur. The passage of heated
hydrogen in contact with the catalyst is continued
until the desired degree of reduction has been

attained, the catalyst beds reaching a tempera-

ture in the neighborhood of about 650° F. early
in the reduction period. The degree of reduction
may readily be determined by determining the
amount of water which has been formed in the
reduction procedure. At times it may be desir-
able to introduce the hydrogen separately to the
various beds or to reverse the direction of flow
in order that the first beds contacted with the
hydrogen may not be overheated before the last
beds are at the desired temperature condition.
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The procedures just deseribed are followed not
only when preparing a catalyst initially but also
when readying a catalyst for use after it has
been regenerated.

The reactor is placed on stream hy introduc-
ing hydrogen and bringing the pressure up to
about 150 pounds per square inch. Each of the
catalyst beds is brought up to the temperature
required for the initiation of the reaction, the
specific temperatures being in the range of 425°
to 450° F. At this time 600 cubic feet per minute
of recycled gas are introduced into the reactor
at a temperature of about 450° . This syn-
thesis gas is prepared by recycling 550 cubic. feet

> per minute of recycle gas and adding 50 cubic

feet per minute of synthesis gas containing hy-
drogen and carbon monoxide in & mol ratio of
about 2.5:1. The synthesis gas comprises 3.3
per cent carbon monoxide, 89.9 per cent hydro-
gen, and the remainder diluents including those
hydrocarbons which are being recycled and which
are not removed in the final separation step,
as will be described below. At the same time, 52
cubic feet per minute of synthesis gas having a
hydrogen to carbon monoxide ratio of about 2.5:1,
which is the ratio at which the hydrogen and car-
bon monoxide are being consumed in catalyst
beds, are introduced to the second catalyst bed.
Synthesis gas is also intreduced at rates increas-
ing from 54 to 62 cubic feet per minute to each
of the subsequent beds. Initially it is not nec-
essary to remove a large amount of the gases in
the side stream, but as the rate of feed intro-
duction is increased the amount of heat which
must be removed is gradually increased under
full operating conditions. At this time approx-
imately 39 per cent of the gases passing through
the reactor are passed through the first separa-
tor, cooled, 0.30 pound per minute of Liquid prod-
ucts including aqueous phase and hydrocarbon
materials is removed from the first separator,
and a similar amount of liquids containing hy-
drocarbons of somewhat heavier molecular
weights and higher boiling points is removed from
each of the subsequent separators. When the
rate of feed introduction has been increased to
500 cubic feet per minute, the gases passing
through the first catalyst bed are of the order of
6000 cubic feet per minute and the gases and
products from the various stages are increased
in like proportions. In the subsequent beds be-

‘cause only a portion of the normally liquid prod-

ucts and the oxygenated products is removed be-
tween each bed, the space velocity is increased
until in the last catalyst bed the space velocity
is of the order of 7,400. The time required to
reach full operating conditions depends upon the
specific catalyst used and on the composition of
the feed and the amount of recycle. At the end
of the lining-out period the fresh feeds are being
introduced at the reaction initiation temperature
into each of the catalyst beds, and.the temper-
ature gradient of about 150° P, is being main-
tained in each of the beds. The inlet tempera-
tures for the various beds are increased slightly
as the run progresses in order to counteract the
decrease in carbon monoxide conversion caused
by the reduction in catalyst activity. The run is
continued as long as the conditions of operation
described previously are maintained. The most
striking indication of unsatisfactory operation is
a drop in the mol ratio of hydrogen tc carbon
monozxide in the reactor feed to the last catalyst
bed or even to a bed previous to the last catalyst
bed to below 15:1 caused by a reduction in cata-




2,882,016

9..
1yst.activity. When the inlet:temperatures: have
been increased to the maximum. preferred: oper-.
ating. temperature: and the hydrogen to carbon
monoxide ratio m the: reactwe feed to the-last bed
remains below 15:1, it is-necessary to.close, down
the unit.and: reactlvate the-catalyst.

The catalyst in: the resctors which- are to:- be
reagtivated .is: then regenerated.in the. fo‘lowmg

manner.. The reactor is: ﬁushec, w1th an inert gas
and. then & small stream: of air (about; 63 cubic

feet per minute) and a stream-of nitrogen: (avbout;

180. cubic feet: per minute). are. 1nt*odueed The
products of regenergtion: may be: recyeleﬂ to the

Ak ;feeu per mmute The cauaﬂyst peak. tems-
perature about 4507 F, under-these COﬁdlthnS

The:air rate is. then graduany inereasged 10, about,
feet per minute. and, the. mtlogen feed:
The- peak tempemture of: the:

450 cub*
reduced. to zero.
cat:tlyst is gradually increased to. about. 950° F

where: it is. maintained throupﬂoau most of the
regeneratlon period;
total. time. of about 38 hours.

catalyst introduced into the.reactor.

The cycle.of operations in the. present process:

comprises-the. periods deseribed; a pericd. for.dry-

ing. and reducing: the catalyst.if a completety or,

partially. reduced - catalyst is used; a lining-out
period;
period. . The lining-out period and, the reaction
period,. duy ing both. of which hydrocarbons. are
produced, are. together referred to. as. the on=-
stream period..

When operating in accordance with the in-

vention, conditions.that should be.observed care-.

fuliy are the ratio of hydrogen to: carbon mon-
oxide and the. conversion of carbon mongxide.

The ratio of hydrogen to carbon monoxide is in- 4

dicative of the activity of the catalyst and car-

bon monoxide conversion and is of course depen-.

dent upon the composition of the gases. fed: to
the. various catalyst beds. Accordingly, the.con-
trol. of the process can be effected oy keepmg
the amount of hydrogen added hetween beds,
constant and varying conditions in. accordance
with the change in the mol ratio of- hydrogen
to carbon monoxide in the. reactor. feed.. For
example as. pointed out above, if the, hydrogen

to. carbon monoxide ratio in. the reactlve feed.

to the last catalyst bed falls below.15:1, the ratio,
may- be increased by increasing the.ratio of hy-
drogen to carbon monoxide in- the initial feed
to the reacior:
by increasing the initial temperature. in each
of the catalyst beds.
in. the hydrogen to. carbon.monoxide. ratio of
the entering gases or the. increase in tempera-.
ture is not effective to raise. the. hydrogen to

carbon monoxide ratio in the gases fed to the,

last catalyst bed-to above 15:1 either the amount

of hydrogen added between beds may be in-.
creased or if the carbon monox1de conversion.
is below 95 per-cent, then the on-stream period-

for the reactor should be . discontinued and the
catalyst,regenera_ted or replaced .
It will be understood that the conditions:dis-

closed may be: varied within the scope: of: the:

invention.  While it_is generally - preferred:: to

carry out the proecess at a pressure of about.150.
pounds. per square inch, other superatmospheric.
pressures may be used, such as pressures within-
the range of about: 50:.to, 650: pounds: per square,.
;76

inch., Because pressure. does.not appear: to.have

catalyst beds at a rate of about 1500 to. 1750,

which usually. occumes &
The. regenerated«
cabalyst after successive on-stream periods is in.
substantially the same condi ition as, the. fresh,

a reaction period; and a Iegeneratmnv

The. ratic may -also be increased.

However, if the increase.
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a critical effect on . the process, higher pressures:
can:be: used  but are not- preferred beeause; their.
use:requires: spec1a.11y demgned equipment:. Also,
provided- the. other-conditions .of; the process:are:
maintained within the. limits described. above,,
the fresh- feed. space- velocity, may, he varied,,
the only con51derat1ons ‘being -the. pr: actlcal -ones:
of- overcoming-pressure drop: through the cata-
Iyst ‘beds. When high: space velocities, are- em-.
ployed:and of:an: economlcal throughput at lower:
space- velocltles

We- have stab ed that. the -initial reactor; feed:
should be heated prlor to being, contacted with
the catalyst at least to the reactmnﬂ 1n1_t1atlon
temperature, which. varies depending upon the
specific catalyst employed and the activity of the
catalyst..

We have- also -stated: that a -side stream: is.
removed from the mam stream after the re-
actlve gases have passed ; through the first.cata-
lynt bed; The side stream. is cooled, liquid prod-.
ucts, are removed; a. make -up gas. comprising.
caxbon monogxiae - is: aaded, the side stream. is:
again mtxed with the. main - siream- and the
reactive mixture is mtroduced to the second cata--
lyst. bed. A temperature responsive means is
placed: near the pottom of the second.bed and
this controis the: amount of cooling of the.side
stream removed from. the first-bed.. In like man-
ner a side stream, is- removed; irom. the main
stream . irom each . catalyst: bed and cooled: as.
determinea by the temperature of the succeeding.
bed. ‘'ithe mage-up gases. aaded to . the. side
stream. may alsp_comprise hydrogen and caroon.
monoxide, We have also stated that_the process
can be carried out so as to compensate for a
decrease in activity of the catalyst by increasing
the temperature durmg an . on-stream perlod’
‘While hydrocarpons can e, produced under, other-

) temperature conditions, in general we. prefer to

mamtain this reactor feed- or inlet temperature
When using - a partially. or completely reuucedi
iron catalyst within the range of about 430° to.
about. 475°. F., the: lower tempelatures being em-

. bloyed.when the catalyst is reiatively fresh, elther

a_ new. catalyst or regenerated catalyst, and the
temperature ‘being gradually- increased - towards
the Later part of a run. when using:an iron oxide
cataiyst we haye found.that ordinarily reaction.
is not initiated unless the reactor ieed is heated
ab. least. to about 490° F., and better about 500°
P, During a.run. this, temperature is, preterably-
increased -but the maximum should not ordinarily
exceed. about. 530° F. ' S
From- the foregoing description it will be seen
that. by practicing the present. process hydrogen
and-carbon monoxige;can be efficiently converted
into desired.-hydrocarbons and oxygenated; com-
pounds in g series.of catalyst beds while assuring
supstantial cataiyst lite.throush effective. con-
trol of the heat created in the.exothermic reac-
tions taking place. As:previously stated, the.con-.
trol of the temperature.of a given catalysi bed
is accomplished by varying:the- amount of the
reaction producis leaving. the; preceding: bed re-
moved-in a side stream and - subjected to-cooling,
or_the: degree of. coolmg of: the: side. stream; or-
both It will be: understood that.when reference:
1s__‘made_, in the claims. to controlling: the amount:
of heat removed from:a side stream, variation in:
the quantity of gases removed in such:side.stream,
the degree of:cooling: of the side:.stream, or both,
is intended. In each -case. the. total quantity.of
heat required. to .be removed will be affected: by

‘the. temperature and .quantity -of: make-up. gas-.
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added between beds. However, since any vari-
ation in the heat content of the make-up gas will
affect the temperature of the following bed, the
temperature of the reaction mixture contacting
that bed will be quickly adjusted to the desired
reaction initiation temperature by operation of
the control procedure described.

Obviously many modifications and variations
of the invention, as hereinbefore set forth, may
be made without departing from the spirit and
scope thereof, and therefore only such limita-
tions should be imposed as are indicated in the
appended claims.

We claim: -

1. A process comprising passing into contact
with a series of beds of synthesis catalyst main-
tained at hydrocarbon synthesis temperatures
and superatmospheric pressures a reactive mix-
ture comprising hydrogen, carbon monoxide, and
recycled gases, removing the partially reacted
gases from each of said catalyst beds, withdraw-
ing a side stream of partially reacted gases from
between catalyst beds while passing the main
stream of partiaily reacted gases towards the suc-
ceeding catalyst. bed, cooling said side stream,
introducing make-up gas comprising carbon mon-
oxide ‘into said side stream, mixing the result-
ing cooled side stream with the main stream
of partially reacted gases, passing the partially
reacted mixture at a hydrocarbon synthesis ini-
tiation temperature into contact with the suc-
ceeding bed of catalyst, varying the amount of
heat removed from said side stream in accord-
ance with variations in temperature of said suc-
ceeding catalyst bed, discharging the reacted
gases from the last catalyst bed, cooling said
reacted gases to condense liguid products formed
in the reaction, separating from resulting cooled
reaction products the condensed liquid products,
and recycling a portion of the remainder of the
reaction products into contact with said series
of catalyst beds in combination with fresh feed
to form said reactive gas mixture.

2. The process of claim 1 in which the make-up
gas comprises carbon monoxide and hydrogen.

3. A process comprising passing into contact
‘with a series of beds of iron synthesis catalyst
maintained at hydrocarbon synthesis tempera-
tures and superatmospheric pressures a reactive
gas mixture comprising hydrogen, carbon mon-
oxide, and recycled gases, removing the partially
reacted gases from each of said catalyst beds,
withdrawing a side stream of partially reacted
gases from between catalyst beds while passing
the main stream of partially reacted gases to-
wards the succeeding catalyst bed, cooling said
side stream to condense liquid products in said
side stream, separating said liquid products from
the remainder of said side stream, introducing
into said remainder of said side stream make-up
gas comprising carbon monoxide, mixing said
cooled remainder of said side stream with said
main stream, passing the resulting mixture at
g hydrocarbon synthesis initiation temperature
into contact with the succeeding catalyst bed,
varying the amount of heat removed from said
remainder of said side stream in accordance with
variations in femperature of the succeeding cata-
lyst bed, discharging the reacted gases from the
last catalyst bed, cooling said reacted gases-to
condense liquid products formed in the reaction,
separating from resulting cooled reaction prod-
ucts from the last catalyst bed said condensed
liquid products, and.-recycling a portion of the
remainder. of the reaction products into con-
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12
tact with said series of catalyst beds in com-
bination with fresh feed. '

4. The process of claim 3 in which the make-
up gas comprises carbon monoxide and hydrogen.

5. A process comprising passing into contact
with a series of beds of iron synthesis catalyst
maintained initially at a temperature of from
430° to 525° F. and at superatmospheric pres-
sures a reactive gas mixture comprising hydro-
gen, carbon monoxide, and recycled gases under
conditions adapted to produce a temperature
gradient within each of said catalyst beds of from
125° to 165° F. and a maximum bed temperature
of from 610° to 630° F., removing the partially
reacted gases from each of said catalyst beds,
removing a side stream of partially reacted gases
from between catalyst beds at said maximum
temperature of from 610° to 630° F. while pass-
ing the main stream of partially reacted gases
at a temperature of 610° to 630° F. towards the
succeeding catalyst bed, cooling said side stream
to a temperature of about 100° F. to condense
liquid products in said side stream, separating
said liquid products from the remainder of said
side stream, introducing into said remainder of
said side stream a make-up gas comprising car-
bon monoxide at a temperature of about 100° F.,
mixing said cooled remainder of said side stream
with said main stream, passing the resulting mix-
ture at a hydrocarbon synthesis initiation tem-
perature into contact with the succeeding cata-
lyst bed, varying the amount of heat removed
from said side stream in accordance with vari-
ations in the temperature of said succeeding cata~
lyst bed, discharging the reacted gases from the
last catalyst bed, separating from resulting re-
action products from the last catalyst bed the
bulk of the C: and heavier hydrocarbons and
oxygenated compounds not previously removed
in sald side streams, and recycling a portion of
the remainder of the reaction products into con-
tact with said series of catalyst beds in combi-
nation with fresh feed.

6.  The process of claim 5 in which the make-
up gas comprises carbon monoxide. and hydro-
gen.

7. A process comprising passing into contact
with a series of beds of iron synthesis catalyst
maintained at hydrocarbon synthesis tempera-
tures and superatmospheric pressures a reactive
gas mixture comprising hydrogen, carbon mon-
oxide, and recycled gases, removing the partially
reacted gases from each of said catalyst beds,
removing a side stream of partially reacted gases
comprising from 15 to 35 per cent of the total
partially reacted gases from between catalyst
beds while passing the main stream comprising
the remainder of the partially reacted gases to-
wards the succeeding catalyst bed, cooling said
side stream to condense liquid products in the
side stream, separating said liquid products from
the remainder of said side stream, introducing
a make-up gas comprising carbon monoxide into
contact with said remainder of said side stream,
mixing said cooled remainder of said side stream
with said main stream to obtain a mixture at
a hydrocarbon synthesis initiation temperature,
introducing said resulting reaction mixture into
the succeeding catalyst bed, varying the amount
of heat removed from said remainder of said side
stream in accordance with variations in the tem-
perature of said succeeding catalyst bed, dis- -
charging the reacted gases from the last cata- .
lyst bed, separating from resulting reaction prod-
ucts from the last catalyst bed the bulk of the::
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C: and heavier hydrocarbons and oxygenated
compounds formed in the reaction and not re-
moved in said side streams, and recycling a por-
tion of the remainder of the reaction products
into contact with said series of catalyst beds in
combination with fresh feed.

8. The process of claim 7 in which the make-
up gas comprises carbon monoxide and hydrogen.

9. The process of claim 7 in which the make-

up gas comprises hydrogen and carbon monoxide,

said mixture comprising hydrogen and carbon
monoxide in the ratio at which said gases are
consumed in each catalyst bed.’
WILLIAM A. HORNE.
VINCENT L. CRAWFORD.
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