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@ Process for producing hydrogen-rich gas from hydrocarbonaceous teeds.

@ Autothermal Reforming and Processes Utilizing the 2.
Same. HYDROCORBON T
The technical field of the invention concerns the produc- -z%-zm
tion from hydrocarbonaceous feeds of hydrogen-rich gases SreAM 8
and use of the same in various synthesis operations. An au- A
tothermal reforming process, as illustrated in Figure 2 of the NN
drawings, comprises carrying out partial oxidation of a hy- R N\
drocarbonaceous feed by introducing an oxidant gas (e.g., N \\:
air), steam and hydrocarbonaceous feed (e.g., a hydrocar- SR
bon) into an apparatus (24), as illustrated in detail in Figure L5
3, which contains a catalytic partial oxidation section (24a). R ™
A monolithic catalyst (27) comprising palladium and plati- SRGUIN
num and, optionally, rhodium, distended upon a stabilized . ?\\ ‘\\\
alumina wash-coat is contained within section (24a). At y >
least one haif by weight of the hydrocarbonaceous feed is 3+ k>
catalytically oxidized in section (24a) at a high throughput \ hy
rate to produce a heated effluent suitable for further pro- N \
cessing, such as being passed through a steam reforming 4 [N :\.
catalyst (31) contained in section (24b) of apparatus (24). 4 N \
The hydrogen-rich gas thus obtained may be used as is or* N N
further processed for use as a synthesis gas for methanol or \ [
ammonia synthesis, or for the synthesis of normally liquid E;\= N
hydrocarbons or synthetic natural gas. B
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X w2 AUTOTHERMAL REFORMING AN
\w \ﬁdﬁﬁ- PROCESSES UTILIZING THE SAME

TECHNICAL FIELD OF THE INVENTION

The present invention relates to autothermal re-
forming and to processes utilizing the same, more speci-
fically, to an autothermal Process for the production of
a hydrogen containing gas from a hydrocarbonaceous feed,
€.9., a hydrocarbon feed, utilizing a catalytic partial
oxidation process and, optionally, a steam reforming pro-
cess. The present invention is well suited for utiliza-
tion in a variety of processes including the production
of an ammonia synthesis gas containing hydrogen and ni-~

trogen in selected molar ratios and the utilization there-

-0of for the production of ammonia; the production of a me-

thanol synthesis gas containing hydrogen and carbon ox-
ides in selected molar ratios and the utilization thereof
for the production of methanol; the production of a syn-
thetic natural gas from the coal-derived liquid hydro-
carbon by-product resulting from the gasification of coal
to produce gasifier syhthetic natural gas; and to the
conversion of natural gas or methane into a synthesis

gas containing hydrogen and carbon oxides, and the uti-
lization thereof for the synthesis of normally liquid
hydrocarbons.

BACKGROUND ART
Steam reforming is a well known method for genera-

ting hydrogen from light hydrocarbon feeds and is carried
out by supplying heat to a mixture of steam and a hydro-
carbon feed while contacting the mixture with a suitable
catalyst, usually nickel. The steam reforming reaction

may be represented as:
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HZO + CXHY = CO + H2

with the following equilibria tending to become established

Co + HZO CO2 + H2

Co + 3H2 = CH4 + HZO

so that the overall reaction, which is endothermic, may

be summarized as:

_ HZO + cxHy = CO + CO2 + H2

Steam reforming is generally limited to paraffinic naphtha

and lighter feeds which have been de-sulfurized and treat-

‘ed to remove nitrogen compounds, because of difficulties

in attempting to steam reform heavier hydrocarbons and
the poisoning of steam reforming catalysts by sulfur and
nitrogen compounds. Thus, ;conomical methods have been
needed to convett heavier feeds to hydrogen-rich gases
which are suitable for steam reforming.

Another known method of obtaining hydrogen from a
hydrocarbon feed is the partial oxidation proce;s in which
the feed is introduced into an oxidation zone maintained
in a fuel rich mode so that only a portion of the feed
is oxidized. The partial oxidation reaction may be re-
presented as:

"CXHY + O2 = CO + H2
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Steam may also be injected into the partial oxida-
tion reactor vessel to react with the feed and with pro-
ducts of the partial oxidation reaction. The process is
not catalytlc and requires high temperatures to carry

the reaction to completion, resulting in a relatively

high oxygen consumption. On the other hand, the partlal

ox1datlon process has the advantage that it is able to
readily handle hydrocarbon liquids heavier than paraf-
finic naphthas and can even utilize coal as the source
of the hydrocarbon feed.

Catalytic autothermal reforming of hydrocarbon li-
quids is also known in the art, as evidenced by a paper

Catalytic Autothermal Reforming of Hydrocarbon Liquids

by Maria Flytzanl-Stephanopoulos and Gerald E. Voecks,
presented at the American Institute of Chemical Engi-
neers' 90th National Meeting, Hbuston, Texas, April 5-9,
1981. Autothermal refofming is défined therein as the
utilization of catalytic partial oxidation in the pre-
sence of added steaﬁ, which is said to increase the hy-
drogen yield because of simultaneous (with the catalytic
partial oxidation) steam reforming being attained. The
paper discloses utilization of a particulate bed of ni-
ckel catalyst into which steam, air and a hydroCarbcn
fuel supply comprising a No. 2 fuel ©il are injected éo

produce a gas containing hydrogen and carbon oxides.

In Brennstoff-Chemie 46, No. 4, p. 23 (1965), a Ger-
man publication, Von P. Schmulder describes‘a Badische

Anilin and Soda Fabric (BASF) Process for autothermal
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reforming of gasoline. The process utilizes a first,
pelletized nickel catalyst zone. A portion of the pro-
ductrgas is recycled to the process.

Disclosure of the utilization of a noble metal cata-
lyzed monolith to carry out a catalytic partial oxidation
to convert more than half of the hydrocarbon feed stock
upstream of a steam reforming zone is disclosed in an
abstract entitled "Evaluation of Steam Reforming Cata-
lysts for use in the Auto-Thermal Reforming of Hydro-
carbon Feed Stocks" by R.M. Yarrington, I.R. Feins, and
H.S. Hwang (National Fuel Cell Seminar, San Diego, July
14-16, 1980.) The paper noted the unique ability of
rhodium to steam reform light olefins with little coke
formation and noted that results were obtained for a
series of platinum-rhodium catalysts with various ratios
of platinum to total metal in which the total metal con-
tent was held constant. 1 '

U.S. Patent 4,054,407, assigned to the assignee of
this application, discloses two-stage catalytic combus-
tion using platinum group metal catalytic components dis-
persed on a monolithic body. At least the stoichiome-
tric amount of air is supplied ovef the two stages and
steam is not emploved.

U.S. Patent 3,481,722, assigned to the assignee of
this application, discloses a two-stage process for
steam reforming normally'liquid hydrocarbons using a
platinum group metal catalyst in the first stage. Steam

and hydrogen, the latter of which may be obtained by
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partially cracking the hydrocarbon feed, are combined
with the feed to the process.

SUMMARY OF THE INVENTTION |

In accordance with the Present invention, there is

provided a process for producing a hydrogen-rich gas by

‘preheating an inlet stream comprising a hydrocarbonaceous

feed, H20 and an oxygen-containing oxidant gas to a pre-
heat temperature of, preferably, about 427° to 7605C, but
in any case at least sufficiently high to initiate cata-
lytic oxidation of the preferably hydrocarbénaceous feed
and introducing the preheated inlet stream into a first
catalyst zone (24a) to carry out catalytic partial oxida-
tion therein. The process is characterized by the steps
(a) = (e), as follows.

(a) The first catalyst zone comprises a monolithic
body having a Plurality of gas flow Passages extending
therethrough and having a catalytlcaily effective amount
of palladium and platinum catalytic components dispersed .
therein, and the amounts of’hydrocarbonaceous feed, HZO
and oxygen introduced into the first catalyst zone are
controlled to maintain in the inlet stream an HZO to C
ratio of at least aboutVO.S, preferably.about 0.5 to 5,
and an 02 to C ratio of at least about 0.2, preferably
about 0.2 to 0.8, but less than the stoichiometric amount
of oxygen necessary to oxidize all the carbon of the
feed to coz. (b) The preheated inlet stream is contacted

within the first catalyst zone with the palladium ang
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Platinum catalytic component on the monolith to initiate
and sustain therein catalytic oxidation of at least a
sufficient quantity of the hydrocarbon feed to attain an

elevated temperature wrthln the first catalyst zone,_,

whlch temperature is at least high enough to crack unoxi-

lezed C5 or heavrer hydrocarbons, if any be present, to

-

llght hydrocarbons not heavier than C4 hydrocarbons, the
temperature of at least a portion of the monolithic body
being at least about 121°C higher than the ignition tem-

perature of the inlet stream, whereby to produce a first

catalyst zone effluent compr151ng, predominantly, hydro-

gen, carbon ox1des and the aforesald light hydrocarbons.

{c) The flrst catalyst zone effluent lS withdrawn as a
hydrogen—r;ch gas. )

One aspect of the invention is further character-

ized in that the hydrocarbonaceous feed is a hydrocarbon

. feed and the elevated temperature attained in step (b) is

remaining in said first catalyst zone effluent without
necessity of supplying external heat thereto.

_Other aspecte of the invention are characterized by
one-or more of the following features: +the first cata-
lyst-zone comprises palladium, platinum and, optionally,
rhodium catalytic components distended upon a refractory
metal oxide support_layer carried on the monolithic body;
a volumetric hourly rate of at least 100,000 volumes of
throughput per volume of catalyst is maintained in the

first catalyst zone; the first catalyst zone effluent, while

-

”~
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it is at an elevated temperature, is passed from the
first catalyst zone to a second catalyst Zone containing
a platinum group metal steam reformlng catalyst therein
and is contacted 1n the second catalyst zone with the
steam reforming catalyst to react hydrocarbons in the
first catalyst zone effltent with HZO to produce hydro-
gen and carbon oxides therefrom, and the effluent of the
second catalyst zone (24b) is withdrawn as a hydrogen-~
rich gas; a volumetric hourly rate of about 2,000vto
20,000 volumes of throtghput per volume of catalyst is
maintained in the second catalyst zone; the process is
carried out at a Pressure of about atmospherlc pressure
up to 142 kg/cm ; and the platinum group metal catalyst:
of the first catalyst zone comprises palladlum, platinum
and, optlonally, rhodlum catalytic components and the
steam reforming catalyst of the second catalyst Zone
comprises platinum and rhodlum.

Major aspects of the invention concern utilization
of the hydrogen-rich synthesis gas for specific purposes
and are further characterized as follows:

For the productlon of methanol, the effluent of the
first catalyst zone, Whlle still at an elevated tempera-
ture is passed to a second catalyst zone and contacted
therein with a platinum group metal steam reforming cata-
lyst to react hydrocarbons in the effluent with HZO to
produce hydrogen and carbon oxides. The hydrogen—rlch
effluent of the second catalyst zone of the autothermal

reformer may be cooled, and have sulfur-containing com-
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pounds and HZO removed therefrom, and may then be passed
to é methanol synthesis loop to react the hydrogen with
carboh oxides of the effluent over a methanol synthesis
catalyst at methanol synthesis conditidns, and methanol
product withdrawn froﬁ the methanol synthesis loop. Oxy-
gen is utilized asrﬁhe oxidant gas aﬁd the hydrocarbona-
ceous feed is preferébly a hydrocarbon feed. Advantage-
ously,'the preheat temperature of the inlet stream is
about 427°to 760°C; the first catalyst zone is preferably
maintained at a temperature of about 954°C to 1316°C and
the first catalyst zone effluent is introduced into the
second catalyst zone at substantlally the same tempera-

ture. A volumetrlc hourly flow rate of at least 100,000

" volumes of throughput per volume of catalyst is maintained

inrthe first catalyst-zbne and a &olumetric hourly rate
of from about 2 0go to 20, 000 volumes of throughput per
volume of catalyst is preferably maintained in the second
catalyst zone.

For the production of-ammonia, the hydrogen rich
effluent of the second éatalyst 2oﬁe of the autothermal
reformer may hé%e heat removed therefrom to cool the
syntheéis gas which is then passed to a reaction zone to
react carbon monoxide theréin with HzO to produce hydro-
gen. Sulfur containing compounds and:HZO are removed
from ﬁhe synthesis.gas which is then passed into an am-

monia synthesis loop to react the hydrogen with nitrogen

"in the synthesis gas over an ammonia synthesis catalyst

~at ammonia synthesis conditions. Ammonia is then withdrawn
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as a product from the ammonia synthesis loop. The pro-
portion of air to oxXygen in the inlet stream is such és
to provide oxygen enrichment of the air iﬁ the inlet
stream t0 at least about 33, preferably about 33 to 50,
volume percent oxygen and the hydrocarbonaceous feed is
preferably & hydrocarbon feed. Advantageously, the pre-
heat temperature of the inlet stream is from about 427°+o
760°C; the first catalyst zéne is preferably maintained
at a temperature of from about 954° . to 1316°C and the
effluent from the-first catalyst zone is introduced into

the second catalyst zone at substantially the same temp-

erature. The oxygen added to the synthesis gas is pre-

ferably added as air and the amount of added air is cail-
culated to bring the nitrogen content of the synthesis
gas to from about 2.9 to 3.1:1 molar ratio ofrhydrogen
to nitrogen. Preferably, the amounts of feed, HZO’ air
and oxygen introduced into the first éatalyst zone are
controlled to maintain in the inlet stream an H,0 to C -
ratio of from about 1 to 4 and an 02 to C raﬁio from
about 0.5 to 0.6. | » |

The production of a synthetic natural gas from coal
gasification liquids is as follows. 1In coal gasification
processes, coal is reacted with steam and oxygen to pro-
duce (i) a gasifier synthesis gas which is methanated to
produce a synthetic natural gas and (ii) a liquid hydro-
carbon by-product. A secondary synthesis gas is prepared
from the liquid hydrocarbon by-product of.(ii) by utili-

zing the latter as the hydrocarbonaceous feed and passing
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it, together with HZO and oxygen as the oxidant gas, to
the first catalyst zone. The inlet stream is preheated to
a temperature at least sufflc1ently hlgh to initiate cata-
lytic oxidation of the hydrocarbon by—product liquid, but
less than about 649°cC. Advantageously, an H20 to C ratio
of from about 0.5 to 5 and an 0, to C ratio from about
o.is to 6.4 is maintained in the inlet stream. The pre-
heat teméerature is about 427°"t07649°c and the first
catalyst zone is maintained at a temperature of about 760°
to 1093°C. Theiefflnent of the first catalyst zone com-
prises primarily methane,-hydrogen, carbon monoxide, car-
bon dioxide, HZO and C2 to Cé hydrocarbons. Carbon diox-
1de and water are removed from the effluent to provide

a secondary synthe51s gas which, together with the gasi-

fier synthesis gas, is methanated to provide a product

'synthetlc natural gas. Preferably, the first catalyst

zone effluent,whlle still at an elevated temperature, is
passed'to a second catalyst zone which contains a steam
reforming cataljst ln whicﬁ the first catalyst zone ef-
fluent is contacted with a steam reforming~catalyst, to
react hydrocarbons therein with Hzoito produce hydrogen
and carbon oxides therefrom, before passage to the treat-
ment zone as described above. Preferably, at least about
50% by weight of the hydrocarbonvby—product liquid is
converted to Cl-hydrocarbons in the first catalyst zone
and at least about 98% by welght is so converted when both

flrst and second catalyst Zones are utilized.



10

15

20

25

-11-

For the production from a normally gaseous hydrocar-
bon feed, e.g., methane, of a synthesis gas and normally
liquid hydrocarbons therefrom, oxygen is utilized as the

oxidant gas. In such case, the hydrogen~-rich effluent

of the second catalyst zone is passed to a carbon dioxide

removal zone and carbon dioxide is séparated therein from
the second catalyst zone effluent. The carbon dioxide-
depleted effluent comprises the synthesis gas of the pro-

cess. The carbon dioxide so separated is recycled to the

‘inlet stream in an amount sufficient so that the inlet

stream comprises from about 5 to 20 mole percent carbon
dioxide. CO and H2 in the synthesis gas are reacted to
form hydrocarbons of different molecular weight, inclﬁ-
ding normally ligquid hydrocarbons, and the hydrocarbons
are separated into product and by-product streams, and

the latter are preferably recycled to the inlet stream.
The preheat temperature is prefer;bly about 427° to 760°C
and the first catalyst zone is preferably maintained at

a temperature of about 954° o 1316°cC.

The'catalytic partial oxidation aspect of the pre-
sent invention provides a highly efficient method for
producing hydrogen-rich gases from hydrocarbons, giving
excellent yields in relativelv -compact and simple ap-
paratus. The hydrogen-rich gases so produced are more
suitable for steam reforming in a second catalyst zone
as compared to the feed to the catalytic partial oxida-
tion unit. The preferred combination of first and second

catalyst zones provides a highly efficient and versatile

0112613

a
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process for obtaining hydrogen-rich synthesis gases.

BRIEF DESCRIPTION OF THE DRAWINGS

Figure 1 is a schematic elevation view in cross sec-
tion of a laboratory or pilot plant size embodiment of
an autothermal reformer embodyingra catalytic partial oxi-
dation apparatus in accordance with the present invention;

Figure 2 is a flow sheet diagram of a plant illustra-.
ting one method of integrating the catalytic partial oxi-
dation process of the present invention into an induétrial
plant for production of a hydrogen-rich gas;

Figure 3 is an enlarged schematic elevation view in

cross section of a commercial plant sized embodiment of

~an autothermal reformer employing a catalytic partial oxi-

dation apparatus in accordance with the invention suitable
for use in the plant diagrammed in Figure 2;

Figure 3A is an enlaréed, partial view of the cata-

ure 3;

Figure 4 is a schematic flow sheet diagram of a me-
thanol synthesis plant including a synthesis gas making
section in accordanée with one embodiment of the present
invention, the synthesis gas section including an auto-
thermal reformer;

Figure 5 is a schematic flow sheet diagram of an
ammonia synthesis plant, including a synthesis gas making

section in accordance with one embodiment of the present

invention, the synthesis gas section including an autotherma:
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reformer;
Figure 6 is a schematic flow sheet diagram of coal .
gasification plant including an autothermal reforming

section for converting liguid hydrocarbon by-product from

the coal gasifier to secondary synthetic natural gas;

-and

Figure 7 is a schematic flow sheet diagram of a
Fischer-Tropsch synthesis plant including an autothermal
reforming section for converting normally gaseous hydro-
carbons (and recycled hydrocarbons from the Fischer-
Tropsch synthesis) to a hydrogen and carbon oxides synthe-
sis gas.

DESCRIPTION OF THE PREFERRED EMBODIMENTS OF THE INVENTION

In a preferred embodiment of the present invention,
Catalytic partial oxidation, an exothermic reaction, takes
Place in a catalyst monolith having platinum and palladium
dispersed thereon to produce a gaé which is rich in car-
bon monoxide and hydrogen. Some steam reforﬁing appears
to take place as well in the catalytic partial oxidation
Zone and.thereby moderates somewhat the temperature at-
tained in the monolith inasmuch as the endothermic steam
reforming absorbs some of the heat generated by the par-
tial oxidation step. The net reaction in the catalytic
partial oxidation zone is, however, exothermic and the
zone is therefore also referred to as an exothermic cata-
lyst zone. ‘The exothermic, Catalytic partial oxidation
Zone comprises a monolithic catalyst carrier on which a

platinum group metal catalyst is dispersed. Such catalyst



10

15

20

25

0112613

-14-

can effectively catalyze the partial oxidation of, in
addition to gaseous and lighter hydrocarbon liquids such
as natural gas or paraffinic naphtha, heavier hydrocarbon
liquids such as diesel oil, number 2 fuel oil, and cqal
derived liquids. As compared to a non-catalytic combus-
tion process such as conventional, non-catalytic partial
oxidation, catalytic partial oxidation as described above
enables the utilizétion of lesser amounts of oxygen and
lower tempgrature levels to both oxidize a portion of the
feed and crack heavier feedstocks, if any be present, to
lighter hydrocarbon fractions, while raising the tempera-
ture oﬁ the reactant mass for subsequent treatment. Gen-
erally, at least about half the hydrocarbon feed stock

is partially oxidized in the catalytic.partial oxidation
zone to produce primarily carbon monéxide and hydrogen,
and heat which‘may be subsequently utilized for endother-
mic steam reforming. Substantially all of the oxygen in-
troduced into the catalytic partial oxidation zone is
consumed in the catalytic partial oxidation step. The
oxygen may be provided byrany,suitable "oxygen-containing
oxidant gas" which term is used in the claims to include
air, air enriched with oxygen, oxygen or oxygen mixed
with other gases. At the temperatures maintained in the
catalytic oxidation zone, and in the presence of the pro-
duct hydrogen and catalyst utilized in the first zone, a
degree of h&drocracking of unoxidized C5 and heavier hy-

drocarbon feed takes place to form C4

and lighter compounds.
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The effluent gas from the catalytic partial oxidation zone
contains pPrimarily cCo, H2, HZO’ N2, C2 to C4 and other
lighter hydrocarbons, including olefihs, and, depending
upon the sulfur content of the feed stock, HZS and cos.

The comblnatlon of features provided by the present

" invention provides a highly efficient and flexible method

of converting various types of hydrocarbonaceous feeds to
a hydrogen-rich gas. For example, the combination of
features provided by the catalytic partial oxidation pro-
cess of the present invention provides a highly efficient
pProcess of manufacturing a synthesis gas by converting
various types of hydrocarbonaceous feeds, including hydro-
carbon feeds, to a hydrogen-rich gas which may also be
rich in carbon oxides Oor in nitrogen. 1In addition to
petroleum and coal derived hydrocarbons, biomass-derived
feeds providing carbon-containing compounds such as me-
thane, and/or hydrogen, Oxygen and nitrogen in compounds
Or as elements, may be treated in accordance with the
invention. Such hydrocarbonaceous feeds may, like hydro-
carbon feeds, also contain sulfur or sulfur compounds.

If the sulfur content of the feed is sufficiently high,
the sulfur treatment zone as illustrated in Figure 2 will
normally be required. If OxXygen and/or nitrogen are pre-
sent in the hydrocarbonaceous feed in appreciable amounts,~
they can provide at least a portion of the "gjir" for the
process, and the atmospheric air or other oxidant gas
introduced to the Process can be reduced accordingly.

The use of the monolithic;mlladiumand Platinum containing
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partial oxidation catalyst provides a great flexibility
in handling diverse feedstocks, including heavy hydro-
carbon feedstocks not normally suited for generating a
hydrogen-containing synthesis gas.

The low pressure drop and high volumetric rate.
throughput of a monolithic body-supported catalyst pro-
vides a reduced size and volume of catalyst in the first
catalyst zone. The use of platinum group metals as the
catalytic metal facilitates a very low catalytic metal
loading as compared to use of base metal catalyst. This
provides godd overall economies in reduced equipment size
and enhanced throughput rates despite the muchrhigher
cost of platinum group metals as compared to base metals.
The monolithic platinum palladium metal partial oxidation
catalyst provides a great flexibility in handling diverse
feedstocks and in producing a hydrogen-rich gas having
characteristics designed for a specific purpose. Uti-
lization of platinum group metal catalysts enables opera-
tion at relatively very low HZO to C and O2 to C ratios

without carbon deposition fouling the catalysts.

The Monolithic Partial Oxidation Catalyst

The partial oxidation catalyst is provided on a
monolithic carrier, that is, a carrier of the type com-
prising one or more monolithic bodies having a plurality
of finely divided gas flow passages extendihg therethrough.
Such monolithic carrier members are often referred to as

"honeycomb" type carriers and are well known in the art.
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A preferred form of such carrier is made of a refractory,
substantially inert rigid material which is capable of
maintaining its shape and a sufficient degree of mechani-

cal strength at high temperatures, for example, up to

about 1,800°C. Typically, a material is selected for

the support which exhibits a low thermal coefficient of
expansion, good thermal shock resistance and, though not
always, low thermal conductivity. Two general types of
material of construction for such carriers are known. One
is a ceramic~like porous material comprised of one or more
metal oxides, for example, alumina, alumina~-silica, alu-
mina-silica-titania, mullite, cordierite, zirconia, zir-
conia-spinal, zirconia-mullite, silicon carbide, etc. A
particularly preferred and commercially available material
of construction for operations below about 1,093°C is
cordierite, which is an alumina—magnesia—silica material.
For applications involving operations above about 1,093°C,
an alumina-silica-titania material is preferred. Honey-
comb monolithic supports are commercially available in
various sizes and configurations. 'Typically, the mono-
lithic carrier would comprise, e.g., a cordierite member
of generally cylindrical configuration (either round or
oval in cross section) and having a plurality of parallel
gas flow passages of regular polygonal cross section ex-
tending therethrough. The gas flow passages are typically
sized to prov1de from about 50 to 1, 200, preferably 200

to 600, gas flow channels pPer square inch of face area.

* e
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The second major type of preferred material of con-
struction for the carrier is a heat- and oxidation-resis-
tant métal,'such as a stainless steel or the like. Mono-
lithic supporfs are typically made from such materials by
placing a flat and a corrugated metal sheet one over the other
and rolling the stacked sheets into a tubular configura-
tion about an axis éérallel to the corrugations, to pro-
vide a cylindrical—shaped body having a plurality of fine,
parallel gas flow passages extending therethrough. The
sheets énd'corrugations are sized to provide the desired
number of gas fléw passages, which may range, typically,
from about 50 to 1,200 per square inch of end face area
of the tubular roll.

’ Although the ceramic-like metal oxide materials such
as cordierite or alumina-silica-titania are somewhat por-

ous and rough-textured, they nonetheless have a relatively

low surface area with respect to catalyst support require-

ments and, of course, a stainless steel or other metal
support is essentially smooth. Accordingly, a suitable
high surface area refractory metal oxide support layer is
deposited on the carrier to serve as a support upon which
finely dispersed catalytic metal may be distended. As

is known in the art, generally, oxides of one or more of
the metals of Groups II, III, and IV of the Periodic Ta-
ble of Elements having atomic numbers not greater than 40
are satisfaétory as the support layer. Preferred high.
surface area support coatings are alumina, beryllia,

zirconia, baria-alumina, magnesia, silica, and combinations
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Oof two or more of the foregoing.

The most preferred Support coating is alumina, most
preferably a stabilized, high-surface area transition aly-
mina such as the gamma (preferred), chi, eta, kappa, theta
and delta forms and mixtures thereof. One or more stabi~
lizers such as rare earth metal oxides and/or alkaline
earth metal oxides may be included in the transition alu-
mina (usually in amounts comprising from 2 to 10 weight
percent of the stabilized coating) to stabilize it against
the generally undesirable high temperature Phase transi-
tion to alpha aluminaj; which is of a relatively low sur-
face area. For example, oxides of one or more of lantha-
num, cerium, Praseodymium, calcium, barium, strontium and
magnesium may be used as a stabilizer. The specific com-
bination of oxides of lanthanum and barium is a preferred
stabilizer.

The catalytic partial oxidaéion catalyst may contain
rhodium in addition to Platinum and Palladium. The.plati-’
num group metal may optionally be supplemented with one
Or more Sase metals, Particularly base metals of Group
VII and metals of Groups VB, VIB and VIIB of the Periodic
Table of Elements. Preferably, one or more of chromium,
copper, vanadium, cobalt, nickel and iron may be thus
employed.

Desirable catalysts for partial oxidation should
have the foilowing Properties: They should be able to

operate effectively under conditions varying from oxidi-

2ing at the inlet to reducing at the exit; they should

r
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operate effectively and without significant temperature
degradation over a temperature range of about 427° to
1315°C; they should operate effectively in the presence
of carbon monoxide, olefins and sulfur compounds; they
should provide for low levels of coking such as by pre-
ferentially catalyzing the reaction of carbon with H,0 to
form carbon monoxide and hydrogen thereby permitting only
a low level of carbon on the catalyst surface; they must
be able to resist poisoning from such common poisons as
sulfur and halogen compounds; further, all of these re-
guirements must be satisfied simultaneously. For example,
in some otherwise suitable catalysts, carbon monoxide may
be retained by the catalyst metal at low temperatures
tﬁereby decreasing or-modifying its activity. The com-
bination of platinum and palladium is a highly efficient
oxidation catalyst for the purposes of the present in-
vention. Generally,.the catalytic activity of platinum-

palladium combination catalyst is not simply an arithme-

.tic combination of their respective catalytic activities;

the disclosed range of proportions of platinum and palla-
dium have been found to possess the previously described
desirable qualities and in particular provide efficient
and effective catalytic activity in treating a rather
wide range of hydrocarbonaceous, particularly hydrocar-
bon, feeds with good resistance to high temperature

operation and catalyst poisons.



-21- 0112613

The following data Compare the effectiveness of pal-
ladium, rhodium ang platinum, respectively, for the oxi-
dation of methane and further compares the efficacy of,
respectively, palladium—platinum, palladium-rhodium and
pPlatinum-rhodium combined catalyéts for oxidation of me-
thane.

The catalysts of Table I-A comprise lanthana-chro-
mia-alumina frit impregnated with the Platinum group me-
tals by techniques as aescribed above. The frit has the

following composition:

Component Weight Percent
Lazo3 3.8
(:r2()3 1.8
A1203 94.4

The lanthana-chromia stabilizeg alumina ig then imbrecnated

with the platinum group metal and calcined in air for four
hours at 230°F and for an additional four hours at 1600°F. 7
Three catalysts of different platinum metal loadings were

“~

prepared as follows:

Weight Percent

Sample No. Pd Pt Rh Total PGM
40630-1 3.42 5.95 - 9.37
4063R~1 4.58 - 4.52 9.10
4063V-1 - 5.62 3.4 8.76

The resultant platinum group metal (PGM) impregnated
alumina frit was deposited on alumina beads and the thus-

coated beads were Placed in a shallow bed and tested by
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passing a 1% (volume) methane 99% (volume) air feed at

about atmospheric pressure through the catalyst. 'An elec-

tric heater was used to cyclically heat the test gas stream

fed to the catalyst, and conversion results at the indica-
‘5 ted temperatures were obtained on both the heating ana

cooling phases of each heat cycle.

The results are shown in the following Table I-A.

TABLE I-A
PGM
Sample (Mo_le Ignitiono Weight Percent of Original Methane Conte
No. Ratio) Temp. 'F Converted at Indicated Temperature (°F)
600° 700° 800° 900° 1000° noQ°

4063U0-1 Pg;Pt(1:1) 610° - 3 10 26 60 80
4063R-1 Pd;Rh(1:1) 710 - C - 2 5 9° 12
4063V-1 Pt;Rh(1:1) 730 - - 1 1 3 5

These data demonstrate the ability of platinum palladium -

catalyst to promote catalytic oxidation of methane over a
10 wide range of temperatures.

Rhodium may optionally be included with the platinum
and palladium. The combined platinum group metal cata-
lysts of the invention also have a significant advantage
in the ability to catalyze the reactions at quite low ra-

15 Pios of H,0 to carbon (atoms of carbon in the feed) and
oxygen to carbon, withdut significant carbon deposition
on the catélyst. This important feature provides flexi-

bility in selecting H,0 to C and 0, to C ratios in the
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inlet streams to be processed.

The platinum group metals employed in the catalysts
of the présent invention may be present in the catalyst
composition in any suitable form, such as the elemental
metals, as alloys or intermetallic compounds with the
other platinum groép metal or metals present, or as com-
pounds with the other Platinum group metal or metals pre-
sent, or as compounds such as an oxide of the platinum
group metal. As used in £he claims, the terms palladium,
pPlatinum and/or rhodium "catalytic component" or "cata-
lytic components" is intended to embrace the specified
platinum group metal or metals present in any suitable
form. Generally, reference in the claims or herein to
platinum group metal or metals catalytic component or
components embraces one or more Platinum group metals in
any suitable catalytic form. Table I-A demonstrates that
the palladium-rhodium and platindm-rhodium combinations
are rather ineffective for methane oxidation. The ef-
fectiveness of rhodium as a methane oxidation catalyst
is attenuated by the relatively high calcination tempera-
ture of 1600°F. At a lower calcination temperature used
in preparation of the catalyst, say 1100°F, rhodium re-
tains good methane oxidation characteristics. However,
the catalytic partial oxidation catalyst of the present
invention may operate at ranges well above 1100°F, which
would probably also reduce the effectiveness of rhodium

for methane oxidation.

The tests in which the results of Table I-A were
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developed used a bed of the platinum group metal-impreg-
nated frit dispersed on alumina beads, rather than a mono-
lithic body on which the frit is dispersed. The bed of
frit-coated beads wés of shallow depth to avoid excessive
pressure drop. The geometric configuratibn of a 400 cell/
in2 monolithic body provides'more geometric surface area
exposed to the reactant gas than does a bed of coated |
beads. The catalytic partial oxidation reactions of this
invention are extremeiy rapid at the temperatures involved.
Therefore, the catalytic metals on the surface of the ca-

talyst body are predominantly involved in the reactions.

- The results of the tests with coated beads are indicative

of results with monolithic bodies, but lower catalytic
metal loaéing éah be used with the latter as compared to
métal loadings on beads, to attain equivalent results.
Table I-B shows the results of teéting a monolithic
body-supported catalyst on which a ceria-stabilized alu-
mina frit impregnated with the indicated platinum group °
metals was dispersed upon a monolithic support. The

alumina frit comprised 5% by weight CeO balance Al,0

27 273"
impregnated with one or two platinum group metals to pro-'
vide the loadings indicated in Table I-B. The catalyst
was calcined in.air at 500°C for two hours and then was
aged 24 hours at 1800°F in air.

Two different test gases, A and B, having the fol-

lowing compositions were passed through the catalyst:



0112613

PARTS PER MILLION (VOL) OR

COMPOSITION VOLUME PER CENT
A ~ _B
0, 3% . ..‘3.9'6'
co - 1% C %
co, 10% 10%
HZO 10% 10%
NO S00ppm 500ppm
CZH4 300ppm -
C3H, | - 300ppm
N2 balance balance

Table I-B indicates the temperature in degrees centi-
grade necessary for conversion of 50% by weight of the
original amount of the component present, indicated under
the column heading T50’ and the temperature required for
75% by weight conversion, under the heading T75. A lower -
temperature accordingly indicates a more active catalyst.
The results obtained are as follows; the platinum groﬁp
metal (PGM) loading on the monolithic support is shown
as grams of platinum group metal per cubic inch of mono-

lithic catalyst.
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TABLE I-B
PGM
‘eight Ratio PGM Loading Total PGM

(s::x;algﬂs tNo ‘Mﬂgt:ma1 Pt/Pd (g/ing)  Loading (g/in°)
L 100:00 0.51/- -031
2. 82:18 .044/.010 -054
3. 58:42 .027/.019 -046
4. 25:75 .011/.031 042
5. 0:100 -/.039 -039
6. 1:89 .003/.025 .028
7. 100:0 035/~ 035
8. 70:30 .034/.014 -048
Test Gas A Test Gas B

Component ' Co CZH 4 (ofe) C3H 3

Percent Conversion T50 T75 T50 T75 T50 T75 TSO T75

Catalyst Sample No. °c °c °c °c

L 325 335) 325 335 265 275 | 470 565

2. 270 275 | 280 290 | 280 285 | 545 &I5

3. 235 250 | 260 305 260 265 | 495 640

4. 235 245 | 260 320 260 270 | 465 585

5. 230 235 | 245 270 245 255 | 440 510

6. 270 275 | 275 315 245 255 | 430 555

7. 345 355 | 350 365 320 330 | 495 550

8. 255 265 | 265 290 245 250 | 485 585
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The data of Table I-B demonstrates the lower temper~
atures at which a palladium containing catalyst will at-
tain, re;pectively, 50% and 75% conversion of ethylene as
compared to a platinum only catalyst. As mentioned above,
the presence of Platinum in addition to palladium provides
effective catalyzation of other species as well as pro-
viding enhanced Poison resistance.

An exemplary mode of Preparation of partial oxidation
catalyst compositions utilizable in accordance with the

present invention is set forth in the followihg Example 1.

Example 1
(a) To 229g of 5 wt % Ceo2 - 95 wt % A1203 powder

(a Predominantly gamma alumina which has been stabilized
by incorporation of ceria therein) is added a solution
containing 21g Pt as H2Pt(OH)6 solubilized in monocethano-
lamine so as to give total volume of 229 ml. After mix-

ing for 5 minutes, 25 ml of glacial acetic acig is added -

(b) Similarly, to 229g of 5 wt % CeO2 - 95 wt % A1203

powder there is added 2lg P4 as Pd(NO3)3. The material

constant mixing. The impregnated powder is dried ang
then calcined for one and one-half hours at 375°C in air.
(c) Two hundred grams of each of powder (a) and (b)

is added to a 1/2 gallon size ball mill with an appropriate

2
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amount of grinding media. To the powder is added 20 ml
of glacial acetic acid and 550 ml of H,0. The sample is
ball milled for 16 hours. The resulting slurry has a

solids content of 43%, a pH of 4.0 and a viscosity of

337 cps and is used to coat a Corning cordierite monolith

having a diameter of 3.66", a length of 3" and 400 gas
flow passages (of square cross section) per square inch
of end face area. The coating is accomplished by dipping
the mono;ith in the slurry for 2 minutes, draining ex-
cess slurry and blowing the excess slurry from the gas
flow passages with high pressure air. The resultant slur-
ry—-coated monolith is dried at 110°C and calcined at 500°C
in air for 30 minutes. The finished catalyst body con-
tains 238g of platinum group metal per cubic foot of ca-
talyst body volume at a weight ratio of platinum to pal-
ladium of 1:1, with the platinum group metal dispersed
on a ceria-stabilized alumina "washcoat" support layer.
The catalyst body contains 1.4 grams.per cubic inch of .
catalyst body of stabilized alumina washcoat.

A series of partial oxidation catalyst compositions
uﬁilizable  in accordance with the present invention were
prepared by-substantially the procedure described in Ex-

ample 1, with appropriate modifications to obtain the

reported loadings of different catalyst metals. Each

of the below described materials is a monolithic catalyst
composition. Except for the catalyst identified as CPO-35,
in each case the honeycomb carrier is a C-400 cordierite

carrier (400 gaé flow passages per square inch of end
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face area) manufactured by Corning. The cPO-5 catalyst
is on an alpha alumina monolith body, sold under the trade-
mark TORVEX by DuPont, and having 64 gas flow channels
Per square inch of end face area. The Corning cordierite
monoliths have gas flow channels which are square in cross
A section; those of the TORVEX monolith are hexagonal in
Cross section. The amount of platinum group metal on the
catalyst is given in grams of elemental platinum group
metal per cubic foot of monolith catalyst. The weight
ratio of the platinum group metals in - the order listed ig-
given in parentheses.. Thus, catalyst CPO-1 in Table 1,
for example, contains plétinum and palladium in a weight
ratio of one part platinum to one part palladium. In each
case, the refractory metal oxide coating is alumina, pre-
dominantly comprising gamma alumina stabilized as indica-
ted, the respective weight percents of stabilizer being
indicated, the balance comprisiné substantially alumina.

TABLE 1 ‘

Weight % and Alumina Supfort

PG Metal PG Metal = Stabilizer in coating g/in
Catalvst Component g/ft Support Coating (% Stabilizer)
CPO-1 Pt,Pd(1:1) 215 5% ceria 1.27
CPO-2 Pt,Pd(1:]) 186 5% ceria 1.64
CPO-3 Pt,Pd(1:4) 275 5% ceria 179
CPO-4 Pt,Pd(1:0 310 5% ceria 2.32
cro-5™ prpann 200 - 5% ceria 1.26 !
CPO-6  Pt,Pd,Rh

(9.5:9.5:1) 230._ 5% ceria 1.47
CPO-7  Pt,Pd(L:l) 186 2.5% lanthana

2.5% baria 1.64

————-_———————-———--—-.-—_-.——.—-—.—-————
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Preferred catalyst metals are platinum and palladium
and combinations thereof, preferably, combinations com-
prising about 10-90% by weight palladium, preferably 25-
75%, more préférably 40 to 66%, by weight palladium, and
about 96 to 10% by weight platinum, preferably 75 to 25%,
more preferably 60 to 40%, by weight platinum. Generally,
as the sulfur content of the hydrocarbon feed being trea-
téd incfeases, a higher proportion of platinum to palla-
dium is preferred. On the other hand, for feeds which
have a relatively high methane content, an increasing
proportion of pélladium is preferred.

The monolithic configuration of the partial oxida-
tion catélyst affords a relatively low pressure drop ac-
ross it as comparéd to the packed bed of a particulate
support catalyst. This is particularly important in view
of the increase in gas volume occasioned by the reactions
taking place in the'first catalyst zone. The total moles
of product produced in the monolith is higher than the
total moles of HZO’ oxidant gas and hydrocarbon feed in-
troduced therein. The individual gas flow passages of
the monolith also serve, in effect, as individual adia-
batic chambers, thus helping to reduce heat loss and pro-
mote hydrocracking. This is particularly so when the
monolith carrier comprise§ a ceramic-like material such
as cordierite which has generally better heat insulating
properties than do the metal substrates and, to this ex-
tent, the ceramic-type monolithic carriers are preferred

over the metal substrate monolithic carriers. Further,
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as the monolith body becomes heated during Operation,
the gas in the upstream portion of the monolith ig pre-
heated by the heat which is transferred back from the
downstream catalytic partial oxidation to the inlet por-
tion of the monolith, thus facilitating desired hydro-
cracking and oxidation reactions.

Steam Reforming Catalyst

The steam reforming catalyst which is optionally
utilized in the second catalyst zone in accordance with
the present invention, may utilize a monolithic carrier
as described above in connection with the partial oxi-
dation catalyst or it may comprise a particulate support
such as spheres, extrudates, granules, shaped members
(such as rings or saddles) or the like. As used herein
and in the claims, the term "particulate catalyst" or the
like means catalysts of regularly or irregularly shaped
particles or shaped members or aémbinations thereof. A

preferred particulate Support is alumina pellets or ex-

. trudate having a BET (Brunnauer-Emmet-Teller) surface

area of from about 10 to 200 square meters per gram. A~
lumina or alumina stabilizegd with rare earth metal and/or
alkaline earth metal oxides as described above, may be
utilized as the pellets or extrudate. An alumina parti-
culate support stabilized with lanthanum and barium oxidegs
as described above is pPreferred.

The catalytically active metals for the steam re-
forming catalyst may comprise any of the catalytic metals

known for such purpose, for example, nickel, cobalt and
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mixtures thereof are well suited for use as steam reform-
.ing catalysts. Platinum group metals such as platinum
and rhodium or both may also be utilized for steam re-
forming, as is known in the art. A preferred platinum
group metal steam reforming catalyst is a combination.of
platinum plus rhodium with the rhodium comprising from
about 10 to 90% by weight, preferably 20 to 40% by weight,
of total platinum group metal present and the platinum
comprising 90 to 10%, preferably 80 to 60%. The propor-
tion of platinum and rhodium utilized will depend on the
type of hydrocarbon feed to be treated in the process.
Other platinum group metals may also be utilized. For
example, as disclosed in U.S. Patent 3,481,722, assigned
to the assignee of this application, one or more of
platinum, palladium, rhodium, iridium, osmium and ruthe-

nium may be utilized as the ‘steam reforming catalyst.

Steam reforming catalysts which are useful in con-
junction with the catalytic partial oxidation process of
the present invention may be prepared as set forth in the

following Example 2.

Example 2

(a) A barium nitrate solution is prepared by dissol-
ving 159.9g Ba(NO3)2 in 1,650 ml of HZO' Lanthanum ni-
trate, in the amount of 264.9g La(NO3)2‘6H20 is dissolved
in the barium nitrate solution by mixing vigorously to

yield a barium-lanthanum solution, to which is added

3,000g of high surface area gamma alumina powder. The
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4

solution and powder are thoroughly mixed in a sigma blade
mixer for 30 minutes.

(b) The impregnated alumina resulting from step (a)
was extruded through 1/16" diameter dies so as to give
1/16" diameter extrudate in lengths from 1/4" to 3/8"

(c) The extrudates from step (b) were dried at 1l10°cC
for 16 hours ang then calcined 2 hours at 1,050° in air.

(d) A‘platinum-rhodium solution was Prepared by
dissolving 42.0g Pt as. H,Pt (OH)6 in monoethanolamine and
18.0g9 Rh as Rh (NO3).2H20 and combining the materials in
H,0 to provide a solution having a volume of 1,186 ml and
a pH of 0.7 after adjustment with concentrated HNOB.

(e) The Platinum-rhodium solution of step (d) is
added to the extrudate obtained in step (c) in a tumbling
coater mixed for 30 minutes. The impregnated extrudate
is dried at 120°C for 4 hours and then Calcined for 30
minutes at 500°C in air.

The resultant particulate steam reforming catalyst,
designated SR~1, comprises 1.4 wt g pPlatinum and 0.¢ wt

% rhodium on a La203 =~ BaO stabilizeg gamma alumina ex-

tfudate.

The Reactor Vessel

Preferably, the reactor utilized in the process of
the invention comprises a fixed bed, adiabatic reactor.

Figure 1 shows a somewhat schematic rendition of
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a preferred laboratory or pilot plant size reactor com-
prising a unitary vessel 1 within which a monolithic car-
rier partial oxidation catalyst 2 is disposed in flow com-
munication via a paséaéeway 3 with a bed of steam refor-
ming catalyst 4. The vessel is suitably insulated by
thermal insulating material 5-to reduce heat losses and

to provide essentiaily a fixed bed, adiabatic reactor.
Inlet lines 6, 7 ané 8 feed a‘mixer 9 with, respectively,
a hydrbcarbon feed, steam and oxygen. The latter may be
introduced as ap'dxygen containing gas, preferably-air.
The admixed reacténts are introduced through an inlet
linerA into partial'oxidation catalyst 2, thence via
passage 3 into steam reforming bed 4 from which the con-
tacted material is withdrawn through ouilet line B. Valves,
flow meters and-heat exchange uﬁits, utilized in a man-
ner known to those skilled .in the art, are not:-shown in
the schematic illustration of Figure 1.

In order to exemplify the suitability of the present
catalytic partial oxidation process for producing a feed
gas which may be readily steam reformed, test runs were
carried out in an apparatus substantially in accordance
Qith that schematically illustratéd in Figure 1, in which
the monolithic carrier catalyst 2>was of cylindrical con-
figuration -three quarters of an inch in diameter and
nine inches long. The steam reforming sed was a cylin-
drical bed of particulate catalyst three inches in dia-
meter by nine and a quarter inches long. The following

test runs were carried out and the indicated results
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obtained. 1In operation, the reactants were pPreheated with
the oxidant stream being preheated separately from the
hydrocarbon feed as a safety measure.v After preheating)
the streams were intimately mixed and immediately fed into
the partial oxidation catalyst 2 of vessel 1. Generally, .
all the oxygen éresent in the feed reacts within monoli-
thic catalyst bed 2 to oxidize a portion, but not all, of
the hydrocarbon feed, resulting in an increase in tempera-
ture due to the exothermic oxidation reaction. At least
some of the C5 and heavier hydrocarbon is hydrocracked in
catalyst bed 2 to lighter, Cl to C4 hydrocarbon fractions.
The heated, partially oxidized and hydrocracked effluent
from catalyst bed 2 is then passed through steam reform-
ing catalyst bed 4 wherein the steam reforming reaction
takes place. The pProduct gases withdrawn via outlet B

are cooled and unreacted water as well as any unreacted
hydrocarbon feed is condensed and removed therefrom. The
dry gas composition was monitored by gas chromatography.

A series of test runs was conducted as shown by the
numbered Examples below.

Referring now to Figure 2, there igs shown a schema-
tic illustration of an autothermal reforming plant utji-
lized to provide a hydrogen-rich gas from a hydrocarbon
feed. A source of a hydrocarbon feed, €.9., No. 2 fuel
0il, a coal derived liquid, JP-4, or a lighter feed such
as a paraffinic naphtha, is passed via a line 10 through
a heater 12 for preheating, and is passed thence to a

mixer 14 for admixture with air and steam as described
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below. Heater 12 is suéplied with air and a suitable fuel
through, respectively, lines 13 and 15, and fuel gas is
withdrawn via.stack line 17. Air is introduced via a

line 16 which alsq passes throﬁgh heater 12 for preheating
and is éassed thence to mixer 14. Watér, which may be
preheated in heater 12, is introducéd via line 18 into

heat exchanger 20 wherein it is heated by heat exchange

with the effluent emerging from the autothermal reformer

24, as described below. Superheated steam is generated

in heat exchanger 20 and passed via steam line 2 into

mixer 1l4. The heéted mixture‘of air, steam and hydrocar-
bon feed obtained in mixer 14 is introduced via inlet

line 26 into autothermal réformer 24. Heater 12 may be
omitﬁéd if sufficiént‘heat is available in the superheated
steaﬁ to provide the éensible heat to the air and hydro-
carbon streams. ,

In reformef.24 the mixture of.fuel, steam and air is
passed initially ﬁhrough a catalytic partial oxidation :
catalyst supported oﬁ a moholithic honeycomb carrier dis-
posed within neck portion 24a of a reformer 24. Some,
preferably at lgast one half by weiéht, but not all of
the.hydrocarbon feed is catalytically oxidized within
the first catalyst zone contained within neck portion
24a and‘any C5 or heavier unoxidized hydrocarbons are

hydrocracked to lighter constituents, C, to C4 hydrocar-

) 1
bons, including olefins. The effluent from the first

catalyst zone may then be passed into a second, steam

reforming catalyst zone contained within main body portion
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24b of reformer 24, to convert residual hydrocarbons to
hydrogen and carbon oxides.

Referring to Figure 3, a schematic enlarged cross
sectional view of reformer 24 shows that it comprises a
steel pressure vessel 21 which has thermal insulation 23 .
affixed on the interior surfaces thereof to reduce heat
losses from vessel 21. An inlet opening 25 is positioned
at the upstream end of neck portion 24a, i.e., the end
Opposite the downstream end of neck 24a. ("Upstream" ang
"downstream" as used herein and in the claims is used as
sensed with reference to the general direction of gas
flow through the reformer unit.) A monolithic catalyst
27, having its gas flow Passages oriented vertically, as
shown in Figure 34, is mounted within neck 24a by means
comprising a circular flange 29 (see Figure 3A) welded or
otherwise affixed within neck portion 24a.

A bed 31 of particulate steam reforming catalyst is

Or supported within, the interior of main body portion
24b. A supporting flange (not shown) may be affixed to
the interior of body portion 24 to support‘;creen 33 in
a removable manner within body portion 24. Cross bars
(not shown) may serve to strengthen screen 33. An out-
let opening 35 is provided in main body portion 24p,
downstream of catalyst bed 31.

The respective diameters of monolithic catalyst 27

and catalyst bed 31 are approximately those of the insige

(g, e
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diameter of, respectively, portions 24a and 24b of re-
former 24 so that substantially all the gas flow (indi-
cated in Figure 3 by the unmarked arrows) through reformer
24b is constrained to pass through both catalyst beds.

-5 The following Examples demonstrate that the catalytic par-
tial oxidation process of the present invention produces
gases which are-suited to steam reforming to produce hy-

-drogen-rich gases.'

Example 3

10 (a) A monolithic partial oxidation catalyst made in
accordance with Example 1 has the following composition:
186 grams of platinum group metal (PGM) per cubic
foot of catalyst volume, the PGM comprising plati-
num and palladium in a 1l:1 weight ratio. The PGM
15 is distended upon a lanthana-baria stabilized predo-
minantly gamma alumina washcoat dispersed on a Cor-
ning cordierite monolith 1.9 cm in diameter and 22.9
cm in length, and having 400 gas flow passages per
square inch of end face area. The monolith is load-
20 ed with 1.64g of washcoat per cubic inch of catalyst
volume.
(b) A steam reforming catalyst is provided by 1,075
ml of catalyst SR-1 of Example 2, in a packed bed measur-
ing 7.62 cm in diameter and 23.5 cm in depth.
25 (c) The hydrocarbon feed is a No. 2 fuel o0il having

the following properties:
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API Gravity: 34.7
Distillation Range: 374-664°F
- Sulfur Content: l,éOO parts per million (weight)
Hydrocarbon classes per ASTM DI319:
Aromaties: 22.0%
Olefins: 5.7%

Saturates: 72.3%

(d) The reactor vessel is a fixed bed, adiébatic
reactor of the type schematically illustrated in Figufe
l. For safety considerations, the oxidant stream, com-
pPrising air, is pPreheated separately from the hydrocarbon
stream in a preheater (not shown in Figure 1). The
steam is separated into two streams, one of which ié
blended with the oxidant steam and one with the hydro-
carbon feed. The preheated streéms are intimately mixed
within a mixer, schematically illustrated at 9 in Figure
1, and immediately fed to the partial oxidation catalyst.
The partial oxidation catalyst (2 in Figuré 1) in the
first catalyst zone contains the monolithic catalyst of
(a), above, and the Steam reforming catalyst (4 in Figure
1) in the second catélyst 2one contains the SR-1 catalyst
of (b), above.

The amounts of steam, air and hydrocarbon feed in-
troduced to the pProcess are controlled to provide a molar
ratio of HZO to C of 2.56 and a molar ratio of O2 to C

of 0.41. All of the limited amount of OoXygen contained
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in the inlet feed is completely reacted and a sufficient

amount of the hydrocarbon is oxidized to heat the react-

ant mass by the exothermic catalytic oxidation reaction

to a temperature high enough for steam reforming. The

effluent from the catalytic partial oxidation catalyst

2 is immediately flowed into the steam reforming catalyst

4 and then withdrawn via the outlet opening as indicated

by the arrow B in Figure 1.

The product gas is cooled and unreacted water (and

unreacted hydrocarbon 0il) is condensed therefrom.

The

dfy gas composition is monitored by gas chromatography

and the follow.ing results were measured and the results

tabulated in Table II.

" TABLE II

Dried Product Gas Composition. Mole %

Hydrocarbon Conversion

(*)

As NMeasured

H, 39.6
Cco . 8.7
. €O, , 14.2
N, : 37.4
CH, 0.06
CZHG 0
CoHy 0

99.7%

(*)

N,Free Basis

63.3
13.8

22.7

99.7%(*)

weight percent of quantity of hydrocarbon feed to the reactor.

- e -— e - —— -—

—— -y  —
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B. Throughput and Temperatu_res

Volumetric throughput rate, volumes of throughput at stan‘dard
temperature and pressure per volume of catalyst per hour:

. - = 0
monolithic partial oxidation catalyst (item 126,00
2 in Fig. 1) . _ o0
particulate steam reforming catalyst (item = 6,5
4 in Fig. 1)

)

Interstage temperature (between items 2 and 4 of Fig. 1) 861'C
0

Preheat Temperature (line A of Fig. 1) 630 C

: o
Exit Temperature (line B of Fig. 1) " 733°C

In each of the Examples 3-7, identical operating

conditions were employed, except as specifically other-

wise indicated, to autothermally reform a hydrocarbon

10

”~

'S
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G90C Catalyst

Composition: Properties:
Ni 15.4 weight % Surface area: 16.2 mZ/g
Ca 0.21 weight % Compacted bulk density: 1.2 g/ml
AL O, balance Total porosity (Hg): 0.215 ml/g
. Tablet shape, measuring

0.32 cm by 0.32 cm

The molar ratio of HZO to C was 2.59 and the molar ratio

of O2 to C was 0.41l. The results tabulated in Table III

were attained.

TABLE II
Constituents of : Dried Product Gas Composition. Mole %
Dried Produect Gas As Measured NZFree Basis
HZ 34.5 58.8
co - 1.5 ) 19.6
co, , ) 1.9 : 20.3
N2 41.3 . -
CH 4 0.75 1.28
CZHG 0.01 0.02
* 0
C2H 4 0.01 0.02
Y - '(*) '(*)
Hydrocarbon Conversion 96.7% 96.7%

(*

- o= — — — — — —

weight percent of quantity of hydrocarbon feed to the reactor.




~43- 0112613

B. Throughput and Temperatures

Volumetric throughput rate, volumes of throughput
at standard temperature ang pressure ‘per volume of catalyst
per hour:

monolithic partial oxidation catalyst (item 126,000

2 in Fig. 1) =
particulate steam reforming catalyst (item . 6.500
4 in Fig. 1) '
)
Interstage temperature (between items 2 and 4 of Fig. 1) 837°C
Preheat Temperature (line A of Fig. 1) ‘ 690°C .
Exit Temperature (line B of Fig. 1) 793°C_ —

A comparison of the results of Table II with those
of Table III shows that the catalytic partial oxidation

process also provides an effluent which is well suited for

nickel catalyst in the steam reforming section is not as
effective for converting the effluent from the catalytic
partial oxidation of No. 2 fuel oil. Aag indicated by

the results in Table II, when the élatinum-rhodium steam
reforming Catalyst was used, nearly 100% conversion of

No. 2 fuel o0il was attained, as compared to 96.7% when
the nickel catalyst was used in accordance with the in- .
vention. Also, although not reported in the Tables, when
the nickel catalyst was employed, a rapid increase in

- reactor Pressure drop was observed. This could have been
due to soot accumulation on the nickel steam reforming
catalyst. The Platinum dgroup metal catalysts were able

to operate much closer to the theoreﬁical Soot line with
respect to H,0 to C and O, to C ratios, without signi-
ficant soot deposition. T+t appears that the platinum
group metal catalysts may catalyze a carb;n oxidation

redction which (such as the steam/carbon reaction)
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prevents or at least limits soot accumulation on

the catalyst.

The following Example illustrates the separate use

of the catalytic partial oxidation process of the present

invention.

Example 5

the composition of the effluent from the catalytic par-

‘tial oxidation monolith was determined directly, without

The procedure of Example 3 was- repeated except that

being passed through a steam reforming catalyst.

Constituents of
Dried Product Gas

Hydrocarbon Conversion

*

———

TABLE IV

Dried Product Gas Composition, Mole %

-

.

As Measured

 26.82
21.08
3.95

46.76

0.85

0.04
0.31
0.08

0.01

g50(")

50.38
39.59
7.42
L.78
0.08
0.58
0.15

0.02

N, Free Basis
&

855"

weight percent of quantity of hydrocarbon feed to the reactor.
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B. Throughput ang Temperatures

Volumetrijc throughput rate, volumes of throughput
al standard temperatyre and pressure per volume of
catalyst per hoyrs

monolithie partia] oxidation catalyst (item

2 in Fig. 1) = 126,000 |
articulate st i i
E i Fe 1)s €am reforming catalyst (item NOT APPLICABLE
Preheat Temperature (line A of Fig. 1) 690°c
Exit Temperature (line B of Fig. 1) , 861°c

As indicated by the results tabulated in Table Iv,

only about 15% of the original feeg stock is unconverted,

feed being oxidized (and/or steam reformed ang cracked)
in the catalytic partial oxidation zone. The effluent

is high in olefin content, and contained HZS and COS as

feed. Thus, it can be appreciated that the catalytic
partial oxidation Process of the present invention is

capable of forming an effluent which isg capable of being

steam reformed from No. 2 fuel oil.
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»

shows the amount of conversion of the hydrocarbon feed
and the type of hydrocarbon left unreacted. A value of
zero under the heading "Unreacted HC Type" means 100%
conversion of the hydrocarbon type specified. Thus, the
composition of the effluent obtained from the first (cata-
lytic partial oxidation) catalyst zone should be taken
into consideration in selecting the specific platinum
group metals utilized in the steam reforming catalyst.
Platinum group metal steam reforming catalysts are not

always required for the steam reforming catalyst used

" in accordance with the invention, inasmuch as for some

feeds and operating conditions a base metal steam refor-

ming catalyst may suffice.

TABLE V

Catalytically Active Metals
as Weight Percent of Catalvst

Catalvst Ni Pt Rh
SR-1 - 1.4 0.6
SR-3. = - 14 0.6
SR-7 14.5- - 0.5
SR—H ’ : 15.4 - -

SR-12 14.5 0.35 0.15
SR-13 - - 2.0
SR-14 - 1.0 1.0
SR-16 ' - . L7 0.3
SR-18 - 2.0 -

SR-19 15.0 - 0.5
SR-20 - 1.4 0.6

SR-22 14.5 - 0.5
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All compositions €Xxcept SR-11 comprise gamma-aluming
pellets measuring approximately 1/16 inches (0.16 cm) in

diameter, Stabilized with 5 weight percent lanthana

lyst as a base, to which the indicated catalytic metal ig

added.

TABLE VI

Hydrocarbon feed: No. 2 fuel oil.
Preheat Temperature (line B of Fig. 1) = 482°%

Unreacted HC Tvpe

Run Catalyst 02 to. HZO tp Hc(a) ) ) .. . (c)
No. No. . C " Ratio C“Ratio Conv.,% CH’_ ;% Olefins'™’ ¢
7348 SR-16 0.41 2.58 7.8 2.2 0.0

7238 SR-1 0.44 2.72 ‘ 96.9 3. 0.0

7251 SR-1 0.4 - 2.7 95.3 4.7 0.0 .
7344 SR-14 0.41 2.58 96.6 3.3 0.0

7331 SR-13 0.41 2.59 9.0 3.9 0.0

7328  SR-I8 0.41 2.60 95.4 2.3 L6

7242 SR-3 0.43 | 2.7 95.3 4.5 0.0

7340 "SR-20 .4 2.58 951 2.7 0.0
7271 SR-7 0.42 2.68 935 5.5 0.6 .
7255 SR-12 0.43 2.65 91.6 7.3 0.7

7298 SR-19 0.42 2.66 91.3 5.8 2.4

7365 SR-22. 0.42 2.57 91.0 5.4 2.6

7293 SR-1l 0.43 2.66 90.7 5.4 . 3.4
7307 SR-n 0.42 2.66 89.0 6.0 46

-*-———_*h

NP
(‘!;.’ AT -
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(a) HC Conversion = (Co + Co0.,) /C
: 2°p’ Tp;

4

(b) Unreacted CH, = (CH)) /C
| 'S
(c) Unreacted Olefins = (OIefins)p/Cp

~ (In all cases, subseript p indicates composition in the product stream.)

' The following examples illustrate operation of the cata-
lytic partial oxidation process of the present invention

in preferred modes for specific hydrocarbon feed stocks.

Example 6
5 A hydrocarbon feed stock comprising JP-4 was par-
tially oxidized catalytically then the effluent was
steam reformed with the same catalysts as employed in

Example 3. The properties of the feed stock were:

API Gravity: 54.4

Sulfur Content: 30 ppm (weight)
Boiling Range: ) 138-450°F
Aromatics. Content: 15.5 weigﬁt percent

The HZO to carbon ratio was 2.65 and the O2 to carbon

10 molar ratio was 0.425.

The results obtained are tabulated in Table VII be-

. low.
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TABLE vOo

Constituents of ] ' Dried Product Gas Combosition, Mole %
Dried ?roduct Gas As Measured NoFree Basis

H, 38.66 62.21

co 10.74 17.28

(:()2 12.711 20.45

N2 - 37.86 -

(3I14 0.03 0.05
Hydrocarbon Conversion 99.9%(‘) 99-996(*)

B. Throughput ang Temperatyres

Volumetrie throughput rate, volumes of throughput ‘
at standard temperature ang pressure per volume of catalyst per hour:

Mmonolithie partia} oxidation catalyst (item

Interstage temperatuyre (between items 2 ‘and 4
Preheat Temperature (line-A of Fig. 1)

Exit Temperature (line B of Fig. 1)

131,000
= 7,050

in Fig. 1) 924°%

743°C .

823°

Exémgle 7

A Liquid Petroleum Gas (LPG) feed stock wWas partially

oxidized catalytically then steam ref
catalysts as employed in'Example 3.

the feed stock was:

ormed with the same

The composition of
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Mole %
Ethylene 4.60
Propane 70.17
Propylene ' 25.07
i-Butane 0.15
n-Butane 0.01

The feed stock was not desulfurized for the test. The
H20 to C ratio was 3.11 and the 02 to C ratio was 0.50.

The results obtained are listed in Table VIII below.

TABLE VII

Constituents of ' Dried Product Gas Composition. Mole %
Dried Product Gas As Measured N, Free Basis
- H, _ 39.41 . 65.38

co 8.78 14.57

co, 12.09 20.05

Nz. ' . - 39.72 ' - B

CH, . 0.00 0.00 i

. o(*) ¢ . ﬂ(*)

Hydrocarbon Conversion 100% 100%

*

weight percent of quantity of hydrocarbon feed ‘to the reactor.

—— . -,

B. Throughput and Temperatures

Volumetric throughput rate, volumes of throughput
" at standard temperature and pressure per volume of
catalyst per hour: '

monolithic partial oxidation catalyst (item

2 in Fig. 1) = 145,000
particulate steam reforming catalyst (item _ 7.800
4 in Fig. 1) - :

Interstage Temperature (between items 2 and 4 of Fig. 1) 906
Preheat Temperature (line A of Fig. 1) 743°C

Exit Temperature (line B of Fig. 1) 837°C
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Generally, the Processes of the invention may be
carried out at elevated pressure. 1In such case, a source
of a hydrocarbonaceous feed, preferably a hydrocarbon feed,
is compressed and may be passed through a heater to heat
it to an elevated temperature. The heated, compressed
feed may then be mixed in a suitable mixer with the oxy-
gen-containing oxidant gas and HZO' which may be supplied
in the form of steam. A Separate air compressor may be

used to compress air or other oxidant gases to the pres-

' sure at which the autothermal reforming operation is to

be carried out and the;steam may be generated at the ap-
propriate pressure. In those cases where air is utilized
as all or a portion of the oxidant gas and it is desmred
to reduce the content of, or substantially eliminate, ni-
trogen from the synthesms gas, the compressed air may be
passed to an air separation zone wherein oxXygen is sep-
arated from the compressed air by any suitable means
known to those skilled in the art and passed to the mixer
for passage therein as part of the inlet stream into the
autotherﬁal reformer. 1In such case, the removed nitro-
gen (as well as other inert air gases such as argon) is
removed from the process and normally recovered as a nj-
trogen gas by-prdduct. The removal of argon and other
inert gases in the air separation zone is usually advan-
tageous as it reduces the accumulation of lnert gases
whlch £find their way into a synthesis loop, such as an
ammonia or methanol synthesis loop, and thereby reduces

the amount of purged gas which must be withdrawn from
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When an air separation plant is utilized to provide

an oxygen stream to serve as, or supplement, the oxidant

gas, it may utilize any suitable type of air separation

process including, for example, a cryogenic separation

process, a membrane diffusion process or a pressure-swing

absorption process utilizing inorganic absorbents or car-

bon molecular sieves.

Heat available from the autothermal

reforming process may be utilized in the air separation

zone for those air separation processes which require a

heat input.

Example 8

7

The same catalyst and feedstock as employed in Exam-

ple 3 were utilized to prepare and test a product gas.

All conditions and results obtained herein were identical

to those of Example 3, except as otherwise set forth in

Table IX following, with respect to temperature and

product gas composition.

= TABLE IX

A. Effluent Composition and Hydf-ocarbon Conversion

Conversion of
Dried Product Gas

Hy

010)

CO2

N,

CH4

CoHg

Hydrocarbon Conversion

Dried Product Gas Composition. Mole %

As Measured

411

11.52

12.51

34.37

0.26

— - - = s wm wm - = m— - = e mm ma ew - == —m am S e em —m TS e

E 3
( lweight percent of quantity of hydrocarbon feed to the reactor.
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B. Throughput and Temperatures

Volumetric throughput rate, volumes of throughput at standard
temperature and pressure per volume of catalyst per hour:

monolithic partial oxidation catalyst (item = 126,000
2 in Fig. 1) ‘
particulate: steam reforming catalyst (item = 6,500
4 in Fig. 1) »
Interstage temperature (between items 2 and 4 of Fig. ]) 942°C.
Preheat Temperature (line A of Fig. 1) ' : 649°C
Exit Temperature (line B of Fig. 1) ‘ 778°C

The foregoing Example 8 shows the efficécy of the
process for Substantially complete (98.8%5 conversion of
a No. 2 fuel o0il, which is a difficult feedstock to con-
vert by conventional steam reforming. The process of the
invention can of course readily handle lighter hydrocar-
bon feeds, which are easier to reform, and use'higher O2

to C ratios.

Methanol Synthesis

For the preparation of a hydrogen and carbon oxides
containing synthesis gas suitable for methanol synthesis,

oxygen is used as the oxidant stream in order to avoid

2 T M3
(2) CO, + 3H, = CH3OH + H,0
Reaction (2) is seen to involve the water-gas shift re-
action
(3) C02 + H2 = H20 + CO

in combination with reaction (1).
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As will be seen from the above chemistry, the ratio
of hydrbgen to the‘carbon oxides sﬁould be adjusted to
provide at least one mol of H, to (1/2 mol CO + 1/3 mol
COZ)‘ The flexibility of operation available by utilif

5 zing autothermal reforming in accordance with the present
invention enables control of the H,O0 to carbon ratio and
O2 to carbon ratio at rather low levels, without the pro-
blem of carbon deposition on the catalyst. This flexi-
bility enables the control of the output ratio of hydro-

10 gen to carbon oxides with a wide variety of feedstocks.
Since operation close to the carbon deposition region is
available with the catalysts of the present invention,
low HZO +o carbon ratios can be used. The following
Table X shows the effect of some of these operating

15 parameters in the autothermal reforming with resultant
molar ratio of H,: (1/2CO plus 1/3c0,). Generally, H,/
(2C0 + 3C02) should be unity or greater, say from about

1.0 to 2.0 more preferably from about 1.3 to about 1.5.

TABLE X
Inlet Temperature (Line 136 in Fig. 3) 1200°F
‘Exit Temperature (Line 144 in Fig. 3) 1800°F
Reformer Pressure 30 atm.
INLET CONDITIONS . PRODUCT RESULTS
(Line 136 in Fig. 4 (Line 146 in Fig. 4
H,0/C 0,/C CHﬁ, Conversion. % H:/(ZCO + 3CO:_L)
3/1 5734 . 991 0.935
211 .5452 98.0 0.9515

n 5054 94.0 0.9655
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It will be appreciated that low H,0 to carbon ratios en-
able the utilization of lower O2 to carbon ratios, there-

by reducing the needed capacity of an oxygen separation

plant. Although the total amount of methane (or other

hydrocarbon feed) converted is reduced thereby, the un-

converted hydrocarbon is eventually recycled to the pro-
cess. Thus,-there is a trade-off between the effect of
methane as an inert in the methanol synthesis loop versus
the cost of the oxygen separation plant required.

The following Example 9 shows the operation of a
methanol synthesis plant utilizing an autothermal reformer,

giving typical results obtained thereby.

Examgle9

’Autothermal Reforming of Natural Gas to
Supply a Methanol Synthesis Reactor

Reformer Inlet Stream-(Line 136 of Fig.-4)

——

Temperature: 1200°F
H,0/C Ratio:  2.00
0,/C Ratio: 0.542

Pressure: 67.7 Atmospheres

Reformer OQutiet Stream- (Line 144 of Fig. 4y

Temperature: 1850°F
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FLOW RATES - MOLES/HR

Reformer . R
Inlet Stream §£§§Z:r Iiiformer Reformer
(Line 136 of Fig. 3) (Line 144 of Fi 3 et Stream Qutlet
. ig. 3) (Dry Basis) (Dry Basis)
MOLE §
Ay - 2.0662 2.0662 67.2
"0 2.0 1.8273 - )
CH, 1.0 ©0.0533 0.0533 1.9
co - 0.6375 0.6575 20.7
€0, -0049 0.3141 0.3141 10.2°
0, .5416 - - :
Ny -€032 0.0032 - 0.0032 0.2
100.00
HZI(ZCO +3C02) = 0.932
Referring-now to Figure 4, there is shown a schema-
tic illustration of a methanol synthesis plant, which in-
cludes a synthesis gas making section, in accordance with
one embodiment of the present invention. A source of hy-
5 " drocarbonaceous feed, in this case a hydrocarbon feed,
say natural gas, is introduced via line 110 and hydro-
carbon feed compressor 112 for passage through a heater
114 and thence to a mixer 116 for admixture with oxygen,
steam and recycled purge gas as described below.
10 Hydrocarbon feed compressor 112 compresses the hy-

drocarbon feed to the elevated pressure at which the auto-

thermal reforming operation is to be carried out. Heater

114 may be of any conventional design and would include

a burner means (not shown) for combusting a fuel therein
15 to provide preheating by indirect heat transfer to the

.streams passing therethrough.
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An air compressor 118 is supplied with atmospheric
air via an inlet line 120 and compresses the air to the
Pressure at which the autothermal reforming operation is
to be carried out. The compressed air is passed via line
122 to an air separation zone 128 wherein oxXygen is sep-
arated from the compressed air by any suitable means
known to those skilled in the art. The resultant oxygen
stream is fed via line 130 through heater 114 for pre-
heating and thence to mixer 116. In air separation zone
128, a nitrogen Stream 129, which also contains rare
inert gases, including argon, found in air is removed
from the process and is normally recovered as a nitrogen
gas by-product.

As illustrated in the schematic diagram of Figure 4,
line 129 cafries nitrogen, or at least a nitrogen-enriched
Stream, away from the air Separation plant 128. 1t may
also contain a substantial!proportion, if not all, of the
argon, which cbmprises about one percent of atmospheric .
air.

Make-up water is introduced via line 124 and, to-
gether with recycled water obtained as described below
and introduced via line 126, enters boiler feed water
pump 128 from where it is pPassed by line 130 through
heat exchanger 132, in which the water is heated to steam
and transmitted via line 134 into mixer 11¢. The mixed
dgases are passed via line 134 into autothermal reformer
142. Reformer 142 of Figure 2 has a neck portion 1423

and a main body portion 142b within which are disposed,
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respectively, a-monolithic Platinum group metal partial
oxidation catalyst and a platinum group metal steam re-
forming catalyst. In reformer 142, the inlet stream mix-
ture of hydrocarbon feed, steam and oxygen is passed ini-
tially through a catalytic partial oxidation catalyst

supported on a monolithic honeycomb carrier disposed with-

in the neck portion 142a of reformer 142. The effluent

from the first catalyst zone passes into the second cata-
lyst zone comprising a pPlatinum group metal steam reform-
ing catalyst contained within main body portion 142b of
autothermal reformer 142. Generally, as mentioned above,
a portion, less than all, of the hydrocarbon feed content
of the inlet stream is catalytically oxidized within the
first catalyst zone. 1If C5 or heavier hydrocarbons form
a part of the feed, they are hydrocracked under the con-
ditions prevailing in the first catalyst zone, to lighter,
Cl to C4 constituents. The steam ;eforming reaction
carried out in the second catalyst zone reacts HZO with
unoxidized hydrocarbons to form hydrogen and carbon mono-
xide. ,Génerally, the inlet stream components (hydrocarbon,
okygen and steam) react in autothermal reformer 142 to
produce a mixture containing HZ’ co, C02, HZO and a small
amount of residual methane.

The effluent from autbthermal reformer 142 is passed
via line 144 through heat exchanger 132 as mentioned a-
bove. The cooled effluent then passes through cooling

zone 138, wherein it is further cooled sufficiently to

effectuate separation, in separation zone 140, of water



10

15

20

25

0112613

~59-

from the effluent gases. Condensed water is withdrawn

via line 126 and Passed to boiler feed water pump 128 as

‘described above. If it is desired to remove CO, from the

process stream the scrubber may conveniently be inserted
between separation zone 140 and compressor 148. The me-
thanol syﬁthesis gas, now essentially comprising H2’ re-
sidual unseparated HZO' unreacted CH4, CO and some CO2 is
passed via line 146 to synthesis gas compressor 148 of
the methanol synthesis loop. ., Preferably from about 2 to —
about 10% Coz_is left in the synthesis gas. The compres-
sed synthesis gas is passed through line 150 in direct

heat exchange in heat exchanger 152 with the effluent

from methanol synthesis reactor 154, and then into the
methanol synthesis reactor.

Any suitable methanol synthesis catalyst may be used
within reactor 154, for example, various mixtures of copper,
chromium, alumina and/or zinc oxide are known for use as me-
thanol synthesis catalysts. Typical of these mixtures are;
copper, alumina énd zinc oxide; chromium and zinc oxide;
copper, chromium and alumina and zinc oxide. Palladium _
on alumina is also an effective methanol synthesis catalyst.

Within synthesis reactor 154, which is typically
operated at high pPressure, from about 1000-2000 psig and
relatively low temperature, e.g., about 150 - 400°c, only
about 5% of the hydrogen and carbon oxides are converted
to methanol per pass through reactor 154. The effluent,
containing methanol, the unreacted portion of the synthe-

sis gas and small amounts of other reaction products, e.g.
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dimethyl ether and ethanol, is withdrawn from reactor 154
via line 156 and passed through heat exchanger 152 where-
in it is cooled against the incoming synthesis gas as dé-
scribed above. The cooled gases are passea'through a
cooling zone 158 and then via line 160 to gas-liquid sepa-
rator : 162, wherein methanol and the héavier alcohols
formed are condensed and withdrawn via line 164. The
raw methanol in line 164 contains about 15% water as well

as the dimethyl ether and ethanol and possibly other

 heavy alcohols. The raw methanol is dehydrated and puri-

fied by distillation as described below. However, if the
methanol is to be used as a fuel, the trace amounts of
ethanol and possibly other heavy alcohols may be retained
in the methanol. Unreacted synthesis gas is removed from
the top of separator 163 via line 166 and then introduced
into line 146 for passage into synthesis gas compressor
148 and then back through reactoé 154.

The methanol and other products separated as liquid
from separator 162 are passed to a distillation zone re-
presented by distillation column 168, wherein methanol
is separated and withdrawn as product via line 170. The
heavy alcohols are withdrawn from the bottom of column
168 via line 172 and a top end gas is withdrawn from the
top of distillation column 168 via line 174. The heavy
alcohols and dimethyl ether withdrawn from distillation
column 168 ﬁay be.recycled to autothermal reformer 142.
Ethanol, which readily forms ethylene by dehydration, can

readily be reformed in autothermal reformer 142 operated
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in accordance with the present ingntioq. Ethanol would,
however, be extremely difficult to reféfm in conventional
steam reforming processes because of the ﬁehdency of the

ethylene formed from it to cause carbon deposition on the
catalyst in conventional reforming operations.

In order to control the level of impurities and inerts
in the methanol synthesis loop, purge gas is removed via
purge line 176 and may be recycled via line 130 and mixer
116 to reformer 142.

The methanol synthesis gas process of the present
invention would find ready use, for example, in areas where
supplies of natural gas are remote from markets for natural
gas, or in areas where other hydrocarbon feeds, such as nor-
mally liquid hydrocarbons, are available for conversion to
methanol.

An example of operation of an autothermai reformer
in accordance with the present invention for the production
of a methanol synthesis gas is well illustrated by the
following Example 10, wherein a liguid petroleum gas feed-
stock is Autothermally reformmed. The results obtained are
shown in Table XI. Although the operation of Example 10
was actually carried out using air as the oxidant stream,
the same results with the same 0, to carbon and H20 to
carbon ratios could be obtained utilizing oxygen as the oxi-
dant stream, inasmuch as the nitrogen is essentially inert
in the autotﬁermal reforming process. The results of Table
X1 are reported on both an "as measured" and "nitrogen

free" basis.
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Example 10

A Liquid Petroleium Gas (LPG) feedstock was autother-
mally reformed with the same catalysts as employed in Ex-

ample 3. The composition of the feedstock was:

iole %

5 Ethylene 4.60
Propane 70.17

Propylene 25.07

i-Butane 0.15

n-Butane 0.01

10 The feedstock was not desuifurized for the test. The
H,0 to C ratio was 3.11 and the O, to C ratio was 0.50.

The results obtained are listed in Table XI below.

TABLE XI

Constituents of Dried Produet Ges Composition. Mole %
Dried Product Gas As Measured N. Free Bssis

H, ' 39.4 65.38

Co 8.78 14.57

CO2 12.09 20.05

Nz _ 39.72 -

"CH p 0.00 0.00
H : (%) ()
ydrocarbon Conversion 100% 100%

E
( )weight percent of quantity of hydrocarbon feed to the reactor.



—63- 0112613

B. Throughput and Temperatures

Volumetric throughput rate, volumes of throughput
at stendard temperature and pressure per volume of
catalyst per hour:

monolithic partial oxidation catalyst (item 145,000
2 in Figl) |
particulate steam reforming catalyst (item 7,800
4 in Fig. 1)
Interstage Temperature (between items 2 and 4 of Fig. 1) 906
Preheat Temperature (line A of Fig. 1) 749°C
Exit Temperature (line B of Fig. 1) : 837°C

!

The ratio of H2 to (2C0 + 3C02) in thé product gas
of Example 10 isg 0.732~due to the high HZO/C ratio of 3.11
that was used. For methanol synthesis gas a lower HZO/C
level is desirable. CO2 can be readily removed from this
gas sfream to adjust the ratio of HZ to the carbon oxides.

Upon removal of CO2 from the gas stream, the ratio of H

’

2
to (2co + 3C02) may be easily adjusted to from about 1.1

to about 2.1 while leaving in a small amount of COZ' °

Ammonia Synthesis

Reférring now to Figure 5, there is shown a schema-
tic illustration of an ammonia synthesis plant which in-
cludes a synthesis gas making section'in accordance with
one embodiment of the present inventién. A source of a
hydrocarbonaceous feed, in this case a hydrocarbon feed
is introduced via line 210 and hydrocarbon féed compres-
sor 212 for passage through a heater 214 and thence to

a mixer 216 for admixture With steam and oxygen-enriched
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air as described below. Hydrocarbon feed compressor 212
compresses the hydrocarbon feed to the'elevated pressure
at which the autothermal reforming operation is to be

carried out. Heater 214 may be of any conventional de-

sign and would include a burner means (not shown) for com~

busting a fuel therein to provide preheating by indirect

heat transfer to the streams passing therethrough.

An air compressor 218 is supplied with atmospheric
air via an inlet line 220 and compresses the air to the
pressure at which the autothermal reforming operation is
to be carried out. A portion of the compressed air is
passed via lines 222, 224 around an air separation zone
228 to a line 230 for passége to a heater 214 for preheat-
ing. Another portion of compressed air from air compres-
sor 218 is passed through line 226 to air separation zone
228 wherein oxygen is separated from the compressed air
by any suitable means known to those skilled in the art.
The resultant oxygen stream is fed via line 230, into
which the air from line 224 is introduced, for passage
of the thus oxygen-enriched air via line 230 through
heater 214 for preheating and thence to mixer 216. 1In
air separation zone 228, a nitrogen stream 229 which also
éontains rare inert gases, including argon, found in air
is removed from the process and is normally recovered as
a nitrogen gas by-product.

As wili be noted from Figure 5, it is seen that com-
plete separation of a pure oxygen stream from the air is

not necessary, but only that an oxygen enriched stream
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must be obtained to enrich the oxygen content of the air

N
fed to autothermal reformer 242. As illustrated in the

schematic diagram of Figure 5, line 229 carries nitrogen,

or at least a nitrogen-enriched stream, away from the air
separation plant 228. It may also contain a substantial
proportion, if not all, of the argon, which comprises
about one percent of atmospheric air, which enters zone
228.

Make up wéter is introduced via line 232 and boiler
feed water pump 234 through heat exchanger 236 wherein
the water, together with condensate water recycled from
a subsequent point in the process as descfibed below, is
heated and steam is §enerated therefrom. The steam gener-
ated in heat exchanger 236 is passed via line 238 to mixer
216. A mixture of oxygen enriched air, steam and hydro-
carbon feed obtained in mixer 216 is introduced via in-
let line 240 into autotheémal reformer 242,

In reformer 242, the inlet stream mixture of hydro-
carbon feed, steam and oxygen-enriched air is passéd ini-
tially through a catalytic partial oxidation catalyst
supported on a monolithic honeycomb carrier disposed
within the neck portion 242a of reformer 242. The efflu-
ent from the first catalyst zone passes into the second
catalyst zone comprising a Platinum group metal steam re-
forming catalyst contained within main body portion 242b
of autothermal reformer 242. Generally, as mentioned
above, a portion, less than all, of the hydrocarbon feed

content of the inlet stream is catalytically oxidized
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within the first catalyst zone. If C5 or heavier hydro-
carbons form a part of the feed, they are hydrocracked
under the conditions prevailing in the first catalyst zone,
to lighter, Cl to C4 constituents. The steam reforming
reaction carried out in the second catalyst zone reacts
ﬁzo with unoxidized hydrocarbons to form hydrogen and
carbon monoxide. Generally, the inlet stream components
(hydrocarbon, oxygen-enriched air, and steam) react in
autothermal reformer 242 to produce a mixture containing
HZ’ co, COZ' Nz, HZO and a small amount of residual me-
thane.

Effluent from autothermal reformer 242 is passed via
line 244 through heat-exchanger 236 as mentioned above.
The temperature of the effluent in line 244 is sufficiently
high so that superheated steam may be effectively gener-
ated in heat exchanger 236. After the heat exchange in
exchanger 236, the autothermal reforming effluent is
passed via line 246 to a high temperature shift conver- .
sion zone 250. A side stream of steam may be passed via
line 248 to increase the proportion of steam in the efflu-
ent entering high temperature shift conversion zone 250 +to

improve the reaction conditions for the shift conversion.

Typically, the temperature of the effluent in line
244 from autothermal reformer 242 will be at a tempera-

ture of from 1600° +to 1900°F (871° +to 1038°C) and will be

cooled in heat exchanger 236 to a temperature of about 800° &
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900°F (427° to 482°C), which is a temperature suitable
for shift conversion as described below.

| Shift converters are conventionally employed in con-
junction with steam reforming operations. In steam re-

forming, the hydrocarbon reacts with H,0 to yield a pro-

duct gas containing pPrimarily hydrogen and carbon monoxide,

pPlus any unreacted hydrocarbons. 1In order to reduce the
carbon monoxide level and enhance the hydrogen vield, the
effluent of the steam reforming process may be passed into
a so-called shift converter, in which the effluent is con-
tacted with a catalyst of the known type over which carbon
monoxide will react with HZO to yield carbon dioxide and

hydrogen according to the following reaction:

CO + H.O = CO2 + H

2 2

This water gas shift reaction is often carried out
in two stages, a first high temperature stage, e.g., 800°
to 900°F (4275to 482°C) in order to secure high reaction .
rates and a second, low temperature stage, e.g., 700°+to
750°F (371°to 399°C) to enhance the overall yield of the
reaction. Accordingly, as shown in Figure 5, the efflu-
ent from reformer 242 is passed via lines 244, 246 into
high temperature shift reactor zone 250 in which it is
contacted with a suitable catalyst to carry out the shift
reaction. Upon emerging from zone 250, the shlft-reacted
effluent may be passed via line 252 to a sulfur treatment

zone 254, which may comprise any suitable equipment for

remov1ng Oor reducing the sulfur content of the gas Stream,
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such as the known iron oxide or zinc oxide dry removal
processes, or a known wet method for the removal of sul-
fur and sulfur compounds. The treated effluent from the

sulfur treatment zone 254 is pPassed via line 256 to a low

temperature shift reactor zone 258 in which a second, low -

temperature shift reaction is carried out to convert car-
bon monoxide to carbon dioxide and hydrogen. The result-
ant hydrogen and nitrogen-rich gas stream, containing
primarily Nz, H2, C02 and HZO passes from low temperature
shift converter zone 258 via line 260 for introduction
into a selective oxidation zone 270. |

Prior to passing to selective oxidation zone 270,
the effluent from the low temperature shift reactor zone
258 is cooled in cooling and separation zone 262 and
watér is condensed therefrom. The resulting condensate
water may be passed via line 266 together with make up

water from boiler feed water pump!234, to heat exchanger

-236. The gases are coocled in cooling zone 262 to a tem-

perature suitable for the selective oxidation reaction to
be carried out in selective oxidation zone 270, to which
the cooled effluents are passed via line 260. Additional
oxygen is introduced into the effiuent entering selective
oxidation zone 270, and this may be accomplished by taking
a side stream of compressed air via line 272 and combining
it with the cooled effluent in line 260 for passage into
selective oxidation zone 270. Thg amounts of supplemental
air introduced Yia line 272 is calculated both to supply

sufficient oxygen for the selective oxidation process,
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and to provide a molar ratio of nitrogen to hydrogen in
the product synthesis gas of approximately 3:1. Selective
oxidation zone 270 may be any suitable selective oxida-
tion process in which residual carbon monoxide contained
in the effluent is contacted with a catalyst to selective-
ly oxidize the carbon monoxide to carbon dioxide in the
presence of hydrogen. A highly efficient catalyst for
the purpose is sold under the trademark SELECTOXO by
Engelhard Corporation. A selective oxidation process
utilizable in an ammonia manufacturing operation is shown
in U.S. Patent 4,238,468, issued December 9, 1980 to
Bonacci et al, and assigned to Engelhard Corporation.
After the selective oxidation treatment, the treated ef-
fluent is passed via line 274 to a carbon dioxide removal
zone 276 wherein the residual carbon dioxide content of
the effluent stream is further reduced by any suitable,
known process. Removal or.reduction to extremely low
values of the cérbon dioxide in the synthesis gas is ad-
vantageous in that carbon dioxide, under specific temper-
ature and pressure conditions and concentrations, can
react with ammonia to form carbamates, and this is of
course undesirable in the ammonia synthesis process.

The selective oxidation process is thus utilized for
removal or reductioﬁ of trace quantities of carbon oxide
and is desirable as minimizing the amount of methane
formed, as discussed below, in methanation zone 282. 'The
formation of such methane consumes pProduct hydrogen and

it is therefore preferable to reduce the carbon monoxide
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content as much as feasible in zone 270.

The carbon dioxide reduced effluent is passed via
line 278 through a second cooling and separation zone 280
in which additional water is condensed therefrom and the

water condensate may be recycled via lines 268, 266 to

‘heat exchanger 236 for return to the process as steam.

The cooled gas is then passed through a methanation
zone 282 in which residual carbon oxides are contacted over
a catalyst in a methanation step in which hydrogen reacts
with CO and CO2 to produce methane and water. It will be
appreciated that the residual amounts of carbon oxides
available to react in the methanation zone are very small.
The resulting methane is an inert in the ammonia synthesis
process and tends to build up therein. Accordingly, the
méthane, along with other inerts, must be purged from
the ammonia synthesis loop. But this is preferable to
the adverse effect in the ammonia .synthesis loop of either
carbon monoxide, which 4is an ammonia synthesis catalyst
poison, or carbon dioxide, which may react with.ammonia
as mentioned above, to form explosively decomposable solid
carbamates.

The effluent from methanation zone 282 is withdrawn
therefrom as product synthesis gas and may be passed
through line 284 to an ammonia synthesis process. Figure
5 illustrates the so-called ammonia synthesis loop, in
which the product synthesis gas from line 284 is passed
via line 286 to a synthesis gas compressor 288 wherein
it is compressed to an elevated pressure, say 1,000 to

15,000 psi and at a relatively low temperature, from

rs
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about 200°to 600°C, suitable for ammonia iynthesis. The
compressed synthesis gas is passed via line 290 to an am-
monia synthesis reactor 292 containing therein a catalyst .
suitable to react nitrogen with hydrogen to form ammonia.
A small proportion only of the nitrogen and hydrogen in
the synthesis gas is converted to ammonia in a single pass
through the catalyst of ammonia synthesis reactor 292, and
the partially reacted gas is passed through a cooling and
separating zoneﬂ294 within which the effluent is cooled
sufficiently to condense ammonia as a ligquid therefrom.
The ammonia synthesis catalyst is composed of iron oxides
(Fezo3 and FeO) that have been triply promoted with K o,

2
5>+ and A1203. Various shapes and forms of this ammonia

Sio
synthesis catalyst or any other ammonia synthesis catalyst
can be used. A typical composition is: Fezo3 64-66 wt

%¥; FeO 29-31 wt %; A1203 2-3 wt %; SiO2 0-0.8 wt %; K20
0-2 wt %. The ammonia is removed via line 296. The re-
maining synthesis gas is recycled via line 298, in which
it is supplemented with fresh synthesis gas from line 284,
and recycled through the ammonia synthesis loop. A purge
line 299 removes a pProportion of the gas circulating in
the ammonia synthesis loop in order to control the build-
up of inert gases in the loop. The purge gas removed
from line 299 may, as is known to those skilled in the
art, be treated to have removed therefrom argon, ammonia,

methane, CO2 and other impurities and be returned as syn-

thesis gas to the process.



10

15

20

25

0112613

-72-~

Generally, the key operating parameters for auto-
thermal reforming to generate an ammonia synthesis gas
are the preheat or inlet temperature (at line 240 of Fig-
ure 5), the pressure within autothermal reformer 242 and
in inlet stream (line 240 of Figure 5), the oxygen to
carbon ratio, the H20 to carbon ratio, and the Né to car-
bon ratio. The reference to carbon is of course the car-
bon content of the hydrocarbon feed and all such ratios
ére expressed as moles of O2 or HZO to atoms of carbon.
Since the process normally converts carbon oxides to hy-
drogen as part of the synthesis gas preparation, for am-
monia synthesis it is desired that the molar ratio (CO +
Hz)/N2 exiting the autothermal reformer be approximately
3:1.

By utilizing the autothermal reformiﬁg process as
described, a wide variety of hydrocarbonaceous feeds may
be utilized and efficiently and ‘economically converted
into nitrogen and hydrogen containing synthesis gas. 1In
addition to petroleum and coal derived hydrocarbons, as
mentioned above, biomass-derived feeds Providihg carbon-
contéining compounds such as methane and H, O and N in
compounds or as elements may be used. Such feeds may
also contain sulfur or sulfur compounds. If the sulfur
content of the feed is sufficiently high, the sulfur
treatment zone as illustrated in Figure 5 will normally
be required. If oxygen and nitrogen aré present in the
biomass-derived feed in appreciable amounts, they can

provide at least a portion of the "air" for the process,
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and the atmospheric air introduced to fhé process can be
reduced accordingly.

The following Examples 11 and 12 show typical opera-
ting conditions for the autothermal reformer utilized in
accordance with the present invention. As indicateé by
the examples, generally, the H20 to C ratio is increased
with increasing pressure in order to avoid an excessive

increase of the methane content in the synthesis gas.

EXAMPLE 11 EXAMPLE 12

Pressure 35 Atmospheres
(525 psia) -

1200°F (649°C)

67.7 Atmospheres
U@Spﬁa%
Inlet 'Temperature 1200°F (649°C)

Inlet Stream {line 240

in Fig. 5) (Lb.-Moles/Hr.) (Mole %) (Mo]e %)
" cH . 1000 (20.0) 1000 - (18.2)
H,0 2.500  (50.0) 3.000 (54.5)
0, 0.5722  (11.4) 0.6012  (10.9)
N, 0.9300 (18.6) 0.9060  (16.4)
Exit Stream (line 244
in Fig.5) (Lb.-Moles/Hr.)
CH, 0.0185  (0.3) 0.0199 (0.3)
H,O 2.275  (35.5) 2.8067  (40.9)
0, -0- -0-
N, 0.9300 " (14.5) 0.9060 (13.2) '
H, 2.1930 (34.3) 21535  (31.4)
co 0.5991  (9.4) 0.5646  (8.2)
co, 0.3851  (6.0) 0.4156  (6.0)
Exit Temperature 1775°F  (6968°C)  1840°F (1004°C)
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Synthetic Natural Gas Production From Coal Gasification
Liquids

Referring now to Figure 6, there is shown a schema-

tic flow sheet illustration of a coal gasifier plant in-

cluding an autothermal reforming section utilized to con-

‘vert the liquid hydrocarbon by-product to secondary SG.

A typical coal gasification plant, such as one according
to the Lurgi design, includes a coal crushing and screen-
ing zone 310 to which coal is conveyed by suitable means
for crushing and screening to segregate the coal particles
by size, and any other treatments such as washing, etc.
which may be reéuired. Finely crushed coal is transmit-
ted by means 312 to a power plant 314 to which water and
air is supplied and in which the coal is burned to gener-
ate steam and electric power required in operation of the
plant.

A coarse coal stream is fed wia means 316 to a coal
gasifier 318. Coal gasifier 318 may be of any suitable
design, such as a Lurgi fixed bed reactor with rotating
bottom grate, as briefly deécribed above. Steam is

transmitted via lines 320, 322 from power plant 314 to

A

coal gasifier 318.

An air separation plant 324 is supplied with air and,
by any suitable technique, separates an oxygen stream
from the air. Nitrog?n is removed via line 326 and oxXy=-
gen transmitted via lines 328, 330 to coal gasifier 318.
It will be understood that in the case of the Lurgi coal

gasifier design, as mentioned above, the steam and oxygen
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coal gasifier 318, gasifier.sé is generated in coal gasi-
fier 318, together with 4 liqﬁid‘hydrocarbon by—product,
both of which are removed from coal gasifier 318 via

line 332. Ash is removed from coal gasifier 318 via line
334. The gasifier SG ang ligquid hydrocarbon by-product
are quenched in quench Zone 336 from which the liquig hy-

drocarbon by-product isg removed via line 338. The gasi-

removed therefrom by any Suitable, known treatment.
The liquigd hydrocarbonrby-product is transmitted via

line 338 to a gas=-liquor Seéparation zone 344 in which a

nols separation Zone 350, wherein off-gases including am-

monia are separated and removed via line 382. 7The phe-

line 3538,
A typical composition for the ligquig hydrocarbon
by-product, comprising the re-combined Phenolics ang 13-

quor in line 360, is given in Table XIT.
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TABLE XII

Composition of Typical Hydrocarbon Liquid By-Product.

Comvponent ) ) Average Fornula Averave Molecular Weizht
1) 0i1 C13.5H13 : : 180
5 - X
2) Tar CIIHIUO _ 158
3) Phenolics C7H80 _ 103
4) Blend of .
\
1), 2) and 3) | C11H14‘30 162

- The hydrocarbon by-product is transmitted via line 360 to
a solids removal zone 362 wherein ash and heavy tar com-
ponents are separated and removed via line 364. The hy-
drocarbon by-product may be treated by any suitable tech-

5 nique such as filtration and/or distillation for solids
removal in zone 362. In such process, metals and resi-
duai ash in the hydrocarbon by-products together with the
heaviest tar fractions thereof are removed.

While any suitable method or combination of methods

10 for removing solids and metals and the heavy tar fraction

‘ méy be utilized, a particularly useful and efficient me-
thod is the ARTM treatment developed by Engelhard Cor-
poration, the assignee of this application. This pro-
cess utilizes an ARTCATIM material to carry out an as-

15 phalt residual treatment process which is highly effec-
tive and efficient in treating heavy petroleum or other
hydrocarbon containing fractions to render them suitable
for processing to more valuable materials.

The ash and heavy tar removed via line 364 may be
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Ccycled to power plant 314 for combustion of the combust-
ible values therein to supplement the coal supplied as
fuel thereto. The thus-treated liquid hydrocarbon by-
product is passed via line 366 through a heat exchanger
368 in which it is heated by indirect heat exchange as
described below, and thence into a mixer 37¢.

An oxygen stream is transmitted from air separation
Zone 324 via lines 328, 372 and steam is transmitted from
po&er Plant 314 via lines 320, 374 through a heat exchanger —
376 for indirect heat exchange as explained below, thence to
mixer 379 wherain the oxygen, steam and treated liquig hy-
drocarbon by-product are admixed for transmission via line
378 as the inlet stream to an autothermal reformer 380.

In reformer 380 the mixture of hydrocarbon by-product,
steam and oxygen ig Passed through a catalytic partial

oxidation catalyst supported on a monolithic honeycomb

380. Some, but not all of the hydrocarbon isg catalyti-
cally oxidized withip the first Catalyst zone contained
within neck portion 380a and the heavier unoxidized hy-
drocarbons are hydrocracked to lighter constituents,
mostly Cl hydrocarbons, with a very minor amount of C,
and C3 hydrocarbons. Methane is the Predominant hydro-
carbon product attained by the hydrocracking. Depending
on the specific nature of the hydrocarbon by-product fed
to autothermal reformer 380 and the specific Operating

conditions utilized therein, the hydrocarbon by-product

may be substantially entirely converted to a gaseous
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product containing H2, H,0, CH4, CO and CO,. However,

2 2

under conditions in which a significapt amount of heavier
hydrocarbdns would remain in the effluent from the first
catalyst zone, a second catalyst zone may be disposed
within main body portion 380b of reformer 380. In the
second catalyst zone a steam reforming-reaction is cata-
lyzed to convert hydrocarbons to hydrogen and carbon ox= -
ddes.

It is of course desired to provide a high methane
content in the secondary SG. Therefore, the exit temp-
erature of the gases exiting via line 382 is preferably
controlled to reduce the amount of C2 and C3 compounds
formed within reformer 380. For example, an outlet temp-
erature at line 382 of about 1,400°F (760°C) has been
found to be satisfactory to hydrocrack the material with-
in the first catalyst zone to mostly Cl hydrocarbons,
i.e., CO, CO2 and CH4. A methahation step as described
below, for reacting carbon monoxide and hydrogen to me-
thane, is conveniently utilized in the process. It is
tﬁerefore desirable to also control the conditions within
reformer 380 to provide in the gas obtained therein a
molar ratio of hydrogen to carbon monoxide of slightly
more than 3:1, the molar ratio in which the two gases
react té form methane and HZO'

The effluent gas from reformer 380 is passed via line
382 through heat exchanger 376 tp heat therein the oxygen

and steam being transmitted via, respectively, lines 372

and 374 to mixer 370. The reformer effluent is then
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passed through heat exchanger 368 to heat the incoming
liquid hydrocarbon by-product in line 366. The cooleg
reformer effluent gas is passed via line 382 to a quench
zone 384 wherein the gas is cooled and water is separated
therefrom via line 386. The cooled secondary SG is'pas-
sed via line 388 to be introduced into line 340 to be ag-
mixed with the gasifier SG and the combined gases are then
passed to gas purificatioﬁ Zone 342 wherein acidAgases,
e.qg., CO2 and HZS’ are removed by known techniques ang
withdrawn via line 345. The purified combinegd gases are
then passed to‘methanation zone 390 in which carbon monox-
ide - contained therein is reacted with hydrogen to methane
and Hzo, thereby increasing the overall methane content

of the product Synthesis gas which is withdrawn therefrom
via line 392, Itris this product, after drying to remove
water, which is usually called "synthetic natural gas"

or "SNG",

The following example exemplifies-operating condi- -

bon by-product which has been treated, as described above,

for the removal of ash and heavy tars therefrom.

—_— - ' Example 13
) Inlet Stream 1b.-moles 0, to C HZO to C
(378 in rrg. 6 Composition) per hour Ratio Ratio
1) Feed—item (4) of Table y 828 0.176 2.00
2) Steam 18,216
3) Oxygen 1,602 J

Temperature of Ipjet Stream (37g in F1G. ) = 800°F (427°¢)
Pressure - 33 atmospheres.



Effluent Gas

-80-

(382 in FIG 6) lb.-moles
Composition per hour
H, 8,325
H,0 11,212
CH, 2,300
co 2,679
co, 4,229

0112613

Temperature of Effluent Gas (382 in FIG. 6) - 1,400°F (760°C)
Pressure of Effluent Gas = 30 atmospheres

It will be seen that upon removal of HZO and COZ'
and conversion of CO ahd H2 to CH4 by methanation, a pre-
domiqantly hydrogen and methane containing synthetic na-
tural gas is obtained from the secondary SG to supplement

the synthesis natural gas obtained from the gasifier SNG.

Liquid Hydrocarbon Production From Natural Gas

Referring now to Figure 7, there is shown a schematic
illustration of a Fischer-Tropsch ("F-T") synthesis plant g

including an autothermal reformer section. A source of

a methane—containing hydrocarbon feed, in this case natu-
ral gas, is introduced through line 410 and hydrocarbon
feed compressor 412 via line 478 for passage through a
heater 414 and thence to a mixer 416 for admixture there-
in with steam, recycled carbon dioxide, and oxygen, by-
product hydrocarbons as described below. Line 478 also
conducts by-product hydrocarbons comprising light ends

and heavy ends, representing, as described below, the

~economically less valuable hydrocarbon by-products of
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the Fischer-Tropsch‘synthesis process, from the F-T
synthesis to the autothermal reformer. Hydrocarbon feed
compressor 412 compresses the hydrocarbon feed to the ele--
vated pressure at which the autothermal reforming opera-
tion is to be carried out. Heater 414 may be of any con-
ventional design and may include & burner means (not
shown) for combusting a fuel therein to provide preheat-
ing by indirect heat transfer to the streams pPassing
therethrough.

An air compressor 418 is supplied with atmospheric
air via an inlet line 420 and passes the compressed air
via outlet line 422 to an air separation Zone 424 which
may comprise any conventional plant or means for separa-
ting the constituents of air. Essentially, oxygen and
nitrogen of the air are separated, the nitrogen is with-
drawn via line 426 and the ‘separated oXygen passed via
line 428 through heater 414 wherein it is heated by in-
direct heat exchange and the heated oxygen stream is
then passed to mixer 416. Air Separation plant 424 may
use any sﬁitable type of air Separation process inclu-
ding, for example, a eryogenic separation Process, a
membrane diffusion process, or a pressure-swing absorp-

tion process utilizing inorganic absorbents or carbon

molecular sieves.
Make-up water is introduced via line 430 and boiler
feed water pump 432 through a heat exchanger 434 wherein

the water, together with recycle water obtained from a
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subsequent point in the process as described below, is
heated and steam is generated theref;om. The steam gen-
erated in.heat exchanger 434 is passed via lines 436, 438
to mixer 416. 1In line 438, the steam from line 436 is
admixed with carbon dioxide recycled from a subsequent
point in the process as described beloﬁ. The methane and
by-product hydrocarbons, stéam, oxygen and recycled car-
bon dioxide are thoroughly mixed within mixer 416 and
passed via line 440 to autothermal reformer 442.

In reformer 442, the inlet stream mixture passing
through line 440 is passed initially through a catalytic
partial oxidation catalyst supportgd on a monolithic
hdneycomb carrier disposed within neck portion 442a of
reformer 442. The effluent from the first catalyst zone
passes into the second catalyst zone comprising a plati-
num group metal steam reforming catalyst contained with-
in main body portion 442b of auéothermal reformer 442.

Generally, as mentioned above, a portion, less than
all, of the hydrocarbon feed content of the inlet stream
440 is cétalytically oxidized within the first catalyst
zéne, which contains a palladium and platinum partial
oxidation catalyst. The C5 or heavier hydrocarbons in-
troduced into autothermal reformer 442 by recycle of the
heavy ends of the F-T by-product hydrocarbons are hydro-
cracked under the conditions prevailing in the first
catalyst zone to lighter Cl to C4 constituents, predomi-

nantly Cl constituents. The Cl to C3 light ends from
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442; The steam reforming reaction carried out in the se-
cond catalyst zone reacts H20 with unoxidizeqd hydrocarbons
to form hydrogen ang carbon monoxide. Generally, w1th1n
autothermal reformer 442 the -hydrocarbons are reacted to
produce an outlet mixture in outlet line 444 comprising

H CO, CO, and 1 0.

27 2 2

The effluent from autothermal reformer 442 is passed
via line 444 through heat exchanger 434 zs mentioned above. —
The temperature of the effluent in line 444 is sufficient-
ly high so that Superheated steam at an efficient high
temperature may be effectively generated in the heat
exchanger 434. After the heat exchange in heat exchanger
434, the cooled effluent is passed via line 446 to a CO2
removal zone 448 wherein carbon dioxide is separated from
the gas stream by any conventional means. The carbon di=-
oxide removed is recycled via line 438 to mixer 416 ag
described abové. A carbon dioxide Purge line 450 with-
draws a Proportion of the recycle carbon dioxide from the
process, as is necessary to reduce the bulld-up of lnerts,
such as residual rare gases and nitrogen contained in
the oxygen which was separated in air Separation plant
424. Water ig also removed from the effluent of reformer
442 and is recycled via line 452 to line 430, thence to
boiler feed water pump 432 for recycle to the process.
The cooled effluent gas, from which carbon dioxide

and HZO have been removed, and comprising essentially

carbon monoxide ang hydrogen, is Passed via line 454 to
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the F-T synthesis reactor. Dependihg upon the type of
reactor used in the F-T process, and the process condi=-
tions maintained therein, a variety of-ratios of hydro;
gen to sarbon monoxide may be selected for passing to the
F-T synthesis. The ratio of hydrogen to carbon monoxide
in the synthesis gas may be adjusted byrcontrolling the
ratio of carbon dioxide recycled via line 438 and the
ratio of HZO to carbon introduced in inlet stream 440.
The following Table XIII illustrates the effect on the H2
to CO ratio of the product synthesis gas, after CO2 and

Hzo removal, of varying these parameters. Four different

cases, numbered (1) - (4), are illustrated.

TABLE XIII

EFFECT OF AUTOTHERMAL REFORMING OPERATING -PARAMETERS
ON PRODUCT GAS H2/CO RATIO

INLET TEMPERATURE 1200°F
PRESSURE ‘ 400 PSIA
REFORMER EXIT TEMPERATURE
(Line 444 of FIG. 7) 1750°F
INLET STREAM
(Line_440 of FIG. 7) PRODUCT GAS
MOLES/HR H2/CO RATIO
Case H20 CHs cCO»? 02 H20/C
(1) 1 1 0.2 .s117 .ss 2.22
(2) 2 1 0.2 .5030 1.66 2.79
(3) 11 0.4 .5322 .71 1.85
(4) 1 "1 0.6 .5500 .63 1.59
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The desired ratio of H2 to CO in the Synthesis gas pPro-
vided to the F-7 synthesis reactor may also vary depend-
ing on the type of reactor utilized in the F-r synthesis
unit and the Process conditions utilized. The following
Table XIV lists four different types of known F-T reactors

with a typical hydrogén to carbon monoxide ratio therefor,

at'an operating temperature of 300°C and Pressure of 400

TABLE x1v
Reactor Tvpe H>/CO
Entrained Bed - 2.4
Tube-Wa1l 2.0
Slurry. 0.7
Ebulliating 0.7

The autothermal reformer utilizeq in accordance with the
present invention is well suited to provide any selected
ratio of hydrogen to carbon monoxide because of itg flexi-
bility in reforming a methane feed or a methane and re-
cycle hydrocarbon feed, and its ability to h&ndle a wide
ratio of carbon dioxide rYecycle to the reformer. Gener-
ally, low HZO to carbon ratios ang high CO2 recycle pro-
vide a lower hydrogen—to-carbon monoxide ratio ip the

synthesis gas produced.
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TABLE Xv
INLET TEMPERATURE 1200°F 3In1ine 440 of
PRESSURE _ 400 psia 3 FIG. 7.
EXIT TEMPERATURE 1750°F

(In line 444 of FIG. 2)

LE MOLES/HR

Reformer Reformer FISCHER/TROPSCH
_ ‘Inlet Exit Inlet
(Line 440 of FIG.7) (Line 444 of FIG.7) (Line 454 of FIG.7)
R 1.6923 1.6923
1 1.2358 --
1 -0.0359 0.0359
-- : 1.00640 1.0640
0.6 0.5000 --
0.55 -- --

Referring again to Figure 7, a typical carbon dio-
xide purge rate is 0.1 mole per ?ole of CH4 or €equivalent
fed to éutothermal reformer 442. About 90% of the carbon
atoms fed to autothefmal reformer 442 are converted to
liquid hydrocarbons in therF-T feactor.

Genérally, any suitable type of hydrocarbon synthe-
sis reactor, specifically, any known type of Fischer-
Tropsch reactor, may be used in accordance with the in-
vention in continuation with the autothermal reformer.
However, a F-T reactor and process conditions which favor
the production of gasoline and diesel fuel would tend to

reduce the amount of recycle of commercially less desir-

able hydrocarbon by-products from the F-T process to the
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autothermal reformer. The elurry type reactor and the
entrained bed type reactor are both attractive for gaso-
line production.

As shown in Figure 7, the synthesis gas of deSLred
hydrogen to carbon monoxmde ratio is passed via line 454
to a heat exchanger 456 in which it is heat exchanged
with the effluent from a F-T synthesis reactor 458, and
the heated synthesis gas is passed via line 450 into
reactor 458, from which it emerges via line 462 and is
passed in heat exchange with the 1ncom1ng synthesis gas
in heat exchanger 456 as mentioned above.

Fischer-Tropsch synthesis and the varlous reactor
designs of Fischer- ~Tropsch reactors utilized to carry it
out are well known in the art. For example, see the ar-
ticle "F-T Process Alternatlves Hold Promise" by Wolf-

Dieter Deckwer, pages 198-213 of 0il & Gas Journal, No-

vember 10, 1980 and the article "Fischer-Tropsch Processes
Investigated at the Pittsburg Energy Technology Center
Since 1944" by Michael J. Baird, Richard Schehl and Wll-

liam P. Haynes, Ind. Eng. Chem. Res. Dev., 1980, 19,

pages 175-191.
Essentially, the Fischer-Tropsch synthesis is the
hydrogenation of carbon monoxide. A variety of compounds

are obtained but the main reactions can be summarized by

neO + 28H,——) —(CH,)~ + nH,0

With a suitable,patalyst, €.9., Fe, the water also reacts

as
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CO + H,0 H, + CO,
so that the overall reaction can be written

nCo + nH, —) (CH;) + nCO,

A range of hydrocarbons is obtained in the synthe-
sis, the distribution of which depends on the F-T cata-
lyst employed, the type of reactor used, etc. Typically,
the synthesized hydrocarbons comprise mostly unbranched
paraffins and olefins with molecular wéights ranging'from
16 (CH4) to about 20,000.

With referencé now to Figure 7, the cooled pfoducts
of the F-T synthesis reaction are passed via line 464 to
a distillation zone represented by column 466, wherein
the mixture of hydrocarbons obtained in the F-T synthesis
is separated into fractions. As indicated in Figure 7,

a liguid petroleum gas (LPG) is taken off via line 468,

a gasoline fraction via line 470 énd a diesel fuel frac-
tion via line 472. Obviously, the Fischer-Troﬁsch synthe—'
sis may be adjusted to obtain a different product mix and
to vary proportions of the mix as desired.

The light and heavy ends, which are commercially
less valuable than the fractions removed by lines 468,
470, and 472, can be recycled to the autothermal refor-
mer 442 via, respectively; lines 474 and 476 which join
line 478 for passage through heater 414, together with

natural gas feed introduced into line 478 via HC com-

pressor 412. The hydrocarbon mixer is then passed through

~



Passage to mixer 416, as described above.
Table XVI shows a typical hydrocarbon Product and
by-product mix obtained in two types of F-T synthesis

5 reactors.

TABLE XvI
—"—_“— -
Hydrocarbon Yicld For Two Types
of Fischer/Tropsch Reactor
Yield, Weights
Hvdrocarbon Entrained Slurry
Fraction Bed Reactor
C1 12.7 2.2
CZ-C4 36.3 . 31.7
Gasoline 28.7 56.5
Diesel ) 9.5 7.3
Heavy 3.5 0.6
Alcohols " 8.1 1.7
Acids 1.2 -~
TOTAL 100 100

The Cl' C2 to C4, heavy, alcohols and acids fractions

identified in Table XVI would typically be recycled to

10 some aromatics. Nonetheless, the platinum group metal
catalyst utilized in autothermal reformer 442, and opera-

tion of autothermal reformer 442 in accordance with the
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present invention, will enable efficient reforming of
this difficultly reformable feed to p:ovide hydrogen and
carbonrmonbxide therefrom. The gasoline and diesel frac-
tions of course represent valuable products.

While the invention has been described in detail
with respect to specific preferred embodiments thereof,
it will be appreciated that those skilled in the art,
upon a reading ;nd understanding of the foregoing, may
envision modifications and variations to the preferred
embodiments which are nonetheless within the spirit and

scope of the invention and of the claims.
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- THE CLAIMS

What is claimed is:

1. A process for pProducing a hydrogen-rich gas by
pPreheating an inlet stream comprzs;ng a hydrocarbonaceous
feed, HZO and an OXygen-containing oxidant gas to a pre-
heat temperature at least sufficiently high to initiate
catalytic oxidation of said hydrocarbonaceous feed, and
introducing the Preheated inlet stream into a first cata-
lyst zone (24a)+tg carry out catalytic partial oxidation
therein, characterized in that:

{(a) the first catalyst zone (24a) comprises a mono-

lithic body (27) having a plurality of gas flow

passages extending therethrough and having a cata-
lytically effective amount of pPalladium and plati-
num catalytic components dispersed therein, the
amounts of hydrocarbonaceous feed Hzo and oxygen
introduced into said first catalyst zone (24a) being

controlled to maintain in said inlet stream an HZO .

to C ratio of at least about 0.5, and an O2 to C

ratio of at least about 0.2 but less than the stoi-

chiometric amount of oxygen necessary to oxidize all

the carbon of said feed to C02;

(b) contacting the preheated inlet stream within
said first catalyst zone (24a) with said palladium
and platlnum catalytic component on said monolith
(27) to initiate and sustain thereln catalytic oxi-
dation of at least a sufficient quantity of said

hydrocarbon feed to attain an elevated temperature
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within said first catalyst zone (24a) at least high

enough to crack unoxidized C_. or heavier hydrocar-

5
bons, if any be present, to light hydrocarbons not
heavier than C4 hydrocarbons, the temperature of at
least a pogtion of said monolithic body (27) being -
at least about 121°C higher than the ignition temp-
erature of said inlet stream, whereby to produce a
first catalyst zone effluent comprising, predomi-
nantly, hydrogen, carbon oxides and said lighé hydro-
carbons; and
(c) withdrawing the first catalyst zone effluent
as a hydrogen-rich gas.

2. The process of claim 1 further characterized in
that the hydrocarbonaceous feed is a hydrocarbon feed
and the elevated temperature attained in step (b) is
high enough to catalytically steam reform hydrocarbons
remaining in said first catalyst zone effluent without
necessity of supplying external heat thereto.

3. The process of claim 1 or claim 2 further char-
acterized in that said first catalyst zone (24a) compri-
ses palladium, platinum and, optionally, rhodium cataly-
tic components distended upon a refractory metal oxide
support layer carried on said monolithic body.

4. Thé‘process of claim 3’further characterized in
that a volumetric hourly rate of at least 100,000 volumes
of thrdughput per volume of catalyst is maintained in

said first catalyst zone (24a).
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5. The process of claim 1 or claim 2 further charac-
terized in that the amounts of hydrocarbonaceous feeq,
HZO and oxygen introduced into said first catalyst zone
(24a) are controlled to prov1de therein an HZO to C ratlo
of about 0.5 to 5 ang an O2 to C ratio 9f from about 0.2

6. The process of claim 1 or claim 2 further charac-
terized in that the Process is carried out at a Pressure
of about atmospheric pPressure up to 142 kg/ém2

7. The process of claim 1 or claim 2 further charac-
terized in that the first catalyst zone effluent, while
it is at an elevated temperature, is pPassed from said
first catalyst zone (24a) to a second catalyst zone (24b)
containing a platinum group metal steam reforming cata-
lyst (31) therein and .is contacted in said second catalyst
zone (24b) with said Steam reforming catalyst (31) to re-
act hydrocarbonsrln said first catalyst zone effluent with
HZO to produce hydrogen ang carbon oxides therefrom, and
the effluent of said second catalyst zone (24b) is with-
drawn as a hydrogen-rich gas.

8. The process of claim 7 further characterized in
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atmospheric pressure up to 142 kg/cmz.
10. The process of claim 2 further characterized in
that said oxidant gas comprises oxygen-enriched air and
wherein the amounts of feed, HZO apd oxygen introduced
into said first catalyst zone (24a) are controlled to
maintain in said inlet stream an HZO to C ratio of from
about 0.5 to 5 and an O2 to C ratio of from about 0.35
to 0.65, and said effluent of said second catalyst zone
(24b) comprises a synthesis gas which is cooled, the
carbon monoxide in said cooled synthesis gas is reacted
with HZO to produce hydrogén; sulfur containing compounds
and HZO are removed from said synthesis gas; said synthe-
sis gas is passed into an ammonia synthesis loop (286,
290,292, 298) to react the hydrogen with nitrogen there-
of over an ammonia synthesis catalyst at ammonia synthe-
sis conditions; and ammonia is withdrawn as product from
said ammonia synthesis loop.

s

11. The process of claim 10 further characterized .

in that said hydrocarbonaceous feed is a hydrocarbon feed,

the air in the inlet stream (240) is enriched to at least

about 33%, preferably about 33 to 50%, by volume oxygen

and the preheat temperature is from about 427° +to 760°C.
12. The process of claim 11 further characterized

in that the amounts of feed, H.O, air and oxygen introduced

2

into said first catalyst zone (24a) are controlled to
maintain in.said inlet stream (240) an HZQ to C ratio of

from about 1 to 4, and an 02 to C ratio of from about

0.5 to 0.6, and the process is carried out at an elevated
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pressure.
13. The process of claim 11 further characEerized
in that said first catalyst zone (242a) is maintained at
a temperature of from about 954° to 1316°C-amd the first
catalyst zone effluent is introduced into said second'
catalyst zone (242b) at substantially the same tempera-
ture.
1l4. The process of claim 2 further characterized
in that said oxidant gas comprises oxygen and the amounts
of feed, HZO and oxygen introduced into said first cata-
lyst zone (l42a) are controlled to maintain in said inlet
stream (136) an H,O0 to C ratio of from about 0.5 to 3 and
an O2 to C ratio of from about 0.35 to 0.65, and said
effluent of said second catalyst zone comprises a synthe-
sis gas, the synthesis gas is cooled and sulfur-containing
compounds and HZO are removed therefrom; said synthesis
gas is passed to a methanol synthesis loop (148, 150, 154,
156, 160, 166) to react the hydrogen with carbon oxides -
thereof over a methanol synthesis catalysf at methanol
synthesis conditions; and methanol is withdrawn as product
from said methanol synthesis loop.
15. The process of claim 14 further characterized
in that said hydrocarbonaceous feed is a hydrocarbon feed
and the preheat temperature is from about 472° to 760°C.
16. The process of claim 15 further characterizea
in that the amounts of feed, HZO and oxygen introduced
into said first catalyst zone (142a) are controlled to

maintain in said inlet stream (136) an H20 to C ratio
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of from about 1 to 2.5 and an 02 to C ratio of from about
0.5 to 0.6, and the process is carried out at an elevated
pressure.

17. The process of claim 15 further characterized
in that said first catalyst zone is maintained at a temp-
erature of from about 954° +to 1316°C and the first zone
effluent is introduced into said second catalyst zone at
substantially the same temperature.

18. The process of claim 1 further characterized
in that said hydrocarbonaceous feed comprises the liquid
hydrocarbon by—product‘of a coal gasification process in
which coal is reacted with steam and oxygen to produce
(i) gasifier synthesis gas which is methanated to pro-
duce a synthesis natural gas and (ii) said liquid hydro-
carbon by-product, and wherein said inlet stream is pre-
heated to a temperature of less t@an about 649°C, and
the temperature of at least a portion of said monolith -
(27) is at least about 139°C greater than the ignition
temperature of said inlet stream, but not more than about
1,093°C, éaid oxidant gas comprises oxygen, and the amounts
of liquid hydrocarbon by-product, HZO and oxygen intro-
ducted into said first catalyst zone are controlled to
maintain in said inlet stream (378) an H,O to C ratio of

2
from about 0.5 to 5 and an O2 to C ratio of from about
0.15 to 0.4, whereby to produce a first catalyst zone
effluent comprising primarily methane, hydrogen, carbon

monoxide, carbon dioxide, HZO and C2 - C4 hydrocarbons;
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wherein said effluent is passed to a treatment zone (384,
342) for the removal of carbon dioxide and Water there-
from; the thus-treated first catalyst zone effluent is
withdrawn as a secondary synthesis gas; and sald gaSLfler
synthesis gas and saigd secondary synthesis gas are me-
thanated in a methanation zone (390) to provide synthetic
natural gas therefrom.

19. The process of claim 18 further characterized
in that said first catalyst zone effluent, while still
at an elevated temperature, is passed‘from said first
catalyst zone (380a) to a second ‘catalyst zone~(380b)
containing a steam reforming catalyst therein, and the
first catalyst zone effluent is contacted in saig second
catalyst zone (380b) with saig steam reforming catalyst
(31) to react hydrocarbons therein with HZO to produce
hydrogen and carbon oxides therefrom, and then the efflu?
ent of said second catalyst zone is passed as said efflu-
ent to said treatment zone (384, 342).

20. The process of claim 19 further characterized
in that preheat temperature is about 427° o 649°C.

21. The process of claim 19 further characterized
in that said first catalyst zone (380a) is maintained at
a temperature of from about 760° +o 1093°C and the first
catalyst zone effluent is introduced into said second
catalyst zone (380b) at substantially the same tempera-

ture.
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22. The process of claim 2 further characterized
in that said hydrocarbonaceous feed is a normally gase-
ous hydrocarbon feed, said oxidant gas comprises oxygen
and the‘amounts df feed, Hzo and oxygen introduced into
'said first catalyst»zone (442a) are controlled to main-
tain in said inleg stream an HZO to C ratio of from about
C.S to 5 and an 0, to C ratio of from about 0.4 to about
0.65, and wherein the effluent of said second catalyst
zone (442b) compfises a gas mixture which includes hy-
érogén, carbon monoxide and carbon dioxide and is passed
to a carbon dioxide removal zone (448) in which carbon
dioxide is separated therefrom, the separated carbon di-
oxide is recycled to said inlet stream (440) in an amount
sufficienﬁ so that said inlet stream comprises from about
5 to 20 mole percent carbon dioxide; and the carbon di-
oxide-depleted effluent of said second catalyst zone
(442b) is obtained as a synthesié gas comprising hydrogen
and carbon oxides. |

23. The process of claim 22 further characterized
in that normally liquid hydrocarbons are synthesized
from said synthesis gas comprising hydrogen and carbon
oxides by passing said synthesis gas to a hydrocarbon
synthesis reactor (458) in which CO and Hz are reacted
to form hydrocarbons of different molecular weight, in-
" cluding normally liquid hydrocarbons, separating the
resulting hydrocarbons into product and by-product streams,
and recycling the resulting by-product stream of hydro-

carbons to said inlet stream (440) as a part of said



hydrocarbons.

24. The process of claim 23 further characterized

in that the Preheat temperature is from about 427° to

25. The process of claim 23 further characterized
in that said first catalyst zone (442a) is maintained at
a temperature from about 954° to 1316°C and the first
zone effluent is introduced into said second catalyst
(442b) zone at substantially the same temperature.

26. The process of claim 1l or claim 7 wherein the
catalytically effective metals of the first catalyst
Zone comprise 10 to 90% by weight, Preferably 25 to 75%
by weight palladium, and 90 to 10% by weight, Preferably
75 to 25% by weight pPlatinum.

27. The process of claim 26 wherein the catalytic- P
ally effective metals of the second catalyst zone comprise'
30 to 10% by weight, preferably 80 to 60% by weight plati-
num and lb to 90% by weight, preferably 20 to 403 by
weight rhodium.

28. The process of claim 26 wherein the catalyti-
cally effective metals of the first catalyst zone com-
prise 60 to 40% by weight palladium and 40 to 60% by

weight platinum.
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